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Summary:  

In the contemporary energy landscape, the escalating demand for energy has driven efforts 

to develop solutions for extracting energy from renewable sources. Among various 

technologies, fluidized beds are notably efficient for energy extraction through biomass 

gasification and combustion. This efficiency is attributed to their superior mixing, 

enhanced heat transfer and uniform temperature distribution. CFB technology is 

particularly applied in processes like pyrolysis, gasification and waste firing to produce 

high-quality producer gas, thereby meeting emission limits. In a single reactor CFB, 

particles are carried by the gas flow, separated using a cyclone and returned to the riser 

through a gas sealing mechanism such as a loop seal or valves. The efficient design and 

operation of CFB reactors depend on the gas-particle flow behavior and particle 

circulation rate under different process conditions. 

This study investigates the dynamic flow behavior of Geldart A and Geldart B particles in 

a CFB using both experimental and computational simulation methods. Sand particles 

ranging from 63-200 µm in size were used as the bed material. A CPFD model was 

developed using the MP-PIC approach in a Barracuda virtual reactor. The CPFD model 

results were validated against experimental data obtained from pressure sensor readings 

at different reactor zones. The optimal velocities for smooth particle circulation were 

identified as 1.954 m/s in the riser and 0.0531 m/s in the loop seal. The results 

demonstrated that the Wen-Yu Ergun drag models predicted the flow dynamics behavior 

closely matching the experimental measurements among the several drag models tested. 

Furthermore, different simulations were conducted under various design considerations, 

including changes in cyclone diameter and height, the angle of the downcomer (return 

pipe), the height of the return pipe and the transition from a double riser to a single riser 

configuration. These simulations were performed using CPFD software and the impact on 

the particle circulation rate was observed as design changes were implemented. Finally, a 

new design was developed based on individual design changes that maximized the 

circulation rate and the percentage increase in the circulation rate was evaluated. The final 

design showed 20.40 % increase in circulation rate. 
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Nomenclature 
 

Symbol Description Unit 

𝑈𝑚𝑓 Minimum fluidization velocity 𝑚 𝑠⁄  

𝑈𝑚𝑏 Minimum bubbling velocity 𝑚 𝑠⁄  

∆𝑃𝑏 pressure drop across bed Pascal 

𝜌𝑝 Density of solid 𝑘𝑔 𝑚3⁄  

𝜌𝑓 Density of fluid 𝑘𝑔 𝑚3⁄  

𝜀𝑚𝑓 void fraction at minimum fluidization - 

g gravitational force 𝑚 𝑠2⁄  

𝑑𝑝, 𝑑𝑚 Mean particle diameter 𝑚 

𝜇 Viscosity of gas 𝑘𝑔 𝑚 𝑠⁄  

𝐴𝑟 Archimedes’ number -  

M Mass of particle 𝑘𝑔 

𝑈𝑡. Terminal velocity 𝑚 𝑠⁄  

𝑞 Total heat transfer J 

𝑇𝑏𝑒𝑑, 𝑇𝑤𝑎𝑙𝑙, Bed temperature, wall temperature K 

ℎ Heat transfer coefficient 𝑊 𝑚2𝐾⁄  

L Length of tubes 𝑚 

𝑈𝑠 Particle velocity 𝑚 𝑠⁄  

𝜃𝑠 Particle volume fraction - 

𝐹𝑃 Drag force 𝑘𝑔.𝑚 𝑠2⁄  

𝑈𝑓 Fluid velocity 𝑚 𝑠⁄  

𝐶𝑑 Drag coefficient - 
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1 Introduction 

1.1 Background 

In the contemporary energy landscape, the escalating demand for energy has driven efforts to 

develop solutions for extracting energy from renewable sources. Among various technologies, 

fluidized beds are notably efficient for energy extraction through biomass gasification and 

combustion [1]. This efficiency is attributed to their superior mixing, enhanced heat transfer 

and uniform temperature distribution. 

The primary product of biomass gasification in these reactors is syngas, a mixture of hydrogen 

(H2), carbon monoxide (CO) and carbon dioxide (CO2) [3]. This syngas is versatile, serving as 

a source for power generation, chemical synthesis and as a feedstock for synthetic fuel 

production. However, the utilization of fluidized bed reactors presents several challenges, 

including tar formation, which can cause operational issues, particle attrition and erosion that 

increase wear on reactor components, the complexity of reactor design and operation requiring 

precise control over operating conditions and the necessity for efficient ash handling systems 

[4]. Despite these challenges, the benefits of fluidized bed reactors, such as their ability to 

process diverse biomass feedstocks and their scalability, render them a promising technology 

for biomass gasification [5]. 

Fluidization is a process where solid particles in a loosely packed bed start behaving like a fluid 

when gas is blown upwards through them. In gas-solid system, gas is introduced at the bottom 

of a column containing the particles, making them vibrate and spread out to balance the drag 

force from the gas. As the gas speed increases, there comes a point where this drag force equals 

the weight of the particles, causing the bed to become fluidized [2]. Different flow patterns can 

form depending on the gas speed as shown in Figure 1.1. 

 

Figure 1.1 Schematic representations of fluidized beds in different regimes [22] 
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The regimes in fluidized beds include fixed, bubbling, slugging, turbulent and pneumatic 

conveying. Transition to a bubble-free fluidized bed occurs at the minimum fluidization 

velocity. At high gas flow rates, significant particle loss occurs due to elutriation and 

entrainment, mitigated by gas-solid separators. Circulating Fluidized Beds (CFBs), with higher 

fluid velocities enhance gas-solid contact and heat/mass transfer but are more costly due to 

increased power consumption and investment compared to conventional fluidized bed reactors. 

The efficiency of circulating fluidized beds is highly dependent on flow behavior and 

understanding this behavior is crucial for scaling, designing and optimization. Over the past 

decades, Computational Fluid Dynamics (CFD) has become a valuable tool for predicting flow 

behavior in fluidized bed processes. However, further model development and validation, both 

of the models and the numerical methods, are still required [1]. 

In the work presented, minimum fluidization and pneumatic conveying parameters are 

determined using both experimental methods and a Computational Particle Fluid Dynamics 

(CPFD) model approach. The experiment used sand particles as the bed material and air as the 

fluidizing fluid. Sand is commonly used in fluidized bed reactors because it helps mixing the 

fuel with the fluidizing gas, improving mass and energy transfer. In a biomass circulating 

fluidized bed (CFB) reactor, biomass quickly reacts with the gas to produce synthesis gas and 

char. The unreacted char moves with the sand particles through the system and back to the 

reactor. The sand mainly controls the circulation behavior not the char [6]. Using sand in these 

experiments and simulations accurately reflects the flow behavior of the mixture of Geldart A 

and B particles in the CFB. Various design modifications are implemented on the cyclone, 

adjustments to the recirculating pipe inlet angle and the height of the recirculating pipe. Among 

the different design variants, the one exhibiting the maximum particle recirculation rate is 

selected and the final design is developed based on these optimized parameters. The final 

design is further evaluated using Barracuda Virtual Reactor 2021 to verify improvements in 

the particle circulation rate. 

1.2 Objective 

The primary objective of this study is to examine the flow dynamics of Geldart A and Geldart 

B particles within a Circulating Fluidized Bed (CFB). To achieve this, a series of experimental 

and simulation tasks will be undertaken: 

Experimental Tasks: 

1. Conduct experiments on the CFB at various gas velocities. 

2. Characterize the properties of the particles used. 

3. Measure the entrained mass of particles over a one-hour duration. 

4. Monitor the pressure variation along the reactor during fluidization using LabView. 
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Simulation Tasks: 

1. Create a CAD model of the experimental CFB setup available at USN. 

2. Develop and validate a CPFD model of the CFB using Barracuda Virtual Reactor 

software, aligning it with the experimental data. 

3. Analyze the impact of design parameters on particle circulation rates and fluid 

dynamics behavior. 

4. Develop a final design incorporating all the best part design from individual design 

modifications. 

5. Perform post-processing of the CPFD model results to identify: 

• The rapid fluidization regime and particle distribution within the bed. 

• Particle circulation patterns. 

• Pneumatic conveying rates of the particles. 

• Flow dynamics behavior of the CFB under various operating conditions. 

1.3 Thesis Outline: 

This thesis is structured into seven chapters: Chapter 1 introduces the background, objectives 

and an overview of the study. Chapter 2 provides a literature review on fluidization regimes, 

particle classification and a brief introduction to circulating fluidized beds. Chapter 3 outlines 

the methodology, detailing both the experimental and simulation procedures. Chapter 4 

presents the results and discussion including model validation and the impact of various design 

modifications on particle circulation rates. Chapter 5 summarizes the work and concludes the 

report. Chapter 6 includes the references consulted and Chapter 7 contains the appendices. 
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2 Literature Review 
Several factors influence the fluidization process, including fundamental parameters such as 

particle size, shape and density as well as the design of the fluidized bed itself. Both aspects 

are crucial for accurately calculating and predicting the dynamic behavior within fluidized beds 

[10]. Among the various software’s available for predicting fluidization, Computational 

Particle Fluid Dynamics (CPFD) is notable and is used in the further design modifications. 

Fluidization can occur with either a gas or a liquid in a bed of particles, however this thesis 

focuses exclusively on gas-solid fluidization. This chapter provides a literature review of 

fluidization concentrating on topics relevant to this work. 

2.1 Review of Fluidization Basics 

Fluidization is a process where solids behave like a fluid by blowing gas or liquid upwards 

through a reactor filled with solid particles [10]. This technique is widely used in commercial 

operations and can be categorized into two main types: 

Physical operations such as heating, absorption and mixing of fine powders. 

Chemical operations including reactions of gases on solid catalysts and reactions of solids with 

gases.  

The fluidized bed is one of the most well-known methods in the processing industry. Its key 

advantages include excellent particle mixing leading to low temperature gradients, suitability 

for both small and large-scale operations and the capability for continuous processing. Many 

established processes utilize this technology such as coal carbonization and gasification, ore 

roasting and coating preparations [30]. 

2.2 Geldart’s Classification of Particles 

Not all particles can be fluidized. The fluidization behavior of solid particles primarily depends 

on their size and density. Geldart's observation, illustrated in Figure 2.1, categorizes the 

characteristics of four distinct types of particles as follows: 

Group A is designated as ‘aeratable’ particles. These particles have small mean particle size 

(𝑑𝑝< 150 µm) and/or low particle density (<~1.4 g/cm3). These solids fluidize easily, with 

smooth fluidization at low gas velocities without the formation of bubbles. At higher gas 

velocity a point is eventually reached when bubbles start to form and the minimum bubbling 

velocity 𝑈𝑚𝑏 is always greater than 𝑈𝑚𝑓 [11]. 

Group B is called ‘sand like’ particles or bubbly particles. Most particles of this group have 

size 150 µm to 500 µm and density from 1.4 to 4 g/cm3. For these particles, once the minimum 

fluidization velocity is exceeded, the excess gas appears in the form of bubbles. Bubbles in a 

bed of group B particles can grow to a large size. Typically used group B materials are glass 

beads and coarse sand [11]. 
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Group C materials are ‘cohesive’, or very fine powders. Their sizes are usually less than 30 µm 

and they are extremely difficult to fluidize because interparticle forces are relatively large 

compared to those resulting from the action of gas. In small diameter beds, group C particles 

easily give rise to channeling. Examples of group C materials are talc, flour and starch [11]. 

Group D is called ‘spoutable’ and the materials are either very large or very dense. They are 

difficult to fluidize in deep beds. Unlike group B particles as velocity increases, a jet can be 

formed in the bed and material may then be blown out with the jet in a spouting motion. If the 

gas distribution is uneven, spouting behavior and severe channeling can be expected. Roasted 

coffee beans, lead shot and some roasted metal ores are examples of group D materials [11]. 

Geldart’s classification is clear and easy to use as displayed in Figure 2.1 for fluidization at 

ambient conditions and for U less than about 10*𝑈𝑚𝑓 [4].  For any solid of a known density 𝜌𝑠 

and mean particle size 𝑑𝑝 this graph shows the type of fluidization to be expected. It also helps 

predicting other properties such as bubble size, bubble velocity, the existence of slugs etc.  

 

 

Figure 2.1 Diagram of the Geldart classification of particles [11] 

 

Various types of patterns can be seen when we look at the bubble rise in Geldart A, B, C and 

D particles (Figure 2.2). Small and large bubbles are observed in A and B whereas channeling 

and spouting are observed in C and D. 

Channeling is an abnormality of fluidized bed where the gas flows through one or two specific 

preferred paths. Channeling is greatly affected by particle size, density and particle size 

distribution. Solids with high moisture content or high bed viscosity tends to form clumps 

known as snowballs which then enhances the formation of channels in the bed [28]. During 

channeling a large portion of bed remains static while fluid by passes through the channels. 

This results in inefficient mixing and reduced contact between the fluid and the particles. 
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Sprouting, also known as jetting occurs when fluid shoots up through the bed in narrow, 

concentrated stream similar to jet causing particles to be ejected upwards. Sprouting disrupts 

the uniform fluidization and can cause uneven particle distribution in a mixture of particles 

[29]. 

 

Figure 2.2 Fluidization behavior [19] 

2.3 Fluidization Regime 

When solid particles are fluidized, the behavior of the fluidized bed changes with variations in 

velocity and properties of the gas and solids [23]. There are several fluidization regimes, as 

illustrated in Figure 2.3. 

Fixed Bed (Figure 2.3A): At low gas flow, particles vibrate but remain at the same height as 

the bed at rest. 

Minimum Fluidization (Figure 2.3B): As gas velocity increases, the drag force from the gas 

equals the weight of the particles, causing slight bed expansion. This point is the onset of 

fluidization, characterized by the minimum fluidization velocity (𝑈𝑚𝑓). 

Bubbling Fluidized Bed (Figure 2.3C): Further increasing the gas flow forms fluidization 

bubbles, leading to a bubbling fluidized bed. 

Slugging (Figure 2.3D): At higher velocities, bubbles in the bed coalesce and grow as they rise. 

If the bed's height to diameter ratio is high, bubble size can match the bed diameter. 

Turbulent Bed (Figure 2.3E): At very high gas flow rates, the velocity exceeds the particle’s 

terminal velocity, causing turbulent motion of solid clusters and gas voids. The upper bed 

surface disappears, replaced by this turbulent mixture. 
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Entrained Bed: With even higher gas velocities, the bed transitions to an entrained bed, 

resulting in a disperse, dilute or lean phase fluidized bed, resembling pneumatic transport of 

solids. 

Each regime represents a distinct phase of fluidization behavior as the gas velocity increases. 

 

                              

                                                     

Figure 2.3 Schematic representation of fluidized beds in different regimes [22] 

2.3.1 Packed Beds 

When talking about packed beds, the solid particles are in dense phase and gas is passed 

continuously through the bed of particles. In this regime, the drag force is less than the 

gravitational force and the particles will be in a stationary condition. As the flow rate of the gas 

is incrementally increased, an initial response is observed where certain particles may begin to 

oscillate or vibrate slightly due to the localized disturbances in the gas flow [30]. Despite this 

agitation, the overall bed height does not change, reflecting that the bulk of the particles are 

still not experiencing sufficient lift to initiate significant movement or expansion of the bed. 

A :  Fixed bed B: Minimum 
fluidization 

C: Bubbling 
bed 

D: Slugging 
bed 

gas gas gas gas 

E: Turbulent 
bed 

F: Pneumatic 
transport 
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2.3.2 Bubbling Fluidized Bed 

A fluidized bed is mostly referred to as bubbling fluidized bed type as shown in Figure 2.3C. 

Gas fluidized beds are characterized by the ‘bubbles’ which is formed at superficial gas 

velocities higher than that required to just fluidize the particles. This type of fluidization has 

been called ‘aggregative fluidization’, and under these conditions, the bed appears to be divided 

into two phases, the bubble phase and the emulsion phase. The bubbles appear to be very 

similar to gas bubbles formed in a liquid and they behave in a similar manner. The bubbles 

coalesce as they rise through the bed [9]. 

The movement of particles in fluidized beds is largely dependent on bubbles rising through the 

bed. Therefore, special attention should be paid to bubbles and their properties [6]. To give an 

impression of the processes occurring inside a fluidized bed reactor, the principles of 

fluidization, the formation of bubbles, their path through the bed, the way they transport 

particles concerning gas fluidized bed and important parameters are described below.   

2.3.2.1 Minimum Fluidization Velocity 

The superficial gas velocity at which the bed of particle is just fluidized is called the minimum 

fluidization velocity and designated by 𝑈𝑚𝑓[10]. 

 

 

Figure 2.4 Pressure Drop VS Superficial Velocity [23] 

 

At this state, the drag force exerted on a particle is equal to its net weight. As far as the whole 

bed is concerned, the drag force can be calculated from the product of bed pressure drop (∆P𝑚𝑓) 

and the cross-sectional area (A) of bed [23]. So,   

𝐹 =∆P𝑚𝑓𝐴                                                                     2.1 

Also, the net bed weight is the product of the bed volume (Vmf = 𝐴 l𝑚𝑓), net density (ρs− ρf), 

the fraction of the bed (1 − εmf)), which is occupied by the particles.  
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∆P𝑚𝑓𝐴 = 𝐴. l𝑚𝑓(ρs− ρf)(1 − εmf)𝑔   

∆P𝑚𝑓= l𝑚𝑓(ρs− ρf)(1 − εmf)𝑔    2.2 

So, at minimum fluidization velocity the density of the fluidized solids is equal to the difference 

between particle density and fluid density. The fraction of the bed (1 − εmf) occupied by the 

particles is used because only the particles contribute significantly to the pressure drop. The 

superficial gas velocity and consequent pressure drop relationship help to predict MFV. But 

modeling this relationship is difficult because of the irregular shape of particles, void spaces 

and twisting flow path of the fluid [13]. 

 

For isotropic-shaped solids: 
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2.3 

 

2.4 

where 𝐴𝑟 is Archimedes number. 

In solving the Equation, 𝑈𝑚𝑓 can be calculated by 

𝑈𝑚𝑓 =
𝑑𝑝
2(𝜌𝑠 − 𝜌𝑔)𝑔

150𝜇

𝜖𝑚𝑓
3 ∅𝑠

2

1 − 𝜀𝑚𝑓
           𝑅𝑒𝑚𝑓 < 20                                                                   2.5 

𝑈𝑚𝑓
2 =

𝑑𝑝
2(𝜌𝑠−𝜌𝑔)𝑔

150𝜇
𝜀𝑚𝑓
3 ∅𝑠           𝑅𝑒𝑚𝑓 > 1000                                                                         2.6  

 

The Equation can be re-arranged as  

𝐾1𝑅𝑒𝑚𝑓
2 + 𝐾1𝑅𝑒𝑚𝑓 = 𝐴𝑟                                                              2.7 

where,  𝐾1 =
1.75

𝜖𝑚𝑓
3 ∅𝑠

 and 𝐾2 =
150(1−𝜀𝑚𝑓)

𝜖𝑚𝑓
3 ∅𝑠

2  

Many studies have been conducted to find the minimum fluidization velocity and the 

correlation for different Geldart groups is tabulated below. 
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Table 2.1 Correlation for 𝑈𝑚𝑓  for different particle sizes, densities and Geldart Groups 

Authors Correlation Particle 

diameter [𝜇𝑚] 

Particle 

density 

[kg/m2] 

Geldart 

groups 

Wen and Yu 𝑅𝑒𝑚𝑓   = (33.72 + 0.0408Ar)0.5 –33.7 2052-6350 2360-

7840 

D 

Bourgeis and 

Grenier 
𝑅𝑒𝑚𝑓  = (22.562+0.0382Ar)0.5 –

25.46 

86-25000 1200-

19300 

A, B, D 

Saxena and 

Vogel 
𝑅𝑒𝑚𝑓  = (25.282 + 0.0571Ar)0.5 -

25.28 

650 – 704 1900-

2460 

B, D 

Babu, Shah and 

Talwalker 
𝑅𝑒𝑚𝑓  = (25.252 + 0.0651Ar)0.5 – 

25.25 

50 – 2870 2560-

3920 

A, B, D 

Vaid and Sen 

Gupta 
𝑅𝑒𝑚𝑓   = (242 + 0.0546Ar)0.5 – 24 114 – 1829 1669 - 

4332 

B, D 

Chitester, 

Kornosky, Fan, 

Danko 

𝑅𝑒𝑚𝑓 = (28.72 + 0.0494Ar)0.5 – 

28.7 

88 – 374 1.12 – 

2.47 

A, B 

 

2.3.2.2 Bubble Size 

The mean size of the bubble population in fluidized beds increases with height above the 

distributor plate due to coalescence of bubbles. Researchers have attempted to predict the size 

of bubbles, not only the variation in mean size but also the distributions of the diameter and 

volume [23]. 

As far as the mean size is concerned, Geldart used the expression of Kato and Wen for the 

initial bubble size at the gas distributor. He asserted that a porous plate distributor behaves as 

a distributor plate with 1 hole per 10cm2and added his own empirical expression for the bubble 

growth with bed height due to coalescence [11]. 

DB= 
1.43

𝑔0.2
(
𝑈−𝑈𝑚𝑓)𝜋D𝑏𝑒𝑑

2

4𝑁𝑜
)
0.4

+ 2.05(𝑈 − 𝑈𝑚𝑓)
0.94ℎ 

2.8 

 

where DB is the bubble diameter, D𝑏𝑒𝑑is the diameter of the bed and 𝑁𝑜 is the number of holes 

in the distributor plate.   

2.3.2.3 Bubble Wake: 

When a bubble rises, it carries some amount of solids inside as seen in Figure 2.5. This is called 

‘wake’. The formation of a wake follows directly when the bubble forms. Hence, the bubble 
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picks up most of its solids at the bottom of the bed as it leaves the distributor plate [9]. An 

idealized bubble has an upper surface that is approximately spherical with a radius of curvature 

r and a wake at the bottom with wake angle θwas shown in Figure 2.5.   

 

Figure 2.5 Bubble Wake on a bubble 

 

The bubble size is often expressed in terms of the volume equivalent diameter Deq, and can be 

calculated as  

Deq = (
6𝑉𝑏

𝜋
)
1

3  where Vb is a bubble volume.   

 

2.3.2.4 Bubble Rise Velocity: 

The rise velocity of a large spherical cap bubble in a liquid is dependent on the radius of 

curvature at the nose of the bubble as described [21] 

𝑈𝑏 = 0.667√𝑔. 𝑟 2.9 

 

A semi-empirical relation in terms of the volume-equivalent diameter is 

𝑈𝑏 = 0.711√𝑔.𝐷𝑒𝑞 2.10 

where 𝑈𝑏 𝑖𝑠 bubble rise velocity, g is accleration due to gravity and r is the radius 

2.3.3 Slugging Regime 

When the superficial gas velocity is increased further, the bubbles become larger due to 

collision and therefore occupy the bed diameter. This phenomenon is called slugging and the 

velocity at onset of slugging is known as minimum slugging velocity [18]. According to 

Stewart and Davidson [23] the minimum slugging velocity can be expressed as  

𝑈𝑚𝑠 = 𝑈𝑚𝑓 + 0.07√𝑔𝐷 2.11 
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Where 𝑈𝑚𝑠 is minimum slugging velocity, 𝑈𝑚𝑓 is mimimum fluidization velocity, g is 

accleration due to gravity and D is the diameter. 

Formation of slugs depends on the bed aspect ratio. In a large-diameter bed, slugs rarely occur 

because the bubbles will not be able to grow up to the bed diameter. If the bed materials are 

fine particle size, it makes it difficult to slug [23]. The gas-solid interaction in a fluidized bed 

is highly influenced by the bubbling and slugging regimes. Therefore, it is important to 

determine the onset of bubbling and slugging regimes and their transition, when designing the 

fluidized bed reactor [14]. 

2.3.4 Turbulent Regime 

On increasing the superficial velocity, the solid particles become vigorous and travel very fast 

from the riser. When the superficial velocity is increased further, bubble formation starts to 

break, the pressure fluctuation gradually decreases and becomes stable [19]. Due to this, the 

bed expands and the particles are thrown above the bed. Yerushalmi and Cankurt characterized 

this transition in terms of two velocities, namely 𝑢𝑐 at which the pressure fluctuations peak, 

and 𝑈𝑘where the pressure fluctuations begin to level off.  

 

Figure 2.6 Relative fluctuation of pressure drop vs velocity [19] 

 

 

 

The correlations for the small diameter beds proposed by Grace: 

𝑢𝑐 = 3.0√𝜌𝑝𝑑𝑝 − 0.17 
2.12 

𝑢𝑘 = 7.0√𝜌𝑝𝑑𝑝 − 0.77 
2.13 

𝜌𝑝𝑑𝑝 = 0.05 − 0.7 𝑘𝑔 𝑚2⁄                                                                  2.14 
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𝑅𝑒𝑐 =
𝑢𝑐𝑑𝑝𝜌𝑔  

𝜇
   = 0.936𝐴𝑟0.472                                                                          2.15 

𝑅𝑒𝑘 =
𝑢𝑘𝑑𝑝𝜌𝑔  

𝜇
   = 1.46𝐴𝑟0.472   (𝐴𝑟 < 104)                                                      2.16 

         = 1.46𝐴𝑟0.56   (𝐴𝑟 > 104) 

The turbulent fluidization can occur above the terminal velocity for the fine particles and for 

the coarse particles it can be below the terminal velocity [19]. 

2.3.5 Fast Fluidization 

When the superficial gas velocity is increased beyond the turbulent velocity, the solid particles 

will travel in an upward direction and will be released into the environment. Therefore, the 

circulating fluidized bed is used for the re-circulation of solid particles. The fundamental design 

and operation of CFB is discussed in Figure 2.7. The main features of these regimes are high 

slip velocity between gas and solid, particle agglomerate and good particle mixing [17]. Figure 

2.7 below describes the solid particle circulation as the dense particles are moving downwards 

and the light particles are moving in an upward direction. 

 

Figure 2.7 Solid Particle Recirculating 

2.3.6 Pneumatic Transport 

The solid particles are transported to the cyclone and back to the riser through a loop seal. This 

regime is considered the final stage of regimes in fluidization and the average pressure drop 

across the reactor height is minimal. The superficial gas velocity for the circulation of solid 

particles can be verified only in experiments as there is no such correlation to find the 

pneumatic transport velocity [10]. 
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2.4 Flow Pattern of Fluidization Bubbles 

As bubbles rise through the bed, they coalesce to form bigger bubbles and when they become 

too large, they split. The average bubble size equilibrates at about the maximum stable size. 

The location in the bed where the equilibrium size is attained depends on the kind of particles 

[30]. For group A particles, the maximum stable diameter is relatively small therefore the 

average bubble size stabilizes close to the distributor plate and remains constant through the 

rest of the bed. The maximum stable diameter for group B particles is larger and the equilibrium 

is reached typically only in the upper levels of the bed. The bubbles in group D particle beds 

behave differently, they do not rise as individual bubbles but as horizontally associated swarms 

[12]. 

Bubbles can coalesce in two ways, by incorporating a bubble in front or by moving side-wards 

into the track of another bubble and then incorporating it. At the wall of the bed, bubbles can 

only move inwards, while other bubbles can move in any horizontal direction. The result is an 

active zone away from the wall, which intensifies and moves closer to the axis with increasing 

distance from the distributor plate. Solid particles are dragged up by the bubbles and by 

continuity, will move downwards in regions with lower bubble densities. As a consequence of 

fewer bubbles being close to the wall, there is a predominantly downward flow of particles 

near the wall which once established, maintains the tendency for bubbles to move inwards. The 

overall circulation is upwards near the axis and downwards near the wall in higher regions and 

the converse seems to be the case in the lower regions [18]. 

       

 

 

 

 

 

 

 

 

 

2.5 Circulating Fluidized Bed 

Solid particles are often of great interest in the chemical processing industry, mineral 

processing, pharmaceutical production, energy-related processes etc. In some cases, the 

particles serve as catalysts for reacting gases or liquids. In other cases, as in ore processing, the 

particles must be chemically converted. In still other processes the particles must undergo 

physical transformation as in drying of particulate solids [17]. 

Bubble 

Air inlet 

Bubble  
wake 

 

 Figure 2.8 Bubble wake in a Bubbling Fluidized Bed 
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A number of possible configurations are available for carrying out such reactions and 

contacting operations. For example in industrial calcination and combustion processes, there 

are competing technologies based on fixed, fluidized beds and dilute-phase transport systems 

[16]. The circulating fluidized bed (CFB) has come to prominence in the past two decades in 

terms of major applications. A typical configuration for a CFB reactor is shown schematically 

in Figure 2.9. 

 

Figure 2.9 Typical Configuration of Circulating Fluidized Bed System 

 

For a circulating fluidized bed, it is essential to have a tall vessel, a mechanism for introducing 

particles typically near the bottom, an adequate upwards flow of fluid (gas or liquid) to achieve 

substantial entrainment of particles from the top of the vessel and a method for capturing a 

substantial majority of these particles and continuously returning them to the bottom. The term 

“circulating” signifies that the particle separation and return systems are integral and essential 

components of the overall reactor configuration. The word ‘fluidized bed’ denotes the fact that 

the particles are supported by the fluid, while there is still a substantial suspension density. 

Note that there is unlikely to be a true ‘bed’ in the normal sense, in particular most circulating 

fluidized beds operate in the ‘fast fluidization’ hydrodynamic regime where there is no distinct 

or recognizable upper bed surface [16]. 
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A gas-solid two-phase vertical flow system without mechanical restraint can be operated in 

three modes, co-current up flow, co-current downflow and counter-current flow with gas 

flowing upward as shown in Figure 2.10. 

 

Figure 2.10 Flow mode of gas-solids vertical flow system [28]. 

 

2.5.1 Advantages and disadvantages of CFB systems 

Circulating fluidized beds offer several advantages that make them superior to traditional low 

velocity fluidized beds. Firstly, they provide improved gas-solid contacting due to the absence 

of bubbles, ensuring more efficient interactions between the gas and solid particles. 

Additionally, the higher superficial velocity in these systems allows for a reduced cross-

sectional area making them more space efficient. Unlike low-velocity beds, circulating 

fluidized beds do not have a freeboard region where significant temperature gradients can 

occur, resulting in more uniform temperature distribution throughout the system. This design 

also reduces the tendency for particle agglomeration, maintaining the fluidization quality. 

Finally, they offer greater operating flexibility, allowing for a wider range of operational 

conditions and adjustments [23]. 

Despite their many advantages, circulating fluidized beds come with several disadvantages. 

One of the primary drawbacks is the increased overall reactor height, which can pose 

significant design and installation challenges. This taller design, combined with the complexity 

of the recirculating loop, leads to higher capital costs. Additionally, the design and operation 

of the recirculating loop add further complexity, requiring more sophisticated control and 
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monitoring systems. Another issue is increased particle attrition, which can lead to higher wear 

and tear on the equipment and the need for more frequent maintenance or replacement of the 

particles. These factors collectively contribute to the higher cost and operational demands of 

circulating fluidized beds [23]. 

2.6 Components of Circulating Fluidized Bed 

The components of Circulating fluidized are  

1. Cyclone 

2. Riser 

3. Stand pipe 

4. Loop seal 

5. Return Pipe / Downcomer 

2.6.1 Riser: 

The riser is the main component of a circulating fluidized bed where solid particles are kept at 

first. Gas passes from the bottom of the riser, to fluidize the system. The particles then start to 

move and eventually reach the cyclone, loop seal and move back to the riser. 

2.6.2 Cyclone: 

A cyclone is a device that separates particulate solids from a fluid stream by a radial centrifugal 

force exerted on the particles. This force separates the solid from the gas by driving the solids 

to the cyclone wall, where they slide down to the bottom outlet and are collected. Cyclones are 

widely used in conjunction with fluidized beds to remove solids from exit gas stream [16]. 

Cyclones have no moving parts, are relatively inexpensive to construct and maintenance cost 

are low. 

 

Figure 2.11 Different Inlet Positions in a Cyclone 
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Depending upon the inlet position, different confriguation of cyclone are present which is 

shown in Figure 2.11. 

There are many parameters that affect the collection efficiency of a cyclone. Among them the 

height and diameter of cyclone have a major role. 

2.6.2.1 Changing diameter keeping height constant. 

Changing the diameter of a cyclone in a circulating fluidized bed (CFB) system can have 

several effects on its effectiveness.  

• Centrifugal Force and Collection Efficiency: 

The primary mechanism of particle separation in a cyclone is the centrifugal force that acts on 

particles as the gas stream spirals down the cyclone. This force is inversely proportional to the 

cyclone’s diameter [24] 

𝐹𝑐 = 
𝑚𝑣2

𝑟
 

Where 𝐹𝑐 is the centrifugal force, m is the particle mass, 𝑣 is the tangential velocity and 𝑟 is 

the radius. 

Increasing the diameter (d) increases 𝑟, reducing the centrifugal force and thus the efficiency 

of particle separation. 

• Cut Size: 

The cut size (𝑑50) is the particle size at which the cyclone collects 50% of the particles [24]. 

𝑑50∝√
𝑑

Δp
  

where d is the cyclone diameter and Δp is the pressure drop. 

As the diameter increases, the cut size increases meaning the cyclone becomes less effective at 

capturing smaller particles [24]. 

• Pressure Drop: 

The pressure drop across a cyclone is related to its size and design [25] 

Δp ∝√
𝜌𝑣2

2
 

   

where ρ is the gas density and 𝑣  is the velocity. Increasing the diameter typically reduces the 

gas velocity for a given volumetric flow rate, leading to a lower pressure drop [25]. 
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• Residence Time: 

Residence time is the time the gas stream spends inside the cyclone [13]. Increasing the 

diameter increases the residence time, which might seem beneficial, but it also means lower 

velocities and weaker centrifugal forces. 

2.6.2.2 Changing the Height of Cyclone keeping Diameter Constant. 

There are various effects on particle recirculation rate while changing the height of cyclone 

keeping diameter constant. 

• Gas and Particle Residence Time:  

Increasing the height of the cyclone generally increases the residence time of the gas and 

particles within the cyclone. This longer residence time allows more opportunity for particles 

to be separated from the gas stream by centrifugal forces [16]. 

• Improved Separation:  

A taller cyclone can enhance separation efficiency because particles have more time to move 

towards the cyclone walls under the influence of centrifugal forces. This can result in a higher 

probability of particle capture. The enhanced particle capture reduces particle losses and 

ensures more consistent particle reintroduction into the CFB system, contributing to better 

operational stability and efficiency [24]. 

• Velocity Profile:  

The height of the cyclone affects the velocity profile of the gas stream. A taller cyclone can 

help maintain a more stable and favorable velocity gradient for particle separation [24]. 

2.6.3 Angle of recirculation pipe (Return leg or downcomer)  

• Increased Angle (Steeper Recirculating Pipe): 

Enhanced Particle Flow: A steeper angle (closer to vertical) improves the gravitational force 

assisting particle movement. This enhances the particle recirculation rate as particles flow more 

smoothly and quickly back to the reactor. 

Reduced Blockages: The risk of blockages decreases with a steeper angle because particles are 

less likely to settle and accumulate within the pipe. 

• Decreased Angle (Shallower Recirculating Pipe): 

Reduced Particle Flow: A shallower angle (more horizontal) reduces the gravitational 

assistance, potentially leading to slower particle movement and a reduced recirculation rate. 

Increased Blockages: The likelihood of particle settling, and blockages increases with a 

shallower angle, disrupting the consistent return of particles to the reactor and potentially 

affecting the system's overall efficiency. 
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2.6.4 Length and Height of Recirculating pipe. 

After the particles move from loop seal, it comes to the riser via recirculating pipe. The length 

of the recirculating pipe has a great impact on circulation rate. The greater the length of 

recirculating pipe after the loop seal, the more the particles get accumulated and the flow gets 

disturbed. But as soon as the loop seal and standpipe accumulate enough pressure, recirculation 

starts. Maintaining good height of recirculating pipe helps in good recirculation rate. 

2.7 Heat Transfer 

The heat transfer rate is essential for combustion or any exothermic reaction processes in CFB. 

Heat transfer coefficient, h is used to determine the heat transfer rate. The heat transfer in CFB 

can be expressed as: 

𝑞 = ℎ𝐴(𝑇𝑏𝑒𝑑 − 𝑇𝑤𝑎𝑙𝑙) 2.17 

The value of h is influenced by the cross-sectional average solid’s density and the elevated 

temperature. The hydrodynamics of the gas-solid mixture near the wall affects the process of 

heat transfer [34]. The clusters of particles or individual particles are moved in an upward 

direction at a certain velocity and circulate at a uniform temperature. On decreasing velocity, 

the particles tend to fall downward. The relative time of cluster-wall contact and the thermal 

time constant of the particle are used to determine the good heat transfer rate. If the cluster 

stays on the wall for a long period of time, heat transfer from the particles is reduced.  

The cluster (collection of particles) is not stable. The three different modes of heat transfer are 

conduction (dispersed phase), convection (cluster phase) and radiation (both).  

 

Figure 2.12 Mechanism of heat transfer [34] 

2.8 Solids Mixing 

The flow dynamics of the CFB system falls on the fast fluidization regime. The particles move 

up and down direction in the riser resulting increase in the residence time for mixing and are 

used to develop the physical properties of solid particles. For the exothermic reactions, the 
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solid particles must be mixed properly to avoid the hot spots. With respect to solid volume 

concentration, the riser can be categorized into 4 zones as in Figure 2.13.  

 

Figure 2.13 Different zones of riser in CFB [34] 

2.8.1 Particle motion in the bottom zone 

According to Svensson et al., the lower zone behaves as a bubbling or turbulent fluidized bed 

based on the pressure fluctuation data. The particles are stored in the bottom zone on passing 

the air from distributor plate attached below the riser, the particles start to break and then fed 

to the transition zone.   

2.8.2 Particle motion in the transition zone 

The particle from the dense bottom zone is carried to the dilute zone and the clusters moved 

back to the bottom zone due to gas velocity and particle size. Therefore, high intensity of solids 

mixing occurs in this zone. 

2.8.3 Particle motion in the dilute zone                                                                                                       

In this zone the riser is distinguished into two phases, lean phase and dense phase. In the lean 

phase, the particle moves upward and in dense phase the particle travel downward back to the 

lower zone. The solid concentrations are higher in dense phase than lean phase.  



                                             

32 

 

 

Figure 2.14 Solid mass flux in dilute zone [34] 

The solid mass flux in lean phase reaches maximum at the center of the riser and then decreases 

near the wall, while in the dilute phase it is the opposite.  

2.8.4 Particle motion in the exit zone 

The particles are then pushed to the cyclone where the gas and solids are separated. The lighter 

particles elutriated along with the gas and the heavier particles traveled back to the riser (lower 

zone) through loop seal.  

2.9 Importance of Barracuda 

Modeling gas-solid flow behavior is complex due to gas flow, particle movements and inter-

particle collisions. There are two basic modeling approaches, Lagrangian-Eulerian and 

Eulerian-Eulerian. Lagrangian-Eulerian modeling tracks each particle individually using 

Newton's laws, while the gas phase is modeled with Navier-Stokes Equations [31]. Eulerian-

Eulerian modeling treats both phases as continuous and uses Navier-Stokes Equations for both, 

requiring more closure functions but less computational power. However, Lagrangian-Eulerian 

simulations while precise demand significant computational resources, making them 

impractical for industrial applications [32]. The Multiphase Particle in Cell (MP-PIC) method, 

an extension of Lagrangian-Eulerian models group particles (parcels) instead of individual 

particles, balancing discrete and continuous modeling [33]. MP-PIC is integrated into the 

Barracuda VR software, popular for computational particle fluid dynamics (CPFD) [20].  
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3 Methodology 

 

Figure 3.1 Methodology 

 

The vibrating sieving machine were used to sieve the sand as shown in Figure 3.2. Different 

sieves sizes were selected to prepare the required sample. For the experimental work presented 

in this thesis, the sand particles ranged from 63-200 µm. After the sieving analysis, the sample 

was taken into a 50 ml beaker to calculate the void fraction. 

  

Figure 3.2 Sieving Process Figure 3.3 Void Fraction Calculation 
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3.1 Experimental Setup and Procedure 

3.1.1 Equipment 

The experimental setup utilized in this study comprises a 3D transparent cold bed column 

measuring 3 meters in height with a base diameter of 0.084 meters. Pressure transducers were 

interconnected with pressure tapping points positioned along the wall of the column and within 

the standpipe following the cyclone separator. The spacing between consecutive pressure 

points along the column height varies according to the configuration detailed in Figure 3.4. 

Compressed air at ambient condition was introduced through an air supply hose located at the 

column's base. The airflow from the compressor into the column was regulated by a control 

valve integrated into the rig. Figure 3.4 illustrates the schematic diagram depicting the locations 

of the pressure tapping points and air distributor along the column, while Figure 3.5 represents 

the experimental rig setup. 

 

 

Figure 3.4 AutoCAD design of CFB Figure 3.5 Experimental Setup of CFB 
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3.1.2 Procedure 

The experiment was conducted within a circulating fluidized bed system comprising a riser, 

distributor, cyclone, standpipe and loop seal as shown in Figure 3.5. The riser had a height of 

1316 mm and a diameter of 84 mm. A distributor pipe measuring 1300 mm in length and 124 

mm in diameter was connected to the upper section of the riser, which then led to the cyclone 

via a lofted curved transition from circular to rectangular tubing. The cyclone had a diameter 

of 118 mm and a length of 305 mm. Additionally, an air flow distributor plate with dimensions 

of 84 × 34 mm was installed at the loop seal. 

 

Figure 3.6 Pressure Data collection using LabVIEW. 

 

Table 3.1 Pressure Transducers and their height from base 

Pressure Transducers Height from Base (mm) 

P1 -20 

P2 40 

P3 240 

P4 440 

P5 640 

P6 1255 

P7 2190 

P8 2160 

P9 2620 
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Nine pressure transducers were attached to the wall of the CFB and LabVIEW was used to 

collect the data. The height of each pressure sensor is illustrated in Table 3.1. The air distributor 

at the bottom of the riser relates to the air supply and was controlled by the valve attached to 

the rig. 

The sand particles of density 2650 kg/m3 and mass of about 3.3 kg was filled into the riser (2.5 

kg) and loop seal (0.8 kg) from the top of the riser and cyclone. Subsequently, with a specified 

bed height in both the riser and loop seal, compressed air was introduced and gradually 

increased until the circulation of bed materials was initiated. In line with circulating fluidized 

bed (CFB) principles, it was essential to maintain appropriate flow rates in both the riser and 

loop seal. The minimum required air flow rates were set at 650 SL/min for the riser and 12 

SL/min for the loop seal. 

Following the initiation of particle recirculation, some particles began escaping the system. To 

capture these escaping particles, a pipe was connected from the top of the cyclone to a bucket 

positioned on a weighing machine, as illustrated in Figure 3.7. The bucket on the weighing 

machine recorded the entrained mass readings, which were stored in a data file using Python 

software. 

 

Figure 3.7 Collection of Elutriated Sand Particles 

 

At the start of the experiment, data collection commenced after 2 minutes of circulation to 

ensure stable conditions for data acquisition. Subsequently, readings from LabVIEW were 

recorded over a span of 1 hour. These data sets were then utilized for validating the model in 

Barracuda VR. 
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Table 3.2 Bed Properties of Sand Particles 

Sieve 

Range (μ 

m) 

D, Mean 

Size (μ 

m) 

Initial 

Weight (gm) 

Final 

Weight 

(gm) 

Particle 

Weight (gm) 

Weight 

Fraction 

(W/T) 

W/(T*D) 

63-80 71.5 234.02 259.59 25.57 0.1236 0.0017 

80-100 90 391.74 420.64 28.9 0.1397 0.0015 

100-125 112.5 393.39 448.67 55.28 0.2672 0.0023 

125-140 132.5 385.05 403.77 18.72 0.0905 0.0006 

140-150 145 390.47 406.58 16.11 0.0778 0.0005 

150-160 155 401.31 409.89 8.58 0.0414 0.0002 

160-180 170 398.21 433.44 35.23 0.1703 0.0010 

180-200 190 252.13 270.58 18.45 0.0891 0.0004 

                                                 Total (T) 206.84 1 0.0086 

Mean Particle Size (μ m) = (1/0.0086) = 116.059 

 

Table 3.3 Void Fraction and Mean Particle Diameter 

Density 2650 𝑘𝑔 𝑚3⁄  

Bulk density 1405.54 𝑘𝑔 𝑚3⁄  

Solid void fraction 0.53 

Mean Particle Diameter 116.05 µm 

 

 

Figure 3.8 Particle Size Distribution 

3.2 Simulation Set-up and Procedures 

Particle fluid flow presents several difficulties, including intricate geometries, harsh operating 

environments and the requirement for a thorough investigation of bed interior properties. In 

contrast to experimental techniques, simulations provide a productive and cost-effective way 
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to handle these complexities within predetermined time limits. As a result, modeling was done 

using Computational Particle Fluid Dynamics (CPFD) software, Barracuda V.R to confirm 

experimental results and then guide design changes. 

The simulation setup used in Barracuda to carry out the simulations is described in this chapter. 

Furthermore, the methods for verifying the CPFD model against experimental data are 

described in detail, including the actions done to guarantee the precision and dependability of 

the simulation results when compared to actual experimental data. 

3.2.1 CAD Design and Simulation Set Up 

After the measurement of physical CFB parameters, those dimensions were used to make the 

CAD model. The CAD model was made with the help of SOLIDWORKS 2020. After the 

completion of geometry, the CAD geometry from SOLIDWORKS was saved in STL format 

and was imported in Barracuda VR 2021. Uniform grid of total 80000 cells were established 

around the geometry for the simulations. The bottom of the geometry (riser and loop seal) were 

set up as inlet flow boundary condition while the top of the cyclone was considered as the 

pressure boundary condition. 

 

 

Figure 3.9 (a) Grid (b) CAD Geometry (c) Flux Planes (d) Pressure reading Points 

 

The maximum momentum from redirection of particle collisions was assumed as 40 % and the 

normal to wall and tangential to wall collision were considered as the default value 0.85. The 

sand particles (SiO2) were selected as the bed materials and air as the fluidizing gas at ambient 

temperature at 300 K. The Wen-Yu Ergun drag model was selected as the particles are in dense 

phase in riser and in dilute phase in distributor. Flux planes at different locations are shown in 

Figure 3.9 (c) and their height from base is shown in Table 3.4. To validate the pressure date 
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recorded in the experiment, exact locations of data points were given in the model as in Figure 

3.9 (d) and Table 3.1. 

Table 3.4 Height of Flux Planes from Base 

S.N. Height from Base (m) 

First Flux Plane 0.5 

Second Flux Plane 0.8 

Third Flux Plane 1.2 

Fourth Flux Plane 1.4 

Fifth Flux Plane 1.6 

Sixth Flux Plane 2.6 

Seventh Flux Plane 1.06 

Eighth Flux Plane 0.4 

 

3.2.2 Governing Equation 

The fluid phase mass and momentum conservation can be modelled  by the volume averaged 

Navier-Stokes Equation and are used as a continuum on a Eulerian grid [18].   

𝜕(𝜃𝑓𝜌𝑓)

𝜕𝑡
+ ∇. (𝜃𝑓𝜌𝑓𝑢𝑓) = 0 

3.1 

𝜕(𝜃𝑓𝜌𝑓𝑢𝑓)

𝜕𝑡
+ ∇. (𝜃𝑓𝜌𝑓𝑢𝑓) =  ∇𝑝 − 𝐹 + 𝜃𝑓𝜌𝑓𝑔 + ∇. (𝜃𝑓𝜏𝑓) 

3.2 

𝐹 =  ∬𝑓𝑚𝑠 [𝐷𝑠(𝑢𝑓 − 𝑢𝑠) − 
1

𝜌𝑠
∇𝑝] 𝑑𝑚𝑠𝑑𝑢𝑠 

3.3 

Where 𝜃𝑓, 𝜌𝑓, 𝑢𝑓, 𝜏𝑓 are fluid phase volume fraction, density, velocity and stress tensor and 

𝑚𝑠, 𝑢𝑠 are the mass and velocity of the particle. F is the total momentum exchange with particle 

phase per volume, g is the acceleration due to gravity and p is the pressure. 

The solid phase can be modelled by a particle distribution function, Newtonian Equation of 

motion for each individual particle given by Equation 3.4. Considering the time rate of change 

of Equation 3.4 the Liouville Equation is obtained. This Equation assumes that there are no 

direct collisions or particle breakup. 

𝑓(𝑥,𝑚𝑠, 𝑢𝑠, 𝑡)𝑑𝑚𝑠𝑑𝑢𝑠 

𝜕𝑓

𝜕𝑡
+ ∇𝑥. (𝑓𝑢𝑠) + ∇𝑢𝑠. (𝑓𝐴) = 0 

3.4 
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The particle acceleration, A as a function of aerodynamics drag, buoyancy, gravity and 

interparticle normal stresses can be expressed as Equation 3.5, 

𝐴 =  𝐷𝑠(𝑢𝑓 − 𝑢𝑠) − 
1

𝜌𝑠
∇𝑝 + 𝑔 −

1

𝜃𝑠𝜌𝑠
∇𝜏𝑠 

3.5 

The particle volume fraction, 𝜃𝑠 and the particle stress 𝜏𝑠, which are used to calculate the 

interparticle collisions and are expressed as Equation 3.7.   

𝜃𝑠 = ∬𝑓
𝑚𝑠

𝜌𝑠
 𝑑𝑚𝑠𝑑𝑢𝑠  

3.6 

𝜏𝑠 = 
10𝑃𝑠𝜃𝑠

𝛽

𝑚𝑎𝑥[(𝜃𝑐𝑝 − 𝜃𝑠), 𝜖(1 − 𝜃𝑠)]
 

3.7 

Here, 𝑃𝑠,  𝛽,  𝜃𝑐𝑝 are the constant term related with pressure, is a constant, particle volume 

fraction equals the close pack volume. 

 

3.2.3 Drag Model 

The major force associated with the particles is the fluid drag and can be written as: 

𝐹𝑃 = 𝑚𝑠𝐷(𝑢𝑓 − 𝑢𝑠)      3.8 

𝑚𝑠, D, 𝑢𝑓, 𝑢𝑠 is the particle mass, drag function, fluid velocity and particle velocity. In 

Barracuda, numerous drag models are given and different drag models have their own features. 

The detailed information on various drag model is illustrated in Barracuda manual and can be 

extracted through Barracuda help menu bar[20]. As per the Bandara et al. [16], the Wen-

Yu/Ergun drag model shows the best results since both dense and dilute phase are present in 

the system.   

 

For the dilute system, the Wen-Yu drag model is used and is expressed as:  

𝐷1 =
3

8
𝐶𝑑
𝜌𝑓|𝑢𝑓 − 𝑢𝑠|

𝑟𝑠𝜌𝑠
 

     3.9 

where 𝐶𝑑 is the drag coefficient and given as a function of the Reynolds number. 

𝐶𝑑 =
24

𝑅𝑒
𝜃𝑓
−2.65                            𝑅𝑒 < 0.5 

𝐶𝑑 =
 24

𝑅𝑒
 𝜃𝑓
−2.65 (1 + 0.15𝑅𝑒0.687)      0.5 ≤ 𝑅𝑒 ≤ 1000 

𝐶𝑑 = 0.44𝜃𝑓
−2.65                             𝑅𝑒 > 1000 

 

     3.10 

𝑅𝑒 =
2𝜌𝑓𝑟𝑠(𝑢𝑓 − 𝑢𝑠)

𝜇𝑓
 

     3.11 
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𝑟𝑠, 𝜇𝑓 is the particle radius and fluid viscosity.  

For the dense system, the Ergun drag model is considered, 

𝐷2 = 0.5 (
180𝜃𝑠
𝜃𝑠𝑅𝑒

+ 2)
𝜌𝑓 |𝑢𝑓 − 𝑢𝑠|

𝑟𝑠𝜌𝑠
 

                   3.12 

 

The blended Wen-Yu/Ergun drag model can be expressed as: 

𝐷 =

{
 
 

 
 𝐷1                                                                 𝜃𝑠 <   0.75𝜃𝐶𝑃                        

(𝐷2 −𝐷1) (
𝜃𝑠 −0.75𝜃𝐶𝑃

0.85𝜃𝐶𝑃−0.75𝜃𝐶𝑃
)                    0.75𝜃𝐶𝑃 ≥ 𝜃𝑠 ≥   0.85𝜃𝐶𝑃            

𝐷2                                      𝜃𝑠 > 0.85𝜃𝐶𝑃

 

3.13 
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4 Result and Discussion 

4.1 Model Validation 

After importing the STL file in Barracuda and adding all the input and boundary conditions, 

the model was simulated according to different drag models and different grid sizes. The 

different models with different grid sizes were analyzed before finalizing the final drag model 

and grid size. 

4.1.1 Drag Model Analysis 

The experimental pressure data were analyzed along with simulations for the drag model 

analysis. The drag models Wen-Yu, Ergun and Wen-Yu Ergun were analyzed and Wen-Yu 

Ergun was used for all the simulations. The primary reason for selecting this model was based 

on experimental results from the pressure transducer and the specific characteristics of the 

system, which includes a dense phase in the riser and a dilute phase in the distributor. 

Additionally, the Wen-Yu Ergun model is well-documented in the literature for its accurate 

predictions in both dense and dilute phases.   

 

 

Figure 4.1 Pressure VS Pressure sensors with different grid numbers. 

In Figure 4.1, two sets of experimental data are presented, one set without trim and the other 

with trim. The term “trim data” refers to the data collected after the initial 180 seconds of the 

experiment. Conversely, “without trim” data encompasses the measurements taken from the 

very beginning of the experiment and was taken for 3600 seconds.. 
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4.1.2 Grid Sensitivity  

The experimental pressure data were used for grid sensitivity analysis as shown in Figure 4.2. 

Grid 01, 02, 03, 04, 05, 06, 07, 08, 09,10 were constructed using uniform grid options. Grid 04 

was constructed by refining the cell structure at the loop seal of grid 03.    

 

Figure 4.2 Pressure Vs Pressure Points with different drag model and same grid size 

 

Table 4.1 Cells Vs Computational Particles 

Grid Cells Computational Particles Computational Particle to Cell Ratio 

01 40000 35640 0.891 

02 60000 56400 0.940 

03 80000 77792 0.972 

04 80000 77800 0.973 

05 100000 96768 0.968 

06 120000 111384 0.928 

07 150000 139776 0.932 

08 180000 167552 0.931 

09 240000 235200 0.980 

10 300000 285532 0.952 
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From Table 4.1, it clearly shows that increasing the cells size, number of computational 

particles size also increases. Cells were varied from 40000 to 300000 to see which 

computational model closely reflects the experimental model. 

 

 

Figure 4.3 Grid size with (40, 60, 80, 120, 240, 300),000 uniform grid size (Top left to bottom right) 

4.2 Impact of changing the diameter of Cyclone Keeping height 
constant: 

The diameter of the cyclone was varied while keeping the height constant to investigate its 

impact on particle circulation rate. Adjusting the diameter of a cyclone separator in a circulating 

fluidized bed (CFB) yielded various outcomes in the particle circulation rate. Cyclone 

separators, used to remove particles from gases, have design parameters that significantly 

influence their efficiency. In the design consideration, with a height to diameter (H/D) ratio of 

2.78, it was observed an increase in particle circulation rate of 1.6%. 

Table 4.2 Varying Diameter keeping height of Cyclone constant 

Height Constant 

H/D Height (mm) Diameter (mm) 

2.28 305 133.77 

2.38 305 128.15 

2.48 305 122.98 

2.58 305 118.21 

2.68 305 113.80 

2.78 305 109.71 

2.88 305 105.90 
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Figure 4.4 CAD model with varying diameter and constant height 

 

  

  

Figure 4.5 Time integrated particle mass of all species (kg), on Seventh and Eight plane (45 sec & 300 sec) 
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Typically, as the diameter increases, the particle circulation rate is expected to rise and then 

decrease beyond a certain point, following the formula  

𝐹𝑐 = 
𝑚𝑣2

𝑟
 

However, in this case, the particles varied widely in size rather than being uniform. A diameter 

that works well for one particle size may not be suitable for others. For instance, a specific 

diameter may provide adequate centrifugal force for certain particles but may not be effective 

for others, leading to increased particle interactions and potential blockages in the standpipe. 

These blockages reduce the overall particle circulation rate. 

The significance of uniform particle size on circulation rate is shown in Figure 4.6. In this 

study, all design parameters were maintained constant while varying the cyclone diameter, 

keeping the height constant. Notably, particles used were of a uniform size of 90 µm, as 

opposed to a heterogeneous particle size distribution. The results indicate that the particle 

circulation rate initially increases, reaches an optimal peak and subsequently declines. This 

behavior underscores the impact of particle size distribution on recirculation dynamics.  

 

Table 4.3 Change of circulation rate at different H/D ratio 

H/D Circulation Rate (kg) Change In Circulation Rate 

2.28 1.02 -16.4 

2.38 1.17 -4.1 

2.48 0.8 -34.4 

2.58 1.22 0.0 

2.68 0.79 -35.2 

2.78 1.24 1.6 

2.88 0.75 -38.5 
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Figure 4.6 Time Integrated Particle Mass of All Species (Same particle size) 

4.3 Impact of changing the height of cyclone keeping diameter 
constant: 

Changing the height of a cyclone can have a direct impact on both gas and particle residence 

time. The longer the residence time, the more opportunity the particles have to be separated 

from the gas stream by centrifugal force. A taller cyclone can enhance both the separation 

efficiency and the rate of circulation as particles have more time to move towards the cyclone 

wall under the influence of centrifugal force. 

In the design modification, with an H/D ratio of 2.68, as shown in Table 4.4 & 4.5, it was 

observed a 16.39% increase in the particle circulation rate. Several factors influence the particle 

circulation rate and a design optimized for a particular particle size may not be effective for a 

wide range of particle sizes. 
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Figure 4.7 CAD model with constant diameter and varying height 

 

Table 4.4 Varying height keeping Cyclone Diameter constant 

Diameter Constant (118 mm) 

H/D Diameter Height 

2.28 118 269.04 

2.38 118 280.84 

2.48 118 292.64 

2.58 118 304.44 

2.68 118 316.24 

2.78 118 328.04 

2.88 118 339.84 

 

The height of the cyclone affects the velocity profile of the gas stream. A taller cyclone can 

maintain a stable and favorable velocity gradient for a specific particle size, enhancing 

separation efficiency for that size. However, this same velocity profile may negatively impact 

other particle sizes. For instance, while the increased residence time and centrifugal force may 

benefit some particles, they can lead to increased particle interactions and collisions for others. 

These interactions can cause particles to agglomerate and form blockages in the standpipe, 

which adversely affects the circulation rate. 
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Figure 4.8 Particle circulation rate varying height keeping diameter same (Seventh and Eight Plane) 

 

Table 4.5 Change of Circulation Rate varying height and constant cyclone diameter 

H/D Circulation Rate (kg) Change In Circulation Rate 

2.28 1.40 15.4 

2.38 1 -18.03 

2.48 0.65 -46.72 

2.58 1.22 0.00 

2.68 1.42 16.39 

2.78 0.89 -27.05 

2.88 1.08 -11.48 
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4.4 Impact of changing the angle of recirculation pipe (Return 
Leg /Downcomer) 

The angle of the recirculation pipe significantly affects particle movement to the riser in a 

Circulating Fluidized Bed (CFB). Typically increasing the angle of the downcomer enhances 

gravitational forces, aiding particle movement. This improvement results in a higher particle 

recirculation rate as particles flow more smoothly and quickly to the riser. Additionally, the 

risk of blockage decreases with steeper angles as particles are more likely to settle and move 

smoothly within the downcomer. 

 

 
 

Figure 4.9 CAD model varying return circulation angle 

 

To assess the impact on particle recirculation rate, 11 design variations were implemented, 

altering the angle from 52.27 degrees to 62.27 degrees. The angle of the return pipe used in the 

experiment was 57.27 degrees. 

In the observations, the maximum circulation rate occurred at an angle of 52.27 degrees. 

Although this result appears unusual, it can be attributed to the backflow of particles from the 

riser to the loop seal, causing blockages and pushing particles backward towards the standpipe 

rather than the downcomer. As long as there is backpressure from particles inside the riser, the 

circulation rate will decrease. Therefore, the optimal angle was found to be 52.27 degrees, 

despite it being a shallower return angle. 
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Table 4.6 Change of circulation rate with respect to angle change 

Angle  Circulation Rate (kg) Change in Circulation Rate 

52.27 1.6 31.15 

53.27 1.42 16.39 

54.27 1.3 6.56 

55.27 1.12 -8.20 

56.27 1.4 14.75 

57.27 1.22 0.00 

58.27 1.02 -16.39 

59.27 1.14 -6.56 

60.27 0.9 -26.23 

61.27 1.13 -7.38 

62.27 1.19 -2.46 

 

  

Figure 4.10 Time Integrated particle mass of all species (kg), varying return angle (Seventh and Eighth plane) 
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4.5 Impact of Changing the Height of Recirculation Pipe: 

  

Figure 4.11 CAD model varying height of re-circulating pipe (Return leg) 

 

Increasing the height of the downcomer or return pipe after the cyclone in a circulating 

fluidized bed (CFB) system can significantly impact the particle recirculation rate and the 

overall performance of the system. The height of the downcomer influences the gravitational 

forces acting on the particles, which affects their velocity and settling behavior. Specifically, 

an increased height necessitates that particles travel a longer vertical distance, influencing their 

dynamics within the system. 

A taller downcomer results in a greater pressure drop, which can alter the flow dynamics of the 

particles. The velocity profile of the particles is also affected, higher height may lead to lower 

velocities if the system does not compensate for the increased gravitational and pressure drop 

effects. This adjustment is critical as improper height can hinder the effective recirculation of 

particles. 

In the design considerations, nine modifications were made, varying the recirculating height 

from 950 mm to 990 mm. The original height of the recirculating pipe in the experiment was 

970 mm. Varying the recirculating height also influences the height just after the loop seal. A 

greater height requires more pressure to transfer sand to the riser, while a lesser height 

facilitates more particle flow from the riser to the loop seal. Therefore, maintaining an 

appropriate height is a challenging yet crucial task. If the height is too low, particles circulate 

but not optimally, as some pressure is pushing particles from the loop seal towards the 

standpipe. 
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Figure 4.12 Time Integrated particle mass of all species (kg), varying recirculating pipe length (45 & 300 sec) 

 

In the nine simulations, it was observed that the configuration with a height of 965 mm and a 

height of 58 mm just after loop seal achieved the maximum recirculation rate. Initially, until 

45 seconds, the circulation rate was highest for the configuration with a height of 950 mm. 

However, when extending the simulation to 300 seconds, the (965-58) mm configuration 

consistently provided a better circulation rate. 

 

Table 4.7 Change of Circulation rate with respect to length and height of recirculating pipe 

Length and Height of Recirculating Pipe 

Height (mm) Circulation Rate (kg) Change in Circulation Rate 

(950-43) 1.31 7.38 

(955-48) 1.16 -4.92 

(960-53) 1.2 -1.64 

(965-58) 1.26 3.28 

(970-63) 1.22 0.00 

(975-68) 1.15 -5.74 

(980-73) 1.08 -11.48 

(985-78) 1.1 -9.84 

(990-83) 1.08 -11.48 
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4.6 Impact of Change of Angle Between Riser and Distributor 

Altering the angle between the riser and distributor significantly impacts the particle 

recirculation rate. A smaller angle improves the circulation rate, whereas increasing the angle 

reduces the gas velocity at the junction, leading to particle accumulation at the joint instead of 

their ascent to the cyclone. Consequently, a larger angle results in decreased circulation. 

 

Table 4.8 Change in radius of distributor, changing angle between riser and distributor 

a 

(mm) 

b 

(mm) 

c 

(mm) 

d 

(mm) 

e 

(degree) 

58.37 43.22 42 40 112.25 

59.19 43.54 42 40 113.25 

60.02 43.87 42 40 114.25 

60.87 44.23 42 40 115.25 

61.73 44.61 42 40 116.25 

62.61 44.99 42 40 117.25 

63.51 45.71 42 40 118.25 

64.41 45.85 42 40 119.25 

65.33 46.31 42 40 120.25 

66.28 46.79 42 40 121.25 

67.24 47.31 42 40 122.25 

68.23 47.83 42 40 123.25 

69.24 48.39 42 40 124.25 
 

 

 
Figure 4.13 Riser and Distributor 

 

 

The angle between the riser and distributor is typically adjusted to ensure that only specific 

particles reach the cyclone, while others are excluded. If there are no requirements for particle 

collection or segregation within the riser, a standard riser design can be employed. 
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Figure 4.14 Time Integrated mass of all species (kg) varying angle between riser and distributor (Seventh and 

Eighth plane) 

 

In the design considerations, thirteen design changes were implemented, varying the angle 

from 22.25 degrees to 34.25 degrees. Consistent with expectations, the recirculation rate is 

maximized at an angle of 22.25 degrees. 

4.7 Impact of Changing double riser to a single riser Model 

In the initial experimental model, the riser had a diameter of 84 mm and the distributor had a 

diameter of 124 mm. The mass of sand in the riser was 2.8 kg, with a height of 37.5 cm. To 

evaluate the recirculation rate, the distributor was replaced creating a single riser model. Two 

different configurations were tested, in one the mass of sand in the riser remained constant, and 

in the other the height of the sand was kept constant. Both models were tested individually to 

observe the particle circulation rate. 

As the base diameter changed from 84 mm to 124 mm, the base area also changed, affecting 

the inlet velocity. In the experimental case, the inlet velocity decreased from 1.954 m/s to 1.279 

m/s with the change in diameter. From Figure 4.16, it is evident that as the velocity increases, 

the particle circulation rate also increases. 

In the subsequent diagrams, the volume of sand was kept constant, and the initial 37.5 cm sand 

height was reduced to 25.40 cm due to the increased diameter. The results clearly show that 

lower velocity results in a lower circulation rate. Also, the particle accumulation on double 

riser model and single riser model is shown in Figure 4.15.  
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Figure 4.15 Double riser and Single riser (Left & Right) 

  

  

Figure 4.16 Time Integrated Particle mass of all species (kg) changing double riser to a single riser 
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The key point to note is that simply adding more sand does not necessarily increase circulation. 

Factors such as particle to particle, particle to wall collisions and an improper velocity profile 

due to large particle accumulation can also disrupt the circulation rate. Therefore, maintaining 

an appropriate mass of sand is crucial for achieving a good recirculation rate. 

4.8 Final Design Modifications and Simulation Overview 

A series of design modifications were done to optimize particle circulation. Specific changes 

include recirculating pipe angle, length of recirculating pipe, cyclone diameter and height. 

These modifications were individually optimized through simulations and a final design was 

created incorporating the most efficient one from each individual design change. This final 

configuration was then subjected to comprehensive simulations to evaluate its performance. 

The final cyclone design was simulated over two distinct time intervals: 45 seconds and 300 

seconds. The simulations revealed the following increased recirculation rates. 

45 seconds: 32.7%  

300 seconds: 20.40% 

  

Figure 4.17 Particle circulation rate on Final Design (45 & 300 sec) 

 

The higher recirculation rate at 45 seconds can be attributed to the initial presence of sand in 

the standpipe, which provided an immediate boost in circulation efficiency. As the system 

reached a steady state, the percentage increase in recirculation rate decreased, stabilizing at a 

lower rate. The enhanced circulation in the final design is primarily due to several factors like 

optimized flow dynamics, reduced particle wall collisions and particle to particle collisions. 

The simulations did not exhibit a low high low graph trend for particle circulation rates. This 

consistency is likely due to the use of particles with a size distribution range rather than uniform 

particle sizes. 
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5 Conclusion 
This thesis investigates the hydrodynamic flow behavior of Geldart A and Geldart B particles 

within a cold circulating fluidized bed. The experimental setup utilized a mixture of Geldart A 

and Geldart B particles ranging from 63-200 µm in size and having a density of 2650 kg/m3. 

The pneumatic conveying air flow velocities for the riser and loop seal were determined and 

pressure transducer data at different locations of the experimental rig were collected using 

LabVIEW. A CPFD model was developed using Barracuda VR 2021, and the CAD design was 

created with SolidWorks 2020. The experimental and computational models were validated 

using pressure data obtained from transducers positioned at different locations on the 

experimental rig. Various drag models and grid sizes were examined to validate the model. 

Based on simulation results and literature review, the Wen-Yu Ergun drag model with 80,000 

cell and uniform grid size was selected for the final model. 

The minimum riser and loop seal aeration rates were found to be 650 SL/min and 12 SL/min, 

respectively. The inlet velocity of the riser was increased incrementally by 50 SL/min, starting 

from 50 SL/min, until particles began to move from the riser to the cyclone. Upon reaching the 

cyclone, the loop seal aeration was increased by 2 SL/min increments until particles began 

flowing from the loop seal to the riser, stabilizing at a final flow rate of 12 SL/min. 

In simulations, grid size was refined to create a finer uniform grid, but this resulted in greater 

deviations due to the grid size becoming smaller than the particle size. The deviations between 

the experimental and computational pressure data ranged from a maximum of 2.4% to a 

minimum of 0.09%. 

Following the validation of the computational model, various design modifications were made 

to the circulating fluidized bed including changes to the cyclone diameter and height, 

recirculating angle, recirculating height and the angle between the riser and distributor. Results 

showed that varying the cyclone diameter with an H/D ratio of 2.78 increased particle 

circulation rate by 1.6% and varying the cyclone height with an H/D ratio of 2.68 increased the 

rate by 16.39%. Changing the return leg angle from 57.27 degrees to 52.27 degrees resulted in 

a 31.15% increase in particle circulation rate, while reducing the return leg height from 970 

mm to 965 mm increased the rate by 3.28%. Additionally, adjusting the angle between the riser 

and distributor demonstrated that a smaller angle improved circulation and reduced particle 

accumulation in this region. Comparing single and double riser models (both 124 mm in 

diameter) revealed that the single riser model significantly improved circulation rate due to 

reduced particle accumulation between risers. However, in systems where certain particle’s 

entry into the cyclone is restricted, the double riser model is found to be more effective. 

The final computational model, optimized for maximum circulation rate from individual design 

adjustments demonstrated a 20.40 % increase in particle circulation rate. This study 

underscores the importance of various factors influencing particle circulation rate, including 

particle density, shape, size and the design parameters of the circulating fluidized bed (CFB). 

The results indicate that particle circulation does not follow a simple linear or low-high-low 

pattern due to the wide range of particle sizes used in both experiments and simulations. 

Therefore, it is crucial to understand the impact of design parameters on particle circulation 
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rate before establishing new gasification plant as a plant optimized for one type of particle may 

not be suitable for a broad range of particles. 
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7 Appendices  
Appendix A 

Pressure Variation vs grid size and drag model 
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Appendix B 

 

Particle Volume fraction Varying height of Recirculating pipe 
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Appendix C 

 
Particle Volume fraction Varying diameter of Cyclone and 90 µm sand diameter. 
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