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Abstract

Solid waste management has been a global challenge. With the growing population, an
increase in solid waste from households, agriculture, and industries is inevitable. At the same
time, rapid industrialization and technological advancements due to increasing population have
increased the energy demand significantly. The predominant reliance on fossil fuels has led to
severe environmental consequences, including greenhouse gas emissions, global warming,
rising sea levels, extreme weather conditions, and depletion of fossil fuel reserves.
Consequently, the need for alternative energy sources has become crucial. This study
explores the utilization of waste for energy production, aiming to address two global problems:
waste management issues and supply for the clean energy demand. Thermochemical
conversion technology, such as gasification, has gained attention when it comes to converting
wastes into energy. The main combustible gas components from the gasification process are
methane, hydrogen, and carbon monoxide, which can be useful for producing biofuels and
chemicals or for power generation. The major challenge in utilizing wastes in a gasification
reactor is to convert solid wastes and their mixture as fuel and operate the reactor economically
to produce high-quality synthesis gas. The choice of a gasification reactor is critical for
economical operation as it should allow to handle a wide variety of feedstock. In this regard, a
bubbling fluidized bed reactor (BFB) is a better option among various thermal reactors
available since BFB provides the flexibility to use a wide variety of feedstocks and provides
uniform heat and mass transfer for thermal degradation.

This project investigates various challenges when converting waste to high calorific value
feedstock (fuel) and utilizing such feedstock for energy recovery in a BFB gasification reactor.
The task has been accomplished using a combination of experimental work and CPFD
simulations. For the experimental work, three different BFB reactors were employed to gain
better understanding of the fluid dynamic behaviour coupled with thermochemical conversion
phenomena in a BFB gasifier. The fluidized bed setups used in this work include: (i) a cold flow
BFB reactor equipped with pressure sensors, (ii) a cold flow BFB reactor equipped with
electrical capacitance tomography (ECT) sensors, and (iii) a 20 kW BFB gasifier. The cold
models were used to investigate the fluid dynamics behaviour of the bed, such as mixing and
segregation, bubble dynamics and fluidization regime. The results from the cold model test
were used to select operating parameters for the gasification experiments. For the gasification
experiments, the 20 kW BFB gasifier was operated in autothermal and allothermal modes with
several waste feedstocks and air as the gasifying medium. The feedstocks from various
sources, such as municipal solid wastes (MSW), agricultural wastes, garden residue, and
industrial wastes, were used as fuel for the gasifier. All the waste feedstocks, paper, fish,
garden residue, sawdust, coffee grounds, barley straw, bark, and grass were used in the pellet
form except for wood chips. Among these feedstocks, barley straw, saw dust, bark and coffee
grounds were pelletized using a lab-scale pellet mill. The syngas production potential of the
feedstocks and the reactor performance at different reactor operating conditions were
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assessed based on the carbon conversion efficiency, chemical conversion efficiency, thermal
conversion efficiency, and gas yield strengths.

Similarly, computational particle fluid dynamic (CPFD) models were developed to investigate
the thermal and hydrodynamic behaviour of the reactor and determine the operational
parameters suitable for running the gasifier at optimal conditions. The CPFD simulation were
developed in the commercial software Barracuda VR 21.1.1 and the results were validated
with experimental data obtained from the 20 kW gasifier and cold bed rigs. The CPFD models
were used to address challenges such as slug in the bed, excess steam in the product gas,
unconverted carbon, reduced gas residence time, and inadequate distribution of gas and
biomass in the bed. The simulations also explore the influence of bubble properties, biomass
feeding position, and air supply patterns on the reactor performance.

The air-gasification tests with the feedstocks, wood chips, grass pellets and wood pellets
revealed that at equivalence ratio (ER) <0.16, the syngas quality was enhanced with lower
nitrogen yield at reactor temperature above 800 °C . About 70-75% of the carbon conversion
efficiency was achievable at allothermal reactor conditions. However, grass pellets showed
agglomerations in the bed at reactor temperature 800 °C and wood chips caused blockage in
the feeding system. Similarly, the low-grade feedstocks, fish pellets (animal waste origin),
garden waste pellets (plant origin) and paper pellets (MSW) were gasified in an autothermal
mode with air as gasifying medium and at reactor initial temperature of 650 °C. The reactor
initial temperature was selected by considering the pyrolysis temperature and ash melting
temperature of the feedstock. The result depicted that overall conversion efficiency of the
paper pellets reached approximately 80-90%, garden waste pellets exhibited a conversion
efficiency of 50-60% and the fish pellets demonstrated a lower conversion efficiency of 22-
40%. The reduced conversion efficiency of the fish pellets was ascribed to the animal-based
origin of the feedstock, containing fats and proteins, necessitating higher temperatures for
degradation. Notably, despite the high moisture content of paper pellets (26 wt.%), the results
indicated a higher conversion efficiency. This suggested that the moisture content had little to
no influence on the conversion process when the feedstock was injected on the top of the bed.
Pelletization experiments with coffee grounds, sawdust, bark and barley straw revealed that
optimal conditions for the pelletization of the feedstocks were at the die temperature of 50°C-
60°C, a moisture content of 9-14 wt.%, and a roller-to-die distance of 4 mm. Mechanically
durable pellets with enhanced compression strength improved the conversion efficiency of the
feedstock during gasification tests. Over the ER of 0.15-0.32, the carbon conversion efficiency
of the feedstock coffee grounds pellets and straw pellets reached about 75%, demonstrating
that both wastes are potential feedstock for energy recovery.

CPFD simulations with two different feeding positions of the biomass (on the top of the bed
and in the bed near to the bottom of the reactor) in the gasifier showed that in-bed feeding of
the biomass was better compared to top bed feeding. The result demonstrated that higher
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carbon conversion, uniform reactor temperatures and better gas quality yield were achieved
with in-bed biomass feeding. Similar, different modes of air supply such as: (i) uniform air
distribution (with air distributor), (ii) with side nozzles, and (iii) multiple injection points were
investigated in a BFB reactor. The result demonstrated that air can be injected in the fluidized
bed with the side nozzles while maintaining similar fluid dynamics properties of the bed
compared to air distributor as flow boundary conditions. Thus, side nozzles as flow boundary
conditions can be employed to minimize the cost and avoid operational challenges related to
the presence of air distributor in the gasifier. Also, the CPFD model results illustrated that for
an auto-thermal operation of the reactor with maximum hydrogen yield in the product gas, the
steam-to-air ratio was 0.05. Based on the experimental measurements and CPFD model
simulations, a simple correlation (gD, /u, = 3.0), based on superficial gas velocity (u,) and
average bubble diameter over the bed (Dj) for efficient biomass gasification in a bubbling
fluidized bed was developed. The result revealed that at the optimum gas residence time, the
concentration of hydrogen is maximum while the concentrations of carbon dioxide and water
vapor are minimum in the product gas. This proposed model can, therefore, be used to size
the reactor or set the operating gas velocity to achieve optimum gasification.

Keywords: Waste feedstocks; Pelletization; Bubbling fluidized bed; Gasification; Bubble
properties; Equivalence ratio; Allothermal; Auto-thermal; Air-steam gasification.
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1 Introduction

Gasification is an old method for extracting energy from coal which has gained renewed
interest in waste-to-energy conversion process. However, achieving commercial
breakthrough in waste-to-energy technologies necessitates the utilization of a broad range of
wastes and their mixture. Therefore, in depth understanding of waste-to-fuel and the efficient
utilization of wastes to energy technologies is required. The conversion of waste materials to
a usable form of fuel and utilization of such waste driven fuel in a thermochemical waste-to-
energy conversion technology (typically gasification) remains an active area of research
currently. This study investigates the gasification of waste feedstocks to produce high-
calorific-value gases in a fluidized bed gasifier, employing experimental methods,
mathematical modelling, and computational fluid dynamic simulations.

1.1 Background and motivation

With the growing population, an increase in solid waste from households, agriculture, and
industries is inevitable. The world is expected to generate about 46 billion tons of wastes
annually by 2050 [1] . Despite strict measures and regulations adopted by countries to reuse,
recycle and handle wastes, more than three-quarters of the solid wastes are still incinerated
or landfilled. The world bank report mentioned that 37 % of solid wastes were landfilled
globally, 33% were openly dumped and 11 % of the total wastes were incinerated in the year
2016 [2]. It is reported that in the year 2020, about 9% of greenhouse gas emissions were
from waste [3]. In addition to the greenhouse gas emission, the wastes if remained
unmanaged, will pollute the water resources, contaminate the fertile soil, and degrade public
health with wide variety of respiratory diseases [4]. Therefore, it is of utmost importance to
handle the wastes in a way that environmental components are preserved with low carbon
footprints.

At the same time, rapid industrialization, and technological advancements due to the
increasing population have surged the energy demand significantly. However, more than 83
% of the energy need globally is fulfilled by the fossil fuel consumptions [5]. The continuous
exploitation of the fossil fuel resources has led to dramatic increase in greenhouse gases,
global warming, rise in the sea levels, extreme weather conditions and depletion of fossil fuel
reserves. Consequently, these impacts have serious social, economic, and environmental
ramifications [6], [7], [8], [9]. Therefore, switching to an alternative energy source is evident.
In this regard, utilizing wastes for energy production is a wise alternative to address two
major issues: waste management problems and supply clean energy demand. Waste can be
converted into energy via thermal decomposition methods such as incineration, pyrolysis,
combustion, and gasification. Among the thermochemical conversion processes, the
gasification of solid wastes gives higher gaseous output [10] . The main combustible gas
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components from the gasification process are methane, hydrogen, carbon monoxide which
can be useful for producing biofuels and chemicals or for power generation [11]. This work
investigates the use of gasification technology to produce syngas from various wastes as
feedstocks.

The major challenge at present is handling various types of solid wastes and their mixture as
a fuel to the gasification reactor and operate the reactor economically to produce high-quality
synthesis gas. The wastes are available in different forms and cannot be fed to the reactor
directly. Therefore, it has to be converted into the right shape and size to transport or fed into
the reactor. Drying and pelletization of wastes are viable options that increases the calorific
value of fuel and makes it easier to transport and feed to the reactor [12]. Additionally, when
it comes to handling a wide variety of solid wastes, the choice of a gasification reactor is
critical for economical operation. In this regard, a bubbling fluidized bed reactor is a better
option among various thermal reactors available since it provides flexibility to use a wide
variety of feedstocks and provides uniform heat and mass transfer for thermal degradation
[13]. The multi-phase and multi-particle flow with a series of homogenous and
heterogeneous reactions in a bubbling fluidized bed (BFB) gasification reactor is a complex
phenomenon. Therefore, a proper understanding of the reactor operating conditions like
equivalence ratio, temperature, bed material to biomass ratio, segregation and mixing is
essential for efficient operation, proper design, and scale up of such reactors. On the
contrary, the lack of proper understanding of thermochemical conversion in a BFB
gasification reactor leads to several challenges such as entrainment of the particles in
product gases, agglomeration, non-uniform product gases due to segregation, large bubbles
bypassing the bed and slug formation [14], [15], [16], [17].

This project investigates various challenges which occur when converting waste to fuel as
feedstock and utilizing such feedstock for energy recovery in a BFB gasification reactor.
Feedstocks are prepared in the form of pellets by pelletizing the solid wastes. The syngas
production potential for different feedstocks is tested in a 20 kW BFB gasification reactor at
USN. The reactor performance based on carbon conversion efficiency and product gas yield
at different operating conditions with various feedstocks are evaluated. In addition,
Computational Particle Fluid Dynamic (CPFD) models are developed to study waste
gasification. The CPFD models are used to investigate the thermal and hydrodynamics
behaviour of the reactor and obtain the operational parameter suitable to run the gasifier in
an optimal condition.
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1.2 Research objectives

While using waste as feed to the biomass gasification reactor, the major challenge is utilizing
various types of solid wastes and their mixture as a fuel to the reactor and operate the
reactor efficiently to produce a high-quality product gas. The major objectives of this work are
outlined as follows:

A. Feedstock preparation and characterization of waste feedstocks and bed material for
utilization in a bubbling fluidized bed gasifier.

B. Gasification of wastes feedstock in a bubbling fluidized bed gasification reactor.

C. To provide optimal parameters for efficient operation of the bubbling fluidized bed
gasifier based on computational studies and experiments.

Article
" 7

Feedstock
Preparation and
Characterization

Waste as feed to the Gasification
biomass gasification experiments with

Article

Article Cold bed
1287

4,5 4 experiments
p ~EEEr waste feedstocks

Optimal operating conditions
(CPFD simulations &
Experiments)

- Article
o134,
568

Figure 1: Summary of the thesis task.

Rajan Jaiswal 3 Waste as feed to a biomass gasification reactor



1.3 Research scope

This project investigates various challenges associated with the gasification of solid wastes
and thus, directly contribute to increase the knowledge within the field of solid waste
management using gasification. Utilization of solid waste from different sources via
gasification, will not only contribute to preserve the environmental components but will also
contribute to meet the increasing energy needs in the world. Thus, this project will be highly
relevant for policy makers, industries and researchers interested in developing innovative
technology that helps to solve environmental problems and at the same time generate
revenue.

To obtain the main objective, the project has focused on the following broad areas.

e Preparation and pelletization of the solid waste feedstocks.

e Characterization of the feed properties through analytical methods.

e Bed material preparation and characterization.

e Experiments on the cold bed rig to evaluate optimal operating conditions and fluid
dynamic behaviour of the reactor.

o Gasification experiments on a 20 kW bubbling fluidized bed reactors with various waste
feedstocks at different operating conditions.

e Analysis of product gas produced from the gasification of several types of solid waste.

o Develop a 3D computational particle fluid dynamic model in Barracuda VR based on
the experimental data obtained from the cold bed and gasification experiments.

e Investigate different parameters that influence the product gas quality and reactor
efficiency using the CPFD model and experimental tests.

¢ Find optimal operating parameters for efficient operation of the gasifier with high quality
product gas vyield.

1.4 Research limitation

While trying to achieve the overall goals, this research remains constrained to a specific
number of investigations. The subsequent list underscores the limitation of this thesis due to
the time constraints and challenges associated with the experimental setup.

¢ Only sand particles have been used as the bed material in the gasification reactor.

e The experimental measurements are based on air as the fluidizing and gasifying agent.

o A relatively small bed diameter, 10 cm is used in this work, thus necessitating further
investigation into the scaling up of the results obtained.

e Tar measurement and entrainments of the particles, which also give indication about
the gasification quality, are not obtained.
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1.5 Overall Thesis Layout

The thesis consists of 7 chapters and an annexure containing eight papers, either published
or submitted. Chapter 1 provides an overview of the research background, research
objectives, scope, and limitations. Chapter 2 contains literature review of global waste
scenario, waste-to-energy conversion via different waste-to-energy technologies particularly
thermal treatment methods. In addition, Chapter 2 provides literature review of densification
of the solid wastes and the bubbling fluidized bed reactor for conversion of the solid wastes
into valuable product. Chapter 3 presents the description of the experimental set up of the
cold fluidized bed reactors, a 20 kW gasifier, the pellet machine, analytical methods for the
characterization of the particles and different mathematical model implemented in this study.
Chapter 4 discuss the CPFD model development including the information on grid
configuration, boundary conditions, particle modelling parameters, drag model, governing
equations, and chemical kinetics. The results and summary of the articles are briefly
discussed in Chapter 5. Chapter 6 discuss the main finding of the results and highlight the
contribution of the thesis. Chapter 7 summarizes the research project with conclusions and
outlines future work. The Annexure compiles published, accepted, and submitted scientific
articles.

Rajan Jaiswal 5 Waste as feed to a biomass gasification reactor



2 Literature Review

2.1 Global waste scenario and waste to energy potential

The world rapid industrial revolution and economic growth have been built upon the
premises: take, make, and dispose. Therefore, global waste management faces challenges
with unprecedented waste generation which is estimated to increase by approximately 70 %
(3.4 billion tonnes) by 2050 compared to 2.01 billion tonnes produced in the year 2016 [2]. Of
the waste produced in 2016, 40 % is not managed in an environmentally safe manner [2]. On
a daily basis, the average person produces approximately 0.74 kilograms of waste, ranging
from as little as 0.11 kilograms to as much as 4.54 kilograms, depending on the socio-
economic factor and population density [2]. For instance, China comprises approximately 18
% of the world's population and is the largest contributor to global municipal solid wastes
(MSW), making up more than 15% of the total waste generated [18]. Nevertheless, when
evaluating waste generation per capita, the rankings undergo a significant shift, with a
different country emerging as the top producer. When considering the amount of waste per
capita, USA, Canada, and Australia are on the top list. Although representing only 16 percent
of the world population, high-income countries are responsible for generating a significant
portion of the world waste, accounting for approximately 34 percent, which equates to 683
million tonnes [2]. Projections indicate that daily per capita will significantly influence waste
generation. The regional waste generation and per-person waste generation globally in 2016
and the forecast for up to 2050 are depicted in Figure 2.

Regional waste generation, tonnes m 2016 M 2030 forecast WM 2050 forecast

~America Middle East &

north Africa
516 i
269
v South Asia
Sub-Saharan
Africa

Waste generation per | | ]
person, 2016, kg 0 150 300 450 600 750 No data

East Asia &
the Pacific

Latin America &
the Caribbean

Figure 2:Waste generation trend globally and projection [19] .
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The waste generation forecast illustrates that high-income countries are expected to increase
waste production by 19 percent by 2050 [2]. In contrast, low- and middle-income countries
are anticipated to experience a significant increase, approximately exceeding 40 percent, as
their living standard and income grow [2]. These trends highlight the urgent need for adopting
global waste management methods that are environmentally friendly and sustainable.
However, the World Bank estimated that 33 percent of wastes are openly disposed, and 25
percent are deposited in landfills (shown in Figure 3 b) [2]. Such large amounts of
unmanaged waste dumping caused serious environmental, social, and human health
problems [9]. It was estimated that 18 % of global methane emissions was from unmanaged
wastes [20]. In addition, the world is facing surge in energy demand at an unprecedented
rate. However, the primary energy source is still fossil fuel, accounting for about 83 % of the
energy used globally [5]. The depletion of fossil fuel reserves and rate of release of
greenhouse gas by using fossil fuel consumption has proven that we need to shift to
alternative sustainable energy sources urgently. In this regard, utilizing unprecedented
amounts of waste to extract energy can solve two significant global challenges: waste
management problems and supply of clean energy demand. The municipal solid wastes
consist of 44% food wastes, 17 % paper and carboard wastes, 19 % garden and wood
residue and others as shown in Figure 3 (a). Each waste type has significant energy potential
depending on the types of technology employed for the energy recovery.

5%
1%

A

25%

33%

Composting W Sanitary landfill (with landfill gas cellection)
Food and green Other M Rubber and leather Incineration Open dump
Glass M Paper and cardboard Wood M Conirolled Landfill Other

m Metal Plastic Landfill (unspecified] g Recycling

(a) (b)

Figure 3: (a) Global waste generation source, (b) different waste treatment methods [2].

Several studies have demonstrated the potential of extracting energy from the waste. The
International Renewable Energy Agency has provided an estimate indicating that the global
potential for energy generation from the Waste-to-Energy (WTE) sector alone is
approximately 13 gigawatts. USA produced 14.5 MWh of electricity from 84 WTE plants in
2012 [21]. Similarly, China developed 28 circulating fluidized bed plants to produce
electricity, which process 800 tonnes/d of food waste with high moisture and low calorific
value [22]. Likewise, Xiaoxuan et al. conducted an economic feasibility analysis regarding the
conversion of municipal, agricultural, and industrial waste. Their findings indicated that

Rajan Jaiswal 7 Waste as feed to a biomass gasification reactor



utilizing agricultural solid waste and food waste through anaerobic digestion systems could
substitute for 61.46% of natural gas and 38.54% of coal consumption in the UK. Moreover,
the study highlighted that harnessing methane from landfill sites containing municipal solid
waste in Delhi could provide electricity to 8-18 million households and generate 7140
gigawatt-hours of power with a projected potential to produce 31,346 and 77,748 gigawatt-
hours by the years 2030 and 2060, respectively [23]. Atul and colleagues conducted a
comprehensive review of 100 published articles from 2010 to 2017, focusing on Waste-to-
Energy (WTE) technology employed for waste management across various countries. Their
findings strongly endorse WTE as a promising technological solution for energy recovery with
minimal environmental repercussions. The study also includes a summarized cost analysis of
various WTE technologies, presented in Table 1. The author underscores that WTE
technologies exhibit efficiency and cost-effectiveness, establishing them as a viable method
for efficiently managing waste [24].

Table 1: Comparison of the cost for WTE technologies [24].

WTE technologies Capital cost Capital cost
(US$/tonne of MSW/year) (US$/tonne of MSW/year)
Incineration 400-700 40-70
Pyrolysis 400-700 50-80
Gasification 250-850 45-85
Anaerobic digestion 50-350 5-35
Landfilling with gas recovery 10-30 1-3

It is important to note that the choice between different WTE technologies depends on the
specific goals of waste treatment, resource recovery, and energy generation, which depends
on the characteristics of the waste feedstock, the available resources, and the cost of plant
as well as the social acceptability. Each WTE technology has advantages and limitations,
and the selection should be based on a thorough assessment of the given waste scenario.

2.2 Waste to energy conversion technologies

The waste to energy conversion technologies offers sustainable and environmental friendly
approach to handle solid waste while generating valuable resources. Waste can be
converted to energy through thermochemical conversion routes or biological conversion
routes. Alternatively, the waste can be landfill by following sanitary disposal methods. The
thermochemical conversion routes include pyrolysis, gasification and combustion and the
biological conversion routes consists of composting and anaerobic digestion. Figure 4
depicts a graphical overview of waste to energy recovery processes, along with different
types of fuel and energy sources that can be derived from the municipal wastes.
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Figure 4:Different WTE technologies applied for the treatment of MSW [24].

2.2.1 Landfills

Sanitary landfilling is defined as the controlled disposal of wastes on land to reduce the
negative impact on the environment through biogas recovery and leachate management (as
shown in Figure 5). However, unsanitary landfilling offers a simpler and affordable solution
for disposal of the increasing waste quantity and is the most common practice in developing
countries, that poses a serious threat to the environment [25]. Previous studies showed that
landfilling causes the highest environmental impact compared to other waste management
options[26], [27]. It has been reported that in most of the cities of developing countries, the
waste is disposed on low lying areas located at the outskirts of the city [28], [29]. When the
factors such as environmental impact, health impact, land degradation, and groundwater
contamination are considered, landfilling becomes the worst option. Developed countries
have started to discourage landfilling of wastes through strict regulations, waste reduction
and recycling. The landfill leachate (a dark effluent of unusually variable composition with
recalcitrant compounds) is a major polluting substance released from landfills or dumpsites
that pollutes the nearby surface water courses and groundwater aquifers [30]. According to
European commission, only 10-15% of the total waste generated should go for landfilling

and it should be the last option [31].
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2.2.2 Biological treatment

Another waste to energy conversion route is anaerobic digestion, which includes biological
treatment of the wastes. Anaerobic digestion, also known as biomethanation, is a microbial
process that degrades organic biodegradable matter without oxygen, leading to the
production of biogas. The quality of the generated biogas depends on various process
parameters and substrate composition, typically comprising of 50—75% methane (CHa), 25—
50% carbon dioxide (CO_), and 1-15% of other gases, such as water vapor, ammonia (NHs),
and hydrogen sulphide (H.S) [33]. This biogas can serve as an energy source. Anaerobic
digestion has the additional benefit of converting organic waste into valuable resources. The
resulting slurry or sludge can be utilized as a soil conditioner or organic amendment in
agriculture. The quality of solid products obtained from anaerobic digestion depends on the
feedstock quality, including proteins, minerals, and vitamin content [34], [35]. The anaerobic
digestion process involves multiple stages, including hydrolysis, fermentation, and
methanogenesis, where complex organic compounds are broken down into methane. The
process can be categorized as "wet" or "dry," depending on the moisture content of the input
materials. Anaerobic digestion has the potential to produce significantly more methane from
municipal solid waste (MSW) in a short period compared to landfilling. It can also generate
electricity but requires a relatively long duration for microbial reactions. Co-digestion with
low-nitrogen waste materials is suggested to address issues like high ammonia
concentrations.

Furthermore, the quality of biogas can be enhanced by removing carbon dioxide and other
trace gases, making it suitable as a transportation fuel called biomethane. Anaerobic
digestion is increasingly used for energy recovery from MSW, particularly in regions with
high-moisture waste, demonstrating its economic and environmental sustainability. However,
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unlike thermal treatment methods, anaerobic digestion has limitations when handling a wide
variety of hazardous wastes. In addition, the biological conversion methods are slow and
thus have reduced energy output yield (in the form of electricity and heat) and waste volume
reduction as compared to the thermal waste treatment method [36], [37].

2.2.3 Thermal treatment

Thermal treatment in WTE technologies refers to the process by which solid waste is
decomposed thermochemically into product gas (called as syngas), char, and heat energy.
Thermal degradation methods have been used for a long time for extraction of energy from
commercial feedstock such as wood pellets [38], [39]. Similarly, applying thermal methods to
convert solid wastes into energy not only preserves the landfill space but also facilitates to
manage the wastes by producing valuable products [40], [41]. Thermal conversion of solid
waste typically follows three conversion routes: combustion/incineration, pyrolysis, and
gasification. Depending on the temperature and the oxidizing medium employed, the thermal
treatment of solid wastes can be combustion, pyrolysis, or gasification. When excess air is
supplied during the conversion of solid wastes at high temperatures, the process is called
combustion. The combustion is an exothermic process that releases a significant amount of
heat energy that can be utilized for power generation or heat sources. Therefore, the main
product of combustion is heating energy, and the byproducts are CO,, steam, and ash.
Initially, combustion was used to reduce waste, leading to environmental pollution. However,
with improvement in combustion technology, several modern incineration plants with gas
cleaning systems are developed. These plants give a more efficient conversion of waste into
heat energy and cause less environmental harm [42]. Similarly, another thermal conversion
method that can be utilized for the waste management is pyrolysis. Unlike combustion, the
pyrolysis process converts solid waste into non-condensable gases, liquid, and solid carbon
at a relatively lower temperature and in the absence of oxidizing medium. Owing to the
endothermic nature of the pyrolysis process, a constant supply of thermal energy is required
to break the large hydrocarbon molecules of solid wastes into smaller hydrocarbon
molecules. Depending on the feed rate of solid wastes, the heating rate and the types of
reactors, the pyrolysis process can be slow pyrolysis or fast pyrolysis. Fast pyrolysis
produces mainly liquid bio-oil while solid pyrolysis produces solid char and gaseous
products. Considering the diversity of the waste feedstocks, the pyrolysis process can be
useful for waste management which has been demonstrated in several studies [43], [44].
Due to the low calorific value of product gas with large amount of CO, release during
combustion of waste feedstock, the combustion process is less attractive economically and
environmentally as a waste to energy technology choice. Similarly, the pyrolysis process
demands significant amount input energy which again increases the operational cost.
Alternatively, the gasification technology can be employed for effective handling of waste
feedstocks which is economically beneficial and environmentally friendly compared to the
other two conversion routes combustion and pyrolysis [45], [46]. In the gasification process,
the solid wastes are partially oxidized with limited supply of oxidizing gas (air, steam, oxygen,
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or their mixture) thereby preventing combustion. Therefore, during the gasification process
the complex carbonaceous solid molecular structure breaks down and packs energy into
chemical bonds in the gaseous molecules. The product gas from the gasification contains
mainly a mixture of CO, Hz, CHa4, CO>, H20, and some higher hydrocarbons. Gasification of
solid wastes has several potential benefits over combustion and pyrolysis specifically in
terms of operating conditions and various reactor types suited for specific purposes.
Gasification reactors are basically fixed bed, fluidized bed and entrained flow reactors as
shown in Figure 6.

Fixed bed gasifiers are described as reactors where biomass is introduced from the upper
section, enabling clear distinction of gasification stages. These reactors function as single
columns and typically employ air for gasification, with partial combustion of char particles
generating the necessary heat. They are classified into downdraft and updraft gasifiers
based on the direction of airflow in relation to biomass flow. Updraft gasifiers exhibit higher
tar content (10-20 wt.%) and operate within a temperature range of 750-1000°C, while
downdraft gasifiers, running at higher temperatures (1200-1400°C), experience reduced tar
content due to enhanced heavy hydrocarbon cracking [47], [48]. However, downdraft
gasifiers tend to have higher ash content and require low-moisture feedstock, limiting the
range of usable biomass types. In contrast, fluidized bed gasifiers employ inert bed material
in a fluidized state to facilitate heat transfer and fuel-particle distribution (mixing). Various
designs, such as bubbling fluidized bed (BFB), circulating fluidized bed (CFB), and dual
fluidized bed (DFB), offer versatility in terms of biomass introduction and gas velocity [49].
BFB gasifiers, for instance, allow biomass to be fed from the top or the side of the bed, with a
higher gas velocity to minimize particle elutriation effects and accommodate different particle
sizes. On the other hand, the CFB gasifiers demand higher gas velocity, and smaller particle
size. The dual fluidized bed configuration, comprising interconnected BFB and CFB columns,
enhances gas quality and is suitable for highly endothermic steam gasification. Alternatively,
entrained flow gasifiers are highly efficient and operate at high temperatures exceeding
1200°C, yielding minimal tar compared to other gasification technologies. They are often
used in coal gasification but face challenges when processing biomass due to the need for
feedstock pulverization. Gasification processes are categorized based on multiple factors,
including the internal flow of biomass, the choice of gasifying agents (air, oxygen, steam, or a
combination), and whether the process is auto-thermal or allothermal. Initial stages involve
drying and pyrolysis, followed by combustion and gasification reactions, with the degree of
gasification significantly impacting the gas quality. The reactor type, gasifying agent, biomass
properties, temperature, residence time, and catalysts all influence on the gas composition
[47], [50], [51], [52], [53]. The choice of gasification reactor depends on the intended use of
the product gas. For example, updraft fixed bed designs are suitable for small-scale
applications, while downdraft systems are preferred for medium-scale internal combustion
engines and boilers. Fluidized bed reactors offer uniform conditions and scalability, with
options like bubbling and circulating fluidized beds. The dual reactor circulating fluidized bed
configuration enhances gas quality, allows for carbon-to-hydrogen ratio adjustment, and is
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suitable for endothermic steam gasification. Entrained flow reactors are highly efficient but
require fine particle sizes, making them traditionally suitable for coal gasification. This
compilation provides a comprehensive understanding of gasification technologies,
emphasizing their suitability for different biomass types and end-use applications.
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2.3 Densification of wastes to fuel for higher combustion
efficiency

The carbon containing waste provides immense potential for energy extraction via different
WTE technologies. However, the raw waste feedstock typically exhibits characteristics such
as low density, high moisture content, large physical dimensions, and relatively low energy
density [55].The wastes in original form are difficult to handle, transport, store and utilize.
Therefore, the pre-treatment of wastes is necessary for efficient management and utilization
in a WTE technology. The pre-processing or pre-treatment of the waste includes converting
the waste into correct shape, size, moisture content and density via different processes.
Mainly, the pre-processing methods includes size reduction, torrefaction, steam explosion,
hydrothermal carbonization, and biological treatment. Several studies have demonstrated
improvement in the properties such as total surface area, grindability, reactivity, and the
binding characteristics of the raw wastes after pretreatment [12], [55], [56], [57]. Densification
of the wastes becomes easier after pre-processing thus can be converted as needed
feedstock for their utilization in different WTE technology. Common techniques for densifying
waste into fuel include briquetting, bailing, pelletization, and extrusion [58]. The choice of
technique depends on the waste composition, moisture content, and intended end use. In
this work, the pelletization method is used for the densification of various waste feedstocks
therefore only the pelletization method is discussed here.

Pelletization is the most common method for densification of solid fuels and has been widely
used by the wood pellet industry. In recent years, several studies have shown increasing
interest in densification as a technique to convert residues into an energy source [59], [60],
[61], [62]. Pelletization of biomass/waste involves mass and energy densification for
materials with low bulk densities, raising the initial bulk density from 40-200 kg/m? to a final
range of 600-800 kg/m?[63]. The waste in the form of pellets enhances the transportation
and storage of the feedstock and facilitates better handling and flowability of waste during
feeding in the reactor, while reducing dust formation [64], [65]. The pellets are produced in a
pelletizer which consists of the main parts, roller and die with cylindrical press channels as
illustrated in Figure 7 (b). The die is either ring shaped or a flat plate. During the pelletization
process the roller which is in the close proximity to the die (with minimum gap between roller
and die) moves continuously. The raw biomass/waste particles are thus squeezed into the
die press channel each time the roller rotates over the channel forming a layered structure of
the pellet as shown in Figure 7b (figure in the left). The raw biomass on the die can be
categorized into different components. As the raw feed is squeezed into the steel die
channel, friction force is produced due to the fixed inner steel surface of the die channel
resulting in the pressure build up. Therefore, the pressure exerted by the roller must
overcome the backward pressure exerted by the raw particles for stable pellet production
during pelletization.
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Figure 7. (a) Processes during the pelletization of the raw waste feedstock, (b) different components involved in
the pelletization process [66], [67].

Studies have indicated that length to diameter ratio of the press channel, plays a significant
role in determining the level of pressure produced within the press channel [68], [69]. The
pellets produced must be of a certain standard for commercial purposes or must meet the
requirements for waste-to-energy technology feed quality. The quality of pellets depends on
the properties of the feedstock, including biomass type, moisture content, and size of the
particles [70]. For a given feedstock, the quality of the pellets also depends on the
pelletization process which includes operational conditions, pelletizer type, and binding
agents [59], [69], [71]. The pelletization process is accompanied by the pre-processing of the
raw wastes prior to the pelletization which includes shredding, drying, and milling. Schematic
representation of the processes involved in pelletization of the raw waste feedstock is
illustrated in Figure 7 (a). The pellet market has experienced growth in recent years for
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various raw materials [72], [73], [74], [75]. The quality of pellets is determined by the specific
requirements of the end-users, considering the heating system and handling characteristics.
As a result, comprehending the physical and chemical properties of the wastes is crucial for
efficient utilization of in a WTE technology that follows thermal conversion routes. For
instance, physical properties like density impact the heating rate and thermal efficiency of the
particles. On the other hand, chemical properties, such as the ultimate analysis, proximate
analysis, and calorific value govern the combustion process.

2.4 Gasification of wastes in a bubbling fluidized bed
gasifier

Gasification in a bubbling fluidized bed takes place in the temperature range of 600°C -1000
°C where the particle bed acts as a thermal flywheel and provides the required heat for
conversion. Gas is forced at a sufficient velocity through the particle bed The particle bed
(typically sand, limestone, olivine etc.) to transform the static bed into a fluid like state where
the particles move and circulate continuously. Therefore, the quality of fluidization
significantly depends on the superficial gas velocity, reactor geometry and bed particles. As
the gas flows through the particle bed, it exerts frictional forces or drag on the particles. The
superficial gas velocity at which the drag force counterbalances the weight of the particles,
and the static bed starts to fluidize is called the minimum fluidization velocity (Uy,,f). The

minimum fluidization velocity is an important parameter in the process optimization of any
fluidized bed systems and has been subject to several studies [76], [77]. The minimum
fluidized velocity can be estimated from the following simplified Ergun equation (2. 1) [78],
[79]. With further increase in gas velocity beyond minimum fluidization velocity, the bed
transit into the bubbling regime with appearance of bubbles in the bed. The bubbling fluidized
bed can be characterized as the formation of distinct gas bubbles, frequent movement and
interchange of particles and good mixing of gas-solid particles within the bed. The bubbles
formed in the bed facilitates excellent mixing and heat transfer, making BFB suitable for
various applications such as combustion, gasification, drying and chemical reactions.
Particularly, in the gasification process where solid-gas interactions are the primary driving
factor, the bubbles formed in the bed offer good contact between the solid-gas particles,
ensuring efficient heat and mass transfer. Therefore, the study of bubble proprieties and its
influence on the hydrodynamic behaviour in the fluidized bed has been subject of wide
research [17], [80], [81]. The bubble properties including bubble diameter, rise velocity and
frequency can be predicted from different correlation as listed in equations 2.2-2.7 [79], [82],
[83], [84]:

dz _ 83 2
Ups = 5(op pg)g* mf%p (2.1)
15044 1-&ms
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Where, py,, pg: g, Ems, @p are the particle density, gas density, gas viscosity, void,

particle sphericity respectively.

dy = 0.652[A(Ug = Upey)1°* = (0.652[A(Ug = Upeys)]”" = dyom ) exp (=0.32)

Ub = Umf+Ug

dpom = 0.00376(Uy — Uy )

up = 12.51¢p Uy — Upyp)*362dp>?
up = (Up — Uny) + 0.711,/(gd)

1.48
fo=052(2) " +mupdy)?

(2.2)

(2.3)

(2.4)

(2.5)

(2.6)

2.7)

Here, Uy, r, Uy dp, g are minimum fluidization velocity, superficial gas velocity, bubble diameter
and acceleration due to gravity, respectively. ¢, = 0.337 is the model coefficient for the test
particles, m = 0.05 and n = —4.379 within the bubble regime are dimensionless model
coefficient and model parameter.

dp, h, D are in [cm] and Uy, Up,f are in [cm/s]. A is cross sectional area of the bed and d ¢y, is
the initial bubble size near to the distributor, u, is the bubble rise velocity, and f;, is the bubble

frequency.
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In the gasification process, the solid wastes are partially oxidized with limited amount of
oxygen or steam that prevents combustion. The conversion of solid waste to product gases
in a gasification process occurs in complex thermochemical routes. The first step is drying
and devolatilization. The solid fuels are converted into volatile gases, char, and tar after
pyrolysis. The char then is gasified with gasifying agent (air and steam) through reduction
and partial oxidation reaction routes. The process can be autothermal or allothermal,
depending on the gasifying agent and the type of reactors. When using air as a gasifying
medium, the gasification process can be driven auto-thermally which again depends on the
fuel to air ratio. The heat required for the chemical conversion of the fuel is supplied by the
partial oxidation reactions. Contrary, the exothermic reactions are absent when steam is
used as the gasifying agent, and thus an external heat source is needed. The advantages of
using steam as a gasifying medium is that it produces a synthesis gas with a higher heating
value (8-18MJ/m?3N). With air as gasifying, the caloric value of synthesis gas is comparatively
lower and are in the range of 4-7MJ/m? N [49], [85]. The advantage of using air as fluidizing
gas is that it is cheaper, and some gas turbines available in the market enable to use lower
calorific value syngas gas to produce electricity.

The composition of product gas post gasification depends on the biomass constituent
element and the gasifying agent. Biomass molecules may contain traces of nitrogen and
sulfur in addition to large percentage of carbon, hydrogen, and oxygen. Neglecting the
nitrogen and sulfur constituents, a unit of biomass can be represented as CyHy,0,, where X,
Y and Z are the mole fractions of carbon, hydrogen, and oxygen, respectively in the
molecule. Assuming a one-step process, biomass conversion into gaseous product under a
limited supply of air (0, + 3.76N,) can be globally expressed as:

CxHyOz; + y(0, + 3.76N,) - nyCO + n,C0, + n3CH, + nyH,0 + ngH, + ngN, (2.8)

where y = (%) AFR and n;; i = {1,2,..,6}, is the number of moles of each gas species

air
contained in the product gas. M,;, and M,;, are molecular weights of biomass and air,
respectively.

The expression above implies that for a constant value of AFR (air-fuel ratio) defined as the
ratio of mass flowrate of air to mass flowrate of biomass, the composition and distribution of
gases in the product is the same, suggesting maximum conversion and stable product.
However, in practice, this might not be the case owing to the competitive side reactions
among the reacting species. Other factors that may also influence on the product
composition include contact/residence time between the fuel particles and gasifying gas,
temperature as well as mass distribution within the reactor. The degree at which these
factors influence the gasification varies with different reactor design and operating conditions.
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Biomass conversion is kinetic limited; therefore, to enhance gas diffusion, promote higher
heat transfer and increase contact area, the size of biomass fed into the reactor should be
rather low (< 50 mm). Below a certain temperature (< 200 °C), only the drying process is
possible where the moisture content evaporates, leaving behind dry solid fuel. At a higher
temperature up to 500°C, the dry particles undergo devolatilization or pyrolysis where it is
decomposed into char, tar and light gases as illustrated in Figure 9. The light gases consist
of mainly CO, CO,, CH4, H2 and H,O. Composition of the pyrolysis product including the
drying process also depends on the residence time and temperature where the rate
constants, k [1/s] can be modelled in the Arrhenius form, equation 2.9:

k = Aexp (— %) (2.9)

Values of the frequency factor, A [1/s] and the activation energy, E [J/mol] for each step can
be obtained as described in Chan et al. [86]. In the presence of a gasifying agent, e.g.,
limited amount of air, the combustible gases (CO, CHa4, Hz) and char (rich in carbon) undergo
partial oxidation, releasing heat energy while reducing the chemical energy content of the
pyrolyzed biomass. Moreover, with the limited supply of oxygen, some amount of tar will
remain unconverted in the product gas. Possible reactions during the biomass gasification
with air, which are also implemented in the computational model are as listed in the Table 2.
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Figure 9. Illustration of steps involved in biomass gasification [87].
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Table 2: Basic reactions involved in gasification [88].

Heterogenous reactions Enthalpy

Char partial combustion —111kJ/mol
2C+ 02+ 2CO

CO2 gasification +172kJ /mol
C+C0O2 < 2CO

Char partial combustion +131kJ/mol
C + H20 < H2+CO

Homogeneous reactions Enthalpy

CO oxidation —2844kj] /mol
CO +0.502 +» CO2

H2 oxidation —242k] /mol
Hz + 0.502 < H20

CHs oxidation —242k] /mol
CHa + 202 «» CO2 + 2H20

Water gas shift reaction —41.2kJ /mol
CO + H20 «» CO2 + H2

Methane reforming +206k] /mol

CHs4 + H2O «» CO + 3H2

2.5 CFD simulations

Experimental studies are often time consuming and expensive. Owing to the opaque nature
of the gasifier and high temperature operating environment, measurement of the certain
parameters experimentally can be challenging. In this regard, computational fluid dynamic
models can be employed to predict the gasifier thermochemical behaviour at different
operating conditions provided that the CPFD model is validated properly.

There are mainly two types of CPFD approaches used to study fluid dynamics of the fluidized
bed: the Eulerian-Eulerian method and the Eulerian-Lagrangian method [89], [90]. In the
Eulerian-Eulerian approach, one particle phase is considered, where only two interacting
phases exist, the particle phase and the gas phase. The Eulerian-Eulerian approach is also
called as Two-Fluid Model (TFM). The major drawback of the TFM method is that it accounts
for the particles with the same density, diameter and coefficient of restitution which often
results in inaccurate prediction of the bed properties [91], [92]. The Eulerian- Lagrangian
approach, also known as a discrete element model (DEM), is more reliable and predicts fluid
dynamics better than TFM [93]. Individual particles are tracked with the DEM method, and
particle-particle collision is considered, unlike in the TFM model. Therefore, DEM requires
enormous computing power to simulate fluidized bed reactors [92]. Another Eulerian-
Lagrangian approach, which is known as Computational Particle Fluid Dynamics (CPFD),
uses Multiphase-particle in cell (MP-PIC). This approach has gained popularity in recent
days due to its capacity to simulate industrial fluidized bed reactors [94], [95]. In the MP-PIC
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approach, particles with similar attributes, such as density, volume, etc., are grouped to form
a parcel accounted as a computational particle. In this way, the number of computational
particles is reduced in the simulations, which reduces the computational time. In this work,
the MP-PIC simulations using a commercial software Barracuda Virtual Reactor is used to
investigate the optimal operating conditions of the BFB gasifier.

3 Material and methods

This section provides descriptions of three cold bed experimental set up, a 20-kW gasifier,
pellet machine, materials used, feedstock characterization, and the mathematical model
implemented in this study.

3.1 Feedstock preparation, pelletization and characterization of the
feedstock

In this section, the experimental methodology employed for pellet production using a
laboratory-scale pellet machine is discussed, along with an examination of the pellets
properties.

3.1.1 Feedstock preparation and pelletization

The materials employed in this study consist of wastes from diverse sources, including
agricultural, industrial, and municipal sources. Nine different feedstocks were utilized,
including grass, wood, garden residue, fish wastes, barley straw, paper/cardboard, coffee
grounds, sawdust, and bark. These feedstocks were utilized in the pellet form for the
gasification experiments except wood chips and are categorized into three groups as listed
below:

1. Commercial pellets.

Pellets from homogenous raw materials prepared at the industrial lab facilities.

3. Pellets from a mixture of wastes (co-pelletization) prepared at the university
laboratory.

N

The first group of feedstocks for the gasification experiments were commercial pellets such
as wood and grass pellets. Initially, commercial pellets were utilized to assess the feasibility
of waste gasification in a bubbling fluidized bed gasifier and to determine optimal operating
parameters for enhanced gasification efficiency. The second group involved lower-grade
feedstock such as wood chips, garden waste, paper/cardboard, and fish waste. These
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feedstocks were pelletized at industrial (SCANSHIP and SINTEF) pelletization facilities. The
quality of the produced gas under various gasifier operating conditions was measured and
analyzed. Characterization of the pellets were carried out at the USN, laboratory and also the
samples were sent to the certified Norwegian-based laboratory EUROFINS for analysis.

In the third group, food and agricultural waste feedstocks were pelletized and co-pelletized
under varied operating conditions to achieve pellets with improved physical properties and
combustion characteristics. Coffee wastes were collected from the university canteen (USN,
Porsgrunn), barley straw from the farm, and sawdust from the wood processing industry.
Pre-processing of the raw feedstock was conducted to achieve smaller sizes and suitable
moisture content for pelletization. Due to the limited binding properties of coffee grounds, co-
pelletization with a mixture of sawdust, straw, and barley was performed. The co-pelletization
of the mixture wastes strengthened the pellet mechanical strength and enhanced the
combustion properties.

A lab-scale pellet mill, KAHL pelleting press 14-175, was used for the pelletization which
resembles the industrial pelletization. The pellet press consists of a pan grinder roller, die
with effective bores of diameter 6 mm, silo for the feed inlet, breaking off device (cutter),
frequency converter and temperature sensor. The schematic representation of the pelletizer
and various components are illustrated in Figure 10. During the pelletization, the raw
biomass/wastes were added vertically from the above inlet funnel into the interior which
formed a product layer on the die that was rolled over continuously by the pan grinder rollers.
Consequently, the product was pre-compacted and pressed into the effective bores of the die
which further compacted resulting in a cylindrical strand (pellets) below the die. A breaking-
off device below the die broke the solidified strand into the desired length and the pellets
were transported to the discharge device. For a given feedstock, the quality of the pellet was
determined by adjusting the operating parameters such as the aspect ratio, the rotation
speed of the main shaft (roller speed), the distance between the roller and die, the die
temperature and the cutter distance below the die. The influence of these parameters on the
physical characteristics of the pellets are discussed in the result and discussion section. The
properties of pelletized feedstocks were characterized and are available in the corresponding
articles.
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Figure 10: Schematic representation of the pellet machine and different components.

3.1.2 Characterization of the feedstock

In this section, the techniques used to assess the properties of pellets derived from coffee
grounds, barley straw, sawdust, and bark residue are outlined. The evaluation methods
encompass measurements of mechanical and durability strength, moisture and ash content,
calorific value, density, ash melting temperature, and fiber structure.
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3.1.2.1 Mechanical strength and durability test

Prior to the gasification tests, the properties of the pellets were assessed, and only those
with suitable characteristics were chosen for the experiments. Pellet strength is an important
parameter influencing the residence time of the fuel, fines release during transportation, and
the gasification process in a fluidized bed gasifier. The physical properties of pellets are
characterized by their mechanical and durability strength when exposed to harsh conditions.
In this study, the mechanical strength of pellets (straw pellets, coffee pellets, and a mixture of
coffee, sawdust, and bark pellets) was determined by measuring the maximum radial
compressive strength the pellets could endure. A hardness tester (Amandus Kahl, available
at UiA laboratory) was employed for the tensile strength measurement. During the test, the
pellet underwent compression by a tip connected to a spring (as shown in Figure 11). The
spring moved through a piston connected to a motor, and the pellet broke when it reached
the maximum compression strength. The corresponding breaking mass was observed from
the spring gauge value, and the compression strength (T5) of the pellets was then calculated
using Equation 3.1.

= Dsd (3.1)

nrl

where, mg is the mass of the sample pellets, g is acceleration due to gravity, r is the radius of
the pellets, and [ is the length of the pellets.

pellet spring piston motor

i

Figure 11: Schematic representation of the pellet hardness tester [96].

Mechanical strength of the pellets directly influences their durability. The weaker pellets are
more likely to produces fines when subject to collision and frictions. The durability in this
work for each feedstock were measured using an ISO tumbler 1000+ (designed according to
the ISO 17831-1). For the durability test, a known load (approximately 1 kg) of the pellets
was placed in a steel box which rotated 500 times per 10 min. After the test, the pellets were
sieved with a 3.15 mm sieve to extract the fines and the mechanical durability (M;) of the
pellets was computed from equation 3.2.

My ==L 5100 (3.2)

i
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Where, M; is the initial mass of the pellets and My is the mass of the pellets after test.

Similarly, the density of the pellets was computed as:

m

Pp = (3.3)

mr2l

Where, m is the mass of the pellet. The mass of the pellet was measured on a weighing
scale with readability of 0.01 mg, and the radius and length by a vernier caliper with a
precision of 0.01 mm.

3.1.2.2 Moisture content, calorific value, and ash fraction

The moisture and ash content of the pellets were carried out according to EN standard
procedures using the muffle furnaces (available at UiA, Grimstad). The known mass of the
samples was placed in porcelain crucible and dried for 24 h at 105 °C in the muffle furnace.
The moisture fraction was calculated by the difference in the sample weight. Similarly the ash
fraction of the samples was obtained using a programable muffle furnace. The known mass
of the samples with crucible was placed inside the furnace and the temperature of the
furnace was programmed to 450 °C-500 °C for the first hour and again increased to 700 °C-
750 °C for the next hours. After, six hours from the start of the furnace, the crucible were
removed from the furnace and cooled to the room temperature in a glass desiccator. The ash
percent was measured from the retained mass in the crucibles. An oxygen bomb calorimeter
(Model C6000 Adiabatic calorimeter, IKA ®) was used to determine the calorific value of the
sample pellets. All the measurement were carried out in triplets.

3.1.2.3 Ash sintering and melting
The fluidized bed gasifier faces a challenge in maintaining reactor operation free of

agglomerates. Agglomeration in the bed poses a risk of bed defluidization, compromising the
benefits of fluidized bed heat transfer. To prevent the formation of clinker (agglomerates),
understanding the ash melting properties of the fuel before gasification experiments is
crucial. Prior knowledge of these properties allows the selection of optimal reactor operating
conditions, mitigating ash-related challenges during the gasification of waste feedstock in a
fluidized bed reactor. The sample of ash were prepared in the pellet form for analysis of ash
melting behaviour using a heating microscope (available at UiA, Grimstad). The instrument
allowed to observe the physical transformations of the samples under controlled (pre-
programmed) heating conditions. The detailed explanation is mentioned in the result section.
Typically, ash melting occurs over a temperature range where the solid phase coexists with
its liquid phase, providing valuable insights into the agglomeration tendency of the fuel at
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specific temperatures. The characteristic temperatures at which the ash particles (as sample
of the feedstock) were transformed into different stages were automatically captured during
the measurement period. Information extracted from the images defining four characteristic
temperatures with coffee pellets ash samples are illustrated in Table 3.

Table 3: Change in the shadow profile of the ash sample (of the coffee pellet) at different characteristic
temperatures.

Description Initial Spherical Hemispherical The cylindrical
Deformation. appearance. form. Half the test piece has
First sign of First sign of original height. effectively
shrinkage rounding (HT) melted.
(ST) (DT) (FT)

Shadow
profile

3.1.2.4 SEM analysis

The quality of the pellets was assessed by visualizing the surface morphology at the
nanoscale through Scanning Electron Microscopy (SEM). SEM employs a concentrated
electron beam to meticulously scan the sample surface, generating images of high
resolution. Interaction between the electron beam and the sample, coupled with detectors
capturing signals, including secondary electrons, facilitates the creation of detailed images.
Prior to the test, the samples of pellets and raw feedstock were prepared by coating with a
thin layer of conductive material to enhance conductivity and imaging quality. SEM was then
utilized to examine the samples, capturing their topography, fiber texture, and bonding
characteristics at varying resolutions. The outcomes of the SEM analysis are elaborated in
the result section.

3.2 Cold fluidized bed set up with pressure sensors

Efficient thermochemical conversion in a fluidized bed gasifier requires well establish flow
and fluid dynamic behaviour in the bed. The fluid dynamic behaviour of the bubbling fluidized
bed can be characterized by the properties such as minimum fluidization velocity, bubble
dynamics, segregation, and mixing pattern in the bed. These properties are significantly
influenced by the superficial gas velocity, reactor dimensions and bed height. Therefore, it is
necessary to select operational parameter that gives maximum reactor conversion efficiency
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and product yield. However, it is difficult to study the influence of such parameters in the
gasifier owing to their opaque nature and high cost associated with its operation and
modification. The cold flow models are widely used to study the influence of operational
parameters. In this work, three different cold flow models of the fluidized bed reactors were
employed. The three cold fluidized bed models include reactor with distributor plate and
pressure sensors, reactor with ECT sensors and distributor plate, and reactor with pressure
sensors and without distributor plate.

The cold bed set ups equipped with pressure sensors consist of a 3D transparent cold bed
column of height 1.4 m and diameter 0.084 m as depicted in Figure 12 (b-c). A set of
pressure transducers are connected to the pressure tapping points installed along the wall of
the column. The distance between two consecutive pressure points along the column height
is 10 cm. Compressed air at ambient conditions is supplied through an air supply hose fitted
at the plenum below a porous plate distributor or orifice. The flow of air into the column is
controlled by the air control valves attached to the rig. LabVIEW, a data acquisition software,
is used to record the pressure drop along the column height. Initially the reactor is filled with
bed material and fluidized and compressed air is passed through the static bed. As the gas
velocity is increased the static bed transforms into fluid-like state and start to fluidize (called
as minimum fluidization velocity). With the further increase in gas velocity the bed transits
into bubble regime, slugging regime, turbulent or pneumatic conveying, depending on the
gas velocity. The fluid dynamic behaviour of the bed and transition regime of the bed at
different gas velocity can be predicted from the pressure data measured at different heights
[97]. In a bubbling fluidized bed, operating the reactor above the minimum fluidization
velocity typically in a bubbling regime is important. The cold bed model with pressure
sensors consists of two configurations one with distributor plate for the air supply and
another with orifice or side nozzles for air injection. Although a distributor provides uniform air
distribution inside the reactor, it faces operational challenges and additional costs. Therefore,
the gasifier used in this work consists of two side orifices for air injection. To correctly
quantify the fluidization characteristic of the particles, similar configuration was necessary in
addition to the cold model with distribution plate. A new set-up of 10 cm diameter (similar to
the gasifier reactor) with side nozzles as air injection boundary (depicted in Figure 12 d) was
designed and build during this thesis period. The plot of minimum fluidization velocities
based on the pressure data from the two cold model set ups are illustrated in Figure 12 a.
For the same particle and gas velocities, the result shows variation in the minimum
fluidization velocity of the bed varied for each configuration.
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Figure 12: (a) Pressure gradient vs superficial gas velocity plot obtained from the pressure sensor data for two
cold models equipped with pressure sensors, (b) schematic representation of the cold model bed rig, (c)cold bed
set up, (d) cold bed set up with orifice as inlet flow boundary conditions.
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3.3 Cold fluidized bed set up with ECT sensors

Cold BFB reactor equipped with ECT sensors is a cylindrical transparent column of 140 cm
in height and 10.4 cm in internal diameter. The column is fitted with an air distributor at the
bottom and is open to the atmosphere. The air distributor is 3 mm thick and 40% porous with
a flow area of 34 cm? which allows the fluidizing gas to pass through the bed uniformly. The
ECT32 software is used to measure solid volume fraction fluctuation and can display the bed
images in real time. The online images were extracted from the capacitance measurements
using the Linear Back Projection algorithm. The twin-plane ECT sensors applied are located
15.7 and 28.7 cm above the air distributor where each sensor comprises equally spaced 12
electrodes mounted on the outer wall of the column (as shown in Figure 14). The raw data
produced from the ECT sensors were either in the form of a numerical matrix or an image
that covered the entire sensor-measuring area. For proper measurement of solid distribution,
the cross-section of each sensor is divided into 32 x 32 square pixels of which 812 effectively
lie within the bed. Each pixel holds a hormalized relative permittivity value between 0 and 1,
which represents the solid volume fraction. The sensor calibration was performed before the
experiment at both extreme cases, i.e., when the sensor area is filled with the lower-
permittivity material (air) and then with the higher-permittivity material (bed particles). For
each flow velocity, the data were logged for 60 s at a sampling frequency of 100 Hz, resulting
a total of 6000 frames over the sampling period. The bed fluidization characteristics were
assessed through the particle volume fraction measurement, typically, the bubble properties
and transition of bubbling to slugging regime as illustrated in Figure 13.
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Figure 13:(a) Hllustration of minimum fluidization velocity (Umf) and slugging velocity (Unms) of a bed obtained
from fluctuation of solid volume fraction at different gas velocities, (b) Illustration of the emulsion bubble
regions (top) and equivalent bubble region (bottom).
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Figure 15. (a-c) Bubble measured from XY-Plane (horizontal plane) at height 25.8 cm and at superficial gas
velocity 0.25 m/s, (d) three-dimensional view of bubbles in the CFPD simulation domain.

To determine the bubble properties, the initial step was to identify the bubbles at various
positions. The Bubble positions were determined within regions where the solid volume
fraction reached zero. Employing a threshold value for the solid-gas fraction ranging from O
to 0.2 allowed to differentiate the bubbles in the bed from the emulsion phase. This study
utilized a threshold value of < 0.2 (solid volume fraction) to characterize the bubble region.
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To validate the applicability of this gas-solid threshold, a meticulous examination of the
boundary region was conducted, assessing the solid volume fraction of cells at the boundary
between the bubble and the emulsion phases (as depicted in Figure 15b-c). The MATLAB
scripts were used to calculate the bubble properties from the measured solid volume fraction
across the planes and images extracted after post-processing the data. Detailed explanation
of the method employed to identify the bubble properties from the extracted image and data
along the planes are available in Article 5 and Article 6 respectively.

The maximum projected area is considered the same as the cross-sectional area of the
bubble through the center. The bubble diameter based on the ECT data was therefore
obtained as described below.

Db = %Zk( %Amax,k> (3-4)

Here, n is the number of frames over which flow of bubbles are identified and 4,4, =
(Nmax,k/Nesr)Ag) is the maximum projected area across the measurement plane at frame k,
where Np,q, « is the number of pixels occupied by the projected bubble, N.sr = 812 is the
effective number of pixels across the bed and Ap is the bed cross sectional area.

Contrary to Eq. (3.4), the true bubble diameter can be obtained from measurement of the
bubble volume after being identified. In the CPFD model simulation, bubble dimension can
be described in three-dimensional space, thereby providing value for the bubble volume.
Using the solid fraction of 0.2 for the bubble-emulsion phase boundary, Figure 15 (d)
presents a typical three-dimensional view of a bubble formed in the bed. If V, is the volume
of the bubble, the volume-equivalent spherical bubble diameter, D, was be obtained from

D, = 3/% (3.5)

Supposing S, is the projected area at the plane P, the bubble volume is thus.
Vp = [ Spdz (3.6)

Where z,is the height of the bubble. Since an analytical expression of S, is cumbersome, the
volume of bubble was computed as

A
Vb =
ZNeff

Az Z?Z(Nb, i+ Npj-1);
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n, = zp/Az (3.7)

Here, Az is the size of the computational grid along the vertical axis and N, ; is the number of

grids on the horizontal plane occupied by the bubble at the position j. With bubble volume
estimated from Eq. (3.6), the true bubble diameter can then be established from Eq. (3.7).

3.4 Gasification experimental set up

The gasification experimental set up consists of a 20kW bubbling fluidized bed reactor
developed in collaboration with University of South-Eastern Norway and University of Natural
and Life Sciences BOKU, Austria. The reactor is a cylindrical column made of stainless-steel
with 1.5 m in height, 10 cm in diameter and thickness of 4mm. The reactor is operated at an
atmospheric pressure and equipped with a number of thermocouples and pressure sensors
mounted along the reactor heights as shown in Figure 16 (b). Pressure and temperature are
measured along the reactor column, air pre-heater, air inlet, product gas outlet, silo, screw
conveyer and heating coil. Three heating coils are surrounding the reactor wall externally to
supply heat to reactor during the start-up. To prevent heat loss, the outer side of the reactor
is insulated with fiberglass of thickness 200mm. For the fluidizing gas supply, the reactor
consists of two inlets (diameter ~0.83 cm) at the lower section as shown in Figure 16 (b).
The fluidizing gas is heated 300- 400°C before passing into the reactor with an air-preheater.
The cut off temperature of the air-preheater and reactor were set to 600 °C and 1000 °C
respectively. The inlet mass flow rate of fluidizing air was controlled by a BROOK air
flowmeter (3809 series). For the feedstock storage, the reactor is integrated with a silo and
the pellets from the silo are conveyed to the reactor via two screw conveyers one mounted to
the silo (a cold screw conveyer) and another (hot screw conveyer) attached to the reactor as
shown in Figure 16 a. The details of the feeding system design and calibration are discussed
in the Article 2 and Article 8. As shown in Figure 16 a, the two screws are connected with
non-conductive flanges to avoid heat flow to the silo. In addition, nitrogen is continuously
flushed through the silo at a volume flow of 0.6 Liter/minute to prevent heat and product gas
flow to the silo.
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Figure 16:(a) 20 kW gasification reactor set up with different components, (b) schematic representation of the
reactor showing thermocouples and pressure sensors positions.

Initially the reactor was filled with 2-2.5 kg bed material (sand particles) via the bed material
funnel as shown in Figure 16(a). The density of the sand particles was 2650 kg/m?® and the
size of the particles varied in the experiments and details about bed particle size can be
found in the articles. The static bed was fluidizing by the passing the air through the particle
bed and the bed was heated up to 400 °C with the electric heater and the air pre-heater on.
At 400 °C , a small amount of biomass was fed to the reactor to initiate the combustion
process in the excess air environment until the bed temperature reached 650 °C . Once the
reactor temperature reached 650 °C the biomass flow rate was kept constant and the air
supply to the bed was adjusted to start the gasification of feedstock. Depending on the
reactor temperature, the heater was turned on/off to maintain the desired temperature.

The bed pressure and temperature were constantly monitored which was useful in identifying
changes in the hydrodynamic behaviour of the bed, accumulation of char, and clinker
formation. The gas samples were extracted at 10 min intervals and kept for cooling down in
order to let the tar to condense. Precautionary measures were always taken to remove the
gas volume collected inside the sampling pipe during the previous sampling by flushing out
the gas with 200 ml syringe three/ four times before taking the sample. The samples were
analysed in an offline SRI gas chromatography (GC) where CO2 was detected by a silica gel
packed column and Nz, Oz, CH4, and CO by molecular sieve 13X packed column. Helium
was the carrier gas. Therefore, the gas chromatography could not detect hydrogen. The
fraction of H, and H,O was estimated from the developed mathematical model. The accuracy
of calculating the H> composition was validated with several samples using N2 as the carrier
gas. With the known feedstock feed rate, air supply and measured syngas compositions, the
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lower heating value of synthesis gas (LHV), the gas yield (GY), carbon conversion efficiency
(CCE %), cold gas efficiency (CGE %), thermal energy and chemical energy were chosen to
quantify the reactor performance.

Further, calculation of energy value of the product gas requires complete composition of the
gas stream. Hydrogen and water vapor are among the vital species for this evaluation. Since
the gas chromatography used in the analysis provides no information for these two gas
species, an elemental and a mole balance were used in the estimations. Assuming a
molecule of biomass is represented by CyH,0,N,, where the constituent elements are
carbon (C), hydrogen (H), oxygen (O) and nitrogen (N), neglecting the Sulphur content.
Disregarding the entrainment of char and assuming a complete conversion of the biomass
particles supplied during the measurement period, equation (3.8) expresses the
stoichiometry of the reactions.

CxHyOzNy, + 1r(0, + 3.76N;) = n;CO + n,CO, + n;CH, + nyHy, + ngH,0 + ngN, +n,0, (3.8)

(3.9)

Where AFR is the mass flow rate of air to biomass supplied, w,g;, and w,,,;s are the mass
fractions of ash and moisture, respectively in the biomass and M is the molecular mass of
the indicated substance. With n denoting the total number of moles of the gaseous species in
the product and y; the mole fraction of the different species j =

{co,co,,CH,,H,,H,0,N,, 0,}, the elemental balance of equation (3.8) yields:

1 Y
— W+7.528 (311)
ZyNz
Vi, = 2 (3.12)

n

By mole balance, the water vapor yy,, can be estimated from,

Yu,0 =1—co +Yco, + Yeu, + Yu, + Yn, +Yo0,) (3.13)
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Considering that some amount of hydrogen and carbon are left in the tar and char, the mass
fraction of unconverted hydrogen, xpy4rogen @nd carbon, x . pon relative to a unit of biomass

are obtained from equations (3.14) and (3.15), respectively, which are also derived from the
elemental balance of the reaction stoichiometry.

Y
Xhydrogen = %(; - YHZ) (3.14)

Xcarbon = g{X — (yeo + Yco, t yCH4)} (3.15)

The number of atoms, X, Y, Z and W of the biomass constituents in an ash-free condition as
well as the biomass molecular weight are given by equation (3.16), where %w; is the weight
fraction of each constituent element.

_ 1 1 -~
(Mbio = mz {T.OMi(%Wi)}
_ 1 Mpio\ (1 . 3.16
o= 1—wa$h( ; )<100 (%W1)> (3.16)

k:{X,Y,Z,W} i={CHO0N}

4 Computational particles fluid dynamic
simulations (CPFD)

The CPFD model developed in this work employed Barracuda VR (Version 21.1.1).
Barracuda allows to simulate the dynamic and reactive gas-solid flow of the gasification
process within a bubbling fluidized bed reactor. Barracuda VR is a commercial numerical tool
designed explicitly for multiphase flow systems, such as fluidized bed reactors. This tool
enables the simulation of computational particles in order of 10*°. Barracuda adopts a three-
dimensional multiphase particle-in-cell approach to model gas-particle flow, incorporating
detailed considerations of fluid-particle coupling, thermal physics, and reaction chemistry.
Barracuda virtual reactor employs a combined Eulerian and Lagrangian approach to simulate
fluid-particle interactions. Solid particles are modelled using discrete Lagrangian methods,
while Eulerian grid of cells represents the fluid.
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4.1 Governing equations for gas phase and particle motion

The governing equations used for the MP-PIC approach where the gas phase is solved as
the continuum and particle phase as discrete as briefly described in equations 4.1-4.4.
Details of the computational model in Barracuda can be found in [98], [99], [100], [101].

Equations (4.1) and (4.2) outline the mass and momentum of the gas phase, and Equation
(4.3) describes the probability density function f (x, u, pp, Vp, t) for tracking the particle
positions in the flow system.

0(ggpg) .

s+ V. (egpgug) = 8my, (4.1)
0(ggpgug)

et V(egpglglg) = —Vp + F + ggpgg + V(ggTg) (4.2)

where, pg, ug, €5 and T, are the density, velocity, voidage and stress tensor of the gas phase
respectively. The particle tracking function fare conserved as :

2+ V(fu,) + Vu,(fA,) = 0. (4.3)

The probability density function,f(x, up, pp,, Vp, t), describes the particle phase, where x is the
location in space, u, is the particle velocity, p, is the particle density, Vp is the particle volume
and t is the time. The mass source term in Equation 4.1 can be written as:

. d
smy, = —f[f =2 dmjdu,dTp. (4.4)

where, my, is the mass of the particles. The particle acceleration A, is described as:

Up—Up

Ap = Dp(ug —up) — —Vr, + (4.5)

€pPp m

Based on the close pack volume fraction, €., the local particle volume fraction, e, = 1 — Eg)

and the solid compression pressure, Py, the inter-particle stress, T, is obtained from

B
Ustp (4.6)

max|ecp—ep a(1-¢p)]

Tp(ep) =

Rajan Jaiswal 36 Waste as feed to a biomass gasification reactor



Equations (4.7) and (4.8) describe the particle volume fraction and the momentum transfer
rate between the gas and the solid phase. Similarly, equations (4.9) and (4.10) is applied for
gas and solid phases, respectively.

e, = JIf f‘:—j dm,du,dTp. 4.7)
d
F=—Jf f{mp [DP(ug —up) - éVP] T up %} dmpdu,dTp. (4.8)
d(egpgHg) ap
o+ V(egpgugHg) = & (E + ung) — V(egkgVTy) + fQpg + Quw (4.9)
ar, A
var = e wg(Tg = Tp) (4.10)

p is the fluid pressure and F is the total force exerted on the fluid by the particles,
where DP is the gas-particle momentum transfer coefficient. The gas temperature, T, is

related to the specific enthalpy, Hy, and its magnitude is determined by the quantity of heat-
exchanged with the particles, Q,,4, and with the environment, Q,,, through the reactor wall.
The particle temperature, T,,, depends on the single particle surface area, Ap, mass, mp, and
the specific heat capacity, Cv. Since the reactor in this study is properly insulated to minimize
interactions with the environment, Q,,= 0 can be applied.

4.2 Drag Model

The momentum transfer F between gas and particles depends on the drag model, which
greatly influences the accuracy of the model simulation. The Wen-Yu equation is applied
when g, > 0.8 while the Ergun equation is used if ¢, < 0.8.

3 Pe [ug—u
Dpw =3Cqa i—l gdp 2 (4.11)

where the particle drag coefficient, Cq4 is obtained from:

24 265

Re, €g°"%,Rep < 0.5

Ca = { =—£525(1 + 0.15Re}?"), 0.5 < Re,, < 1000, (4.12)
p

0.4—48%2'65, Re,, > 1000

Dpg = (% + 2) (M)_ (4.13)
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As used in Barracuda, the following combination is obtained for the gas-particle drag
function. With a linear coefficient of 2 and a non-linear coefficient of 180 for the Ergun model,
several studies have shown good prediction of the fluid dynamic behaviour of a BFB reactor
using the blended Wen-Yu and Ergun drag model [97], [102].

Dw, Ep < 0'758Cp
€p—0.75¢¢
Dp =4 (Dg — DW)(—OBSECD_O_H"SCP) + Dy, 0.75g¢, = g > 0.85¢, (4.14)

DE' Ep > 0'858Cp

4.3 Reaction, reaction Kinetics and heat transfer

The thermochemical conversion in a fluidized bed typically occurs in the form of
homogeneous, deposition, consumption, and catalytic reactions. The continuous reactions in
the fluidized bed reactors are accompanied by rapid consumption or release of the gaseous
or solid components, thereby altering the gas-solid fraction and the fluidization pattern.
Conversely, the reaction rates and the reactant availability will be a strong function of the gas
and solid mixing. Therefore, it is vital to model the reactions together with the particle fluid
dynamic and heat transfer in the fluidized bed gasifier. Different sets of homogeneous and
heterogenous reactions and their kinetic rate employed for the CPFD model development are
listed in Table 4. The rate of release of volatiles, the fluid-to-particle heat transfer [103], [104]
as implemented in the model development are included in the equations (4.15-4.17).

Rate of release of volatile components
dm/dt = —km[kg/s] (4.15)
rate coefficient: k=0.05Tet550 [1/s]
Fluid-to-particle heat transfer coefficient

_ (CoR

ni 0.33
TP 4 ¢, [ /mPsK] (4.16)
p

h

Re = |Us — Up|D, /vy, Pr = cpus/ky , where, cg = 0.37,¢, = 0.1, ¢; = 0,n1 = 0.6

Co» €1, ¢, and nlare adjustable model parameters, k; is the thermal conductivity of the fluid,
and d,, is the particle diameter, pf is density of fluid, Uy is fluid velocity, u is fluid viscosity.

The fluid to particle heat transfer coefficient based on the correlation proposed by McAdams
et al.[103] has been used in the virtual reactor to capture fluid-to-particle heat transfer in the
fluidized bed.
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Dense phase heat transfer coefficient

. = CoRepkr [ J 417
d

Dy m?2sK
Re, = psUrd, /us, where, ¢y = 0.525,,n1 = 0.75

¢ and nlare adjustable model parameter, k¢ is the thermal conductivity of the fluid, d,, is the
particle diameter, pr is density of fluid, Uy is fluid velocity, u, is fluid viscosity. The default

dense phase heat transfer coefficient values are taken from Yang et al.[104]. ms in Table 4 is
the mass of carbon.

Table 4: Reactions and rate kinetics used in the CPFD model.

Heterogenous reactions

Corresponding kinetics

Char partial combustion
2C+ 02 < 2CO

CO2 gasification

C+ C0O2 « 2CO

Char partial combustion
C + H20 < H2+CO

r=4.34x10%0 msexp(%m)[Oz]

—13590
= )[02]
—22645

r=1.272T' ms exp(T)[HZO]

r=1.12x10° mf exp(

Homogeneous reactions

Corresponding kinetics

CO oxidation r=5.62x1012 exp(@)[CO][ 02]%3
CO + 0.502 «~ CO2
H2 oxidation r = 5.69x10% exp(@)[HZ][ 02]°°

Hz + 0.502 <> H20

CHjs oxidation

CHa4 + 202 & CO2 + 2H20
Water gas shift reaction
CO + H20 & CO2 + H2
Methane reforming

CHs + H20 & CO + 3H2

—24357

r = 5.0118x10" T exp(—=

)ICH4][ O]

r=7.68x10%0 T exp(@)[CO}O-S[HZO]

r = 3.00x10° exp(—2242)[CH][H:0]

4.4 CPFD set up and operational parameters

The 20 kW pilot scale bubbling fluidized bed gasifier and cold flow model were simulated to
assess the reactor performance and identify the best operating conditions. To create a virtual
reactor for numerical calculations, a CAD geometry of the reactor column was produced in STL
format using SolidWorks and imported in Barracuda VR. The reactor was divided into a total
of number 15984-102,400 of cells with uniform grid generation setting available in Barracuda.
The grid size is a critical parameter influencing the simulation results, and therefore, the cell
size was selected depending on the requirements. For instance, fine grids were employed for
capturing the fluctuation of solid volume fraction within the bed and coarse grids were selected
to measure the product gas compositions in the free board region. The grid allowed to define

Rajan Jaiswal 39 Waste as feed to a biomass gasification reactor



boundary conditions and control volumes for all fluid field calculations. The reactor was
operated at atmospheric pressure with pressure boundary conditions at the reactor outlet.

Different data points were defined along the reactor height to capture the transient properties
(fluid and particle temperature, pressure, gas fraction, gas and particle velocity, particle volume
fraction etc.) of the reactor. Similarly, the air/steam inlet flow boundary condition was defined
at the bottom of the column and the biomass inlet flow boundary condition was defined at the
height of 22 cm from the bottom. Figure 17 illustrates the boundary conditions, transient data
points, and grids as implemented in the CPFD model. Likewise, different parameter employed
in the CPFD model development are listed in the Table 5. The detailed configuration of the
simulation set up, feedstock and bed material properties are available in the corresponding
articles. Techplot and MATLAB scripts were used to analyse and process the simulation data.

Table 5: Simulation parameters employed for the CPFD model.

Parameters Value

Close pack fraction 0.64

Solid Volume fraction 0.534

Total computational cells 60000- 102400
Time step 0.001 s
Simulation time 200s- 700 s
Reactor temperature (600-900)°C
Equivalence ratio 0.08-0.35
Steam-to-air ratio (SA) 0.01-0.2

Bed material density (Sand) 2650 kg/m?

Pressere BC
*4——999cm Z
A d
-t 19.37 cm
Biomass >
Feed - 13.37 cm
Pt -
AirfSteam

Figure 17: CPFD model set up showing Boundary Conditions, data points and computational grids.
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5 Results and Summary of the papers

The thesis is structured as a combination of research articles. The results are summarised
and discussed briefly in this section. The findings and discussion related to additional
analysis of the results described in this section can be found in the published or submitted
articles. This section primarily focuses on aligning with the results predicted from the CPFD
model at different operating conditions, findings from the gasification experiments using
various feedstocks, and results from the pelletization and co-pelletization of the wastes
materials.

5.1 CPFD model for prediction of grass pellet
gasification (Article 1)

As stated in the objective, this study employed CPFD simulations to investigate and find the
optimal operating conditions for the gasification of wastes in a bubbling fluidized bed reactor.
For the CPFD model development, a three-dimensional model of the fluidized bed gasifier
was developed by considering the hydrodynamics of the gas-solid phase, particle size
distribution of the bed material and biomass, and reaction kinetics involved in the conversion
of wastes during gasification. The CPFD model for the prediction of grass pellets gasification
was developed. The CPFD model was subsequently validated by comparing the syngas
compositions obtained from the gasification experiments on the 20 kW gasifier, as illustrated
in Figure 18 a. The CPFD model was then used to investigate the syngas production
potential from grass pellets at different reactor temperatures, bed heights, and air-to-fuel
ratios. The result showed increment in the product gas yield with increase in average reactor
temperature when the initial bed height was changed from 20 cm to 30 cm. Comparison of
syngas at air to fuel ratios, 0.4, 0.6, 0.8, 1, 1.2, showed decrease in the product gas quality
with increase in the air to fuel ratio from 0.4 to 1.2. More carbon dioxide and nitrogen were
released in the product gas at the higher value the of air-to-fuel ratio. Also, decrease in the
CH,, CO, and H, fractions in the product gas reduced the heating value of the gas. On the
other hand, when the reactor temperature was increased from 600°C to 900°C, the product
gas quality was enhanced. The fraction of hydrogen and carbon monoxide in the product gas
increased to 21% and 19% respectively. Similarly, the CGE of the product gas increased
from 58% to 66.6% with increase in reactor temperature. The grass pellet showed promising
properties as feedstock for energy recovery.
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Figure 18: (a) Comparison of the product gas compositions from the experiment and CPFD simulations, (b),
(c),(d) influence of air-to-fuel ratios, bed height and reactor temperature on the product gas predicted by the

CPFD model.

5.2 Influence of biomass feed position (Article 3)

The efficiency of the gasification process relies on several factors, including the interaction
between fuel, bed material, and gasifying agent. These factors are influenced by the
feedstock feed positions along the reactor height. Thus, the fuel feed location is an important
parameter that significantly impacts the gasification efficiency. When fuel particles have a
longer contact time with the bed material, it promotes efficient carbon conversion and
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reduces the tar formation. To evaluate the influence of the feedstock feed positions on the
product gas compositions and char conversion rate, two different feeding positions were
selected. The two feed positions include feeding biomass above the surface of the bed (on-
bed feed) and at the lower part of the reactor near the bottom of the bed (in-bed-feed) as
shown in Figure 19 (d). To explore the impact of different feed positions, the CPFD model
developed for the gasification of wood pellets was used. The method employed for the model
development and validation details can be found in the Article 3. The wood pellets feed rate
and mass of the bed material was kept constant both in the in-bed and on-bed feed
positions. Thus, change in the total mass of the bed was only dependent on the wood pellets
conversion rate or presence of unreacted carbon in the bed. The total particle mass of the
bed for the on-bed and in-bed feed positions during the conversion period of 700s are
illustrated in Figure 19. As depicted in the Figure 19 c, for both scenarios, the total mass of
the particles initially increases rapidly, followed by a subsequent decrease after a certain
period. This initial rapid increase was attributed to the slower conversion rate of char, during
which the system utilized maximum heat for biomass volatilization and the dominant
endothermic reactions. After a specific time, exothermic reactions compensated for heat loss,
leading to an increased char conversion rate, resulting in a gradual increase in the total mass
of the bed. During the first 100 seconds, both the on-bed and in-bed feeding cases exhibited
a similar rate of total mass increase. However, after 100 seconds, the total mass increment is
higher in the on-bed feeding case. This is because wood pellets dropped on the surface of
the bed did not interact uniformly with the bed material, causing more char particles to
remain unreacted and accumulated on the bed surface, ultimately increasing the total mass
of the bed. With the in-bed feed, the fuel particles were well mixed within the bed
accompanied by enhanced reactor performance in terms of enriched product gas quality and
uniform reactor temperature as depicted in Figure 19 and Figure 20 respectively.

Figure 20 compares the temperature profiles of the reactor under the on-bed and in-bed feed
conditions. The results reveal variations in temperature along the reactor height. Notably,
temperatures are lower near the feed positions in both scenarios. In the case of the on-bed
feed, there is a significant temperature increase above the bed surface, away from the feed
position. Conversely, in the in-bed feed scenario, the reactor temperature is lower in the
freeboard zone near the outlet. These distinct temperature zones, as depicted in Figure 20,
indicate multiple thermal conversion phenomena within the reactor. The lower temperatures
observed at the feed positions are a result of endothermic reactions during rapid
devolatilization.
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Figure 19: (a) Average product gas compositions for the on-bed and in-bed feed, (b) Particle species of the bed
(in-bed feed to the left and on-bed feed to the right), (c) Change in total mass of the bed with time, (d) Boundary
Conditions.

In the on-bed feed conditions, volatilization primarily occurred above the bed surface or in the
freeboard zone, supported by the consistent average temperature of the bed beneath the
feed positions over the measurement period. Despite the expectation that rapid biomass
volatilization above the bed surface would decrease the freeboard zone temperature, an
opposing trend was observed. One side of the reactor near the feed position exhibited lower
temperatures, while on the opposite side the temperature was significantly higher (Figure 20
a). This uneven temperature distribution is attributed to dominant char partial oxidation
reactions due to the presence of char particles above the bed surface. In the case of in-bed
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feed, the reactor temperature remains uniform within the bed. Despite the anticipated
decrease in the bed temperature due to continuous release of volatile components due to
endothermic reactions in the in-bed feed, the observed uniformity suggests otherwise (Figure
20 b).
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Figure 20: (a) Average fluid temperature (K) of the reactor for the on-bed feed, (b) Average reactor temperature
(K) for the in-bed feed.

Further investigation involved measuring gas species and dilute phase (bubble)
temperatures at various positions within the bed. The average temperature of the bubbles in
the bed was directly influenced by thermochemical conversion within the reactor, and vice
versa. The bubble average temperature varied with the bubble size and position as it
ascends through the bed, as illustrated in Figure 21(c). Monitoring the bubble average
temperature throughout the bed provided insights into both the bubble and the bed thermal
behaviour. Figure 21 (a-b) compares histogram plots of the bubble average temperature for
the on-bed and in-bed feed conditions. The findings reveal that, for on-bed feed, the average
temperature of bubbles falls within the range of 1000 K to 1060 K, with the peak frequency
occurring at 1010 K, aligning with the bed particle temperature. This observation ascertained
the thermochemical conversion of the biomass during the on-bed feed primarily occurring
above the bed surface or in the freeboard zone. In contrast, under in-bed feed conditions, the
average temperature of bubbles exhibits fluctuations ranging from 850 K to 1300 K, as
depicted in Figure 21 (b). These fluctuations occurred from simultaneous endothermic and
exothermic reactions within the bed. Specifically, endothermic reactions, such as
devolatilization, contribute to a reduction in the average temperature of bubbles, while partial
char oxidation reactions elevated the temperature. Further validation of this argument was
achieved by analyzing the average temperature of bubbles at various locations within the
bed as depicted in Figure 21 (c).
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on bed feed.

Additionally, the gas species measurement within the bubbles suggested diverse conversion
phenomena at different regions of the reactor. The entire bed was categorized into either the
emulsion phase or the bubble phase, where the dilute phase (or bubbles) comprised gas
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species evolved during the gasification of wood pellets and the oxidizing agent.
Consequently, examining the species distribution in the bubble phase offered insights into
the gas distribution within the bubbles. Figure 22 illustrates the instantaneous mass fraction
of gas species in the bubbles at different bed positions after 155 seconds. The results
indicate that the mass fraction of CO, CH., and H; is predominant in the bubbles near the
feed position, as depicted in the upper part of Figure 22. While, on the other side of the bed,
CO; and N2 dominate. This confirms rapid devolatilization and gas-phase reactions near the
feed region, while the other side of the bed is dominated by the char partial oxidation.

5.3 Influence of air supply/injection method (Article 4)

The distribution of gas within a reactor profoundly impacts the conversion process and the
specific fluidization regime in which the reactor operates. The efficiency of the oxidizing
medium for feedstock conversion is intricately dependent on the uniformity of gas distribution
across the cross-section of the reactor, including the bubble dynamics. Consequently, gas
distribution significantly influences critical factors such as mixing, fluid dynamics, and heat
and mass transfer within the reactor. In fluidized bed reactors, the fluidizing gas can be
supplied to the particle bed through a distributor plate or nozzles. The distributor plate is a
common method that ensures even gas distribution, supports the bed material, promotes
effective gas-solid mixing, prevents channelling, and minimizes dead zones. Alternatively,
gas can be supplied through orifices or nozzles at the reactor side or bottom. Each gas
supply method has its limitations and advantages. While a distributor plate improves
distribution, it increases auxiliary power consumption and requires maintenance due to
potential clogging. Operating without a distributor plate can save costs and maintenance
efforts. This work investigates the fluid dynamics behaviour of the bed without a distributor
and compare it with uniform air supply methods, providing insights into optimizing fluidization
quality without a distributor. For this, a cold flow model of the fluidized bed reactor with
different air injection methods were simulated using the CPFD model. For the case without
air distributor, the bed is fluidized with air supply from two nozzles (holes) located at the
opposite side of the reactor wall. The pressure and flow boundary conditions are illustrated in
Figure 23. The fluid dynamics behaviour of the bed in terms of solid fraction fluctuations and
bubble properties are reported briefly and a method to improve the fluidization quality of the
bed without an air distributor is proposed. The results from the CPFD simulations are
compared with experimental data obtained from a cold fluidized bed equipped with ECT
sensors and an air distributor for the model validation. The detailed procedure for the model
development and validation is available in Article 4. To characterize the fluidization pattern of
the bed, the average solid fraction fluctuation for the flow boundary conditions, including
injections BC, nozzle BC, and uniform BC, are compared as shown in Figure 23.

The results indicate that in experimental measurements with an air distributor, the solid
fraction was lower toward the center of the bed but increased near the reactor wall. The
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CPFD model predicted a similar trend of solid fraction fluctuation for injection flow BC and
uniform flow BC. However, the fluctuations in solid fraction for both cases were less smooth
than the experimental measurements due to the presence of smaller bubbles when using
uniform and injection flow BCs. The increased flow boundary area led to the formation of
multiple smaller-sized bubbles compared to the experimental measurement. The reduction in
solid fraction in the lower region of the bed near the center signifies a higher gas fraction in
that area. Gas in a fluidized bed typically rises from the lower region to the upper region in
the form of bubbles. Consequently, the depression of the solid fraction near the center and
its increase near the wall illustrate that bubbles rise upwards, primarily following a path near
the center of the reactor. In cases with two nozzles near the reactor wall for flow BCs, the
solid fraction fluctuation was lower near the wall, where the nozzles were located, and also
near the center of the bed. The fluidizing gas takes the form of bubbles, with some passing
near the wall and others following a path closer to the center of the bed.
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Figure 23: (A-B) flow and pressure boundary conditions, (¢ ) Radial distribution of the solid volume fraction for
different flow boundary conditions at superficial gas velocity 0.15 m/s.
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Comparing different flow boundary conditions, it was observed that with uniform flow,
bubbles of varying sizes between 2.5 cm and 5 cm were present, with a dominant frequency
of 3 cm bubble diameter (shown in Figure 24). However, when using two nozzles for airflow,
larger bubble diameters were observed at the same air flow rate compared to uniform and
injection flow BCs. On the other hand, injection flow with 25 nozzles resulted in smaller and
uniformly sized bubbles, indicating better fluidization quality which could improve the heat
transfer and mixing. Conversely, the presence of large bubbles in flow BC via two nozzles
could bypass the bed, potentially leading to slugging and turbulent regime. To address this,
optimizing fluidizing gas flow by increasing the number of side nozzles along the reactor wall
was proposed. Increasing the number of side nozzles helped to prevent particle entrainment,
reduced bubble size, and increased bubble frequency, ultimately improving the fluidization
quality of the bed. CPFD simulations were used to model a scenario with four different
nozzles along the reactor wall, demonstrating enhanced fluidization quality of the bed as

illustrated in Figure 25.
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at the bottom of the reactor, and uniform flow BC respectively, (e) Particle volume fraction of the bed with two
side nozzles flow BC and (f) Particle volume fraction of the bed with four side nozzles flow BC.
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5.4 Influence of the bubble properties in a BFB
gasification reactor (Article 5 & 6)

The efficiency, operation, and design of bubbling fluidized bed (BFB) reactors are intricately
related to the bed dynamics behaviour, which is greatly impacted by bubble properties. In a
bubbling fluidized bed, an appropriate regime is one where the bed exhibits excellent
fluidization quality without any slug. The key characteristics of smooth fluidized bed include a
high number of bubbles, evenly distribution throughout the bed, and smaller bubble sizes.
Bubbles play a vital role in ensuring effective solid circulation and promoting gas-solid
contact, which are essential for heat and mass transfer within the reactor. To establish the
effective operating conditions for efficient conversion processes, this study investigate the
dynamic and thermal behavior of a BFB reactor. This investigation incorporates a
combination of experimental measurements and computational particle-fluid dynamics
simulations and are divided into two parts. The first part includes the measurement of the
bubble properties in a cold bubbling fluidized bed reactor with sand particle as bed material
(Article 5). The second part includes investigation of bubble properties with a bed of char and
sand particle mixture in cold flow conditions. Further, the study investigates thermal and
dynamical flow conditions in a 20 kW gasifier with wood pellets as feed (Article 6). A model
has been proposed based on the bubble diameter and gas velocity which can be employed
for sizing BFB reactors and determining the optimal operating gas velocity to achieve
efficient gasification.

5.4.1 Bubble properties in a cold flow model

For the experimental measurement of the bubble properties, ECT sensors was employed.
Similarly, to simulate the virtual reactor utilizing a CPFD tool (Barracuda VR), it was
necessary to establish a grid that defines the control volume, cells, and boundary conditions
for the fluid field calculations. A total of 102,400 cells were assigned through uniform grid
generation, dividing the reactor into uniform cells. Such large computational cell count was
chosen to align with the ECT experimental setup, ensuring the virtual reactor cross-section
could also be divided into 32x32 pixels. It is important to note that reducing the grid size
could decrease computational time but might introduce a certain level of bias when
comparing simulated results with experimental data. The bubble properties including bubble
rise velocity, and bubble frequency and bubble dimeter with the bed containing sand particle
at ambient conditions are discussed in the Article 5. The influence of the bubble diameter on
the bed thermal and dynamical properties are discussed in this section. As depicted in Figure
24 (a-b), the CPFD model accurately predict the bubble diameter in a bed containing sand
and a binary mixture of the sand and char particles. The result illustrates that below 0.25
m/s, the various beds exhibit a bubbling regime. Evaluating the effects at various char loads,
the bubble diameter is smaller in the bed with 5% wt. char compared to the bed of pure sand
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particles. This phenomenon is associated to an increased solid packing density resulting
from a small fraction of char particles mixed well with the fluidized sand particles.
Additionally, the limited amount of char particles dragged into the bubble wakes, leading to
bubble breakup. This continuous breakup enhanced the fluidization quality, delaying the
onset of slug flow, as depicted in the Figure 26 b. As the char fraction increased, the bed
voidage was enhanced, facilitating rapid bubble growth due to reduced bed resistance.
Consequently, the bubble diameters in the 10% wt. char bed were larger than the bed with
pure sand at given gas velocities.

—_
o

10
#  Cold sand bed

# Cold bed + 5% char
#*  Cold bed + 10% char

——@um= D

simulation

——@==D

Experiment )
==®== Mori et al. /’

Average bubble diameter, cm
.
\
Bubble diameter (cm)

N W R OO N o ©
T T T T T T T T
*

.O_\
-

0 0.1 0.2 0.3 0.4 015 02 025 03 035 04 045
Superficial gas velocity, m/s Superficial gas velocity (m/s)

@) (b)

Figure 26. (a) Comparison of the bubble properties in the bed with sand particles measured from the ECT set
up, simulation data and correlation proposed by Mori et al., (b)Variation of bubble diameter in cold beds,
comparing the behaviour at different biomass loads across a range of superficial gas velocities, where doted
points are experimental values and solid lines are the simulated values.

5.4.2 Influence of the bubbles on a conversion of the biomass in a BFB
reactor

Further the CPFD model was used to predict the influence of the bubble dynamics on the
thermal and dynamical behaviour including char load in the bed, temperature and gas
distribution, and gas residence time.
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Effect of the bubble on biomass load and performance

At the same air-fuel ratio, the gas composition should remain consistent regardless of the air
flowrate. However, result illustrates variations in gas species distribution at different air
flowrates, indicating that fluidized bed flow behaviour (bubble dynamics) influences biomass
conversion (Article 6). Increasing air flowrate at a constant air-fuel ratio led to a higher
biomass feed rate, potentially causing increased sensible heat loss, lower conversion rates,
and a corresponding rise in unconverted char particles in the bed. Figure 27 (a) depicts
bubble evolution in gasification at a 2 kg/h air flowrate, comparing beds with 5% and 10% wt.
char particles against cold beds. While superficial gas velocity u, differs, the excess velocity
(ug — umf) is similar at approximately 0.17 m/s. Despite the expected similar behavior at the
same uy — Uy, the flow dynamics in the Figure reveals differing bubble behaviour across the
beds due to varying char particle amounts. In cold beds, mainly single bubbles rise through
the central axis, whereas the hot bed exhibits multiple bubbles spread across. The higher
bubble frequency in the hot bed is due to increased solid packing density from a lower
volume fraction of accumulated char particles. During gasification, fluidizing gas consumption
and volatile gas release contributed to a higher gas fraction in the hot bed compared to the
equivalent cold bed. Unlike cold bed conditions, devolatilization and char conversion caused
significant changes in bed void fraction in the hot bed. This variation in gas-solid fractions
altered the bubble properties. Figure 27 (b) compares average bubble diameter in the hot
bed at different air flowrates, revealing increase in bubble diameter with excess gas velocity
and biomass load. Smaller bubbles formed at lower feed rates, growing with increased
biomass feed rate due to higher char accumulation. In the reacting hot bed, bubbles are
distributed throughout the cross-section, influenced by chaotic movement during formation
and rise. Gas released in the bed impacts bubble movement, contributing to their random
distribution. The increase in bubble diameter and the reduction in bubble frequency as air
flowrate increased could negatively impact conversion efficiency. The associated rise in the
bubble velocity with increase in the bubble diameter could hinder gasification due to a
decrease in the gas residence time.
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Effect of the bubble on temperature and gas species distribution

Figures 28 and 29 illustrate temperature and gas species distributions at 2 and 3 kg/h air
flowrates. At the biomass feeding plane (at the height 5 cm), particle temperature is nearly
uniform. The decrease in gas and particle temperatures, especially along the central axis,
suggests endothermic activities like biomass devolatilization. The bed temperature near the
wall, closer to the target value of 1020 K, implies a larger fraction of biomass particles along
the central axis, particularly near the bed bottom, leading to a temperature distribution similar
to the solid fraction. Toward the bed surface, endothermic conversion of char particles with
gasifying agents dominates particle oxidation, causing a further decrease in particle
temperature. Competitive gas phase reactions (Water-gas and Boudouard reactions) occur
along the bed height, resulting in an equilibrium temperature slightly lower than the target
across the bed. Bed temperature decreases with increasing air flowrate, associated with
higher endothermic activities due to increased char accumulation.
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Figure 28. Radial distributions of temperature and gas species concentration within the gasifier bed, comparing
behavior over the bed height at air flowrate of 2 kg/h.

The gas species distribution profile differs from gas temperature across different air
flowrates. At lower air flowrates, the gas fraction increases toward the central axis, while the
fraction decreases toward the center as superficial gas velocity increases. Considering
oxygen concentration at different air flowrates, the gas fraction distribution variation is
explained. Oxygen is present near the walls, indicating low concentrations of char particles
and combustible gas species. At 2 kg/h air flowrate, O, is completely consumed along the
bubble path, with the convex distribution of the evolved gas species (shown in Figure 28).
Oxygen presence along the central axis at 3 kg/h indicates low oxidation activities at higher
gas flowrate, although some improvement is noted towards the upper part of the bed. Larger
bubbles with higher rise velocity at 3 kg/h may result in lower contact time between char
particles and active gas species. Gasification being kinetic limited, the decrease in particle
temperature along the bubble path significantly impacts char-oxygen reactions (shown in
Figure 29).
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Figure 29. Radial distributions of temperature and gas species concentration within the gasifier bed, comparing
behavior over the bed height at air flowrate of 3 kg/h.

Effect of the bubble on gas residence time and product gas distribution

Assuming constant flow velocities, a relation between the bubble diameter (D,) and the
relative gas residence times t, was established as:

7, =—39% (5.1)

- Uo(Uo—Umy)

The derivation of the Eq. (5.1) is outlined in Article 6. According to Equation (5.1), 7,
increases with a larger bubble diameter. In a bubbling bed, the relative gas residence time is
a characteristic value that reduces with excess gas velocity due to the growing bubble
diameter. Figure 30 (a) illustrates the trajectory of z,., primarily influenced by the solid
packing density. In cold beds with a relatively small biomass fraction, the bed behavior
resembles that of pure sand particles. As biomass content increases, leading to larger bed
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voidage than pure sand particles, t,- aligns with the hot bed at the same excess velocity.
However, at higher velocities where bubbles are fully developed or slugs start flowing in the
bed, the residence time decreases towards values independent of the flow condition.
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Figure 30. (a) Variation of relative gas residence time with excess gas velocity, showing (b) the effect on product
gas composition in bubbling bed gasifier.

The gas species composition in the product gas against the relative gas residence time is
shown in Figure 30 (b). The findings highlight that the time the gas spends in the bed plays a
significant role for the conversion steps within the reactor. The optimal relative residence
time is approximately 24, characterized by the highest hydrogen yield and minimal yields of
carbon dioxide and water vapor. This suggests that gasification processes, targeting the
conversion of COz and H20 to CO and H, perform optimally when t,. = 24. Below the
optimum residence time, the H, concentration decreases, while that of CO, exceeds CO due
to poor oxygen utilization in the bed and active oxidation of combustible gases in the
freeboard. When 1,.>24, inadequate particle distribution in the bed leads to the escape of O,
into the freeboard through the wall region of the bed, resulting in the oxidation of combustible
gases and a reduction in their concentrations in the product gas. Since 7, = 24 with u, —

ums ~ 0.13 m/s (estimated from Figure 30 (a)) as the corresponding excess gas velocity at
the best gasification performance, Eq. (5.2) can be derived from Eqg. (5.1). Equation (5.2)
establishes the conditions for operating a bubbling fluidized bed biomass gasifier with optimal
efficiency.

6 =30; [ms] (5.2)

Uog
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5.5 Air gasification of wood chips, wood pellets and
grass pellets in a bubbling fluidized bed reactor
(Article 2)

In general, the equivalence ratios of 0.15-0.4 are used for the gasification with air as
gasifying medium. However, higher equivalence ratio is associated with increase in nitrogen
concentration, diluting the product gas quality. This observation was reported in earlier
studies with wood pellets and grass pellets in the section 5.1. With an aim to minimize the
addition of nitrogen in the product when using air as gasifying medium, equivalence ratios of
0.08-0.16 were selected in this work. While gasification is generally an endothermic process,
the use of air as a gasifying medium introduces partial oxidation reactions that may
compensate for the heat demand of the endothermic conversion steps, depending on the
amount of air used. The result demonstrated, decreasing bed temperature at an equivalence
ratio of 0.15. Therefore, in this work external electrical heating source is employed for the
gasification experiments. A 20 kW bubbling fluidized bed reactor was utilized to gasify three
different types of feedstocks: wood chips, wood pellets, and grass pellets. The details of the
experimental setup and comprehensive findings can be found in Article 2. The investigation
encompassed diverse operating conditions, examining four equivalence ratios (ERs) ranging
from 0.08 to 0.16 and temperatures set at 650°C, 750°C, and 800°C.

The temperature profile along the reactor height at an initial bed temperature of 650°C and for
different Equivalence Ratios (ERS) is depicted in Figure 31. Temperature sensors T8, T3,
and T4 are positioned at the air inlet, inside the bed, and just above the bed, respectively.
Electrical heaters were active for lower ERs of 0.08 and 0.1, maintaining an average reactor
wall temperature of 750°C. Consequently, the product gas experienced continuous heating
from the bed surface to the exit. For the same amount of external heat supply, the
temperature gained in the 0.08 ER scenario exceeded the temperature in the 0.1 ER
conditions due to the lower gas flow. Conversely, gas outlet temperatures at ERs of 0.13 and
0.16 remained relatively constant from above the bed to the exit, and electrical heaters were
inactive, aligning the reactor wall temperature with bed temperature. The observed
temperature drop just above the bed (T4) is attributed to the endothermic characteristics of
the progressing pyrolysis reaction. While the bed temperature remained nearly constant at
around 650°C, comparing different ERs introduces slight uncertainty due to temperature
variations at the gas exit.
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Figure 31: Temperature profile along the reactor height at 650 °C operation (initial bed temperature) for
different ERs during gasification of the woodchips.
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650°C
0.08 211 0.92 5.52 38.80 28.15 11.65
0.1 244 1.06 4.53 38.90 26.70 11.05
013 3.07 1.33 4.31 5013 3198 13.24
016 3.27 142 3.41 46.62 26.97 11.16
750°C
0.08 271 118 6.86 54.10 44 85 18.57
0.1 2.78 1.21 5.35 46.92 3589 1486
0.13 2.92 1.27 3.091 41.78 27.59 11.42
016 331 144 3.68 46.66 2947 12.20
800°C
0.08 290 1.26 7.25 57.83 50.89 2107
0.1 297 1.21 5.48 4536  36.67 15.18
0.13 3.22 1.40 494 5179 38.42 15.90
016 432 1.88 5.68 75.83 5927 2454

(b)

Figure 32: (a) Product gas composition of wood chips at different equivalence ratios and reactor temperatures,
(b) gasification performance indicators for wood chips.

Rajan Jaiswal

59

Waste as feed to a biomass gasification reactor



The transportation of feedstock to the reactor was facilitated by a screw conveyor at flow
rates specific to each feedstock: 2.3 kg/h for wood chips, 2.42 kg/h for wood pellets, and 2.7
kg/h for grass pellets. The gasifier performance was evaluated across various reactor
temperatures and equivalence ratios (ERs). The analysis focused on key parameters,
including the lower heating value of synthesis gas (LHV), gas yield (GY), carbon conversion
efficiency (CCE%), and cold gas efficiency (CGE%). Figure 32-34 (a) illustrates the
percentage gas compositions for wood chips, while Figure 32-34 (b) illustrates an overview
of the gasification performances of the corresponding feedstocks. The findings provide
valuable insights into the complexities associated with variations in biomass feedstocks at
different operating conditions during gasification experiments. The gasification of grass
pellets proved unsuccessful due to agglomerations and low carbon conversion. However,
wood chips and wood pellets demonstrated successful outcomes, producing product gas
with favourable CO and H, compositions. Lower temperatures, coupled with increased ER,
resulted in reduced gas quality due to N dilution. Conversely, at 800°C, the minor reduction
in H, and CO content with increased ER was outweighed by improved carbon conversion
and gas yield. Specially, at 800°C and 0.16 ER, wood chips exhibited H, and CO contents of
16.9% and 20%, respectively, while wood pellets showed 17.2% and 18.8%. A reactor
temperature of 650°C was insufficient for acceptable gas composition and carbon conversion.
Gas quality progressively improved at 750°C, achieving approximately 50% carbon
conversion. The optimal performance for wood chips occurred at 800°C and 0.16 ER,
achieving a 75% carbon conversion efficiency. For wood pellets, ER values of 0.125 and
0.15 at 800°C delivered the best overall performance with a 70% carbon conversion. Using
lower ER values than those reported in the literature aimed to identify the minimum ER
sufficient to maintain a steady char content without accumulation in the bed. An ER around
0.15 was identified as the minimum value, requiring additional electrical heating to sustain
the reactor temperature around 800°C.
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Figure 33: (a) Product gas composition for wood pellets at different equivalence ratios and reactor

temperatures, (b) gasification performance indicators for wood pellets.
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Figure 34: (a) Product gas composition for grass pellets at different equivalence ratios and reactor
temperatures, (b) gasification performance indicators for grass pellets.
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5.6 Alternative Energy - Evaluation of Waste Feedstocks
for Heat Generation and Syngas Production (Article 7)

This study evaluates conversion of different low grade waste feedstocks in a bubbling
fluidized bed for energy and syngas productions. To ensure a high energy content, the
different feedstocks, wood, paper, garden, and fish wastes are densified and used in pellet
form in an air gasifier over the equivalence ratio 0.16 — 0.35. For a fair comparison, the tests
are carried out at about the same starting bed temperature, 650 °C. To ascertain the impact
of the bed behavior on the conversion process, the analysis of the bed temperature,
pressure and accumulated char over the duration of the test at a given air-fuel ratio is
presented in Table 6 and discussed subsequently. The assessment of gasifier performance
and feedstock energy production potential involved a thorough evaluation of parameters,
including unconverted carbon, chemical and thermal energy fractions, gas yield, and overall
conversion efficiency. The detailed methodology for estimating these parameters is provided
in Article 7, and the summarized results are presented here.

Table 6:Parameters derived from gasification of the different feedstocks at different air flow rates.

Feedstock My, My, Thea Tou Xhydrogen  Xcarbon Unconverted char, FI
[kg/h] [kg/h] [oc] [oc] [%] [%] Ref [--] )

Wood pellet 3 2.95 710 636 0.04 1.50 9.23 1.1

6
4 2.95 742 694 0.03 1.98 8.03 1.5

5
5 2.95 752 712 0.01 2.13 7.25 1.9

1
6 2.95 743 725 0.40 3.41 6.75 2.2

1

Fish Pellet

3 3.14 705 671 3.90 5.19 9.30 1.0

3
4 3.14 621 638 2.98 5.37 9.27 1.0

6
5 3.14 743 711 2.03 5.15 7.34 1.6

7
6 3.14 744 736 1.90 5.54 6.75 1.9

8

Paper pellet

3 3.21 768 636 0.32 2.54 8.67 0.8

8
4 3.21 790 624 0.25 2.10 7.63 1.1

4
5 3.21 762 728 0.49 3.71 7.17 1.3

1
6 3.21 763 703 0.32 3.53 6.60 1.5

5

Garden Waste

pellets 3 3.15 744 697 0.60 3.07 9.09 1.3

8
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4 3.15 737 598 0.36 3.26 8.23 1.6
9

5 3.15 815 653 0.31 3.41 6.90 2.4
0

6 3.15 791 710 0.32 3.76 6.50 2.7
1

For each feedstock, Figure 35 depicts the total pressure drop across the bed over time at two
distinct air flow rates, 3 and 6 kg/h. When the bed achieves full fluidization, the pressure drop
remains relatively stable for different gas rates. The magnitude of the pressure drop is
influenced by the bed voidage. At lower air flow rates, higher fuel particle accumulation
occurs due to a lower conversion rate. The increased biomass load raises the bed voidage,
subsequently reducing the pressure drop. This trend is observed consistently across various
feedstocks. Over time, the pressure drop tends to increase at different air flow rates,
indicating a reduction in bed voidage due to the increasing fluidizing gas from pyrolysis and
char gasification. Notably, paper pellets exhibit significantly higher bed fluctuation across
different air flow rates, suggesting inadequate fluidization compared to other feedstocks, as
ascertained by the fluidization index (Table 6). Among the four biomasses, wood pellets
exhibit the most stable bed behavior, followed by garden waste pellets, attributed to their
relatively high fluidization index. Fish pellets, despite having a comparable particle equivalent
diameter to wood pellets, demonstrate higher bed instability due to their lower char density.
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Figure 35 Change in total pressure of the bed during gasification of (a) paper pellets, (b) fish pellets, (c) garden
waste pellets and (d) wood pellets.
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Compared to the pressure drop, Figure 36 illustrates a similar trend in bed temperature for
the different feedstocks. The rising temperature over time signifies progressive oxidations
dominating the endothermic pyrolysis of the feed biomass. At a 3 kg/h air flow rate, the
increased accumulation of the char particles contributes to higher sensible heat loss. The
bed temperature behavior also suggests partial fluidization at lower air flow rates (FI < 1.6).
As biomass is fed from the top and gas from the bottom, the increasing bed temperature
implies char particles sinking into the bed with rising gas flow, potentially due to an increase
in solid circulation. The paper pellets having higher particle size and lower density, could
likely have undergone initial downward segregation at lower gas rates and subsequent
upward segregation at higher air flow rates. Consequently, a higher amount of char particles
is present in the bed, resulting in a higher bed temperature at lower air flow rates compared
to higher rates. On average, the bed temperature is higher than the exit temperature across
the different air flow rates (as shown in Table 6). Since the raw biomass is fed on top, this
suggests that devolatilization of the fuel particles is rapid and may have been completed
before the particles moves into the bed. Neglecting heat loss, the lower exit temperature also
indicates that a significant amount of heat is absorbed from the gas during the drying and
pyrolysis processes. In the freeboard, it is expected that some exothermic activities occur,
which should include the water-gas-shift reaction between H>O and CO , and others involving
oxidation of the fuel gases: CO, Hz and CHs by the residual oxygen. However, the relative
difference between the exit and bed temperatures indicates that the possible exothermic
reactions rarely occurred, therefore there is little or no O in the freeboard. This was
confirmed from the O yield in the product gas.
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Figure 36 Change in temperature in the bed during gasification of (a) paper pellets, (b) fish pellets, (c) garden
waste pellets and (d) wood pellets.
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Figure 37 compares the product gas species for the different feedstocks at different air flow
rates. While the mole fraction of N increases with increasing air rate, the indicated O
concentrations are stable low across the different the different flow rates. As expected, the
nitrogen fraction is highest, and it is ranging from 41% to 56%. Variation in the fractions of
other gases in the product gas contribute to changes in the nitrogen fraction. In addition to a
greater amount of nitrogen elements in the Fish pellets, the relatively lower values of CO,
CO; and H: in the product gas contribute significantly to the higher nitrogen fraction from the
Fish biomass. For each of the air flow rates, the bed temperature with the fish pellets is lower
compared to other feedstocks. This can therefore be considered as the major factor
contributing to the lower gas composition of the fuel gases. Overall, the wood pellets show a
higher composition of the fuel gases compared to other feedstocks. The garden waste on the
other hand shows a better composition than the paper pellets, indicating a higher conversion
probably due to a better mixing of the bed particles. For each of the feedstocks, the
concentration of the fuel gases decrease as the air flow rate increases.
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Figure 37 Product gas compositions obtained from gasification of the feedstocks at air flow rate (a) 3kg/h, (b)
4kg/h, (c) 5kg/h and (d) 6kg/h.
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The chemical energy decreases with an increasing equivalence ratio due to the oxidation of
the fuel gas species as shown in Figure 38. The oxidation process, accompanied by heat
evolution, leads to an increase in thermal energy with the supplied oxygen amount. While the
relative amount of chemical energy is similar for the different feedstocks, the overall energy
efficiency varies significantly. Paper pellets exhibit the highest efficiency, exceeding 80%,
while fish pellets are below for 40% across the tested equivalence ratio range. Wood pellets,
with the highest relative chemical energy value differing from other feedstocks, contribute to
the overall efficiency decreasing with increasing equivalence ratio. Despite wood pellets
having the lowest gas yield among plant-based biomasses, the higher energy efficiency
compared to garden waste can be attributed to its superior carbon conversion efficiency,
resulting in a gas with a high CO content.
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Figure 38: (a) Chemical and thermal energy fraction measured for the feedstocks at different ERs, (b) Overall
conversion efficiency of the feedstocks at different ERs.
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5.7 Pelletization and Co-pelletization of waste feedstock
(coffee wastes, saw dust, and barley straw) for
syngas recovery (Unpublished work)

As discussed in the literature section, the food wastes, and agricultural wastes account for
about 60 % of the total wastes. Therefore, to test the energy recovery potential of such low-
grade feedstocks, coffee grounds and barley straw, were selected. It was necessary to
undergo a significant pre-treatment and densification process followed by analytical analysis
prior to their utilization. For instance, the initial moisture content of coffee waste was
approximately 50-60 wt.%, and the large size barley straw wastes had a moisture content of
around 20-25 wt.%. A hammer mill was used to reduce the size of the barley straw to 1-5
mm prior to the pelletization. Similarly, each feedstock was dried, and the moisture content
was adjusted to 9-15 wt.%. The pelletization of the pretreated raw wastes was performed as
discussed in the Chapter 3. The results illustrated that the pellets produced form the coffee
grounds waste were weak and fragile. The pellets lack sufficient strength to be conveyed via
screw conveyer to the reactor (as depicted in Figure 39 A). Therefore, to enhance the pellets
mechanical strength, 3-5 wt.% of saw dust were added to the coffee grounds. Depending on
the initial moisture content, die temperature, and the gap between the roller, the pellets
quality was significantly influenced as shown in the Figure 39 (B-D) and Table 7.

With a higher die temperature (>60 °C), the pellets were formed in the shape similar to
smaller tablets (shown in Figure 39 B). Whereas lower die temperature (< 45 °C), resulted in
non-uniform and weak pellets (Figure 39 C). It was found that the die temperature of 50-60
°C, initial moisture content of 9 wt.% and the gap between the roller and die of 4 mm were
optimal operating conditions for the production of uniform shape and enhanced mechanical
strength pellets from coffee grounds (illustrated in Figure 39 D). The mechanical durability of
the pellets was increased from about 25 % to 75 % due to strong bonding between the
molecules of the mixture particles (saw dust and coffee grounds) at mentioned operating
conditions. Also, the compression strength of the particles was increased from 0.2 MPa to
0.4 MPa as shown in Figure 40.

Similarly, for the barley straw, the die temperature influenced the quality of the pellets
significantly. At lower die temperatures (< 40 °C), the moisture was trapped in the pores of
the pellets forming bulge and swollen structure as depicted in Figure 39 E. For the same
initial moisture content and gap between die and roller, the change in die temperature by 10
°C resulted in improved pellets properties. As the die temperature was increased, the binding
properties of the particles were improved resulting in good quality pellets (with uniform shape
and enhanced strength as depicted in Figure 39 F). The mechanical durability and
compression strength of the straw pellets at different operating conditions are compared in
Figure 40.
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Figure 39:Pellets formed at different operating conditions: (A) only coffee grounds pellets, (B) coffee grounds
with coffee grounds (94 wt.%), saw dust (3 wt.%), and bark (3 wt.%) at die temperature greater than 60°C, (C)
coffee grounds with coffee grounds (94 wt.%), saw dust (3 wt.%), and bark (3 wt.%) at die temperature 30°C-
45°C, (D) coffee grounds with coffee grounds (92 wt.%), saw dust (5 wt.%), and bark (3 wt.%) at die

temperature 50°C-60°C, (E) straw at die temperature 30°C-45°C, and (F) straw at die temperature 50°C-60°C,
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Figure 40: (a) Comparison of the mechanical durability and (b) compression strength of the pellets obtained at
different operating conditions.
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To examine the binding phenomena during pelletization, the samples of the pellets at
different operating conditions were analysed using scanning electron microscope (SEM). The
results depicted that the mixture of coffee grounds, saw dust and bark pellets produced at
the die temperature 50-60 °C, has strong interparticle bonds. At this die temperature range,
the fiber structure of the saw dust melted forming strong bonding forces between the
particles (depicted in Figure 41 f) which resulted in the pellets with strong mechanical
strength. Die temperature above > 60 °C resulted in the fractured structure due to weak
bonding between the particles (Shown in Figure 41 e). Similar trend was observed for the
straw pellets at die temperature 50-60 °C where the fiber structure of the straw melted
forming solid bridges. This resulted in greater mechanical durability of the pellets due to
strong adhesion, and mechanical interlocking between the particles (illustrated in Figure 41

(d) (e) (f)

Figure 41: SEM micrographs at different magnification of samples obtained from the (a) raw barley straw, (b)
pellets produced from barley straw (E) at die temperature in the range of 30°C-40 °C, (c) pellets produced from
barley straw (F) at die temperature in the range of 50°C-60 °C, (d) raw coffee grounds, (e) pellets produced from
the mixture saw dust, bark and coffee grounds (B) at die temperature > 60 °C, (f) pellets produced from the
mixture saw dust, bark and coffee grounds (D) at die temperature in the range of 50°C-60 °C.
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Table 7:Operating conditions during pelletization of different feedstocks.

Moisture Die temperature, (°C) Gap between roller
content,(wt.%) and die, (mm)

Coffee (A) 15 30-40 5
Coffee (94 wt.%) + 12 60> 5

saw dust (3 wt.%) +

bark (3 wt. %) (B)

Coffee (94 wt.%) + 9 30-45 4

saw dust (3 wt.%)+

bark (3 wt. %) (C)

Coffee (92 wt.%) + 9 50-60 4

saw dust (5 wt.%) +

bark (3 wt. %) ( D)

Barley straw (E) 14 30-40 4
Barley straw (F) 14 50-60 4

For the gasification experiments, the reactor temperature was selected by considering the ash
melting temperature of the coffee and straw pellets, which helped to avoid ash related
challenges in the gasifier. The different stages of the melting phenomenon of the ash obtained
from coffee grounds pellets and barley straw pellets were examined using heating microscope.
The results illustrated in Figure 44 shows the characteristic temperature profile of the ash
melting phenomena measured at different stages by the SEM. The SEM measurements for
the feedstocks are summarized in Table 8. The deformation temperature was selected as the
upper limit of the bed operating temperature for the gasification experiments.

Table 8: Different characteristics temperature of the coffee grounds and barley straw wastes ash pellets
measured by using heating microscope.

Description ST,[°C] DTI[°C] HT[°C] FT[°C]
Coffee pellets 831 927 1350 1400
Straw pellets 835 1040 1150 1180
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Figure 42: Change in characteristic temperature of the coffee grounds ash pellets measured with time by using

heating microscope.

The gasification of the feedstocks, barley straw pellets, mixture of coffee grounds and saw
dust and bark pellets were carried with air as the gasifying medium. The reactor performance
and syngas production potential are assessed based on the product gas composition, gas
yield strength, thermal conversion efficiency, chemical conversion efficiency, and bed
fluidizing index at different operating conditions. The results summarized here is the overall
conversion efficiency of the reactor measured at different operating conditions (reactor

temperature and

equivalence ratios). The overall conversion efficiency is assessed as the

sum of thermal conversion efficiency and chemical conversion efficiency. The result
illustrates that for all the three feedstocks, the overall conversion efficiency was greater than
50 % at all operating conditions. At the reactor operating temperature within the range of
600-700°C and at lower equivalence ratio of 0.16, the overall efficiency was about 75%, 65 %

and 60 % for the

feedstock F, C and D respectively. At the reactor operating temperature of

800 °C for the same equivalence ratio the overall efficiency decreases by approximately 10 %
as depicted in the Figure 43. The decrease in efficiency was due to lower fluidizing index of
the bed. At lower equivalence ratio lower density biomass/char particles segregated on the
top. With further increase in the reactor temperature at same air flow rates the gases
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expanded with the bed vicinity which further decreases the fluidizing index at higher
segregation rates. Therefore, most of the conversion took place in the freeboard region
resulting in higher H>O fraction in the syngas thus decreases the overall conversion
efficiency. However, when the equivalence ratio was increased above 0.2, the overall
conversion efficiency was higher at the reactor operating temperature above 800°C
compared to that of 700°C. The overall conversion efficiency was about 76% and highest
with the mixture of coffee and 5 wt.% saw dust compared to the other feedstocks at
equivalence ratio of 0.32 and a reactor operating temperature of 800°C.
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Figure 43:Overall conversion efficiency of the waste feedstocks, coffee grounds, saw dust and bark pellets and
barley straw pellets at different operating conditions
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5.8 CPFD model for the prediction air-steam gasification
(Article 8)

The product gas yield and quality are not only determined by the feedstock types but are also
significantly affected by the type of oxidizing gas used. Air, as a gasifying medium, produces
syngas with lower calorific value. In contrast, steam gasification enhances the hydrogen
content, increasing calorific value significantly. However, steam gasification is an energy-
intensive process that demand significant amount of input energy which increases the
operational cost. Alternatively, combining steam and air gasification can be a cost-effective
approach to generate hydrogen-rich syngas with lower operational cost. For this, the CPFD
model developed was used to simulate gasification of the commercial pellets (wood pellets)
under air-steam oxidizing medium. The aim was to obtain the optimal parameters at which
the hydrogen-rich syngas can be produced from an auto-thermal gasification of wood pellets
using air-steam as the gasifying medium in a bubbling fluidized bed gasifier (Article 9). For
an auto-thermal gasification, the reactor must self-sustain the energy demand for the
conversion which is again dependent on the equivalence ratio and initial bed temperature.
Typically, an equivalence ratio ranging from 0.15 to 0.3 is well-suited for achieving the
highest gas yield when air is used as the oxidizing agent in the gasification process.
However, this specific equivalence ratio may not be efficient for effective conversion when
employing a steam-air mixture as the fluidizing gas. This is because the selected
equivalence ratio could lead to decrease in reaction rates due to a drop in bed temperature.
Therefore, to find an optimal equivalence ratio, the CPFD model was used to simulate
thermal air flow gasification. The optimal equivalence ratio was quantified based on the
higher heating value gases, a lower amount of unreacted carbon in the bed, and higher bed
temperature suitable for the addition of steam. The change in bed temperature and
unconverted carbon fraction with time at equivalence ratio in the range 0.15-0.3 is depicted in
Figure 44. The initial bed temperature of 1073 K was selected by accounting the bed
sintering temperature and pyrolysis temperature. The result illustrates that at equivalence
ratio 0.13, the bed temperature decreased initially due to dominant endothermic reactions
followed by the pyrolysis reactions. However, the average bed temperature stabilized later
and fluctuated around 1050 K, indicating that the partial char oxidation reaction provided the
thermal energy required for the endothermic reactions.

Conversely, elevated average bed temperature was observed at equivalence ratios 0.2, 0.25,
and 0.3. The rise in the bed temperature was due to the availability of sufficient oxidizing
medium in the reactor that promoted the oxidation reactions releasing heat to the system.
Similarly, the fluctuation in the total mass of particles for different equivalence ratios are
shown in Figure 44 (b). The bed material mass was constant. Therefore, the change in
particle mass is due to variation in conversion rate of supplied biomass at different
equivalence ratios. As illustrated in the Figure 44 (b), the total particle mass initially
increased during the first 200s and then decreased. The initial increment in the particle mass
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was due to char accumulation in the bed with lower conversion rate of the biomass
compared to total inlet flow rate of supplied biomass. The maximum accumulation rate of the
char particles in the bed was higher at an equivalence ratio of 0.15 and lower at an
equivalence ratio of 0.3. Due to higher oxygen availability in bed, the char conversion rate
occurred faster at an equivalence ratio of 0.3, resulting in a higher bed temperature.
Comparing the product gas composition, the results depict that at the equivalence ratio 0.15,
the product gas compositions were enriched with CH4, CO and H.. This trend was analogous
to the result predicted for the grass pellets mentioned in the section 5.1. As the air supply
was increased, the product gas was diluted with nitrogen, resulting in lower CH4, CO and H2
fractions and higher CO2 concentration in the product gas. Consequently, for the attainment
of superior gas quality using air as the oxidizing medium, a lower equivalence ratio is
favoured. However, when utilizing steam-air as the fluidizing gas, it becomes apparent that at
the lower equivalence ratio of 0.15, as illustrated in Figure 44 (a), the reactor may not self-
sustain the necessary thermal energy required for the conversion. Therefore, when selecting
an equivalence ratio for employing air-steam as the fluidizing gas, it is imperative to consider
a combination of parameters, including product gas quality, reactor temperature, and the
presence of unconverted carbon in the bed.

An equivalence ratio of 0.25 was chosen for steam addition because, under this condition,
the reactor operates at a higher temperature, with less char accumulation in the bed,
resulting in improved gas quality. At a specified equivalence ratio of 0.25 and an initial bed
temperature of 1073K, the introduction of steam was implemented together with air, serving
as both the gasifying and fluidizing medium. Air-to-steam ratio ranging from 0.01 to 0.2 was
employed, and the effects of this steam addition on the resulting outlet product gas, bed
temperature, and char conversion were evaluated. In Figure 45, the optimal steam-to-air ratio
(SA) is illustrated, depicting the conditions under which the highest hydrogen yield and the
proportion of CO and H2 in the product gas were achieved. When air served as the gasifying
medium at an equivalence ratio of 0.25, the hydrogen concentration in the product gas was
11 vol.%. Upon introducing 1 wt.% steam into the air inlet, the H2 fraction in the product gas
nearly doubled to 21.5 vol.% as depicted in Figure 45 (a). As the steam-to-air ratio increased,
the hydrogen fraction in the product gas also increased, reaching a peak at the steam-to-air
ratio of 0.05 wt.%, after which it declined with a further increase in the steam fraction in the
gas supply. The initial increase in the hydrogen fraction up to the steam-to-air ratio of 0.05
was attributed to the enhanced water gas shift reaction, steam gasification reaction, and
methane reforming reaction (as presented in Table 4). These reactions involved the
conversion of CO, CHs, and carbon, in the presence of added steam, to produce a hydrogen-
rich syngas. However, the hydrogen concentration in the product gas subsequently
decreased due to the presence of excess unreacted steam in the reactor, as illustrated in
Figure 45 a. The excess steam in the reactor led to a reduction in the reactor temperature,
resulting in restriction of the water gas shift reaction and thus, lower hydrogen fraction
beyond the SA of 0.05.
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Figure 44: (a) Fluctuation in bed temperature with time at different equivalence ratios, (b) fluctuation of bed
mass vs time at different equivalence ratios.

Furthermore, the ratio (y') between fuel gases (CO and H;) and (CO; and H;0) are
compared in the Figure 45(b). The findings indicate that when utilizing up to 5 wt.% steam in
the inlet gas, the CO fraction in the product gas increased together with the H; yield, owing to
the enhancement of steam and CO2 gasification reactions with char. This resulted in a peak
value of y’ = 4. However, y' decreased with a further increase in the steam concentration in
the inlet flow, primarily due to the rise in the unreacted H20 concentration in the product gas.
Therefore, for a given equivalence ratio, the amount of steam that can facilitate efficient
conversion depends on both the bed temperature and the quantity of unreacted carbon
particles in the bed. The bed temperature must be maintained at a level sufficient to support
both homogeneous and heterogeneous reactions, while the amount of unconverted carbon in
the bed should be in proportion (below 10 wt. %) to ensure that the fluid dynamics remain
unimpeded. A high char load on the bed can lead to a transition from the bubbling regime to
slugging or defluidization, thus impeding the conversion process. As illustrated in Figure 45
(d), the bed temperature began to decline significantly at an SA ratio of 0.2 with an increase
in the mass of unconverted carbon in the bed. Simultaneously, the CO2 fraction slightly
decreased at an SA ratio of 0.2, and the H20 fraction increased tenfold as the SA ratio was
raised from 0.05 to 0.2. The decreased bed temperature, reduced CO2 fraction, and
increased carbon content in the bed indicate slower oxidation reactions at an SA ratio of 0.2.
In contrast, at a steam-air ratio of 0.05, the bed temperature was self-sustained at the
required thermal input (as depicted in Figure 45 d), resulting in an improved gas yield, with
lower char accumulation in the bed (refer to Figure 45c).
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Figure 45: (a) Change in hydrogen fraction in the product gas outlet at different steam-to-air ratios, (b) optimal
steam-to-air ratio for higher quality gas yield, (c)change in particle mass vs time at different steam to air ratios
and (d) fluctuation in the particle temperature at different steam to air ratios.
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6 Discussion of the results and
contributions

As discussed in chapter 1, the main objective of this work is to investigate the gasification of
waste feedstocks in a BFB reactor. The contribution of this work is to operate a BFB gasifier
at optimal conditions with a wide category of waste feedstock to obtain higher quality syngas.
Therefore, the result of this work is inclined towards addressing the problems encountered
during utilizations of waste in a BFB reactor and can be categorized under experimental
findings and CPFD simulation results. The experimental works include densification of waste
feedstocks into mechanically durable pellets and gasification of waste feedstocks for syngas
recovery at optimal reactor operating conditions. Similarly, simulation work contributes to
identify optimal operating parameters and overcome challenges associated with the
experimental measurements.

Air gasification at an equivalence ratio above 0.2 is a common practice. However, utilizing
higher ERs, particularly in air gasification, possesses disadvantages as it dilutes the product
gas with nitrogen. With the goal to minimize excess air supply beyond what is necessary for
pure gasification, different ERs below 0.2 was tested in an allothermal operation mode. The
minimum ER was defined as the airflow required to convert all the char without any
accumulation in the reactor bed. Two commercial feedstocks, wood pellets and grass pellets,
were gasified at temperatures from 650°C to 800°C and compared with a low-grade feedstock
wood chips. From this study the minimum equivalence ratio and the reactor temperature
required to get about 75 % carbon conversion efficiency was obtained. Similarly, the study
identified challenges such as agglomeration conditions in the bed, lower carbon conversion,
non-uniformity in the reactor temperature, discontinuous feeding of the biomass due to
blockage in the screw. The investigation also identified challenges, including agglomeration
conditions in the bed, lower carbon conversion, and non-uniformity in reactor temperature.
While this study was valuable for selecting parameters for running the gasifier in an
allothermal mode, allothermal gasification processes are mostly suitable for lab scale. To
implement allothermal gasification on an industrial scale is costly. Therefore, the next
approach was to run the gasifier in an autothermal mode by utilizing a wide variety of
feedstocks. For this, different low-grade feedstocks such as fish pellets (animal waste origin),
garden wastes (plant wastes) and paper pellets (MSW) were selected, and the syngas and
heat generation potential were assessed in an autothermal gasification mode. The feedstock
varied in size, density, moisture, and ash content. The influence of these properties in the
fluidizing index of the bed were accessed together with the gas yield strength, chemical
conversion efficiency and thermal conversion efficiency. To address the issue related to
discontinuous feeding of the feedstock, an appropriate screw feeding system with proper
screw thread and diameter suitable for each feedstock type was used.
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Other contributions of this work include densification of low grade waste feedstocks such as
coffee grounds, barley straw, saw dust and bark in the pellets form without any binders or
chemicals. The lab scale pelletizer was used to identify optimal parameters such as die
temperature, moisture content of the raw feed and distance between die and roller for
producing mechanical durable pellets with higher compression strength. Similarly, the
mixture of these feedstocks were utilized for co-pelletization, and the influence on the
properties of the pellets were assessed by analytic methods. Also, the influence of the co-
pelletization of the wastes on the syngas quality were identified.

During the series of gasification tests, some uncertainties such as lower gas residence time,
slug in the bed, improper air/gas distribution, unconverted carbon, sudden fluctuation in the
reactor temperature, segregation etc. were identified. To overcome such challenges, which
were difficult to encounter experimentally, CPFD simulations were used which were used.
For instance, the CPFD model was developed to investigate the air supply methods which
include supply of air through uniform air distribution, and side nozzles. The influence of the
air supply methods on the bed dynamics and the air distribution in the bed were investigated.
Similarly, two different modes of biomass injection methods i.e., on the top of the bed or in
the bed were studied. The influence of biomass injection on the temperature distribution,
biomass segregation, unconverted carbon and product gas yield was investigated. The
bubble dynamics in the BFB plays critical role in the heat transfer, mixing and segregation,
contact between gas and solid phase thus, govern the temperature distribution of the reactor
and affect the overall conversion efficiency. This study focuses on bubbling fluidized bed
gasifier. Therefore, special attain has been given to investigate the influence of the bubble
properties on the fluid dynamics and thermal behaviour of the gasifier. A simple
mathematical model has been proposed based on the superficial gas velocity and bubble
diameter to set operational parameters for high-quality gas yield and higher gas residence
time during biomass gasification.

Using steam as a gasifying medium is a promising method to enhance hydrogen yield in the
product gas. However, steam gasification is an endothermic process that demand high
energy input. Therefore, a method has been proposed based on the CPFD simulations to
use mixtures of air and steam as the gasifying medium and run the reactor in an autothermal
mode for higher hydrogen yield in the product gas. The overview of the major findings and
problems or challenges encountered for energy recovery from wastes in a BFB reactor are
depicted in Figure 46.
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Figure 46:Schematic representation of the main findings of this work, and experimental and simulation work
employed to identify the problems/challenges encountered during gasification of the waste feedstocks in a BFB
gasifier and pelletization of raw feedstocks and their mixture using a lab scale pelletizer.
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7 Conclusion and recommendations

The aim of this work was to use waste feedstocks and their mixtures as fuel in a bubbling
fluidized bed gasifier and operate the reactor at optimal conditions for a high-quality product
gas. The task has been accomplished using a combination of experimental work and CPFD
simulations. For the experimental work, three different BFB reactors were employed to gain
better understanding of the fluid dynamic behaviour coupled with thermochemical conversion
phenomena in a BFB. The fluidized bed setup used in this work includes: (i) a cold flow BFB
reactor equipped with pressure sensors, (i) a cold flow BFB reactor equipped with ECT
sensors and (iii) a 20 kW BFB gasifier. The cold flow model of the fluidized bed reactor was
employed to investigate the fluid dynamic behaviour of the bed containing bed material, char
and biomass, bubble dynamics, mixing and segregation, and fluidization regime. The results
from the cold flow model were used to select the operating parameters, such as gas velocity,
particle diameter, and static bed height for the gasification experiments. Air was used as the
gasifying medium for the gasification experiments on a 20 kW BFB gasifier operated in both
autothermal and allothermal modes with waste feedstocks.

Different waste feedstocks from various sources, such as MSW, agricultural, garden, and
industrial waste, were used as fuel for the gasifier. All the waste feedstocks, paper, fish, garden
residue, sawdust, coffee grounds, barley straw, bark, and grass were used in the pellet form
except for wood chips. Among these feedstocks, barley straw, sawdust, bark and coffee
grounds were pelletized using a lab-scale pellet mill, KAHL pelleting press 14-175. The results
illustrated that the pellet quality was significantly influenced by the die temperature, initial
moisture content of the feedstock, and the distance between roller and die. Optimal conditions
for the pelletization of coffee grounds and barley straw were observed at the die temperature
ranging from 50°C to 60°C, a moisture content between 9% and 14% by weight, and a roller-
to-die distance of 4 mm. These conditions resulted in the production of mechanically durable
pellets with enhanced compression strength.

Allothermal air-gasification of the feedstocks, wood chips, grass pellets, and wood pellets was
carried out at ERs < 0.16 to reduce nitrogen concentration in the product gas. The results
demonstrated that wood chips could obtain about 75% carbon conversion efficiency at ER 0.16
and at reactor temperature 800°C. On the other hand, the grass pellets formed agglomerates
at a reactor temperature of 800°C. ER, of 0.15 at temperature 800°C for wood pellets, delivered
the best overall performance with a 70% carbon conversion. These tests with commercial
feedstocks, wood and grass pellets, and a low-grade feedstock (wood chips) allowed to identify
challenges, including agglomeration conditions in the bed, lower carbon conversion, non-
uniformity in the reactor temperature and blockage in the feeding system. Subsequently,
adjustments were made in selecting operational parameters to minimize the mentioned
challenges and run the reactor in an auto-thermal mode.

For the auto-thermal gasification tests, an initial bed temperature of 650°C was selected by
considering the ash sintering and pyrolysis temperatures of the feedstocks. The low-grade
feedstocks, fish pellets (animal waste origin), garden wastes (plant wastes), and paper pellets
(MSW) were gasified over an equivalence ratio of 0.15-0.35, and the syngas and heat
generation potential were assessed. The result showed that the overall conversion efficiency
(chemical and thermal conversion efficiency) of paper pellets reached approximately 80-90%,
garden waste exhibited a conversion efficiency of 50-60%, and fish pellets demonstrated a
lower range of 22-40%. The diminished conversion efficiency of fish pellets was ascribed to
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the animal-based origin of the feedstock, containing fats and proteins, necessitating higher
temperatures for degradation. Notably, despite the high moisture content of paper pellets (26
wt.%), the results indicated a higher conversion efficiency. This suggested that the moisture
content had little to no influence on the conversion process when the feedstock was injected
on the top of the bed.

Similarly, the waste feedstocks, coffee, and barley straw were gasified over the equivalence
ratio of 0.15-0.32 at two different reactor temperatures, 700 °C + 25 °C. and 800°C + 25 °C in
an allothermal mode. The result illustrated that at 800°C + 25°C reactor temperature, the
conversion efficiency increased by approximately 10% when the equivalence ratio was
increased from 0.15 to 0.32. On the other hand, at reactor temperature 700°C + 25 °C the
opposite trend was observed. The maximum conversion efficiency of the coffee grounds and
straw reached up to 76%, which showed both the wastes as potential feedstock for energy
recovery when compared to the commercial wood pellets over the same gasification
conditions. In addition, the result demonstrated that the conversion efficiency of the pellets
improved with the enhancement in mechanical durability and compression strength. Through
a comprehensive series of experimental tests, challenges within a BFB gasifier, including
issues such as slugs or large bubbles bypassing the bed, excess steam in the product gas,
unconverted carbon, reduced gas residence time, and inadequate distribution of gas and
biomass in the bed, were identified. Computational Particle Fluid Dynamics (CPFD)
simulations were utilized to address these complexities, providing a valuable tool for
investigating challenges that would have been challenging to address through experimental
means.

The CPFD simulations were carried out using the commercial software Barracuda VR 21.1.1.
In a BFB gasifier, the challenges above are significantly influenced by the bubble properties in
the bed. Therefore, the dynamical and thermal properties of the bubbles were investigated
using the CPFD simulations and experimental measurements. The CPFD model was validated
with the experimental data obtained from the ECT measurements and gasification
experiments. The result revealed that smaller bubble sizes with high bubble frequency
appeared in the hot gasifying bed compared to cold bed conditions. Increasing the gas flow
rate at a constant air-fuel ratio increased the bubble diameter and amount of unconverted char
particles with different degrees of reactions across the bed, reducing the gas residence time
and lowering the biomass conversion efficiency. A simple correlation was proposed based on
bubble diameter and superficial gas velocity, which can be used to design a BFB gasifier and
set operational parameters to achieve optimum gasification.

The CPFD model was also used to simulate air-steam gasification to enhance the syngas
quality and assess the possibility of running the reactor in an autothermal mode with air-steam.
First, the equivalence ratio at which the reactor temperature could self-sustain the required
heat for steam addition was obtained. The results illustrated at ER 0.25 and initial bed
temperature of 1073 K, the reactor maintained a higher temperature with less char
accumulation; thus, ER 0.25 was selected for steam addition with a steam-to-air ratio ranging
from 0.1 to 0.2. The result revealed that the hydrogen fraction in the product gas was
approximately double when 1 wt.% steam was added to the inlet gas. However, with a steam-
to-air ratio exceeding 0.05 wt.%, the product gas quality declined with unreacted water vapour.
This study was performed at one initial bed temperature. However, for an autothermal
operation, the initial bed temperature significantly influences the reactor temperature during
conversion for a continuous process. Therefore, other initial bed temperatures should be
investigated to find the optimal steam-to-air ratio, and the result should be validated
experimentally.
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Similarly, the CPFD simulations were used to assess the influence of biomass feeding position
in a BFB gasifier. Two feeding positions were selected: on the top of the bed and in the bed
near to the bottom of the reactor. The result revealed that in-bed feeding of the biomass was
more effective with respect to the product gas quality, reactor temperature uniformity, and
amount of unreacted carbon in the bed. This study needs to be further investigated with a wide
distribution of bed material and biomass with varied density, size, and moisture content.

Further, simulations were carried out to investigate the influence on the fluidization patterns of
the bubbling bed with different modes of air supply: (i) uniform air distribution (with air
distributor), (ii) with side nozzles, and (iii) multiple injection points. The result demonstrated
that air can be injected in the fluidized bed with the side nozzles while maintaining similar fluid
dynamics properties of the bed compared to air distributor as flow boundary conditions. Thus,
side nozzles as flow boundary conditions can be employed to minimize the cost and avoid
operational challenges related to the presence of air distributor in the gasifier. However,
additional attempts should be made to investigate the flow dynamics behaviour with side
nozzles as airflow boundary conditions in the bed containing the biomass and bed materials
mixture at hotbed conditions as this study was conducted at ambient conditions.

Finally, the following extended experimental works are suggested for further research to utilize
waste in a BFB reactor and run the reactor in an auto-thermal mode:

e Experiments with catalyst or olivine particles as the bed material could help to run the
reactor in an auto-thermal mode at lower bed temperatures.

o Experiments to find optimal steam-to-air ratios for autothermal gasification of several
waste feedstocks.
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Abstract

Gasification using a fluidized bed is a promising
technology to convert agricultural residues into product
gases. In this work, the syngas production potential from
agricultural waste (grass pellets) is studied using a
Computational Fluid Dynamic (CPFD) model. The
CPFD model is developed in a simulation software
Barracuda virtual reactor and validated against the
experimental data. Experiments are carried out in a 20
kW bubbling fluidized bed gasification reactor that
operates with air as fluidizing gas. Grass pellets of size
5mm-30 mm in length and diameter of 5mm are used as
the feed.

The CPFD model considers the hydrodynamics of the
gas-solid phase and reaction Kinetics involved.
Influence of the static bed height, bed temperature, and
air to fuel ratio on the product gas composition
(CH,4, €O, CO,,and H,) and char conversion efficiency
are investigated. Initial bed heights of 200 mm and 300
mm are used for the analysis. Biomass is fed at 2.46
kg/hr while the air supplied is varied to obtain the air
to fuel ratio at 0.4, 0.6, 0.8, 1, and 1.2. The result shows
that the increase in bed height has a significant effect on
the reactor temperature but very small effect on the
product gas composition and char conversion rate. An
increase in bed temperature from 600°C to 800°C
improves the gasifier performance in terms of maximum
product gases yield and enhanced char conversion rate.
Increase in the air to fuel ratio from 0.4-1.2 reduces the
CH,,CO, and H, fractions in the product gas and
increases the CO, concentration. The results obtained
from the CPFD model are in good agreement with the
experimental results and literature data. Thus, the CPFD
model developed in this work can be utilized to optimize
the gasification reactor used in a lab and industrial scale.

Keywords: grass pellets, gasification, bubbling-
fluidized bed, CPFD

1 Introduction

With the world’s growing population, increase in solid
wastes from households, agriculture and industries are
inevitable. Strict laws and regulations are set up in the
EU regions and other countries like USA and Japan to
reuse and recycle the municipal solid waste (MSW).
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Despite such strict measures three quarters of the MSW
are still incinerated or landfilled. Converting such
wastes into energy not only preserves the landfill space,
but also facilitates the increasing energy demand.
Thermochemical conversion technologies such as
pyrolysis, combustion, and gasification enable efficient
conversion of solid wastes to different energy forms
such as heat and electricity. Gasification of solid wastes
has several potential benefits over combustion
specifically in terms of operating conditions and various
reactor types suited for specific purposes. In the
gasification process, the solid wastes are partially
oxidized with limited amount of oxygen or steam that
prevents combustion. The conversion of solid waste to
product gases in a gasification process occurs in
complex thermochemical routes. The first step is drying
and devolatilization. The solid fuels are converted into
volatile gases, char, and tar after pyrolysis and then the
char is gasified with a gasifying agent (air or steam) at
temperatures in the range of 600-900°C. The process can
be autothermal or allothermal, depending on the
gasifying agent and the type of reactors. When using air
as a gasifying medium, the process is driven auto-
thermally. The heat required for the chemical
conversion of the fuel is supplied by partial oxidation
reactions. The exothermic reactions are absent when
steam is used as the gasifying agent, and thus an external
heat source is needed. The advantages of using steam as
gasifying medium is that a synthesis gas with a higher
heating value (15— 20 MJ/Nm?) is produced. When
using air, the caloric value of the synthesis gas is in the
range of 4 — 8 MJ/Nm3. The advantage of using air as
fluidizing gas is that it is cheaper, and some gas turbines
available in the market enable to use lower calorific
value syngas to produce electricity.

The main gas components obtained from the
gasification process are methane, hydrogen, carbon
monoxide and carbon dioxide. The product gases can
be useful for producing biofuels and chemicals or can be
used to operate gas turbines and reciprocating engines.
Gasification using fluidized bed has been considered as
an flexible technology that can use a wide range of fuels.
Fluidized beds provide major advantages such as
uniform mixing and heat transfer (Jaiswal, 2018;
Jaiswal, 2019), which enables efficient conversion of
carbonaceous solid into product gases. The feedstock to
the gasifier has to be cheaper and more flexible in order
to make the process economically sustainable. Thus,
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utilizing wastes from forest, agriculture and household
as feed reduces the overall costs. Over the past few
years, industrial companies and researchers around the
world have assessed the benefits of converting solid
waste into energy and valuable chemical products.
Many researches have focused on investigating different
parameters that influence the product gas composition
and the gasifier efficiency.

Arena et al. performed gasification tests with

different types of waste-derived fuel in a pilot scale
bubbling fluidized bed using air as the gasifying agent
and olivine and quartz sand as the bed material. The
authors reported that gasification of polyolefin plastic
wastes increases the hydrogen concentration by (20-
30%) in the syngas. In a similar study with solid
recovered fuel (SRF), the authors concluded that the
SRF could be gasified to obtain a syngas of valuable
quality for energy applications (Arena et al., 2010).
Xiao et al. studied gasification of polypropylene plastic
waste in a fluidized bed gasifier of diameter 100 mm and
a height of 4.2 m. The authors studied the effect of
equivalence ratio, bed height and fluidization velocity
on the product yield distribution, gas compositions, and
gas-heating value. They found that polypropylene with
air as the gasifying agent, can produce a fuel gas with a
calorific value in the range of 5.2-11.4 MJ/Nm3. (Xiao
et al., 2007)
Alvarez et al. studied hydrogen production from
gasification of a mixture of plastic and wood sawdust
using steam. Adding 20% of polyethylene to the
biomass (sawdust), they found that the gas yield and the
hydrogen concentration increased due to the synergetic
effects between increased gas components. (Alvarez et
al., 2014)

Predicting performance of the fluidized bed gasifier
with a simulation model is of great importance for
optimum design of the reactor to achieve maximum
efficiency. The CFD model can provide detail
knowledge about the operational parameters to be
selected. Several researches have been conducted in the
fluidized bed gasification using simulation tools (Niu,
2013; Erkiaga, 2014; Shen, 2008; Chen, 2016).
However, most of the studies available in literature,
either lack experimental validation of the simulation
model or the model does not account for the particle size
distribution of the bed material and fuel particles.
Particle size distribution is an important parameter that
largely influences the heat and mass transfer within the
bed (Grace, 1991; Beetstra, 2009) thus affect reactor
performance.

In this work, a Computational Particle Fluid Dynamic
(CPFD) software Barracuda VR is used. It is a
commercial simulation software specially designed for
the particle-fluid system. Unlike other CFD software, it
is possible to define computational particles similar to
the experiments with a size distribution in Barracuda.
Many studies have been devoted to gain more insight

into the gasification of biomass in the past using
Barracuda VR (Jaiswal, 2020; Bandara, 2020; Thapa,
2016). However, limited researches are available in the
field of gasification of solid wastes using a CPFD tool.
In this work, the syngas production potential from
agricultural waste (grass pellets) is studied using a
CPFD model. The CPFD model is validated against
experimental data. The CPFD model considers the
hydrodynamics of the gas-solid phase and reaction
kinetics involved. The influence of the static bed height,
the bed temperature and the air to fuel ratio on the
product gases (CH,, CO,CO,,and H,) and char
conversion efficiency are investigated.

2 Experiment

The experimental set up used in this work consists of a
20kW reactor made up of stainless steel. The reactor is
1 min height and the internal diameter is 0.1 m. Three
electrical heaters are mounted on the reactor wall and
heat up the reactor during operation. An air preheater is
used to heat the compressed air (fluidizing gas) before it
is passed into the reactor. Thermocouples and pressure
sensors are placed at different heights to measure the
temperature and pressure variation during the operation
of the reactor. The schematic diagram of the reactor is
shown in Figure 1. The biomass feedstock is supplied
into the reactor by the means of two screw conveyors. A
cold screw conveyer transports the biomass from the
silo to the hot screw conveyer at a specified rate. The
hot screw conveyor runs continuously and injects
biomass into the reactor. The bed material is added to
the reactor with a funnel type opening (2) attached to the
wall of the reactor. A sampling line is attached at the
outlet of the reactor. The gas samples are collected at
certain intervals, and are analyzed in an offline gas
chromatography (GC). The GC uses helium and
nitrogen as the carrier gas. The hydrogen concentration
is measured using nitrogen as the carrier gas, while
methane, carbon monoxide, and carbon dioxide and
nitrogen concentration are measured using helium as the
carrier gas.

Experiments were carried out using grass pellets of
5 mm diameter and 5-30 mm in length. Sand is used as
the bed material and air as the fluidizing gas.

DOI: 10.3384/ecp20176393 Proceedings of SIMS 2020 394

Virtual, Finland, 22-24 September 2020



SIMS 61

defined as that of the experimental data. The pressure
and flow boundary conditions (of air and fuel particles),
transient data points, and the flux plan defined in the
CPFD model are shown in Figure 2. Grass pellets (the
fuel particles) of sizes 5-30cm in length and 5mm in
diameter are used. It has a bulk density of 743 kg/m3
and a lower heating value of 16.7 MJ/kg. Sand particles
of density 2600 kg/m3 and mean diameter 345um are
used as the bed material. For the simulations, the drag
model proposed by Wen Yu is used. The drag model of
the particle calculates the force acting on the particle by
the flow of fluid around it. The simulated product gas
compositions are compared with the experimental data
for validation of the model. The comparison is shown in
Figure 3. The result shows that the model can predict the
product gas compositions close to the experimental data.

1 Fuel Silo
2 Biomaterial funnel

3 Bubbling bed (reaction chamber)
4 Cold conveyor

5 Gas heater

6 Hot conveyor

7 Hlash discharge

8 Air/steam mains

Table 1. Chemical reactions and reaction rate (Xie, 2016;

Figure 1. Experimental setup. Bates, 2017; Soli, 2016).

3 Result and Discussion

3.1 CPFD model

The developed CPFD model uses three-dimensional
multiphase particle-in-cell approach for the CFD
simulation of gas-particle flows. The chemistry module
available in Barracuda enables to define the reactions
and reaction rates involved in the gasification process.
Therefore, the CPFD model simulates the thermal and
chemical kinetics at the particle level providing more
realistic modeling compared to other simulation
software. The chemical reactions and corresponding rate
kinetics used in the CPFD model are listed in Table 1.

Pressure

Flux plane BC
. B 1
4 [ sommsteea|
- Transient
Data points
Flow BC

Figure 2. Transient data points, flux plane, flow and
pressure boundary conditions and feed position (From left)

A CAD geometry in STL format, drawn in
SolidWorks was imported, and total cells of 7128 were
created using the default grid setting available in
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Figure 3. Product gas compositions obtained from the

Barracuda. The properties of fuel particles (grass CPFD model and experiments (model validation).

pellets), bed material (sand), and fluidizing gas (air) are
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3.2 Effect of static bed height

Change in static bed height in a bubbling fluidized bed
gasifier effects the bed hydrodynamic behavior (Jaiswal,
2018), the residence time of the fuel particles and the
temperature of the bed. In this section, influence of the
static bed height on the product gas composition and the
reactor performance are discussed.

Figure 4 shows the product gas composition at static
bed height of 300 mm and 200 mm. For both the cases,
the air to fuel (A/F) is 0.6 and the reactor is operated at
700°C. The result shows that with increase in bed height
from 200 mm to 300 mm at the same operating
conditions the methane, carbon monoxide and hydrogen
concentration in the product gas increases while the
carbon dioxide concentration remains the same. The
total heat content of the system increased with increased
bed height. When the grass pellets are injected into the
reactor at fluidizing conditions, the fuel particles first
sink downwards in the bed and then tends to move
upward due to densities differences (Jaiswal, 2019; Agu,
2019). The increase in bed height allows the fuel
particles to interact with the heated bed material and the
fluidizing gas for a longer time when the contact area is
increased. Thus, the residence time of the fuel particles
is increased, which favored the breakdown of heavy
hydrocarbons, tar and char when exposed to high
temperature. A similar trend is found in the
experimental work performed by (Xiao et al., 2007).
They tested three initial bed heights and confirmed that
for an equivalence ratio maximum gas yield is obtained
at a specific bed height.

20
18
16
S 14
o 12
2 10
L 8
S s
4
2
0
Methane Carbon Hydrogen
monoxide

B H=30cm m®H=20cm

Figure 4. Change in the product gas composition with
initial bed height.

3.3 Effect of equivalence ratio

Equivalence ratio is defined as the ratio of air to fuel
supplied divided by the air to fuel ratio required for
stoichiometric combustion, and is one of the important
parameters in gasification of biomass with air. The
equivalence ratio influences the product gas quality and

guantity. Increase in equivalence ratio increases the
amount of oxidant in the gasifier, and thus it influences
the conversion of char and tar into the product gases
depending on the temperature of the reactor.

In this work, the fuel supply (grass pellets) to the
reactor is kept constant, while increasing the air flowrate
and thereby increasing the equivalence ratio. Figure 5
shows the change in product gas composition at
increased air to fuel ratio from 0.4 to 1.2. The
concentration of methane, carbon monoxide and
hydrogen is decreased and carbon dioxide concentration
is increased with increase in the A/F ratio. This is
because more oxygen is added to the system that
accelerates the carbon monoxide, hydrogen and
methane oxidation reaction routes (R2-R4). In addition,
the elevated nitrogen into the reactor with increased air
to fuel ratios dilutes the product gas composition and
reduces its heating value.

60

50

40

30

20

w1
TR (L]
Methane Carbon CO2  hydrogen Nitrogen

monoxide

HA/F=0.4 mA/F=0.6 mA/F=0.8 WA/F=1 mA/F=1.2

Figure 5. Product gas compositions at different air to
fuel ratio.

3.4 Effect of temperature

Temperature in the gasifier determines the rate of
chemical reactions involved in the gasification of
biomass. The rate at which biomass is converted into
volatile components, char, tar and finally into the
product gases is influenced by the temperature in the bed
and freeboard zone of the reactor. Lower temperature
can end up with too much tar in the product gas and slow
conversion rate of the char. While too high temperature
may allow the ash to melt and stick together the bed
materials, forming agglomerates and defluidization of
the bubbling fluidized bed. Thus, the reactor must be
operated at an optimum temperature so that the fuel
particles are converted into better quality product gases
with maximum gasifier efficiency.
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Figure 6. Product gas compositions at different reactor
temperatures.

Four cases with temperatures 600°C, 700°C, 800°C,
and 900°C are tested at air flowrate of 2 kg/hr and grass
pellets feed rate at 2.46kg/hr. The initial bed height is
200mm for all the cases. Figure 6 depicts the product
gas composition obtained at different reactor
temperatures. With change in temperature from 600°C
to 900°C, the concentration of hydrogen and carbon
monoxide increased significantly and the methane
fraction increased slightly. The reason is that the
reaction routes (shown in Table 1), char partial
oxidation (R1), water-gas-shift reaction (R5) and
methane reforming (R6), are enhanced with the increase
in temperature. The fraction of hydrogen and carbon
monoxide increased from 17% to 21% and 19%
respectively. Increase in quantity of higher calorific
value gases enhance the lower heating value (LHV) of
the product gas. The LHV and cold gas efficiency
(CGE) of the product gas with change in temperature is
shown in Figure 7. LHV of the product gas increases
from 6.8 MJ/Nm?3to 7.5 MJ/Nm?3. Since the CGE of the
product gas is directly related to LHV of the gas (shown
in equation 1), the CGE of product gas increases with
increase in LHV of the gas. The CGE of the product gas
increased from 58% to 66.6%.

CGE(%) =
LHV of the syngas*syngas flow ratex100
LHV of the fed grass pelletsxgrass pellets (1)
feed rate
LHV (ﬂ) — C0%126.36+H,*107.98+CH,*358.18 (2)
Nm3 1000

8 68
7.8 66
7.6 X

64 3*

< 7.2 E

s 5 €0 G

=3 58 ©

L 68 N l‘;ﬂ
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Figure 7. Lower heating value and cold gas efficiency of
the product gas at different reactor temperatures.

4 Conclusion

The main objective of this work was to investigate the
syngas production potential from gasification of
agricultural wastes (grass pellets) using a commercial
CPFD simulation software Barracuda VR. Experimental
data were used to validate the CPFD model.
Experiments were conducted on a 20 kW bubbling
fluidized bed gasifier with air as a fluidizing gas and
sand as the bed material. Grass pellets were fed to the
reactor at 2.46 kg/hr. The samples were collected and
measured in an offline GC. The product gas
compositions obtained from the simulation results and
the experimental data were compared for the model
validation.

The influence of initial bed height, temperature and
air to fuel ratio on the product gas compositions and
gasifier performance were investigated. The result
shows that with increase in initial bed height from 200
mm to 300mm there is a slight increment in the product
gas yield and a significant increment in the reactor
temperature. Different air to fuel ratios, 0.4, 0.6, 0.8, 1,
1.2, were simulated and the result shows that the quality
of the product gas decreases with increase in the air to
fuel ratio from 0.4 to 1.2. More carbon dioxide and
nitrogen are released in the product gas at the higher
value of air to fuel ratio. Decrease in the
CH,, CO, and H, fractions in the product gas reduce the
heating value of the gas. Increase in temperature from
600°C to 900°C enhances the product gas quality. The
fraction of hydrogen and carbon monoxide in the
product gas increased from 17% to 21% and 19%
respectively. Similarly, the CGE of the product gas
increased from 58% to 66.6% with increase in reactor
temperature.

The CPFD model developed in this work can predict
results that are good in agreement with the experimental
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data. Therefore, the model can be utilized to optimize
the gasification reactor.
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Gasification is an attractive method for biomass-to-energy conversion and fluidized bed design is one of
the best options for large scale operation. A bubbling fluidized bed reactor was used to analyze the effects
of biomass type, equivalence ratio (ER) and temperature for product gas compositions. Wood chips, wood
pellets and grass pellets were gasified between 650 °C and 800 °C temperature. The ER was varied
between 0.08 and 0.16. Gasification of grass pellets was difficult at 800 °C due to agglomeration and the
gas composition was poor compared to wood. The reactor performances improved over the temperature
and 650 °C was not sufficient to achieve a reasonable carbon conversion. Nitrogen dilution at higher ERs
was counter weighted by improved carbon conversion at higher temperatures. The highest carbon
conversion was achieved at 800 °C which were 75.8% and 70.6% for wood chips and wood pellets at 0.15
and 0.16 ERs respectively.

© 2021 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license
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1. Introduction

Bioenergy owns an enduring place in future energy profile,
especially due to its dispatchable characteristics and competency in
delivering the full spectrum of fossil based fuels and chemicals
[1,2]. The share of bioenergy was 12.5% in 2019, whereas 90% of the
bioenergy feedstock emerged from lignocellulosic materials such as
wood, grass and straws [3—6]. Liquid fuels from biomass is a high
prospect for the future, where gasification is an efficient conversion
method due to the high carbon conversion and versatility of the
product gas [7—12].

Gasification converts the solid biomass into a gaseous mixture of
carbon monoxide (CO), hydrogen (H,), methane (CH4), carbon di-
oxide (CO,) and other light gases such as ethane, propane etc. High
molecular cyclic or polycyclic hydrocarbons, which are also known
as condensable tars, can be present. Air, oxygen, steam or a mixture
of these is used as a gasifying agent [ 13—15]. Theoretically speaking,
a pure gasification process is endothermic. The asking enthalpy can
be generated inside by oxidizing a part of the biomass or possible to
integrate from an external source, which are known as auto-

* Corresponding author. 64A, Vallermyrvegen, 3917, Porsgrunn, Norway.
E-mail address: Janitha.bandara@usn.no (J.C. Bandara).

https://doi.org/10.1016/j.energy.2021.121149

thermal and allo-thermal gasification respectively. The product
gas is diluted with N, whenever the air is used, whereas the reactor
temperature varies between 700 °C and 1100 °C. Except the dual
reactor circulating fluidized bed configuration in Fig. 2 (left), the
major processing steps of drying, pyrolysis, oxidation and reduction
reactions take place in a single reactor. Fixed bed designs as in Fig. 1
are the oldest, whereas fluidized bed designs as illustrated in Fig. 2
and entrained gasifiers are efficient developments to operate in
large scale. Major reactions take place inside a gasification reactor
are given in Table 1 [12,16].

The gasifying agent, reactor designing, physical and chemical
properties of biomass, reactor temperature and pressure, residence
time, equivalence ratio (ER), steam-to-biomass ratio (SBR) and the
catalysts are the succeeding parameters for the gas composition
[17—23]. Heating value of the product gas is possible to upgrade
from 5 MJ/Nm? to 18 MJ/Nm® if the gasifying agent is shifted from
air to oxygen or steam. The H; and CO contents can be maximized
up to 60% and 40%—45% with steam and oxygen respectively. The
H, and CO contents from air gasification vary between 10% and 25%
[12,24,25]. Tar is identified as one of the major barriers in
commercialization of gasification due to process hindrance in
clogging pipes and engines, turbine fouling and catalyst poisoning
in Fischer—Tropsch (FT) synthesis and solid oxide fuel cells [7,9,26].

Bubbling fluidized bed (BFB) is the simplest designing of

0360-5442/© 2021 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).
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Fig. 2. Fluidized bed gasification, duel-reactor circulating fluidized bed (left) and bubbling fluidized bed (right).

fluidized bed gasification. Of biomass, which has been studied
many researchers [19,25,27—42]. A solid carbon fraction is
remained after the pyrolysis. The primary drive of using a gasifying
agent is to bring all the carbon into the gaseous phase, as biomass
carrying oxygen and hydrogen is not sufficient. Using of oxygen
involves a high operational cost and therefore, air is used as the
gasifying agent in general applications. Majority of these reactors
are auto-thermal in which, additional amount of air (than the
requirement for stoichiometric gasification) is supplied to trigger

the oxidation reactions and consequently to keep up the target
reactor temperature. The typical equivalence ratios (ER) used in
previous studies have been between 0.2 and 0.4, whereas using 0.2
or higher ERs has emerged as a thumb rule [38]. Using of higher ERs
is disadvantageous, especially in air gasification, as the product gas
is diluted with N; for a higher degree. Therefore, minimization of
the excess air supply than what is required for pure gasification.
This can only be achieved by upgrading the auto-thermal reactor
into an allo-thermal or a hybrid reactor. Electrical heated walls is
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Table 1
Basic homogeneous and heterogeneous reactions of gasification.
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Stoichiometric Reaction

Reaction name Enthalpy (k]J/mol)

C+ 0y nd CO,

C+ 050, - o

co+ - o,
0.50,

H, + 0.50, - H,0

C+ H,0 o Hy + CO

C+ CO, o 200

C+ 2H, o CH,

H,0+ CO - H, + €O,

CHy + o 3H, + CO
H,0

Drying and pyrolysis - Endothermic
Tar conversion, reforming and oxidation

Char combustion (-394)
Char partial oxidation (-111)
CO oxidation (-283)
Hydrogen combustion (-242)
Steam gasification +131
Boudouard reaction +172
Methanation (-75)
Water-gas shift reaction (-41)
Methane reforming +206

not viable in a commercial scale BFB gasifier and however, such a
reactor operated at pilot scale is useful in setting up the operational
limits.

An electrically heated hybrid reactor was used in this work to
study the minimum ER in a BFB biomass gasifier. The minimum ER
was defined as the airflow sufficient enough to convert all the char
without accumulation in the reactor bed. Lower temperatures
down to 650 °C was also tested as the equilibrium reactor tem-
perature at auto-thermal conditions for reduced ERs is low. In order
to strengthen the discussion, three different feedstock those of
woodchips, wood pellets and grass pellets were gasified between
650 °C to 800 °C. The ER was gradually increased from approxi-
mately 0.1 for each feedstock at each temperature. The Change in
the gas composition and other performance indicators such as gas
yield, carbon conversion were recorded as a function of tempera-
ture and ER for each feedstock.

2. Materials and experimental methods

Wood pellets, wood chips and grass pellets were the feedstock
and as illustrated in Fig. 3, the pellets were 6 mm in diameter. The
30—40 mm length pellets were broken during the feeding through
screw conveyors. The chips were heterogeneous in size and sieved
using 30 mm sieve. Compositions of the feedstock were tested at
Eurofins testing facility and the results are given in Table 2.

2.1. Experimental system description

The bubbling fluidized bed reactor is a collaborative develop-
ment of University of South-eastern Norway and BOKU, Austria. The
reactor operates at atmospheric pressure where the diameter and
height are 0.1 m and 1 m respectively. Electrical heaters are used to
heat the rector and gasifying air supply. As illustrated in Fig. 4, fuel

is stored in a silo and conveyed to the reactor using two screw
feeders. The non-conductive flange connection between two
screws avoids and Nj supply in hopper avoid any heat flow the
reactor to hopper. The feedstock inlet is 0.25 m above the bottom.

Temperature and pressure are measured along the reactor, silo,
screw conveyor, air pre-heater, air inlet, gas outlet and reactor
heating coil. Sensor data acquisition, temperature controlling and
safely shutdowns are controlled by a central PLC unit. The hot
conveyor operates continuously at a constant speed in order to
avoid any formation of “Biomass Bridge” between two screws. The
feed rate of biomass is pre-calibrated as a function of cold conveyor
motor capacity. The cut-off temperatures for reactor heater and air-
preheater are 1000 °C and 600 °C respectively. Nitrogen flushing of
the reactor starts at emergency shutdowns.

SRI gas chromatography (GC) was used in gas analysis where
CO2 was detected by a silica gel packed column and N3, O, CH4, and
CO by molecular sieve 13X packed column. Helium was the carrier
gas and the H; composition was calculated by the difference. The
accuracy of calculating the Hy composition by difference was vali-
dated with several samples using N3 as the carrier gas.

The reactor was initially filled with two litters of 200—400 um
sand particles (density-2650 kg/m?). The reactor heaters and the air
preheater were switched on while the bed was at fluidization
conditions. Once the bed material reached 650 °C, the fuel feeding
was started which kept constant for all experiments. ER was
manipulated with the airflow and reactor heaters were energized
accordingly to maintain the desired temperature. The bed pressure
was constantly monitored which was useful in identifying any
clinker formation. The samples were extracted at 10 min intervals
and kept for cooling down in order to let the tar condense. Pre-
cautionary measures were always taken to remove the gas volume
collected inside the sampling pipe during the previous sampling.

Equation 01, 02, 03 and 04 is used to calculate the lower heating

U g
: .

23

Fig. 3. Size range of wood pellets, grass pellets and wood chips.
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Table 2
Biomass properties.
Biomass Ultimate analysis (%) Proximate analysis (%) LHV (dry) M]/kg
C H 0] N Fixed C Volatile Moisture Ash
Wood pellets 50.9 6.0 42.6 14.0 77.8 7.9 030 18.9
Grass pellets 46.9 5.7 33.7 3.19 12.6 69.5 8.4 9.49 16.7
Wood chips 51.0 6.1 422 135 74.8 111 0.58 18.8
Standards

Ash-EN 14775, Heating value-EN 14918, Moisture-EN 14774, Ultimate-EN 15408, Volatile-EN 15402

1) Fuel silo

2) Bedmaterial feeding funnel

3) Bubbling reactor

4) Feeding conveyor (cold)

5) Feeding conveyor (hot)

6) Gas heater

7) Material discharge

8) Compressor

9) Temperature and pressure
sensor connectors

Fig. 4. Bubbling fluidized bed experimental rig with auxiliary attachments.

value of synthesis gas (LHV), the gas yield (GY), the carbon con-
version efficiency (CCE %) and the cold gas efficiency (CGE %)
respectively, which are the main parameters used in comparing the CGE — GY* LHVsyngas

gasifier performance [27,41]. LHViomass 100% Equation 4

LHV (M] / m3) = {[H,]*107.98 + [CO]*126.36 -+ [CH,]*358.18} / 1000 Equation 1

3. Results and discussion

The screw conveyor was robust with pellets and however,
frequent blockages were observed for woodchips. The narrow pipe
section connecting two screw conveyors resulted in frequent hin-
drance for the flow of woodchip, whereas moist biomass powders
caused stuck between the screw and the surrounding pipe of the
conveyor. Interrupted flow was identified either by increasing

Volume rate of producer gas (NT"”‘E)

Nm3
Y kg biomass) —
& Biomass feed rate (’%g)

Equation 2 .
reactor temperature or decreasing bed pressure drop.
The calibration of feed screw for grass pellet is depicted in Fig. 5
. . . . o where wood pellets and woodchips showed a similar profile. The
CCE % — 12(CO% + COx% + CHa% + 2*GyHq%)*GY 100% feed rate was fluctuating in positive and negative directions from
) *fuel C%*100 0 iodi i
22.4*fuel C% the average. Due to the periodic operation of cold conveyor at lower

Equation 3 feed rates, the reactor experienced zero biomass inflow frequently.
As the product gas composition is a strong function of pyrolysis
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Fig. 5. Variation of fuel feed rate for grass pellets measured in 2 min time periods.

products, varying feeding of biomass could exert a certain uncer-
tainty to the measured gas composition. As illustrated in Fig. 6, a
wider screw-pitch at the start of the hot conveyor could collect a
certain amount of biomass even under the periodic operation of
cold conveyor. A narrowing pitch towards the reactor inlet results
in a steady biomass flow while converging pipe diameter guaran-
tees a complete filling of biomass over the entire cross section.
Further, an inclined cold conveyor with N; flushing could retard the
migration of sand into the conveyor, because abrasion of sand be-
tween the screw and the pipe wall can erode the pipe.

3.1. Experimental results of gasification

Precise tuning of biomass flow was difficult and therefore, the
cold conveyor was operated at 2% capacity, which resulted in
2.3 kg/h, 2.42 kg/h and 2.7 kg/h flowrates for woodchips, wood
pellets and grass pellets respectively. The minimum air flowrate of
1.5 kg/h was selected based on the minimum fluidization velocity of
the bed material. The calculated ER values based on flowrates and
the biomass ultimate analysis are given Table 3. The changed air
flowrate, to change the ER, could alter the fluidization conditions,
whereas being a small diameter reactor, changing the biomass feed
rate could have worse effects. Drying and pyrolysis processes
extract energy from the bed, which reduce the bed temperature at
biomass injection. The more the biomass inflow, the more the
temperature reduction, which will change the pyrolysis conditions.

Possible empty places

Original conveyor

Energy 233 (2021) 121149

Table 3
Actual airflow and ER for different experiments.

Biomass Feed Rate  Stoichiometric ~ Actual air flowrate (kg/h)
(kg/h) Air (kg/h) 15 2 25 30
Equivalence Ratio (ER)
Wood pellet 2.42 19.6 0.075 0.100 0.125 0.150
Grass pellet 2.72 213 0.070 0.090 0.120 0.140
Wood chips 2.30 18.9 0.080 0.100 0.130 0.160

Further, segregation of biomass and bed material is also possible.
Therefore, a proper selection of the bed material and the fluidiza-
tion velocity is vital. Gas production rate was approximated using
the Ny balance between inlet and outlet. The final gas composition
is triplet averaged and so does the subsequent calculated values
such as LHV, carbon conversion etc. However, the aforementioned
uncertainties are not completely eliminated.

For lower ER below 0.1, the reactor temperature could not
maintain above 650 °C without the electrical heaters. At higher ERs,
it was possible to take up the temperature to 750 °C range being the
electrical heaters switched off and however, the heaters were
continuously operated for higher temperatures than 800 °C range.
The temperature varied by +20 °C during certain experiments,
especially during the efforts of operating the reactor in auto-
thermal conditions.

The lower limit of ER for biomass gasification has been slightly
above 0.2 in literature. Any remaining oxygen above the bed surface
leads to oxidation of CO, Hy, and CH4 that can decrease the gas
quality. Whenever biomass is fed to the bed surface, the most
efficient approach is to maximize the gas fraction during pyrolysis.
The air flowrate should be carefully selected as it is adequate
merely to oxidize the char inside the bed. Consequently, the oxygen
is totally consumed before leaving the particle bed. The bed pres-
sure drop remains constant if the char is completely converted,
whereas the pressure drop should develop over time if not. The
dynamic bed pressure drop for wood chips for different experi-
mental cases are illustrated in Fig. 7. The first graph represents the
gasification at 0.08 ER and 650 °C temperature. Initial jump in the
pressure drop was due to the start of biomass feeding. The trend
line illustrates a gradual increment of bed pressure over time,
suggesting the accumulation of unconverted char. A similar trend,
however with a less gradient, is observed for increased ER of
0.130 at the same temperature. The final graph in Fig. 7 represents

Periodic fuel feeding
from cold conveyor

—
@]
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Q
[
Y ﬂ\ ﬂ\ ‘
~ /£ 7/ 7/ 7/
’ ‘#.TM;::» :-M;.:w--.- P (5 TT1
R T o
i B Possible sand going
Iyl A .
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Fig. 6. Conveyor modification; 1- varying pitch, 2 - converging pipe.
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Fig. 7. The change of bed pressure with time for different ER and temperature.

the gasification at 800 °C and 0.16 ER, where the pressure drop 3.2. Gasification of wood chips

remains approximately constant over time. Consequently, it can be

concluded that the 0.16 ER is marginally sufficient to oxidize the Fig. 8 summarizes the product gas composition obtained with

total char fraction generated at 800 °C for wood chips. wood chips. The presence of oxygen is less than 1% for all the
temperatures and ER ranges, which is hardly noticeable at the
bottom of the bar chart. The gas sampling was carried out manually



J.C. Bandara, R. Jaiswal, H.K. Nielsen et al.

Energy 233 (2021) 121149

650°C 750°C 800°C
100
1410 1215 1150 9SS ooy De7o) [2G) EHED = B B .
11.80
80 17.15
17.60 = B 20.00 N2
Q\O
g 90 -‘ = CO2
:
2 40 - CH4
3 ‘
20 - mCo
H2
0
0.08 0.10 0.13 0.16 0.08 0.10 0.13 0.16 0.08 0.10 0.13 0.16
ER ER ER
Re-calculated with out nitrogen and oxygen
100
W B R B EBE = E E 3 E E B S
X
A CH4
S
-~
é = CO
H2
0.10 0.13 0.16
ER
Fig. 8. Product gas composition of wood chips at different equivalence ratio and reactor temperatures.
Temperature °C sampling and further, the gas resident time was sufficient to
oxidative reactions to complete.
5
f 5 & & 2 The temperature profile along the reactor at 650 °C and for
Gas exit e e e ° different ERs are illustrated in Fig. 9. The temperature sensors T8,
— T3 and T4 are located at air inlet, inside to the bed and just above
the bed respectively. Electrical heaters were in operation for lower
ER ERs of 0.08 and 0.1 where the average temperature of reactor wall
was 750 °C. Therefore, the product gas was continuously heated
Ts — —-0.08 from the bed surface to the exit. The temperature gain in 0.08 ER is
. - ——0.10 higher than 0.1 because of the low gas flow. In contrast, the gas
— .
8 temperatures at ERs of 0.13 and 0.16 were approximately constant
b 0.13 from above the bed to exit. The electrical heaters were not used and
& 0.16 the reactor wall temperature was same as the reactor bed. The
. endothermic characteristics of progressing pyrolysis reaction is the
Biomass T4 : ’
PG % main reason for observed temperature drop just above the bed (T4).
""" | Even though the bed temperature was nearly constant around
| 650 °C, the comparison for different ERs has slight uncertainty
Parti 1‘ because of the temperature variation at the gas exit.
article | . . R .
Sed T3 —— f In general, for air gasification in auto-thermal conditions, the
most suitable position for biomass feeding is above the bed surface.
: If the biomass is fed to the bottom of the bed, the O, can easily react
1 with the evolved gases instead of char particles degrading the gas
gy composition. Consequently, there is possible accumulation of char

Air inlet TS ==

Fig. 9. Temperature profile along the reactor height at 650 °C operation for different
ERs of woodchips.

with airtight syringes and therefore, some air contamination was
expected. However with the observed low O, concentrations, it can
be concluded that the air contamination was minimum during the

particles inside the reactor. However as the biomass is fed above the
bed, the bed material and fluidization velocities should be selected
carefully so that the generated char is well mixed with the bed
material without segregating towards the bed surface.

According to Fig. 8, a significant effect from temperature and ER
on the gas composition can be observed. In the temperature range
of 650 °C and 750 °C, the H, and the CO molar compositions
gradually decrease with increasing ER. The collective effect of
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Fig. 11. Product gas composition for wood pellets at different equivalence ratio and reactor temperatures.

amplified Ny content in the product gas and possible gas phase
oxidation reactions can be the reasons. In contrast at 800 °C tem-
perature, H and CO compositions drop initially and improve from
0.13 to 0.16. The increased O, supply and high reaction rates at
increased temperature could accelerate the tar cracking reactions.
Fig. 10 carries the same information in Fig. 8 and however, the gas
compositions (included N, and O,) are plotted as a function of
temperature for different ERs. Variation of the gas compositions
between 650 °C and 750 °C at 0.16 ER is very little. At 800 °C
temperature and 0.16 ER, the H, and CO compositions improve by
66% and 69% respectively showing an exponential trend. The CHy
composition increases slightly from 650 °C to 800 °C in linearly. The
reforming and tar cracking reactions are accelerated at higher
temperatures resulting higher H, and CO. At 0.13 ER, H; linearly
increases from 650 °C to 800 °C without a sharp change at 450 °C as
observed at 0.16 ER. The decreasing profile and the compositions of
CO; are similar for both ERs. The CH4 composition is nearly constant
over the entire temperature range. The reduction of CO content
from 650 °C to 750 °C is difficult to explain, which can be a result of
measurement uncertainty. Furthermore, the reactor temperature
exerts a significant impact on the pyrolysis product yield and gas
phase compositions. The higher the temperature, the higher the gas
yield and the lower the tar yield. Consequently, a less gas residence
time is sufficient to complete the tar conversion reactions. With the
absence of external heating, the freeboard temperature may not be
higher in a regular auto-thermal reactor and consequently, the tar
cracking reactions may retard.

The total energy yield, which is a function of the gas heating
value and the gas yield, has an equal importance as the gas
composition, especially when the product gas is used for thermal
energy generation. The performance indicators of the product gas
flow, gas yield, LHV, carbon conversion efficiency (CCE %), cold gas

efficiency (CGE %) and energy production rate for woodchips at
different temperatures and ERs are given in Table 4. The product gas
flow was calculated using N; balance where the accuracy mainly
depends on precise measurement of the inlet air flowrate and the
GC measurements. As the calculating steps of LHV, CCE% and CGE%
are incorporated with the gas yield, any uncertainty involved with
the product gas flowrate can appear in those parameters too.

The sharp change of the gasification temperature from 750 °C
and 800 °C is clearly reflected by the data in Table 4 as well. Similar
to the gas composition, a significant difference cannot be observed
in the gas yield between 650 °C and 750 °C for the entire ER range.
However, as the values compared for 0.16 ER, the gas yield has
improved by 30% at 800 °C compared to 750 °C. The increasing

Table 4
Gasification performance indicators for wood chips.

ER  Product Gas Gas Yield LHV CCE CGE Energy Rate
(Nm?/h) (Nm®/kg biomass (MJ/Nm?®) % % MJ/h)
650 °C
0.08 2.11 0.92 5.52 38.80 28.15 11.65
0.1 244 1.06 453 38.90 26.70 11.05
0.13 3.07 133 431 50.13 3198 13.24
0.16 3.27 1.42 341 46.62 2697 11.16
750°C
0.08 2.71 1.18 6.86 54.10 44.85 18.57
0.1 278 1.21 535 46.92 35.89 14.86
0.13 292 1.27 3.91 41.78 2759 11.42
0.16 3.31 1.44 3.68 46.66 29.47 12.20
800°C
0.08 2.90 1.26 7.25 57.83 50.89 21.07
01 277 1.21 5.48 4536 36.67 15.18
0.13 3.22 1.40 494 51.79 38.42 15.90
0.16 4.32 1.88 5.68 75.83 59.27 24.54
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Fig. 12. Gas composition of CH4, Ha, CO and CO, as a function of reactor temperature for wood pellets.
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Fig. 13. Product gas composition for grass pellets at different equivalence ratio and reactor temperatures.

trend and numerical values of gas yield are similar to literature
data. LHV is mainly a function of the relative compositions of Hy, CO
and CHy4, which therefore decreases with the ER and increases with
the temperature. In spite of some minor deviation, the CCE% and
CGE% are improved with both ER and temperature. The energy flow
was calculated as a multiplication of gas flowrate and the LHV,
which is considerably low at 650 °C and gradually improves for
higher temperatures. According to the authors, the better operating
conditions are highlighted in Table 4. The combination of temper-
ature 800 °C and 0.08 ER gives the highest LHV. Nevertheless the
CCE% and CGE% are relatively low. Similarly, respective values are
even lower at 750 °C and 0.08 ER. Despite the fact of slightly lower
LHV of 5.68 MJ/Nm?, the temperature of 800 °C with 0.16 ER gives
the best values for other parameters where the CCE% and CGE%
have reasonable values of 76% and 60% respectively. Therefore, any
prospected experiments at higher ERs should be carried out above
800 °C reactor temperature. Char accumulation was not observed in
the bed at 800 °C temperature and 0.16 ER. Therefore, remaining
24% of the carbon is included in the tar, elutriated fine char and soot
carbon.

3.3. Gasification of wood pellets and grass pellets

The gas compositions for wood pellets are given in Figs. 11 and
12, whereas Fig. 13 presents the information related to grass pellet
gasification. Equivalent information as in Table 4 for wood pellets
and grass pellets are given in Table A1 and Table A2 respectively in
appendix. The gas compositions related to all the experimental
runs are given in Table A3. The ERs of wood pellets and grass pellets
are slightly different from wood chips as it was difficult to fine tune
the screw feeder. Grass pellets contain significantly higher ash
content compared wood and moreover, the ash melting tempera-
ture is lower. This fact was reflected with the failed attempts of
operating the reactor over 800 °C where large agglomerates formed
covering the total reactor cross section. A picture of an agglomerate
formed during the experiments is given in Fig. 14. Successful ex-
periments could perform for 0.07 and 0.1 ER at 800 °C temperature.
However, the oxygen loading is above 0.1 ER, which leads to local
hotspots that initiate agglomerates.

Wood chips and wood pellets show approximately similar re-
sults. However, a clear difference can be observed in gas
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Fig. 14. Formation of agglomerates during grass pellet gasification.

compositions of grass pellets gasification compared to the wood
chips and wood pellets. The H and CO fractions are lower for grass
pellets in all the experiments, whereas the CO, fraction is higher. At
650 °C, the gas composition from wood chip is richer in H and CO
than for wood pellets. In contrast at 750 °C, the wood pellets gas
composition is richer in Hy and CO. At elevated temperature, a clear
trend cannot be observed for wood chips and wood pellets. Wood
chips are higher in moisture than wood pellets whereas wood
pellets might lose a fraction of volatiles during pelletizing process.

The CCE% and the CGE% improve with temperature and ER. A
significant difference of the gas yield (+34%), LHV (+15%), CCE
(+46%) and CGE (+54%) can be observed between 0.13 and 0.16 ERs
at the 800 °C temperature for wood chips. In contrast, the particular
parameters are approximately similar for wood pellets between
0.125 and 0.15 ERs. In general, the gasification performance pa-
rameters for wood pellets are equally better in 750 °C and 800 °C
temperatures whereas wood chips have the best gasifier perfor-
mance at 800 °C. In the temperature ranges of 750 °C and 800 °C,
the temperature variation was +20 °C during the experiments,
which could be a decisive factor for the comparison of gas com-
positions and other parameters.

As the wood chips and pellets are concerned, the reduced CCE%
is mainly due to unaccounted tar and char particle migration with
the exhaust gas stream. Further, a char accumulation was observed
at reduced ERs and temperatures. If the char particle migration is
assumed to be similar at specific ERs, the improved carbon con-
version at elevated temperature is mainly due to triggered tar
cracking reactions. Further, according to the literature, tar yield
from pyrolysis is maximized between 500 °C and 600 °C, and is
sharply reduced above 700 °C [43]. However, the CCE is not
significantly improved with temperature for the grass pellets.
Therefore, it can be concluded that the migration of char particles
with the exhaust gas is the dominant factor for the reduced CCE
related to grass pellets.
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4. Conclusion

Three different biomass feedstock of wood chip, wood pellet and
grass pellets, were gasified in an electrically heated bubbling flu-
idized bed reactor. Four different ERs approximately 0.075—0.16
and three different temperatures of 650 °C, 750 °C and 800 °C were
tested. Uncertainties related to discontinuous feeding of biomass
and +20 °C temperature variation could affect the results
comparison.

Gasification of grass pellets were not successful due to ag-
glomerations and reduced carbon conversion. Further experi-
mental efforts with different bed material sizes and catalytic
particles are suggested for the grass pellets. At lower temperatures,
increased ER decreased the gas quality as a result of N, dilution. In
contrast at 800 °C temperature, minor reduction of H, and CO
content at increased ER was outweighed by improved carbon
conversion and gas yield. The respective H, and CO contents were
16.9% and 20% for wood chips and 17.2% and 18.8% for wood pellets
at 800 °C temperature. The respective ERs were 0.16 and 0.15.
Reactor temperature of 650 °C was not sufficient for an acceptable
gas composition and carbon conversion. The best performance for
wood chips was observed at 800 °C and 0.16 ER with 75% carbon
conversion. For wood pellets, both 0.125 and 0.15 ER at 800 °C gave
the best overall performance with a 70% of carbon conversion. The
main motivation for using low ERs compared to literature values
was to identify the minimum ER that was sufficient to maintain a
steady char content without accumulation in the reactor. It can be
concluded that the approximate minimum ER is 0.16 for wood
chips, which is possible to deviate depending on the pellet size and
the bed conditions such as fluidization conditions and height. Even
if the minimum ER of 0.16 is not sufficient to maintain the reactor
temperature, it is fairly sufficient to convert the char fraction
completely, which is the main purpose of the gasifying agent. If the
inlet air can be heated sufficiently with a waste or sustainable
heating source, this approach has a practical significance as well.

Credit author statement

Janitha C. Bandara — Conceptualization, Methodology, Investi-
gation, Writing original draft. Rajan Jaiswal — Methodology,
Investigation. Henrik K. Nielsen — Supervision, Editing. Britt M.E.
Moldestad — Supervision, Editing. Marianne S. Eikeland — Super-
vision, Editing.

Declaration of competing interest
The authors declare that they have no known competing

financial interests or personal relationships that could have
appeared to influence the work reported in this paper.

Acknowledgement

The authors would like to extend their sincere thanks to the
workshop and members of the gasification research group at the
University of South-eastern Norway.



J.C. Bandara, R. Jaiswal, HK. Nielsen et al.

Appendix

Table A1

Gasification performance indicators for wood pellets

Energy 233 (2021) 121149

ER Product Gas Gas Yield LHV CCE CGE Energy Rate
(Nm3/h) (Nm?/kg biomass) (MJ/Nm?) % % (MJ/h)
650 °C
0.075 2.02 0.84 5.38 33.64 25.00 10.89
0.1 2.14 0.88 3.36 28.19 16.54 7.20
0.125 2.57 1.06 291 31.25 17.14 7.47
0.15 3.01 1.25 2.71 36.69 18.76 8.17
750°C
0.075 2.29 0.94 6.05 38.28 31.72 13.82
0.1 3.03 1.25 6.00 50.60 41.77 18.19
0.125 337 1.39 5.19 52.36 40.12 17.48
0.15 3.86 1.60 4.89 58.28 43.42 18.91
800°C
0.075 241 1.00 6.40 41.23 3542 15.43
0.1 2.61 1.08 5.13 39.42 30.73 13.39
0.125 4.11 1.70 6.45 69.93 60.85 26.51
0.15 4.30 1.78 5.66 70.62 5591 24.35
Table A2

Gasification performance indicators for grass pellets

ER  Product Gas Gas Yield LHV CCE CGE Energy Rate
(Nm?/h) (Nm?/kg biomass (MJ/Nm?>) % % (MJ/h)
650 °C
0.07 1.77 0.65 3.96 2243 1433 7.01
01 211 0.78 3.02 23.71 13.03 6.38
0.12 2.51 0.92 241 26.06 12.36 6.05
0.14 3.03 1.11 243 3095 15.04 7.36
750°C
0.07 2.08 0.76 5.26 28.50 22.33 10.93
01 235 0.86 3.85 27.81 1848 9.05
012 242 0.89 2.60 2438 12.89 6.31
0.14 3.18 1.17 3.14 3494 2034 9.96
800°C
0.07 2.08 0.76 5.26 28.50 22.33 10.93
01 235 0.86 3.85 27.81 1848 9.05

1
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Table A3

Gas molar composition for all experimental runs with different ERs, temperatures and feedstock
Wood Chips
T(°C) 650.00 750.00 800.00
ER 0.080 0.100 0.130 0.160 0.080 0.100 0.130 0.160 0.080 0.100 0.130 0.160
02 0.60 0.70 0.90 0.70 0.63 0.67 0.93 1.20 0.50 0.63 0.70 0.65
N2 45.83 52.90 52.53 59.15 35.73 46.40 55.13 58.40 33.30 46.53 50.10 44.75
C02 15.40 14.95 16.70 16.30 14.83 15.37 17.23 15.37 13.20 13.77 14.05 13.95
CH4 417 3.40 3.27 2.50 4.67 3.93 3.37 3.07 4.30 3.77 3.35 3.70
co 19.90 15.90 15.10 11.80 23.40 16.93 10.07 11.80 25.23 17.60 17.15 20.00
H2 14.10 12.15 11.50 9.55 20.73 16.70 13.27 10.17 23.47 17.70 14.65 16.95
CH4 + H2 + CO 38.17 3145 29.87 23.85 48.80 37.57 26.70 25.03 53.00 39.07 35.15 40.65
Wood Pellets
T(°C) 650.00 750.00 800.00
ER 0.075 0.100 0.125 0.150 0.075 0.100 0.125 0.150 0.075 0.100 0.125 0.150
02 0.73 0.90 1.13 0.90 0.67 0.70 0.80 0.70 0.83 0.77 0.70 0.70
N2 47.83 60.23 62.73 64.20 42.33 42.55 47.90 50.07 40.10 49.40 39.25 45.00
co2 15.07 17.00 16.93 17.20 15.67 15.60 15.63 16.20 13.67 13.83 13.30 14.25
CH4 453 333 2.77 2.65 5.10 5.00 427 433 4.50 3.77 4.10 4.00
co 17.97 9.40 7.77 7.65 17.07 17.10 15.23 13.53 20.43 16.50 21.05 18.85
H2 13.87 9.13 8.67 7.40 19.17 19.05 16.17 15.17 20.47 15.73 21.60 17.20
CH4 + H2 + CO 36.37 21.87 19.20 17.70 41.33 41.15 35.67 33.03 45.40 36.00 46.75 40.05
Grass Pellets
T (°C) 650.00 750.00 800.00
ER 0.070 0.100 0.120 0.140 0.070 0.100 0.120 0.140 0.070 0.100 0.120 0.140
02 0.80 0.93 0.87 0.90 0.93 093 1.03 0.87 093 0.93
N2 54.63 61.07 64.27 63.93 46.53 54.87 66.50 60.93 46.53 54.87
€02 19.33 18.50 18.43 18.10 17.10 17.10 15.37 16.50 17.10 17.10
CH4 4.33 3.17 213 1.93 4.80 2.97 247 2.53 4.80 297
co 8.50 6.83 5.80 5.93 12.90 9.97 7.70 8.90 12.90 9.97
H2 12.40 9.50 8.50 9.20 17.73 14.17 6.93 10.27 17.73 14.17
CH4 + H2 + CO 25.23 19.50 16.43 17.07 3543 27.10 17.10 21.70 3543 27.10
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A CPFD MODEL TO INVESTIGATE THE INFLUENCE OF
FEEDING POSITIONS IN A GASIFICATION REACTOR

RAJAN JAISWAL, NORA C. I. S. FURUVIK, RAJAN K. THAPA & BRITT M. E. MOLDESTAD
Department of Natural Science and Maritime Science, University of South-Eastern Norway, Porsgrunn, Norway.

ABSTRACT

The efficiency of a gasification process is directly related to the rate of biomass conversion into product
gas. The rate of fuel conversion depends on the interaction of fuel with the bed material, the gasifying
agent, and the residence time of fuel particles. The interactions and the residence time depend on the
fuel feeding positions along the height of the reactor. Thus, the fuel feeding position in a gasification
reactor is an important parameter that influences the efficiency of the gasification process; longer resi-
dence time of the fuel particles in the bed enables efficient carbon conversion and less tar formation.
In this work, in-bed and on-bed feed positions of the fuel particles have been investigated using a
computational particle fluid dynamics (CPFD) model. The model is developed and validated against
experimental data obtained from a bubbling fluidized bed gasification reactor. Experiments were car-
ried out in a 20 kW pilot scale bubbling fluidized bed gasification reactor. Wood pellets of 3-30 mm
length and 5 mm diameter are fed into the reactor at a mass flow rate of 2.4 kg/h. The molar flow rate
of the producer gas, which typically consists of CH,, CO, CO,, and H, for both the in-bed and on-bed
cases, is calculated by the CPFD model. The results show that CO and CH,, concentrations increase in
the product gas when the biomass is fed at the location near to the bottom of the bed, while CO, and H,
increase in the case of on-bed feed. The fuel particles segregate, followed by partial combustion of the
smaller fuel particles on the bed surface in the case of on-bed feed. The total mass of the bed including
unreacted char is higher for on-bed feed, indicating that the char is consumed slowly. The CPFD model
can predict the product gas compositions, the fuel conversion, changes in the bed hydrodynamics, and
the product gas yield at different feeding positions of the fuel particles. Thus, the model can be useful
for design purposes.

Keywords: computational particle fluid dynamics, feed positions, fluidized bed, gasification, wood
pellets.

1 INTRODUCTION
Gasification of biomass is a sustainable conversion technology to cope with an increasing
environmentally friendly energy demand. The interest for gasification using fluidized bed is
growing, since the process provides uniform heat transfer and fuel flexibility [1]. Ideal mix-
ing of the fuel particles, the bed material, and the gas phase promotes excellent heat transfer
in a fluidized bed. The efficiency of the gasification process is determined by the conversion
rate of biomass (to the product gas) [2]. The conversion of solid biomass into producer gas is
a complex thermochemical process that occurs in several steps. The first step is drying and
devolatilization. The volatile components are released as soon as the biomass is fed into the
reactor, and this step is known as pyrolysis. The char remaining after volatilization of bio-
mass is gasified at temperatures in the range of 700°C—800°C using steam or air as the
gasifying agent. For a given feedstock, the quality of the product gas is dependent on the air
to fuel ratio [3, 4], the temperature of the reactor [3], the residence time of fuel in the reactor
[5, 6], and the feed position [7]. The feed position of biomass to the reactor influences the
distribution of biomass inside the bed, and thus the fuel conversion efficiency. The conversion
rate of biomass is dependent on the contact time between the biomass and the gasifying agent
and the amount of heat the biomass requires for chemical conversion. The density difference
between the bed material and the biomass causes particles to segregate in a fluidized bed.

© 2020 WIT Press, www.witpress.com
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Furthermore, the lift force exerted by the gas bubbles that envelops the biomass during devol-
atilization transports the lower-density and larger-size biomass to the surface of the bed [8,
9]. The segregation of biomass is more intense in the case of on-bed feed as the biomass tends
to remain on the surface of the bed, increasing the residence time. The residence time of the
biomass can be estimated based on the transportation time of the biomass between two refer-
ence locations, the relative amount of the fuel participating in reactions, and the time elapsed
before complete conversion of the biomass is achieved [6].

Several experimental works have been conducted on the on-bed and in-bed feed of fuel in
the past. Ross ef al. [10] used a lab-scale bubbling fluidized bed to study the influence of feed
positons. They measured the gas compositions at different axial locations and found a higher
concentration of C,—C; hydrocarbons when the feed position was on the bed surface. In
another work, Vriesman et al. [11] studied the influence of feed positions on the nitrogen
conversion into NH; and HCN in a fluidized bed gasifier at different temperatures and equiv-
alence ratios. They found that the feed positions do not influence the product gas. Di Celso et
al. [12] investigated the influence of feed positions on fluidized bed gasification and con-
cluded that the in-bed feed position has improved carbon conversion compared to on-bed
feeding. There is very limited literature available to illustrate the effect of feed positions in
the gasifier using a computational particle fluid dynamics (CPFD) model.

In this work, a CPFD model is developed using the commercial software Barracuda to
study the influence of the feed position. Experimental data are obtained from gasification of
wood pellets in a pilot-scale bubbling fluidized bed reactor. A computational setup is devel-
oped and the results from the simulations are compared with experimental data to validate the
model. The CPFD model is used to study the influence of on-bed and in-bed feed positions
on the product gas yields, char conversion, and bed behavior. The CPFD model developed in
this work can be used to design and study a pilot-scale and industrial scale gasifier.

2 EXPERIMENTAL STUDY OF BIOMASS GASIFICATION
2.1 Experimental setup

The experimental setup consists of a cylindrical reactor with inner diameter of 0.1 m and
height of 1.0 m. The reactor is made of stainless steel, and the thickness of the walls is 4 mm.
The reactor is heated up with three electric heating elements mounted externally on the wall
of the reactor. To prevent heat loss, the outer surface of the reactor is insulated with
200-mm-thick fiberglass and the inner surface is coated with a refractory material. Five pres-
sure sensors and five thermocouples, which measure the change in pressure and temperature
during the operation of the reactor, are attached at different heights. Figure 1 shows the exper-
imental setup, the dimensions of the reactor, and the dimensions of the wood pellets used in
this work. The biomass from the silo (A) is conveyed to the reactor (B) via a cold screw
attached to the silo and a hot screw connected to the reactor. The feed rate of the wood pellets
is calibrated by measuring the average flow rates at specified motor speeds. The mass flow
rate of air supplied to the reactor is measured with a BROOK air flowmeter. An electric heater
is used to heat the compressed air before it is passed into the reactor. The outlet of the reactor
is open to the atmosphere and the product gas passes through the flaring system (D) where it
is burned to avoid direct discharge of combustible gases to the atmosphere. A sampling line
(C) is connected at the top of the reactor and the collected gas samples are measured in an
offline SRI gas chromatograph (GC). The GC has a thermal conductivity detector (TCD) and
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Figure 1: Experimental setup: (a) experimental rig, (b) wood pellets, (c) reactor dimensions.

Table 1: Properties of the particles.

Particle volume

Material Density, p, Mean diameter Sphericity, ¢~ fraction, &
Sand 2600 kg/m? d, =0292mm 0.86 0.52
Wood pellets 1300 kg/m? 8.9 mm - 0.44

uses helium as the carrier gas. The GC can measure the major components of the gas sample.
Table 1 shows the density (, mean diameter , sphericity (), and volume fraction () of the par-
ticles.

The experiment is carried out as a continuous process where the air flow rate is 2 kg/h and
the feed rate of wood pellets is 2.42 kg/h. The wood pellets are cylindrical in shape with 6
mm diameter and 3-30 mm length. Sand particles of mean diameter 292 um are used as the
bed material. The mean particle size of the sand is obtained using sieve analysis, and the
volume equivalent spherical diameter of the wood pellets is calculated from eqn (1):

P
dy, =(6L) 3 (1)

T

where V, is the mean particle volume and is the mean volume equivalent spherical particle
diameter.

2.2 Experimental results

The air to fuel ratio is maintained at a constant value with a continuous air supply of 2 kg/h
and a feed rate of wood pellets of 2.42 kg/h. A static bed height of 0.2 m is used for the exper-
iment. Initially, the bed material is heated with both an electric heater and pre-heated air up
to 750 °C. The temperature of the reactor is maintained at .

Figure 2a shows the temperature variation in the bed with time measured by the temper-
ature sensor T2. As soon as the wood pellets are fed into the reactor at , volatile gases are
released consuming heat from the system. The drop in temperature during volatilization is
marked as AT. The corresponding pressure variations of the bed, measured by pressure
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Figure 2: (a) Temperature and (b) pressure in the bed at air velocity 2 kg/h.

sensor P1, are shown in Fig. 2b. Since the P1 sensor is located at the bottom of the bed, it
gives the total pressure of the bed. The increase in pressure drop from 15 to 18 mbar is due
to the increasing wood pellets’ load on the bed during the experiment. The pressure after
134 s is about constant, indicating that the amount of wood pellets added to the bed and the
rate at which the wood pellets are converted into product gases and char are constant. Three
samples of the product gases are taken at 15-minute intervals and analyzed in the GC. The
average molar percentages of the product gases from the three samples are calculated and
considered as the representative values of the product gases. The average molar percent-
ages of CH,,CO, CO,, N,, H, and O, in the samples are 4.97%, 17.09%, 15.58%, 42.5%,
19.08%, and 0.69%, respectively.

3 COMPUTATIONAL MODEL

A cylindrical geometry with the same dimensions as the reactor used in the experiment is
drawn in AutoCAD and imported to Barracuda. A uniform grid of totally 5120 cells is gen-
erated using the default grid setting available in Barracuda. Pressure and flow boundary
conditions are defined at the top and bottom of the reactor as shown in Fig. 3. Data points
are located at different heights along the reactor to measure pressure, temperature, and gas
compositions. Two positions, on-bed and in-bed, at heights of 24 and 4 cm from the bottom
of the reactor, are used to feed biomass into the reactor. The close pack volume fraction is
0.63 and the maximum momentum redirection from collision is 40%. The normal-to-wall
momentum retention and tangent-to-wall momentum retention are 0.3 and 0.99, respec-
tively.

In the CPFD model, it is assumed that the volatilization of biomass is an instantaneous
process. As soon as the biomass is fed into the reactor at 700-800°C, the volatile compo-
nents are released and the char particles left after volatilization of biomass are gasified at a
sufficient temperature and air flow rate. The degradation of biomass into volatile compo-
nents and char follows various reaction routes. The major reactions and the corresponding
kinetics for the gasification process used in this work are taken from literature and are listed
in Table 2.

The biomass in the CPFD model is initialized as volatile components, char, and ash. The
composition and quantity of the volatile components, char, and ash used in the CPFD model
are obtained from proximate analysis of wood pellets as listed in Table 3.
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Figure 3: Boundary conditions and transient data points used in the CPFD model.

Table 2: Reactions and rate kinetics used in the CPFD model.

Chemical reactions

Kinetics

Char partial combustion [13]
2C+0, «2CO

CO oxidation [13]
CO +0.50, « CO,

H, oxidation [14]
H, +0.50, «> H,0

CH, oxidation [13]
CH, + 20, < CO, + 2H,0

Water gas shift reaction [13]
CO +H,0 « CO, +H,

Methane reforming [15]
CH, + H,0 < CO + 3H,

-1
r=4.34x10""m0, exp( 37;590) [0,]

—-16000

r=>5.62x 10" exp( ) [COJ[0,]%3

r=5.69 x 10'! exp (@) [H,][0,]°?

—24357

r=5.0118 x 10! T exp( )
[CH,I[O,]

-36640

r=7.68x10'°T exp( ) [CO]°3[H,0]

-15042

r=3.00 x 10° exp( ) [CH,][H,0]
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Table 3: Properties of wood pellets (proximate analysis).

Components

Moisture content 7%

Volatile matter 78.75%
Fixed carbon 14.4%

Ash content 0.279%
LHV 18.94 MJ/kg

4 RESULTS AND DISCUSSION
In this section, CPFD model validation, influence of the feed positions on the composition of
the product gas, and bed hydrodynamics are presented and discussed.

4.1 Model validation

CPFD models in Barracuda use the multiphase particle in cell approach, where gas—solid
interaction is modelled using the combined Eulerian and Lagrangian approach. With the
CPFD setup described in Section 3, simulations are carried out using the Wen and Yu drag
model. The simulations are performed for 700 s with a time step of 0.001 s. The molar com-
position of the product gas is measured in the upper part of the gasifier. The product gas
compositions obtained from the simulation and experiment are compared in Fig. 4. The
results show that the CPFD model is predicting the gas compositions very well.

The product gas compositions in the gasification process is dependent on temperature,
residence time, interaction of biomass with bed material, and the gasifying agent. The bio-
mass breaks thermally into volatile components, char, and tar following different reaction
routes. Figure 5 shows the variations in the product gas composition with time when the
wood pellets are fed in-bed. The product gases are more stable in the case of in-bed feed of
wood pellets compared to on-bed feed shown in Fig. 6. The wood pellets have a density
approximately half of that of sand particles. When the bed is fluidized and the wood pellets
are fed close to the bottom of the reactor (in-bed), the wood pellets have sufficient time and
contact area to interact with the heated bed material and the fluidizing gas before they are
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Figure 4: Product gas compositions from the CPFD model and experiment.
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Figure 6: Composition of product gases with on-bed feed of wood pellets.

transported to the upper region of the bed. This means that the wood pellets react in the bed
and the solid fuel particles reaching the surface of the bed are mainly char. Mixing of the
wood pellets with the bed material is limited in the case of on-bed feeding, and poor mixing
results in larger variations in gas composition with time.

The composition of the product gas predicted by the CPFD simulations with on-bed and
in-bed feed is compared in Fig. 7. The results show that with in-bed feed of biomass, the
molar fraction of CH, and CO in the product gas increases from 7.3% and 17% to 7.8% and
23.4%, respectively. The presence of sufficient char inside the bed and longer interaction time
of the char with the bed material and oxygen enhance the partial combustion reaction, result-
ing in a significant increase in CO. The fractions of H, and CO, are increased in the case of
on-bed feeding compared to the case of in-bed feeding. The main part of oxygen from the
gasifying agent (air) is consumed near to the surface of the bed. The oxidation reaction routes
of CO, Hz,, and CH, are dominant, which increases the H,0O and the CO, fractions. Due to
the increase in H,O in the free board, the water gas shift reaction increases producing more
H, and CO,.
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Figure 7: Average product gas compositions for on-bed and in-bed feed.

4.2 Char conversion

In the CPFD model, the mass of sand particles is assumed constant, whereas the biomass
varies due to the convertion of biomass into a product gas, char, and tar. Thus, change in the
total mass of the bed is only dependent on the biomass conversion rate in the bed. The total
particle mass of the bed versus time for the on-bed and in-bed feed positions is presented in
Fig. 8. For the same amount of biomass feed, the total mass of the particles is higher in the
case of on-bed feed compared to in-bed feed. The total mass of the bed increases sharply
initially and decreases after a certain period of time. The rapid increase in the total mass of
the bed at the beginning is because the conversion rate of the char is slower. At this stage,
maximum heat from the system is utilized for volatilization of biomass, followed by the
dominant endothermic reactions. After a certain period of time, the exothermic reaction
routes compensate the heat loss from the system, which increases the char conversion rate.
The total mass of the bed thus increases gradually. It can be seen from Fig. 8 that during the
first 100 s, the total mass of the bed increases at the same rate for both cases. After 100 s,
increment in total mass of the bed is higher in the case of on-bed feed because the biomass
dropped on the surface of the bed does not interact uniformly with the bed material. This
results in more char particles to remain unreacted and to accumulate on the surface of the bed,
increasing the total mass of the bed.
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255 —

L 1 L 1 L | L o
200 400 600 800
Time, s
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Figure 8: Change in total mass of the bed with time.
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Figure 9: Particle species of the bed at 221 s. In-bed feed to the left and on-bed feed to the
right.

4.3 Bed hydrodynamics

The density of the wood pellets is approximately half of the density of sand particles. When
the bed is fluidized and the wood pellets are fed near the bottom of the reactor, they are trans-
ported to the upper region of the bed with time. The movement of fuel particles from lower
to upper region is dependent on the superficial gas velocity and the rate of consumption of
fuel inside the bed. Figure 9 compares the distribution of fuel particles inside the bed for
on-bed and in-bed feed after 221 s. It shows that the fuel particles are mixed with the bed
material in the case of in-bed feed. Before the particles are transported to the surface, they
have sufficient time to interact with the bed material and air, increasing the gasifier perfor-
mance as discussed in sections 4.2 and 4.3. With on-bed feed, the fuel particles are segregated
and remain accumulated on the surface of bed, affecting the char conversion rate. Mixing of
the fuel particles can be enhanced by increasing the superficial gas velocity. However, for
maximum gasifier efficiency and provided air to fuel ratio, the increment of superficial gas
velocity is limited to operate the gasifier in a specified operating regime [16].

5 CONCLUSION

A CPFD model developed in Barracuda VR in this work is used to predict the effect of on-bed
and in-bed feed positions on the gasification process. The CPFD model is developed and
validated against experimental data from a pilot scale bubbling fluidized bed gasifier. Wood
pellets are used as the feed and air as the fluidizing gas. The product gas compositions and
char conversion are measured for the on-bed and in-bed feed positons of biomass. The influ-
ence of the feed position on the product gas composition, char conversion, and bed behavior
is investigated.

The result shows that the volume percentages of CH,, CO, H,, CO,, and N, in product gas
for the on-bed case are 7.3%, 17%, 15.7%, 17.7%, and 42%, respectively, and for the in-bed
case, the volume percentages are 7.8%, 23.4%, 9.1%, 13.6%, and 40%, respectively. The
increase in the fraction of CO in the case with in-bed feed is due to the enhanced char partial
combustion route. In the case of on-bed feed, the H,O fraction increases in the free board,
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which enhances the water gas shift reaction and increases H, and CO, fractions in the product
gas. It is found that for the same amount of biomass feed, the mass of unreacted char is higher
when the biomass is fed above the surface of the bed. In addition, the accumulation of char
occurs on the surface of the bed. The residence time of the biomass increases when it is
injected near the bottom of the bed, which provides sufficient time for the biomass to interact
with the bed material and the gasifying fluid. In the case of in-bed feeding of biomass, the
biomass is well mixed and distributed inside the bed, and thus the conversion of char occurs
efficiently. The developed CPFD model is able to predict the product gas compositions, fuel
conversion, bed hydrodynamics, and the product gas composition under different operational
conditions, and will be important for further simulations and design purposes.
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Abstract

Bubbling fluidized bed (BFB) reactors are extensively used in several process applications like gasification,
pyrolysis, drying, and combustions due to their excellent mixing properties and good temperature control. The
bubble dynamic and particle movement in the reactor is primarily responsible for uniform heat and mass transfer
and mixing. The properties of bubbles in BFB are governed by the gas distribution inside the reactor or supply of
the fluidizing gas. This work investigates the influence on the fluid dynamic behaviour of the BFB reactor at
different fluidizing gas injection systems using the Computational Particle Fluid dynamic model. Three different
modes of fluidizing gas injection include uniform injection. air injection via twenty-five nozzles, and air supply
via side nozzles along the reactor height in a gasification reactor of 10.04 cm diameter. Air is used as the fluidizing
gas and silica sand as the bed material. The CPFD model is developed in Barracuda Virtual reactor 20.01. The
CPFD model is validated against the experimental data obtained from the Electrical Capacitance Tomography
(ECT) sensors. The result depicts the better fluidization quality of the bed with uniform air supply as flow
boundary and air injection via twenty-five nozzles located at the bottom of the reactor. With air injection via two
side nozzles along the reactor height, the bed is fluidized with large bubbles and particle entrainment in the
freeboard zone of the reactor. A method is proposed to improve the fluidization quality of the bed while using
side nozzles as inlet flow Boundary Conditions (BC) for air injection. The proposed method includes addition of
four nozzles along the reactor wall instead of two which improves the fluidization quality of the bed in terms of
smaller size bubbles without particle entrainment in the freeboard region.

Kewwords: Gas distribution, flow boundary conditions, bubbling-fluidized bed, bubble properties, CPFD

1. Introduction

Fluidized bed reactors are widely used for several
industrial applications like waste to energy
conversion, chemical synthesis, granulation, drying
of pharmaceutical products and raw agricultural
products, chemical looping, catalyst regeneration,
biomass gasification, pyrolysis etc. (Jaiswal et al.,
2020: Bandara et a/., 2021; Singh and Gbordzoe,
2017: Chang et al., 2013). The efficiency of the
fluidized bed reactors largely depends on the gas
distribution inside the reactor since the gas
distribution influences the conversion process and
the fluidization regime under which the reactor is
operated. For instance, during the gasification of
biomass or wastes using a bubbling fluidized bed
reactor, the carbaneous feedstock is converted into
higher calorific value gases in the presence of
limited amount of oxidizing agent (Jaiswal et al.,
2020). The amount of oxidizing medium present for
the feedstock conversion depends on how well the
fluidizing gas is distributed across the reactor cross-
section. Similarly, the hot bed material which is in a
continuous motion in such reactors acts as the
thermal flywheel and provides the required heat for
thermal degradation of the feedstocks. The particle

motion is governed by the bubbles rising in the bed
and the properties of the bubbles for example bubble
rise velocity, bubble diameter and bubble frequency
is determined by the gas distribution inside the
reactor. Additionally, the mixing phenomena of
large biomass particles with bed material and the
operating regime of the reactor is determined by the
gas distribution (fluidizing gas) to the reactor. The
fluidizing gas can be supplied to the particle bed
through the distributor or nozzles (Basu ef al., 2006).
The most common method has been the use of a
distributor plate that allows to distribute the
fluidizing gas uniformly, supports the bed material,
provides good gas-solid mixing, prevents
channeling, and minimizes dead zones in the reactor
(Depypere and Dewettinck, 2004). While using the
air distributor or distributor plate. the supply gas
velocity has to overcome the distributor plate
resistance and lift entire mass of the particles against
the gravity in order to fluidize. Alternatively. the
fluidizing gas can be supplied to the reactor via
orifice or nozzles which can be on the side of the
reactor wall or at the bottom of the reactor. It is
essential to characterize the fluidized bed behaviour
for the specified fluidizing gas flow boundary
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conditions for a smooth operation of the reactor
(Sasic and Johnsson, 2005). Each of the fluidizing
gas supply methods, with or without distributor,
nozzles, orifice has its own limitation and
advantages. For instance, the use of a distributor
plate increases the auxiliary power consumption
required to pump the gas through the reactor.
Additionally. the distributor plate has to be selected
depending on the reactor types and process as the
distributor plays a critical role in the reactor
performance (Raza et al.. 2021). In addition, there
are challenges in operating the reactor with the
distributor plate, which requires cleaning and
maintenance due to clogging of the pores of the
distributor plate by the fine particles and sintering.
The blockage of the pores in the distributor plate can
lead to local de-fluidization and dead zones in the
reactor. In this regard, operating the fluidized bed
reactor without a distributor can be of great
advantages as it can save the operational cost, and
the construction and design cost of the distributor
plate. At the same time, it helps to avoid the problem
associated with the air distributor. Several studies
have been conducted on design of the distributor
plate and the influence of the distributor plate on the
reactor performance (Geldart and Baeyens 1985;
Saxena et al., 1979). However, the number studies
on operation of a bubbling fluidized bed reactor
without an air distributor and comparing the fluid
dynamics behaviour of the bed operated with and
without distributor are scarce (Agu et al.
2018).There are a few studies on operation of a
fluidized bed reactor without an air distributor where
large size particles are used at the lower region of
the bed and the bed is fluidized by passing the gas
through the bed of stationary large particles (Agu et
al.. 2018).

In a single study, reported on the operation of reactor
without an air distributor Agu ef a/. has studied the
bed behaviour with different types of particles and
gas velocity based on the pressure and solid
circulation using CPFD simulation. However, no
information is provided about the grid size and
number of computational cells in the article (Agu et
al..2018). The grid number or computational domain
in such simulations have significant impact on the
fluid dynamics behaviour of the bed and the pressure
and flow boundary conditions. Additionally, there
are no studies in the literature that mention the
influence on the bubble properties in a fluidized bed
reactor operated without a distributor plate.
Therefore, more work is required to characterize the
fluid dynamics behaviour of the bed without an air
distributor and compare the fluid dynamics
behaviour of the bed with a distributor and different
modes of gas supply to the reactor.

The objective of this work is to investigate the fluid
dynamics behaviour of the bed without air
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distributor and compare with uniform air supply
methods. The uniform air supply methods include
use of an air distributor and nozzles. A cold flow
model of the fluidized bed reactor with different air
injection methods are simulated using a CPFD
model developed in Barracuda VR 20.01. For the
case without air distributor the bed is fluidized with
air supply from two nozzles (holes) located at the
opposite side of the reactor wall. The fluid dynamics
behaviour of the bed in terms of solid fraction
fluctuation and bubble properties are reported
briefly. The results from the CPFD simulations are
compared with experimental data obtained from a
cold fluidized bed equipped with ECT sensors and
an air distributor. A method to improve the
fluidization quality of the bed without an air
distributor is proposed.

2. Material and methods

2.1. Experimental set up

A cold fluidized bed reactor equipped with ECT
sensors, and a data acquisition system are used for
the experiments. The reactor is 10.04 cm in internal
diameter and 150 cm in height. The reactor column
is fitted with an air distributor at the bottom and is
open at the top. The air distributor is 3mm thick with
a 10.04 cm internal diameter. It has a porosity of
40% with a flow area of 36.6 cm? which allows the
fluidizing gas to pass through the bed uniformly.
The reactor is equipped with twin-plane ECT
sensors that are located at 15.7 cm and 28.7 cm from
the air distributor. Each of the sensors consists of 12
electrodes mounted on the outer wall of the reactor
that allows to capture raw data in the form of matrix
or images. The online images are extracted from the
capacitance measurements using the Linear Back
Projection algorithm. The cross-section of each
sensor is divided into 32*32 square pixels of which
812 are the effective pixels that lie within the bed.
Each pixel holds a normalized relative permittivity
value between 0 and 1. which represents the solid-
gas fraction. The details of the reactor set up can be
found elsewhere (Agu et al., 2019). The reactor is
filled with sand material and fluidized by using
compressed air. The fluctuation of solid volume
fraction is measured from the transient data for each
gas velocity. The raw data from the experiments
were processed in MATLAB to obtain the solid
fraction fluctuation. bubble properties, and bed flow
dynamics behaviour.

2.2. Simulation set up

The CPFD simulations in this work have been
carried out using a commercial software Barracuda
VR which consists of numerical codes specially
designed for applications in the multiphase flow
systems like industrial fluidized bed reactors.

Initially, the reactor is filled with bed material with
a static bed height of 30 cm. The properties of bed
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material like density (2650 kg/m3). and particle size
distribution, sphericity (0.86), close pack volume
fraction (0.63), are defined similarly to that of the
experiment. The particle size distribution was
measured from the sieve analysis with mean
diameter 423 um.

(A) Flow Boundary Conditions
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Figure 1: (A-B) flow and pressure boundary conditions,
(C) flux planes, initial bed height and reactor dimension.

For the simulation of gas-particle flows, 3D
multiphase particle-in-cell approach is used where
solid particles are modeled as discrete Lagrangian
methods and the fluid is modeled as Eulerian grid of
cells. To create a virtual reactor, a CAD geometry
equal to the experimental column is imported to
Barracuda VR. A uniform grid of total 102400 cells
were defined which provides the control volume for
all fluid fields calculations. The reactor is operated
at atmospheric pressure. Therefore, the pressure
boundary condition is defined at the top of the
reactor. Three different flow boundary conditions
were set up for different modes of gas supply to the
reactor as shown in Fig. 1(A). The fluidizing gas is
supplied to the reactor using injections points,
uniformly distributed along the reactor cross-
section (grids or distributor) and through side
nozzles (holes). 25 injection points were defined
along the reactor cross-section shown in Fig. 1A(I).
The mass flow rate through each nozzle (injection
points) was equally distributed. Similarly, for the
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second case, uniform flow boundary conditions are
defined at the bottom of the reactor. The reactor
cross-section is divided into 1024 cells. The 812
effective pixels or grids that cover the reactor cross-
section as shown by the red circle in Fig. 1A(II)) is
used as the flow BC. For the third case, two nozzles
or holes located on the opposite side of the reactor
wall are defined as the flow boundary conditions (as
shown in Fig. A(III)). The size of the nozzles is 0.5
cm in diameter. Also, two planes are set up at heights
15.7 cm and 28.7 cm along the height of the reactor
column to measure the transient raw data for each of
the flow boundary conditions. The drag model used
in fluidized bed simulations is an important factor
that determines the force acting on a particle by the
flow of fluid around it. In this work, the Wen-Yu and
Ergun blended drag model is used where the Wen-
Yu drag model is suitable for the dilute phase and
the Ergun model is used for the dense phase. The
details of the drag model. and the governing
momentum and force equation can be found
elsewhere (ORourke and Snider, 2012: Sinder,
2001: Andrews and O'Rourke, 1996; Weber et al.,
2013).

3. Results and Discussion

For maximum conversion efficiency, it is important
to operate a BFB reactor above minimum
fluidization velocity and within a bubbling regime.
In this work employs methods to identify the
fluidization quality of the bed based on solid volume
fraction fluctuation and bubble properties
measurement. In addition, influence of different air
supply modes on the fluid dyncmics behaviour of the
bed are presented.

3.1. Model Validation

The CPFD model is validated by comparing the
solid volume fraction fluctuation measured from the
experimental data and CPFD simulations at different
gas velocities as shown in Fig. 2. As the air was
supplied through the static bed, initially the bed
expanded as it reached the superficial gas velocity
0.065 m/s. The bed exhibited into the fluidization
regime at superficial gas velocity 0.075 m/s. The
results depict that the CPFD model followed a
similar trend to that of minimum fluidization
velocity and bed expansion. However, the solid
fraction fluctuation during bed expansion was higher
as predicted by the CPFD model compared to the
experimental data. This may be due to the difference
in the initialization (packing) of the bed material in
the CPFD model compared to the experimental
conditions.

Further, the bubbles rising in the bed at the
superficial gas velocity of 0.1 m/s at different time
steps are compared to check the model robustness.
The bubbles rising in the bed at a pre-defined plane
in the simulation setup and ECT sensors in the
experimental set up were captured for both the
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CPFD simulation data and the experimental
measurement as shown in Fig. 3. The size of the
bubbles and the path along which the bubbles move
upward (along the center of the bed) in the bed were
similar for both experimental tests and the CPFD
simulations. However, the number of bubbles
predicted by the CPFD model is higher at a lower
superficial gas velocity (0.1 m/s). Due to increase in
area of the flow boundary conditions in case of
CPFD simulation, smaller size bubbles appeared in
the CPFD simulation compared to experimental
data.
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Figure 2: Solid fraction fluctuation at different superficial
gas velocities obtained from CPFD simulation and
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Figure 3: Comparing the rising bubbles in the bed
obtained from the CPFD simulation (left side) and
experiment (right side) as it reaches the plane at 15.7 cm
at the superficial gas velocity 0.1 m/s.

3.2. Influence on solid fraction fluctuation

For a given superficial gas velocity, the variation
of the gas-solid fraction in the bed can be used to
characterize the fluidization pattern of the bed. The
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solid fraction fluctuation across the cross section of
the bed at height 27.5 cm and at the superficial gas
velocity 0.15 m/s were captured over the
measurement of 60s with time steps of 0.001. The
average solid fraction fluctuation over the
measurement period for different flow boundary
conditions (injections BC, nozzle BC. uniform BC)
from the CPFD simulation and experimental
measurements with air distributor are compared in
Fig. 4. The result illustrates that for the experimental
measurements with an air distributor the solid
fraction was lower towards the center of the bed, and
it increases near to the wall of the reactor. A similar
trend of solid fraction fluctuation was predicted by
the CPFD model with the injection flow BC and the
uniform flow BC. However, fluctuation in the solid
fraction for both the cases were not smooth
compared to the experimental measurements
because of smaller bubbles in the bed with the
uniform and injection flow BCs. Multiple smaller
size bubbles were formed in case of the CPFD
simulations due to an increase in flow boundary area
as compared to that of the experiment. The decrease
in the solid fraction at the lower region of the bed
near to the center reveals a higher gas fraction in the
region. The gas in a fluidized bed rises from the
lower region of the bed to the upper region in the
form of bubbles. Therefore, the depression of the
solid fraction near to the center of the reactor and the
increase near to the wall of the reactor illustrate that
the bubbles rise upwards following the path near to
center of the reactor. For the flow BCs with two
nozzles near to the wall of the reactor, the solid
fraction fluctuation was lower near to the wall of the
reactor where the nozzles wre defined and near to
the center of the bed. The fluidizing gas passes in the
form of bubbles where some of the bubbles pass near
to the wall while some follow the path near to the
center of the bed.
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Figure 4: Radial distribution of the solid volume fraction
for different flow boundary conditions at superficial gas
velocity 0.15 m/s.
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3.3. Influence on bubble properties and bed fluid
dvnamics behaviour

The bubble properties in a BFB reactor
significantly influences the fluid dynamics
behaviour of the reactor and its performance. The
appearance and the movement of the bubbles in the
bed is governed by the flow of fluidizing gas through
the bed. For the same mass flow rate of the fluidizing
gas with different flow boundary conditions, the
bubble properties were measured. The influence on
the bubble properties and fluidization quality of the
bed with different flow boundary condition are
compared. The bubbles in BFD can be distinguished
from the dense phase by using a bubble solid
threshold value. In this work the bubble solid
threshold value of 0.2 is used to identify bubbles in
the bed. For the CPFD simulations. the bubbles were
identified as the zones (object) and the volume of the
bubbles were measured by counting (with algorithm
written in MATLAB) the number of the cells the
bubbles occupied. The bubbles diameter were than
calculated from equivalent spherical area.

Fig.5 compares the bubble frequency with respect
to the bubble diameter for different flow boundary
conditions over the measurement of 30 s. With the
uniform flow boundary conditions, the result shows
that different bubble sizes within the range of 2.5
cm< dp <5 cm appeared in the bed with dominant
frequency of the bubbles with 3 cm. Here, dy is the
bubble diameter in cm. While for the flow with two
nozzles, the bubble diameters are comparatively
large for the same mass flow rate (1.5 kg/ hr.) of the
air as compared to that of uniform and injection flow
BCs. With the injection flow (using 25 nozzles) the
bubbles in the bed are smaller and uniform in size as
shown in Fig.5(b). The smaller and uniform size
bubbles in the bed means better fluidization quality
of the bed which contributes to uniform heat transfer
and better mixing. On contrary, the large size
bubbles in case of flow BC via two nozzles (as
shown in Fig.5(c)) can bypass the bed if such
bubbles rise in the bed near to the wall of the reactor.
Such large bubbles can grow into slugging bubbles
as they rise in the bed and turn the bed into a
slugging regime. Additionally, with large size
bubbles in the bed, the bubble rise velocity in the bed
increases significantly which may transform the bed
into turbulent regime. When the bed is in the
turbulent regime during gasification of biomass in
BFB reactor. the fine particles can entraine in the
freeboard region which may contaminate the
product gases. The entrainment of fine particles in
the freeboard region when the air is supplied to the
reactor via two side nozzles is shown in Fig.7 F(a).
Also, due to increase in gas velocity and bypassing
of the fluidizing gas through the side of the bed (near
to the wall of the reactor), less oxidizing medium is
present for thermochemical conversion of feedstock
in the bed where biomass is present. As a result,
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more oxidizing medium is present in the free board
region which can convert the carbon monoxide into
carbon dioxide. Therefore, in order to supply the
fluidizing gas to the reactor without a distributor
(with side nozzles) it is essential to optimize the flow
behaviour of the fluidizing gas to the reactor. This
can be achieved by increasing the number of nozzles
(or holes) along the reactor wall. In this work. the
CPFD model was used to simulate a case with four
different nozzles along the reactor wall. By
increasing the number of side nozzles. entrainment
of the bed particles were prevented as shown in the
Fig.7(b). Similar, the bubble size is reduced (as
shown in Fig.5(d)) and the bubble frequency is
increased with large number of smaller size bubbles
in the bed. With addition of two more side nozzles,
better fluidization quality of the bed is achieved (as
shown in Fig.6 and Fig.7.
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Figure 5: Bubble frequcency vs bubble diameter for
different air supply systems.
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Figure 6: (a-d), Iso-surface of the bubbles in the bed
obtained during, air injection via four nozzles, two side
nozzles, 25 nozzles at the bottom of the reactor, and
uniform flow BC respectively.
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(a) (b)

Figure 7: Particle volume fraction of the bed with (a) two
side nozzles and (b) four side nozzles.

4. Conclusion

Bubbling fluidized bed reactors are extensively used
for several industrial application due to uniform heat
and mass transfer. The advantages of a such reactor
can only be achieved with proper distribution of the
fluidizing gas to the reactor. This work investigates
three different methods to supply fluidizing gas to
the reactor including uniform flow BC, air injection
with twenty-five nozzles and air supply via side
nozzles along the reactor wall. A CPFD model has
been developed in Barracuda VR 20.01 and the
model is used to investigate the fluidization quality
of the bed in terms of solid fraction fluctuation and
bubble properties. The CPFD model is validated
against experimental data obtained from a cold
fluidized bed equipped with ECT sensors and air
distributor. The result depicts that a better
fluidization quality of the bed is achieved with
uniform air supply as flow boundary and air
injection via twenty-five nozzles located at the
bottom of the reactor. With air injection via two side
nozzles along the reactor height, the bed fluidized
with large bubbles and particle entrainment in the
freeboard zone of the reactor. A method was
proposed to improve the fluidization quality of the
bed while using side nozzles as inlet flow BC for air
injection. The proposed method includes addition of
four nozzles along the reactor wall instead of two.
With the addition of two nozzles, fluidization quality
of the bed was improved in terms of smaller bubble
sizes without particle entrainment in the freeboard
region.
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Abstract: The efficiency of a fluidized bed reactor depends on the bed fluid dynamic behavior, which
is significantly influenced by the bubble properties. This work investigates the bubble properties of a
bubbling fluidized bed reactor using computational particle fluid dynamic (CPFD) simulations and
electrical capacitance tomography (ECT) measurements. The two-dimensional images (along the
reactor horizontal and vertical planes) of the fluidized bed are obtained from the CPFD simulations
at different operating conditions. The CPFD model was developed in a commercial CPFD software
Barracuda Virtual Reactor 20.0.1. The bubble behavior and bed fluidization behavior are characterized
form the bubble properties: average bubble diameter, bubble rise velocity, and bubble frequency.
The bubble properties were determined by processing the extracted images with script developed in
MATLAB. The CPFD simulation results are compared with experimental data (obtained from the
ECT sensors) and correlations in the literature. The results from the CPFD model and experimental
measurement depicted that the average bubble diameter increased with an increase in superficial
gas velocities up to 4.2 U,,r and decreased with a further increase in gas velocities due to the onset
of large bubbles (potential slugging regime). The bubble rise velocity increased as it moved from
the lower region to the bed surface. The Fourier transform of the transient solid volume fraction
illustrated that multiple bubbles pass the plane with varying amplitude and frequency in the range
of 1-6 Hz. Further, the bubble frequency increased with an increase in superficial gas velocity up to
2.5U,, and decreased with a further increase in gas velocity. The CPFD model and method employed
in this work can be useful for studying the influence of bubble properties on conversion efficiency of
a gasification reactor operating at high temperatures.

Keywords: fluidized bed; bubble diameter; bubble rise velocity; bubble frequency; computational
particle fluid dynamic; image processing

1. Introduction

Fluidized beds are extensively used in applications such as chemical regeneration,
catalytic conversion, gasification, chemical synthesis, and pneumatic transportation, and
each of these process applications requires a unique fluidization regime. The fluidization
bed regimes include minimum fluidization, bubbling, turbulent, fast fluidization, and
pneumatic conveying [1-4]. The types of regimes are mainly dependent on the fluidiz-
ing gas velocity, density, and particles size of the bed material, aspect ratio, and reactor
dimension [5,6]. The major advantages of fluidized bed include efficient heat transfer,
better temperature control, good mixing, and better solid circulation. In order to achieve
the benefits of a fluidized bed, firstly, the reactor must be operated strictly within the
specific fluidization regime required for the process. Secondly, the problem associated with
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fluidized beds must be avoided for a smooth reactor operation and to achieve the desired
process efficiency. However, the two-phase flow of gas—solid coupled with heat and mass
transfer and series reactions in the fluidized bed reactors are complex and not yet fully
understood. Challenges in operating fluidized bed reactors such as lower chemical conver-
sion, non-uniform products, agglomeration, entrainment of particles, and reactor failure are
often reported. These difficulties encountered while operating fluidized bed reactors can
be overcome with a thorough understanding of the fluid dynamic behavior of the reactor
and bubble dynamics in the bed. The major objective of this paper is to investigate the fluid
dynamics behavior of a bubbling fluidized bed (BFB) which is significantly influenced by
the bubble properties.

An appropriate regime in a bubbling fluidized bed can be characterized by the better
fluidization quality of the bed without any slug. Ideally, for better fluidizing quality of the
bubbling bed, the bubbles should be large in number, uniformly distributed across the bed,
and smaller in size. The bubbles formed in a fluidized bed are primarily responsible for
good solid circulation, and gas—solid contact area, which determines the heat and mass
transfer within the reactor. As the bubble rises from the bottom of the bed to the top, it
carries particles with it, thus mixing binary particles in a gasification reactor. For a given
gas velocity, the bubbling behavior of the fluidized bed can be characterized by the bubble
properties such as bubble diameter, bubble rise velocity, and bubble frequency. The bubbles
in dense fluidized beds are the regions where the particle concentration is low, whereas
the region with higher solid concertation is referred to as the emulsion phase. As the
fluidizing gas passes through the lower part of the bed (from the distributor), bubbles are
formed. The bubbles grow in size, merge, split, and may disappear as they move within
the bed. The bubble size in the fluidized bed is influenced by the air distribution, particle
size distribution, bed geometry, superficial gas velocities, and bed height [7,8]. When the
bubble size grows and equals the bed diameter, the bed tends to shift from bubbling to
slugging, and the types of slugs can be axial slugs, wall slugs, and flat slugs [5]. There can
be a slug in a bed with a smaller reactor diameter even if the bubble size is smaller than
the bed diameter. Kunii et al. [5] showed that wall effect retards the rise velocity of the
bubble when the ratio between bubble diameter and bed diameter is greater than 0.125
and also illustrated that when the ratio between bubble diameter to bed diameter is greater
than 0.6, the bed transits from bubbling to slugging. The large size bubbles in the bed
mean increased bubble rise velocity; thus, the bubbles may bypass the bed, reducing the
residence time of gas phase and gas-to-solid contact time inside the reactor. Therefore,
operating the bubbling bed with optimal bubbles size, velocity, and frequency is crucial for
reactor safety and efficient fuel conversation.

Measurement Techniques in a Fluidized Bed

The fundamental understanding of bubble solid hydrodynamics in a fluidized bed
can be achieved from the bubble properties that include bubble shape and size, bubble
rise velocity, bubble frequency, etc. [8-10]. The bubble properties in a fluidized bed can be
measured from experimental measurements and CFD simulations that produce reliable
data. Several experimental measurement techniques have been proposed to measure the
properties of fluidized bed and study its fluid dynamics behavior [11,12]. The measure-
ment techniques broadly include intrusive techniques and non-intrusive techniques. The
intrusive techniques consist of resistance, inductance, and thermal probes [13,14], while the
non-intrusive techniques are based on imaging, laser, and tomography methods [15,16].
The major disadvantages of intrusive measurement techniques are that insertion of the
probe inside the bed hinders the fluid dynamics behavior. The non-intrusive measure-
ment techniques, on the other hand, can be used to measure bubble properties without
interfering the flow hydrodynamics. Among the non-intrusive techniques (X-ray, y-ray,
and Ultrasonic tomography), electrical capacitance tomographic (ECT) is faster and can
be used in real-time applications [15]. The ECT measurement techniques employ sensors
that measure the relative permittivity between two non-conducting phases. The bubble
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properties, for instance, bubble diameter and frequency, can be calculated based on the
solid-to-void fraction extracted from the permittivity measurement. The velocity of bubbles
can be obtained via a reconstruction method, for example, cross-correlation techniques,
that gives a measurement of the bubble rising time from one sensor to another sensor
position [17]. In such cases, the placement of the sensor is very important since the bubbles
may split or coalesce as they rise from one position to another within the bed, making it
difficult to track a single bubble. Reducing the spacing between the sensors can address
such an issue; however, to avoid signal interference, the sensors cannot be too close. In this
regard, another simple non-intrusive method to study the bubble properties in a fluidized
bed, for instance, digital imaging technique, can be a reliable technique. With the digital
imaging technique, images of the bed hydrodynamics are captured at different time frames,
and the bubble properties are identified from the extracted images [18,19]. This work
employs the digital imaging technique and ECT sensors for the measurement of bubble
properties in a BFB reactor.

The non-intrusive experimental methods have been widely applied to identify the bub-
ble properties; however, there are many challenges associated with experimental techniques.
For instance, the experimental methods are expensive, and often such measurements are
only carried out on a pilot-scale plant that produces specific results which may not represent
the large-scale reactor conditions. Conducting experiments to observe the hydrodynamics
properties of fluidized bed large-scale reactors in such a harsh environment and opaque
nature of the reactor is extremely difficult. Moreover, to study the influence of different
parameters that primarily influence the fluidized bed hydrodynamics, it is impossible to
change the reactor dimensions, sensor positions, and other parameters during experimen-
tation. Such experimental difficulties to identify the fluidized bed hydrodynamics can
be overcome using Computational Fluid Dynamics (CFD) simulations. Several studies
have been carried out to study fluidized bed hydrodynamics using a CFD model in the
past. There are mainly two types of CFD approach used to study flow dynamics of the flu-
idized bed: the Eulerian-Eulerian method (continuum) and Eulerian-Lagrangian method
(Continuum-Discrete) [20,21]. In the Eulerian-Eulerian approach, one particle phase is
considered where only two interacting phases exist, one particle phase and the gas phase,
which is called as Two-Fluid Model (TEM). TFM is widely used to study and simulate
fluidized bed hydrodynamics [22,23]. However, the major drawback with the TFM method
is that it accounts for the particles with the same density, diameter, and coefficient of
restitution which often results in inaccurate prediction of the bed properties [24]. In the
Eulerian-Lagrangian approach, discrete element models (DEM), on the other hand, are
more reliable and predict better results than TME [25]. Individual particles are tracked
with the DEM method, and particle—particle collision is considered, unlike the TFM model.
Therefore, DEM requires enormous computing power to simulate real fluidized bed sys-
tems. Another Eulerian-Lagrangian approach, CPFD, that uses a multiphase particle-in-cell
approach (MP-PIC), has gained popularity recently due to its capacity to simulate natural
fluidized bed systems. In the MP-PIC approach, particles with the same properties, such
as density, volume, etc., are grouped to form a parcel. Barracuda V.R. is a commercial
CPFD software that uses the MPIC approach to simulate real fluidized bed systems [26,27].
Many studies have focused on using CPFD to study different fluidized bed systems [28,29].
Despite existing studies, there are some publications with the CPFD model on 3D bubbling
fluidized beds that can predict the bubble properties [30]. Proper validation of the CPFD
model to predict bubble properties of the bubbling fluidized bed with experimental work
is still needed. In addition, digital imaging techniques applied for the measurement of
the bubble properties from the three-dimensional CPFD simulation with experimental
validation are scarce.

This work investigates the fluid dynamic behavior and bubble properties of a BFB
reactor with Geldart B particles using CPFD simulations. The fluid dynamic behavior
of a BFB was characterized from the bubble properties: bubble diameter, bubble rise
velocity, and bubble frequency. The bubble properties were measured from the images
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extracted from the plane at transient simulation time step. To illustrate the robustness of the
CPFD model, the properties of the bed measured from the CPFD model at each superficial
gas velocity are compared with the experimental data and different correlations. The
experimental work has been carried out at an ambient condition on a bubbling fluidized
bed with ECT sensors. The 2D raw data obtained from the ECT measurements are processed
in MATLAB to measure the bubble properties.

2. Materials and Methods
2.1. Computational Particle Fluid Dynamic Model

The simulations in this work were carried out using the CPFD software Barracuda VR,
which is commercial software specially designed for the application in multiphase flow
systems such as fluidized bed reactors. Unlike other CFD software, the main advantages
of using Barracuda VR are that it facilitates defining particle species with particle size
distribution. It allows to define and simulate computational particles in order of 10'> and
higher. Additionally, it uses 3D multiphase particle-in-cell approach for simulation of gas-
particle flows and considers fluid-particle coupling with detailed consideration of thermal
physics and reaction chemistry. For the fluid-particle simulations, Barracuda virtual reactor
uses a combined Eulerian and Lagrangian approach where the solid particles are modeled
as discrete Lagrangian methods and the fluid is modeled as Eulerian grid of cells. To create
a virtual reactor in any CFD tool, the first step was to set up a grid that defined the control
volume, cells, and boundary conditions for all fluid field calculations. A CAD geometry
(equal to experimental reactor setup) was drawn in STL format in SolidWorks and imported
to Barracuda VR to define grids. A total of 102,400 cells were specified with a uniform grid
generation option available in Barracuda that divides the rector into cells uniformly. The
number of cells (102,400) was defined so that the cross section of the reactor is divided
into 32 x 32 pixels similar to the experimental set up. Three planes were set up at heights
of 5 cm, 10 cm, and 15.7 cm along vertical direction of the reactor (Figure 1a). Flow and
pressure boundary conditions are defined at the bottom and top of the reactor, respectively
(Figure 1a). The solid volume fraction of the bed is set as 0.543 at the static condition, which
is obtained experimentally by dividing the bulk density of the bed material with particle
density. The parameters used for the development of the simulation model are summarized
in Table 1. The details of the mathematical descriptions of the computational model in
Barracuda can be found elsewhere [31-34].

Table 1. Simulation parameters used for the model development in a BFB reactor.

Parameters Value
Particle density, 2650 kg/m?>
Particle diameter 302.46 um
Gas density 1.225 kg/m?
Bed diameter 10.4 cm
Initial bed height 30 cm
Superficial gas velocity (0.137-0.4) m/s
Close pack volume fraction 0.64
Particle volume fraction 0.534
Total number of cells 102,400
Time step 0.001
Simulation time 60 s

Minimum fluidization velocity, U, s 0.07m/s
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Figure 1. (a) Flux planes along the vertical height and boundary conditions; (b) initial bed height in
CPFD model; (c) area covered by the ECT sensors; (d) schematic diagram of the experimental setup.

The drag model in a fluidized bed is an important function which determines the
force acting on the particles by the fluid flow around it. For the drag force calculation, the
combined drag model, Wen-Yu and Ergun, is used with non-linear coefficient 2 and linear
coefficient 180 [19]. Several studies showed a better prediction of the bubbling fluidized
bed reactor using the blended Wen-Yu and Ergun drag model [1,35]. Similarly, the wall
effect has a significant influence on the bubble properties and bed hydrodynamics and is
significant in a fluidized bed reactor. In this study, the effect of the wall on the fluid particle
motion is considered in terms of normal-to-wall momentum retention, and tangent-to-
wall momentum retention. Normal-to-wall momentum retention is defined as the normal
component of the particle momentum retained after the particle collision with the wall.
When the particle collides with the wall, it tends to lose normal and tangential momentum.
The tangential component of the particle momentum retained by the particle after collision
with the wall is defined as the tangent-to-wall momentum retention.

Figure 2 illustrates the mathematical implementation of the parameters: tangent-
to-wall momentum and normal-to-wall momentum retention, where 1" *1 is the particle
speed after collision and u" is the particle speed before collision. The values 0.85 and 0.85
are selected for the tangent-to-wall momentum retention and normal-to-wall momentum
retention, respectively. The value of 0.85 in normal-to-wall momentum means 85% of the
momentum is retained. The sand particle is modeled as a hard sphere, and the values of
these parameters are used as suggested in the literature [36]. These losses of the normal
and tangential momentum with wall impact are described in Equation (1).

w1t = [(rr — rn) (1 = cos 6 + ry][u"] (1)

where 71, and 7y are momentum retention factor for a tangential wall impact and momen-
tum retention factor for a normal wall impact, respectively.
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Figure 2. Illustration of momentum retention of the particle.

2.2. Experimental Setup

The experimental measurement technique in this work includes the use of electrical
capacitance tomography sensors for the measurement of bubble properties in a bubbling
fluidized bed reactor. The experimental setup consists of a 10.4 cm internal diameter
reactor column equipped with the twin-plane ECT sensors and a data acquisition system.
The twin-plane ECT sensors are located at 15.7 cm and 28.7 cm along the reactor height,
as shown in Figure 1d. Each ECT sensor is composed of 12 equally spaced electrodes
mounted on the outer wall of the reactor. The fluidizing gas is passed uniformly through
the particle bed via an air distributor located at the bottom of the reactor. The raw data
produced from the ECT sensors are either in the form of a numerical matrix or image that
covers the entire sensor-measuring area. The cross-section of each sensor is divided into
32 x 32 square pixels, of which 812 are the effective pixels that lie within the bed (shown
in Figure 1c). Each pixel holds a normalized relative permittivity value between 0 and 1,
which represents the gas—solid fraction. The system was calibrated before experiments. The
calibration was performed for both the extreme cases, i.e., when the sensor area is filled
with higher permittivity material (air) and lower permittivity material (sand particles).
Sand particles are used as the bed material and compressed air as the fluidizing gas. The
properties of particles used are shown in Table 1. The data sampling frequency is sensitivity
to local gas-solid fraction measurements in the fluidized bed. For instance, Yassir et al. [37]
demonstrated the sensitivity of measurement span while using ECT sensors and suggested
a 60 s measurement span for the extraction of reliable data in a bubbling fluidized bed.
In this work, for each flow velocity, the data were logged for 60 s with a time step of 0.01
that produced a total of 6000 frames. Experiments were carried out at different airflow
velocities, and the influence on bubble properties (bubble diameter and bubble frequency)
was determined. Due to the large distance between the planes in the experimental set up
(shown in Figure 1d), it was difficult to track the same bubble for the measurements of
bubble rise velocity. As the bubbles rose from a plane at 15.7 cm to another plane at 28.7 cm,
as shown in Figure 1d, the bubbles merged into a single large bubble or split into smaller
bubbles (due to large distance between the measurement sensors). Therefore, bubble rise
velocity was measured from the simulation data by tracking the centroid position in 3D
bed, which is discussed in Section 2.3.

2.3. Methodology and Post-Processing the Simulation Data

Post-processing of the three-dimensional simulation data is significant for the analysis
of the bed fluid dynamics behavior. In this work, MATLAB and Tecplot were used for
data analysis and visualization. Barracuda VR 20.1 comes with a 3D data visualization
and data extraction software Tecplot 360 EX (CPFD software Barracuda VR, Houston, TX,
USA). The hydrodynamics of the bed was determined by measuring the bubble properties
(bubble diameter, bubble rise velocity, and bubble frequency). In order to calculate the
bubble properties, the first step was to identify the bubbles at different positions. The
bubble position was defined by the region where the solid volume fraction reaches zero.
Based on a threshold value of the solid—gas fraction of 0-0.2, the bubbles in the bed were
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distinguished from the emulsion phase. In this work, a threshold value of <0.2 (solid
volume fraction) was used to characterize the bubble region. The solid volume fraction
of 0.2 is selected based on the suggestion made in previous studies [10]. To confirm the
applicability of such a gas-solid threshold in this study, careful observation of the boundary
region was carried out by checking the solid volume fraction of cells in the boundary
region between the bubble and emulsion phase (as shown in Figure 3b). The bubble
and its properties were determined from the images extracted from 2D horizontal and

vertical planes.

Particle Volume Fraction
0.6
0.5
0.4
0.3
02
0.1 Binary Bubble measured
(b)

RGB Gray scale

(©

Figure 3. (a—c) Bubble measured from the extracted images from XY-plane (horizontal plane) at
a height of 25.8 cm and superficial gas velocity of 0.25 m/s (The red circle represents equivalent
bubble area).

The change in fluidization behavior of the bed with time at different gas velocities was
captured in the form of images. For each superficial gas velocity, the simulation time was
60 s, and the images were extracted at 100 frames per second. Therefore, a total of
6000 frames (images) were produced for each selected superficial gas velocity. For the mea-
surement of the bubble properties along the horizontal planes, the images were produced
from the post-processing tool Techplot 360 available in Barracuda VR at the pre-defined
planes along the vertical height. The extracted images were in RGB format. The images
were converted into grayscale images and the grayscale images were further converted
into binary images using a MATLAB code. Based on the bubble-solid threshold value
(solid volume fraction <0.2), the bubble regions were identified from the binary images
using the “image processing tool” available in MATLAB. The bubbles were identified as
the objects and their properties such as centroid, area, and perimeter were calculated using
the regionprops function available in MATLAB. Figure 3a—c shows the method adopted
in this work to extract bubbles in the bed along the horizontal plane. The instantaneous
three-dimensional iso-volume fraction of the bubbles rising in the bed is shown in Figure 3a.
The two-dimensional view of a bubble as it reached plane 3 is illustrated in Figure 3b, and
the stepwise method employed to measure the bubble from extracted 2D images is shown
in Figure 3c.

Similarly, for the measurement of bubble properties along the vertical planes, the
images were extracted at 100 frames per second for each gas velocity. In this case, the
bubbles were identified from the RGB to binary images with a bubble ID assigned for each
bubble. As the bubbles moved from one position to the upper part of the bed, the bubbles
disappeared, split into two or more bubbles, or merged into a single bubble. Therefore,
it was important to track the individual bubble to correctly calculate its properties as it



Energies 2022, 15, 7828

8 of 18

changed from one frame to another. For this reason, a unique bubble ID was assigned for
each bubble, as shown in Figure 4. The ID contained information about the bubble name
(with the number), bubble height, and diameter, which were used to track the individual
bubbles as it moved from one position to another with time. The calculation of the bubble
properties—bubble diameter, bubble rise velocity, and frequency—from both approaches
are discussed in the results and discussion part.

i I
1,22.9)
(2,9.4)
©

Figure 4. (a) RGB image extracted after post-processing; (b) grayscale image converted from RGB
image; (c) binary image converted from grayscale image; (d) bubbles (with ID: diameter and position)
distinguished from the emulsion phase (The red circle represents equivalent bubble area).

3. Results and Discussion
3.1. Bubble Diameter

The information about average bubble size for a given superficial gas velocity is
an important parameter for designing a fluidized bed gasification reactor. In this work,
the bubble diameter is determined from the measured bubble area. As a bubble moved
vertically and reached the XY plane (plane 3), the area of the bubble was determined. The
bubble area was measured by counting (with MATLAB algorithm) the number of pixels
occupied by the bubble region. The effective bubble area corresponding to the bed diameter
was calculated by multiplying the total effective area of the bed. The average bubble
diameter was then calculated by the mean value over the measurement period (60 s).

Figure 5 compares the average bubble diameter obtained from the CPFD simula-
tions, experimental measurement, and correlations for bubble diameter proposed by Mori
et al. [38] and Werther et al. [39] (as shown in Equations (2) and (3)). The result depicts
that the average bubble diameter increased with an increase in gas velocities. With the
increased gas velocity, the bed was diluted with more air, which increased the void fraction.
In addition, fluidizing gas in the fluidized bed tends to pass in the form of bubbles, which
increased the average bubble size with an increase in superficial gas velocity. However,
the increase in bubble diameter as measured from the CPFD simulation was not linear
as compared to the correlations proposed by Mori et al. and Werther et al. The CPFD
model predicted the average bubble diameter close to the experimental data for the selected
superficial gas velocity, while it predicted the average bubble diameter close to Mori et al.
correlations up to 0.3 m/s. With a further increase in gas velocity beyond 0.3 m/s, the
average bubble diameter increased slightly. At this superficial gas velocity, the average
bubble diameter increased up to 0.62 times the bed diameter. There were some bubbles in
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the bed that approximately covered the bed diameter, which could convert into slug. With
the increase in gas velocity, such bubbles tend to split as they rise in the bed.

dy = 0652[ AUy — )] - <0.652 [A(u— )] - dbOm) exp<—0.3g) @)

dyor = 0.00376(U0 - umf)2

where dj, h, D are in [cm] and Uy, U,, £ are in [em/s]. A is cross sectional area of the bed,
and dy,;, is the initial bubble size near the distributor.

dy, = do [1 + 0.272(u0 —u, f)] 21 1 0.06840) 12" ®)

where dy = 0.853 for Geldart B particles.
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Figure 5. Comparing average bubble diameter for different superficial gas velocities obtained from
CPFD simulations, experimental data, and different correlations (Dy and Dy are the average bubble
diameter measured along the horizontal and vertical planes from the CPFD simulations, respectively)
at 15.7 cm along the reactor height [38,39].

Similarly, Figure 6 compares the average bubble diameter from the CPFD model and
the correlations at heights of 10 cm and 5 cm for different superficial gas velocities. The
results show that the average bubble diameter at both bed heights increases with increasing
superficial gas velocity, similar to that of plane 3. However, no slug appeared in the bed up
to a height of 10 cm at the selected gas velocities. The average bubble diameter predicted by
the CPFD model is in better agreement with the correlation proposed by Mori et al, while
the Werther et al. correlation underpredicts the average bubble diameter at height 10 cm.
For the bubbles reaching the lower plane at 5 cm, the average bubble diameter measured
from the CPFD results agrees well with the Mori et al. correlation for all gas velocities;
however, it is only in good agreement with the Werther et al. correlation up to gas velocity
0.25 m/s. The Werther correlation underpredicts the average bubble diameter at superficial
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gas velocities higher than 0.25 m/s. The information about the average bubble diameter for
the given bed conditions (fluidization velocity, aspect ratio, bed diameter, etc.) are useful
for characterizing the bed fluidization quality. For instance, a bubble that is too large in the
bed means either the bubble can convert into a slugging bed, or it may bypass the bed. On
the other hand, if the bubble size is too small, it may not provide uniform mixing in case of
a bed with a binary mixture of particles.
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Figure 6. Average bubble diameter for different superficial gas velocities at height 10 cm (left side)
and 5 cm (right side) [38,39].

3.2. Bubble Rise Velocity

The bubble rise velocity was estimated by using a detailed signal analysis method and
a bubble displacement method. The bubble rise velocity from the detailed signal analysis
method was obtained from the fluctuation of solid volume fraction from two planes at
heights of 10 cm and 5 cm for each bubble passage. As the bubbles rise from plane 2 to
plane 1, there is a time lag (At) between each bubble passage, as shown in Figure 7. The
bubble rise velocity (Uy;) is obtained based on the distance between two planes (AH), as

shown in Equation (4).
AH
UM:ZE,At:tZ—tl (4)

[
=

Y / — Plane 2, H?
\ /, | Plane 1, H1

Solid volume fraction

Figure 7. Schematic diagram showing the fluctuation of solid volume fraction as the bubble passes
the planes.

When calculating the bubble rise velocity with the bubble displacement method, the
bubble is tracked as it passes from one time step to another. As the bubbles move from
one position to another, its centroid position changes, and the bubble displacement has
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been calculated from the centroid positions in consecutive time steps. The bubble rise
velocity, Uy, is calculated from Equation (5).

=y 5 (5)

Ad = \/(Xz - X1)* 4+ (Y2 - 11)°

where Ad is the displacement of the bubble centroid positions. (X5, Y1), (Y1,Y>2) are the
centroid positions in the consecutive time frames.

Figure 8a shows the fluctuation of the solid volume fraction from the simulation result
at superficial gas velocity 0.25 m/s. As shown in Figure 8b, there is a time lag as the
bubble moves from the lower plane to the upper plane. By measuring the time difference,
the bubble rise velocity is calculated from the plane positions. The average bubble rise
velocity as the bubble reaches 15.7 cm bed height at different superficial gas velocities is
shown in Figure 9d. The experimental measurement of the bubble rise velocity was not
possible, and therefore, the bubble rise velocity obtained from the CPFD model is compared
with correlations for bubble rise velocity from the literature. The correlations proposed
by Davidson et al. [40] and Agu et al. [41] have been used for the comparison. The result
shows that the average bubble rise velocity increases with an increase in superficial gas
velocity. With an increase in superficial gas velocity, the bubble diameter increased which
increased the rise velocity of the bubbles in the bed. The bubble rise velocity predicted
by the CPFD model does not increase linearly at different gas velocities, as predicted by
the correlations. However, the bubble rise velocities predicted by the CPFD model are
in agreement with the correlations. The CPFD model predicts the bubble rise velocity at
different superficial gas velocities closer to the correlation proposed by Agu et al., while
the correlation proposed by Davidson et al. overpredicts the bubble rise velocity. This is
because the correlation proposed by Agu et al. is an improved version of the Davidson
et al. correlation, where the author has proposed a correlation for bubble velocity based on
the bubble-projected area.
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Figure 8. (a) Fluctuation of solid volume fraction as the bubble passes from lower plane to upper
plane. (b) Mapping of the bubble on the lower plane and upper plane at different time steps.
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Figure 9. (a—c) Bubble rise velocity vs. bed height at different gas velocities of 0.13 m/s, 0.35 m/s,
and 0.4 m/s, respectively; (d) average bubble rise velocity as the bubbles moved from the plane at
10 cm to the plane at 15.7 cm at different superficial fluidizing gas velocities [40,41].

With the above method, tracking a bubble and measuring its rise velocity at the pre-
defined plane, the chances are that the bubble may disappear, split, or coalesce, making it
difficult to track its properties. Therefore, tracking the bubble rise velocity from one frame
to another is more reliable as it does not lose any information. In order to calculate the
rise velocity of the bubble as it moves, the easiest way is to measure the rise velocity by
tracking the centroid position with time as discussed earlier. Figure 9a—c shows the mean
bubble rise velocity at different superficial gas velocities and positions along the reactor
height. The bubble rise velocity is obtained from the centroid positions (Equation (5)) as it
moves from one frame to another. The result shows that the bubble rise velocity increases
with an increase in superficial gas velocity 0.137 m/s to 0.4 m/s. Additionally, the bubble
rise velocity increases as the bubble moves from the lower region to the upper part of
the bed. Comparing the calculated bubble rise velocity from the CPFD model with the
correlations of bubble rise velocity, the results illustrate that the CPFD model underpredicts
the bubble rise velocity at the lower positions of the bed. At the upper part of the bed, the
bubble rise velocity is higher than predicted by Agu et al. but lower than the Davidson
et al. correlations. At the gas velocity of 0.137 m/s, the bubble rise velocity increases
gradually with height, indicating that small bubbles are formed at the lower part of the bed.
The bubble size and rise velocity increase gradually as the bubble moves from the lower
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Bubble Count

Bubble Count

section to the upper section (as shown in Figure 9a). At superficial gas velocity of 0.35 m/s
(Figure 9b), the bubble rise velocity increases slowly below 10 cm bed height, and there is
a sudden increment in the bubble rise velocity afterward; this is due to coalescing of the
smaller bubbles into large bubbles, which increases the rise velocity of the bubble.

3.3. Bubble Frequency

The bubble frequency is an important parameter influencing the gas and solid resi-
dence time inside the bubbling fluidized bed. There are many approaches to calculating the
bubble frequency inside the bed. The simplest method is to count the number of bubbles
over the measurement period [42]. Another approach is to plot the power spectrum density
to obtain the bubble frequency [43]. In this work, the bubble frequency is obtained using
both methods. The bubbles passing through a plane along the vertical height are measured,
and the bubble frequency is calculated from Equation (6). Figure 10 shows the histogram
plot of the number of bubbles of varying diameters counted at each superficial gas velocity
over the measurement time. As can be seen from the figure, bubbles of different sizes pass
the plane at height 15.7 cm. However, up to the superficial gas velocity of 0.25 m/s, there
are many bubbles with smaller diameters. Therefore, operating the fluidized bed regimes
below 0.25 m/s for this case can be effective, provided that the particles (in the case of bed
with binary particles) do not segregate.

Total number o f bubbles passing the plane
sampling time

Bubble frequency, f, = (6)
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Figure 10. Bubble count vs. bubble diameter at superficial gas velocities of 0.4 m/s, 0.35 m/s,
0.3m/s,0.25m/s,0.176 m/s, and 0.15 m/s illustrated in the pictures from (a—f), respectively.
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The plot of bubble frequency at different superficial gas velocities from the CPFD
model, ECT measurement, and Agu et al. [41] correlation are compared in Figure 11. The
result from the CPFD model shows that bubble frequency increases with an increase in
superficial gas velocity up to 0.25 m/s and decreases further. The increase in bubble
frequency up to 0.25 m/s is due to the formation of a large number of smaller size bubbles
in the bed (as shown in Figure 10d—f). Due to the coalescence of the smaller bubbles to form
larger diameter bubbles, the bubble frequency decreases for the higher gas velocities. At
superficial gas velocity of 0.35 m/s, there is a slight increment in the bubble frequency due
to split of the large diameter bubbles. The CPFD model predicts the bubble frequency close
to the experimental data at higher gas velocities and overpredicts the bubble frequency
at lower gas velocities. However, the simulations follow a similar trend of the bubble
frequency as the experimental measurements. The Agu et al. correlation for the bubble
frequency predicts the bubble frequency close to experimental data at lower gas velocities;
however, it underpredicts the bubble frequency at higher gas velocities compared to the
experimental and CPFD model. This is because the correlation proposed by Agu et al. is
developed for deep beds.
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Figure 11. Bubble frequency vs. superficial gas velocities at 15.7 cm bed height [41].

The bubble frequency can be obtained from the fluctuation of the solid volume fraction
signal. The solid volume fraction fluctuation for each time step is recorded at different
gas velocities. An illustration of the fluctuation of the solid volume fraction at superficial
gas velocity of 0.4 m/s is shown in Figure 12a. The bubble frequency is obtained from the
Fourier transform of the time series plot of solid volume fraction. The Fourier transform of
the solid volume fraction at superficial gas velocity of 0.137 m/s, 0.25m/s, and 0.4 m/s at
15.7 cm bed height is shown in Figures 12b, 12c and 12d, respectively. The amplitude of the
solid volume fluctuation is shown on the Y-axis and frequency on the X-axis. The amplitude
gives information about the bubble size. For the bed with a single bubble, the frequency can
be obtained, where the amplitude is at the maximum. However, for a bubbling fluidized
bed, it is evident that there can be multiple peaks for multiple bubbles passing a plane, as
shown in Figure 12c,d. The multiple peaks of the varying amplitude depict that there are
multiple bubbles with different sizes passing the plane. With an increase in superficial gas
velocity from 0.137 m/s to 0.4 m/s, the amplitude increases. This increase in the amplitude
is due to an increase in the bubble size. There is no dominant frequency; however, for
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each gas velocity, there are several peaks within the band of 1-6 Hz. For gas velocity of
0.137 m/s, the peak of the amplitude fluctuates within a narrow height, which indicates
that there are multiple smaller bubbles. At 0.25 m/s, few large bubbles are observed (as
indicated by the sudden increase in the amplitude). At superficial gas velocity of 0.4 m/s,
the amplitude of the solid volume fraction fluctuation is approximately 60-100 within the
band of 2-5 Hz. The higher amplitude with a wide range of bands indicates that the large
number of bigger-sized bubbles pass the plane at 15.7 cm.

Particle Volume Fraction

0.137m/s

g

2

&

B

Amplitude (Particle Volume Fraction)

1
20 30 40 50 60

Amplitude (Particle Volume Fraction)

8

3

50

=}

z 4 B B 10 12 14
Frequency {Solution Time)”

" Solution Time Fr;|:|uedn|:3\\-E (St::util;% T::n a)l':
(a) (b)
200 0.25m/s 0.4m/s

Amplitude (Particle Volume Fraction)

5 ] 15 ] 25
Frequency {Solution Time)"

() (d)

Figure 12. Figure showing: (a) fluctuation of particle volume fraction with time; (b—d) Fourier
transform of the particle volume fraction for superficial gas velocities 0.137 m/s, 0.25 m/s, and
0.4 m/s, respectively.

4. Conclusions

The efficiency of a fluidized bed reactor depends on the bed fluid dynamic behavior,
which is significantly influenced by the bubble properties. The bubble properties in a BFB
are primarily responsible for heat and mass transfer, better mixing, and solid circulation.
This work investigates the bubble properties of a bubbling fluidized bed reactor using
computational particle fluid dynamic (CPFD) simulations and electrical capacitance to-
mography (ECT) measurements. The bubble properties measured in this work include
average bubble diameter, bubble rise velocity, and bubble frequency at different superficial
gas velocities and heights along the reactor. The two-dimensional images along the reactor
horizontal and vertical planes of the BFB were extracted from the CPFD simulations at
transient time steps and different operating conditions. The CPFD model was developed
in a commercial CPFD software Barracuda Virtual Reactor 20.0.1. The bubble behavior
and bed fluidization behavior are characterized from the bubble properties. The bubble
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properties were determined by processing the extracted images with script developed in
MATLAB. The CPFD simulation results are compared with experimental data from the
ECT sensors and correlations in the literature.

The results from the CPFD model and experimental measurement depicted that the
average bubble diameter increased with an increase in superficial gas velocities up to
4.2 Uy s and decreased with a further increase in gas velocities due to the onset of large
bubbles (potential slugging regime). The result predicted by the CPFD model revealed that
the bubble rise velocity was directly related to bubble diameter. The rise velocity of the
bubbles increased with an increase in superficial gas velocity and bubble position in the
bed. However, the increment in bubble rise velocity was not linear. The bubble moved
slowly within the lower region of the bed. The bubble velocity increased significantly in
the middle and upper region of the bed, followed by bubble coalescence at superficial gas
velocity 5U,;,r. The Fourier transform of the transient solid volume fraction illustrated that
multiple bubbles pass the plane with varying amplitude and frequency in the range of
1-6 Hz. Further, the bubble frequency increases with an increase in superficial gas velocity
up to 2.5U,,r and decreased with a further increase in gas velocity.

The CPFD model and method employed in this work can be useful for the efficient
design and operation of a bubbling fluidized bed gasification reactor. Further work will be
focused on investigating the influence of bubble properties on gasifier conversion efficiency
operated at high temperatures.
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ABSTRACT: The conversion efficiency, operation, and design of bubbling Optimum gas residence time for efficient

fluidized bed (BFB) reactors depend on the bed dynamics behavior, which is [gsification of biomass in bubbling fluidized bed
significantly influenced by the bubble properties. To establish the best operating ©
condition for efficient conversion, this study investigates the dynamics behavior of ® ‘
a BFB reactor using experimental measurements and computational particle-fluid
dynamics simulation. The simulations account for particle size distribution and
variation of particle properties used in the experiments to eliminate the possible
effects on the bed behavior. Compared with a cold bed of similar biomass load
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and gas velocity, the results show that bubbles propagate with a wider distribution, , e

a smaller size, and a higher frequency in the hot gasifying bed. The bubble . 5 T S
diameter and amount of unconverted char particles increase with increasing air IR

flow rate at a constant air—fuel ratio. Although the solid particle distribution over For efficient biomass conversion, gDy /i = 3.0

the bed can be uniform with increasing air flow rate, the temperature and gas
species distributions lack uniformity due to different degrees of reactions across the bed. An increase in the air flow rate also results
in a decrease in the gas residence time, thereby lowering the biomass conversion efficiency in the bed. At the optimum gas residence
time, the concentration of hydrogen is maximum, while the concentrations of carbon dioxide and water vapor are minimum in the
product gas. For efficient biomass gasification in a bubbling bed, the superficial gas velocity, u,, and average bubble diameter, D,,
over the bed are related by gD, /u, = 3.0, where g = 9.81 m/s” is the gravity constant. This proposed model can therefore be used to
size BFB reactors or set the operating gas velocity to achieve optimum gasification.

1. INTRODUCTION bubbles formed in the bed are primarily responsible for gas—
solid contact and mixing in the reactor. Therefore, bubble
properties such as average bubble diameter, bubble rise
velocity, and bubble frequency in the reactor are important

Gasification of biomass using the fluidized bed technology has
gained popularity in recent years for different applications such
as syngas production and energy generation. Fluidized bed

gasification is considered advantageous owing to the uniform parameters which determine thermochemical conversion and
distribution of heat and mass transfer, intense gas—solid distribution of product gas species. In addition, entrainment of
mixing, and the possibility for continuous and large-scale particles in the product gas, nonuniform temperature
operations.1 Among different types of fluidized bed reactors for distribution, bed agglomeration, and so forth can be avoided
gasification processes, the bubbling fluidized bed (BFB) is with a proper understanding of the fluidized bed regime and
extensively used as it is simple to operate and capable of bubble properties. An appropriate flow regime in a BFB can be
handling a variety of feedstock.” Gasification, in general, is a characterized by a smooth fluidization quality where there is no
thermochemical degradation process where the conversion of flow of slugs. In such conditions, bubbles are smaller in size,

carbonaceous feedstocks into fuel gases is accomplished in two
steps.” The first step is the devolatilization of the feedstock
where volatile gases such as CO,, CO, H,, and CH, are
released instantaneously. The second step is the conversion of -

char into producer gas. The char remaining after devolatiliza- Rec?wed: February 27, 2023 !g%!i,@,,
tion undergoes gasification, and the conversion efficiency into Revised:  May 8, 2023
product gases depends on how well the fuel particles are in Accepted:  May 8, 2023
contact with the fluidizing gas. With a BFB reactor, the Published: May 18, 2023
contacts established between char particles and the bed

material also determine the effectiveness of the reaction. The

larger in number, and uniformly distributed across the bed.
However, the two-phase flow of gas and solids coupled with

© 2023 The Authors. Published b
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Figure 1. Overview of setups used in the test, showing a (a) cold fluidized bed column equipped with ECT sensors for measurement of solid
fraction distribution and (b) biomass gasification reactor equipped with temperature and pressure sensors.

mass and heat transfer and a series of homogeneous and
heterogeneous reactions in the fluidized bed is complex.
Understanding such bubble dynamics and multiphase thermal
phenomena occurring in gasification reactors is key for efficient
operation and provision of useful information for the design
and scale-up of such reactors.*”®

The major objective of this paper is to investigate the flow
dynamics and thermal behavior of BFB reactors for an efficient
gasification process. Several studies have been carried out on
the measurement of bubble properties in fluidized beds using
both experimental and numerical techniques. For instance,
nonintrusive experimental techniques such as electrical
capacitance tomography (ECT) and digital image sensing are
widely used to measure the bubble properties in fluidized beds
without interfering with the fluid flow dynamic behavior.” "
However, most of these works are devoted to measuring
bubble dynamics in fluidized bed columns containing one type
of particle. By contrast, gasification reactors usually come with
a bed of solids containing mixtures of inert particles and active
biomass particles of different size distributions. The mixture of
binary particles in the reactor has a significant impact on
fluidization patterns including mixing/segregation and bubble
dynamics. Hence, the complexities arising in such gasification
reactors cannot be predicted based on the information
obtained from fluidized beds with one type of particle."* On
the impact of the particle size distribution (PSD), Yang et al."®
studied the dynamics and thermal properties of bubbles in a
BFB, reporting that an increase in PSD leads to an increase in
the bubble volume, aspect ratio, and mass fraction of
combustible gases in the bed. In addition, the temperature
and thermal conductivity of bubbles increase with the rising
velocity, pressure, and density decrease. In this regard,
measuring the bubble properties with binary mixtures of
particles is crucial to characterize the fluid dynamic behavior in
fluidized bed gasifiers.

8501

Of the research studies so far on fluidized beds with a
mixture of different particle types, the emphases are mainly on
measuring the effect of gas velocity on the mixing, segregation,
and distribution pattern of the lower-density feedstock and
inert bed material. The effect of large irregular-shaped particles
on the bubble dynamics has often been ignored. However, in
the reports of Fotovat et al.'® and Kiared et al.,'” it is reported
that notable changes can occur in the bed voidage and bubble
properties when large particles are present. With such dynamic
behavior, the heat and mass transfer interfacial area may vary in
the bed during a gasification process. A few research studies
have been conducted to measure bubble dynamic behavior in
fluidized beds containing biomass and inert bed material, but
mostly in cold-flow conditions.”'® Noting that biomass first
degrades into gas and char components during gasification, it is
essential when analyzing the bed behavior under ambient
conditions to quantify the impact on bubble dynamics due to
the presence of char particles instead of the raw biomass.
Knowledge of the complex bubbling bed behavior will
influence the decision on the selection of optimum operating
parameters including superficial gas velocity and bed particle
size in fluidized bed reactors.

This study therefore is aimed at determining criteria for
selecting optimum operating parameters in a BFB biomass
reactor. To achieve this, the dynamic behavior of fluidized beds
with binary mixtures of solid particles is investigated using both
experimental measurements and numerical computations. In a
cold and nonreacting flow, ECT sensors are employed to
measure bubble properties in the beds. The results are used to
validate the numerical scheme setup for the simulation of
biomass gasification in a reactor of similar geometry. For the
numerical simulations, the computational particle-fluid dynam-
ic (CPFD) model embedded in Barracuda virtual reactor (VR)
is applied. The model uses a combination of Eulerian and
Lagrangian methods similar to the conventional discrete
element model (DEM) for fluid field and particle phase
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calculations, respectively. Contrary to the two-fluid model
(TFM) which is based on the Eulerian—Eulerian computa-
tional approach, DEM utilizes an approach where the
individual particles are tracked while holding particle—particle
collision into account and thus can be effectively applied for a
system with different particle types and properties.® On the
other hand, the TFEM model only accounts for particles with
the same density, diameter, and coefficient of restitution which
often results in inaccurate prediction of the bed properties.'”°

Although the DEM approach requires enormous computing
power to simulate fluidized bed reactors, making it less
attractive for applications involving large numbers of particles
(Deen et al,, 2007), the CPFD model in Barracuda, however,
uses the multiphase particle-in-cell (MP-PIC) approach where
particles with similar attributes such as density, volume, and so
forth are grouped together to form a parcel considered as a
computational particle. By this configuration, it is therefore
possible to simulate a large number of computational particles
at lower computational cost and time. The efficiency and
accuracy of numerical calculations using the MP-PIC model
are better compared to other discrete element models and two-
fluid models as demonstrated in various studies.'”*° The MP-
PIC approach has gained popularity in recent days due to its
cagacity to simulate industrial fluidized bed reactors.”"** Liu et
al.”? also illustrated the capability of this approach in their
studies on the dynamics and thermal characteristics of
mesoscale bubbles in a BFB coal gasifier.

Using the MP-PIC algorithm, CPFD simulation results are
compared against the experimental data obtained from a 20
kW BFB gasification reactor in this study. At different air flow
rates, the simulated results are analyzed to obtain bubble
properties and investigate the effect of bubble flow on the
distribution of gas and temperature in the bed as well as the gas
composition in the product. Because gas—solid contact
influences the efficiency of the biomass conversion process,
the simulation is also used to derive the effect of bubble
dynamic properties on the gas residence time. As particle
segregation may distort the characteristic flow behavior,
biomass particles are fed near the bottom of the bed, thus
minimizing the segregation effect. The bed height-to-diameter
ratio is kept below 2 to prevent the flow of slugs within the
range of gas velocities applied in the test. In the subsequent
sections, this methodology is given in detail. The results are
presented and analyzed, and conclusions are clearly drawn.

2. METHODS AND MATERIALS

This section provides descriptions of the setup, material, and
computational model implemented in this study for the
purpose of evaluating the impact of bubble dynamic behavior
on biomass gasification reactors.

2.1. Experimental Setup. The experimental setup consists
of a cold BFB column equipped with ECT sensors and a data
acquisition system as shown in Figure la. The reactor is a
cylindrical transparent column 150 cm in height and 10.4 cm
in internal diameter. The column is fitted with an air
distributor at the bottom and is open to the atmosphere.
The air distributor is 3 mm thick and 40% porous with a flow
area of 34 cm® which allows the fluidizing gas to pass through
the bed uniformly. The ECT32 software is used to measure
solid volume fraction fluctuation and is capable of displaying
the bed images in real time. The online images are extracted
from the capacitance measurements using the Linear Back
Projection algorithm.**
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The twin-plane ECT sensors applied are located at 15.7 and
28.7 cm from the air distributor where each sensor comprises
equally spaced 12 electrodes mounted on the outer wall of the
column. The raw data produced from the ECT sensors are
either in the form of a numerical matrix or an image that covers
the entire sensor-measuring area. For proper measurement of
solid distribution, the cross-section of each sensor is divided
into 32 X 32 square pixels of which 812 effectively lie within
the bed. Each pixel holds a normalized relative permittivity
value between O and 1, which represents the solid volume
fraction. The sensor calibration was performed before the
experiment at both extreme cases, i.e., when the sensor area is
filled with the lower-permittivity material (air) and then with
the higher-permittivity material (bed particles). For each flow
velocity, the data were logged for 60 s at a sampling frequency
of 100 Hz, indicating a total of 6000 frames over the sampling
period.

Figure 1b illustrates a 20 kW reactor applied in biomass
gasification. The setup consists of a stainless-steel cylindrical
column with a wall thickness of 4 mm, a height of 1.0 m, and
an internal diameter of 10 cm. At startup and during the bed
heat-up, three electric heating elements attached externally
along the column wall are used. To minimize the heat loss, the
inner side of the reactor is coated with a refractory material,
while the outer part is insulated with a 200 mm-thick fiberglass.
Five thermocouples and five pressure sensors distributed along
the vertical axis are used to monitor the behavior in the reactor.
The fuel supply is through a screw feeder, which is calibrated
for each fuel applied. Air is supplied through two 10 mm steel
pipes positioned 27.5 mm from the column base. The mass
flow rate of air is measured with a BROOK air flowmeter
(3809 series) operating in the range of 0.48—4.7 kg/h. Above
the reactor column, a gas sampling point is installed. The
product gas from the reactor is passed through a flare before
being discharged into the atmosphere.

Samples of gas taken at 10 min intervals were analyzed
offline using the SRI gas chromatograph. The gas chromato-
graph uses a TCD and helium as the carrier gas with an
installed column comprising a packed molecular sieve 13x. The
gas chromatograph operates at 10 psi in the temperature range
of =15 to 200 °C and can provide the composition of the
major fuel gases: carbon monoxide (CO), hydrogen (H,),
carbon dioxide (CO,), and methane (CH,) as well as nitrogen
(N,) and oxygen (O,) in each gas sample by the gradient
method. Each experiment was performed twice to confirm the
repeatability, and the two data sets were averaged and
recorded.

Sand particles were used as the bed material with a narrow
PSD, 200—400 ym, and compressed air was applied as the
fluidizing gas and gasification agent. The size of the sand
particles was obtained from the sieve analysis. Two types of
fuel particles, char and wood pellets, were used in the different
parts of the experiments. The wood pellets were cylindrical in
shape with a diameter of 6 mm and a length between S and 30
mm. The char particles used were collected (as unconverted
char) from a series of gasification experiments based on wood
pellets at 700—800 °C.” The char particles had a diameter in
the range of 2—5 mm and a length within 1-15 mm. The
properties of these particles are listed in Table 1. The particle
(char, wood pellets, and sand) properties including sphericity,
void fraction, and equivalent spherical diameter are calculated
from the particle geometry using 1.

https://doi.org/10.1021/acs.iecr.3c00626
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Table 1. Properties of the Bed Material, Wood Pellets, and
Char Particles

bulk equivalent
density,  density,  diameter of the

P, Db particle, d, sphericity, void
material (kg/pm3) (kg/ ;}13) mm) i @y fraction, €
sand 2650 1537 0.302 0.86 0.42
wood 1139 649 8.9 0.82 0.43

pellets

char 423 218 4.6 0.75 0.48

For a mixture of sand and char particles, cold-flow
experiments were carried out at different bed compositions.
Char particles were used instead of wood pellets since the
mixture of char and inert bed material represents the real bed
condition in the gasification process. It should be noted that
during the gasification process, wood pellets do undergo rapid
devolatilization, leaving the bed as a mixture of inert bed
materials and char particles. In the experiment, a uniform
mixture of char and sand particles was first obtained before
being added in segments into the column to avoid segregation.
To minimize the flow of slugs over a wide range of gas
velocities, the initial bed height in each test was 20 cm,
covering only the first ECT sensor at 15.7 cm above the air
distributor.

£=1 " Py by ™
i = (61)
# @)
1/31,2/3
o = 6rn "7V,
P Ap (3)
Here, ¢ is the bed static void fraction, d, is the volume-

equivalent spherical particle diameter, and ¢, is the sphericity
of the particle, where p,, is the particle bulk density, p, is the
true solid density, V5 is the particle mean volume, and Ap is the
mean particle surface area.

The experiment and simulations were conducted at different
gas flow rates and biomass loads. The gas flow rates were
selected to ensure that entrainment of particles is prevented,
and the bed is operated above the minimum fluidization
velocity. The minimum fluidization and slugging velocities
reported in Table 2 for the different beds were estimated by
the methods described by Agu et al.”

Table 2. Cold Bed Characteristic Velocities at Different
Loads of Char Particles

0 (pure 100 (pure
char volume fraction (%) sand) 24.8 41.0 char)
minimum fluidization velocity 7.64 7.76 8.96 98.7
(cm/s)
minimum slugging velocity 22.7 30.0 36.1 113.7
(cm/s)

2.2. Theory. An overview of the theory behind biomass
conversion in a reactor is outlined. This section also presents a
brief description of the computational model and its setup used
for simulating the dynamic behavior of the BFB.

2.2.1. Chemistry of Biomass Conversion. The composition
of product gas postgasification depends on the biomass
constituent element and the gasifying agent. Biomass
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molecules may contain traces of nitrogen and sulfur in
addition to a large percentage of carbon, hydrogen, and
oxygen. Neglecting the nitrogen and sulfur constituents, a unit
of biomass can be represented as CxHyO,, where X, Y, and Z
are the mole fractions of carbon, hydrogen, and oxygen,
respectively, in the molecule. Assuming a one-step process,
biomass conversion into the gaseous product under a limited

supply of air (O, + 3.76 N,) can be globally expressed as
CyH,0, + y(O, + 3.76 N,)

- n,CO + n,CO, + n,CH, + n,H,0 + n,H, + nyN,

(R1)

where y = (%)AFR and n, i = {1,2,.,6}, is the number of

moles of each gas species contained in the product gas. M,

and M, are the molecular weights of biomass and air,
respectively.

The expression above implies that for a constant value of
air—fuel ratio (AFR) defined as the ratio of the mass flow rate
of air to the mass flow rate of biomass, the composition and
distribution of gases in the product are the same, suggesting
maximum conversion and stable product. However, in practice,
this might not be the case owing to the competitive side
reactions among the reacting species. Other factors that may
also influence the product composition include contact/
residence time between the fuel particles and gasifying gas,
temperature, as well as the mass distribution within the reactor.
The degree to which these factors influence gasification varies
with different reactor designs and operating configurations.

Biomass conversion is kinetically limited; therefore, to
enhance gas diffusion, promote higher heat transfer, and
increase the contact area, the size of biomass fed into the
reactor should be considerably low (<S0 mm). Below a certain
temperature (<200 °C), only a drying process is possible
where the moisture content evaporates, leaving behind dry
solid fuel. At a higher temperature up to 500 °C, the dry
particles undergo devolatilization or pyrolysis where it is
decomposed into char, tar, and light gases as illustrated in
Figure 2. The light gases consist of mainly CO, CO,, CH,, H,,

/: Tar

Figure 2. Illustration of parallel steps involved in biomass pyrolysis.

Light gases

Biomass

» Light gases

and H,0. The composition of the pyrolysis product including
the drying process also depends on the residence time and
temperature where the rate constants, k [1/s], can be modeled
in the Arrhenius form, eq 4.

k = Aexp(—E/RT) (4)

Values of the frequency factor, A [1/s], and the activation
energy, E [J/mol], for each step are obtained as described by
Chan et al.>® In the presence of the gasifying agent, e.g, a
limited amount of air, the combustible gases (CO, CH,, and
H,) and char (rich in carbon) undergo partial oxidation,
releasing heat energy while reducing the chemical energy
content of the pyrolyzed biomass. Moreover, with the limited
supply of oxygen, some amount of tar will remain unconverted

https://doi.org/10.1021/acs.iecr.3c00626
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in the product gas. Possible reactions during biomass
gasification with air, which are also implemented in the
computational model are listed in the Supporting Information.

2.2.2. Computational Particle Fluid Dynamics Model in
the Barracuda Virtual Reactor. The CPFD model embedded
in the Barracuda virtual reactor (VR) (version 21.0.1) was
applied to simulate the bubbling bed behavior containing a
mixture of sand and biomass particles. The Barracuda VR is a
commercial software designed for the simulation of multiphase
flow systems such as fluidized bed reactors and can be applied
for a large number of computational particles in the order of
10" or more. Barracuda uses a three-dimensional multiphase
particle-in-cell approach for the simulation of gas-particle flow,
capable of handling detailed thermal physics and reaction
chemistry. For the fluid-particle simulations, the Barracuda VR
uses a combined Eulerian—Lagrangian approach where solid
particles are modeled using the discrete Lagrangian method,
and fluid is modeled as an Eulerian grid of cells. While details
of the computational model in Barracuda can be found
elsewhere,”* >’ eqs 5 and 6 outline the mass and momentum
equations of the gas phase and eqs 7 and 8 describe the particle
velocity and probability density function f(x, u, Lo Vo t) for

tracking particle positions in the flow system. The energy eqs 9
and 10 are applied for gas and solid phases, respectively.

A, v 5
o + .(egpgug) = om, )
0(egpgug)
Y + V(Egpgugug) =-Vp+F+epg+ V()
(6)
du
= Dp(uy — u,) + g = LVTP - in
dt lp P (7)
of
- + V(fu,) + Vu,(fa,) = 0 ®)
olepH)
8'g 8
T + V(egpgugHg)
dp
=g x + u,Vp| - V(egkgV’ljg) +fQ_pg +Q, ©)
dT, A
Lt ="2n (T, - T
Ydt omp (T~ ) (10)

Here, p,, u, £, and 7, are gas-phase density, velocity, volume
fraction, and stress tensor, respectively. u, and a, are the
respective particle velocity and acceleration, while p is the fluid
pressure and F is the total force exerted on the fluid by the
particles, where D; is the gas-particle momentum transfer
coefficient. The gas temperature, T, is related to the specific
enthalpy, H,, and its magnitude is determined by the quantity
of heat-exchanged with the particles, Qpp and with the
environment, Q,, through the reactor wall. The particle
temperature, T}, depends on the single particle surface area, Ap,
mass, mp, and the specific heat capacity, C,. Since the reactor in
this study is properly insulated to minimize interactions with
the environment, Q,, = 0 can be applied.

The local particle solid volume fraction is expressed as €, = 1
— &, to ensure continuity and is limited to the close-packed
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L]
solid volume fraction. The mass transfer rate, 5mp, due to

chemical reactions within the gas and solid species is related to
the kinetic rate constants of the pyrolysis process and different
possible reactions during gasification. The relevant constitutive
equations including the various heat transfer coefficients, hpg,
implemented in the model are described in the Supporting
Information.

The momentum transfer F between gas and particles
depends on the drag model, which greatly influences the
accuracy of the model simulation. Several drag models can be
found in the literature,®”*" and a number of these are included
in the drag model library of the Barracuda software. With a
linear coefficient of 2 and a nonlinear coefficient of 180, the
Gidaspow drag model which is a combination of Ergun and
Wen-Yu drag models was used. Several studies’”** have also
shown good predictions of the fluid dynamic behavior of a BFB
reactor using this blended drag model. It should be noted that
either the Wen-Yu or the Ergun drag model can also be used.
However, as confirmed in the previous studies, the Ergun
model is best suited when the gas volume fraction is below 0.8,
while above it, the Wen-Yu model gives a better prediction of
the bed behavior. Since both the dense and dilute-phase
regions exist continuously over and across a bubbling bed
reactor, it is therefore important to apply such a blended drag
model as Gidaspow for better simulation results.

For the simulation of virtual reactors using any CPFD tool, a
grid defining the control volume, cells, and boundary
conditions for all fluid field calculations is required. In this
study, a CAD geometry of the reactor was produced in the
STL format using SolidWorks and then imported to the
Barracuda VR to define the grids. A total of 102,400 cells were
specified with a uniform grid generation, dividing the reactor
into uniform cells. This number of computational cells was
defined such that the cross-section of the VR could also be
divided into 32 X 32 pixels similar to the ECT experimental
setup. Note that the number of grid sizes can be reduced to
decrease the computational time but may introduce some level
of bias when comparing the simulated results with the
experimental data. Of the 1024 pixels, the effective number
covering the bed’s cross-sectional area is 812 as shown in
Figure 3. In addition, three monitoring planes were defined at
heights of 5, 10, and 15.7 cm along the vertical direction of the
reactor. An inlet flow boundary condition was applied at the
bottom, and a pressure boundary condition was defined at the
top of the reactor.

The close-packed volume fraction of the bed is set to
correspond to the lowest static void fraction as listed in Table 3
for each particle type. The same PSD obtained in the
experiments was also implemented in the Barracuda simulation
to eliminate possible effects and bias associated with single
particle size. The particles were initialized with a static height
of 2 times the reactor diameter. As particle collisions and wall
effects have significant impacts on the bed fluid dynamics, the
effect of the wall on the fluid particle motion was considered as
0.33 for normal-to-wall momentum retention and 0.85 for
tangential-to-wall momentum retention. The maximum
momentum redirection from the collision was set as 40%,
and the coeflicient of restitution for the simulation was used as
0.9. The simulation time was 300 s, selected after a preliminary
steady-state evaluation as discussed in the subsequent section.
The time step, 0.001 s, specified in Table 3 is the maximum
allowable in the simulation. The actual time step is limited by
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Figure 3. Grid and meshing of the computational domain.

the Courant—Friedrichs—Lewy (CFL) number or temperature
changes. Depending on the set limits of these control
parameters, the solver in Barracuda can reduce the time step
by 3 orders of magnitude from the specified value. The
maximum temperature change is 3000 K, which corresponds to
the maximum permissible temperature of the reactor. The CFL
number is a dimensionless parameter measuring how far the
fluid travels in a single time step and can be calculated for a
given flow direction from

CFL = ult
A‘xcell ( 1 1)
where Ax, is the cell dimension, u is the fluid velocity, and At

is the time step in the flow direction. In order to maintain
stability, accuracy, and speed of the calculation, the VR
automatically adjusts the time step to keep the CFL number
between 0.8 and 1.5 as specified in this study.

3. RESULTS

As this study focuses on the simulation of fluidized bed
behavior in a gasifier, the CPFD tool employed is first validated
with the experimental data. The bubbling behavior of a
fluidized bed is characterized by certain bubble dynamic
properties including the bubble size, bubble frequency, and the
rise velocity. With the setup equipped with ECT sensors, these
dynamic properties can be visualized over time at a given
superficial gas velocity. As suggested in Table 2, a bed of pure
biomass particles cannot be easily fluidized due to its high
minimum fluidization velocity, and even if it does, the

fluidization will not be smooth. However, the bed of pure
sand particles with lower particle size, higher density, and less
irregularity in shape can be fluidized easily.

To clearly evaluate the performance of the model simulation,
the behavior of the bed with only sand particles is shown in
Figure 4 for different gas velocities, 0.176 and 0.35 m/s. The
color bar indicates that the blue region with nearly 0
permittivity is filled with a void or gas pocket, which can be
regarded as a bubble. Regions with higher values of
permittivity contain higher fractions of solid particles. As
shown, smaller bubbles at the measurement plane cluster form
a larger one as the velocity increases. The figure also shows
that a single large bubble tends to flow along the central axis of
the bed. However, between each time interval, the frequency of
generation and rise of bubbles is higher with the lower velocity.
At 0.35 m/s, there are apparently more idle periods in the bed
where it is free of bubbles. This suggests that the larger bubble
at the high velocity is mainly slug, generated at a frequency of
about 3.5 Hz. It should be noted that the minimum slugging
velocity of this bed is 0.227 m/s as reported in Table 2; hence,
at the high velocity, it is clear that the bed is slugging.

Compared with the experimental data, the model simulation
accurately predicts the flow behavior across the gas velocities.
The bubble rise frequency and the spread over the cross-
section are similar. There is also a good match in the rising of
the large bubbles along the center line. Since the CPFD
simulation can capture the dynamic behavior of the fluidized
bed, the model can be used to simulate the systems containing
binary mixtures of solid particles.

The model simulation is further extended to the bubbling
behavior in a biomass gasification reactor. In the gasifier, wood
pellets were used as the feedstock, while the bed temperature
was maintained within 1023 K. The simulation test was carried
out at four different air flow rates where the wood pellets were
fed at corresponding rates to achieve a constant air—fuel ratio
of 0.813, selected to avoid combustion of the fuel particles.
The air also used as the fluidizing gas was fed into the reactor
from the bottom of the bed. The bed material used was the
same as that of experiments under ambient conditions as listed
in Table 1. The bed height was initialized at an aspect ratio of
2, while the biomass feed position was near the bottom of the
bed at a height of 5 cm. The devolatilization composition of
the wood pellets used in the simulation was obtained from the
proximate analysis as given in Table 4.

To validate the CPFD model in the hot reacting bed
conditions, a quantitative comparison of the mole fraction of
gas species in the product gas is performed against the
experimental data at an air flow rate of 2 kg/h. Figure Sa shows
the evolution of gas temperature and species composition
simulated at the outlet of the reactor over time. As can be seen,
a steady-state condition is attained in the reactor after 5 min.
Henceforth, the simulated results presented and analyzed are
based on the average data obtained over the last 30 s of the
simulation run.

Compared with the experimental data, Figure Sb shows the
simulated mole fractions of the various gas species. The
prediction errors relative to the experimental data are also

Table 3. Simulation Parameters Employed for the CPFD Model Development

parameters  close pack fraction (—)  solid volume fraction (—)

set values 0.64 0.534

total cell number (—)

102,400 0.001 300 20

time step (s)  simulation time (s) initial bed height (cm)
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Figure 4. Stacks of the measurement plane over time, showing evolution of bubbles in the bed of sand particles at different superficial gas velocities
of (a) 0.176 and (b) 0.35 m/s, comparing the (I) simulation data with (II) experimental data from the ECT setup.

Table 4. Proximate Analysis of Wood Pellets as
Implemented in the CPFD Model

volatile composition (% wt)

mass fraction

components (%) H, CH, CO CO, H,0
ash 0.3
fixed carbon 15.2
volatile 84.5 3.54 924 6354 1634 734

shown. Except for nitrogen and carbon dioxide, the model
simulation tends to overpredict the gas composition. Though
the relative errors in CH, and H,O are high, their respective
absolute errors are quite small and are within acceptable limits
for analysis. The qualitative trends of the predicted mole
fractions also follow closely those of the experiment. The
fraction of N, in the product gas is the highest while that of
H,O is the least as given by both simulation and experiment.
Table S provides the raw values of the simulated gas
composition for the four different air flow rates. The amount
of unconverted char particles in each case is also shown. Based
on the unconverted char particles, the minimum fluidization
velocity and slugging velocity as predicted according to Agu et
al.”** are given in the table. Compared with the inlet superficial
air velocity at the operating temperature, the data clearly show
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that the fluidized bed at different feed rates is operated within
the bubbling regime.

Further analysis of the results is presented in the following
subsections to properly evaluate the influence of bubbling bed
behavior on gasification of biomass while aiming at finding the
criteria for optimum operating conditions.

3.1. Bubble Diameter and CPFD Predictions. The
bubble properties which quantify the behavior of a fluidized
bed include bubble diameter, rise velocity, and bubble
frequency. Within the bubble regime, the rise velocity and
frequency are directly related to bubble diameter. While bubble
diameter and rise velocity increase along the bed height due to
coalescence, the bubble frequency decreases. At a given plane
along the bed, the bubble frequency can be easily measured by
counting the number of bubbles at a specified time interval.
The bubble velocity is however difficult to measure at a given
plane due to the continuous distortion and coalescence of the
rising bubbles. For the purpose of this study, measuring only
the average bubble diameter over the bed height can provide
sufficient information for analysis.

Note that ECT sensors only provide information about the
solid distribution across the bed cross-section at a measure-
ment position. Therefore, the bubble dimension and size can
only be quantified in a two-dimensional plane. As bubbles
usually contain some amount of solid particles in their wake, a
threshold of 0.2 can be used to define the bubble-emulsion

https://doi.org/10.1021/acs.iecr.3c00626
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Figure 5. (a) Evolution of product gas composition simulated with the CPFD model over time, confirming a steady-state solution after S min of
simulation time; (b) simulated average gas composition compared with the experimental data at a 2 kg/h air flow rate.

Table S. Product Gas Compositions and Unreacted Biomass at Different Air Flow Rates with an Air—Fuel Ratio of 0.813

predicted bed

characteristic properties

air flow rate air velocity mole unconverted char volume Uy
(kg/h) (cm/s) fraction (%) N, H, CH, CO CO, H,0 fraction (%) Upf (cm/s) (cm/s)
experiment 2 20.6 42.0 18.1 5.0 15.6 17.1 2.3 21.6 3.47 58.8
CPFD 1 12.9 41.1 16.7 4.9 16.5 17.0 3.8 11.9 3.38 52.7
simulation
2 20.6 40.3 18.8 5.6 15.8 15.7 3.8 21.6 3.47 58.8
3 30.9 374 15.2 6.5 16.8 19.0 S.0 29.3 3.64 64.2
41.2 37.5 12.9 7.4 17.0 18.9 6.4 38.5 3.87 68.8
U
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Figure 6. Illustration of (a) emulsion and bubble regions with a boundary, (b) equivalent bubble region in the binary display, (c) and three-

dimensional view of bubbles in the CFPD simulation domain.

8—10

phase boundary. Figure 6a displays a typical image from
the bed of pure sand particles captured at the height of 15.7 cm
when bubbles flow through at an air velocity of 0.25 m/s. As
can be seen, the gas bubble occupies the bed region where the
solid fraction is lower than 0.2. To acquire the bubble
properties from the ECT data stored over the 812 pixels in
each frame, an algorithm was developed in MATLAB, where
the data are first converted into binary numbers (white and
black regions) to distinguish the bubble region from the rest of
the bed as shown in Figure 6b.
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Because bubble generation and propagation are dynamic, the
indicated bubble diameter at a given time corresponds to the
projected cross-section of the bubble. If the bubble has a flat
surface (i.e., if viewed as a cylindrical object), the projected
area measured for a single bubble will remain constant during
the bubble passage across the measurement position. However,
for a spherical, oval, or elliptical bubble, the projected area will
increase from 0 when the bubble enters the measurement
plane to a maximum and then decrease to zero when the
bubble leaves the plane; a detailed explanation of this behavior
can be found in 9. As noted in the literature, the maximum
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projected area is considered the same as the cross-sectional
area of the bubble through the center. The bubble diameter
based on the ECT data is therefore obtained as described
below.

1 7
D, = — —A
' nzk:(\! x """’k] (12)

Here, n is the number of frames over which flow of bubbles are
identified and A (Npay ¢/ Nge)Ap) is the maximum

projected area across the measurement plane at frame k, where
Npayi is the number of pixels occupied by the projected
bubble, N4 = 812 is the effective number of pixels across the
bed, and Ay is the bed cross-sectional area.

Contrary to eq 12, the true bubble diameter can be obtained
from the measurement of the bubble volume after being
identified. In the CPFD model simulation, the bubble
dimension can be described in three-dimensional space,
thereby providing value for the bubble volume. Using the
solid fraction of 0.2 for the bubble-emulsion phase boundary,
Figure 6¢ presents a typical three-dimensional view of a bubble
formed in the bed. If V, is the volume of the bubble, the
volume-equivalent spherical bubble diameter, D,, can be
obtained from

max,k —

&,

T

D,

(13)

Supposing S, is the projected area at the plane P, the bubble
volume is thus

Zp

where z, is the height of the bubble. Since an analytical
expression of S, is cumbersome, the volume of the bubble can
be approximated as

nZ

A
VI; ~ —AZZ (Nbrj + Nb,j—l); n, = Zh/AZ
MNew 5 (15)

Here, Az is the size of the computational grid along the vertical
axis and N,; is the number of grids on the horizontal plane
occupied by the bubble at position j. With the bubble volume
estimated from eq 15, the true bubble diameter can then be
established from eq 13.

Figure 7 compares the bubble diameters simulated with the
CPFD model against the experimental data from the ECT
setup. At different gas velocities and char loads, the bed
behavior is well predicted, particularly in the beds of pure sand
particles and 5% wt char load. Below 0.25 m/s, the different
beds are in a bubbling regime. However, as can be seen from
the experimental data, the sand bed transits into a slugging
regime where the bubble diameter is relatively constant over a
wide range of gas velocities. The simulation results also predict
the bed behavior in the two regimes including the transition
phase.

Observing the behavior at different char loads, the bubble
diameter is lower in the bed of 5% wt char compared to the
sand particle bed. This behavior can be attributed to an
increase in solid packing density due to the ingress of a small
fraction of char particles within the matrix of the fluidized sand
particles. Moreover, the relatively small amount of char
particles may also be dragged into the bubble wakes, resulting
in the bubble break-up. With the continuous breakup of
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Figure 7. Variation of bubble diameter in cold beds, comparing the
behavior at different biomass loads across a range of superficial gas
velocities, where data points are experimental values and solid lines
are the simulated values.

bubbles, the fluidization quality is enhanced, delaying the
possibility of slug flow in the bed as can be observed in the
figure. When the char fraction is increased, the bed voidage
increases. This therefore results in rapid bubble growth as they
form and rise since the bed resistance to the flow is reduced.
Owing to this, the bubble diameters in the 10% wt char bed are
larger than those of pure sand at given gas velocities. The rise
of large bubbles coupled with continuous interaction with the
irregularly shaped char particles may be chaotic and difficult to
predict. Hence, the significant difference between the predicted
bubble diameters and those of the experiment above 0.15 m/s
can be attributed to the chaotic behavior of the bed with 10%
wt char particles.

3.2. Dynamic of Bubbles in the Gasification Bed.
Depending on the magnitude, the dynamic behavior during
generation and propagation of bubbles through a fluidized bed
reactor will influence the reactor performance and the product
output. Among the various impacts are the effect on the bed
load, the effect on the temperature and gas distribution, and
the effect on the gas residence time.

3.2.1. Effect on Bed Load and Performance. As suggested
in eq R1, the product gas composition at the same air—fuel
ratio is the same independent of the air flow rate. However, the
distribution of gas species shown in Table S for different air
flow rates suggests that flow behavior in the fluidized bed
influences biomass conversion. Noting that biomass gas-
ification is kinetically limited, the bed size and extent of
contacts between the reacting species can account for this
behavior. With an increase in the air flow rate at a constant
air—fuel ratio, the biomass feed rate increases. Higher biomass
feed over a fixed mass of bed material may increase the sensible
heat loss, thereby leading to a lower rate of conversion and a
corresponding increase in the amount of unconverted char
particles in the bed.

Figure 8a illustrates the evolution of bubbles comparing the
bed behavior for gasification at a 2 kg/h air flow rate against
the cold beds with 5 and 10% wt char particles. Though the
superficial gas velocity, u, differs for the different beds, their
respective excess velocity, uy — u is approximately the same,
0.17 m/s. The excess velocity provides the driving force for
bubble generation and propagation in the fluidized beds. At the
same value of u; — u,,, different beds are expected to behave
the same. However, the figure shows that the flow behavior
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Figure 9. Radial distribution of bulk solid particles in the gasifier, comparing behavior over the bed height at different air flow rates: (a) 2 kg/h and

(b) 3 kg/h.

differs across the different beds owing to variations in the
amount of char particles. In the cold beds, virtually, only single
bubbles rise through the central axis, whereas there are a
multiple number of bubbles spread across the hot bed. The
higher bubble frequency and distribution in the hot bed may
be associated with an increase in the solid packing density due
to a lower volume fraction of the accumulated char particles.

During the gasification process, a fraction of the fluidizing
gas is consumed as it reacts with the biomass particles. The
release of volatile gases in the bed will result in a higher gas
fraction compared to the equivalent cold bed. Moreover, the
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amount of char particles varies with time due to continuous
conversion phenomena. Unlike cold bed conditions, these
conversion steps, devolatilization and char conversion, can
cause a significant change in the bed void fraction. The
variation in gas—solid fractions therefore alters the bubble
properties. Figure 8b compares the average bubble diameter
over the hot bed at different air flow rates. As expected, the
bubble size increases with the excess velocity and the amount
of biomass load in the bed. The figure also depicts that smaller
bubbles are formed at lower feed rates. Bubbles grow in size
when the biomass feed rate is increased due to higher char

https://doi.org/10.1021/acs.iecr.3c00626
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Figure 10. Radial distributions of temperature and gas species concentration within the gasifier bed, comparing behavior over the bed height at an

air flow rate of 2 kg/h.

accumulation, which is similar in trend to that of the cold bed
containing sand and char particles as explained previously.
Bubbles in the reacting hot bed are distributed throughout the
cross-section contrary to the cold bed conditions; see Figure
8a. The bubble distribution in the hot bed emanates from the
chaotic movement as they form and rise up in the bed. With
the presence of biomass, bubbles are split and formed into
irregular shapes and sizes. The gas released in the bed due to
rapid devolatilization also influences the bubbles to move
randomly, resulting in their distribution throughout the bed.
Comparing with data in Table S, the increase in bubble
diameter and consequently the reduction in the bubble
frequency as the air flow rate increases may have had an
adverse effect on the conversion efficiency since the mole
fractions of the gas species tend toward the values character-
izing the devolatilization process. The associated rise in the
bubble velocity might have also contributed to the impediment
in the gasification process due to a drop in the gas residence
time.

3.2.2. Effect on Temperature and Gas Species Distribu-
tion. The conversion efficiency of biomass in fluidized beds
solely depends on the distribution of mass and heat across the
bed. Rising bubbles create a temporal void over the bed,
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whereas the region with higher solid concentration poses a
greater resistance to the gas flow; therefore, a higher fraction of
gas will tend to follow the bubble path. The larger the bubble
size, the greater the bed voidage over the expanded volume.
The distributions of total solid particles (bed material and
biomass) across the bed at two different positions are shown in
Figure 9. At both air flow rates, the solid fraction decreases
from the walls toward the central axis due to the rise and
position of bubbles. As the bubbles rise up in the bed, they
tend to spread wider across the bed cross-section, decreasing
the solid concentration. Since the total mass of the particles is
approximately the same over the bed at a steady state, the
fraction of solids within the region of the central axis is higher
in the upper part. When considering a single bubble, this result
indicates that the volume of the bubble is approximately the
same, but the aspect ratio (height to width) decreases as the
bubbles rise through the bed. At the biomass feeding position,
S cm above the base, the lateral distribution of particles is
similar for the different air flow rates, basically due to the rise
of a large number of small bubbles that spread across the bed.
However, with increasing air flow rate, both the lateral and
axial distribution of the solids are enhanced.

https://doi.org/10.1021/acs.iecr.3c00626
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Figure 11. Radial distributions of temperature and gas species concentration within the gasifier bed, comparing behavior over the bed height at an

air flow rate of 3 kg/h.

Since the solid particle concentration is higher near the walls
than around the central axis, the distribution of gas—solid
contacts may also be nonuniform across the bed. Con-
sequently, the distributions of temperature and gas species will
be affected. Figures 10 and 11 present the temperature and gas
species distributions in the bed at 2 and 3 kg/h air flow rates.
In the plane of biomass feeding position, the particle
temperature is close to uniform. The drop in both gas and
particle temperatures, especially within the central axis,
suggests that there are some endothermic activities such as
biomass devolatilization taking place in the bed. Since the bed
temperature near the wall is closer to the target value of 1023
K, this also implies that a larger fraction of biomass particles is
located along the central axis, particularly near the bottom of
the bed, thus giving rise to the temperature distribution similar
to that of the solid fraction. Toward the bed surface, the
endothermic conversion of char particles with the gasifying
agents including H,O and CO, dominates the particle
oxidation by O, and H, as represented in SR1—SR2 (described
in the Supporting Information), causing a further decrease in
the particle temperature. Moreover, several competitive gas-
phase reactions (SRS—SR9) both exothermic and endothermic
take place along the bed height, resulting in an equilibrium
temperature slightly lower than the target temperature across
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the bed. In the figure, it can also be seen that the bed
temperature decreases with increasing air flow rate, which can
be associated with an increase in the endothermic activities due
to higher char accumulation.

However, the profile of gas species distribution across the
different air flow rates differs from that of gas temperature.
While the gas fraction increases toward the central axis at lower
air flow rates, the species mass fraction decreases toward the
center as the superficial gas velocity increases. Considering the
concentration of oxygen at different air flow rates, the variation
in gas fraction distribution can be explained. Near the walls,
oxygen is present, indicating also that the concentrations of
char particles and combustible gas species are significantly low
in the region. At a 2 kg/h air flow rate, O, is completely
consumed along the bubble path; hence, the convex nature of
the distribution is solely due to participation of gas species in
the gasification process (SR8 and SR9). The presence of
oxygen along the central axis at 3 kg/h shows that oxidation
activities are low at the higher gas flow rate, although there is
some improvement toward the upper part of the bed.
Compared with the bed at a 2 kg/h air flow rate where
smaller bubbles are formed, the larger bubbles with higher rise
velocity in the bed of 3 kg/h airflow may have resulted in lower
contact time between the char particles and active gas species.
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Figure 12. (a) Variation of relative gas residence time with excess gas velocity, showing the (b) effect on product gas composition in the bubbling

bed gasifier.

As noted, the gasification process is kinetically limited; hence,
with an increase in bubble size and rise velocity, the gas
residence time for effective reactions will decrease. The drop in
particle temperature along the bubble path also greatly impacts
the rate of reactions between the char and oxygen within the
bed. Since most of the possible gas-phase reactions are
exothermic and can be activated with the indicated gas
temperature, only sufficient time is therefore required for the
reactions to complete, especially those involving oxygen.
Hence, the homogeneous gas-phase reactions proceed in the
freeboard of the reactor as there is no O, recorded among
other species at the reactor outlet as listed in Table S.

3.2.3. Effect on Gas Residence Time and Product
Distribution. 1t has been widely reported that gas—solid
mixing in a bubbling bed is enhanced with increasing gas
velocity due to an increase in bubble diameter that leads to
higher solid circulation as bubbles erupt from the bed surface.
This may be true for beds where there is no chemical reaction
between the bed component and to some extent true in the
case of solid distribution where reactions occur as can be seen
in Figure 9. However, the increase in bubble velocity with an
increase in bubble diameter may give rise to higher gas escape,
reducing the residence time of the various gas species which
are supposed to participate in the gasification. Since the
effective distribution of heat and mass as well as sufficient gas—
solid contact time is essential for the efficient conversion of
biomass in a fluidized bed, a compromise must be made in the
size of bubbles generated in the bed.

Assuming constant flow velocities, the gas and bubble rise
residence times, 7, and 7;, can be, respectively, expressed as

_hy
T, =—
Up (16)
_ Oy
T, =
Uy, (17)

where h; is the bed height at the fluidized state, u,, is the
bubble rise velocity, and Jj, is the volume fraction of the bubble
over the bed defined as
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The bubble volumetric flux, G = uy — u,; according to the
two-phase theory can be applied.” Taking u,, ~ /gD, , where

g = 9.81 m/s” is the gravity constant, eqs 17 and 18 can be
combined to give

- [
(19)

Dividing eq 16 by eq 19, the relative gas residence time, 7, =
7,/7}, becomes

gb,

up(ug — “mf)

Uy = Uy

gh,

7

(20)

Equation 20 suggests that 7, increases with increasing bubble
diameter, and it is possible to achieve a higher gas residence
time with a higher gas flow rate. The relative gas residence time
in a bubbling bed is a characteristic value, decreasing with
excess gas velocity due to increasing bubble diameter. As
shown in Figure 12a, 7, follows a certain path which depends
mainly on the solid packing density. In cold beds with a
relatively small fraction of biomass, the bed behavior is the
same as that of the pure sand particles. When biomass is
relatively high such that the bed voidage is larger than that of
pure sand particles, the value of 7, is the same as that of a hot
bed at the same excess velocity. However, at higher velocities
where bubbles are fully developed or slugs tend to flow in the
bed, the residence time decreases toward values independent
of the flow condition.

Against the gas residence time, the composition of gas
species in the product gas is shown in Figure 12b. The result
indicates that the length of time gas spends in the bed plays a
significant role in the series of conversions expected in the
reactor. The optimum relative residence time is about 24, and
it is characterized by a maximum yield of hydrogen and
minimum yields of carbon dioxide and water vapor. This
indicates that gasification processes aimed at converting CO,
and H,0 to CO and H, are at the best performance when 7, ~
24. Below the optimum residence time, the concentration of
H, decreases while that of CO, becomes higher than that of
CO due to poor utilization of oxygen in the bed and active
oxidation of the combustible gases in the freeboard. With 7, >
24, poor distribution of particles in the bed also results in the
escape of O, into the freeboard through the wall region of the
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bed, thereby oxidizing the combustible gases and reducing
their concentrations in the product gas.

Comparing the results in Figure 12 and data in Table 5, the
amount of unconverted biomass particles lies between 5 and
10% wt at the optimum residence time, which is typical for an
industrial scale. Nevertheless, it is difficult to establish the
biomass load before an operation because of its dependency on
the gas velocity and residence time. Since 7, ~ 24 with uy — u,,¢
~ 0.13 m/s (estimated from Figure 12a) as the corresponding
excess gas velocity at the best gasification performance, eq 21
can be derived from eq 20.

Dy

Uy

= 3.0; [m/s] 1)

Equation 21 therefore defines the condition under which a
BFB biomass gasifier can be operated at the best efficiency. It
can be used to size the reactor or set the operating gas velocity,
Uy to achieve the optimum gasification. The average bubble
diameter, D,, is related to u, and minimum fluidization
velocity, u,; of the bed under the operating condition and can
be predicted using the available correlations in the literature.”

4. CONCLUSIONS

The effect of bubble dynamic properties on the fluidized bed in
a biomass gasifier was investigated using the CPFD model
simulated in Barracuda VR software. The model was first
validated with a set of experimental data acquired from an
ECT setup operated in cold conditions with different mixtures
of sand and char particles. Furthermore, the model results were
compared with gas composition obtained from a biomass
gasifier at the same operating conditions.

Compared with the cold bed at the same gas velocity and
char load, the observed bubble size was smaller in the hot
reacting bed and the number of bubbles spread across the bed
was higher. At the same air—fuel ratio, the amount of
unconverted char particles increased with increasing air flow
rate through the reactor. Following the result analysis, the
associated increase in bubble diameter enhances the
distribution of solid particles but lowers the gas residence
time. With a decrease in the gas residence time, the bed
temperature decreases, and the rates of biomass and gas species
conversions drop. The concentration of oxygen is high, and its
distribution is all over the bed when operating at a high air flow
rate in spite of a low air—fuel ratio of 0.813. The gas-phase
reactions therefore proceed in the freeboard where all the
available oxygen is consumed by the combustible gas species,
reducing their concentration in the product gas.

To achieve an efficient biomass gasification in the BFB
where the hydrogen yield is maximum and the yields of carbon
dioxide and water vapor are minimum, the optimum gas
residence time relative to bubble time of flight is about 24. The
optimum gas residence time is related to bubble diameter and
superficial inlet gas velocity as established in this study. The
reported condition for effective gasification of biomass in
bubbling beds can be used to determine the operating gas
velocity or the reactor size.

Although the results presented here are based on a relatively
shallow bed of 10 cm diameter, it is expected that the method
established for determining the optimum operating point can
be applied to a larger bed. The effect of particle segregation
and slug flow are not considered in the analysis; hence, further
studies are required to evaluate the generality of the proposed
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model for calculating the optimum operating condition for
efficient conversion of biomass in fluidized beds.
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Abstract

The current global warming has shifted the world energy demand towards renewable energy
resources. Utilization of solid waste materials enhances both the renewable energy demands and
purification of the surrounding environment. This study therefore evaluates conversion of different
solid waste particles in a bubbling fluidized bed for energy and syngas productions. To ensure a high
energy content, the different feedstocks, wood, paper, garden, and fish wastes are densified and
used in pellet form in an air gasifier over the equivalence ratio 0.15 — 0.35. For a fair comparison, the
tests are carried out at about the same starting bed temperature, 650 °C. Beside the nature of
biomass, the results show that particle bulk density impact significantly on the bed mixing strength
and thus on the conversion process. The higher the particle density, the better the carbon conversion
efficiency. However, where the associated char particles are less reactive as in the case of fish pellets,
a higher bed temperature is desired to achieve an efficient conversion. Of the four feedstocks, wood
pellets have the best carbon conversion efficiency, about 70% over the tested equivalence ratios.
While the paper pellets have the least carbon conversion of about 60% among the plant-based
biomasses due to low particle density, the energy conversion efficiency is 85% and highest due to
high gas yield strength compared to other feedstocks. Moreover, the moisture content of biomass
plays little or no role in the conversion provided that the devolatilization process takes place within
the bed where the necessary oxidations are effective. Hence, this study provides an insight into a
method for analyzing performance of a fluidized bed reactor and can be used as a basis for further
studies to ascertain the effect of temperature on gasification of different biomass types, particularly
those of animal origin.

1. Introduction
The primary energy source until now is the fossil fuel that accounts for about 83% of the energy used
globally’. However, worsening climate conditions at an alarming rate due to environmental component
degradation by fossil fuel consumption has compelled society and researchers to explore alternative
clean energy sources and technologies. In addition, rapid population growth, industrialization and
urbanization have increased the energy demand at an unprecedented rate. At the same time, an
enormous amount of waste is produced from various sectors. Failure to manage this waste effectively
could severely affect the climate?. The major sources of waste include agricultural and forest residue,
as well as industrial and community wastes. The collective generation of urban and industrial waste is
estimated to be approximately 7 — 10 billion tons per year, with residential waste contributing 2.01
billion tons of solid residue3. The amount of waste generation regionally depends on the region's
income, climate factor and socio-cultural pattern. A 1% increase in a country's national income
corresponds to a 0.69% rise in the quantity of waste generated *. The most common method of waste



disposal has been landfilling. However, landfilling of wastes possess serious environmental hazards like
greenhouse gas emissions, leachate formation, unpleasant odors, fires, contamination of water
sources, and urging alternative waste management methods °.

In this regard, the utilization of wastes for energy extraction can be a wise alternative which address
two major issues: the waste management problem and supply of clean energy demand. In addition,
waste-to-energy processes can significantly reduce the issues of landfills, promote a circular economy,
satisfy lower carbon footprint goals, and diversify energy dependence sources®®. Waste can be
converted to energy via waste-to-energy conversion technology following biochemical® or
thermochemical conversion routes!®. Thermochemical conversion technologies such as gasification,
pyrolysis, and combustion are widely used for waste-to-energy extraction as these technologies
provide flexibility in terms of feedstock selection!'*2. Biomass pyrolysis is an endothermic process that
decomposes biopolymers into char, a mixture of condensable and non-condensable gases in an inert
environment. Conversely, combustion is thermal degradation of biomass in an oxidant-rich
environment that produces heat energy and carbon dioxide as the byproduct. Another thermal
conversion route is gasification which converts carbonaceous biomass into higher calorific value syngas
and char in an oxidant deficit environment. Among the thermochemical technologies, gasification
provides higher quality gaseous output as the product called syngas or producer gas, which can be
utilized for power generation or production of valuable chemicals and fuels*!*, In addition, the
gasification of biomass can be endothermic or exothermic depending on the types of gasification
reactor, oxidizing medium and mass flow rate of the oxidant used. For instance, with air as the oxidant,
the char partial oxidation reaction involved during the conversion process can sustain the required
energy demand®>!®. The potential for producing high-quality gaseous output and achieving auto-
thermal operation makes waste-to-energy extraction through gasification more energy-efficient when
compared to other thermal conversion methods such as pyrolysis and combustion. The product gas
from the gasification process depends on the types of feedstocks, reactor design and process
parameters?’. The process parameter varies significantly depending on the type of gasifier’*. The most
used gasification reactors are fixed bed, fluidized bed, and entrained flow reactors. Depending on the
direction of gas inlet, fixed bed reactors are divided into updraft-fixed bed reactors and downdraft-
fixed bed reactors?*. In an updraft gasifier, the fuel is added from the top while the gas is injected form
the bottom of the reactor. The direction of gas and fuel supply in the downdraft fixed bed gasifier is in
the same direction. Therefore, the conversion efficiency in the fixed bed gasifier is significantly
influenced by the contact time between the feed and gasifying medium. An entrained flow reactor is
another type of gasification reactor operated at high temperature and pressure®. In the entrained
flow reactors, the oxidant and fuel particles flow concurrently, and higher reactor temperature enables
product gas with lower tar. However, the economic sustainability of such reactors is constrained by
the reduce lifetime of the components and the plant, as such reactors are operated under extreme
operating conditions. In contrast, the operating temperature and pressure of the fluidized bed reactors
can be maintained uniformly over the reaction area, resulting in a high reaction rate. In a fluidized bed
gasifier, the hot particle bed material (sand, olivine, etc.) is fluidized by passing the fluidizing gas
through the static bed. The feedstock is injected in or on the top of the bed which is then mixed with
the fluidized hot particle, resulting in homogeneous heat and mass transfer. A fluidized bed reactor
can be a circulating or a bubbling type!**. In circulating fluidized beds, high air flow is required to
circulate the hot bed particles heated in the combustion chamber to the bubbling zone. Comparatively,
lower fluidizing gas velocity, but sufficiently enough to fluidize the bed in a bubbling regime is required
in a bubbling fluidized bed. The bubbles formed in the bed are primarily responsible for gas-solid
contact and mixing to provide homogenous heat transfer from the hot bed material to fuel particles®,
enabling gasification to occur at a relatively lower temperature than in fixed-bed gasifiers?. The



significant advantages of a bubbling fluidized bed in contrast to other gasification reactors, includes
simple design, low investment and operational cost, superior quality of the product gas, elevated
thermal conversion efficiency and good operational control. Furthermore, the bubbling fluidized bed
has become increasingly popular in waste-to-energy plants because of its versatility in selecting
feedstocks and its ease of scalability 22. However, a consistent supply of waste feedstock is essential to
ensure continuous operation of a large-scale commercial plants. This can only be achieved by utilizing
waste materials from diverse sources and blending them together. The wastes generated from various
sectors are heterogeneous with varying shape, size, density, and moisture content. Such wastes or
their mixtures cannot be fed to the reactor directly as they can cause operational challenges such as
blockage of the feeding system, discontinuous feed, and lowering conversion rate. In addition, the
lower density wastes have lower calorific value which may not be suitable for energy-efficient output.
Densification of such wastes in the pellet form (palletization) is an alternative method to enhance the
feedstock's calorific value and avoid the conversion challenges®. The details of several waste
palletization and co-palletization processes and their influence on the feedstock quality and waste to
energy conversion processes can be found elsewhere?*?> . This work evaluates syngas production and
heat generation potential from gasification of wastes feedstock in a bubbling fluidized bed reactor.
The waste feedstocks selected include municipal wastes (paper wastes), industrial wastes (fish feed
processing industry wastes) and forest wastes (wood pellets and garden wastes). Several research have
been conducted on the gasification of wastes from various sectors. However, the abundantly
researched feedstock has been wood pellets due to higher carbon content and accessibility of the
feedstock. Many research works have been published on the influence of operating parameters on the
syngas quality, carbon conversion efficiency and cold gas efficiency. However, limited experimental
work are available on the gasification feedstock selected in this work. Shruti et al.?® investigated air
gasification of garden waste in a pilot scale downdraft gasifier from experimental and numerical
analysis. The author reported maximum gasification efficiency at an equivalence ratio of 0.32 and
increase in calorific value of producer gas to 5.3 MJ/Nm3 when sugarcane bagasse was added to the
garden waste®. Similarly, Hassen et al. studied gasification of garden waste at equivalence ratio 0.32
and reported lower heating value (3.59 MJ/Nm3) of the producer gas. The author also reported
discontinuous flame due to clinker formation in the downdraft gasifier with high ash content (~10%)
in the feed?’. A. Fazil et al. performed gasification of high ash content (~ 17%) paper-rich commercial
refuse-derived fuel (RDF) in downdraft gasifier and reported a lower heating value of 4.34 MJ/Nm3
and corresponding cold gas efficiency of 59.24% at an equivalence ratio of 0.34. The authors mixed
sawdust with 75% RDF to reduce the ash fraction of the feed and then reported an enhancement in
the product gas heating value with lower tar content during co-gasification of the blended feedstock?®.

Among the reported limited experimental works on the garden waste and paper waste gasification,
the focus has been mainly on using downdraft and updraft gasifiers. Moreover, no literature is
available on gasification of fish wastes, paper wastes and garden residue in a bubbling fluidized bed
reactor. This work therefore explores the syngas production and energy generation potential from fish
wastes, agricultural garden wastes, and paper wastes in a bubbling fluidized bed reactor. The waste
feedstocks in pellet form are fed to a bubbling fluidized bed gasifier in air deficit environment. The
syngas and energy production potential of the waste feedstocks are evaluated and compared with the
commercial wood pellets gasification under the same gasifying environment. The study will hence
provide insights into the wastes-to-energy production potential from various sources, thus attracting
researchers and stakeholders interested in waste management and energy extraction via renewable
energy sources.



2. Materials and methods
This section describes the materials, experimental set up and process parameters employed in this
study to evaluate heat generation and syngas production potential from waste feedstocks.

2.1 Feedstock characterization

The selected feedstocks are from municipal, industrial, and forest wastes. The municipal wastes
include paper and carboard generated from households while the industrial wastes are residues from
fish food processing industry. The garden waste comprises different organic residues such as small
branches, leaves, grass clippings, wood debris, etc. The fish wastes were obtained in a pellet form from
the SINTEF Tel-Tek Norway lab facilities. Similarly, commercial wood pellets were used as the standard
fuel to compare the syngas production potential from other waste feedstocks. To increase the heating
value of the rest of feedstocks (garden wastes and paper wastes) during the conversion process,
thereby avoiding any challenges, their densification was carried out in the pellet form using an
industrial pelleting machine designated as KHAL pelleting press from Scanship, Norway. Prior to
palletization, each of the feedstocks was cut into smaller sizes and dried up to the required moisture
content (10 - 25%). No additives were introduced in the process, although it is possible to make pellets
of different diameters with a certain additive that improves binding of the raw material constituents.
During the process, the compression ratio, i.e., the ratio of pellets diameter to length, was adjusted to
obtain pellets of uniform shape and high strength. Finally, the mean properties of the different
feedstocks were obtained as given in Table 1.

The particle density of each feedstock was measured from the ratio of mass of a particle to its volume
over six different samples. Similarly, the bulk density was calculated from the mass of the pellets in a
one-liter volume of a container. The density and bulk density of the feedstock are important in
qguantifying the fluidization properties of particle mixtures as later discussed. Inert sand particles with
size range, 500 — 800 um was used as the bed material. Although the sand particles do not participate
in the reaction, they act as the thermal flywheel, providing required thermal energy to sustain the
conversion process. The size of the particles is a critical parameter in a fluidized bed gasifier as it
significantly influences the fluid dynamic behavior and mixing phenomena. Selecting smaller size
particles can transform the bed from the bubbling to turbulent at the operating gas flow rate. In
addition, there can be fine particles in the product gas due to high fluidizing gas velocity. Conversely,
too large size particles may be difficult to fluidize and may result in a bed transition from bubbling to
slugging behavior. Therefore, within the air flow rate range, 3 - 6 kg/h applied in this study, a bed
material with appropriate particle size was selected so that the bed remains in a bubbling fluidized
state during the conversion of the feedstocks, targeted at 600 - 850 °C.

Table 1. Properties of bed material and waste feedstocks used in this study.

Volume

Particle  equivalent Particle Solid Char Umf
Sizerange diameter diameter density fraction density [m/s]

Particles [mm] [mm] [mm] [kg/m3] [-1 [kg/m3] @ 750°C
Sand Particles 0.4-0.85 0.685 0.685 2650 0.53 - 0.18
Paper pellets 20-28 12 17.25 986 0.35 156 2.22
Fish pellets 10 8 9.87 1289 0.45 260 2.02
Garden waste pellets  20-33 8 12.73 1226 0.34 423 3.12

Wood pellets 15-21 6 9.87 1177 0.52 323 2.29




Using a standard sampling procedure, approximately 3 - 5 kg of each feedstock was prepared and sent
to a certified laboratory, Eurofins AS Norway for analysis. The analysis of the feedstock was carried out
using standardized methods and different ISO standards. The analysis also revealed the ultimate and
proximate data as well as the heating values of the samples as listed in Table2.

Table 2. Results from ultimate and proximate analyses of different solid wastes used as feedstocks.

Components Paper Fish Garden Wood
pellets pellets waste pellets pellets

Ultimate analysis (dry basis., wt. %)

H 5.3 8.2 5.3 6.1

C 42.8 57.4 47.7 51.3

0 37.8 21.2 36.8 42

N 0.25 7.34 0.63 0.11

S 0.113 0.463 0.056 0.01

Proximate analysis (dry basis., wt. %)

Moisture 26 2.6 13.7 7.9

Ash 13.65 4.91 9.47 0.55

Volatiles 54.8 83.4 65.1 77.3

Fixed carbon 5.55 9.09 11.73 14.25

Heating value, (MJ/kg) 10.503 26.479 18.567 20.382

Standards
Ash-EN 14775, Heating value-EN 14918, Moisture-EN 14774, Ultimate-EN 15408, Volatile-EN 15402

2.2 Experimental set up and operational procedure

The experimental set up consists of a 20-kWh bubbling fluidized bed reactor developed in
collaboration with University of South-Eastern Norway and BOKU Austria. The reactor is cylindrical
column made of stainless-steel of 1.5 m in height, 10 cm in diameter and thickness of 4mm. The
reactor is operated at an atmospheric pressure and equipped with a few thermocouples and
pressure sensors mounted along the reactor heights as shown in Figure 1. Pressure and temperature
are measured along the reactor column, air pre-heater, air inlet, product gas outlet, silo, screw
conveyer and the heating coil. Three heating coils surround the reactor wall externally which were
used to supply heat to the reactor during the start-up. To prevent heat loss, the outer side of the
reactor is insulated with fiberglass of thickness 200 mm. For a supply of fluidizing gas, the reactor
consists of two inlets of diameter, 2 cm at the lower section as shown in Figure 1(b). The fluidizing
gas is heated 300 - 400°C before passing into the reactor with an air-preheater. The cut off
temperature of the air-preheater and reactor were set to 600 °C and 1000 °C, respectively. The inlet
mass flow rate of fluidizing air was controlled by a BROOK air flowmeter (3809 series). For the
feedstock storage, the reactor is integrated with a silo where the pellets were conveyed via two
screw conveyers: one mounted to the silo (a cold screw conveyer) and another (hot screw conveyer)
attached to the reactor; see Figure 1 (a). As also shown, the two screws are connected with a non-
conductive flange to avoid heat flow to the silo. In addition, nitrogen is continuously flushed through
the silo at 0.6 liter/minute to prevent ignition of the fuel particles in the silo.
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Figure 1. (a) Detailed description of a gasification rig used in this study (b) Schematic representation
of the biomass gasification reactor showing different sensor positions.

Feeding system is a crucial part of a gasification process which requires uninterrupted flow of the
feedstock into the reactor for continuous syngas production. Screw feeders were used as transport
means to supply the feedstock to the reactor. To avoid peculiar operational challenges thereby
mitigating flow of hot bed material to the screw, wear of the screw threads and erudition of pipe wall,
the hot screw was located 5 - 10 cm above the static bed height. The hot screw is designed to run
continuously at a constant speed during operation while the cold screw runs at specified rate which
determines the flow rate of feedstock from the silo to the reactor. Between the two screw feeders in
every batch of biomass supply, there is a time gap (idle time). Earlier study has shown that an increase
in idle time could lead to sudden increase in bed temperature due to excess availability of oxygen for
a continuous gasification process 4. Also, continuous supply of biomass at the same feed rate when
the temperature is decreasing can lead to bed instability, which may result in the bed losing its fluidized
state due to accumulation of a significant amount of unconverted fuel particles. By increasing the
screw rotation, the idle time can be reduced, although this could result in a relatively higher biomass
flow rate and cause biomass bridge between the two screws*. Alternatively, by varying the screw pitch
length and screw diameter, a flow continuity with lower idle time at a desired flow rate can be achieved
as shown in Eq. (1). As feedstocks used in this work vary in density, size, and diameter; see Table 1,
different screws with varying pitch and diameter were used for the cold conveyor to maintain the feed
continuity within the idle time of 1 - 3 second. Three screws with different configurations were
constructed and used as shown in Figure 2. Type A screw was used in the hot screw conveyer and
Types B and C screws were used in the cold screw conveyor. Based on Eq. (1), the feed rate, Q depends
on the diameter of the screw, dg, pitch length, P, shaft diameter d4, density of the pellets, pp and
number of rotations, w. Therefore, for the fish and wood pellets which have smaller particle diameter,
the Type C screw was used. The Type B screw was used for the paper and garden waste pellets due to
their larger particle size. For each of the feedstock, the feed rate was calibrated as shown in Figure 2(b)
prior to the experiments to acquire desired average flow rate of about 3kg/h.

Q =% (d§ — d})Pppw (1)
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Figure 2. (a) Different designs of the pellet screw feeder used in this study (b) Screw feeder
calibration for different feedstocks, showing the mean mass flow rate.

During the experiment, the reactor was initially filled with 2.2 kg bed material (sand particles) via bed
material funnel, resulting in an initial bed height of about 21 cm. The density and size of the sand
particles were 2650 kg/m3 and 500 - 800 um, respectively as reported in Table 1. The particle bed
was fluidized with air to enhance the bed heat-up to a temperature of about 400 °C. At 400 °C, a
small amount of biomass (about 3 kg/h) was fed to the reactor to initiate the combustion process in
the excess air environment until the bed temperature reached 650 °C. At this temperature, biomass
flow rate was kept constant and the air supply to the bed was adjusted to start the gasification of the
selected feedstock. The four different feedstocks were gasified at four air-to-fuel ratios in the range
0.95 — 2.1. When aiming for auto-thermal gasification, the choice of the air flow rate relative to the
biomass feed rate is a crucial factor. Inadequate air flow rates could result in a higher tar content in
the product gas and unconverted carbon in the bed, making it challenging to maintain the desired
reactor temperature. Conversely, excessive air flow rates could lead to attrition and entrainment of
particles as well as a high nitrogen fraction in the product gas. To address this, air flow rates ranging
3 —6 kg/h were selected, considering the size distribution of the bed material and the biomass feed
rate. With this configuration, it is worthy to emphasize that the goal was to assess the feasibility of
achieving auto-thermal gasification for the different feedstocks. Due to the high ash content in the
feedstocks, the starting bed temperature of 650 °C was chosen, particularly in the paper and garden
waste pellets. A higher initial bed temperature could potentially cause the bed temperature to reach
ash melting temperatures, resulting in the formation of ash clinkers in the bed?.Moreover, the
energy supplied to heat up the bed to this temperature can be considered as the major external
energy input, which by evaluation of the output energy of the product gas, the feasibility of the
overall process can be established.

Gasification of each feedstock at a specific air flow rate was conducted for one hour. Note that fresh
bed material was employed for each experiment with different feedstock types. This approach was
adopted to mitigate any potential impact on the reactor's hydrodynamic behavior due to generation
of ash during the one-hour operation. The bed pressure and temperature were constantly logged in at
1.0 s interval for all indicators along the reactor axis. The pressure and temperature data are essential
in identifying changes in hydrodynamic behavior of the bed resulting from accumulation of char and
clinker formation. For each air-to-fuel ratio, the gas samples were extracted at 10 min intervals and
cooled naturally to about 200 °C to condense out tar component, leaving behind the free gas and water
vapor. Precautions were taken to remove the gas volume collected inside the sampling pipe during the



previous sampling by flushing out the gas in a 200 ml syringe 3 to 4 times before taking a new sample.
In the process, each sample was analyzed in an offline SRI gas chromatography (GC) where CO; was
detected by assilica gel packed column and N2, 02, CH4, and CO by molecular sieve 13X packed column.
Helium was used as the carrier gas, making it impossible to detect H2 due to existence of polarity
between the two gases. Moreover, detection of H20 and C+ compounds were not possible with the
set up.

3. Theory
A fluidized bed is in a bubbling state when the gas velocity is higher than the minimum fluidization
velocity, Uy, s of the bed but below a certain critical velocity to prevent slug or entrainment of
particles. The various particle types characterized by density, shapes and size differences influence
the bed behavior including segregation at a given operating flowrate. Temperature and pressure
which influence the thermodynamic properties of the fluidizing gas, also play a significant part in the
bed behavior. Table 1 lists the estimated minimum fluidization velocity of each of the particles
involved in the test at 750 °C based on the Wen & Yu®° correlations for the sand and biomass
particles, respectively.

Due to several factors limiting the kinetics of the conversion in a bed, the unconverted amount of
char can be estimated as proposed in Agu et al.3!. Measurement of unconverted char provides a
good indication of quality of the product gas and conversion efficiency. As noted above, knowledge
of the bed hydrodynamic characteristics also provides information about the extent of mixing of
particles, which also affects the efficiency of the conversion process. For a quick estimation of the
bed average U,y under a characterized binary mixture of sand and char particles, the correlation
proposed in Agu et al. 32can be applied.

Further, calculation of energy value of the product gas requires complete composition of the gas
stream. Hydrogen and water vapor are among the vital species for this evaluation. Since the gas
chromatography used in the analysis provides no information for these two species, an elemental
and a mole balance can be used in their estimations. Assuming a molecule of biomass is represented
by CxHy0,Ny, where the constituent elements are carbon (C), hydrogen (H), oxygen (O) and
nitrogen (N), neglecting the Sulphur content. Disregarding the entrainment of char and assuming a
complete conversion of the biomass particles supplied during the measurement period, Eq. (2)
expresses the stoichiometry of the reactions.

CxHyOzNy, +1(0, + 3.76N,) = n;C0 + n,CO, + n3CH, + nyH, + nsH,0 + ngN, +n,0,  (2)

AFR\ (Mp;
p=(5) )

O=1—wg (3)

®=1—Wps
where AFR is the mass flow rate of air to biomass supplied, w g, and w,,,;s are the mass fractions of
ash and moisture, respectively in the biomass and M is the molecular mass of the indicated
substance. With n denoting the total number of moles of the gaseous species in the product and y;
the mole fraction of the different species j = {€0, C0,,CH,, H,, H,0, N,, 0,}, the elemental balance
of equation (2) yields:

Ny = (Byco + 4yC02 +y02) _%(ZX + Z + Zﬁ - ;) (4)

_ W+7.52f8
ZyNz

(5)
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Ny

YH, =, (6)

By mole balance, the water vapor y, o can be estimated from,
Yu,0 = 1= eo +Yco, + Yeu, + Yu, + Yn, +Yo,) (7)

Considering that some amount of hydrogen and carbon are left in tar and char, the mass fraction of
unconverted hydrogen, Xpyqrogen and carbon, X qrpon relative to a unit of biomass are obtained
from Eq. (8) and (9), respectively, which are also derived from the elemental balance of the reaction
stoichiometry.

Y
thdrogen = %(; - YHZ) (8)

Xcarbon = %{X - (YCO + Yco, T YCH4)} (9)

The number of atoms, X, Y, Z and W of the biomass constituents in an ash-free condition as well as
the biomass molecular weight are given by Eq. (10), where %w; is the weight fraction of each
constituent element.

Myio = 7— 2 {0 Wi (%owy)}

1-ween & 100
_ 1 Mbio L 0 . (10)
k= 1—Wash( M; )(100 (/OW‘))

k:{X,Y,Z,W}; i={CHO0,N}

4. Results and Discussions
The performance of the reactor used in this test may be influenced by the mixing strength of the bed
particles. For the different gas flow rates, m,;,-, the amount of unconverted char particles may differ,
leading to different degrees of fluidization. To ascertain the impact of the bed behavior on the
conversion process, the analysis of the bed temperature, pressure, and accumulated char over the
duration of the test at a given air-fuel ratio is presented in Table 3. The bed and exit temperatures
were directly measured with the respective transmitters, T2 and T5 positioned along the bed axis.
The amounts of unconverted hydrogen and carbon were calculated from Eq. (8) and (9), respectively
as described above. Using the model listed in Agu et al. 3! an estimate of the accumulated
unconverted char over the 60 minutes test duration were obtained.



Table 3. Parameters derived from gasification of the different feedstocks at different air flow rates.

Feedstock gy Titpio Tpea [°C1  Toue [°Cl  Xnyarogen [%),  Xcarbon [%],  Unconverted  FI ()
[kg/h] [kg/h] Eqg. (8) Eq. (9) char
Agu et al.3!
Wood 3 2.95 710 636 0.04 1.50 9.23 1.16
pellet 4 2.95 742 694 0.03 1.98 8.03 1.55
5 2.95 752 712 0.01 2.13 7.25 1.91
6 2.95 743 725 0.40 3.41 6.75 2.21
Fish Pellet

3 3.14 705 671 3.90 5.19 9.30 1.03
4 3.14 621 638 2.98 5.37 9.27 1.06
5 3.14 743 711 2.03 5.15 7.34 1.67
6 3.14 744 736 1.90 5.54 6.75 1.98

Paper
pellet 3 3.21 768 636 0.32 2.54 8.67 0.88
4 3.21 790 624 0.25 2.10 7.63 1.14
5 3.21 762 728 0.49 3.71 7.17 1.31
6 3.21 763 703 0.32 3.53 6.60 1.55

Garden
Waste 3 3.15 744 697 0.60 3.07 9.09 1.38
pellets 4 3.15 737 598 0.36 3.26 8.23 1.69
5 3.15 815 653 0.31 3.41 6.90 2.40
6 3.15 791 710 0.32 3.76 6.50 2.71

In the estimation of char accumulation, the total gas, my,sp flowing through the bed after pyrolysis
was considered and obtained as described in Eq. (11). The density of char particles, p.pqr also listed
in Table 1 for each feedstock was calculated from Eq. (12), where py,;, is the biomass particle density,
& the solid volume fraction, and wg.4,- and w,,,; are the weight fractions of fixed carbon and
moisture in the biomass, respectively.

mgasP = Mgir + Wmois T Wyor)Mpio (11)
w
Pchar = ( Zar) Pbio (12)

Using the amount of accumulated char over the operating period, the minimum fluidization velocity,
Umyp Of the binary mixture of bed material and char particles is determined following the steps
provided in the literature, Agu et al.>” The fluidization index, FI = 1,/ (PgaspAUmsp) at each air
flow rate measures the degree of bed mixture fluidization. Where FI > 1, the bed is fully fluidized.
For FI < 1, the bed may be partially or un-fluidized. As shown in the table, the amount of
accumulated char decreases with increasing air flow rate due to higher char oxidation. With a
reduction in the char content, the fluidization of the bed gets smoother. Since FI < 3.0, the bed can
be considered in a bubbling regime, although a better performance is expected in the FI range 1.5 —
2.5. A higher value of the fluidization index can lead to a flow of large bubbles that reduces the
effective gas residence time. When a bed is subjected to multiple number of bubbles of relatively
smaller size, the mixing is effective.

For each of the feedstocks, Figure 3 presents the total pressure drop, P1 — P5 across the bed over
time at two different air flow rates, 3 and 6 kg/h. When the bed is fully fluidized, the pressure drop
remains relatively stable across different gas rates. The magnitude of the pressure drop depends on



the bed voidage. At a lower air flow rate, the fuel particle accumulation is higher due to lower
conversion rate. The increase in the biomass load increases the bed voidage, hence reducing the
pressure drop. This behavior is seen across the different feedstocks. The pressure drop also tends to
increase with time at different air flow rates, indicating a reduction in the bed voidage due to
increasing fluidizing gas emanating from pyrolysis and char gasification. For paper pellets, there is a
significant higher fluctuation in the bed across the different air flow rates. This shows that the bed is
not properly fluidized compared to other feedstocks as can be ascertained from the fluidization
index. Of the four biomasses, the wood pellets have the most stable bed behavior followed by the
garden waste pellets due to their relatively high fluidization indices. For the fish pellets, though with
comparable particle equivalent diameter as the wood pellets, the lower char density influences the
relatively high instability of the bed.
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Figure 3. Variation of pressure drop over the bed during gasification of different feedstocks at air
flow rates of 3 and 6 kg/h.

Compared with the pressure drop, Figure 4 shows that the bed temperature follows a similar
behavior for the different feed stocks. It should be noted that temperature control of the bed during
each experimental run is internally managed, and there is no additional heat source applied during
the actual conversion process. External heaters were employed initially to raise the bed temperature,
but on attaining the desired temperature, these heaters were deactivated. When biomass and air
were introduced into the reactor, the bed temperature was automatically regulated through the
oxidation of the fuel particles, resulting in a self-sustaining and autothermal process. The increase in
temperature with time is an indication of a progressive oxidations which dominate the endothermic



pyrolysis of the feed biomass. At a 3 kg/h air flow rate, the higher accumulation of char particles
increases the sensible heat loss. The bed temperature behavior also suggests that the bed is partially
fluidized at lower air flow rates, where FI < 1.6. Since biomass is fed from top of the bed and gas
from the bottom, the increase in the bed temperature shows that char particles sink down into the
bed as the gas flow rate increases, possibly due to an increase in the solid circulation rate. As noted
in Agu et al.33, the paper pellets, due to high particle size and low particle density, must have shown
an initial downward segregation at the lower gas rate and then an upward segregation at the higher
air flow rate. Thus, a relatively higher amount of char particles is in the paper bed, resulting in a
higher bed temperature at lower air flow rate than at a higher rate.
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Figure 4. Variation of temperature over the bed during gasification of different feedstocks at air flow
rates of 3 and 6 kg/h.

On average, the bed temperature is higher than the exit temperature across the different air flow
rates. Since the raw biomass is fed on top, this suggests that devolatilization of the fuel particles is
rapid and may have completed before the particles moves into the bed. Neglecting heat loss, the
lower exit temperature also indicates that a significant amount of heat is absorbed from the gas
during drying and pyrolysis processes. In the freeboard, it is expected that some exothermic activities
occur, which should include water-gas-shift reaction between H20 and CO, and others involving
oxidation of the fuel gases: CO, H2 and CH4 by the residual oxygen. However, the relative difference
between the exit and bed temperatures confirms that the possible exothermic reactions rarely
occurred, therefore there is little or no 02 in the freeboard. Figure 5 compares the product gas
species for the different feedstocks at different air flow rates. While N2 mole fraction increases with



increasing air rate, the indicated 02 concentrations are stably low across the different flow rates.
Although the equivalence ratios corresponding to the different air-fuel ratios are less than a unity,
the presence of oxygen in the sample gas may be associated to residual air in the sampling syringe
since the oxygen concentration is relatively constant over the test independent of the feedstock.
Note that the amount of H2 and H20 reported in the figure are estimated from the measurement of
other gas species and elemental balance as described by Eq. (6) and (7).
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Figure 5. Product gas compositions obtained from gasification of the feedstocks at different air flow
rates (a) 3 kg/h (b) 4 kg/h (c) 5 kg/h (d) 6 kg/h.

3.1 Effective carbon conversion and gasification yield strength
Several factors influence the degree of carbon conversion in a fluidized bed reactor, which include
gas residence time, bed mixing strength, char particle size, shape and density, concentration of char
and the various reacting gases, etc. while char is being consumed, the amount of gas production is
increased. The gas yield can also be influenced by the moisture content of the biomass as well as the
pyrolysis process. Both the effective carbon conversion efficiency and gas yield strength can be used
to characterize the quality of a gasification process for a given feedstock. The carbon conversion
efficiency, 1¢qrp, is expressed by Eq. (13) while the gas yield strength, G, can be obtained from Eq.
(14), where Xynemor = Xcarbon + Xnydrogen i1 the total amount of unconverted element in the
biomass.
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The results of the above equations are presented in Figure 6. The accumulated unconverted char is
also presented for comparison. Note that the effective carbon conversion efficiency is a measure of
how much carbon in the parent biomass is converted to a gaseous product at a given operating
condition. Conversely, the unconverted char accumulation expresses the amount of char in the bed
over a given period of operation. As shown, the carbon conversion efficiency tends to decrease with
increasing fluidization index over the range of tested air flow rate, implying that the produced gas
quality (i.e., the CO, CH4 and H2 contents) degrades as the air flow rate increases. While the 1.4
value is highest in the wood pellets, the fish pellets show the least conversion efficiency for the same
value of fluidization index. Like the conversion efficiency, paper and garden waste pellets show a
continuous decreasing trend in the gas yield strength. Overall, the fish pellets generate a low-quality
gas as both the carbon conversion and gas yield are relatively low over a wide range of air flow rate.
This behavior can be attributed to the animal nature of the fuel particles with resultant char particles
less reactive than those of plant origin.
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Figure 6. (a) Carbon conversion efficiency (b) Gas yield strength, comparing the bed behavior and
quality of conversion of the different feedstocks over a range of fluidization index.

3.1 Product gas distribution
Due to different degrees of active reactions with the different feedstocks, the product gas
distribution differs considerably over the range of tested equivalence ration (ER). As shown in Figure
7, the trend of H2 mole fraction is similar for the four feedstocks and decreases with increasing ER.
However, CO and CO2 show varying trends across the different biomasses. For a top-feed
configuration as used in this study, the major contribution of gas distribution is the water-gas shift
reaction and the pyrolysis process, which are mainly influenced by the reactor temperature. Over the
beds of garden waste and fish pellets where ER > 0.25, the CO fraction is relatively constant while the
corresponding CO2 increases slightly, a behavior supported by a balance of high bed temperature
and enhanced water-gas shift in the freeboard. The wood pellets follow the conventional behavior,
where the concentrations of different fuel gases decrease with increasing ER. The higher bulk density
of wood pellets influences mixing of the biomass with the bed before completion of devolatilization.
This therefore enhances oxidation of CO, H2 and CH4 species in the bed with available 02. The higher



CO and CH4 fractions from the wood pellets compared to other feedstocks is also an indication that
carbon conversion is better due to the mixing effect. The paper pellets, on the other hand, show an
opposite trend in the CH4 distribution. Unlike the wood pellets with good bed mixing, the lower
particle bulk density results in top segregation of the paper particles, preventing the fuel gases in
participating in the bed oxidation, thus lowering the carbon conversion. As the carbon conversion is
poor for the fish pellets, the concentrations of CO and H2 are lowest among the four feedstocks
following their oxidations by the available 02.

Equivalence ratio ()

50
—#—Fapsr
as | —#&—Fish
—— Garden waste
— Voo
Faof .
= 25
E
& 30r
o 25
ol N
15 i i i .
0.15 0.2 0.25 0.3 0.35
Equivalence ratio (-)
50 35
B -
i - - — "ﬂ :}zl
— 40 o - =#—Paper
=i - —8—"Fizh 25
.5 | o = —— Garden wasts
E 30 — o 20
=
ax
= 15
E
o 1in
I 1u
10
15
b
& -
n m -‘:-‘H"'f- e n
0.15 0.2 0.25 0.3 0.35

H20 mole fraction (%)

CO2 mole fraction (%)

CH4 mole fraction (%)

i}
45
40
35
30
251 —#— Fapsr
—&—Fish
20 —i— Garden waste
b~ U
15 ! -
0.15 0.2 0.25 0.3 0.35
Equivalence ratio (-}
12
—#— Faper
—B—Fish
10 —ap— Carden wasis
— 80— W
gt
5t
al k’/k—__.——_‘

0.25 0.3 0.35

Equivalence ratio =)

0.2

Figure 7. Nitrogen-free product gas distribution, comparing the performance of the different
feedstock gasification at different equivalence ratios.

3.2 Energy conversion and efficiency

In addition to the gas yield, the quality of the produced gas can also be measured by its chemical
energy value. It should be noted that gasification is a therchemical process, converting a less value

feedstock into a high energy-valued gas. For an efficient gasification, the chemical energy stored in the
gas, if possible, should be close to that contained in the feed biomass. Also, some useful heat can be

recovered for a downstream process. For a given feed stock, the associated chemical and thermal
energies from the product gas can be obtained from Eq. (15) and (16), respectively.

Ergchem = mgasLHVgas

Ergtherm = mgasfpgas(Tout - Tamb)

(15)

(16)



Here, the gas mass flow rate, Myas, the lower heating value, LHVy 4 and the specific heat capacity,
Cpgas are calculated from the following expressions. LHV; is the heating value of each gaseous species,

ow:n
J

,and ¢, j and 1\77j are the corresponding specific heat capacity and molecular weight, respectively.
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From the total energy value, Ergior = ETgcnem + ETGtnerm Of the gas, the overall energy
conversion efficiency, 1;,¢ are expressed thus:
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Figure 8 shows that the chemical energy decreases with increasing equivalence ratio due to oxidation
of the fuel gas species. As the oxidation process is accompanied with heat evolution, the thermal
energy increases with the amount of oxygen supplied. While the relative amount of chemical energy
is close for the different feedstocks, the overall energy efficiency differs significantly. The paper
pellets have the highest efficiency, above 80%, while the fish pellets are below 40% across the range
of equivalence ratio tested. As wood pellets have the highest relative chemical energy value, which
differ from other feedstocks, the overall efficiency tends to decrease with increasing equivalence
ratio. Although the gas yield is lowest in wood pellets among the plant-based biomasses, the higher
energy efficiency compared to the garden waste, can be attributed to its higher carbon conversion
efficiency, producing a gas with high CO content.
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Figure 8. Energy value of the product gas, comparing performance of the different feedstocks at
different equivalence ratios (a) contribution of chemical and thermal energies (b) overall conversion
efficiency.

In summary, conversion of waste solid materials for energy and syngas productions in a bubbling
fluidized bed is influenced by the bulk density and nature of biomass particles as well as the degree
of mixing achievable in the bed. With a higher bulk density, a top-feeding configuration is still
appropriate to achieve a good conversion, thereby avoiding the use of expensive and difficult to
maintain screw feeder.



The nature of biomass, either plant-based or animal-based contributes immensely to the output of
the reactor. From this study, it appears that the resultant char from the fish pellets is less reactive
than those of the plant-based including wood, paper, and garden waste pellets. Hence, a very high
reactor temperature is essential for fish pellet conversion, making an allothermal gasification
inevitable.

In addition, the performance of paper pellets shows that moisture content has little or no influence
in the conversion process. However, a high carbon content in a biomass impacts the particle density,
thus enhancing the mixing in the bed for effective conversion. Though an efficient carbon conversion
is desirable, the results further show that the strength of a biomass to yield gas in the conversion
process is significantly needed to quantify the energy value and quality of the product gas.

5. Conclusion
This study demonstrates experimental results and analysis to evaluate conversion of different types
of solid waste materials in a bubbling fluidized bed for energy generation and syngas production. The
feedstocks tested include wood, paper, garden and fish wastes, and were used in pellets form for
significant particle density and energy value. The degree of conversion of the different feedstocks in
a 20-kWh air-biomass reactor was evaluated using three different key indicators such as effective
carbon conversion efficiency, effective gas yield strength and energy conversion efficiency.

The results show that the biomass conversion depends on the particle bulk density, bed mixing
strength and nature of the fuel particles. For a plant-based biomass, an autothermal gasification is
achievable with carbon and energy conversion efficiencies lying in the range 55 — 75% and 50 — 90%,
respectively over an equivalence ration 0.15 — 0.35. Due to poor reactivity of the fish pellets
considered as animal-based, the corresponding conversion efficiencies are very low for an
autothermal process to be applicable. Hence, a very high temperature achievable from an external
heat source is required for efficient conversion of animal-based solid wastes. The higher the biomass
bulk density, the greater the mixing strength of the bed. Therefore, feeding a dense biomass from
top of the bed is adequate to achieve an efficient and effective conversion at the right reactor
temperature.

Although, the results presented in this study is from a relatively shallow bed of 10 cm diameter, it is
expected that the method established here to evaluate the solid waste conversion is applicable to
any fluidized bed reactor. Further investigation is however desirable to evaluate the impact of
reactor temperature on the produced gas quality and energy value. In addition, other types of
animal-based solid wastes also need to be investigated to enhance a conclusion into the best method
required for efficient conversion. To gain a better insight into the energy penalty in the syngas
production from the solid waste materials, thorough analysis of energy flow across the fluidized bed
reactor is paramount.
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Abstract. Syngas from the gasification of wastes and biomass can be utilized for a
wide range of applications like power generation, producing biofuels, biomethane, and
chemicals depending on the quality of the mixture gases. The product gas quality and
yield significantly depend on the oxidizing medium.

This work aims to obtain the optimal parameters at which hydrogen-rich syngas can
be produced from an auto-thermal gasification of wood pellets using air steam as the
gasifying medium in a bubbling fluidized bed gasifier. A three-dimensional
Computational Particle Fluid Dynamics model of the gasifier was developed in
Barracuda VR by considering the heat transfer model, chemical kinetics rate, and
particle size distribution. To check the CPFD model robustness, the CPFD results were
validated with the experimental data obtained from a 20kW gasifier. The reactor was
simulated in two steps: (1) thermal flow simulations at different equivalence ratios and
(1) thermal flow simulations at different steam-to-air ratios. The results depicted that
at an equivalence ratio of 0.25 (with air as the gasifying medium), better-quality syngas
with higher bed temperature and lower unconverted carbon in the bed was observed.
The hydrogen fraction in product gas was enhanced from 11 (vol.%) to 21-26 (vol.%)
with the addition of (1-5) wt.% steam to the inlet fluidizing gas. Above the steam-to-
air ratio of 0.05, unreacted steam in the product gas increased. The unconverted carbon
in the bed increased significantly with a decrease in reactor temperature by 300°C at
the steam-to-air ratio of 0.2. The optimal equivalence ratio at which the reactor
sustained auto-thermal operation with enhanced gas quality and lower unconverted
carbon in the bed was 0.25, with an optimal steam-to-air ratio of 0.05.

Keywords: Gasification, Fluidized bed, Hydrogen, steam-to-air ratio, CPFD

1 Introduction

With the worsening climate conditions and increased energy demand at an unprecedent
rate, it is now urgent to shift to clean energy sources and clean energy technologies.
Utilizing thermochemical conversion techniques for energy production from biomass
and waste provides an alternative clean energy source to mitigate carbon-neutral goal
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by substituting fossil fuel. The thermo-chemical conversion techniques include
normally gasification, pyrolysis and combustion[1]-[3].

Among these, gasification is a prominent thermal degradation method to convert the
carbaneous solid (biomass or wastes) into syngas in deficit oxidizing environment. The
syngas from gasification mainly consists of CO, H,, CHa, and other gases which can be
utilized for various applications like power generation, producing biofuels, biomethane
and chemicals. The quality of the syngas mainly depends on types of feedstocks, the
types and design of the gasifier, the oxidizing medium, and other operational
parameters such as equivalence ratio, reactor temperature, catalyst, and bed material.
The type of reactor has significant influence on the temperature uniformity, heat and
mass transfer, and fuel conversion efficiency during the gasification process. The
gasification reactor is mainly classified as fixed bed gasifier, fluidized bed gasifier,
plasma gasifier and entrained flow gasifier [3], [4]. Among several gasification
reactors, bubbling fluidized bed reactors have gained popularity due to uniform heat
and mass transfer, good temperature control and proper mixing of the binary particle
mixtures. This type of gasifier is also easy to scale up and can be operated at
atmospheric pressure. In addition, the bubbling fluidized bed reactors are simple in
design and can be operated at a relatively lower cost with a wide variety of feedstocks.
In a bubbling fluidized bed, the hot bed material is set into motion by forcing the
fluidizing gas against the particle bed which acts as primary source of thermal energy
required during biomass gasification. The biomass (feedstock) undergoes rapid
volatilization, pyrolysis, followed by tar cracking and char conversion into light gases,

as shown in Fig 1.
/ Light gases
Biomass » Tar

Fig 1. Schematic representation of biomass gasification steps [34].

» Light gases

The output raw gases from the gasification process largely depends on the oxidizing
medium, typically air, steam, oxygen, CO», or a combination of these gases. Air is the
cheapest and most used gasifying medium. The syngas with air gasification contains
H; (10-18%), CO (12-30%), CH4 (2-6%) and N (35-60)% [5]. The lower heating value
(LHV) of the producer gas is typically below 6 MJ/Nm?3, which is mainly suitable for
power generation and as heat source in the boiler [6]. The reduced calorific value of
syngas due to dilution with nitrogen makes air gasification less attractive. In contrast,
the higher heating value of the producer gas with an enhanced hydrogen fraction can
be achieved with steam as gasifying agent due to the reforming and cracking of tar and
higher hydrocarbons [7]. The calorific value of the syngas can be increased to about
15-17MJ/Nm? [6], [8]. However, steam gasification is an endothermic process, the
thermal input required to sustain the gasification process has to be supplied externally.
Usually, the part of the feedstock is combusted in another chamber and the hot bed
material is circulated to the gasification reactor[9]. Thus, the cost of steam generation
and maintaining the reactor operating temperature during steam gasification is much
higher. Another method is addition of pure oxygen with steam which promotes the



oxidation reaction providing the heat required for the gasification process. However,
pure oxygen to operate a such reactor is expensive which is economically discouraging
to implement at an industrial scale. Alternatively, steam and air gasification can be used
to produce hydrogen-rich syngas with lower operational costs. Extensive research work
has been published on biomass gasification with steam, air, steam-oxygen, oxygen
enriched air and air-steam as gasifying medium [10]-[20]. Among the cited literature
on air-steam gasification, the focus has been mostly on improving hydrogen yield in
the product gas or investigating the influence of different operating parameters on the
produced gas output. Little attention is given to operate the gasifier in an auto-thermal
mode with air-steam as the gasifying medium.

Experimental methods to identify operational parameters for an auto thermal operation
in a lab-scale reactor can be challenging. In addition, the parameters obtained from pilot
scale operation may not be suitable for an auto thermal operation of industrial-scale
reactors. In this regard, using a computational fluid dynamic tool can be of great
advantage as it can be easily scaled up at lower costs provided that the CFD model is
validated correctly. With the recent advancement in computational ability and parallel
computation, the CFD simulations have emerged as a promising tool to study
thermochemical conversion of biomass in fluidized bed reactors. There are mainly three
CFD approaches to study dense reactive flow in a fluidized bed reactor: two-fluid
model (TFM), computational fluid dynamic coupled with discrete element method
(CFD-DEM) and multiphase-in-cell (MP-PIC). The major drawback of the TFM
method is that it accounts for the particles with the same density, diameter, and
coefficient of restitution, which often results in inaccurate prediction of the bed
properties[21], [22]. Eulerian-Lagrangian approach, also known as DEM, is more
reliable and predicts hydrodynamics better than TFM [23]. Individual particles are
tracked with the DEM method, and particle-particle collision are considered, unlike the
TFM model. Therefore, DEM requires enormous computing power to simulate
fluidized bed reactors. Another Eulerian-Lagrangian approach that is known as
Computational Particle Fluid Dynamics (CPFD) uses Multiphase-particle in cell (MP-
PIC) [24]. This approach has gained popularity in recent days due to its capacity to
simulate industrial fluidized bed reactors [25], [26]. In the MP-PIC approach, particles
with similar attributes are grouped to form a parcel which is counted as a computational
particle. In this way, the number of computational particles is reduced in the simulation,
reducing the computational time.

This work employs a three-dimensional CPFD model to investigate an auto-thermal
operation of a biomass reactor using air steam as a gasifying medium. A three-
dimensional Computational Particle Fluid Dynamics model was developed by
considering the Eulerian-Lagrangian approach for the fluid field and particle phase
calculations. Also, the CPFD model was developed by considering the heat transfer
model, chemical kinetics rate, and particle size distribution. The CPFD model was
validated against the experimental data obtained from a 20kW bubbling fluidized bed
gasifier. Further simulations were carried to find the optimal reactor temperature,
equivalence ratio and steam-to-air ratio for an auto thermal operation of the gasifier
using air-steam as fluidizing gas.



2 Computational particle fluid dynamic model and
Methodology

A CPFD model was used to simulate unsteady and reactive gas-solid flow of wood
pellets gasification in a bubbling fluidized bed reactor. The computational model was
simulated using Barracuda VR (Version 21.1.1). It is a commercial numerical tool
design for application in multiphase flow systems like fluidized bed reactors, which
allows to simulate computational particles in order of 10 and higher. Barracuda uses
a three-dimensional multiphase Particle-in-cell approach to simulate gas-particle flow
and considers fluid-particle coupling with detailed consideration of thermal physics and
reaction chemistry. For the fluid-particles simulations, Barracuda virtual reactor uses a
combined Eulerian and Lagrangian approach where the solid particles are modeled
based on the discrete Lagrangian methods, and the fluid is modeled as Eulerian grid of
cells.

2.1  Governing equations for gas phase and particle motion

The governing equations used for the MP-PIC approach where the gas phase is solved
as the continuum and particle phase as discrete[27]-[30] are:

a(sgpg) +V. (sgpg g) 1)

a( )
—Sgpgug + V(egpgUgly) = —Vp + f + £4pe8 + V(ggTy) 2
where, pg, ug, €5 and T, are the density, velocity, voidage and stress tensor of the gas
phase respectively. The function fare conserved by using the Liouville equation as:

of

=+ V(fup) + Vu,(fa,) = 0. @)
The probability density function,f(x, up, pp, Ve, t), describes the particle phase, where x
is the location in space, u,, is the particle velocity, p, is the particle density, Vp is the

particle volume and t is the time. The mass source term in Equation 1 can be written
as:

= —[Jf £%22 dmy,du, dT,. 4)

where m,, is the mass of the particles. The particle acceleration A, is described as:

Ap = Dp(ug —up) — - V +pup (5)
The drag function Dp is related to the drag coefficient Cq4 as:

_ 3¢, Palugupl

Dp=3Cay ~a, (6)

The inter-particle stress t,, is given by:
PSEB
p(ep) = (7)

max[ecp—£gp a(1-gp)]’
where, €, is the close pack volume fraction. The particle volume fraction ¢, and the
momentum transfer rate between the gas and the solid phase F is related to f as:
m
ep = JIf fp—;dmpdupdTp. (8)



dm
F=—[fff {mp [Dp(ug —u,) - in] + up 2} dm;, du,dTp. 9)
2.2 Drag Model

Wen-Yu drag model was used for the drag force calculation. The Wen-Yu drag model
is based on single particle drag models and depend on the gas volume fraction ¢, to
account for particle packing. The drag force and drag function can be calculated from
9 and 6. The drag coefficient Cq,y is a function of Reynolds number Re,, as:

24
Rep

Caw = == —265(1 +0.15Re%¢87), 0.5 < Re, < 1000. (10-13)
p

—-2.65
£5°%%, Rep < 0.5

| 0.44e52% Re, > 1000

2.3 Reaction, reaction Kinetics and heat transfer

The thermochemical conversion in a fluidized bed typically occurs in the form of
homogeneous, deposition, consumption, and catalytic reactions. The continuous
reactions in the fluidized bed reactors are accompanied by rapid consumption or release
of the gaseous or solid components, thereby altering the gas-solid fraction and the
fluidization pattern. Conversely, the reaction rates and the reactant availability will be
a strong function of the gas and solid mixing. Therefore, it is vital to model the reactions
alongside the particle fluid dynamic and heat transfer in the fluidized bed gasifier.
Different sets of homogeneous and heterogenous reactions and their kinetic rate
employed for the CPFD model development are listed in Table 1. The rate of release
of volatiles, the fluid-to-particle heat transfer [31], [32] as implemented in the model
development are mentioned in the equations (14-16).

Rate of release of volatile components

dm/dt = —k m [kg/s] (14)

rate coefficient: k=0.05Te(5500M [1/s]

Fluid-to-particle heat transfer coefficient

ni 0.33
(RPN 4 ¢, [ /misK] (15)
p

h=

Re = |Uf - U,,|Dp/vf, Pr = cpus/ks , Where, co = 0.37,¢; = 0.1, ¢, = 0,n1 = 0.6

Dense phase heat transfer coefficient

hy = COReplkf [mzs ] (16)

Rey, = psUrd, /us, where, ¢, = 0.525,,n1 = 0.75



Tablel. Reactions and rate kinetics used in the CPFD model [25], [33].

Heterogenous reactions Corresponding kinetics

Char partial combustion r = 4.34x10% myds exp(%sgo)[oz]

2C+ 02+ 2CO

CO2 gasification r = 1.12x10° msof exp(—13590)[02]
C+C02 « 2CO T

Char partial combustion r=1.272T ms exp(@)[HzO]

C + H20 & H2+CO

Homogeneous reactions Corresponding kinetics

CO oxidation r = 5.62x102 exp( 22%) [CO][ O7]°*
CO +0.502 « CO2

Hz oxidation r = 5.69x10 exp( 2% [H2][ O7]°*

Hz + 0.502 « H20

CHa oxidation r=5.0118x10" T exp(Z22) [CH4][ O]
CHs + 202 « CO2 + 2H20

Water gas shift reaction r=7.68x10%° T! exp(@) [COJP5[H20]
CO + H20 « CO2 + H2

Methane reforming r = 3.00x10° exp(ﬁ)[CHzx][HzO]

CH4 + H)O < CO + 3H>

2.4  Computational set up and parameters

In this work, a pilot scale bubbling fluidized bed gasifier of internal diameter 10 cm
and height 1 m was simulated. To create a virtual reactor for numerical calculations, a
CAD geometry of the reactor column was produced in STL format using SolidWorks
and imported in Barracuda (Version 21.1.1). The reactor was divided into a total of
number 15984 of cells with uniform grid generation setting available in Barracuda. The
size of each cell was 0.6*0.6 cm. The grid allowed to define boundary conditions and
control volumes for all fluid field calculations. The reactor was operated at atmospheric
pressure with pressure boundary conditions at the reactor outlet.

Different data points were defined along the reactor height to capture the transient
properties (fluid and particle temperature, pressure, gas fraction, gas and particle
velocity, particle volume fraction etc.) of the reactor. Similarly, air/steam inlet flow
boundary condition was defined at the bottom of the column and biomass inlet flow
boundary condition was defined at height 22 cm from the bottom. Fig. 2 shows the
boundary conditions, transient data points, and grids as implemented in the CPFD
model. Likewise, different parameter employed in the CPFD model development are
listed in the Table 1. The properties of the wood pellets as implemented in the CPFD
model can be found elsewhere [34]. The rector was initialized with bed material up to
height 20 cm with initial bed temperature and fluid temperature of 800 °C. The biomass
was fed at flow rate of 3.1 kg/h at different air, air/steam flowrate and the bed properties
were captured and analyzed as explained in the section 2.5.



Pressere BC
~4——999cm Z
A v
Y
X
——a
=
@
3
5 PR —
.o 19.37 cm // Ty
Biomass N IEREEmE
Feed o 13.37 cm
Ai-r,llfs:teélm

Fig. 2. CPFD model set up showing Boundary Conditions, data points and computational
grids.

Table 2. Simulation parameters employed for the CPFD model.

Parameters Value

Close pack fraction 0.64

Solid Volume fraction 0.534

Total computational cells 60000
Time step 0.001s
Simulation time 300 s-500s
Reactor temperature (800-900)°C
Equivalence ratio 0.15-0.3
Steam-to-air ratio (SA) 0.01-0.2
Bed material (Sand) 2650 kg/m3

2.5  Methodology

The methods and steps employed in this work to identify the optimal steam-to-air ratio
for an auto-thermal gasification of wood pellets in a bubbling fluidized bed reactor is
illustrated in Fig. 3. As shown in the block diagram, the first step was developing a
computational model in Barracuda VR and validating the CPFD model with the
experimental data. The model was then used to simulate gasification of wood pellets at
different equivalence ratios (0.15-0.35) to find an optimal equivalence ratio (ERoptimum)
ratio for higher quality gas yield and bed temperature. The next step was to simulate
thermal flow simulations at different steam-to-air mixture as gasifying medium and find
optimal steam-to-air ratio (SAoptimum at higher quality gas yield with minimum carbon



in the bed. Further, at ERoptimumand SAoptimum, thermal walls were defined to add heat
during the gasification. The influence of heat addition on the product gas yield were
measured. The results from each step are analyzed and reported in the following
chapter.

i CPFD model development in |
i Barracuda VR. 20.1 i
! |

Thermal flow gasification with
air as gasifying medium at

different equivalence ratios | “L__2ptmum 2 T maxv T _ - j

(ER,,ER,,ER,,ER,)

Thermal flow gasification with
air-steam at ER i, @nd
different steam to air ratio (SA) | "L TR S CIELERL I

T T T T

i Thermal flow simulation at
| .

! ERoptimum and SA optimum with
| thermal wall

Fig. 3. Block diagram showing steps employed in this work to achieve air/steam gasification
of wood pellets in auto-thermal conditions.

3 Result and Discussion

3.1  Model validation

Gasification of wood pellets was carried out on a 20kW bubbling fluidized bed gasifier
at an equivalence ratio of 0.2 with air as the fluidizing gas. The reactor is a cylindrical
column made of stainless steel with 10 cm internal diameter and 1.5 m height. The
reactor is equipped with thermocouples, pressure sensors, an electric heating system,
silo, screw feeder and gas chromatography. The experimental setup and method details
can be found elsewhere [3], [34]. Initially, the reactor was filled with bed material and
heated up to 400 °C with air pre-heater and electric heating elements mounted on the
reactor column. With excess air supply pellets were combusted initially to heat up the



bed material from 500 °C to 800 °C rapidly. After the stable temperature was reached,
the wood pellets mass flow ratio was increased to adjust the equivalence ratio required
to initiate continuous gasification process. The flow rate of wood pellets was kept
constant at 3.1 kg/h with the reactor temperature of 800°C * 30 °C. The product gas
samples were taken in every 10 minutes and the mole fraction of the gas components
were averaged to get the representative value of gas fractions in the product gas.
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Fig. 4. (a) Comparison of product gas composition measured from experiments and CPFD

simulation, the error bars show STD of measured gas compositions(b) Product gas fractions
predicted by the CPFD model
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With the same operating conditions as used in the experiment, the reactor was
simulated using the CPFD model for 500 s, and the product gas was monitored. Fig.
4(b) shows the product gas volume fraction predicted by the CPFD simulation. As
depicted in Fig. 4(b), CO2 fraction in the product gas was higher initially and after 200
s, the product gases were stable. Due to excess oxygen in the reactor initially, as the
biomass was fed, the oxidation reactions were dominant, resulting in more CO in the
outlet gas. With the release of volatiles, simultaneously, all the reactions (heterogenous
and homogenous) proceeded, resulting in the mixture of CHa, N», H,O, CO, CO; and
H. yields in the product gas. The gas fractions after 200 s were averaged and compared
with the experimental measurements, as shown in Fig. 4 (a). Comparing the average
product gas compositions depicts that the CPFD model over-predicts the CO, and CH4
fractions and under predict H, and CO fractions in the product gases. However, the
error bar (standard deviation of the samples) for each gas fraction measured from the
experiment (as shown in Fig. 4a) suggests that the average gas compositions predicted
from the CPFD model are in good agreement. The CPFD model was then used to
simulate the gasification reactor with air and air-steam mixture at different reactor
operating conditions and the results are discussed in the following sections.
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3.2 Thermal flow air gasification

The gasification process can be auto-thermal or allothermal, depending on the extent
of exothermic or endothermic reactions during feedstock conversion. When air is used
as the fluidizing gas, the char oxidation reaction (shown in Table 1) releases heat to the
system, thus providing the required thermal energy to sustain the reactions depending
on the feedstock moisture content, equivalence ratio, and initial bed temperature. An
equivalence ratio of 0.15-0.3 is typically suitable for maximum gas yield with air as
oxidizing gas for the gasification process [3], [35]. However, the mentioned
equivalence ratio may not be suitable for efficient conversion when using steam-air as
the fluidizing gas due to reducing reaction rates occurred by a decrease in bed
temperature and gas residence time. In this regard, it was essential first to find a suitable
equivalence ratio that sustained gasification without secondary heat addition and find
the optimal steam-to-air ratio required for an auto-thermal operation of the reactor.

This work employs thermal flow gasification with air as the gasifying medium and
quantifies an optimal equivalence ratio required to produce higher heating value gases,
a lower amount of unreacted carbon in the bed, and higher bed temperatures. For this,
thermal flow in the reactor was selected. Selecting thermal flow in the CPFD model
allowed to calculate temperature gradients within the reactor due to initial fluid and
particle temperatures, temperature boundary conditions, thermal walls, and chemical
reactions. The initial bed temperature is a critical parameter when the objective is to
run the reactor in auto-thermal mode. The reactor has to self-sustain the required
pyrolysis thermal input. At the same time, the bed temperature has to be below the bed
particle sintering temperature limit during the exothermic oxidation reactions. In this
work, the initial bed temperature of 1073K was selected by considering the bed
sintering temperature and pyrolysis temperature (Furuvik et al., 2022; Hosoya et al.,
2007). With the constant flow rate of wood pellets (3.1 kg/h), the air supply was altered
to change the equivalence ratio in the range of 0.15-0.3. For the same biomass feed and
initial bed temperature, the influence of equivalence ratio on char accumulation, change
in bed temperatures and product gas yield was measured from the CPFD simulations.
Fig.5 compares the bed temperature fluctuation at height 13.4 cm, and total particle
mass fluctuation predicted by the CPFD model at different equivalence ratios. As
depicted in Fig.5(a), the average bed temperature varied significantly with an increase
in equivalence ratio for the same initial bed temperature. At 0.13 equivalence ratio, the
bed temperature decreased initially due to dominant endothermic reactions followed by
the pyrolysis reactions. However, the average bed temperature stabilized later and
fluctuated around 1050 K, indicating that the partial char oxidation reaction
counterbalanced the thermal energy consumed by the endothermic reactions.
Conversely, elevated average bed temperature was observed at equivalence ratios 0.2,
0.25, and 0.3. The rise in bed temperature was due to the availability of sufficient
oxidizing medium in the reactor that promoted the oxidation reactions releasing heat to
the system. Similarly, the fluctuation in the total mass of the particle for different
equivalence ratios are shown in Fig.5 (b). The bed material mass was constant at 2.5
kg. Therefore, the change in particle mass is due to variation in conversion rate of
supplied biomass at different equivalence ratio. As illustrated in the Fig. 5 (a), the total
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particle mass initially increased during the first 200s and then decreased. The initial
increment in the particle mass was due to char accumulation in the bed with lower
conversion rate of the biomass compared to total inlet flow rate of supplied biomass.
The maximum accumulation rate of the char particles in the bed was higher at an
equivalence ratio of 0.15 and lower at an equivalence ratio of 0.3. Due to higher oxygen
availability in bed, the char conversion rate occurred faster at an equivalence ratio of
0.3, resulting in higher bed temperature (as shown in Fig. 5(a)) and vice-versa.
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Fig.5. (a) Fluctuation of the bed temperature at height 13.37 cm at different equivalence ratios,
(b) Change in total particle mass in the bed with time at different equivalence ratios.

Similarly, for equivalence ratios 0.15-0.3, the product gas compositions were
compared, as shown in Fig. 6. The result depicts that at the equivalence ratio 0.15, the
product gas compositions were enriched with CH4, CO and H; fraction. As the air
supply was increased, the product gas was diluted with nitrogen with lower CH4, CO
and H; fractions and higher CO, fraction in the product gas. Therefore, a lower
equivalence ratio is preferred for higher-quality gas output with air as oxidizing
medium. However, with steam-air as fluidizing gas, at lower equivalence ratio of 0.15
(as shown in Fig. 5a), the reactor may not self-sustain the required thermal energy for
biomass conversion. Therefore, when selecting an equivalence ratio for using air-steam
as fluidizing gas, other parameters like quality of the product gas, reactor temperature,
and unconverted carbon in the bed have to be considered collectively. For instance, at
an equivalence ratio of 0.3, the product gas was diluted with nitrogen. At an equivalence
ratio of 0.2, the product gas quality was comparatively higher than the product gas
quality at an equivalence ratio of 0.3. Similarly, the average bed temperature at an
equivalence ratio of 0.2 was higher compared to the bed temperature at an equivalence
ratio of 0.15 (Fig.5b). However, due to increase in char particle accumulation at the
equivalence ratio of 0.2 (as shown in Fig. 5(a), steam could not be used since the
addition of steam could accelerate the accumulation of unconverted carbon in the bed
resulting in bed de-fluidization. Therefore, an equivalence ratio of 0.25 was selected
for steam addition as, under this condition, the reactor temperature was higher with less
char in the bed and better gas quality.
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Fig.6. Product gas composition of wood pellets at different equivalence ratios.

3.3 Autothermal air-steam gasification

At an equivalence ratio of 0.25 and an initial bed temperature of 1073K, steam was
added with air as gasifying and fluidizing medium. The air-to-steam ratio of 0.01-0.2
was selected and the influence of steam addition to the outlet product gas, bed
temperature and char conversion are discussed.

Figure 7 shows the optimal steam-to-air ratio (SA) at which maximum hydrogen
yield and the fraction of CO and H- in the product gas were obtained. The hydrogen
concentration in the product gas was 11 (vol.%) with air as the gasifying medium at an
equivalence ratio of 0.25 (Shown in Fig. 6). With the addition of 1 (wt.%) steam with
air inlet, the H. fraction in the product gas approximately doubled 21.5 (vol.%) as
depicted in Fig. 7 (a). With an increase in the steam-to-air ratio, the Hydrogen fraction
in the product gas increased to 0.05*SA and decreased with a further increase in the
steam fraction in the inlet gas supply. The increment in the Hydrogen fraction upto
0.05*SA was due to enhance water gas shift reaction, steam gasification reaction and
methane reforming reaction (Shown in Table 1.), where CO, CH4, and carbon reacted
with added steam to produce Hydrogen-rich syngas. However, the Hydrogen
concentration in the product gas decreased later due to the presence of excess unreacted
steam in the product gas, as shown in Fig. 9. The excess of steam in the reactor reduced
the reactor temperature and more of the CO couldn’t convert to H via water gas shift
reaction thereby no increasing trend in Hydrogen fraction was observed above SA ratio
0.05.

Similarly, the ratio (y') of fuel gases( CO and H,) and CO; and HO are plotted as
shown in Fig. 7(b). The result depicts that by using up to 5 wt.% steam in the inlet gas,
the CO fraction in the product gas increased together with the H; yield due to enhance
steam and CO; gasification reaction with char, resulting in a maximum value of y' =
4. However, y' decreased with a further increase in steam concentration in the inlet
flow due to increase in the unreacted H,O concentration in the product gas. Therefore,
for an equivalence ratio, the amount of steam that can promote efficient conversion
depends on bed temperature and the amount of unreacted carbon particles in the bed.
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The temperature of the bed should be high enough to proceed the homogenous and
heterogenous reactions. At the same time, the amount of unconverted carbon in the bed
should be proportional so that the fluid dynamics behavior is not hindered. A high char
load on the bed can shift the bubbling regime bed into slugging or defluidization thus,
obstructing the conversion phenomena. As shown in Fig. 8, the bed temperature started
to decrease significantly at SA 0.2 with a rise in the mass of unconverted carbon in the
bed. The CO; fraction decreased slightly at SA 0.2 and the H,O fraction increased by
ten times as SA was increased from 0.05 to 0.2. The reduced bed temperature and CO2
fraction and increased carbon in the bed the indicate slower oxidation reactions at SA
0.2. While, at a steam air ratio of 0.05, the bed temperature self-sustained the required
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thermal input (depicted in Fig. 8b) and resulted in enhanced gas yield, as shown in
Fig.9, with lower char accumulation in the bed (see Fig.8a).
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4 Conclusion

The thermochemical gasification in a fluidized bed is a promising method to convert
wastes and biomass into syngas that can be utilized for power generation, producing
biofuels, biomethane and chemicals. The quality of syngas significantly depends on the
oxidizing medium.

This work aims to obtain the optimal parameters at which Hydrogen-rich syngas can
be produced from auto-thermal gasification of wood pellets using air steam as the
gasifying medium. For this, a three-dimensional Computational Particle Fluid
Dynamics model was developed by considering the heat transfer model, chemical
kinetics rate, and particle size distribution. The CPFD model was validated against the
experimental data obtained from a 20kW bubbling fluidized bed gasifier. Further
simulations were carried to find the optimal reactor temperature, equivalence ratio and
steam-to-air ratio for an auto-thermal operation of the gasifier using air-steam as
fluidizing gas.

The reactor was simulated in two steps: (I) thermal flow simulations at different
equivalence ratios and (I1) thermal flow simulations at different steam-to-air ratios at
optimal equivalence ratio. The results depicted that at an equivalence ratio of 0.25 (with
air as the gasifying medium), a better-quality syngas with higher bed temperature and
lower unconverted carbon in the bed was observed. The Hydrogen fraction in product
gas increased from 11 (vol.%) to > 21 (vol.%) with the addition of (1-5) wt.% steam to
the inlet fluidizing gas. Above the steam-to-air ratio of 0.05, unreacted steam in the
product gas increased. The unconverted carbon in the bed increased significantly with
a decrease in the reactor temperature by 300°C at an equivalence ratio of 0.2. The
optimal equivalence ratio at which the reactor sustained auto-thermal operation with
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enhanced gas quality and lower unconverted carbon in the bed was 0.25, with an
optimal steam-to-air ratio of 0.05.
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