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ABSTRACT: A one-dimensional unsteady state model is developed for simulation of biomass gasification in a bubbling
fluidized bed. The proposed model accounts for the effect of hydrodynamic behavior of the fluidized bed by incorporating the
momentum equations of fluid and fuel particles. The model results are validated against experimental data in the literature as
well as the results from existing models. The proposed model is capable of predicting the total gas yield and composition of the
product gas at different operating conditions. The effect of biomass feeding position is investigated, and the performance of a
reactor under nonisothermal conditions is compared with its performance under isothermal operation. As the developed model
is computationally less demanding, it can be used to improve design and operational control of bubbling fluidized bed gasifiers.

1. INTRODUCTION

Modeling and simulation of biomass gasification reactors is still a
growing area of research. For a continuous process and a steady
product quality, biomass gasification can be carried out in a
bubbling fluidized bed1 or a circulating fluidized bed reactor.2,3

An entrained flow reactor can also be applied using a pulverized
feedstock.4 Moreover, the so-called dual fluidized bed systems
are available, which combine two circulating beds or one
bubbling and one circulating bed. Depending on the desired
product gas composition, biomass gasification can be achieved
using air (or pure oxygen), steam, or carbon dioxide as the
gasifying agent. For higher energy efficiency, it is advantageous
to apply a combination of steam and air.5 Gonzalez-Vazquez et
al.5 showed that an optimum syngas yield of 2.0 m3/kg biomass
containing 35% (H2 + CO) can be obtained in an atmospheric
wood gasifier when the steam to air ratio of 3.0 is used.
Due to experimental setup limitations, different models have

been developed to investigate the effect of different process
parameters and operating conditions on the syngas production
rate, composition, and energy value. Modeling of a fluidized bed
biomass gasifier is a complex task due to the different phase
interactions (solid−gas and solid−solid interactions) in the bed.
Mazaheri et al.6 suggested a procedure for achieving a successful
model for biomass gasification at different operating conditions.
A gasification model can be based on a thermodynamic
equilibrium assumption or on chemical reaction kinetics.
While the former does not provide information about the
reactor design and can only be applied for a specific reaction
route, a model based on the chemical kinetics accounts for the
reactor geometry and is also flexible to accommodate as many
different reactions as possible. A thermodynamic equilibrium
model is usually based on minimization of Gibbs free energy,
and it gives the maximum theoretical gas yields under a given
operating condition.7 The most complex and reliable kinetic
models are those based on the conservation of mass,
momentum, and energy of fluid and particles. A combination

of thermodynamic equilibrium and kinetic models has also been
demonstrated in different studies.8 Pauls et al.8 incorporated the
reaction kinetics and the bed hydrodynamics to enhance CO
and H2 production.
Different multidimensional numerical approaches including

the two-fluid model (TFM),9 computational fluid dynamics
coupled with discrete element method (CFD-DEM),10 and
multiphase particle-in-cell (MP-PIC)11 can be used to model
the biomass reactor. In the TFM, both the gas and solid phases
are processed as continuous phases, making it faster than the
other two approaches. The CFD-DEM requires extensive
computational resources due to the extremely small time step
required to resolve the particle collisions. In the MP-PIC
approach, the solid motion is described in the Lagrangian frame
where a computational particle represents a large number of
particles, which have similar properties. The grouping of
particles in the MP-PIC system makes the simulation faster,
thereby increasing its application to industrial scale. Depending
on the solution method, results from different studies using the
3D1,4,12 and 2D13,14 versions of the models agree very well with
experiments. However, the complexities arising from the
multidimensional models limit their applications. The models
are computationally time demanding, requiring several days to
obtain a solution in some seconds of simulation time.
To reduce the gasification modeling challenges, different

versions of 1D (steady and unsteady state) models have been
proposed.15,16 Most of these models are based on the two-phase
theory.17 The two-phase theory models solve only the mass and
energy balances in two separate phases (bubble and emulsion)
coupled with the exchange of the conserved variables at the
interface between the two phases. The hydrodynamics of the
bed are captured by the use of bubble velocity, bubble volume
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fraction, and bed voidage in the interface transfer models. In
some studies,16 attempts are made to incorporate the fluid
velocity model due to change of mass of each species in the bed.
Hejazi et al.16 also included an expression for solid circulation
rate in the model developed for a dual fluidized bed biomass
gasifier. To minimize the potential effect of reverse reactions,
Inayat et al.18 implemented a CO2 adsorbent in their kinetic
model, which enhances the production of hydrogen. As most of
the available models are based on the assumption of a uniform
distribution of the fuel particles, the two-phase models fail to
properly account for the axial distribution of temperature and
materials in the reactor. Moreover, extensive one-dimensional
models based on conservation of mass, momentum, and energy
have also been developed for simulation of fluidized bed
reactors.19,20 These 1D models include the equations for the
inert particle momentum and solid fraction propagation, making
it more computational demanding than the two-phase theory
model. For a typical entrained flow condition, Miccio21

presented a steady state 1D model that accounts for char
fragmentation during the gasification process.
To further enhance the modeling and simulation of biomass

gasifiers for efficient design and operation, a more simplified but
realistic one-dimensional unsteady state model is developed in
the present study. The proposedmodel includes the momentum
equations of the fluid and fuel particles to capture the effect of
particle properties on the bed behavior. In the model
development, it is assumed that the bed inert particles have
zeromean velocity over the bed height. This assumption helps to
eliminate the complexities in decoupling the inert particle
motion from the rest of the bed. To account for the effects of
rising bubbles, correlations for predicting the bed expansion,
bubble velocity, and bubble volumetric flux are incorporated.
The fluid is modeled based on the Eulerian approach while the
fuel particle motion is based on the single particle motion. The
effects of the kinetic energy change, and the impact of bubble
flow and resistance due to collision with the bed inert particles
are considered in the solid fuel motion. The approach
introduced in this paper for modeling biomass gasification
process helps to improve the widely applied existing simplified
models. The two-phase theory model usually assumes
isothermal conditions in which the solid and gas phases have
the same temporal temperature, neglecting the possible heat
resistance accompanied by energy exchange between two
different materials. Based on the uniform distribution of solids,
the effect of fuel particle properties such as size and density are
not considered in the models based on the two-phase theory. It
should be noted that particle segregation in bubbling fluidized
bed is mainly influenced by the particle size and bulk density.22

Thus, neglecting the particle properties may result in the effect
of fluidized bed hydrodynamics not being properly accounted
for during the gasification process. Obviously, segregation
behavior is very difficult to model due to the complex
mechanisms surrounding the phenomenon.23 However, track-
ing the motion of the solid fuel subject to interactions with inert
particles and gas species can help to achieve distribution of the
fuel particles to some extent. Hence, the proposed model can be
used to investigate the behavior of a gasifier at different
operating conditions and design choices. In the subsequent
sections, the detailed development of themodel is presented and
the model results are validated against experimental data from
the literature and results from some existing models.

2. MODEL DESCRIPTION

The model proposed in this study for computation of biomass
gasification process is based on the chemical kinetics. Since
gasification proceeds after biomass pyrolysis, which can be
completed over a significant length of time, both stages of
biomass conversion in a bubbling bed are taken into account.

2.1. Gasification and Reaction Kinetics. Biomass gas-
ification depends on temperature and time and proceeds after
pyrolysis where the fuel particles are thermally broken down into
volatiles, tar, and char. For a lignin-based biomass, the pyrolysis
takes place within 250−500 °C.24 The biomass conversion in a
fluidized bed increases the total gas flow rate and the solids
inventory in the bed, which can be obtained at a given
temperature by considering the reaction kinetics. There are
several kinetic models for biomass pyrolysis, but the scheme
demonstrated in Figure 1 can be applied.25

The kinetic rate constant k for the different stages in the
pyrolysis phase can be expressed in the Arrhenius form.

i
k
jjj

y
{
zzz= −k A

E
RT

expi i
i

(1)

Here, i = 1, 2, 3, 4 is the index indicating each of the reactions
involved in the pyrolysis process. Values of the frequency factor
A and the activation energy E can be obtained from the work of
Chan et al.26 as reported in Table 1. The biomass pyrolysis can
also be assumed to be endothermic with a reaction enthalpy of
64 kJ/kg.16

The mole fraction ϑj of the volatiles j ∈ (H2, CO, CO2, CH4)
in the primary pyrolysis (i = 1) can be obtained from eq 2.14

ϑ =
Λ

∑ Λ
Λ = c T;j

j

j j
j j

aj
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Here, T is the mean temperature of the bed, and cj and aj are
model fitting parameters for each gas species as outlined in Table
2. The correlation in eq 2 for the uncorrected gas mole fraction
Λj was obtained in the temperature range 1000−1070 K based
on the experimental data from pine wood pellets.14 The mass
fraction γj of each component j ∈ (H2, CO, CO2, CH4, inert)
resulting from the tar cracking (i = 4) is also given in Table 2.16

Beyond the pyrolysis, the resulting char particles react with
the available gasifying agent including oxygen, steam, and carbon
dioxide. Moreover, the permanent gas components in the

Figure 1. Illustration of the three parallel steps in biomass pyrolysis.

Table 1. Parameters for Kinetic Rate Constant in the Biomass
Pyrolysis16,26

pyrolysis step, i Ai (1/s) Ei (kJ/mol)

1 1.30 × 108 140
2 2.00 × 108 133
3 1.08 × 107 121
4 1.00 × 105 93.3
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volatiles also act as gasifying agents. A number of gas phase
(homogeneous) reactions also take place in the reactor.
Different kinetic rate constant models are available for each of
the reactions depending on the available gasifying agents. For a
steam biomass gasification, Table 3 describes some of the most
favorable reactions with their kinetic rate constants taken from
different publications.
2.2. Computational Model Development. The distribu-

tion of temperature and materials in a bubbling fluidized bed
reactor depends on the hydrodynamic behavior of the bed. To
account for this behavior, both the solid and gas momentum
equations are considered in addition to the mass balance of each
phase in the flow direction. Modeling of gas flow is based on the
Eulerian approach while the fuel particle motion is based on the
dispersed flow behavior. Due to changes in the mass of the fuel
particles, the kinetic energy change along the flow direction is
incorporated in the fuel particle flow model. The particle−
particle collisions and dragging of particles by the bubbles are
also accounted for. Figure 2 describes the flows of gas and fuel
particles within the bed and across their respective boundaries.

The term uB is the bubble rise velocity, and u and v are the gas
and solid fuel velocities, respectively. ṁg,in and ṁb,in are the
respective gas and biomass mass flow rates at the inlets with Tg,in
and Tb,in as the corresponding boundary temperatures. D is the
reactor diameter, lsb is the biomass feeding height above the
distributor, and L and lf are the total reactor height and bed
height at the fluidized state, respectively.
In addition to the assumptions outlined below, the necessary

simplifications introduced in developing the gasifier model are
given in the relevant sections.

• There are no variations of temperature and species in the
radial directions. Hence, the model is one-dimensional,
i.e. there are only gradients in the axial direction.

• The bed expands uniformly, resulting in an even
distribution of average bed particles. With this assump-
tion, the complex computation of mass flow of inert
particles can be eliminated while the average solids
fraction of the bed can be obtained from the available
empirical correlations.

• The bed inert material remains inert over a clearly defined
volume, and there is no mass loss due to entrainment. It
should be noted that in the absence of entrainment, inert
particles can experience a wide range of velocities (in axial
direction) ranging from a negative value corresponding to
their downward movement in the annulus to about
bubble rise velocity for those of them that are carried
upward with bubbles. For simplicity, the net velocity of
the inert particles is considered zero over one cycle of the
solids circulation.

Table 2. Parameters for the Light Gases from Biomass
Pyrolysis14,16

gas species, j cj aj γj

H2 1.34 × 10−16 5.73 0.02
CO 1.80 × 107 −1.87 0.56
CO2 2.48 × 103 −0.70 0.11
CH4 4.43 × 105 −1.50 0.09
inert 0.22

Table 3. Kinetic Rate Constants for Different Reactions in Steam-Biomass Gasificationa

i reactions ΔHri
0 (kJ/mol) rate constant, ri (mol/m3·s) ref(s)
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a[ ] = molar concentration (mol/m3), p (Pa) = pressure, and Xc = char conversion factor.
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• The ash content of biomass is negligible.
• The unconverted tar is in vapor phase.
• The gas species move upward while the fuel solids move

downward.

2.2.1. Species Mass Balance. Considering a continuum flow
of solid fuel particles, the rate of change in the concentration of
the particles within a given volume can be described by

ρ ρ∂ ̅
∂

= −
∂ ̅

∂
+

t

v

z
S

( )s j s j
s j

, ,
, (3)

where ρ̅s,j is the mass concentration of fuel particles j ∈ (b, c),
with “b” and “c” denoting biomass and char, respectively, and Ss,j
is the rate of generation of mass of the species.
Similarly, the mass balance for each of the gas species j∈ (H2,

CO, CO2, CH4, H2O, tar) is as described below.
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Here, Sg,j is the rate of generation of the gas species per unit
volume and ṁg″ = uρ̅g is the mass flux of the bulk gas. The mass
concentration of the gas mixture ρ̅g is given by

∑
ρ∂ ̅

∂
= −

∂ ̇″
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z
S

( )g g
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2.2.2. Momentum Balance. The velocities of the solid fuel
particles and gas species can be obtained by balancing the forces
across the control volume for each phase. The Lagrangian
approach is considered for the solid fuel where the motion of
each particle is assumed to be independent of the others. The gas
flow follows the continuum mechanism, and thus the Eulerian
approach is used for this phase. In principle, the conservative
model developed in the Eulerian frame can be converted to a
nonconservative Lagrangian model by differentiating appropri-
ately the partial differential (flux) terms. For the solid
momentum equation, the resulting model is similar to the
Newton’s second law of motion that links the external forces
acting on the particle to the resultant force causing the particle
acceleration.

2.2.2.1. Solid Phase. With the assumption that the solid fuel
particles are dispersed within the bed, the single particle
downward motion is described as follows:

∑

ρ ρ ρ ρ β
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where ρs and ρg are the solid and gas densities, respectively, g is
the acceleration due to gravity, and FB′ is the force per unit
volume exerted on the fuel particles by the inert bedmaterial due
to flow of bubbles. βg,s and βp,s are the momentum transfer
coefficients due to drag by the gas and collision with the inert
particles, respectively. Equation 7 is developed based on
Newton’s second law of motion, where the term on the left
accounts for the acceleration of the fuel particles and the first
term on the right is the momentum change accompanied by a
change in the particle kinetic energy. Other terms on the right
side account for the total external forces acting on the particles.
Starting from the second term on the right, the external forces
include the buoyancy force, momentum exchange with the
fluidized inert particles dragged into the bubble wake,
momentum exchange with fluid flowing in the opposite
direction, and momentum exchange due to collision with static
inert particles. The last term is the momentum generated due to
changes in the mass of the fuel particle during conversion.
Moreover, different other terms including the virtual mass
acceleration and fluid pressure forces can also be included in eq
7, but because of their relatively small contributions, these terms
are not considered in this paper.

β
π

=
D
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6
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s
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The drag resistance DR with the gas−solid drag coefficient Cd
and particle Reynold number Res can be obtained from the
following expressions.32

π ρ= | + |D d C u v
1
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Figure 2. (a) Illustration of bubbling fluidized bed behavior in a binary
solid mixture (red = fuel particles (s), black = bed inert material (p)),
showing biomass and gas boundary conditions and drag of solids into
the bubble wake. (b) Division of the reactor into different units of
computational volume of heightΔz, showing the cell center (i) and cell
face (I) for storage of different flow variables.
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where φs is the mean sphericity of the fuel particles. The average
diameter ds and density ρs of the solid fuel are given by

=
[ + Ψ − − ]

d
d

n X y1 (1.25 (1 ) 1)
s

b

c s c1 ,
3

(12)
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Equation 12 is derived considering the shrinkage of biomass
particles during devolatilization,33 where db is the Sauter mean
diameter of the raw biomass, Ψ is the biomass shrinkage factor,
n1 is the factor accounting for primary fragmentation of the
particles, and Xc is the char conversion factor. The term ys,c as
expressed in eq 14 describes the mass fraction of char particles in
the solid fuel mixture.

ρ
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The solid contact coefficient βp,s in eq 7 depends on the volume
and particle size of the solid fuel relative to the inert bedmaterial.
Noting that the particle velocity of the bed inert material is zero,
βp,s can be derived from the model given in Chang et al.34 based
on the collision theory between two different bulks of solid
particles in a mixture.
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Here, αs = ρ̅s/ρs and αp are the solids volume fractions of the fuel
particles and inert bed material, respectively. e is the coefficient
of restitution between the two different particle types, μc is the
Coulomb friction coefficient, and g0 is their radial distribution
function. εf is the bed voidage at the fluidized state, and dp and ρp
are the particle diameter and density of the inert bed material,
respectively. Assuming that the momentum change of the inert
bed particles as they are dragged into the bubble wake is
transferred to the fuel particles within the bubble vicinity, FB′ can
be modeled as

ε ρ θ′ = − −
∂
∂

F V
u
z

(1 )B mf p w B
B

(17)

where εmf is the void fraction of the inert material at the
minimum fluidization condition, assuming that the wake phase
voidage is the same as that of the emulsion phase at this
condition. θw is the bubble wake fraction which can be obtained
depending on the inert particle diameter as reported in ref 32,
and VB is the bubble volumetric flux.
2.2.2.2. Gas Phase. For the gas phase, the interactions with

the bulk of different solid materials (inert and fuel particles) as
well as with the reactor walls are considered. Assuming that the
fluid pressure drop over the bed is hydrostatic and that the
contribution of the fuel particles on the solid mixture density is
negligible, the momentum balance for the gas phase is given by
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where, fg is the wall frictional factor as given in eq 19.35
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Here, ReD is the wall Reynold number. The gas-particle
momentum transfer coefficient βg,p can be obtained from
different correlations.36 For a fluid-particle drag in the dense
phase (εf < 0.8), the value of βg,p can be determined from eq 21 as
proposed by Gidaspow.35
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α ε
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p
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Here, φp is the inert bed particle sphericity, μg is the gas dynamic
viscosity, and ρg is the gas density as expressed in eq 22. In an
incompressible flow, the gas velocity−pressure couple can be
resolved numerically through the continuity equation. For
simplicity, a compressible flow can be considered due to possible
changes in the gas density arising from variation of mass and
temperature of fluid in the reactor. The fluid pressure p is
therefore modeled as in eq 23, assuming the ideal gas behavior,
where R is the universal gas constant andMg is the gas molecular
weight. The pressure term in eq 18 is included to convey the
mass generated in the bed appropriately along the reactor axis.

ρ
ρ
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̅
g

g

f (22)

ρ
=p

RT

M
g

g

g

(23)

2.2.3. Energy Balance. The thermochemical processes in a
gasifier involves exchange of heat between the gas and solids, the
fuel particles and the inert bed material, the solids and the
reactor walls and between the reactor walls and the environ-
ment. As gas flows through the reactor, there is a continuous
heat loss. Hence, a continuous heat supply is required to keep
the reactions as desired. Accounting properly the flow of heat
within and across the reactor will provide a better model for
predicting the reactor performance. The necessary equations
proposed for solving the energy balance are detailed in the
following subsections.

2.2.3.1. Solid Phase (Fuel Particles). Since the distribution of
fuel particles may not be uniform due to flow of cold biomass at
the inlet port and due to variation in concentration of the
gasifying agent over the bed height, the sensible heat transferred
by the flow of the bulk material is essential to accurately predict
the heat distribution. Neglecting the contact and radiation
exchange with the walls, the net heat transferred to the solid fuel

Energy & Fuels Article

DOI: 10.1021/acs.energyfuels.9b01340
Energy Fuels 2019, 33, 7385−7397

7389

http://dx.doi.org/10.1021/acs.energyfuels.9b01340


particles in a unit volume includes the convective term due to gas
flow, the collision and radiation exchange with the inert bed
material and the generated heat due to reactions of the fuel
particles. The distribution of the solid fuel temperature Ts over
the bed height at a given time is therefore modeled by
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where, cp̅,s is the specific heat capacity of the solid fuel, ϵs is the
average emissivity of the fuel particles, and σ is the Stefan−
Boltzmann constant. Tp is the inert bed particle temperature and
hg,s is the single particle convective heat transfer coefficient
between the gas and the solid fuel, and it can be obtained as
given in eq 25, in which Pr is the Prandl number at the gas flow
condition.37
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The particle−particle heat transfer coefficient hp,s′ per unit
volume is as described in the following equations.34
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Here, vt,s is the terminal velocity of the solid fuel particles and vt,p
is the corresponding value for the inert material. λs and λp are
their respective thermal conductivity, and Ωs and Ωp the
corresponding granular temperatures. While νs and νp are the
Poison’s ratios,Gs [GPa] andGp [GPa] are the Young’s modulus
of the different particle types. The last term in eq 24 is the net
heat generated during the conversion of the fuel particles in the
heterogeneous reactions (i = 5, 6, 7) and in the devolatilization
(pyrolysis) stage, where rpyr = ρ̅s,b∑ki.
2.2.3.2. Gas Phase. For the gas phase, the heat balance also

includes the convective heat exchange with the inert bed
material due to a possible temperature difference between the
two media. Assuming that the reactor walls are in thermal
equilibrium with the gas, the energy balance is thus given by
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where, cp̅,g is the gas specific heat capacity and Ua is the overall
heat transfer coefficient between the gas and the surroundings at
ambient temperature Ta through the reactor walls. The last term
in eq 30 includes only the homogeneous reactions (i = 8, 9 in
Table 3). The convective heat transfer coefficient hg,p between
the gas and inert bed material in fluidized state can be obtained
as descried below.38
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2.2.3.3. Solid Phase (Inert Bed Particles). With the
assumption that the mean velocity of the inert particles is
zero,Tp can be obtained from eq 33, where cp̅,p is the specific heat
capacity of the inert bed material.

α ρ
φ

α α

σ

σ α

̅
∂
∂

= − − ϵ

− − ′ −

+ − + −

c
T

t d
h T T

d

T T h T T

K T T
D

h T T

6
( )

6

( ) ( )

( )
4

( )

p p p p
p

p p
p g p p

s
s s

p s p s p s

r w p p w p w p

, , g

4 4
,

4 4
,

(33)

Here, Tw = Tg is the wall temperature under the gas-wall thermal
equilibrium. Assuming that the bulk inert material is a cylinder
concentric with the reactor walls (cylinder), eq 34 can be derived
for the effective radiation coefficient Kr, where ϵp and ϵw are the
emissivity of the inert particle and the reactor wall materials,
respectively.
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The heat transfer coefficient hw,p between the bulk inert particles
and the reactor walls due to the combined cluster convection
and gas-gap conduction can be evaluated as described in the
Supporting Information.

2.2.4. Bubble Properties and Bed Expansion. The gas-
ificationmodel outlined in the previous section requires accurate
prediction of the bubble properties (diameter, volumetric flux,
and bubble velocities) and bed expansion. There are several
models for predicting the bubble diameter and bubble
velocity.39 The most common methods for prediction of bubble
volumetric flux VB and bed voidage εf at fluidized state are those
based on the two-phase theory as described in Kunii and
Levenspiel.32 The inaccuracy in predicting the bed voidage and
expansion can affect the model global accuracy. A higher bed
voidage indicates flow of faster and larger bubbles as well as a
lower gas−solid contact time due to a reduced gas residence
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time. On the other hand, the distributions of heat and materials
will be poor when the bed is not well expanded. For the particles
exhibiting Geldart B behavior at ambient conditions, the bubble
velocity uB, the bed voidage (with the bed expansion Δe = (lf −
l0)/l0) and the bubble volumetric flux can be computed using the
correlations40,41 given in eqs 35−39.
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Here, usf is the superficial gas velocity at the inlet boundary
condition, umf is the particle minimum fluidization velocity, dB is
the bubble diameter at any position z along the bed axis, and d̅B is
the bubble diameter averaged over the bed height which can be
obtained by integrating the bubble diameter dB within the
interval [0, lf] from the distributor. ε0 and l0 are the voidage and
bed height at fixed state, respectively. With the value of the bed
height lf, the freeboard region L − lf is defined, and based on the
value of εf, the conservation of the bed inventory is obtained as

α α ε+ = −1p s f (40)

While the bubble diameter depends on the bed particles, it is also
affected by temperature. For fine particles, the bubble diameter
decreases with increasing temperature.32 However, most of the
available models for bubble diameter give the opposite trend at a
given value of usf since umf decreases with increasing temperature.
The correlation proposed by Agu et al.41 for predicting the
average bubble diameter over the bed height can account for the
effects of particle and fluid properties, but it is limited to only
large particles for which the Archimedes number >400.
Nevertheless, to close the proposed gasifier model, the values
of dB can be evaluated based on the Werther42 correlation as
given in eq 41 while the other correlations required to
completely solve the balance equations are reported in Table 4.

= [ + − ] +d u u z0.00853 1 27.2( ) (1 6.84 )B sf mf
1/3 1.21

(41)

In Table 4,Mj is the molecular weight of the gas species, xj is
the gas mole fraction, and n is the number of species in the gas
phase. The specific heat capacity cp̅, dynamic viscosity μ, and
thermal conductivity λ of each gas species are correlated with
temperature as documented in the work of Coker.43 The gas
mixture viscosity and thermal conductivity are obtained by the
Wilke44 mixing rules whereas other properties are based on the
linear mixing rule. The correlation of cp̅ with temperature for
biomass and char particles can also be obtained from literature24

as described in the Supporting Information.

3. MODEL NUMERICAL SOLUTION
The set of nonlinear partial differential equations proposed for a
gasification process can be discretized into a number of ordinary
differential equations using the finite volumemethod. Like many
other numerical solutions, the grid size and size distribution
affect the accuracy of the model; the finer the grid, the better the
solution but the longer the computational time. For the present
study, the gasifier model is discretized into 110 grid points along
the reactor axis comprising 80 grid points within the bed (50
below the biomass feeding position and 30 above) and 30 grid
points in the freeboard to ensure that the numerical solution is
closer to the possible analytical solution. The grid point lies at
the center of the computational cell of height Δz as shown in
Figure 2b. All the scalar quantities including the bulk density and
temperature of different phases are computed at the grid points
whereas the mass flux or gas velocity is evaluated and stored at
the cell faces so that information from one cell to another can be
conveyed. The fuel particle velocity is also computed at the cell
center due to the nonconservative nature of the governing
equation. The resulting equations are solved in MATLAB using
the ode 23tb solver with an adaptive time-step. The inlet gas flow
is given at the bottom of the bed while the zero pressure gradient
is defined at the exit as shown in Figure 2a. The model stability
depends on the treatment of the internal boundary where the
biomass feed is located and on the interface boundary between
the bed and the freeboard due to the coupling effect between the
gas momentum and continuity equations. The treatment of
boundary condition at the biomass feeding position is described
in the Supporting Information.
For all the results presented, the computation of the kinetic

rate constants for the pyrolysis is at the solid fuel temperature Ts
while that for the different heterogeneous reactions are at the
film temperature, T̅s = 1/2(Ts + Tg) since gasification takes place
on the surface of the fuel particles. For estimation of bubble
properties, the superficial gas velocity computed as

ε= ∑ =u u( )sf N f I
N

I
1

1 is applied, where uI is the gas velocity

Table 4. Algebraic Equations and Mixing Rules for Different
Mixtures
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computed at each cell face I and N is the total number of grid
points within the bed. The steady state solution of the model
depends on a combination of different factors including the bed
temperature, feed rate, particle properties, and the position in
the reactor. To achieve a steady state at a given operating
condition, where the bed containing inert particles is initially
free of the fuel particles (biomass and char) and the available
void space is filled with only steam at the gasification
temperature, each simulation was run for 3 × 104 s. Thus, all
the results reported in this paper were obtained at the end of this
simulation time.

4. MODEL VALIDATION
The model results are compared with the experimental data in
the literature to ascertain its accuracy. Based on biomass
gasification with steam, the data presented in Li et al.45 and
Gopalakrishnan14 are used. Both studies were conducted using
two different dual fluidized bed reactors. In the work of Li et
al.,45 the diameter of the gasifier is 0.28 m and the bed contained
120 kg silica sand of mean particle size 143 μm, initially loaded to
a height of 1.27 m. For each operating temperature in the range
690−830 °C, softwood pellets were applied at a feed rate of 10
kg/h and steam at a flow rate of 10 kg/h. The gasifier in the
Gopalakrishnan14 study was rated 100 kW at a biomass feed rate
of 15 kg/h using sawdust pellets as the feedstock. The biomass
was fed at a position 0.2 m above the distributor. The 0.2 m
diameter column contained greywacke sand particles with a
mean size of 275 μm and an initial height of 0.24 m.
These two reactors have also been modeled in different

studies as can be found in the work of Hejazi et al.16 and
Gopalakrishnan.14 Both reactor models are one-dimensional
and were developed based on the two-phase theory. The
experimental data from these two reactors can therefore be used
to compare the performance of the proposed model with the
existing ones.14,16 The proposed model results are also
compared with the simulated results from a 2D hydrodynamic
model also outlined in ref 14.
The biomass feeding position in the Li et al.45 study is not

clearly defined, but it is well inside the bed. For the preliminary
model validation, lsb = 0.63 m is assumed. The effect of biomass
feeding position will be further discussed based on this gasifier.
In a steam biomass gasifier, the operation can be controlled to

maintain the same bed temperature by circulating the inert
particles through a fluidized bed combustor. More often, the
gasifier operating temperature is the same as the temperature of
the incoming superheated steam, leading to an isothermal
process. It should be noted that the model developed in this
study does not include circulation of the bed material.
Therefore, the heat flow into the gasifier as accounted by the
current model is from the incoming steam and the possible
exothermic reactions in the bed, giving room for a non-
isothermal process. To achieve an isothermal behavior, the bed
temperature is assumed the same as the temperature of the
incoming steam in the simulations. In later discussions, the
nonisothermal behavior of the model is compared with the
behavior under isothermal condition for evaluation of the
amount of energy required to achieve a desired operating
temperature.
Figure 3a shows the composition of the product gas obtained

from the experimental setup of Gopalakrishnan14 at 780 °C and
the steam-biomass ratio (S/B) of 0.53 (7.95 kg/h steam flow
rate). In the figure, the predictions based on the present model
are compared with the experimental data and also with those

based on the 1D and 2Dmodels presented in Gopalakrishnan.14

As can be seen, the results from the three models agree
reasonably well with the experimental data. With the proposed
model, the agreement is better for the H2, CH4, and H2O mole
fractions. For the mole fractions of CO and CO2, the predictions
from the present model are closer to those of the 2D model,
which gives a better prediction of CH4 than the Gopalak-
rishnan14 1D model. The predicted distribution of the gas
species along the bed axis, as shown in Figure 3b, is also in
agreement with that given by the 2D model14 (see Figure
6.16(a) in ref 14). Figure 3a also shows that the present model
predicts the sum of the mole fractions of H2 and H2O in a good
agreement with the experiment (2% error), which is also true for
the sum of CO and CO2 (−2% error). However, the
Gopalakrishnan14 1D model over predicts the (CO + CO2)
value by 19% and under predicts that of (H2 + H2O) by 17%.
With the 2Dmodel, the predictions of the different sums are also
closer to the experiment, where the error for the (CO + CO2)
value is 2% and that for the (H2 + H2O) value is −1%. These
results thus show that the proposed model can predict the gas
yields obtained from an experiment quite well.
Figure 4 compares the gas composition predicted at different

temperatures with the experimental data from Li et al.45 Above
690 °C, the model results agree quite well with the experiments,
especially for the CH4 and CO2 mole fractions. The scattered
behavior of the experimental data is due to variation of the
steam-biomass ratio in the range 0.94−1.05 as noted in the
literature.45 Comparing with the results from the 1D model
presented in Hejazi et al.16 (see Figure 5 and Table 7 in ref 16),
the present model has a better prediction accuracy for the
experimental data. Based on the present study, the mean
absolute errors over the temperature range of the experiments
shown in Figure 4 are 11, 7, 10, and 9% for H2, CO, CO2, and
CH4, respectively; whereas the corresponding values are 67, 40,
17, and 72% based on the Hejazi et al.16 1D model.

5. DISCUSSION
Since the accuracy of the proposed model is reasonably good,
the model can be used to investigate different operating
parameters and design choices on the gasification behavior. In
this study, the effect of biomass feeding position on the gas
composition and that of temperature on the total gas yield are
discussed using the gasifier described in Li et al.45 as a case study.
In addition, a comparison between the isothermal and
nonisothermal modes of operation is discussed.

5.1. Effect of Biomass Feeding Position on the Gas
Composition. The gas compositions predicted at different
biomass feeding positions are shown in Figure 5. In the result,

Figure 3. Predicted gas composition at 780 °C and S/B = 0.53 (a)
compared with experimental data and with results from existing
models14 (b) showing the axial distribution of the gas species based on
the present model.
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the distribution of the grid points along the reactor column is
kept constant for all the biomass-feeding points. The figure
shows that moving the feeding position toward the bed surface
increases the amounts of H2 and CO2 and decreases those of CO
and CH4 in the product gas. With biomass fed close to the
bottom of the bed, char conversion through reaction route 5 in
Table 3 is favored due to higher availability of steam and char
particles as well as their increased contact time. This leads to a
reduced amount of H2O available for the freeboard reactions,
thereby reducing the yields of H2 and CO2. Supplying biomass
near the bed surface leads to a lower char conversion and a
higher availability of H2O in the freeboard. The exothermic
water gas shift dominates the process, leading to higher H2 and
CO2 concentrations. The steam-methane reaction is also
enhanced, resulting in a decrease in the CH4 mole fraction.
Moreover, due to the low density of the char particles, their poor
sinking behavior into the bed also influences the poor
conversion of the fuel particles at increasing biomass-feeding
position. Lowering the feeding position to about 0.3 m, Figure 5
shows that the predicted gas composition is consistent with the
experimental data reported at about 830 °C.45 The trends of the

results in Figure 5 are also similar to those observed by
Radmanesh et al.15 whose experimental data were compared
with data from Narvaez et al.46 However, the 1D two-phase
model presented in ref 15 showed poor predictions of CO and
H2 compared to the experimental data46 obtained when the
biomass is fed close to the bottom of the bed.

5.2. Effect of Temperature on the Total Gas Yield. In
addition to the product gas composition, an important output
from the proposed model is the cold gas production rate (gas
yield), Y, determined from the following equation.
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Here,Tstd = 273.15 K is the standard temperature and ymoist is the
weight fraction of moisture in the raw biomass. The term ṁg″/ρ̅g
is the gas velocity evaluated at the gas exit temperature Tg, and
xH2O is themole fraction of water in the product gas. As shown in
Figure 6a, the gas velocity increases with an increase in the

temperature due to increasing amount of pyrolysis gas above the
biomass feeding position. Above the bed surface, the velocity
decreases to a constant value as the gas bulk density is increased
in the absence of solid particles. In practice, the high gas velocity
at the bed surface would result in splash of particles into the
freeboard. However, as this splash zone and particle entrainment
are not considered in the developed model (cf. section 2.2.2),
the decrease in the gas velocity is relatively sharp. The profile of
the gas velocity could have been improved by properly
accounting for the bed−freeboard interface conditions. One
possibility is to calculate the splash zone height based on the
momentum balance of the solids carried in the wake of erupting
bubbles.
Figure 6b shows that the gas yield increases with increasing

temperature owing to the increase in the conversions as well as
the gas specific volume. The value of Y predicted is comparable
with those obtained from the thermodynamic equilibrium
model and from the experiments,47 which although is difficult to
be measured. As expected, the value of Y predicted at 830 °C is
higher than the experimental value of 1.03 Nm3/kg-dry biomass
reported in the literature.45 In the model predictions, all the char
particles are available for the gasification reactions, leading to a
higher gas yield. In the experimental reactor, some of the char
particles are burned off in the combustor while some are
entrained from the reactor, resulting in a lower gas yield. The
predicted gas yield is also in agreement with the yield measured
when biomass is gasified with air/oxygen in a bubbling bed
where there is a lower char loss in the absence of bed material
circulation.48

Figure 4. Predicted gas composition (dry basis) compared with
experimental data45 (lsb = 0.63 m, S/B = 1.0) at different bed
temperatures.

Figure 5. Predicted gas composition, showing the effect of biomass
feeding position on gasification behavior. S/B = 1.0 and T = 830 °C:
data points = experiment,45 lines = predicted values.

Figure 6. Predicted (a) gas velocities and (b) total gas yield on a dry
basis at different temperatures based on the gasifier described in ref 45.
S/B = 1.0, lsb = 0.3 m.
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5.3. Comparison between Isothermal and Noniso-
thermal Operations. In an isothermal gasification process, the
temperature of the inert bed material is the same as that of the
incoming steam whereas the two temperatures differ in the
nonisothermal case. This means that, in the isothermal
operation where Tp = Tg, eq 33 is not required in the simulation.
To simulate the gasification process under the nonisothermal
condition, eq 33 is applied in addition to energy equations
described in section 2.2.3 for the fuel particles and gas phase.
The performance of the gasifier45 under the two different modes
of operations are compared in this section.
5.3.1. Temperature Distribution. Figure 7a compares the

axial temperature distribution for the two different modes of

operation. Under the isothermal operation, the gas temperature
is the same over the bed height but slightly increases in the
freeboard due to the exothermic water−gas shift (WGS)
reaction. However, the distribution of temperature in the
nonisothermal condition is independent of the incoming steam
temperature within 720−820 °C. The gas temperature decreases
toward the biomass feeding position due to flow of cold biomass
into the bed. Above the feeding point, the exothermic activities
increase the temperature to an equilibrium value. The difference
in temperature between the isothermal and nonisothermal
processes therefore gives an indication about how much heat is
required to main the gasification at a given operating condition.
Moreover, the temperature remains high over the length of the
freeboard in both operations as the heat loss is neglected in the
simulations. In practice, however, the gas temperature may be
lower and may also decrease along the freeboard due to heat loss
and possibly significant endothermic reactions.
The temperature distribution also influences the distributions

of raw biomass and char in the bed as shown in Figure 7b. Due to
the high temperature, biomass particles rapidly undergo
devolatilization before reaching the bottom of the bed in the
isothermal condition. The high bed temperature also enhances
the char conversion, resulting in a lower char accumulation
compared to the nonisothermal case. As the temperature is low
to enhance devolatilization, the figure also shows that higher
amount of biomass than char is accumulated in the bed in the
nonisothermal process. Comparing with results reported in
literature, both the temperature and biomass concentration

profiles under nonisothermal conditions are similar than those
presented in the work of Xue and Fox,49 although the flow of the
fuel particles up the bed is not well captured in the current model
simulation. The distribution of biomass and char can be
enhanced by improving interactions of the solid fuel particles
with gas and inert bed material in the developed model.

5.3.2. Distribution of Gas Species. Figure 8 shows that the
conversion of steam in the bed increases with increasing

temperature under the isothermal condition owing to the higher
temperature shown in Figure 7a. The difference in the gas
composition between the two processes is more pronounced in
the bed but diminishes in the freeboard as the temperature is
increased, particularly for CO concentration. The higher CO2
concentration compared to CO as can be clearly seen in Figure
8b indicates that the WGS reaction is also favored in the lower
part of the bed in isothermal operation. Above the feeding
position, the WGS reaction dominates the isothermal process.
The mole fraction of CO decreases below the value in the bed
while the mole fractions of H2 and CO2 increase significantly.
The concentration of hydrogen in the freeboard is invariant
between the two processes due to the influence of the
equilibrium WGS reaction, and the variation of methane
suggests that the reaction of the species with steam increases
with increasing temperature. Moreover, the CH4 yield below the
feeding position in the isothermal operation is negligible because
biomass devolatilization is complete before the bottom of the
bed in addition that the reaction between char with H2 is very
slow. In the nonisothermal process, all the permanent gas species
are present in the bottom of the bed due to accumulation of the
raw biomass as shown in Figure 7b. Moreover, the distribution
of gas species is almost uniform shortly above the point of
biomass introduction, suggesting that the gas yield and
composition attain equilibrium conditions in the nonisothermal
process.

5.3.3. Product Gas Composition at Different Temperatures.
As the reactions tend toward the equilibrium condition, Figure 9
shows that there is no significant difference in the product gas
composition at different temperatures when the process is
operated in the nonisothermal mode. However, in the
isothermal mode, the gas composition varies significantly with
changes in the bed temperature. The amounts of H2 and CO2
decrease with an increase in temperature under this condition.
The increasing CO and H2O mole fractions suggest that the
WGS reaction is less favored as the temperature is increased. As
there is no absolute isothermal condition in reality, a slightly
lower congruence as presented in Figure 9 should be expected.

Figure 7. Predicted axial (a) temperature distribution and (b)
concentration of the solid fuel species, comparing isothermal and
nonisothermal gasification processes at different steam temperatures; lsb
= 0.3 m, S/B = 1.0.

Figure 8. Predicted axial distribution of gas species (lsb = 0.3 m, S/B =
1.0), comparing isothermal (dashed line) and nonisothermal (solid
line) gasification processes at different temperatures T = (a) 720 and
(b) 820 °C.
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6. CONCLUSIONS
A model for simulating a bubbling fluidized bed gasifier was
developed. The model includes the momentum equations of
fluid and fuel particles to account for the effect of bed material
properties on the flow behavior. The proposed one-dimensional
unsteady state model was used to investigate the performance of
steam gasifiers with different biomass feeding positions and
different modes of operation (isothermal and nonisothermal
processes with respect to steam temperature and gasifier
temperature).
The results show that the model can predict the total gas

production rate depending on the reactor design and operating
conditions. Increasing the biomass feeding position toward the
bed surface decreases the COmole fraction and increases that of
H2 in the product gas due to a reduced char conversion effect
and an enhanced water gas shift reaction.
The proposed model can be applied to any bubbling fluidized

bed reactor, and it is computationally less demanding, thus can
be used to improve the design and operational control. The
model can be developed further to include circulation of inert
bed material and integration with a circulating fluidized bed
combustor. Future studies will also include sensitivity and
uncertainty analyses of different inputs and further validation of
the proposed model with different experimental data.
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■ NOMENCLATURE

Symbols
A [1/s] = frequency factor
a [−] = fitting index
c [K−a] = fitting coefficient
Cd [−] = drag coefficient
cp̅ [J/kg K] = specific heat capacity
D [m] = vessel diameter
DR [N s/m] = drag resistance
d [m] = diameter
d̅ [m] = height-averaged diameter
E [J/mol] = activation energy
e [−] = coefficient of restitution
Δe [−] = bed expansion
F [N] = force
F′ [N/m3] = force per unit volume
f [−] = friction factor
G [GPa] = Young’s modulus
g [m/s2] = acceleration due to gravity
g0 [−] = radial distribution function
ΔHr

0 [J/kg] = reaction enthalpy change
h [W/m2 K] = unit area heat transfer coefficient
h′ [W/m3 K] = unit volume heat transfer coefficient
Kr [1/m] = effective radiation coefficient
k [1/s] = rate constant
L [m] = total column height
l [m] = height above bed base
lsb [m] = biomass feeding height
M [kg/kmol] = molecular weight
ṁ [kg/s] = mass flow rate
ṁb,in [kg/s] = biomass feed rate
ṁ″ [kg/s m2] = mass flux
N and n [−] = number
n1 [−] = fragmentation factor
Pr [−] = Prandtl number
p [Pa] = fluid pressure
R [J/mol K] = universal gas constant
r [mol/m3 s] = reaction rate constant
Re [−] = Reynolds number
S [kg/m3 s] = mass generation rate
T [K] = temperature
Tstd [K] = temperature at standard condition
t [s] = time
U [W/m2 K] = overall heat transfer coefficient
u [m/s] = gas velocity
usf [m/s] = superficial gas velocity
VB [m/s] = bubble volumetric flux
v [m/s] = fuel particle velocity
vt [m/s] = particle terminal velocity
Xc [−] = char conversion factor
x [−] = mole fraction
xH2O [−] = mole fraction of water in product gas
Y [N m3/kg] = cold gas yield
y [−] = mass fraction
ymoist [−] = mass fraction of biomass moisture content
z [m] = axial position
Δz [m] = computational grid size

Greek Letters
α [−] = solids volume fraction

Figure 9. Product gas composition (lsb = 0.3 m, S/B = 1.0), comparing
isothermal (dashed line) and nonisothermal (solid line) gasification
processes at different steam temperatures.
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β [N s/m4] = momentum transfer coefficient
ϵ [−] = emissivity
ε [−] = void fraction
Ω [m2/s2] = granular temperature
Λ [−] = uncorrected pyrolysis gas mole fraction
λ [W/m K] = thermal conductivity
σ [W/m2 K4] = Stefan−Boltzmann constant
ρ [kg/m3] = density
ρ̅ [kg/m3] = mass concentration
θw [−] = bubble wake fraction
ν [−] = Poison’s ratio
ϑ [−] = pyrolysis gas mole fraction
μ [Pa s] = dynamic viscosity
μc [−] = Coulomb friction coefficient
Ψ [−] = shrinkage factor
⌀ [−] = interaction parameter
φ [−] = particle sphericity
γ [−] = mass fraction of tar components

Subscripts
a = ambient
B = bubble
b = biomass
c = char
f = fluidized state
g = gas
I, i = step
J, j = species
k = phase
m = mixture
mf = minimum fluidization
p = inert particle
r = reaction
s = solid fuel
w = wall
0 = initial

Abbreviations
S/B = mass of steam to mass of biomass ratio
WGS = water−gas shift
1D = one-dimensional
2D = two-dimensional
3D = three-dimensional
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