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1. Introduction

Gas-solid fluidized bed has been applied in indaisfprocess in a wide range. It is
usually formed when a quantity of solid particledarced to behave as a fluid, which is
called fluidization. The phenomena mainly happethwie introduction of pressurized
fluid or gas, which flows upwards from the bottorhtbe bed and through the solid
medium. Under this situation, the density of th&dsmedium is reduced without any
effects on its elemental nature, and also, thel g@rticles tend to have many properties
and characterizations like a normal fluid, suchhesability to free-flow under gravity, or
to be pumped using fluid type technologies. Figlre shows the model of a typical
fluidized bed [ttp://en.wikipedia.org/wiki/Fluidized_béd
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Figure 1.1: A diagram of a fluidized bed, includireg particle force balance and
distributor plate designs.

The first large scale commercial implementation,the early 1940s, was the Fluid
Catalytic Cracking process, which converted heayetroleum cuts into gasoline.
Carbon-rich "coke" deposits on the catalyst paticind deactivates the catalyst in less
than 1 second. The fluidized catalyst particles drettled between the fluidized bed
reactor and a fluidized bed burner where the c&msits are burned off, generating heat
for the endothermic cracking reaction. In the [88¢0s, a fluidized bed process for the



synthesis of polyethylene dramatically reduced ¢lst of this important polymer,
making its use economical in many new applicatiofise polymerization reaction
generates heat and the intense mixing associattééd flwidization prevents hot spots
where the polyethylene particles would melt. A gamprocess is used for the synthesis
of polypropylene. Currently, most of the processest are being developed for the
industrial production of carbon nanotubes use idifad bed as summarized by Baddour
and Briens (2005). A new application of fluidizatidechnology is chemical looping
combustion. To reduce global warming, it is impotte sequestrate the carbon dioxide
generated by fuel combustion, e.g. in power statidRegular combustion with air
produces a gas that is mostly nitrogen, which presveeconomical sequestration.
Chemical looping uses a metal oxide as a solid emygarrier. Metal oxide particles react
with a solid, liquid or gaseous fuel in a fluidizbdd combustor, producing solid metal
particles and a mixture of carbon dioxide and wagror. The water vapor is condensed,
leaving pure carbon dioxide which can be sequesiraihe solid metal particles are
circulated to another fluidized bed where they teath air, producing heat and
regenerating metal oxide particles that are retated to the fluidized bed combustor
(http://en.wikipedia.org/wiki/Fluidization).

Generally, a gas-solid fluidized bed can behavéypdfferently with varied parameters.
According to a study by Kunii and Levenspiel (1994 )bubbling fluidized bed can be
this kind of fluidized bed: With an increase of dlasv rate beyond minimum fluidization,
where a balance is reached between gravity ofgbestiand pressure drop of the flow
through any sections of the bed, all the partidtesp suspended and still relatively
(http://en.wikipedia.org/wiki/Fluidized_bgd large instabilities with bubbling and
channeling of gas are observed. When the gas tavis increased further, more violent
agitation and more vigorous movement of solids shpwSuch a bed is calledoubbling

fluidized bed or an aggregative fluidized bedr a heterogeneous fluidized be&t this

situation, the bed will not expand too much beytsdolume at minimum fluidization.

In Kunii and Levenspiel's study, compared with sootber conventional contacting
models, the fluidized bed is usually unable to helte ideal plug flow very closely.
Because in a fluidized bed, solids are best predehy well-mixed flow and the gas
follows some intermediate and difficult-to-descrili@v pattern. Nevertheless, if proper
baffling and staging of units and negligible entraént of solids are available, the
desirable extreme of countercurrent of plug flow s#ll be approached in application of
fluidized.

There are some obvious advantages on applicatigheofluidized bed, for example, it
can provide larger contact area among the reactéunther lead to more effective
chemical reactions and heat transfer. Thereforeflthéized bed is widely applied for
several industrial purposes, such as fluidized teedtors (types of chemical reactors),
fluid catalytic cracking, fluidized bed combustiofiuidized bed bio-filter (used for
biological treatment of polluted waters) or apptyimm coating on solid items
(http://en.wikipedia.org/wiki/Fluidization The fluidized bed has lots of characteristics
both desirable and undesirable, based on Kuniilavenspiel (1991), and Rhodes, M.J
(1990), these characteristics can be summarizétedsllowings:



Advantages

Easy handled and continuous automatically conttatiperation by courtesy of smooth,
liquid-like flow of particles; A large margin of gy in avoiding temperature runaway
for highly exothermic reactions due to the greaistance on rapid temperature changes
in operating conditions, which is given by the krthermal flywheel of well-mixed
solids; Good possibility to remove (or add) thetvgsantities of heat produced (or
needed) in large reactors by reason of well citaaof solids between two beds; High
heat (surface to bed, or gas to particle) and nrassfer rates between gas and particles
compared to other contacting modes, which is resipte to isothermal conditions
radially and axially, due to rapid mixing of soljdSmaller surface area of the heat
exchanger required within fluidized bed as a resfilhigh heat transfer rate; Smaller
pressure compared to fixed bed with same bubblecitgl and bed depth; Good
suitability for large-scale operations.

Disadvantages

Inefficient contacting represented by the diffietdtdescribe flow of gas with large
deviations from plug flow in bubbling beds of fiparticles; Lower reaction rate because
a lowering operating temperature is required byatglomeration, and sintering of fine
particles at high temperature for non-catalytic rapens; Non-uniform residence of
solids led by the rapid mixing of solids. This plerh will further develop a non-uniform
product and a poorer performance, especially ah hagnversion levels; The less
applicable range of particles because friable sdi@ easily pulverized and entrained by
the gas; Difficult scale-up of the bed due to gabliles and further leads to less contact
of reacting gas and solids; Erosion of pipes ars$@®ls from abrasion by particles.

Many studies have been done on the gas-solid Zieebbed. The performance of a gas-
solid fluidized system is seriously determined bymerous factors, such as the
characteristics of the powders, the design of @ br the operating conditions. Those
previous works focused on many different aspecis mmay affect the behaviors of the
fluidized bed directly or even indirectly, suchsage and size distribution of solids, fluid-
solid density ratio, vessel geometry, gas inlearmgement, type of solids used, and
whether solids are free-flowing or liable to aggérate, Kunii D. and Levenspiel O.
(1991). Rhodes M.J (1990), Gidaspow D. (1994), &#ldD., Yeung, S. L. S. (1995),
Wong, A. C.-Y., Seville, J. P. Ket al, Ergun, S., Werther, J., Davidson J. F. and
Harrison D. and so on have been published and ¢gedviots of references and evidences
to support what are written in this present project

The main objective of this project is to investggavhether and how the bubble
distribution, bubble size and bubble velocity caftuence the efficiency of fluidized bed
reactor. In order to reach this objective, a 2-Didized bed was built up with a
homogeneous gas inlet, within which different mdet with diverse sizes and size
distributions and different flow conditions werestied. A camera was used to record the
bubble behavior during whole experiments. Besidese simulations were carried out



in consistent with similar operating conditions s#veral experiments so as to make a
contrast with experimental findings.



2. Literature review

Quantities, which can be recognized as signifiaators that determine the fluidization
mode and characteristics in a given gas-solid ifted bed, include the design parameters,
superficial fluidizing velocity, minimum fluidizatn velocity and minimum bubbling
velocity, bubble formation, bubble velocity and@wo as concluded by M. Horio and A.
Nonaka (1987). Those factors are strongly affebiethe particles characteristics used in
fluidized bed all the time. In the present chaptiee, general study and review are given
in terms of some previous works.

2.1 Characteristics of the powders

2.1.1 Geldart’s classification

In a study from Geldart at 1993, it's been found that the performance of gas-solid
fluidized system is seriously dependent upon trerattterization of the particles used as
the solid medium, such as density, particle sim@ tontent, cohesiveness, etc. One
statement was widely recognized at early period ahpowder with a wide range size
distribution fluidized more satisfactorily than awpder having a narrow size range.
However, Geldart showed no effect due to size ibigiion via an experiment on bubble
size done at 1972 in sands having a mean partaze Bhis finding led to the idea of the
powder groups, which is commonly called Geldartassification (1986). According to
Geldart classification, the uniformly sized paseiadan be classified into four groups in
terms of the density difference between the partieid the fluid and by the mean particle
size for air at ambient conditions, which can h@esented on Figure 2.1.
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Figure 2.1: Geldart diagram for particle classtiioca.



D. Geldart (1973), M. Rhodes(1990) and D. Gidasgb®994) have simply summarized
the characteristic of each group as the following:

Group C

All cohesive patrticles those are hard to fluid. 8e®e the inter particle force is larger
than hydrodynamic exerted by fluid gas; Obligatedarm channels or cracks through
which it passes, rather than forming bubbles; Ong o identify is: if HR>1.4, it is
considered to be group C particle.

Group A

Named as aerated patrticle, into which the matewdls a small mean particle size and a
low density (<1400 kg/M) can be counted. It has most desirable propeftes
fluidization, and mostly used as catalyst in flaation system; Considerable bed
expansion after minimum fluidization and long tirtee deaerate after gas supply is
interrupted; No bubble produced without higher eglg Significantly less inter-particle
force than hydrodynamic force; Easy to circulateuad pneumatic and fluidized
circulation loop; Limited size on gas bubbles, whare easily broken down at a high gas
velocity.

Group B

Named by bubbling, the approximate range of meaa &f the materials in this group is
within 40 to 500 pm, while the density is withinQD4to 4000 kg/rfy No large expansion
of the bed for these materials at atmospheric pressThe bubbling will start at
minimum fluidization.

Group D

Made of large or very dense particles, can be spatieasily; In this group, gas rises
more quickly than gas bubbles, which consequertygd to a phenomena that gas enters
the bottom of bubbles, and leaves out through dlb& giving a shorter resistant time; In
this group, there will be a transition from bubblimto dispersion regime when the
Re>~1000.

The further details about the group propertiessamvn in Appendix A.

2.1.2 Particle size distribution and particle densy

Behaviors of solid particles are largely dependen& combination of mean particle size
and density (Geldart, 1973), usually referred tdd@e diagram for air at ambient

conditions.

Particle size distribution

In many practical cases, the working particles Uguansist of a few kinds of particles

with different sizes. As mentioned above, the phtdistribution is also an important

factor of determining the bubble behaviors. Forvemient rank, the mean particle size
can be used to roughly define which group the garbelongs to.



Based on the Geldart diagram, the mean size atjgmican be represented as:
de =1/Z§ (Eq. 2.1)

where, ¢ is Arithmetic mean of adjacsmntves
X is mass fraction.

In most industrial applications, sizing of the pae is usually done by using sieving,
which is also used in present study and going timfbeduced later on.

Particle density

The pp is defined as the mass of particles divided byasime, including all the open
and closed pores. For “non-porous” solids, gas pgieter and specific gravity bottle can
be used for density measurement. These devicegiwdla true or absolute densipygs.
This is inappropriate for “porous” solids becagpggsincludes fluid flow.

The pp is not easy to measure. As represented by Gdt@90), if the particle is open-
pore porosity, and x is known, thgecan be simply obtained fropags:

1

= - Eqg. 2.2
1/ Prgs + X (F6-2.2)

P

2.2 Characteristics of fluidized bed
2.2.1 Mechanisms of the fluidization

The fluidized bed will start expanding when the fasv is great enough to move the
solid particles apart. At a certain high velocitygas flow, a balance will be reached
between gravity of particles and pressure droheffiow through any sections of the bed,
all the particles keep suspended and still relbtivEhis situation is called minimum
fluidization. If the velocity of the input air kegpincreasing over the minimum
fluidization velocity, the instabilities will incese with bubbling, vigorous movement of
the solid particles and small expansion of the l@ebdubbling fluidized bed is formed
(http://en.wikipedia.org/wiki/Fluidization

2.2.2 Minimum fluidization velocity

Minimum fluidization velocity is the superficial gavelocity at minimum fluidization
conditions, it is an important index of the propestof particles. As described by D.
Gidaspow (1993), this velocity could be determimgdpirically by intersection of the
pressure drop versus the superficial velocity cageals the weight of the bed line. This
can be illustrated in Figure 2.2.
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Besides, according t§unii D. and Levenspiel O. (1991), for a bed oftjmdes resting on
a uniform distributor, the onset of fluidizationcoes when

drag force by _ weig.ht 0 (Eq. 2.3)
upward moving ga particle

Eq. 2.3 can be further rearranged to find out tiemum fluidization conditions that

ﬁ_pb:(l—gmf)(ps—pg)g (Eq 24)
mf gc

The frictional pressure drop through fixed bed eridth L containing a single size of
isotropic solids of screen sizglths been correlated by Ergun (1952) by the follgwin
equation

A -& ) - 2
P g, _150lt im) Moy 178~ 6m Palo (Eq. 2.5)
I‘m Em (wsd p) En wg p

By combining Eq. 2.4 and 2.5, a general quadrdtimiaimum fluidization velocity w:
is given for isotropic-shaped solids

1,75(dpumfng2+1so(1—smf )[d,,um,o gj: dp 0 P )9 (Eq. 2.6)

gr?wf (OA H 3 f’nf(ﬂi H H ?

In special case of very small particl&s}. 2.6 simplifies to



o ome v, =0 B0Q B o w0 o (Eq. 2.7)
mf mf ¥ gmf 150’“ 1_ gmf ’ f ,U

Wen and Yu (1966) have found an approximate reatio

1-¢. _
— = Alll

% Emi (Eq. 2.8)

Combine all the above equations, a commonly usécha&son for u, of very small
particles can be developed:

_ sz(ps_pf)g

= , Re . < 2( Eq. 2.9
mf 165&1 ‘mf ( q )

For very large particles,

d —
Uni = E Vg =P(2€i—5:f)g, Re_ > 100( (Eg. 2.10)
: f

The method mentioned above could be applied tonasti the w: of very small or large
particles, but for the particles falling in betwesice the Reynolds numbessbeyond
the limitation, Eq. 2.6 is more applicable here.

2.2.3 Pressure drop and bed expansion

Pressure drop

As described by Rhodes M.J. (1990), the pressune across the powder keeps constant

and can be represented with submerged weight dbededivided by the cross-sectional
area of the column.

Ap=(p, =P )L )H 9= peH O (Eqg. 2.11)

wherep,s is the bulk density of the gergigttled bec
H. is the height of the gently settled.bed

Sincepgy is much less thapy, then

Ap=M—Zg (Eq. 2.12)



where M, gis the submerged weight of the be
A is the cross-sectional ardédhe column

Bed expansion

Bed expansion can also be explained as a decréasd density with an increase of gas
flow rate. This phenomenon is mostly caused byhibld-up of the gas bubbles, which
the characteristics are governed by the amounthefdgas appearing as “visible” or
discrete bubbles, and the speed at which they Tise.“visible” volumetric flow rate of
bubbles can be expressed as:

Q=YU-U,A (E113)

where 0.8<Y<1, for group A powders;
0.6<Y<0.8, for group B powdger
0.25<Y<0.6, for group D powe

The expansion can be expressed in terms of thednaaf the bed occupied by bubbles:

H-Hy _ Q _Y(U-Uy)

- (Eq. 2.14)
H AUsg Us

&=

where,H is the average height of the bed at velatijt
H.. is bed height at velocity,,,

u g IS the average velocity of bubbles, ligualculated using bubble size at middlegm of bed

2.3 Characteristics of bubble size

Bubble size is one important factor that strondfeas behaviors of a fluidized bed of
particles, and also has a lot to do with otherperites of a fluidized bed. As indicated
by Kunii D. and Levenspiel O. (1991), basicallye thmiting bubble size is smaller in
fine particle system than in large particle system.

For Geldart B solids, there are several correlatibave been developed to estimate the
bubble growth in fluidized beds from experimentsntyain small-diameter beds but as
well as for large-diameter beds due to GOLFERS Z).98

For a bed of Geldart B solids supported by a popate distributor, Werther (1981) has
given an approach to calculate the bubble sizayheaight z, as expressed below:

d, =0.859  0.272(,-u, } (@ 0.0684% Eq( 2.15)

10



With an applicable range of operating conditions:
d, <20 cm d us 8

100< d, <350um 5 y -y,< 30cm

This expression shows that the bubble diametemwutheight z is dependent on the
distance z above, and on the amount by which tlsevgkocity exceeds the minimum
fluidization velocity (4-ums). Since the limitations on operating conditiorss tequation
will be used just roughly to make a comparison weitperimental results later.

2.4 Characteristics of bubble velocity

The situation of the gas passing through the bemhgly determines the bed behaviors.
Bubbles are the form in which most of the gas mags®ugh the bed, and they determine
the gas residence time in the bed, it is neceseaagy something on this parameter.

Many approaches have been announced by reseaesh@artoret al, Morookaet al.,
Werther. Based on analyzing the experimental ds¥erther (1986) reported the
following correlations which fit the experimentaitd well:

U, =1.6{(u, — Uy ) + 1.130°} ¢+ y, (Eq. 2.16)

This expression is applicable for Geldart B solidth the diameter of the bed=1 m.
The rise velocity of single bubbles,,us proposed by Davidson and Harrison (1963):

u, =0.711(d, ¥?, %< 0.12 (Eq. 2.17)

t

2.5 Other relevant properties

Except for those properties introduced above, theeealso some other properties which
might not be so related to but still have the iaflae on the behaviors of the fluidized bed.
Here some relatively relevant properties with thehdviors of fluidized bed will be
introduced.

AOR and bulk density

AOR and bulk densities are two significant paramsetequired here for estimating the
minimum bubbling velocity (W) and minimum fluidization velocity () to predict the
fluidization behavior of a powder. AOR is the abhation of “angle of repose” which is
a physical property of the powders; there are tymes of bulk density, aerated and
tapped bulk densitypg and pr). the bulk density can be measured by the “cakingd-
point” method demonstrated by Yeung (1995) and W@0§0).

11



There are two reasons to select these parametstly. the methods for determination of
these two parameters are simple, inexpensive, agdpible and no requires of the
tedious experiments; secondly, these two parametees measured when “flow”,

therefore they can reflect the flowability and dyna fluidization behaviors of a powder
better.

Here one new term needs to be introduced, the edj AOR, which is equal to
AOR/paor modified “weighted” AOR, which is AOR{. This property has a strong
relationship with @, and W This can be shown in the diagram below according
Anthony Chi-Ying Wong (2002).
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Figure 2.3: Diagram showing “weighted” AOR as fuastof u, and u,, by Anthony
Chi-Ying Wong (2002).

HR
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The Hausner ratio, which is referred as the ratiprdo pa, is a reasonable indicator as
well as AOR for a powder’s characteristics (Won@0@). Increase of HR represents a
bigger difference betweem andpa; when HR>1.4, the powder behaves more likely a
cohesive powder. The relationship between *weigh#®@R and HR is presented in
Figure 2.4. In an early study by Wong (2000), AORI &HR showed a rather sharp
increase when [dwas less than ~100 um. this finding also confirmedyeneral
understanding that the larger the AOR and HR, tbeenaohesive the powder-due to the
increasing inter-particle force as the particleesilecreases due to Seville, Willett and

Knight (2000).

45
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Figure 2.4: Relationship between “weighted” AOR &ifd, by Anthony Chi-Ying Wong

(2002).

According to Wong (2002), both the ratio of AOR bulk density (or modified
“weighted” AOR) and HR exhibited a strong exponantlecaying characteristics with

either ) Or Uy as Eq. 2.18:

y= A+ Be¥¢

13

(Eq. 2.18)



whereA=y offset;
B=amplitude;

C=decay consta

These values were summarized in Table 2.1.

Values of constant (Eq. {1}) and correlation coefficient of different plots

Plot Constants (Referring to Eq. (1)) Correlation Coefficient

AR vs Uy A 20,03
B 25,56 0.9467
c 520

A% s Uy A 18.07
B 18.60 0.9303
C 5.84

B8 vs Uy A 25.17
B 22,53 0.8866
{ 725

% vs. U A 20.66
B 28,51 0.9564
{ 491

% vs Uy A 12,59
B 20,90 0.9433
e 539

2R vs Uy A 25,90
B 2521 0.9089
C §.54

Table 2.1: Values of constant (Eqg. 2.18) and cati@h coefficient of different plots, by
Anthony Chi-Ying Wong (2002)

There is a sharp finding that it is better to use tweighted” AOR rather than the

modified “weighted” AOR to correlate with Or Unys.
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3. A review of measurement methods

To obtain accurate results from experiments, ivesy important to select a suitable
measurement method in terms of the purpose of entaie study. This chapter will give
a general idea on some advanced techniques thegadicularly intended for academic
investigations of basic fluidization phenomena withlab-scale or still under
development. Examples include sensor techniquesgiimg and photographic methods. A
general summary made by J. Werther (1999) togethiém some other relevant
researches provide lots of resources on this subjec

3.1 Probe Techniques

Due to some obvious merits, eg., simple designh hsggnal-to-noise ratios, low
disturbance, fiber optical probes are quite popuddtuidization research. An extensive
overview has been give by M. Louge (1996) on techhique. One example can be hold
to show the basic principle of the probe used indRer and Werther (1993). As shown
in Figure 3.1, the main principle is to use thénligmitted by a laser diode to measure
volume. This light is produced and then guided ty dptical-fiber from the diode to a
fiber-optical beam splitter, then to the sensoreirfibThis same light is scattered at
particles, and then received and transformed backe same fiber to the photo diode to
produce images.

laser diode fibre-optical
SIF;P 50pm dia. beam spittter

ZN\ [B
photo %\WH

diode 600um dia.
:

400um dia.

Figure 3.1: Measuring principle of a single-fibgtical probe, D. Rensner et al. (1993).

There still are some difficulties in the practiegdplication of probe techniques. One is,
for the measurement of solids volume concentratinribe fluidized bed, optical probes

have to be calibrated due to a fact that it istpreard to distinguish homogeneous gas-
solid suspensions over a wide range of solids curagons. Some solutions have been
provided against this problem. Hartge et al. (1988)eloped the shape of the calibration
curve by immersing the probe into water-fluidizestlb and fixed it by dipping it into a

gas-solids system. This calibration is argued Ischer and Louge (1992) with another
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calibration via a comparison with a capacitancebprdVore details about solutions are
provided by E. U. Hartge et al. (1986), Y. Tun@kt(1988) and W. Zhang et al. (1991).

Another difficulty with the optical fiber probe iBmited extent of the measurement
volume interrelated to the penetration of lighbithe suspension. Attempts are made to
supply solutions on this problem. A converging agement of separate emission and
detection fibers are used by Reh and Li (1991) aatlyp avoid this concentration-
dependent variation of measurement volume. Tant8B4) used a small lens to
approach the limitation in order to optimize theasierement volume. This principle, as
shown in Figure 3.2, is the basis of measuremestesy which is presently applied in
process industries according to MSE Meili (1996).

optical |ens illuminating focussing
fibers case beam lens

e, __particle

tip’ of reflected  adjustable
1 m

optical beam 1cisuremerﬁ
probe range volume

Figure 3.2: Optical probe with limited measuremasiime, H. Tanner et al. (1994).

The advent of fiber-optical Laser Doppler AnemoméditDA) system comes over the
problem caused solids volume concentrations whrehganerally too high to permit a
visual observation inside the bed. Figure 3.3 sheueh an LDA probe which is firstly
used by J. Werther et al. (1996). This probe cam$talled inside fluidized bed, the laser
light is guided through optical fibers to the fomome’s head. The measurement volume
is established at the cross-point of two laser [sed®mm in front of the 22 mm diameter
probe.
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Figure 3.3: LDA probe holder with DANTEC FibreFlgevobe (dimensions in mm). J.
Werther et al. (1996).

3.2 Non-invasive measurement techniques

Due to the merit that it does not interfere witke tow inside the bed, non-invasive
measurement techniques are desirable in wide rafges technique determines

properties of the gas-solid flow by means of arrument located outside the fluidized
bed. A big challenge for this technique is big dasiens of reactors in industrial

applications. Due to this limitation, applicatiooisthis technique are presently restricted
into academic investigations of fluidized beds wiiameters between 5 and 50 cm in
most cases.

Computer Assisted Tomography (CAT)

Recently, tomographic methods are a strong poirgravisignificant progress has been
made. As demonstrated by Beck et al. (1993), Hdfobb al. (1995), Kantzas and

Kalogerakis (1996), the X-ray Computer Assisted dgmaphy (CAT) is used in their

studies on fluidization properties. The CAT scanmera commercially available

instrument for medical use. It permits a resoluttdd00 um by 400 um in cross-section,
the thickness of each imaged slice of the columngo8 mm. The time required for a
single scan is 3 s. The processing of the datarejanother 40 s.

Capacitance tomography

The capacitance tomography is an alternative opfibis technique reconstructs the two-
dimensional distribution of the effective dielectriconstant from capacitance

measurements between pairs of electrodes. It cachrmatically represented in Figure
3.4 which is developed by Huang et al. (1989, 1992 main components include an
eight-electrode capacitance sensor, a data callesiystem and an image reconstruction
computer. Eight metal plates are mounted from #mesaer on the outer surface of the
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insulating pipe section. The capacitance between tao of the eight electrodes is
measured by the data collection system. Then thessuned values are processed in the
computer together with the amplitude of which dejseon the dielectric distribution in
the tube. This method can reconstruct the crodsesat image of the component
distribution by using a linear back-projection aitfam.

electrodes measured data

data image
collection | |reconstrution
system computer

[

control signals

.. insulating pipe
— fluidized bed column

Figure 3.4: Capacitance flow imaging system, Huetrgj. (1989).

Figure 3.5 shows a measurement system developtek aiS Department of Energy’s
Morgantown Energy Technology Center (1993). Thistay involves four rings of 32

electrodes of 25 mm height which are arranged encttcumference of a 150 mm ID
cyclindrical fluidized bed. Guard electrodes anemled to minimize the effects of stray
capacitance and extend 150 mm above and belovettsasarrangement.
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Figure 3.5: Capacitance sensor arrangement uskidloy et al. (1993).
Particle tracking methods

In recent years, particle tracking methods are ntm@monly applied to investigate
some more detailed information on properties offthielized bed, eg., solid flow, large-
scale circulation patterns and the residence tirhea article. Positron Emission
Tomography is typical one used by Seville et aQ98). The idea of this method is
normally applied in the field of medicine. It is dieally performed to characterize
imaging by means of radiolabelled metabolic fluithe working principle is constructed
on the basis of two collinegrray, which is produced from an annihilation of théial
energy of positrons emitted by a radionuclide. En®g collinear are able to be detected
in large-area position-sensitive detectors, the bm which the positron emitter lies is
therefore determinable.

3.3 Imaging techniques

There are some commonly considered methods usekéoimages through a fluidized
bed. To obtain images with better quality, theipbrtimage velocimetry, proposed by R.
C. Chen et al. (1992), Z. Zheng et al. (1992) and. &. Rix (1996), is normally a good
choice which is based on a double or multi-expopti@ography and functions based on
the track of specially marked tracer particles.rhet al. (1992), Wirth and Seiter (1991)
have performed relevant experiments by using tiathod. According their results, some
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important properties, eg., particle velocity and tksidence time of particles, could be
determined.

Figure 3.6 shows the set up used by Li et al. (L9Ptis kind of intrusive optical probes
can provide a microscopic view of local phenomensidie the fluidized bed. It is
basically constituted by a set of lenses and a-fipgic flashlight-transmitter.

lenses light in gas-solids flow
lens-barrel \\‘
i /
lmage = \\\\x\\r\\\x}m:;;:::
out \“-\\\\L.:-._\\.\.uk*ur\\x\v.\\\_x_\ ‘.‘
optic fi f ber flashlight : "
: transmitter
protecting
gas in

Figure 3.6: Optic fiber micrograph probe, Li et@l991).

On the other hand, the X-ray imaging is a powetdal to obtain a broad view of the
fluidized bed. Figure 3.7 illustrates details oistimethod described by Gamblin et al.
(1993). A pulsed beam is produced from a rotatimgde, and passes through a shuttering
device synchronized with a video camera. The shogelevice allows one X-ray pulse
through the fluidized bed each operating periode Pnoduced image on the image
intensifier is recorded on the video tape. The amtvithin the bed is therefore seized,
then the instant-in-time representation of thermdé structure of the rapidly changing
system is given.

mobile gantry

S I a—
] HT
[ generator
CCD video
camera ﬂ'
J X-ray
L image m sSOource
enhan:gment indensihery o irad
LI
and analysis bed
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Figure 3.7: X-ray imaging principle, Gamblin et @993).

This method is early pioneered by Rowe et al. (1@t focused on the phenomena of
bubble formation, including bubble velocity, sizedashape. However, the main

drawback of the X-ray imaging method is that thetyre is necessarily silhouetted and
hard to distinguish bubbles behind or partly behatigers. Therefore, there are always
limitations on the thickness and fluidization vetgof the bed.

Recently, attempts on laser sheet light have besersince it can provide a well-defined
visualization of flow phenomena inside a fluidizéed. Figure 3.8 illustrates the
arrangement used by Horio and Kuroki (1994). THaser sheets intersecting at right
angles need to be applied in addition to see thierpa in vertical and horizontal planes.

SR
/" L? b 3
glass rod lens .~ “~. video camera
- 3
L ury
.::- = [~ JL \:-\.'
e : = b
o ,’f(; '“'“'n:_—;—_'ﬂ———‘i—’.__—j"-f’ | N
’,:’:}_ . et |
" He-Ne laser T N
3 video system

gas flow ™

Figure 3.8: Flow visualization by laser sheet, ld@nd Kuroki (1994).

Kuroki and Horio (1993) also provide a modified sptin order to come over the main

resistance to the penetration of the light dueht fresence of the dense wall zone in
fluidized bed. As shown in Figure 3.9, a hood wpthstic transparent cover is used to
guide the laser sheet into the riser. A CCD canmeratroduced into the bed with a

transparent cover in front.
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Figure 3.9: ‘Internal imaging’ set-up, Kuroki anaitib (1993).
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4. Experimental study

A fluidized bed is purposely designed and built fesearching the bubble behavior in
two-dimension with a uniform porous air distributperimentally. The formations and
velocities of bubbles with both different flow catidns and particle characteristics are
going to be investigated in this study.

4.1 Measurement of particle size distribution

Three groups of particles are measured with ramgézes 100~200 um (small particle),
400~600 pm (medium particle) and 750~1000 pum (lgrgeicle) respectively. The

particle size distributions for three powders areagured and listed in Appendix B in
detail. In this study, the method “machine sievirggid the device, Retsch AS 200
vibrator, were used together with 5 sieves of ddifeé sizes for each group in order to
separate particles with different diameters. Tlagdims below show the results:

Particle range 100 - 200 pm

iﬂ N
m [ |\
m [ A

Weight fraction (%)

50 100 14l 200 250 300 320

Particle size {pm)

Figure 4.1: Particle size distribution for smaltpaes (100~200 pm).
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Figure 4.2: Particle size distribution for mediuarticles (400~600 pum).
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Figure 4.3: Particle size distribution for largetpdes (750~1000 pm).
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In this study, the Arithmetic mean (Rhodes M.J.)ngsoduced here. It is difficult to
verify exactly which sizes are dominant in eachug) the mean values are therefore
calculated here to roughly represent the groupsis€guently the mean particle size
could be figured out for each group of particlesoading to Figure 4.1~4.3:

Range of particles 100~200( 400~600( 750~1000
(Lm)

Mean particle size 153 484 960
(Lm)

Table 4.1: Mean particle sizes for each range dighas used in experiments.

According to Geldart's classification (1986), foarficles with density 2485 kgfinthe
Geldart group B ranges from around 120 to 930 poworaing to this, the whole range of
particle size for the medium particle is within Gait group B, parts of the particle size
for small and large particle are over group B.

Indeed, most instruments and methods of partite sinalysis give the cumulative
distribution directly due to its convenience totplbigure 4.4, 4.5, and 4.6 show the
cumulative distribution for powders with size raage00~200 pum, 400~600 um and
750~1000 pm respectively below:

120.00 -

100.00 ——
80.00 _ /

60.00 _ /

40.00 /

20.00 /

0.00 /—/

0 50 100 150 200 250 300 350

Nominal size (um)

Cumulative distribution (%)

Figure 4.4: Cumulative particle size distributiam $mall particles
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4.2 Experimental set-up

The fluidized bed is made of Lexan glass platehwlitmensions of 0.8 m (height) x 0.2
m (width) x 0.025 m (depth), which can be consideae a two-dimensional reactor. The
whole experimental set-up is shown in Figure 4.7.

N
==

Figure 4.7: Experimental set-up

Glass particles with three different mean partsikes are used here. Those particles have
the sizes ranged from 100~200 pum (small partiel®)~600 pm (medium particle) to
750~1000 um (large particle) respectively, withilmparticle densities approximately
equal to 2485 kg/fh The structure of the fluidized bed is transparéehaviors inside
the bed could be therefore recorded without ank-igbts by a video camera (Canon
DC50). The digital visual acquisitions are obtaim¢d frequency of 30 Hz. A gas valve
is applied here to control the gas flow, and a floeter is used to show the gas flow rate.

Eq. 2.9 and 2.10 introduced in chapter 2 can bdiegppgo estimate the minimum
fluidization velocities for each group of particl&y checking the Reynolds numberg; u
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for small and medium particles, which a@e0192 and 0.192 m/s respectivebre
confirmed to be reasonable becauseRbgnolds numberare within the required region
But for the large particle, the value produced freon 2.10 can not be used since the
Reynoldsnumbersis out of the required region. Hence, the genetpl Z6 needs to be
applied for this powder.

Here, all the glass particles applied in this expent could be roughly recognized as
spherical shape, according to D. Gidaspow (1994):

1=0.000018 pal sp -

The volume fraction at minimum fluidization conaditis, ey, can be determined by a
given equation summarized in D. Gidaspow'’s stu®p4):

g . =1- Vp =1- mp/pp :1_10m,bu|k

mf
Vm,bulk mp/ pm bulk 10 p

(Eq. 4.1)

Here, Vi buk @nd pm puk are the volume and density of particles within thed
respectively at minimum fluidization. \VpukCan be recognized as a combination gfiV
and bed expansion due to the fluidization.¥/and ppux are measured by weighting a
certain volume of particles. The results are atetuded in tables below.

Design

Height 80 cm Width 20 cm
Depth 2.5cm Distributor area 20x 2.5¢m
Particles (Spherical glass)

100~200 pm (small)

Mean particle size (um)152 Solid density (kg/f) | 2485

Air velocity (m/s) 0.13~0.21 Bulk density (kgfin| 1530

Ums (M/s, theoretical) 0.019 Bed height (cm) 28, 35
Emf 0.416, 0.433 Bed expansion (cm)| 1.5,3
%) 1

400~600 um (medium

Mean particle size (um)496 Solid density (kg/f) | 2485

Air velocity (m/s) 0.22~0.31 Bulk density (kgfin| 1600

Ums (M/s, theoretical) 0.20 Bed height (cm) 28, 35
Emf 0.378, 0.374 Bed expansion (cm)| 1,1

%] 1

750~1000 um (large)

Mean particle size (um)933 Solid density (kg/f | 2485

Air velocity (m/s) 0.38~0.45 Bulk density (kgfin| 1630

Ums (M/s, theoretical) 0.71 Bed height (cm) 28, 35
Emf 0.388, 0.38 | Bed expansion (cm) 2,2
%) 1
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Table 4.2: Experimental set-up and parameters

Furthermore, some mixtures are made up by usimgjezkiparticles with different ratios
and components are also tested here with the satap. SThe mean diameters of those
mixtures are referred to one of the three groupganficles tested earlier, so as to study
the bed behaviors under the conditions of same rdeamneters but diverse components.
The details are listed in Table 4.4:

Mixture 1: 41% large particle, 59% small particle

Mean particle size (um) 484 Bed expansion (cm) 2
Air velocity (m/s) 0.134 Solid density (kgfn 2485
Bed height (cm) 28

Mixture 2: 29% small particle, 50% medium particle, 21% large particle
Mean particle size (um) 488 Bed expansion (cm) 2
Air velocity (m/s) 0.1~0.23 Solid density (kg/n 2485
Bed height (cm) 28

Mixture 3: 43% small particle, 25% medium particle, 32% large particle
Mean particle size (um) 488 Bed expansion (cm) 2
Air velocity (m/s) 0.12~0.25 | Solid density (kgim 2485
Bed height (cm) 28

Table 4.3: Detailed parameters of experimentsgiirtg mixers

Due to the potential of imperfectly mixing of thextures, the bulk densities for mixtures
are not measured. But it is expected that the rahbelk densities of mixtures are higher
than large powder and lower than small powder, ¢lese to medium powder.

4.3 Procedure

The experiments are carried out in a big lab. Friekrily, the setup needs to be tested to
ensure the air can go upwards through the distbrbuniformly. Besides, it is also
important to check the flow meter as a purpose @iing sure the number of air flow can
display correctly. So as to get the good qualitytref videos, some parameters of the
video camera are essential to set in a right wdgréestarting the experiments as well,
such as the shooting distance, angle, brightness.

For each group of particles, experiments are caeduwith increasing air flows and two
bed heights. At first, the air flow is adjustedreach the minimum fluidization, which
means the bed is just at the critical point whére bubble would show up by just
increasing the air flow very slightly. The air flomte at this point is recorded as the
experimental minimum fluidization velocity of thigarticle. Afterwards, the air flow
would be raised stepwise to get different bed sfated meanwhile, the videos are taken

29



with a length 20~25 s for each state. For the medu particles are pre-mixed and
introduced into setup, and further pre-mixed inlted with violent air flow again.
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5. Results and analysis

Some experiments are selected for detailed andhpsiseach group of different powders,
different bed heights and different flow conditioowing to the good quality of videos.

The movie sequences are extracted to show the dbleblaviors within the fluidized bed.

The two important indexes, bubble velocity and Beldize are the main focus of the
analysis. Besides, the comparisons of experimeatal computational results are
presented in this chapter as well.

5.1 Minimum fluidization velocity

From experiments, the minimum fluidization velociy,;) could be determined by
adjusting the gas valve to make the bed reach thenum fluidization. The gas flow
rate shown on the flow-meter can be approximatetpgnized as theuof this powder.
The experimental values are compared with the@iletialues calculated from Eq. 2.6
and 2.9. The experimental values are 0.13, 0.2&7%, BV/s in 28 cm bed height and 0.14,
0.24, 0.37 m/s in 35 cm bed height. The theoretrales are 0.0192, 0.192 for small,
medium powder from Eqg. 2.9 and 0.482 m/s for lgygdicle from Eq. 2.6. The results
are shown in Figure 5.1.
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Figure 5.1: Comparison of thgafrom experiments and theories for three particles.
According to Figure 5.1, Mis to rise with the increase of the particle sidee values for

small and large particles show large discrepanicees theoretical values. Thenufor
medium particle agrees well with the theoreticdugaThe reason could probably be that
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medium particle is more close to a typical groupdsticle, for which the equations are
more applicable.

5.2 Small, medium and large patrticles

Three kinds of particles with different particlezeidistribution are used as operating
particles. Based on visible experimental data, lukhape, bubble velocity and bubble
size are investigated in this section.

5.2.1 Movie sequences
Three experiments of different particles are sek¢ypically for detailed analysis. From

movie sequences below, it can be seen that theléribbve different behaviors on size
and shape in different beds of particles due to th&insic properties.

e T e e

0.07 s 0.17 s 0.27 s 0.47 s 0.57 s - 0.67 s

Figure 5.2: Movie sequence of the bed of smallided. The bed height is 35 cm, the
superficial gas velocity is 0.15 m/s.

It can be seen in Figure 5.2, the bubble size Aagesdo not change too much during its

movement. The bubble is small and kept elliptittaiakes around 0.6 s for the bubble to
move from the position where it is first clearlysalbved to top of the bed.
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0.03s 0.1s 0.17S 0.23s 0.3s 0.37 s

Figure 5.3: Movie sequence of the bed of mediunigles. The bed height is 35 cm, the
superficial gas velocity is 0.26 m/s.

As shown in Figure 5.3, the bubble is observedchatsimilar position to the bubble in
small particle bed. It changes significantly oresénd shape. It grows from a very small
one into a big one, which is turbulent and tentireak up as it reaches the top. The time
taken from the first position to the top is lesarththe one in small particle bed, which is
around 0.34 s.

0.23 s 037s 0.43 s U538 068 067s

Figure 5.4: Movie sequence of the bed of largeigiagt The bed height is 35 cm, the
superficial gas velocity is 0.42 m/s.

The bubble shown in Figure 5.4 has a similar teogdn the one in Figure 5.3. The
bubble appears more clearly. It shows a tendencgptid during its movement. The
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bubble size also increases significantly when grapches the top of the bed. Compared
to small and medium particle beds, the intervalvken two bubbles is shorter. The time
taken from the first position to the top is arouhd4 s.

As being observed, the bubble in small particle lseduch smaller than the ones in
medium and large particle beds. When the bubblpsoaph the top, the ones in medium
and large particle bed are clearly revealed with biehavior of breaking-up, which
doesn’t appear in small particle bed.

5.2.2 Bubble velocity

Based on the experimental videos, some propertiasbe analyzed in detail, such as
bubble velocity, bubble size. Figure 5.5 to 5.7 vgho common tendency on bubble
velocity that it is in direct proportion of bothettrising time (or the distance above the
distributor, z), and the superficial gas velocity.

Many experiments are performed. The experimentios are recorded and analyzed in
order to investigate the bed behavior at differesriditions. The bubble velocities are
calculated manually by playing the experimentaleaisl in Photron FASTCAM Viewer
2.4. The frame rate is 1/30. Since the experimeatdtd distributes dispersedly, the trend
line is used in Figure 5.5 to 5.7 to representntiaén tendency of experimental data.

100.00

80.00

60.00 -

Y —uo=0.15m/s
uo=0.21m/'s

40.00

v (cm/s)

0.00 0.20 0.40 0.60 0.80
t(s)

Figure 5.5: Change of bubble velocities with time $mall particles. Bed height is 35 cm,
Uo=0.15 and 0.21 m/s.
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In Figure 5.5, the change in the superficial veipas is 0.06 m/s. The bubble velocity at
U,=0.15 m/s increases from 26 cm/s to 60 cm/s, wherohe at §=0.21 m/s rises from
27 cm/s to 82 cm/s.

100.00

80.00

60.00

——u0=0.26 m/s

vi{cm/s)

——u0=0.28 m/s

0.00 T T T T
0.00 0.10 0.20 0.30 0.40 0.50

t(s)

Figure 5.6: Change of bubble velocities with time hedium particles. Bed height is 35
cm, b=0.26 and 0.28 m/s.

In Figure 5.6, the change in the superficial veloai, 0.02 m/s, is less than that in Figure

5.5. The bubble velocity at#0.26 m/s starts from 35 cm/s to 68 cm/s, the tng=8.28
m/s is from 35 cm/s to 82 cm/s.
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Figure 5.7: Change of bubble velocities with timoelarge particles. Bed height is 35 cm,
U,=0.4 and 0.42 m/s.

For large particle in Figure 5.7, the bubble vdlpeit 1,=0.4 m/s increases from 23 cm/s
to 48 cm/s, the one att0.42 m/s is from 38 cm/s to 55 cm/s.

As apparently shown in Figure 5.5, 5.6 and 5.7, lthbble velocities appear sharp
deviations at varied gas superficial velocities.e Tmaximum of this deviation is
correlated with the difference of used superficelocities. Due to Figure 5.5 and 5.6,
this deviation increases significantly with the dieiin the bed. The deviation between
bubble velocities for superficial velocity 0.15 ad@®1 increases with the bed height and
reaches the maximum at the top of the bed, whieltaand 20 cm/s. The same tendency
can be observed in Figure 5.6. The reasons makabdlte bubble is accelerated during
its movement by the input fluid. In Figure 5.7 stidieviation is kept almost constant.

The average bubble velocity is one output fromahalysis on the experimental videos.
The average velocity is calculated by using theglitefrom where the bubble is firstly

observed to the top of the bed, divided by the tomesumed during the movement. This
calculation is made for three powders apart. Figou& reveals variation of average
bubble velocity with increasing superficial gasogly at 28 cm bed height.
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Figure 5.8: Change of average bubble velocity veitiperficial gas velocity for three
powders. Bed height is 28 cm.

In Figure 5.8, the average velocities for three gens tend to increase with the
increasing superficial gas velocity within their mwanges. It can be observed that
average bubble velocities for three particles gpraimately concentrated within a
range, from 25 to 50 cm/s, even though the supalfielocities vary dramatically. Those
three trend lines are approximately parallel, whidans the accelerations are almost the
same. The large particle has a lowest limitatiorawdérage velocity 20 cm/s, the small
particle reaches the maximum average velocity aetirad 50 cm/s. It can therefore be
preliminarily concluded that the bubble velocityasfunction of height in the bed and
superficial velocity.

5.2.3 Bubble size
The bubble size and shape also change with thendistabove the distributor. Figure 5.9,
5.10 and 5.11 show the experimental and theordtigiable sizes. The theoretical bubble

size is calculated from Eq. 2.15. The experimealscsed for analysis are in accordance
with the ones in analysis of the velocity.
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Figure 5.9: Change of bubble size with distancevalibe distributor for small particle.
Bed height is 35 cm,,&0.15 and 0.21 m/s.

From Figure 5.9, it seems the variation of the gipal velocity has a strong effect on
the bubble size. Atg0.15 m/s, the experimental bubble pierced lengnges from 0.8
cm to 4 cm. which fits calculated values well. AE0.21 m/s, the range of the bubble
size is from 2.9 to 5.9 cm in experiments, andpbiats are getting too dispersive to suit
the theory.
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Figure 5.10: Change of bubble size with distancevabthe distributor for medium
particle. Bed height is 35 cmgx0.26 and 0.28 m/s.

Figure 10 shows the bubble size is a function eflied height for medium particles. It is
observed that the bubble size increases faster twéhincreasing superficial velocity.
Bubble sizes range from 1.2 to 6.1 cm fge@26 m/s, and from 1.6 to 6 cm foy=0.28
m/s. This may be due to the small difference ofdhperficial velocities, 0.02 m/s. The
experimental data fits the theory very well at lliomthe bed, and deviates from each other
with the increasing height in the bed. But thelf kave similar trend.
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Figure 5.11: Change of bubble size with distancavalihe distributor for large patrticle.
Bed height is 35 cm,,&0.40 and 0.42 m/s.

Figure 11 shows the bubble size is a function eflibd height for large particles. The
situation in Figure 5.11 is similar to that in Figlb.10. When ¢0.42 m/s, experimental

values are always beyond theoretical ones, andeotrate mostly within 4 to 5.5 cm.

The range is from 2 to 7.8 cm. Experimental valw#h u,=0.40 m/s are more consistent
with the theory, and rise from 0.8 to 7.5 cm.

The results with small and medium particles repregeod consistency with theory. The
measured bubble sizes from the experiment withelapgrticles show significant
discrepancy from the calculated bubble size as shHowFigure 5.11. The reason may be
that the operating conditions significantly excdeditations within which the Eq. 2.15
can be applicable. But still, it also shows a samiendency of theoretical result for large
particle bed. From all three figures above, it barfound that bubble size is proportional
of the distance above the distributor, z, and affected by the variation of the
superficial velocity.
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5.3 Experimental and computational study on mixture of particles

As a contribution to computational study of bubglifiuidized bed, experiments with
mixtures of different powders are performed. Itvisry important to investigate the
behavior of mixtures with different size distribarti but same mean particle size,
especially for the simulation. The size distribatiof powders must be taken into
consideration seriously when a simulation modebisstructed for the fluidized bed. The
incorrect selection of particle size may give risea completely deviated output, and
further lead to a total uselessness of the whaoheilsition.

The details about the mixtures are presented ipteha. The three different mixtures
used, have the same mean particle size, 484 urtheamedium powder. Mixture 1
consists of 41% large particle, 59% small partiaxture 2 is made up by 29% small
particle, 50% medium particle, 21% large partiohesture 3 is constituted by 43% small
particle, 25% medium patrticle, 32% large partidtecan be therefore expected that the
segregation may occur in beds of mixtures.

From Figure 5.12, 5.13 and 5.14, it is easily dbahthe mixtures behave in a significant
different way than the medium particle does, eveught they have same mean particle
size.

- W OE W
Do o e --p -

Os .033 0.07 s 0.10 s 0.13 s 0.17 s

Figure 5.12: Movie sequence of the bed of mixturelTie bed height is 28 cm, the
superficial gas velocity is 0.134 m/s.

It can be seen in Figure 5.12 that a sharp segoegslhows up at the upper part around

the middle of the bed. There is not clear bubbleseored, instead, turbulence occurs in
the upper part.
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” . .033 | 0.073 . .1 s 0.133 .2s
Figure 5.13: Movie sequence of the bed of mixturelRe bed height is 28 cm, the

superficial gas velocity is 0.134 m/s.

In Figure 5.13, some channels occur at the lowdrgdahe bed, bubbles with small size
rise from these channels to the top.

Os 0.03s 0.1s 0.13 s 0.17 s 02s

Figure 5.14: Movie sequence of the bed of mixturel8e bed height is 28 cm, The
superficial gas velocity is 0.134 m/s.

The channels in Figure 5.14 are at the similar twsi but longer than the ones in
mixture 2. Larger bubbles appear in the bed ofthaure 3.

From the figures above, very sharp segregationmdicles can be observed in all three
beds. Besides, there appear channels apparerbtlg atiddle regions between larger and
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smaller particles. Bubbles show up in upper regwstly through channels from the
bottom of beds. There are not bubbles at the Idayars and rarely at the layer between.
It is supposed to be that the small, medium angklgarticles are taking the dominance
of particle mixtures at upper, middle and lowerelayand decide the bubble behaviors
mainly.

Even though the three mixtures have the same meanand behave in close way as
described above, they still have some discrepamgidstails, for example, the shape of

channels, the thickness of layers and the bublilaewbers. It seems the behaviors of beds
have strong correlation with the composition oftigés, not only the mean patrticle size.

Several simulations with same particles and opgggiarameters are performed by D. G.
A. S. U. Ariyarathna at Telemark University Colledéorway, and made comparisons to
testify with the experimental results of the mietd and 2.

5. 230e-01
5.99a-01
S5 ETe-01
5. 35e-01
5.042-01
4. 7 2e-01
4.41e-01
4.1 0e-01
a.78e-01
3.47e-01
31 5e-01
2. 83e-01
2.52e-01
2. 20e-01
1.892-01
1.57e-01
1. 26e-01
9. a45e-02
E.30e-02
2152-02
O.00e+00

gas phase medium particle large particle
Figure 5.15: Comparison of the experimental andmgational results for mixture 1.

According to Figure 5.15, the gas fraction is se®inly at the upper layer of the bed,
bubbles therefore occur mostly there, the distitloubf bubbles are uniform in that part.
Small particles are also kept at the top more oftghen large particles take the
predominance at the bottom of the bed.
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gas phase Ibpmticle medium particle large particle
Figure 5.16: Comparison of the experimental andmgational results for mixture 2.

The contours of gas fraction in Figure 5.16 shasigaificantly concentrated distribution

of bubbles mainly at upper part of the bed. Evengls segment of the gas fractions is
sharp and separate, which may lead to obvious bulwblthe bed. Small and large
particles have similar behaviors as analyzed foxtume 1 in Figure 5.15. The only

deviation is that their dispersions are more uniféhan in mixture 1. Medium particles
have uniform distribution. They mostly centralize tae middle region of the bed.

Meanwhile, a few of them disperse at the upper lameér portion of bed which are

mixed with small and large particles respectively.

By checking Figure 5.15 and 5.16, it can be foumat the bed behaviors revealed in
simulations fit the experimental data well. Theatdbehaviors can be summarized as:
sharp segregations occur in beds of mixtures;ibligions of particles are divided into
three layers; large particles normally stay at bloétom of the bed, while small and
medium particles disperse to upper and middle regrespectively; in each region, the
bed consists of three particles together, but drleemn predominates in volume fraction.
From both the experiments and simulations, it canréalized that the behavior of
medium particle bed is neither like mixture 1 ndxtore 2, even though they have the
same mean particle size. The size distributionddscthe main behavior of beds in some
degree.

5.4 Coalescence and Splitting

According to Kunii and Levenspiel (1991), the ceaknce and splitting can be explained
generally as interaction of adjacent bubbles. Tbasequence of coalescence and
splitting is that the maximum bubble size may ocruthe bed. This phenomenon is
emerged in experiments and simply shown in Figut& &nd 5.18.
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Figure 5.17: Movie sequence of bubble coalescdaoge powder).

Figure 5.17 shows a coalescence of two verticalblasb This kind of coalescence
frequently occurs in lower portion of beds suppbriy perforated plate distributors as
described in Kunii and Levenspiel’s study.

Figure 5.18: Movie sequence of bubble splittingrdé powder).

Figure 5.18 shows that an obvious fission is firetveloped downward at the roof of the
bubble, and then grows rapidly to cause the butabplit vertically, which fits what are
observed by Rowe (1971) well.
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6. Conclusions

The performance of bubbling fluidized bed depenusngly on the bubble behavior.
There are many factors that may influence how leslilehave in the bed, such as
particle properties, design of the bubbling beowflconditions. A 2-D fluidized bed with
dimension 0.8 m (height) x 0.2 m (width) x 0.025 (depth) is constructed. The
experiments are run with varied powders and flonwdttions. Three powders, with range
from less than 63 um to more than 1000 um, are asedorking powders, mixtures
consisted of different composition of three powdaes also tested, which have the same
mean diameter as medium particle. The applied flaes range from 0.13 to 0.45 m/s.
The visible experimental data are analyzed and eoegpwith computational results
performed by G. A. S. U. Ariyarathna at Telemarkivénsity College, 2008. The
analysis mostly focus on minimum fluidization vatgcbubble velocity, bubble size, and
use the experimental visible data to testify ws#imulation pictures in order to
investigate the effects of particle size distribation bubble behaviors of bubbling
fluidized bed. Based on the analysis, some impbdanclusions could be made.

The minimum fluidization velocity () is to rise with the increase of the particle size
Those values of small and large particles showifgignt difference from theoretical
values, the value of medium particle agrees weth the theoretical value. The reason
can probably be that medium particle is more clwsa typical group B particle, for
which the theories are more applicable. Three éxmarts of different particles are
selected typically for detailed analysis. In mowWequences extracted from visual
experimental data, it can be obviously seen thhblas have different behaviors on size
and shape in different beds of particles due to th&insic properties, even thought the
operating conditions are similar.

A common tendency is revealed on bubble veloci#y thchanges with different distance
above the distributor and the superficial velositi@he bubble velocities also appear
sharp deviation at varied gas superficial velosjtihich can reach maximum 20 cm/s
within testing range. Furthermore, this deviatices fran increasing tendency with the
increase of gas superficial velocity. It can be aeded that the bubble velocity is a
function of the height in the bed and the supafigelocity.

The bubble shape also changes with time, or marerately, with the distance above the
distributor, since it can be represented as a ifmaif time. Bubble size is proportional
of the distance above the distributor, z, as well.

The mixtures behave in a significant different vihgn the medium particle does, even
thought they have same mean patrticle size. The gtmtpnal studies show the parallel
results. Very sharp segregations of particles @sden in all three beds. Besides, there
appear channels apparently at the middle regiohselea larger and smaller particles.
The bed behaviors revealed in simulations fit tkpeeimental videos well. The total
behaviors can be summarized as: Sharp segregaimms in beds of the mixtures.
Distributions of particles are divided into thregérs generally. Large particles normally
stay at the bottom of the bed, while small and onedparticles disperse to upper and
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middle regions respectively. In each region, the lee consisted of three particles
together, but one of them predominates in voluneetion. As concluded above,
behaviors of beds have a strong correlation wighsike distribution of particles, not only

the mean particle size.
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Nomenclature

A cross-sectional area of the columrf[m

A y offset

AOR angle of repose [-]

B amplitude

C decay constant [-]

dp diameter of bubble [m]

di Arithmetic mean of adjacent sieves [-]

dy mean particle size [um]

d; diameter of the bed [m]

g acceleration of gravity, =9.8 m/s

H average bed height at velocity U [m]

Hume bed height at velocity &} [m]

HR Hausner ratio [-]

Hs height of the gently settled bed [m]

Mzgg submerged weight of the bed [-]

Ds, Ps gas/particle drag coefficient [kg/ns]

Qs volumetric flow rate of bubbles [ffh]

Re Reynolds number [-]

Ug average bubble velocity [m/s]

Up bubble velocity [cm/s]

Upr rise velocity of single bubbles [m/s]

Umb minimum bubbling velocity [m/s]

Umf, U minimum fluidization velocity [m/s]

Uo superficial velocity [m/s]

Vbulk volume of particles within the bed fin

Vm. bulk volume of particles within the bed at minimum fliziation [n]
Xi mass fraction [-]

z distance above the distributor [cm]

Emf volume fraction at minimum fluidization [-]
PA aerated bulk density [kgfh

PABS true or absolute density [kg#in

PBS bulk density of the gently settled bed [kd]m
Poui bulk density of particles within the bed [kg?jn
Pgs Pf density of fluids [kg/r]

Pm, bulk bulk density of particles within the bed at miniméimidization [kg/n]
Ps density of solids [kg/r}

pT tapped bulk density [kg/fh

K shear viscosity [kg/m-s]
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Appendix

A. Detailed properties for groups of particles

CGrroup c A B o
(Increasing size and
den=ityh
Mbet obviousz Cohezive, Eubble-free range of Starts Coarsze
characteristic difficult te | fluidi=ation bubbling at zolids
fluidize Ul
Typical solids! Flour, Cracking catalwst Building sand. | Crushed
property cement table =alt limestone,
coffza beans
I. Bad expansion Low when | High Mipdermate Lows
bed
channels,
catt be high
when
fluidized
2. Deaeration rate Tritialls Slow, inear Fast Fast
fast
exponential
3. Bubble properties Mo Spliting/ recoalescen  IMNo limit en Mo known
bubbles. e pradomina te; Hme upper size;
Channels=, AL mEn == =mall wralke
and cracks | exists large wake
4. Solid mixing® Vers lowr High MNbdemte Lowr
5. Gazback-mixing® Ve low High hibdemats Low:
6. Slug properties Solids Axizymmetric Axisymunetric | Horizontal
slugs . ASIMINESETL wvioids, solids
slags, wall
shigs
1. Spouting Mo No, except i very Shallow beds | Yes, sven in
zshallow beds only deepbeds,
Effect Dviean Cohesivens | Properties improve Froperiies MNot known
ot particle size | sz increases | as size decreasas improve as
properti | within as'dp g 7e decreazes
2z 1 to Eroup decreaszes
7 of: Particle size | Mot known | Increasing <43 pm MNone Increasses
diztribution”® fraction improves seEregation
propertizs
Increasing Probably Deefindtelvimproves  Uheeriain, Unecertain,
pressue, mproves zome possibly | some
temperature, pos=bly
wiscoeits]
densityof
Zas
2 Afequal 1T -
b- At equal dp.
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B. Measurements of particle size distribution for tlnee groups

The patrticles are double vibrating with 10 mintfirand 5 min secondly, in total 15 min, to chelsk tomplete separation.

100~200 pm 400~600 pm 750~1000 pm
Particle size| % of size| Cumulative Particle size| % of size| Cumulative Particle size| % of size| Cumulative
(um) by mass | % (um) by mass | % (um) by mass | %

of size by mass of size by mass of size by masg
0~63 0.09 0.09 0~300 0.35 0.35 0~500 0.03 0.03
63~106 9.44 9.53 300~355 2.45 2.8 500 ~630 0.02| 50.0
106~150 42.18 51.01 355~425 22.53 25.33 630~71p 4 0.0 | 0.09
150~200 46.16 97.87 425~500 47.62 72.95 710~850 1 24. | 24.19
200~250 2.12 99.99 500~630 26.74 99.69 850~1000 2464. | 88.43
>250 0.01 100 >630 0.31 100 >1000 11.57 100
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