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Abstract:

Due to high emissions of CO, and the impact it has on our environment, CO, capture from gases is becoming more and more
important. There has been performed a lot of work regarding simulation of CO, removal at TUC However, little has been
done on comparison of different tools.

In this thesis, three different CO,-capture configurations have been simulated using two different process simulators, Aspen
HYSYS and Aspen Plus. In Aspen HYSYS, Kent-Eisenberg and Li-Mather was used as equilibrium models while eNRTL
(electrolyte Non-Random Two-Liquid) was used in Aspen Plus. Both equilibrium and rate-based simulations were performed
in Aspen Plus. The configurations simulated were a standard post-combustion process, vapor recompression and vapor
recompression combined with split stream.

CO, removal efficiency was kept at 85% and Murphree efficiency was kept constant at 0.25. Number of stages in the
absorber varied in some cases. The energy consumption was then compared for all the cases.

The energy consumption for the standard post-combustion process was calculated to 3.37 — 4.26 MJ/kg CO,. The Aspen Plus
equilibrium model calculated the lowest energy consumption while the Aspen Plus rate-based model calculated the highest.

The equivalent energy consumption for vapor recompression was calculated to 2.92 — 3.82 MJ/kg CO,. The equivalent
energy consumption is reboiler duty + 4 times compressor duty. The Aspen HYSYS Li-Mather model calculated the lowest
value while the Aspen Plus rate-based model calculated the highest. The optimum pressure before compression was found to
be 1.2 bar for all cases except for the rate-based calculation of vapor recompression combined with split stream.

The equivalent energy consumption for vapor recompression combined with split stream was calculated to 3.0 — 4.1 MJ/kg
CO,. The Aspen HYSYS Li-Mather model calculated the lowest energy consumption while the Aspen Plus rate-based model
calculated the highest. The pressure before compression was kept at 1.2 bar.

The different programs and models calculated an improvement in equivalent energy consumption for the vapor
recompression configuration varying from 0.21 — 0.50 MJ/kg CO,. The Aspen Plus equilibrium model calculated the lowest
improvement while Kent-Eisenberg and Li-Mather calculated the highest. For vapor recompression combined with split
stream, the improvement varied from 0.15 — 0.39 MJ/kg CO,. Aspen Plus rate-based calculated the lowest value while Aspen
HYSYS Li-Mather calculated the highest. This process configuration proved difficult to simulate using the rate-based model.

The results indicate that the vapor recompression configuration is considered to be the most reasonable configuration for
reducing the energy consumption. This is in agreement with earlier studies. The most optimum process configuration and
most optimum process parameters were calculated to be the same in almost all the simulations.

Telemark University College accepts no responsibility for results and conclusions presented in this report.
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Preface

This thesis has been developed during the 4™ semester of the master program Process
Technology at Telemark University College.

Two different process simulation tools have been used, Aspen HYSY'S and Aspen Plus.
Knowledge of the simulation tools is not fundamental to the reader.

However, the reader should have knowledge regarding chemical engineering when reading
this report

I would like to thank my supervisor, Lars Erik @1, for his guidance and patience during the
development of this thesis.

Porsgrunn, 31. May 2013

Stian Holst Pedersen Kvam
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eNRTL
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Temperature difference
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1 Introduction

Emission of greenhouse gases, i.e. carbon dioxide, fluorine gases, nitrous oxide and methane,
is contributing to one of the largest challenges in the world today. Even though F-gases,
nitrous oxide and sulfur hexafluoride have decreased over the last two decades, the CO,
emissions have increased. According to “Statistisk sentralbyra” (SSB 2012), CO, emissions
increased by 28% in the period 1990-2011 and contributed to 84% of the total amount of

greenhouse gas emissions.

Due to the climate change and the impact CO; has on it, new technologies is under

development to keep greenhouse gas emissions under control.

Utvikling i klimagassutslipp 1990-2011. Millioner tonn CO,-ekvivalenter

1990 15892 1984 19%6 1958 2000 2002 2004 2008 2008 2010

. co, .cH,_ - N.O - HFK, PFK og SF,

Figure 1-1 Emission of greenhouse gases from 1990-2011 in MTON CO2-equivalents(SSB
2012)
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1.1 Purpose

Purpose of this thesis is to calculate the potential in energy reduction using vapor
recompression in CO2 capture using monoethanolamine. Another aim of this thesis is to
compare Aspen HYSYS and Aspen Plus. At Telemark University College, there has been
performed a lot of work regarding simulation of CO, capture but most of this work has been

performed by focusing on one simulation software at the time.
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1.2 Previous work

For most of the work performed at Telemark University College, the focus has primarily been
on one process simulator at the time, but there are a couple of theses that compares different

process simulators.

Kumara Munasinghe(Munasinghe 2009) compared Aspen HYSY'S and ProMax for the
absorption process. He compared the effects of different models such as Li-Mather, Kent-
Eisenberg, Wilson, NRTL and eNRTL.

It was concluded that ProMax gives better results; almost 66% lower compared to Aspen
Hysys, when it comes to MEA concentration in the exhaust gas. Munasinghe still concluded
that Aspen HYSY'S with either Li-Mather or Kent-Eisenberg was better to use and that

Wilson or NRTL was better to use for the water wash section.

Espen Hansen(Hansen 2011) performed simulation of a general CO, capture process using
three different process simulators; Aspen HYSY'S, Aspen Plus and ProMax. The removal
efficiencies varied from 77.22 — 88.60% and the reboiler duties varied from 3.53 —4.43
MlJ/kg CO,. It was found that Aspen Plus rate-based model calculated the largest reboiler duty
while Aspen HYSYS Li-Mather model calculated the lowest reboiler duty. The differences in
removal efficiencies are due to variation of circulation rate, variation of stages and variation

of Murphree efficiencies.

Jostein Bergstroam(Bergstrom 2012) compared Aspen HYSYS and Aspen Plus regarding split-
stream configuration. In Aspen HYSY'S, both Kent-Eisenberg and Li-Mather were used and
equilibrium- and rate-based model was used in Aspen Plus.

Li-Mather gave the highest reduction in reboiler duty with 0.2-0.25 MJ/kg CO,. Kent-
Eisenberg and the equilibrium model in Aspen Plus gave a reduction of approximately 0.15

MI/kg CO,.

The rate-based model in Aspen Plus gave the lowest reduction of approximately 0.05-0.10
MlJ/kg CO:..

In a bachelor thesis(Berg et. al 2012), the aim was to compare four different flow sheet
configurations; standard post-combustion process, split stream, vapor recompression and a
combination of vapor recompression and split stream. The energy consumption was
respectively found to be 3,3-, 3,2-, 2,9- and 3,0 MJ/kg CO, removed. The standard post
combustion process was simulated using Kent-Eisenberg model while Li-Mather model was

used for the other configurations.

1.3 Objectives

Thesis description can be found in Appendix A.



2 Process descriptions

Due to high operational costs involved running a post combustion process, finding alternative
configurations in order to reduce reboiler duty have become more applicable. In this section,
different configurations will be described.

2.1 Standard post combustion process

The exhaust gas enters the bottom of the absorber where the gas meets the absorption liquid,

MEA and water, which enter at the top of the absorber.
The counter-current flow of the flue gas and the absorption liquid makes sure that the MEA

reacts with CO,. The gas leaving the top of the absorber contains mostly water and nitrogen
but also some MEA and CO,;. The bottom product is a CO,-rich stream.

The rich stream is being pumped through the main heat exchanger where it is heated by the
bottom product of the distillation column. The heated rich stream enters the distillation
column where the MEA is stripped of the absorption liquid so it can be reused. The top
product, distillate, contains mostly CO, and H,O.

The bottom product is a lean mixture and is pumped through the main heat exchanger where it
exchanges heat with the rich stream. The lean stream is further cooled by a cooler and is re-

circulated back to the absorber.

) Rich amine ¢~ ) Tocompressors

=Purifiet:i gag L Ay
Gas Y

Desorber

Lean/rich
exchanger

Steam in
Sour gas |
Q Reboiler
Absorber '
\‘I/—f Q Steam out
_ Lean amine

Figure 2—1 Flow chart of a standard post combustion configuration(Berg et. al 2012)

2.2 Inter-stage temperature control

CO; removal by chemical absorption from a flue gas is performed at temperatures around
40-60°C. This is because the absorption rate is highest in this temperature range when using a
9



30-wt% amine solution. The absorption process is an exothermic process, which leads to a
temperature increase of the solvent. A part of the temperature increase is offset by evaporation
of water to the flue gas stream, but there is still an overall increase in temperature. The
driving forces for the absorption will be limited by this temperature increase, which will lead
to lower absorption capacity of the MEA solvent. Low temperature is favored by
thermodynamically CO, absorption reaction and higher temperature is favored by reaction
kinetics. Improved viscosities and diffusion coefficients is a result from higher temperature
that will lead to a higher mass transfer coefficients. Adjusting the temperature and flow of the
flue gas and lean solvent can control the absorber temperature at the top and bottom.

Temperature variations still occurs within the column (Cousins 2011).

A process for controlling the temperature profile in the absorber was suggested by
Aroonwilas and Veawab (Aroonwilas 2007). Because of the temperature control, Aroonwilas
and Veawab claims that a higher CO; loading is achieved compared to the base case. This
process uses heat from the top of the absorber to enhance the kinetically limited mass transfer.
In the lower stages, inter-stage cooling is used in order to provide thermodynamically driven

mass transfer by maintaining a higher CO, loading in the solvent.

— Flue gas Condensate
Cleaned ——  Lean solvent ——  Steam
e L —  Rich solvent/ Reflux Carbon dioxide
Cooling stream
Flue gas
cooler
CO, CO,
M
() Knock
out drum
< — 2
CO,

absorber
column

Lean/rich £

1 solvent heat Stibping
column
+ recovery HX
L@‘rjéx) .
Power station — ) 4
flue gas 2 Steam supply
Reboiler
s Condensate
\ "
2

<+

Absorber Lean solvent
bottoms pump pump

Figure 2-2 Flow chart of inter-stage temperature control configuration(Cousins 2011)

Using a part of the condensate removed from the CO2 leaving the stripper cools the vapor
upstream of the separator. The heated condensate is used as feed to the reboiler, reducing the
steam demand in the reboiler. A 56% energy saving in reboiler duty was claimed compared to
the base case. This is due to the higher CO; loading in the rich solvent, which leads to a
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higher percentage of flashed CO, before the stripper and lower circulation rate of the
absorbent.

2.3 Heat-integrated stripping column

It was suggested by (Leites 2003) to use a heat-integrated stripping column in order to reduce
the energy penalty associated with the regeneration of the amine solution. In this process the
rich/lean heat exchanger is fully integrated into the stripping column. By doing this, the
operation and equilibrium conditions are brought closer together along the height of the

column, lowering the exergy' expenditure.

— Flue gas Condensate
Lean solvent — Steam
—lp- Rich solvent Carbon dioxide

Cooling stream

Cleaned
flue gas
/I\ T
TN
- >
Absorber
column @ @ @
@ Heat-
integrated
stripping
column
\
Power station
—_—
flue gas @ \_) Reboiler

Absorber
bottoms pump

Figure 2-3 Flow chart of heat-integrated stripping column configuration(Cousins 2011)

Leites et al. claims that by introducing this modified configuration into a newly built

ammonia plant, the heat requirement has been reduced by 55-66% compared to the base case.

" Exergy: “Maximum useful work possible during a process that brings the system into equilibrium with a heat

reservoir” Wikipedia (2004). "Exergy." from http://en.wikipedia.org/wiki/Exergy.
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Oyenekan and Rochelle(Oyenekan 2006a) developed such a model in Aspen Plus custom
modeller. They found that the total work of the internal exchange stripper (including CO,

compression) is 17% lower compared to a conventional stripper.

2.4 Multi-pressure stripper

Multi-pressure stripping is a design developed by G. Rochelle(Rochelle 2004). The stripper is
divided into separate stages with different pressure at each stage. The vapor from a lower
pressure stage is compressed and returned to a stage with a higher pressure. The liquid solvent
will flash when moving down through the stripper. This design allows for recovery of the
latent heat of water, which contributes to reducing the reboiler duty. The CO, product will
have a higher pressure than it would have with a conventional striper, leading to a lower

energy requirement for the final compression.

The total energy requirement for compression will be slightly higher than that of a vapor
recompression concept. Depending on the rich CO; partial pressure, Oyenekan and
Rochelle(Oyenekan 2006b) claims that the reboiler duty has been reduced by 20-27%. They
also claim an 8% saving in equivalent work for the multi-stage stripper compared to a

conventional base case stripper.

. Pressurised
Lean solvent Acid gas / vapour acid gas
— Steam Cooling stream
Steam . @
condensate Mlultll-pressure
—» Rich solvent / Reflux / stripping column i
Compressed vapour - - > <
condensate High pressure
stage *: J
Medium
pressure stage <
Lean solvent 5\) Low pressure [
'y stage
Reboiler
Rich solvent —— ~7 % ¢

8

Figure 2—4 Flow chart of multi-pressure stripper configuration(Cousins 2011)

2.5 Compressor integration

The top product of the distillation column contains mostly CO,. The gas has to be compressed

before it can be transported and stored. During the compression of the gas, heat is being

12



produced. The principle of compressor integration is that the heat produced during
compression is used in the regeneration process in order to reduce steam demand for the

reboiler.

COzcompressors

Rich amine

Desorber

Lean amine
—

) | 1
Rich/lean
exchanger

Reboiler g

Figure 2—5 Flow chart of compressor integration configuration(Berg et. al 2012)

Compressed CO2z

You can choose to have a condenser at the top of the desorber. If a condenser is used, you
can’t use the heat produced from the first compressor stage because the temperature is not
high enough. If a condenser is not chosen, the heat produced from first compressor stage can
be utilized. If a condenser is not used, the main challenge is the high fraction of water in the
steam going into the compressor due to high exit temperature from the desorber. This may
lead to high compressor work(Berg et. al 2012).
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2.6 Vapor recompression

The exhaust gas enters the bottom of the absorption column where it comes in contact with
the absorption liquid, MEA and water. The absorption liquid enters at the top of the column.
There are two exiting streams from the absorber, one at the top and one from the bottom. The
top product is sweet gas containing mostly water and nitrogen but also some CO, and MEA.

The bottom product is a CO,-rich stream.

The rich stream is pumped through the main heat exchanger where it is heated by the bottom
product of the distillation column before entering the distillation column. The CO; is stripped
from the absorption liquid, which leaves the bottom of the column as a CO,-lean stream. The
distillate contains mostly CO, and water. The bottom product goes through a valve where
pressure is reduced and vapor flashes off. The stream enters a two-phase separator where the
top product is vapor and bottom product is liquid. The vapor product is compressed, where
pressure and temperature increases, and is entering the reboiler.

The bottom product of the two-phase separator is pumped through the main heat exchanger
where it exchanges heat with the rich stream. The lean stream is further cooled before it is re-

circulated back to the absorber.

Distillate
Condenser
Lean @
Lean Cooler
@ Rich to desorber Desorber
Rich/Lean HX
TN
Lean Vapor
Absorber :B
Reboiler
Flue Gas
Compressor
Rich to HX
Rich
S t Valve
Lean to HX eparator
Rich Pump

Lean Liquid

Lean Pump

Figure 2—6 Flow chart of vapor recompression configuration(Cousins 2011)
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2.7 Vapor recompression + split stream

The exhaust gas enters the bottom of the absorption column where it comes in contact with
the absorption liquid, MEA and water. The absorption liquid enters at the top of the column.
There are two exiting streams from the absorber, one at the top and one at the bottom. The top
product is sweet gas containing mostly water and nitrogen but also some CO, and MEA. The
bottom product is a CO,-rich stream.

The rich stream is pumped through the main heat exchanger where it is heated before entering
the distillation column. The CO; is stripped from the absorption liquid, which leaves the

bottom of the column as a CO,-lean stream. The distillate contains mostly CO, and water.

The bottom product is split into two streams, semilean and lean. The semilean stream goes
through the main heat exchanger, where it heats up the CO;-rich stream. The semilean outlet

is further cooled by a cooler and enters the absorber at the middle of the column.

The lean stream goes through a valve where pressure is reduced and vapor flashes off. The
stream enters a two-phase separator where the top product is vapor and bottom product is
liquid. The vapor product is compressed, where pressure and temperature increases, and
returned to the reboiler.

The bottom product of the two-phase separator is pumped through the main heat exchanger
where it exchanges heat with the CO2-rich stream. The lean stream is further cooler by a

cooler before it is re-circulated back to the top of the absorber.

Distillate

Condenser

Rich/lean HX

Lean MEA to absorber

¢
<

Rich MEA to desorber

Desorber

Rich MEA from absorber

Lean MEA Lean vapor Reboiler

Semilean MEA to absorber
¢ Compressor

Semilean MEA

Lean liquid

Lean Pump

Figure 2—7 Flow chart of vapor recompression + split stream configuration
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3 Process simulations

This thesis includes simulations of three different configurations using Aspen HYSY'S and
Aspen Plus. These configurations are a base case, vapor recompression and vapor
recompression combined with split stream. The simulations in Aspen HYSY'S were simulated
using Kent-Eisenberg and Li-Mather equilibrium models; non-ideal gas phase was chosen. In
Aspen Plus, the eNRTL model were used for the equilibrium and rate-based simulations.

The CO2 removal efficiency was set to be 85% and was kept constant. For the absorption
column, it means that 85% of the CO; in the flue gas is removed and the remaining 15% exits
through the top of the column.

The user has the option to specify Murphree efficiency (tray efficiency) in the simulation
software. For Kent-Eisenberg, Li-Mather and equilibrium eNRTL, Murphree efficiency was
specified to 0.25 in the absorber and 1.0 in the desorber. For the rate-based model in Aspen
Plus “true component approach” was used, meaning that the user will not be able to specify
Murphree efficiency due to the presence of ionic species in the system.

The minimum temperature approach in the rich/lean heat exchanger was set to be 5°C.
The pressure in the absorber was kept constant at 1.1 bar. The pressure in the desorber was

kept constant at 2 bar. The reflux ratio in the desorber was specified to 0.3 and reboiler
temperature was specified to 120°C.

An article presented at the SIMS2007 conference in Gothenburg(@i 2007) has been used
regarding the initial set of parameters for the base case. Values from this article can be viewed
in (01 2007) with minor changes from.

In this thesis, the simulations do not contain the water wash section, pre-treatment of the flue
gas or post-treatment of the distillate. This has been decided in corporation with the

supervisor, as it will not have any effect on the energy reduction potential.
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Table 3—1 Stream specifications for simulations in Aspen HYSYS and Aspen Plus

Sour Gas:

Sour gas temperature
Sour gas pressure
Sour gas flow
Mole fractions:
CO,
H,O
Lean MEA:
Lean MEA temperature
Lean MEA pressure
Lean MEA flow
Mass fractions”:
MEA
CO,
Number of stages absorber®
Murphree efficiency absorber®

Rich pump pressure

Rich MEA to desorber temperature’

Number of stages desorber
Murphree efficiency desorber
Reflux ratio desorber
Reboiler temperature

Lean pump pressure

Minimum AT Rich/Lean HX

Specifications:
40 °C

1.1 bar (a)

85 000 kmole/h

0.0373
0.0671

40 °C
1.1 bar (a)
120 000 kmole/h

0.29
0.055
10
0.25

2 bar
104.5 °C
6

1.0
0.3
120°C
4 bar
5°C

? Initial values for mass fractions of the absorption liquid

? Initial value for number of stages in the absorber. This value will be changed later in the simulations

* Murphree efficiency is used in the simulations for the CO, component

3 Rich/lean HX initial value for cold outlet. This value gives AT = 10°C. Later adjusted by using an ADJUST-

operator

17



3.1 Base Case (standard post combustion)

3.1.1 Aspen HYSYS

Kent-FEisenberg and Li-Mather equilibrium models have been used for the base case

simulations.

Number of stages was specified to be 10 with Murphree efficiency of 0.25 on all stages. The

Murphree efficiency was kept constant through the entire simulation.

G-Lean
Coaoler

hake Lp
H2o Lean MEAto lean

4 cooler
p———— - Ap——
Lean-In A From Lean Cooler

Recycle Make Up Lean
¥ Mi=-100 MEA, Cooler e
i 20}
ADJ-1
Q C-d’
-Condeser
Swe.et - ;&5\ sl

s Gas Rich|MEA to rich/lean ‘/ Rich MEAto

Lean RichiLean Desorber

MEA Hi

A
Q-Rebuoiler
Sour
Gas RTc’h Desorber
MEA
Ah
sarher g
S-Rich
um L
’ Lean MEATa o =
richilean Hxl Fump lean

purnp
Q-Lean
Furnp

Figure 3—1 PFD of base case in Aspen HYSYS

The sour gas, with values from Table 3—1, enters at the bottom of the absorber while the lean
MEA, with values from Table 3—1, enters at the top of the absorber.

The CO,-rich stream is pumped to the rich/lean heat exchanger at 2 bar. The pressure drop
was specified to be A = 0 kPa on both cold side and hot side of the heat exchanger. The cold
outlet temperature was initially specified to be 104,5°C but was at a later point adjusted by the
ADJUST-operator in order to obtain a AT = 5°C across the heat exchanger. The rich stream
enters the desorber at stage 2 where numbers of trays was specified to 6. Pressure across the
column was kept constant at 2 bar with a reflux ratio of 0.3 and a reboiler temperature of
120°C. The regenerated amine solution exits the bottom of the desorber and is pumped
through the heat exchanger at 4 bar where it exchanges heat with the rich stream. The hot
outlet temperature is further cooled down to 40°C by a lean cooler with a pressure drop of 2,9
bar. It was necessary to account for water and MEA loss in the absorber and desorber in order
to maintain mass balance across the system. By using a spreadsheet, the total loss of water
and MEA was calculated and exported to respective streams in the PFD. A recycle block was
inserted in order to transfer calculated values to the lean absorber feed. The removal
efficiency of CO, was calculated in the spreadsheet and an ADJUST-operator was, at the end
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of the simulation, connected to the lean MEA stream in order to achieve 85% removal

efficiency. Spreadsheet of the simulation can be vied in appendix B.

Table 3-2 Results from base case simulation using Aspen HYSYS K-E & L-M

Kent-Eisenberg  Li-Mather

Lean:
Molar flow [kmole/hr] 117874 kmole/hr 122226 kmole/hr

Mass fractions:

H,O 0.6557 0.6557

CO, 0.0549 0.0545

MEA 0.2894 0.2899
Rich MEA to desorber temperature [°C]  106.8°C 106.2°C
Energy consumption: 3.48 MJ/kg CO,  3.42 MJ/kg CO,

3.1.2 Aspen Plus/Equilibrium

From previous projects at TUC® when Aspen Plus has been used, the students have used the
rate-based example file found in the AspenTech folder. The students have then changed some
input parameters so the simulation will run as an equilibrium model instead of a rate-based

model.

In this thesis, an electrolyte insert file has been used instead. This file shows an empty PFD
but the specifications for an amine system has already been set up. The difference is that the
electrolyte insert file uses new binary interactions -and electrolyte pair parameters. A theory

study has not been compiled on the subject.

The description of the electrolyte insert says following: “This is a modified insert, which
includes new parameters and Henry’s constant for CO; in MEA to improve the calculation of
heat duty. Parameters have been tested against real life plant data for few cases. The old
parameters for this system are still available in the KMEA.BKP file in the elecins folder”.

In the mea electrolyte insert file, the user will have to add the N>-molecule to the components
list, which for some reason has been left out. In the properties section, ELECNRTL (eNRTL)

model has already been chosen so the user can continue to the streams section.

8 TUC: Telemark University College
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Figure 3—2 PFD of base case equilibrium model in Aspen Plus

The sour-, lean-, sweet- and rich stream are added and values from Table 3—1 are put into the
specifications sheet for the sour gas- and lean stream. ABSRB1-icon in the RadFrac tab is
chosen as the absorber. Calculation type was set to equilibrium with 10 stages, where
condenser and reboiler are set to none. RadFrac in Aspen Plus is a rigorous 2 or 3-phase
fractionation for single column model used for both absorber and desorber. The lean stream
enters Above-Stage 1 and the sour gas enters the absorber Above-Stage 11. Stage
1/Condenser pressure was set to 1.1 bar and if nothing else is specified in the pressure
specification sheet, the pressure is kept constant across the whole column. Under the
efficiencies tab, Murphree efficiencies were selected. Specify efficiencies for individual
components method was selected. Under Vapor-Liquid tab, CO, was selected as component
and Murphree efficiency of 0.25 on each stage was added manually. The user has the
possibility to choose the numbers of iterations that will be performed for the column under the
convergence tab. Numbers of iterations was set to 150.

In Aspen HYSYS, an ADJUST-operator was used to maintain 85% removal of CO; in the
absorber. In Aspen Plus, a Design-Spec block was used for the same purpose. In the Design-
Spec sheet, the user defines which stream the spec is to be connected to. Then the user will
have to choose which stream to vary as well as lower and upper limits. Procedure can be seen
in Figure 3-3 to Figure 3-5.
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JDefinelJSpec | Jifary I Fortran I [Declarations EOQ Options

Flawzheet variable| D efirition
CO2REMO b azz-Flow Stream=5S"WEET Substream=mI=ED Component=CO2 Unitz=kg/hr

] [l

Figure 3—3 Define tab for the absorber removal efficiency in the Design-Spec block

JDefine 'Spec |~f"-"ar_l,l | Fortran | Declarations I ED Options I

— Design specification expressions

Spec: |r:|:|zF=EM|:N
Target: |2EIE!2EI,EIE
Tolerance: I'I

Figure 3—4 Spec tab for the absorber removal efficiency in the Design-Spec block

Target is the value of the mass flow of CO; in the sweet stream that the Design-Spec block is
to approach.
JDefinel JSpec Sarp I Fortran | Declarations | EQ Options |

—Manipulated variable———————————  ~ Manipulated variable limits

Type: =1 ' ar Lower: |115000

Stream: LEAM vl Upper: |122000
Substream:  |MIXED 'I Step size:
Wariable: ﬂl MOLE-FLOMW VI b aimnum step size:

Uriitz: krnalthr

~ Report labelz
Line 1: Line 2 Line 3 Line 4

—ED input
Open vanable:

Drescription:

Figure 3—5 Vary tab for the absorber removal efficiency Design-Spec block

Now the user can press i which runs the simulations.

A pump is inserted into the PFD with discharge pressure of 2 bar and pump efficiency of
0.75. Now the user can press the run button. It is a good idea to run the simulation between
each time new equipment is added to the simulation to make sure if any warnings and/or
errors occur. If several units are added before running the simulation, it can be difficult and
time consuming to locate the error and make the necessary changes. From this point it is
assumed that the user runs the simulation after a new unit is added.

A simple heater was now selected, which will be replaced with a HeatX model at a later point

in the simulation. An outlet temperature of 104.5°C and a pressure of 2 bar was specified.
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A RadFrac model was used for the desorber. Calculation type was set to equilibrium with 8

stages, which includes condenser and reboiler. Partial-Vapor condenser type was selected,

which gives us only vapor in the distillate. Kettle reboiler type was selected. Two extra
specifications need to be added for the desorber configuration. Distillate rate was set to 4400

kmole/hr and reflux ratio was set to 0.3 on mole basis. Numbers of iterations was set to 150 to

avoid any problems.

In order to achieve a reboiler temperature of 120°C, a Design-Spec block was used to vary the

mole flow rate of the distillate. The temperature of the bottom product is the same as the

reboiler temperature. Procedure can be seen in Figure 3—6 to Figure 3-8.

JDefineIJSpecIJ\-"ar}l I Fartran | Declarations I EQ Optionz I

Flowsheet variable|Defirition

REBTEMF

Stream-Yar Stream=LEAN-MES Substream=mMIXED Yariable=TEMP Unitz=C

*

[

B

Figure 3—6 Define tab for the reboiler temperature Design-Spec block

J Define JSpec IJ‘\-"ar}l I Fl:nrtlanl Declarations I ED Options |

Deszign specification expreszions

Spec:
T arget:

Tolerance:

FEETEMP

120.0

01

Figure 3—7 Spec tab for the reboiler temperature Design-Spec block

JDefinel SSpec Vary | Fortran | Dieclarations I EQ Optiots |

Type:

Block:
“ariable: gy
Sentence:

it

— Manipulated wariable

Block- ar

DES I
MOLE-D =]
[cocsPecs

Ikmul.-’hr

— Manipulated wariable limitz

Lower: (4000
Upper: [5000
Step size:

b awimum step size:

— Report labels

Line 1: Line 2 Line 3: Line 4

—ED input

Open vanable:

Description:

Figure 3-8 Vary tab for the reboiler temperature Design-Spec block

A pump is added with a discharge pressure of 4 bar and a pump efficiency of 0.75.
At this point, the simple heater was replaced with a HeatX model. Shortcut was selected as
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calculation type with a counter-current flow. Hot outlet-cold inlet temperature difference was
specified to 5°C. AP = 0 bar was assumed across the exchanger on both cold and hot side. A
heater was inserted and used as a cooler in order to get the regenerated amine solution down
to 40°C. Outlet temperature was set to 40°C and outlet pressure was set to 1.1 bar. In order to
maintain the material balances through the system, water loss and MEA loss was accounted
for by mixing the regenerated amine solution with makeup streams of water and MEA. In
Aspen HYSYS, the water loss and MEA loss was calculated using a spreadsheet and exported
to their respective streams. In Aspen Plus, spreadsheet does not exist. Two calculator blocks
were used instead. The calculator is based on Fortran coding and can be seen in Figure 3-9 to

Figure 3—11.

»/Delinel JCaIcuIateI JSequencel Tears I Strearn Flash I

Yariable narme | Info. flow |Definition

H2050UR Import b ole-Flow Stream=50UFR Substream=MI<ED Companent=H20 Unitz=
H20SWEET Import b ole-Flow Stream=S"EET Substream=MI*ED Component=H20 Unit
H20C02 Import b ole-Flow Stream=C02 Substrean=MI*ED Component=H 20 Unitz=kn

rkUPH20 E xport Streann-Yar Stream=MELIF-H20 Substream=MI:<ED ¥ ariable=tOLE -F

*|
Figure 3—9 Define tab of makeup H,O calculator block

+f Define JSequencel Tears I Stre:am Flash I

— Calculation method - -

{* Fortran " Excel Fortran Declarations

Enter executable Fortran statements

MEUPHz 0=HZ0SWEET+HZOCOZ-HzO0S0UR

Figure 3—10 Calculate tab of makeup H,O calculator block

v Defing| +f Calculate JSequence' Tears | SteamFlash |

— Calculator block execution sequence
Enecute:; Block type: Block name:

Befors - I Lnit operation j I 518 j

 List wariables as impart or export
Impart sariablas: J Hz0S0UR |H2EISWEE' | Hz0Coz2 | |

Expart variables: J MEUPHZ0 | |

Figure 3—11 Sequence tab of makeup H>O calculator block
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The same procedure is repeated for makeup MEA. Regarding the Fortran coding, the first
column is used for descriptions marked by a ¢ at column 1. The equation starts at column 8. If

the equation doesn’t start at column 8, the simulation will not be able to run.

The Lean stream and Lean-In stream will have slightly different values. The mass fractions of
the components in the lean feed stream were slightly adjusted to match the values of the
recycle stream. Due to the complexity and time consumption running this software, it was
decided not to connect the recycled amine solution to the absorber. It was tried several times

in different ways but error messages were always shown.

Table 3—3 Results from base case using Aspen Plus Equilibrium

Lean:
Molar flow [kmole/hr] 119265 kmole/hr

Mass fractions:

H,O 0.657
CO, 0.29
MEA 0.053
Lean-In:
Molar flow [kmole/hr] 119331 kmole/hr

Mass fractions:

H,O 0.656
CO, 0.054
MEA 0.29

Rich to desorber temperature [°C] 103.6°C

Energy consumption: 3.365 MJ/kg CO,

3.1.3 Aspen Plus/Rate-based

For the rate-based simulation, the example file found in the AspenTech folder was used.

The reason for not using the electrolyte insert file used in the base case is due to the
complexity of the different parameter settings. The electrolyte insert file led to divergence.

In the rate-based simulation, ELECNRTL model was used with true components. This means
that ionic species will be present in the system. Therefore the user will not have the option of

running simulations with Murphree efficiency.
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Figure 3—12 PFD of base case rate-based model in Aspen Plus

The sour-, lean-, sweet- and rich stream was added with values from Table 3—1. The absorber
was selected from RadFrac using the ABSBR1 icon. Rate-based was selected as calculation

type with 10 stages where condenser and reboiler were set to none.

Lean stream enters On-Stage 1 and sour stream enters On-Stage 10. Even though this is
different from the equilibrium model of the base case in Aspen Plus, the setup of the absorber

in the two cases is the same. Above-Stage 11 is the same as On-Stage 10.

Stage 1/condenser pressure was set to 1.1 bar. With nothing else specified, stage 1 pressure

was kept constant across the whole column.

In “Comparison of Aspen HYSYS and Aspen Plus simulation of CO; absorption into MEA

from atmospheric gas”(D12012), a rate-based simulation of the absorber was performed.

The reaction condition factor was changed from 0.9 in the example file to 0.5. The interfacial
area factor was changed from 1.2 in the example file to 1.0 and height of one stage was kept
at 2.0 meter.

In the rate-based simulations in this thesis, standard AspenTech values were used.

In the reaction tab, the reaction was set to start at stage 1 and end at stage 10 with a liquid
holdup of 0.0015 m® from stage 1 to stage 10. The parameters used for the rate-based
calculations can be seen in Table 3—4. A design-spec block was used in order to obtain 85%
removal of COs,.
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Table 3—4 Parameters used for rate-based calculations in the absorber and desorber

Absorber Desorber
Reaction condition factor 0.9 0.9
Packing material Sulzer Mellapak 250Y Sulzer Mellapak 250Y
Packing stages 1-10 2-17
Section diameter 17 meter 7 meter
Section height 12 meter 12 meter
Flow model Mixed Mixed
Interfacial area factor 1.2 1.0
Liquid film resistance phase Discrxn Discrxn
Vapor film resistance phase Film Film
Liquid film discretization points 5 5

A rich pump was added with a discharge pressure of 2 bar and pump efficiency of 0.75. A
regular heater was first used and later replaced by a HeatX model. The cold outlet stream
temperature was set to 105°C. Espen Hansen(Hansen 2011) had problems in his thesis
regarding the main heat exchanger. He therefore used two regular heaters and adjusted
temperatures manually to get approximately the same duty on cold and hot side. The same
problems occurred in this simulation. The solution was to increase the diameter of the

distillation column until the HeatX model converged.

The heated rich stream enters the desorber On-Stage 3, which has 8 stages including
condenser and reboiler. Partial-vapor was selected as condenser type. The distillate rate and
reflux ratio was specified to 6400 kmole/hr and 0.3, respectively. The column was set to
operate at 2 bar. In the reactions tab, the reactions was set to start on stage 2 and end at stage
7 with a liquid holdup of 0.0015 m’. The distillate stream was adjusted by using a design spec
block, in order to obtain 85% removal of CO, in the desorber. The procedure for design-spec

can be seen in Figure 3-3 to Figure 3-5.

In the rate-based simulations, the reboiler temperature is not affected by changing the
distillate rate as it was in the Aspen Plus equilibrium model. Due to the complexity and
difficulties running rate-based simulations, the reboiler temperature was kept at the value
calculated by Aspen Plus. The discharge pressure of the lean pump was set to 4 bar with a
pump efficiency of 0.75. At this point, the heater was replaced by a HeatX unit where hot
outlet/cold inlet temperature difference was set to 5°C. AP across the both sides of the heat
exchanger was assumed to be zero. The outlet temperature of the cooler was set to 40°C and

the pressure to 1.1 bar.
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To account for the water and MEA loss in the system, makeup streams was used in order to
maintain material balances. Two calculator blocks were used. The procedure can be seen in

Figure 3-9 to Figure 3—11.

Table 3—5 Results from base case using Aspen Plus Rate-Based

Lean/Lean-In:
Molar flow [kmole/hr] 106138/106189 kmole/hr

Mass fractions:

H,0 0.654/0.654
CO, 436E*/4.37E®
MEA 0.138/0.138
H;0" 2.74E"%/2.74E"
OH 6.65E°/6.65E°
HCO3 5.60E*/5.61E™
€032 2.04E7/2.04E7
MEA* 0.08/0.08
MEACOO 0.126/0.126

Rich to desorber temperature [°C] 110.3°C

Energy consumption: 4.259 MJ/kg CO,
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3.1.4 Temperature profiles

In this subchapter, the temperature profiles of the absorber and desorber will be shown. The
temperature profiles will start at stage 1 which is the top stage.
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Figure 3—13 Temperature profiles in the absorber
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Figure 3—14 Temperature profiles in the desorber
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3.2 Vapor recompression

The vapor recompression configuration, also known as lean vapor compression in some
published articles, is the configuration that shows most potential reducing the energy
consumption. Even though the compressor increases the electrical consumption, the reduction
in reboiler duty is more than the increase in compressor duty. The compressor duty is
converted to equivalent steam duty by multiplying with 4 to get a better understanding of the

reduction potential.

3.2.1 Aspen HYSYS

In the vapor recompression configuration, the number of stages was maximized in order to

reduce the equivalent energy consumption as much as possible.
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Figure 3—15 PFD of vapor recompression in Aspen HYSYS

The sour gas and lean stream was added with the values from table 3-1.

Number of stages in the absorber was set to 15 with Murphree efficiency of 0.25. Operating
pressure of the column was 1.1 bar. The modified HY SIM Inside-Out solver was selected

with adaptive damping factor.

A pump was added with a discharge pressure of 2 bar and a pump efficiency of 0.75 and goes
through the rich/lean heat exchanger were the cold outlet temperature was specified to
104.5°C. AP across both sides was assumed to be zero. Number of stages in the desorber was
set to 6, which do no include condenser and reboiler. Murphree efficiency was set to 1.0. The
heated rich stream enters the desorber on stage 2. The condenser is a full reflux condenser,

were the product is vapor only. Operating pressure of the column was set to 2 bar with a
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reboiler temperature of 120°C. Reflux ratio was set to 0.3. The modified HY SIM inside-out
method was chosen as solver for this column. Damping factor was set to adaptive. The

bottom product enters a valve were pressure is reduced to 1.2 bar.

Vapor is flashed of the liquid and is separated by a two-phase separator. The separator is

operating at the conditions of the valve outlet stream, which are transferred automatically.

The bottom product, which is liquid, is pumped to the rich/lean heat exchanger by a lean

pump at 4 bar with a pump efficiency of 0.75. The lean stream goes through the rich/lean heat
exchanger where it exchanges heat with the rich stream. The heated rich stream is adjusted by
an ADJUST-operator in order to maintain a AT = 5°C in the heat exchanger. The hot outlet is

cooled down to 40°C by a cooler with a specified pressure drop of 2.9 bar.

The top product, which is vapor, is compressed up to 2 bar. The yellow line from the
compressor indicates that the temperature is out of temperature range. The compressed vapor
is returned to the reboiler. A solution to handle the high temperature of the compressed stream
has not been addressed in this thesis.

It was necessary to account for water and MEA loss in the absorber and desorber in order to
maintain material balances across the system. By using a spreadsheet, the total loss of water
and MEA was calculated and exported to the respective streams in the PFD. A recycle block
was inserted in order to transfer calculated values to the lean absorber feed. The removal
efficiency of CO, was calculated in the spreadsheet and an ADJUST-operator was, at the end
of the simulation, connected to the lean MEA stream in order to achieve 85% removal

efficiency. Spreadsheet of the simulation can be viewed in appendix C.

Table 3—6 Results from vapor recompression using Aspen HYSYS K-E & L-M

Kent-Eisenberg Li-Mather

Lean:
Molar flow [kmole/hr] 104933 kmole/hr 104394 kmole/hr
Mass fractions:

H,O 0.657 06595

CO, 0.0518 0.0509

MEA 0.2912 0.2896
Rich MEA to desorber temperature [°C]  98.54°C 97.83°C
Outlet compressor temperature [°C] 170.8°C 170.7°C
Equivalent energy consumption: 2.98 MJ/kg CO, 2.92 MJ/kg CO,

30



3.2.2 Aspen Plus/Equilibrium

The electrolyte insert file used in the base case was also used for the vapor recompression
configuration. The sour-, lean-, sweet- and rich streams were added with the values from
Table 3—1. Number of stages in the absorber was set to 10 with a Murphree efficiency of 0.25
on all stages. Operating pressure was set to 1.1 bar. A pump is added with a discharge

pressure of 2 bar and a pump efficiency of 0.75.
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Figure 3—16 PFD of vapor recompression using Aspen Plus Equilibrium

At this point, a heater was used instead of a HeatX model. The heater was at a later point

replaced by a HeatX model. The outlet temperature of the heater was specified to 104.5°C.

Numbers of stages in the desorber was set to 8, including condenser and reboiler. The
distillate rate was set to 4500 kmole/hr with a reflux ratio of 0.3. The heated rich stream
enters the desorber On-Stage 3, and the operating pressure was set to 2 bar. Murphree

efficiency was set to 1.0 on all stages.

In order to achieve a reboiler temperature of 120°C, a design-spec block was used. The

procedure for setting up the design-block can be found in Figure 3—6 to Figure 3-8.
The bottom product of the desorber goes through a valve where the outlet pressure is 1.2 bar.

Vapor flashes off and the stream enter a separator. In Aspen HYSYS, the separator retrieves
parameters automatically. This is not the case in Aspen Plus. The separator was provided with
pressure and temperature values from the valve outlet stream. Two transfer blocks was used,
one for valve outlet temperature and one for valve outlet pressure. These values were
transferred to the separator. The transfer blocks will come in handy if the user wants to
perform sensitivity analysis of various parameters. By using the transfer blocks, the user

won’t have to change the temperature and pressure specifications for the separator manually.
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The setup for the pressure transfer block can be seen in Figure 3—17 to Figure 3—19. The setup
for the temperature transfer block is the same.

+'From |JT|:| I JSequencel Stream Flazh I ED Options

— Flowszheet vanables from which information iz copied

™ Entire stream {* Block or stream vanable
Slream name:l vI
Type: Stream-Var j
™ Stream flow Strean: TO-FLASH j

Strear name:l vI Substream:  |MI<ED j
VW ariable: PRES jﬂ

{~ Substreamn

Strearn name; vI
Substream: vI

Figure 3—17 “From” tab of pressure transfer block

JFom To |JSequence| Stream Flash | EQ Optionz |

— Flovisheet waniables inta which infarmation is copied:

Faor copying a block or stream wariable:  “Yariable number: |;

—|dentify the vanable

Type: Block- W ar j
Block: FLASH =]

Variable:  |FRES ~| i)

Sentence;  |PARAM

Figure 3—18 “To” tab of pressure transfer block

o From | JTo JSequencel Stream Flash | ECQ Options |

Execution sequence

Ewecute: Block type: Block narme:

I IInit operation j I FLASH j

Figure 3—19 “Sequence” tab of pressure transfer block
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The top product of the separator goes through a compressor. “Isentropic using ASME

method” was selected as compressor type. An isentropic efficiency of 0.75 was selected.

The compressor outlet was selected to enter the desorber On-Stage 10, which is the reboiler.
The bottom product from the separator is pumped at 4 bar with a pump efficiency of 0.75 and
goes through the rich/lean heat exchanger. AP = 0 bar was assumed across the heat exchanger
on both cold- and hot side. Hot outlet/cold inlet temperature difference was specified to 5°C.

A shortcut model was used for the heat exchanger.

The hot outlet stream was cooled down to 40°C by a cooler with a pressure drop of 2.9 bar.
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In order to maintain the material balances through the system, the water loss and MEA loss
was accounted for by mixing the regenerated amine solution with makeup streams of water
and MEA. Two calculator blocks were used to calculate the exact amount of water and MEA
loss. The calculator is based on Fortran coding and can be seen in Figure 3-9 to Figure 3—11.
Initial values have to be used for the makeup streams in order for the simulation to start
iterating. At this point, values of mass fraction in the lean stream entering the absorber were

adjusted to match outlet stream of the mixer to try and get similar values.

Table 3—7 Results of vapor recompression using Aspen Plus Equilibrium

Lean/Lean-In:
Molar flow [kmole/hr] 111717/110850 kmole/hr

Mass fractions:

H,O 0.658/0.656

CO, 0.051/0.051

MEA 0.291/0.293
Rich to desorber temperature [°C] 96.9°C
Compressor outlet temperature [°C] 172.5°C
Equivalent energy consumption: 3.16 MJ/kg CO,

3.2.3 Aspen Plus/Rate-based

The sour-, lean-, sweet- and rich stream was added with values from Table 3—1. Number of
stages in the absorber was set to 10. The lean stream enters the absorber On-Stage 1 and the
sour stream enters On-Stage 10. Operating pressure was set to 1.1 bar. A design-spec block
was used to obtain 85% removal of CO; in the absorber. Procedure for design-block setup can
be seen in Figure 3-3 to Figure 3-5.
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Figure 3—20 PFD of vapor recompression using Aspen Plus Rate-Based

Regarding the packing material and such, the values remained the same for the absorber as for
the base case. These values can be seen in Table 3—4.

A rich pump was added with discharge pressure of 2 bar and a pump efficiency of 0.75. A
regular heater was used with a specified outlet temperature of 104.5°C. AP was assumed to be
zero. Numbers of stages in the desorber was set to 8, including condenser and reboiler.
Partial-vapor was selected as condenser type. Distillate rate was set to 4500 kmole/hr with a
reflux ratio of 0.3. The heated rich stream enters the desorber On-Stage 3. The operating
pressure was set to 2 bar and kept constant across the whole column. A design-spec block was
used to maintain 85% removal of CO; in the desorber. The user may experience convergence
problems regarding flooding in the column. By increasing the diameter of the packing
material, in this case from 7 meter to 7.5 meter, flooding was avoided. The diameter was

reduced to initial value at a later point.

Since the reboiler temperature does not depend on the distillate flow rate, the reboiler

temperature was kept as calculated by Aspen Plus.

The bottom product of the desorber goes through a valve reducing pressure down to 1.2 bar.
Vapor is flashed off and the stream flows into a separator. As explained previously, the
separator in Aspen Plus does not retrieve values automatically. Temperature and pressure
from the valve outlet stream was added manually at first. Two transfer blocks was added, one
for temperature and one for pressure. By using the transfer blocks, the user won’t have to
change the temperature and pressure specifications for the separator manually. Procedure for
setup of transfer blocks can be seen in Figure 3—17 to Figure 3—19. The top product of the
separator goes through a compressor. “Isentropic using ASME method” was selected as
compressor type. An isentropic efficiency of 0.75 was used.
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The compressor outlet stream enters the desorber on-stage 8. The bottom product is pumped
at 4 bar with a pump efficiency of 0.75. At this point, the regular heater was replaced by a
HeatX unit. The HeatX model had problems with convergence in rate-based simulation as
previously mentioned. The solution regarding HeatX unit in rate-based simulations can be

found in chapter 3.1.3. AP was assumed to be zero on both sides.

Hot outlet/cold inlet was specified to 5°C. The hot outlet was further cooled by a lean cooler
down to 40°C with a pressure drop of 2.9 bar.

In order to maintain the material balances through the system, the water loss and MEA loss
was accounted for by mixing the regenerated amine solution with makeup streams of water
and MEA. Two calculator blocks were used for this purpose. The calculator is based on
Fortran coding and can be seen in Figure 3-9 to Figure 3—11. Initial values have to be used
for the makeup streams in order for the simulation to start iterating. At this point, values of
mass fraction in the lean stream entering the absorber were adjusted to match outlet stream of

the mixer to try and get similar values.

Table 3-8 Results of vapor recompression using Aspen Plus Rate-based

Lean/Lean-In:
Molar flow [kmole/hr] 106125/106125 kmole/hr

Mass fractions:

H,O 0.654/0.654
CO, 4.36E%/437.E°
MEA 0.138/0.138
H;0" 2.74E2/2.74E "
OH' 6.65E°/6.66E°
HCO3 5.6E7/5.6E™
€032 2.04E7/2.04E7
MEA" 0.08/0.08
MEACOO 0.126/0.126
Rich to desorber temperature [°C] 102.9°C
Compressor outlet temperature [°C] 173.3°C
Energy consumption: 3.82 MJ/kg CO,
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3.2.4 Temperature profiles
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Figure 3—21 Temperature profiles in the absorber
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Figure 3—22 Temperature profiles in the desorber

3.3 Vapor recompression + split stream

In several theses’, regarding CO, capture, simulations of split stream configuration have
shown a fairly good reduction in energy consumption. Vladyslav shchuchenko(Shchuchenko
2011) calculated a reduction in 1.13 MJ/kg CO, removed comparing standard CO, removal
process with standard split-stream configuration.

Christian Berg(Berg et. al 2012) calculated a reduction of 0.65 MJ/kg CO, removed

comparing the same configurations. Christian Berg et al. changed the AT in the heat
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exchanger from 10°C to 5°C. As it has been shown in this thesis, the energy reduction is quite
favorable for vapor recompression. Based on the values mentioned above and the results in
this thesis, it would be of interest to see if a combination of the two configurations could

provide better results.

3.3.1 Aspen HYSYS

In this simulation, the number of stages in the absorber has been maximized in order to reduce

the equivalent energy consumption as much as possible.
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Figure 3—23 PFD of vapor recompression + split stream using Aspen HYSYS

The sour gas- and lean stream was added with the same values as for the base case. Number
of stages in the absorber was set to 10 at first but was later adjusted. Murphree efficiency =
0.25 was set to all stages. Due to the complexity of the system, the solver method for the
absorber was changed to “modified HYSIM inside-out” with damping factor set to adaptive.
Operating pressure was chosen to be 1.1 bar across the whole column. An ADJUST-operator
on the lean feed stream was used at first but failed to converge several times when the
removal efficiency in the absorber got close to 85%. The adjustments were therefore done
manually. A pump was added with a discharge pressure of 2 bar and a pump efficiency of
0.75. The rich stream goes through an LNG heat exchanger (multistream heat exchanger) with
an outlet temperature specified to 104.5°C. This was later adjusted. Number of stages in the
desorber was set to 6, which does not include condenser and reboiler. Murphree efficiency of
1.0 was specified to all stages. The heated rich stream enters the desorber on stage 2 and the

operating pressure was set to 2 bar. A full reflux condenser was chosen with a reflux specified
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to 0.3. Reboiler temperature was specified to 120°C in the “specs” tab. “Modified HYSIM

Inside-Out” solver was selected with damping factor set to adaptive.
The bottom product is split into two streams, semilean- and lean stream.

The split fraction is 0.39 and 0.61, respectively. The lean stream goes through a valve where
the pressure is reduced to 1.2 bar. The valve outlet goes into a separator operating at valve
outlet conditions. The top product, which is vapor, is compressed up to 2 bar and returned to
the reboiler. The yellow line from the compressor indicates that the temperature is out of
temperature range. The bottom product is pumped at 4 bar with a pump efficiency of 0.75
through the LNG exchanger. The outlet temperature of the lean stream is reduced to 40°C by
a cooler with a pressure drop of 2.9 bar. It was necessary to account for water and MEA loss
in the absorber and desorber in order to maintain material balances across the system. By
using a spreadsheet, the total loss of water and MEA was calculated and exported to the
respective streams in the PFD. A recycle block was inserted in order to transfer new
calculated values to the lean absorber feed. The semilean stream is pumped at 3 bar with a
pump efficiency of 0.75 through the LNG exchanger. A SET-operator was used between the
cold inlet stream and the semilean outlet stream. This was done to ensure a AT = 5°C between
the two streams. In the spreadsheet, a AT was calculated between the hot lean outlet stream
and the cold inlet stream. An ADJUST-operator was then connected to the cold outlet stream

to adjust its temperature, so the AT calculated in the spreadsheet would maintain 5°C.

The semilean outlet stream was further cooled by a semilean cooler down to 40°C with a
pressure drop of 1.9 bar. A recycle block was added and connected to the semilean stream to
make sure that no problems occurred. Before connecting the semilean stream to the absorber,
the simulation was put in holding mode. The semilean stream was connected and the molar
flow of the lean feed was adjusted down 75000 kmole/hr. Holding mode was then switched
off. After the simulation had found a solution, number of stages was increased by one stage at
the time. The user must remember to specify Murphree efficiency of 0.25 on the added stages.
To achieve an 85% removal of CO,, the lean molar flow rate was adjusted down to 66800
kmole/hr and number of stages was increased to 15. By adding more stages the column could
not converge. The yellow lines before the separator and on the lean liquid stream indicates a
higher wt-% of MEA than 30 wt-%. The wt-% warning has been assumed to be negligible.

Spreadsheets can be seen in appendix D.
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Table 3—9 Results of vapor recompression + split stream using Aspen HYSYS K-E & L-M

Kent-Eisenberg Li-Mather

Lean:
Molar flow [kmole/hr] 66800 kmole/hr 66400 kmole/hr
Mass fractions:

HO 0.659 0.66

CO, 0.052 0.051

MEA 0.289 0.289
Semilean:
Stage entry 7 9

Molar flow [kmole/hr]
Mass fractions:
H,O
CO,
MEA
Rich MEA to desorber temperature [°C]

Outlet compressor temperature [°C]

40938.5 kmole/hr

0.646
0.056
0.298
101.8°C
170.8°C

40820.3 kmole/hr

0.648
0.055
0.297
101°C
170.7°C

Equivalent energy consumption:

3.12 MJ/kg CO,

3.03 Ml/kg CO,
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3.3.2 Aspen Plus/Equilibrium
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Figure 3—24 PFD of vapor recompression + split stream in Aspen Plus

The sour-, lean-, sweet- and rich stream was added with values from Table 3—1. Number of
stages in the absorber was set to 10 with Murphree efficiency of 0.25 on all stages. Operating
pressure of the column was 1.1 bar. Maximum iterations were set to 100 to make sure the
column would converge. A pump was added with a discharge pressure of 2 bar and a pump
efficiency of 0.75. A simple heater was used as a starting point for the multistream heat
exchanger. Outlet temperature was set to 104.5°C and AP across the heater was assumed to be
zero. Number of stages in the desorber was set to 8, including condenser and reboiler. The
distillate rate was set to 4500 kmole/hr but was adjusted by using a design-spec to obtain a
reboiler temperature of 120°C. The procedure is the same as in Figure 3—6 to Figure 3-8. A
reflux ratio of 0.3 was chosen. Operating pressure was set to 2 bar with a Murphree efficiency

of 1.0 on all stages.

The bottom product is split into two streams; semilean- and lean stream. The split fraction of
the lean stream is 0.61. The lean stream goes through a valve where the pressure is reduced to
1.2 bar. Two transfer blocks are used to transfer outlet valve temperature and pressure to the
separator. This is done to make it easier to run sensitivity analysis. The transfer block setup
procedure can be seen in Figure 3—17 to Figure 3—19. The separator is given temperature and
pressure estimates to get the iterations going. The top product of the separator is compressed
up to 2 bar using the isentropic ASME model as a compressor type. Isentropic efficiency was
set to 0.75. The compressor outlet enters the desorber On-Stage 8, which is the reboiler. At
this point, the heater was replaced by a MHeatX model and the outlet streams selected
together with their respective inlets. Outlet temperatures of the lean and semilean stream are

used as specifications.

40



The bottom product of the separator is pumped at 4 bar, with a pump efficiency of 0.75,
through the heat exchanger. AP across the heat exchanger was assumed to be zero. The lean
outlet temperature was set to 49.75°C. The lean stream is further cooled by a cooler down to
40°C with a pressure drop of 2.9 bar. In order to maintain the material balances through the
system, the water loss and MEA loss was accounted for by mixing the regenerated amine
solution with makeup streams of water and MEA. Two calculator blocks were used for this
purpose. The calculator is based on Fortran coding and can be seen in Figure 3-9 to Figure 3—
11. Initial values have to be used for the makeup streams in order for the simulation to start
iterating. At this point, mass fraction in the lean stream entering the absorber was adjusted to
match outlet stream of the mixer in order to get similar values. The semilean stream is
pumped at 3.5 bar with a pump efficiency of 0.75 through the heat exchanger. AP across the
heat exchanger was assumed to zero. The semilean outlet was set to 49.75°C. The semilean
stream is further cooled by a semilean cooler down to 40°C with a pressure drop of 2.4 bar.

The semilean stream is connected to the absorber, entering On-Stage 6.

The lean flow rate was set to 75000 kmole/hr and further adjusted in order to obtain 85%

removal of COa,.
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Table 3—10 Results of vapor recompression + split stream using Aspen Plus Equilibrium

Lean/Lean-In:
Molar flow [kmole/hr]
Mass fractions:
H,O
CO,
MEA
Semilean:
Stage entry
Molar flow [kmole/hr]
Mass fractions:
H,O
CO,
MEA
Rich to desorber temperature [°C]

Compressor outlet temperature [°C]

69500/69973 kmole/hr

0.659/0.66
0.05/0.051
0.291/0.29

6
42804 kmole/hr

0.646
0.056
0.298
100°C
172.5°C

Equivalent energy consumption:

3.19 MJ/kg CO,

3.3.3 Aspen Plus/Rate-based

The rate-based example file found in the AspenTech folder was used for this simulation.

The sour-, lean-, sweet- and rich stream was added with values from table 3-1. Number of

stages in the absorber was set to 10. The lean stream enters the absorber On-Stage 1 and the

sour stream enters On-Stage 10. Top stage pressure was set to 1.1 bar.
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Figure 3—25 PFD of vapor recompression + split stream using Aspen Plus Rate-based

Table 3—11 Parameters used for rate-based calculations in the absorber and desorber

Absorber Desorber
Reaction condition factor 0.9 0.9
Liquid holdup 0.0015 m’ 0.0015 m’
Packing material Sulzer Mellapak 250Y Sulzer Mellapak 250Y
Packing stages 1-10 2-7
Section diameter 17 meter 7.5 meter
Section height 12 meter 12 meter
Flow model Mixed Mixed
Interfacial area factor 1.2 1.0
Liquid film resistance phase Discrxn Discrxn
Vapor film resistance phase Film Film
Liquid film discretization points 5 5

A pump was added with a discharge pressure of 2 bar and a pump efficiency of 0.75. A

regular heater was added with a specified outlet temperature of 104.5°C.

AP across the heater was assumed to be zero. Number of stages in the desorber was set to 8§,

which includes condenser and reboiler. Partial-vapor condenser was selected. Condenser

pressure was set to 2 bar and kept constant. Distillate rate was initially set to 5500 kmole/hr

with a reflux of 0.3. The heated rich stream enters the desorber On-Stage 3. A design-spec
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block was used to maintain 85% removal of CO, in the desorber. As mentioned previously,
the user may experience divergence and flooding at this point, regarding the desorber. This
problem can be avoided by increasing the section diameter. This was done in this simulation
but was at a later point decreased to its original value. Since the reboiler temperature does not
depend on the distillate rate in rate-based calculations, the reboiler temperature was kept as
calculated by Aspen Plus.

The bottom product is split into two streams; semilean- and lean stream. The split fraction for
the lean stream is 0.61. The lean stream goes through a valve where pressure is reduced to 1.2
bar. Vapor is flashed and the stream goes into a separator. 1.2 bar was used as separator
pressure and 105°C was used as an initial value. A transfer block was used to transfer the
valve outlet temperature to the separator. Transfer block procedure can be seen in figure 3-15
to figure 3-17. The top product of the separator was compressed up to 2 bar using the
isentropic ASME model as compressor type. Isentropic efficiency of 0.75 was used. The
compressor enters the desorber On-Stage 8, which is the reboiler. The bottom product of the

separator was pumped at 4 bar with a pump efficiency of 0.75.

The semilean stream enters a pump with a discharge pressure of 3 bar and a pump efficiency
of 0.75. At this point, the heater was replaced with a MHeatX unit and inlets and outlets were
connected. Two streams needs to be specified in order for the heat exchanger to run. Semilean
outlet- and lean outlet temperature was specified to be 5°C higher than the rich inlet
temperature. AP on all sides was assumed to be zero. This was done manually as there is no
specification regarding cold inlet/hot outlet temperature difference when using a MHeatX
unit. The semilean outlet was further cooled to 40°C using a cooler. AP across the semilean
cooler was set to 1.9 bar. The semilean cooler was not connected to the absorber at this point.
The lean outlet was further cooled to 40°C using a cooler. AP across the lean cooler was set to
2.9 bar.

In order to maintain the material balances through the system, the water loss and MEA loss
was accounted for by mixing the regenerated amine solution with makeup streams of water
and MEA. Two calculator blocks were used for this purpose. The calculator blocks can be
seen in figure 3-9 to figure 3-11. Initial values have to be used for the makeup streams in
order for the simulation to start. Mass fraction in the lean feed was adjusted to match outlet
stream of the mixer in order to get similar values. At this point, the outlet of the semilean
cooler was connected to the absorber. The semilean stream enters the absorber On-Stage 6.
The molar flow rate of the lean feed was adjusted down to 65000 kmole/hr. A design-spec
block was used to maintain 85% removal of CO; in the absorber.
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Table 3—12 Results of vapor recompression + split stream using Aspen Plus rate-based

Lean/Lean-In:
Molar flow [kmole/hr]
Mass fractions:

H,O

CO,

MEA

H;0"

OH

HCO5

COs™

MEA"

MEACOO
Semilean stage entry:
Stage entry
Molar flow [kmole/hr]
Mass fractions:

H,O

CO,

MEA

H;0"

OH

HCO5

COs™

MEA"

MEACOO
Rich MEA to desorber temperature [°C]

Outlet compressor temperature [°C]

62098.4/62098.4 kmole/hr

0.657/0.657
3.69E%/3.71E*
0.146/0.146
2.46E"2.47E"
7.1E%/7.09E™
5.1E*%/5.1E™
1.9E%/1.9E"
0.08/0.08
0.12/0.12

6
36401.7 kmole/hr

0.634
3.47E®
0.153
24E"
7.2E°
458
2.0E”
0.08
0.13
106.7°C
173.8°C

Equivalent energy consumption:

4.105 Ml/kg CO,
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3.3.4 Temperature profiles
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Figure 3—26 Temperature profiles in the absorber
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Figure 3—27 Temperature profiles in the desorber
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3.4 Calculation strategies in Aspen HYSYS

The user will most likely experience convergence problems in the absorber and desorber. One
solution is to manipulate any input specifications in the design/specs tab up and down to see if
this might have an effect. The second solution is to change the solver for the column in which
the problem is occurring. Change the solver from “Inside-Out algorithm” to “Modified
HYSIM Inside-Out algorithm” with damping factor set to “Adaptive”.

Number of stages also has an impact on convergence. If the user has specified too many

stages in a column, the column will diverge.

A problem with the Kent-Eisenberg and Li-Mather model is the wt-% of MEA and the
temperature in a stream, which is limited to 30 wt-% MEA and 125°C. Even though these
problems occur, the simulation will still be calculated with warnings and yellow streams (91
2007).

Convergence problems will occur more often the more complex a simulation becomes.
The adjust-operator is used instead of adjusting parameters manually, e.g. absorber efficiency.

For a complex simulation, the efficiency of the adjust-operator decreases and the simulation
will tend to diverge. A mix of adjusting parameters manually and using an adjust-operator

was used to achieve convergence for most of the Aspen HYSYS simulations.

3.5 Calculation strategies in Aspen Plus

Aspen Plus is more complicated simulation software compared to Aspen HYSYS.

When using Aspen Plus, the simulation should be run after a unit is added to the PFD. This is
done to avoid problems and unnecessary waste of time. If a simulation displays many errors
and warnings, the errors and warnings must be located and fixed. By running the simulation

after a unit 1s added, this can be avoided.

Aspen HYSYS uses features like adjust, recycle and spreadsheet and are not available in

Aspen Plus. Aspen Plus uses design-spec- and calculator blocks.

A design-spec block is used when a certain result is wanted, e.g. removal efficiency in the
absorber. The user selects which parameter to vary and the lower and upper limit of the
parameter that is to be varied. A calculator block is based on FORTRAN coding. The user
chooses which parameters that are to be included in the code and where it is to be exported to.
If the design- and calculator blocks are not specified correctly, the simulation will not start or

it will not converge. See chapter 3.1.2 on how to set up such blocks correctly.

If a simulation is completed without using any of these features, it can be difficult to
implement such blocks on a unit or stream. The user should implement them from the start of

a simulation.

When using a design block, divergence may still occur. If the range between the lower and

upper limit is to big or to low, the simulation might diverge.
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Sometimes a unit will not converge simply because Aspen Plus wasn’t able to perform

enough iterations. Number of iterations can be increased; maximum is 200 iterations.

Another problem that may occur is that stages in columns dry up. By adjusting flow rate or
number of stages in the column, the simulation will usually converge. Another solution is to

reset the simulation to start from the beginning.

Rate-based simulations are more complex due to extra parameters that are needed in order to
run the simulation. Same problems as mentioned above will occur but might occur more
frequent. In rate-based simulations, the user specifies the height and width of a column and
what type of packing material that is being used. Flooding may occur, especially in a
distillation column, if the diameter is to low. By increasing the diameter, the flooding will be

reduced.

If a design-block is used on a distillation column when running rate-based calculations and
flooding occurs, the lower and upper limit of the design-spec block should be monitored when

increasing the section diameter.
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4 Variation of parameters

Some parameters have been changed in order to see the impact it would have on the energy

consumption.

4.1 Valve outlet pressure

By increasing the pressure drop across the valve, the reboiler duty decreases. However, the
compressor duty increases. In order to compare compressor- and reboiler duty, the
compressor duty was multiplied with 4 in order to get equivalent duty. The valve outlet

pressure was varied from 0.8 — 1.2 bar.

4.1.1 Vapor recompression

Table 4—1 Variation of valve outlet pressure for vapor recompression

Equivalent energy consumption [MJ/kg CO;]

Pressure [bar] 0.8 0.9 101 1.1 1.2

AspenHYSYS K-E 310 3.00 298 298 2098
AspenHYSYS L-M 310 298 293 292 292
AspenPLUS Eq 328 320 320 320 3.16
AspenPLUS RB 388 382 380 3.80 382
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Figure 4—1 Variation of valve outlet pressure for vapor recompression
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A variation of the valve outlet pressure results in a reduction in equivalent energy
consumption varying from 0.06 — 0.18 MJ/kg CO, removed. A valve outlet pressure of 1.2
bar gives the lowest equivalent energy consumption for most of the models. A more detailed
study will show that optimum outlet pressure lies between 1.1 — 1.2 bar. Due to small
difference in equivalent energy consumption, 1.2 bar has been used as optimum valve outlet

pressure.

4.1.2 Vapor recompression + split stream

Table 4-2 Variation of valve outlet pressure for vapor recompression + split stream

Equivalent energy consumption [MJ/kg CO;]

Pressure [bar] 0.8 0.9 1.01 1.1 1.2

AspenHYSYS K-E 313 311 310 312 3.12
AspenHYSYS L-M 3.08 3.05 3.03 303 3.03
AspenPLUS Eq 330 324 320 3.18 3.19
AspenPLUS RB 410 4.08 408 4.07 4.11
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Figure 4-2 Variation of valve outlet pressure for vapor recompression + split stream

By varying the valve outlet pressure from 0.8 — 1.2 bar, the improvement is less for the vapor
recompression combined with split stream configuration than it was for vapor recompression.

In this configuration, 1.2 bar was used as optimum valve outlet pressure.
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4.2 Flue gas temperature

The flue gas temperature was varied from 30°C to 40°C. While varying the flue gas
temperature, the lean feed temperature was kept constant at 40°C. The removal efficiency in
the absorber was kept constant at 85%. The temperature variation for vapor recompression

and vapor recompression combined with split stream was performed at a valve outlet pressure
of 1.2 bar.

421 Base case

Table 4-3 Variation of flue gas temperature for base case

Energy consumption [MJ/kg CO;]

Temperature [°C] 30 31 32 33 34 35 36 37 38 39 40

HYSYS K-E 331 332 334 335 336 338 340 342 344 346 348
HYSYS L-M 317 3.19 321 3.23 325 327 330 332 335 338 342
AspenPLUS Eq 3.17 3.18 320 3.21 324 325 327 330 332 334 337
AspenPLUS RB 416 4.16 4.1 4.18 4.19 420 421 422 423 425 426
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Figure 4-3 Variation of flue gas temperature for base case

All models have an increase in equivalent energy consumption when varying the flue gas
temperature from 30 - 40°C. Aspen Plus rate-based gives the lowest increase of 0.1 MJ/kg
CO; removed while Aspen HYSYS Li-Mather gives the highest increase of 0.25 MJ/kg CO,
removed.
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4.2.2 Vapor recompression

Table 4—4 Variation of flue gas temperature for vapor recompression

Equivalent energy consumption [MJ/kg CO,]

Temperature [°C] 30 31 32 33 34 35 36 37 38 39 40

HYSYS K-E 287 287 289 289 290 291 292 294 295 296 298
HYSYS L-M 278 278 280 281 283 284 286 2.87 2.88 290 292
AspenPLUS Eq 297 298 3.00 3.01 3.02 3.04 3.06 3.07 3.09 3.11 3.13
AspenPLUS RB  3.72 3.73 374 3.75 3.775 3.776 3.77 3.78 3.79 3.81 3.82

3,90

370 =¥
Aspen HYSYS/K-E

3,50 —&— Aspen HYSYS/L-M
Aspen Plus/Equilibrium
3,30 Aspen Plus/Rate-Based

3,10 —F

2,90 |

Equivalent energy consumption (MJ/kg CO2]

2,70
30 31 32 33 34 35 36 37 38 39 40
Temperature [°C]

Figure 4—4 Variation of flue gas temperature for vapor recompression

All models have an increase in equivalent energy consumption when varying the flue gas
temperature from 30 - 40°C. However, the increase is closer to each other in this

configuration compared with the base case. Aspen Plus rate-based gives the lowest increase of
0.1 MJ/kg CO, removed while Aspen Plus equilibrium gives the highest increase of 0.16
MJ/kg CO; removed. Regarding the Kent-Eisenberg, Li-Mather and rate-based models, the
temperature of the lean stream from the heat exchanger was below 40°C when the flue gas
temperature varied from 30 - 32°C. The lean cooler was therefore not needed because it is not
beneficial to heat the lean stream back up to 40°C. The temperature in the lean feed to the

absorber was adjusted accordingly.
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4.2.3 Vapor recompression + split stream

Table 4-5 Variation of flue gas temperature for vapor recompression + split stream

Equivalent energy consumption [MJ/kg CO,]

Temperature [°C] 30 31 32 33 34 35 36 37 38 39 40

HYSYS K-E 3.0 3.01 3.01 3.02 3.03 3.04 3.05 3.07 3.09 3.10 3.12
HYSYS L-M 288 289 291 292 293 295 296 298 3.00 3.01 3.03
AspenPLUS Eq 3.12 3.04 3.06 3.07 3.09 3.11 3.11 3.14 3.15 3.18 3.17

3,20

3,15
Aspen HYSYS/K-E

310 — = "~ Aspen HYSYS/L-M
Aspen Plus/Equilibrium
3,05 T

300 =TT = gai

2,95 -

Equivalent energy consumption [M)/kg CO2]

2,90

2,85

30 31 32 33 34 35 36 37 38 39 40
Temperature [*C]

Figure 4-5 Variation of flue gas temperature for vapor recompression + split stream

Both of the Aspen HYSYS models have an increase in equivalent energy consumption while
the Aspen Plus equilibrium model has a slight reduction from 30 - 31°C. Aspen Plus
equilibrium model gives the lowest increase of 0.05 MJ/kg CO, removed while Aspen
HYSYS Li-Mather gives the highest increase of 0.15 MJ/kg CO; removed. The Aspen Plus
rate-based model has not been included due to convergence problems and difficulties with the
simulation. Regarding both Aspen HYSYS models, the temperature of the lean stream from
the heat exchanger was below 40°C when the flue gas temperature varied from 30 - 32°C. The
lean cooler was therefore not needed because it is not beneficial to heat the lean stream back

up to 40°C. The temperature in the lean feed to the absorber was adjusted accordingly.

53



4.3 Various parameters

Due to time consuming simulations, the valve outlet pressure and flue gas temperature were
the only parameters that were varied in these simulations. A more complete study of
parameter variation would include variation of Murphree efficiency, lean flow rate and
number of stages. In Aspen HYSY'S the number of stages in the absorber have been

maximized for vapor recompression and vapor recompression combined with split stream.

In Aspen Plus, however, number of stages in the absorber has been kept constant at 10 stages.
This is due to the complexity of the program and difficulties running simulations.
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5 Discussion

There has been performed a lot of work on simulating CO, capture at TUC. However, most of
this work is focusing on one simulation tool at the time and Aspen HYSYS has been the

preferred tool.

For the base case, a AT = 10°C in the rich/lean heat exchanger has been used in earlier studies
performed at TUC. The minimum temperature approach was then decreased to 5°C when
simulating other configurations. In all the cases in this thesis, including base case, simulations
was performed using a AT = 5°C. The reason for this is to get a better perspective on the

improvement when simulating other configurations.

Kent-Eisenberg- and Li-Mather model gave approximately the same results, but the Li-

Mather model was a little bit lower.

The Kent-Eisenberg model tends to diverge more often when a configuration gets more
complex. This may affect adjust-operators used in the simulation and manual adjustments
may be required. Convergence problems occurred in the simulations, especially for vapor
recompression combined with split stream, and manual adjustments of the lean absorber feed
and mass fractions was necessary to achieve 85% removal of CO,. As can be seen in the
spreadsheets in the appendix, the removal efficiency varies from 85.0 — 85.27%. This is due
to manual adjustments of the lean absorber feed. It is assumed that this difference is negligible
and that the energy consumption would not be affected. However, there are uncertainties

connected to this because small changes can have a big effect on different process parameters.

The Li-Mather model is a more solid model than Kent-Eisenberg. The time for the iterations
to complete 1s longer than for the Kent-Eisenberg model, but convergence will most likely be

achieved.

In order to convert compressor duty to equivalent steam consumption, an efficiency of 0.25

was assumed. A further study on this efficiency and its accuracy should be performed.
The vapor recompression configuration has been simulated like described in chapter 2.7.

Outlet temperature of the compressor is calculated to 170.7 — 173.8°C. In literature, it is said
that the compressed vapor returns to the reboiler at 2 bar and 120°C. It is uncertain what
extent this temperature difference will have on the reboiler duty. There are several solutions
for cooling down the compressed vapor. By using a cooler after the compressor, the
temperature can be decreased to 120°C. When doing this, the vapor will condense and
approximately 95% of the flow will be liquid. By injecting liquid instead of vapor back into
the reboiler, the reboiler duty will increase.

Another solution is to compress the vapor in several steps and have water injection in between
the compressor stages. A problem by doing this is that when compressing a vapor flow from 1
bar to 2 bar, the amount of compressor stages required are low. Uncertainties on how to

handle the high temperature are high and a further study should be performed. A study on
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degradation of MEA should also be performed regarding the conditions of the compressed

vapor in these simulations.
Espen Hansen is one of few who have compared different simulation tools.

Uncertainties are connected to comparing the results in this thesis with results from Espen
Hansen(Hansen 2011). He used a AT = 10°C in the rich/lean heat exchanger while a AT =

5°C was used in this thesis.

For the equilibrium model in Aspen Plus, Espen Hansen used the rate-based example file
located in the AspenTech folder. This file contains old parameter sets. An electrolyte insert
file was used for this thesis, which resulted in lower energy consumption. A description about
this electrolyte insert file can be found in chapter 3.1.2.

For the rate-based model, Espen Hansen experienced problems with the rich/lean heat
exchanger. Two heaters were used instead with approximately the same duty.

A HeatX unit was used in the simulations in this thesis and convergence problems occurred.

To get the HeatX model to converge, the section diameter of the desorber was increased to a
point where convergence was achieved. The section diameter was then reduced to its original
value later in the simulation. This resulted in lower energy consumption compared with Espen
Hansen. The difference in energy consumption was calculated to approximately 0.2 MJ/kg
CO:.. It was stated that the optimum pressure before compression was 1.2 bar for all the cases.

From the profiles in chapter 4.1 it can be seen that this may not be the case.

For vapor recompression using the Aspen Plus rate-based model, the equivalent energy
consumption increases when increasing the pressure from 1.1 — 1.2 bar. Rate-based
calculations proved to be very difficult so this will most likely have an impact on the results.

For vapor recompression combined with split stream using Kent-Eisenberg, the equivalent
energy consumption increases when the pressure is increased from 1.01 — 1.2 bar. In complex
configurations, divergence occurred more often when using Kent-Eisenberg. This resulted in

uncertainties regarding the accuracy of manual adjustments.

When the flue gas temperature was varied for vapor recompression combined with split
stream using the Aspen Plus equilibrium model, the equivalent energy consumption decreased
by 0.08 MJ/kg CO, when the temperature was increased from 30 - 31°C. This result is
relatively small and may be a result of manual adjustments and the complexity of the
configuration. Except for the Aspen Plus equilibrium model, all cases showed the same trend
when varying the flue gas temperature. Temperature variation for vapor recompression
combined with split stream using the rate-based calculations was not included. This was
because of the difficulties of using the rate-based model.

The reason for including the combination of vapor recompression and split stream in this
thesis was the reduction potential for the vapor recompression- and split stream configuration.
Christian Berg et.al calculated an improvement of 0.65 MJ/kg CO, for split stream compared
to the base case. They calculated an improvement of 1.0 MJ/kg CO, for vapor recompression

compared to the base case.
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The combination of the two configurations was therefore simulated to see if the reduction

potential was greater or lower than the separate configurations.

This was not the case. The equivalent energy consumption for the combination was between
0.1- 0.3 MJ/kg CO; higher than that of vapor recompression.

The reason for this can be a combination of several things. The flow rate of the compressed
vapor entering the reboiler is less, about 40%, than in that of vapor recompression. The stream
entering the desorber has a larger flow rate, which is about 80000 kg/h, than in that of vapor
recompression. A higher flow rate into the desorber will lead to a higher steam demand for

the reboiler but will also result in greater heat loss in the rich/lean heat exchanger.

When comparing the cases, it can be seen that the energy consumption for the Kent-
Eisenberg, Li-Mather and the Aspen Plus equilibrium model are approximately the same for
all configurations. The rate-based calculations are approximately 0.8 — 1.0 MJ/kg CO2 higher
in all the configurations. This is because of the example file that was used for the rate-based
calculations, which contains a different set of parameters compared to electrolyte insert file

used in the equilibrium simulations.
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6 Conclusion

Three different configurations were simulated using two different simulation tools, Aspen
HYSYS and Aspen Plus. The configurations that were simulated were a base case, vapor
recompression and vapor recompression combined with split stream. Kent-Eisenberg and Li-
Mather were used in the Aspen HYSYS simulations while eNRTL (electrolyte Non-Random

Two-Liquid) was used for the equilibrium and rate-based calculations in the Aspen Plus.

The CO; removal efficiency was kept constant at 85% in all cases. A Murphree efficiency of
0.25 was used in almost all cases. Murphree efficiency was not used in the rate-based
simulations due to the presence of ionic species. In all Aspen HYSYS simulations besides for
the base case, 15 stages were used in the absorption column. For the Aspen Plus simulations,
10 stages were used in absorption column. A AT = 5°C was used in the rich/lean heat

exchanger for all simulations.

The energy consumption for the standard configuration was calculated to 3.37 — 4.26 MJ/kg
CO,. The Aspen Plus equilibrium model calculated the lowest energy consumption while the
Aspen Plus rate-based model calculated the highest.

The equivalent energy consumption for the vapor recompression configuration was calculated
to 2.92 — 3.82 MJ/kg CO,. The equivalent energy consumption is equal to reboiler duty + 4
times compressor duty. The Aspen HYSYS Li-Mather model calculated the lowest
equivalent energy consumption while the Aspen Plus rate-based model calculated the highest.
The optimum pressure before compression was found to be 1.2 bar for except for the rate-
based calculation of vapor recompression combined with split stream.

The equivalent energy consumption for vapor recompression combined with split stream was
calculated to 3.0 — 4.1 MJ/kg CO,. The Aspen HYSYS Li-Mather model calculated the lowest
energy consumption while the Aspen Plus rate-based model calculated the highest. The

pressure before compression was kept at 1.2 bar.

The different models and tools calculated an improvement in equivalent energy consumption
for vapor recompression varying from 0.2 — 0.5 MJ/kg CO,. The Aspen Plus equilibrium
model calculated the lowest improvement while Kent-Eisenberg and Li-Mather calculated the
highest. For vapor recompression combined with split stream, the improvement was
calculated to 0.15 — 0.39 MJ/kg CO,. The Aspen Plus rate-based model calculated the lowest
improvement while Aspen HYSYS Li-Mather model calculated the highest. This process

configuration proved difficult to simulate using the rate-based model.

The results indicate that the vapor recompression configuration is considered to be the most
reasonable configuration for reducing the energy consumption. This is in agreement with
earlier studies. The most optimum process configuration and most optimum process

parameters were calculated to be the same in almost all the simulation models.
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Appendix A Thesis description

NN

Telemark University College
Faculty of Technology

FMH606 Master’s Thesis

Title: Vapour recompression in absorption and desorption process for CO, capture
TUC supervisor: Associate Professor Lars Erik @i

Task Description:

Aim:

Calculate the energy reduction potential using vapour recompression in CO, capture from
atmospheric exhaust based on absorption in monoethanolamine.

Tasks:

1. Evaluation of earlier projects on process simulation of CO, capture using different process
configurations like split-stream and vapour recompression.

2. Simulations of CO, capture especially using vapour recompression under different conditions
and using different process simulation programs like Aspen HYSYS and Aspen Plus.

3. Calculations of the energy optimum conditions and search for a process with minimum energy
consumption for CO, desorption.

4. Evaluation of uncertainties in the calculations.

Background:

The most studied method for removal of CO; from atmospheric exhaust is by the help of amine
solutions. Aspen HYSYS has been much used in student projects at Telemark University
College for process simulation of CO, removal. There are several possibilities to improve the
existing models. Split-stream and vapour recompression are possible configurations.

Adress: Kjolnes ring 56, NO-3918 Porsgrunn, Norway. Phone: 35 57 50 00. Fax: 35 55 75 47.
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from a Gas Based Power Plant”, SIMS2007 Conference, Geteborg 30.-31.10.2007.
Internett: http://www.ep.liu.se/ecp/027/008/ecp072708.pdf

i, L.E., Vozniuk, I1.0. (2010). Optimizing CO, absorption using split-stream
configuration, Processes and Technologies for a Sustainable Energy (PTSE), Ischia, Italy,
27-30.6. Available at http://www.combustioninstitute.it/proc/proc2010/papers/VIII2.pdf

(30.8.2010).

i, L.E., Shchuchenko, V. (2011). Simulation of energy reduction in CO, absorption
using split-stream configurations, 4™ International Scientific Conference on Energy and
Climate Change, Athens, Greece, 13-14.10. Available at
http://www.promitheasnet.kepa.uoa.gr/

images/4th Conference 2011/proceedings 4thconf 2011.pdf (23.12.2011)

Student: Stian Kvam

Practical arrangements:

The work will mainly be carried out at Telemark University College.

Signatures:

Supervisor (date and signature): - |

Student (date and signature): (/7 ~ j= St (LA P
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Appendix B Aspen HYSYS base case spreadsheet

i Spreadsheet: SPRDSHT-1 =100 x|
—Current Cell
Ezpartable =
[ a1 Yariable: | Angles in: I
A B C D E
2 CO2 Sow Gas | 1395327563 ka/h Q-Rebailer 4.125e+008 k) /h
3 CO2 Sweet Gas | 20926.4751 ko/h Masslow CO2 | 118486.4363 ka/h
4 CO2 Remowval EFf. 85.00 % | |
5 Energy Consumptio 3.482
g H20 Sow Gas | 57035000 kgmele,
7 HZ20 loss Abs | 84638337 kgmols,
g H20 loss Des | 24457523 kgmale.
3 H20 loss Total | 5206.09 kgmoale/h
. 1o
| MEA loss Abs | 30,3023 kamole/h
12 MEA logs Des 0.6502 kgmoleh
13 MEA loss Total | 30,9525 kgmole/h
14
15
16
17
18
19
20
<] i
Connections I Parameters I Formulas  Spreadsheet | Caloulation Order I User ¥ ariables I MNotes ]
Delete | Funection Help... | Spreadshest Only... |

Figure B—1 Spreadsheet for base case using Kent-Eisenberg

i Gpreadsheet: SPROSHT-1 -0 x|

Current Cell

Eyportable r

e Wariable: | Angles in; I 'l

A B C D E F Py
1
2 H20 Loss Sweet | 63468362 kamale, | O-Reboler | 4.070e+008 ki/h | m
3 H20 Loss 002 | 22656261 kgmole: | Massflow CO2 | 119162.3940 ka/h |
4 H20 Sour Gas | 57035000 kgmole: | —
] H20 Total Loss | 4908.96 kgmalesh Energy Con. 3416 | Ml/kg
5
7 MEA Loss Sweet | 23.7837 kamoleh
g MEA Logs CO2 | 0.5548 kgmalesh
] MEA Total Loss | 30,3385 kgmale/h
10
11 CO2 SourGasz | 139532 7563 kgth
12 CO2 Swest Gas | 20929.8990 kosh
13 Removal Eff. 85.00 %
14
15
18
1 ? . -
18
19 I T I 5

"~ Conriections I Pararneters IFc-rmuIas Spreadsheet | Calculation Order J 1) zer Yariables JNotes]

Delete | Function Help... | Spreadsheet Orly... | I~ Ignored

Figure B-2 Spreadsheet for base case using Li-Mather
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Appendix C Aspen HYSY'S vapor recompression spreadsheet

" spreadsheet: SPROSHT-1 -1l =l
Current Cell
‘Wariable Type: I ;I Exportable ra
EN Va[iable:l Angles i I Rad 'l
|=e8e9/1000
A B [ D E | F -
1
- —
3
4 -+ . .
5 “H20 Sour Gas | 57035000 kgmoles ~ Pllash | 1200kPa |
B H20 Loss Absorber | 8337.4317 kgmole. Q-reboiler 3.238e+008 kJ/h
7 H20 Loss Desarbe | 1108.1340 komole. {-compressor 7133+ 006 kl/h
a Total H20 Loss | 4292.07 kgmole/h Q-equivalent | 3523e+008 kJ/h |
9 CO2 massflow = 1180547249 kg'h
10 | MEA Loss Absorbe | 325021 kgmolesh | | | I
11 || MEA Loss Desorbe 01220 kgmalesh | Energy Consumptio Mdskg |
12 Total MEA Loss | 326241 kgmale/h [ [ [
13 _  3.238e+008 [
14 C02 Sour Gas | 1395327563 kgth |
15 C02 Sweet Gas 207195719 kgsh |
16 CO2 Remaval 85.15 %
17
18
19
20
2 =
"~ Connections I Parameters I Formulas  Spreadsheet | Calculation Order ] User Variables j Motes |
Delete I Function Help... I Spreadshest Only... | ™ lgnored
Figure C—I Spreadsheet for vapor recompression using Kent-Eisenberg
Spreadsheet: SPRDSHT-1 101 x|
~Current Celt
Egportable ~
D20 Wariable: | Angles in: I 'I
A E D E -
7
2 CO2 Sour Gas | 139532 7563 kgsh O-Febailer | 3171e+003 kb | [
3 COZ Sweet Gas | 209359786 ka/h G-Compressar | 7.138e+006 kl/h
4 Absorber EF, 85.00 Q-Equivalent |  3.457e+008 kl/h
a i ) Mazs Flow CO2 | 118575.2550 ka/h
E H20 Sour Gas | 5703.5000 kgmole:
T H20 Logs Sweet | 88733180 kgmole. Energy Con, 2915
g H20 Loss CO2 | 9763375 kgmole/t
9 H20 Loss Tatal | 4146.16 kgmelesh
10
11 MEA Lozs Sweet | 321202 kagmole/h
12 MEA Loss CO2 0.0915 kgrmole/h
13 MEA Loss Total | 32.2117 kamolesh
14
15
16
17
18 g
<] ] »
"~ Cannections I Farameters I Formulas  Spreadsheet | Calculation Order I User Yarables J Motes |
Delete | Function Help... | Spreadsheet Only... | I Ignored

Figure C-2 Spreadsheet for vapor recompression using Li-Mather
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Appendix D Aspen HYSY'S vapor recompression + split stream

spreadsheet

=i Spreadsheet: SPRDSHT-1 — |0l x|
~Current Cell
YWariable Type: I LI Ezportable v
E19 “Wariable: I Angles in; I
A B | C D E F

7

2 CO2 Sow Gas | 1395327563 kg/h O-Rebailer | 3.530e+0083 kJ/h

3 CO2 Sweet Gas | 205528863 kath | O-Compressor | 4.395e+006 kl/h

4 Absorber Eff. B5.27 G-Equivalent | 3.706e+008 k/h

5 CO2 Mass Flow | 118933.4980 ka/th

B H20 Sour Gas | 5703.5000 kgmole: | ]

7 H20 Loss Sweet | 8344.0862 kgmole. Energy Con. 3116

8 H20 Logs CO2 | 1533.3557 kgmole. |

g H20 Loss Total | 4673.94 kamale/h |

10

11 MEA Loss Sweet | 320411 kgmale/h |

12 ME& Logs CO2 | 02492 kamaleh

13 MEA Loss Total | 32,2303 kgmale/h

14

15 | RichtoHX Temp 221C

16 | Lean to Cooler Ten 47.21C

7 dr 5000C |

18 I

19 il

20

4] 2+
"~ Canrections I Paramneters I Formulas  Spreadsheet I Calculation Order I U ser Variables I Mates |

Delete | Function Help... | Spreadsheet Only... | ™ Ignored

Figure D—1 Spreadsheet for vapor recompression + split stream using Kent-Eisenberg

Figure D-2 Spreadsheet for vapor recompression + split stream using Li-Mather
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i Spreadsheet: SPRDSHT-1 o o] |
~Current Celt
Wariable Type: I ;l Ezpaortable v
B18 Wariable: I Anglesin: I
A B C 5] E 3k

7

2 CO2 Sour Gas = 139532 7563 ka/h O-Rebailer 3.428e+008 k) W

3 CO2 Sweet Gas | 20627.9547 ka'h Q-Compressor 4, 403e+006 kJ/h

4 Abscrber Eff. | B5.22 _Q-Equivalent | 3605e+008 kl/h

3 COZ Mags Flow | 118333.5655 kath

5 H20 Sour Gas | 5703.5000 kgrmole.

7 H20 Loss Sweet | 57880315 kgmole: Energy Con. 3.029

8 H20 Loss 002 | 1347 2452 kgmole.

] H20 Loss Total | 4431.78 kgmole/h

10

11 MEA Loss Sweet | 316635 kamale/h

12 ME& Lass CO2 0.1878 kgmolz/h

13 MEA Loss Total | 31.8412 kagmole/h

14

15 Rich to Hx Temp | 4286 C

16 | Leanto Cooler Ten 4756 C

17 dT 5.002C

18 il

13 b
[0 4
"~ Connections I Parameters I Formulas  Spreadsheet | Caloulation Onder I I ser Varisbles ] Motes |

Delete | Function Help.... | Spreadsheet Only... | I lgrored



