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Electrifying a calciner with clean energy can cut fuel emissions and produce a stream of relatively pure CO5 from
the calcination reaction (CaCO3 — CaO + CO3), which can be utilized or stored. A fluidized bed calciner offers a
high heat transfer coefficient and requires low gas flow rates for operation. The design of such a reactor is studied
in this work. It is not possible to fluidize raw meal directly, so a binary mixture of coarse lime particles and fine
raw meal is used. The commercial Barracuda CPFD software is applied. The model was first validated against

experimental results and then used to find an optimized design. The results indicate that the suggested pilot-scale
fluidized bed calciner can operate between 10 and 16 t/h of raw meal feeding with a calcination degree above
90% and with negligible coarse particle entrainment. The calciner needs 0.05-0.09 kg-COy/kg-raw-meal for the
operation, so the required gas recycling is low. Overall the calciner operation is smooth, and such a design could
be used for electrification combined with CCUS.

Introduction

The cement industry emitted around 2.5 Gt of CO2 in 2021, making it
the second largest emitter in the industrial sector [1]. Without emission
abatement steps, this number is expected to rise as the cement demand
will most likely increase by 12-13 % in 2050 [2]. Despite improving
energy efficiency and using alternative fuels, the emissions are high due
to the CO4 generated from the decomposition of calcite (i.e., CaCO3 —
CaO + COy), which is the key ingredient. The CO, generated from calcite
decomposition accounts for around two-thirds of the emissions [2].
Around 94% of the calcite decomposition happens inside the cement
calciner. The calcite decomposition consumes about 1.7 MJ/kgCaCOs3
[3], so the calciner is the most energy-intensive equipment in the cement
industry.

Today, cement calciners are usually based on the entrained flow
concept wherein the flue gases from the combustion entrain the particles
through the reactor [4], while heat is transferred to the solids by direct
contact with the hot combustion gases. The flue gas is a mixture of gases
such as Ny, CO9, NOy, SOy, and CO» can be captured from the flue gas for
utilization or storage (CCUS).

Post-combustion capture technologies, such as amine based CO,
extraction, could be used to reduce CO, emissions [5]. However, such a
technology is energy-intensive, as regeneration of standard amine
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solutions consumes around 3.7 MJ/kg-CO, [6]. Alternatively, oxy-fuel
technology could be employed [7]. In this technology, a high concen-
tration of CO can be produced by burning a carbon-rich fuel with pure
oxygen instead of air. Despite the energy penalty related to the air
separation unit (ASU), the oxy-fuel combustion consumes less energy
than amine-based capture. Implementing this technology in the cement
industry will however affect all the equipment in the kiln system and
therefore lead to a high capital cost [8]. Another alternative is the
indirectly heated calcium looping (IHCaL) technology [9,10]. IHCaL
utilizes a calcium based sorbent (limestone), which circulates between a
carbonator and a calciner. The sorbent captures the CO5 in the carbo-
nator, and this captured CO; is then released in the calciner. The IHCaL
concept indirectly heats the calciner through sodium filled heat pipes
which get its energy from an external combustor [9]. Indirect heating of
the calciner produces a relatively pure CO3 from limestone decomposi-
tion, and this CO, can be further processed for utilization or storage.
Alternatively, the calciner in cement clinker production could be
externally heated to directly capture CO; released from the raw material
(mainly limestone) [8]. This concept of direct capture is being studied in
the Low Emissions Intensity Lime And Cement (LEILAC) project [11,12],
which uses an externally heated long vertical tube as a calciner (drop
tube calciner). The raw meal is fed from the top of this tube, and the
heated tube provides energy for heating and calcite decomposition while
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the meal drops down due to gravity.

As the share of renewables increases in electricity production, the
cement calciner could preferably be heated by electrical energy instead
of fuel combustion. Electrical heating will act like a direct capture
technology to produce relatively pure CO5 from the calcite decomposi-
tion step. A study indicates that this technology may be cost-competitive
against the post-capture technology of amine scrubbing [13]. Compared
to a system with a coal-fired calciner, the emissions from the kiln system
could be reduced by 78% by electrifying just the calciner [14].

The entrained flow calciner, the reactor concept used in the industry
today, may be challenging to electrify as it requires a lot of gas recycling
to compensate for the absence of flue gases from the combustion process
[15]. This can increase the duty of the calciner by 20% compared to
calciner designs with no recycling, as the sensible heat loss from the gas
exiting the calciner increases [14]. Designs such as the drop tube
calciner [11,12] and the rotary calciner [16] may instead be used, as
these technologies do not require any gas to be recycled. However, the
heat transfer in these systems may not be very efficient and therefore a
huge heat transfer area is required. This means that the system will in-
crease in size and have a larger surface area, which will increase the
losses from the external calciner surface through convection and radi-
ation. The electrified fluidized bed calciner technology may offer a so-
lution here as it has a high heat transfer due to good bed mixing [17,18].
So, the surface heat loss will be minimized. Further, the operation ve-
locities are low, requiring low gas recycling. Thus, the sensible heat loss
from the gas exiting from the system is also low [14]. Hence, this
technology seems to be a promising option for electrified calcination
combined with CCUS.

The raw meal (raw material mixture heated to produce clinker) is a
cohesive powder and hard to fluidize, as the particles belong to the
Geldart C [19] category in the classification system developed by Gel-
dart [20]. However, it may be possible to fluidize Geldart C particles by
mixing them with Geldart B particles, which are easily fluidized [19]. By
operating at an appropriate velocity, the Geldart C particles could
simultaneously be segregated from the Geldart B particles in the bed.
This technology was demonstrated by Kato et al. by fluidizing fine
limestone particles in a calciner called a Powder Particle Fluidized Bed
[21]. Tashimo et al. [22] conducted several tests with limestone of 2 —
64 um mixed with coarse sand of 420 — 840 um to demonstrate the
calcination of limestone with this technology.

Even though Tashimo et al. [22] demonstrated the fluidized bed
calciner technology operating with binary particles, the feeding rate of
fine particles was extremely low compared to the gas required from the
bottom. This means that a full-scale system requires high gas recycling,
which could lead to high sensible heat loss, as demonstrated in a pre-
vious article [14]. Tashimo et al. [22] used only the gas from the bottom
to entrain the fine particles from the system. However, the calcination
reaction also produces COy gas as high as 0.44 kgCO,/kgCaCOs, ac-
cording to stochiometric balance. The COy production could be
increased by increasing the feeding rate of fine particles (containing
calcite), which could be used to entrain fine particles. This will signifi-
cantly reduce the gas required from the bottom of the bed. Furthermore,
to minimize changes in the product’s chemical composition, in cases
where perfect separation of coarse and fine particles is not possible, lime
(calcined limestone) particles may be used as the coarse fraction in the
mixture.

This study aims to demonstrate a fluidized bed calciner design
operating with binary particles, potentially requiring a lower gas from
the bottom than previously demonstrated by Tashimo et. al. [22]. The
design is studied by means of computational particle fluid dynamics
(CPFD) simulations. The commercial Barracuda ver 22.1.0 CPFD soft-
ware is utilized for simulations.

To fulfill the main aim, the objectives of the study are to 1) establish
a CPFD model of a fluidized bed calciner, 2) validate the model with
experimental results, 3) utilize the validated model to simulate the
calciner operating with a raw meal feeding between 10 and 24 t/h. This
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feed rate is about 10% of that in a full-scale system. Hence, the present
study is relevant for a pilot-scale system, which may later be up-scaled to
a full-scale industrial system.

Methods
Calciner description

The design and dimension of the fluidized bed calciner operating
with binary particles are shown in Fig. 2.1. The fluidized bed calciner is
designed to handle a binary mixture of raw meal and coarse lime, as it is
not possible to fluidize raw meal alone. The coarse particles are assumed
to be lime, so even if some of this is eroded in the bed, the effect will be
less pronounced downstream as the calcined raw meal mainly consists of
lime. The design features two chambers, and the binary mixture is flu-
idized with CO,.

The first chamber is at the bottom and is called the mixing chamber
as its main role is to mix the fine raw meal with the coarse heated
particles in the bed, and thereby provide efficient heat transfer to the
meal. The mixing chamber is heated by heating elements placed inside
the vertical sections. The particle mostly flows parallel to the vertical
sections, so the erosion risk is lower when compared to inserted hori-
zontal heating rods (an alternative configuration not studied in this
article). The raw meal enters the mixing chamber from three locations,
gets fluidized by the fluidized coarse lime particles, and gets enough
energy to be heated and calcined while being in contact with the inert
phase. Several feeding locations improve the meal distribution across
the bed, thus improving the heat transfer.

The calcination process releases CO», which entrains the particles to
the second chamber, which is called the segregation chamber. The
segregation chamber is designed to entrain the calcined raw meal but
not the coarse particles; they will remain in the bed. If some coarse
particles are entrained, they could be replenished by feeding a make-up
stream along with the raw meal. The calcined raw meal exits from the
outlet end, i.e., at the top of the calciner.

The designed calciner is evaluated with CPFD simulations, as
described in subsequent sections. The properties of particles used in
simulations are shown in Fig. 2.2. The raw meal’s composition and
particle size distribution (PSD) is taken from experimental work and
used in the simulations. The PSD of coarse lime is assumed to have a
normal distribution with a mean of 600 um and a standard deviation of
50 um. Pure CO; is fed from the bottom of the calciner for fluidization.

CPFD method

CPFD is a method to simulate multiphase solid-gas flow. The com-
mercial CPFD software Barracuda ver 22.1.0 was used in this work.
CPFD uses a unique multiphase-particle-in-cell (MP-PIC) method where
the fluid phase is solved in the Eulerian cell. In contrast, the particle
phase is solved both in the Eulerian cell and as Lagrangian particles
[23,24]. The particles in the Lagrangian phase are represented by nu-
merical particles (or parcels), where each parcel represents several
physical particles of similar size, velocity, and position [23,24]. As
particles with the same characteristics will likely behave similarly in the
reactor, it is not necessary to compute the behavior of every physical
particle. Instead, a statistically significant number of numerical particles
is applied to represent the physical particles. Computationally intensive
properties such as particle stresses are more efficiently calculated in
Eulerian cells because there are fewer Eulerian cells than particle parcels
[23]. This method can efficiently handle a range of particle phases from
dilute to dense, different PSDs, and different particle materials.

Governing equations
The volume-averaged continuity and momentum equation for the
fluid phase are shown in Egs. (1) and (2) [25]. Here, my, is the mass
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Fig. 2.1. Design and dimensions (m) of the fluidized bed calciner studied in this work.

e==Raw meal ===Coarse lime

100
80
60
40

20

Cumulative volume [%]

0 200 400 600 800
Particle diameter [um]

b)

%]
o

77.2

©
o O o o

o o

13.5
I 32 19 18 05 16 03

Weight fraction [%]
= N W g U o N

o o

O O 9O O

o o ™
& F " £ L

&
e@w Y (3

Fig. 2.2. Particle characteristics with a) PSD of raw meal and coarse lime particles, b) raw meal composition.

generation rate of fluid per volume due to particle-fluid chemical re-
actions, 6y, us and p; are the volume fraction, velocity, and density of the
fluid, respectively. The CPFD model uses the ideal gas law to compute
the gas density. Vp is the pressure gradient across flowing gas, 1y is the
fluid stress tensor, g is the acceleration due to gravity, and F is the
momentum exchange rate from gas to particle per unit volume, which
will be discussed later in this section.

a0

% +V o (Grurpy) = ity @
(O

% +V e (Opupur) = —Vp—F +0ppg+V o (6,7) @

The fluid stress tensor (ty) is given by Eq. (3) [25]. Here, y is the fluid
viscosity which is the sum of laminar shear viscosity (taken from [26])
and turbulence viscosity (4,). The CPFD model uses the turbulence
model of large eddy simulations (LES). In the LES model, large eddies are
directly resolved, while the eddies smaller than the mesh are modelled
with the turbulence viscosity (y4,) given by Eq. (4), based on Smagor-
insky’s model [27]. Here A is the sub-grid length scale (assumed to be
given by Eq. (5) [25] where dx, dy, and dz represents each cell size in the
computational domain), and C is model constant (assumed to be 0.01

[251).
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py = CpA°

A = {/sum(dxdydz) (5)

The transport equation is solved separately for each gas species based
on their mass fraction (Y;) and this is given by Eq. (6) [25]. Here, D, is
the turbulent mass diffusivity, which is related to the turbulent Schmidt
number (Sc;, with a standard value of 0.9 [25]) by Eq. (7) and m; chem
represents the mass transferred between gas species due to chemical
reactions.

0(0;p, Yy,

%“F Ve (H_[prfyf.i) =Ve (prxevK/,[) +m[.clmm (6)
M _

oD, Se, (7)

The energy balance of the fluid phase is then given by Eq. (8) [25].
Enthalpy (Hy) and specific heat capacity (C,s) of the fluid mixture are
taken from previous work [14]. ¢ is the viscous dissipation term, Qis the
energy source and S, is the energy exchange from particles to fluid
phase. qf" in fluid heat flux and this is given by Eq. (9). Further Ty is the
temperature of fluid, k; is the sum of molecular conductivity (taken from
[26]), and eddy conductivity (k¢,) which is related to turbulent Prandtl
number (Pr;, with standard value of 0.9 [25]) given by Eq. (10). g, is the
enthalpy diffusion term and this is given by Eq. (11) [25].

0(0rpHy op
% +V o (O;p;Hyur) = 0 <E + usp) +¢-V
o (6r47) + O+ Si+dp+4d, ®)
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Wbt p, a0
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The momentum exchange from fluid to particles (F) and energy ex-
change from particles to gas (Sy) are given by Egs. (12) and (13) [25].
These terms connect the momentum and energy balance between the
fluid and particles phase. Here, H, and C,, are the enthalpy and specific
heat capacity of the particles, which are taken from previous work [14].
The change in mass of particles per time (i.e. dm,/dt) depends on
chemical kinetics which will be described in a later section. D is the drag
function which is also discussed in a later section.

F ://f{m,, {D(uf — up) —inp} }dm,,du,,dT,, 12)
14
dr,| d
Sn :///f{mp {D<”p - ”f)z =Gy dl, ] _% {Hp
1

474(up4_zq)2} }dn%dude; a3)

2

finEq. (12) is the particle distribution function which is a function of
particle mass (m,), particle density (pp), particle velocity (u,), particle
temperature (T},), spacial position (x;), and time (t) [23,25]. The evo-
lution of f is governed by the Liouville equation given by Eq. (14) [23].
The Eulerian equation for particles is then given by taking moments of
Eq. (14) and multiplying it by m, and m,u, [23].
of

PR Ve (fi,) +V o (fAypa) =0 14
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The energy balance of the particles is given by Eq. (15) by assuming a
lumped-heat Eq. [25]. Here, A, is the surface area of particles and h, is
the heat transfer coefficient between the fluid and the particles, and this
is further discussed in a later section.

dT,

V= A (T T) as)

m,C,

The acceleration of the particles is modelled with a Blended Accel-
eration Model (BAM) and is given by Eq. (16) [28]. Here, 6, is the
particle volume fraction, and g (6,) is the blending function which is a
function of particle volume fraction [28]. The relative motion between
particles of different sizes and densities is lower than that between
particles of the same size and density [28]. This factor becomes more
important with a denser packing of particles. So, BAM has separate ac-
celeration terms at close-pack conditions (4, ,) and at dilute packing of
particles (A,) and these are given by Egs. (17) and (18) [28]. As the
packing of particles increases (or 6, increases), A,, becomes more
important, while A, becomes important at low packing conditions (or ¢,
low). At close pack conditions, all the particles are assumed to have the
same averaged drag function (D) and drag-averaged particle velocity
(@,) which can be found in literature [28].

Appi = 81(0,)Ap0 + [1-21(6,) ]A, (16)
_Oup _ RN 3 b
A, = o D(us —uy) Py Vp+g 6r, Vr, aa7)
— ~ 1
Apep =Dy —it,) ——Vp+g— V1, (18)

Pp 0P,

The particle—particle interactions are modelled with particle normal
stress (z,) given by Eq. (19) [24]. Here, ¢ is a small number to avoid
numerical error when the particle volume fraction (6,) in any Eulerian
cell becomes equal to its maximum packing given by close pack condi-
tions (6;,). The parameters P and $ are chosen to be 1 and 3 based on
recommended values [29].

P,0,’

7 = max[0,, — 0,,e(1 - 0,)] 19

Drag model

The interphase drag function (D) is used to couple particle and fluid
phases, and several models, including the Ergun and Wen-Yu drag
models, could be used in simulations. The Ergun drag model was
developed for dense phase regions, given by Eq. (20) [30]. Here, the
Reynolds number (Re) is given by Eq. (21). The recommended values of
2 and 180 are used for the model coefficients ¢, and c¢; [29],
respectively.

cib, Pr (”f - ”p)
D= - 2
<9./Re - CU) dp/)p 0
d, - Yp
Re= 4””‘“; | (21)

The Wen-Yu model [31] was developed for single particles and then
modified to include the dependence on the fluid void fraction (6f). The
drag coefficient (C;) based on the Wen-Yu model is given by Eq. (22),
and the interphase drag function (D) is related to the drag coefficient
(Cq) by Egs. (23) [29]. The recommended values of 1, 0.15, 0.44, —2.65,
and 0.687 are used for the model coefficient c,, ¢, ¢, n,, and n;
respectively [29].
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The Wen-Yu drag model is more appropriate for dilute flows, while
the Ergun drag model is more appropriate for dense flows. Using a blend
of the two may capture the best of both drag models. The blended drag
function (D) is given by Eq. (24). Here, D, is the drag function from the
Wen-Yu equation and D, is the drag function from the Ergun equation.

D19p < 0.750cp

(D, — D,)(6, — 0.750,,)
0.856,, — 0.756,,
D10, > 0.850cp

D=

+D,0.750,, < 6, < 0.856,, 24

Heat transfer
The heat transfer coefficient between the particles and the fluid (h,)
is given by E. (25) [32,29]. Pr is the Prandtl number given by Eq. (26).

ks

hy = (0.37R" P 10.1) - (25)
D
pr=FCu 26)
ks

The heat transfer between fluid and wall happens at the wall
boundary, defined by a constant surface temperature. The fluid-to-wall
heat transfer coefficient (hy,) is given by Eq. (27) [33,29]. Here, f; is the
fraction of the contact time of the dense phase with the wall and is given
by Egs. (28) [29]. The dense (hy) and lean (h;) phase heat transfer co-
efficients are given by Egs. (29) and (30) [33,29]. Re, and Re, are
Reynolds numbers based on Eulerian cell length and particle size,
respectively.

hpy = hy + faha 27)
0y
fa=1—exp| — 100— (28)
o
0.75kf
ha = 0.525Re, T (29)
D
ke

;= (0.46 o Re}* o Pr*¥ 1 3.66) (30

L

The radiation heat transfer from wall to particles (g,,) is modelled
with a near-wall model and is given by Eq. (31) [29]. Here, A,, is the area
of the wall, T, is the temperature of the wall, T, is the particle tem-
perature, ¢ is the Stefan-Boltzmann constant, F,, is the view factor be-
tween wall and particles (calculated within the software at each instance
based on particle volume fraction, diameter, and local geometry), and
&up is the volume-weighted average particle emissivity, which is given by
Eq. (32). g, is the volume-averaged particle emissivity, and e, is the
specified emissivity of the wall.

Guwp = AwF‘wpewp(y(Tw4 - Tp4) (31)
11 B

Ewp = <€— + 6'_ - 1) (32)
P w

Reaction kinetics
The calcination reaction (CaCO3 — CaO + COy) is the main reaction
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in the calciner. Calcium silicates (mainly belite) can also form inside the
calciner when raw meal is calcined [34]. However, the calcination re-
action dominates and can explain the decomposition mechanism of
CaCOg inside the calciner [34], so only the calcination kinetics are
included in this study.

The calcination kinetics can be described with a shrinking core
model according to which the reaction rate is determined by in-
terrelationships between 1) heat transfer to particles and through the
product layer, 2) decomposition of calcite, and 3) diffusion of CO,
through the product layer [35]. The resistance from heat transfer and
CO-, diffusion through the product layer is usually small for particles in
the micrometer scale [36], so the heat transfer to the particle surface and
decomposition of calcite may dominate the reaction kinetics. Heat
transfer to the particle surface was already discussed in the previous
section. The decomposition of calcite is given by Eq. (33) [37]. Here,
dmy;/dt is the decomposition or formation of each component j in the
meal, M; is the molecular mass of the component j, 9; is the stochiometric
coefficient of the calcination reaction, p.,2 is the partial pressure of CO5
in calciner, Ay, . is the surface area of the calcite particles, and Ay is the
excess area fraction coming from voids inside the particles (usually be-
tween 1 and 5 [37]). Further, kp is the rate kinetics and p,q is the
equillibrium pressure given by Egs. (34) and (35) [37].

dm).'

d;j = M;9;kp (Peq —sz)AEﬂASP~f ¢

—4026
kp = 1.22 x 10*5exp( ) .

P
—20474

Peg = 4192 x 10‘2exp< =l ) 2

P

Materials and experimental method

The CPFD model relies on three physical phenomena to be experi-
mentally validated, 1) hydrodynamics, 2) heat transfer, and 3) reaction
kinetics.

The hydrodynamics of the fluidized bed was validated with previous
experimental work with a lab-scale fluidized bed operating at ambient
conditions [38]. The experiments were conducted with fine and coarse
alumina particles with the PSDs shown in Fig. 2.3. Alumina was used for
experiments as the density ratio between alumina and ambient air is
close to the density ratio of lime and CO; at 900 °C. With a similar
density ratio, alumina particles in cold conditions become comparable
to lime particles in hot conditions. The fine alumina was white in color
while the coarse alumina was brown [38]. So, it was possible to visually
observe the segregation. An X-ray diffraction (XRD) analysis of coarse
alumina revealed the presence of impurities such as Fe;Os, which
probably gave it the brown color. Fine alumina in contrast had negli-
gible impurities [38].

e==Fine alumina e==Coarse alumina
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0 50 100 150 200 250 300 350 400
Particle diameter [um]

Fig. 2.3. PSD of alumina particles used in experiments.
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The experimental setup of the lab-scale fluidized bed rig is shown in
Fig. 2.4 (adapted from [38]). The experimental rig comprises an airflow
controller, a distributor plate, a vertical tube, and a particle separation
system. The flow controller supplies a constant flow rate of air, which
passes through the distributor plate to distribute evenly across the ver-
tical tube. Above the distributor, the air meets 2 kg of particles con-
sisting of 25% fine alumina and 75% coarse alumina. The entrained
particles can then be collected in a container equipped with a filter
through which the gas can escape.

A lab-scale rotary kiln was used to validate both heat transfer and
reaction kinetics by calcining raw meal. The hydrodynamics inside the
rotary kiln is different from those in the fluidized bed as the powder
moves due to the inclination and rotation of the rotary drum. However,
the convection and radiation properties of the raw meal powder in
contact with the wall should be similar if the hydrodynamics are correct
in both designs. Further, raw meal decomposes in both designs, so the
reaction kinetics should also be comparable.

The PSDs and composition of the raw meal used for experiments are
shown in Fig. 2.2. The experimental setup for the rotary kiln is shown in
Fig. 2.5. The rig consists of a rotary tube with three heating zones and
one cold zone. The rotary tube is placed inside a heating box, which is
heated with silicon carbide heating elements. The raw meal is fed from
the cold zone, and each hot zone temperature can be independently
controlled. The hot zone end is permanently sealed with an insulation
plug. A thermocouple is inserted inside the tube such that its tip is 6 cm
away from the insulation plug. A rotameter-controlled stream of N2/CO4
can flow through the tube to keep an inert or pure CO, environment in
the rotary tube.

The experiments are started by feeding 200 g of raw meal into the
cold zone. The zone 1 temperature is set at 975 °C, and zones 2 and 3 are
set at 650 °C (zones shown in Fig. 2.5), so the system starts to heat up. Ny
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=
—
=
=
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is then purged at a high flow rate (400 Nml/min) from the cold zone end
to keep the raw meal cool and to remove all the air. After around 2 h, Ny
is replaced with CO, at the same flow rate. Once the system is at a
pseudo-steady state, the direction of CO3 is reversed (i.e., gas is now fed
from the hot zone end), and the flow rate is reduced to 150 Nml/min.
The calciner is tilted to 15° and rotates at 37 RPM. The raw meal travels
to zone 1, and the internal thermocouple picks up the particle temper-
ature. The experiments are continued for around 15 mins. After 15 mins,
the calciner is inclined back, and the cold-flow lid is opened to get all the
particles outside. The remaining particles inside the tube are scraped off
with scrapes, and the calcination degree is measured on the collected
sample by comparing the loss on ignition (LOI) of the calcined meal
against the raw meal.

LOI is measured by first placing the sample at 950 °C for around 5 h
in a muffle furnace to release all the CO5. Then the weight is measured
before and the after the test to determine the LOL.

Simulation setup

Three geometries are drawn in SolidWorks, including 1) the cold-
flow fluidized bed rig, 2) the hot-flow rotary kiln, and 3) the hot-flow
fluidized bed calciner. The number of cells in the mesh for these three
geometries are 75174, 58050, and 92840, corresponding to an average
cell size of 7, 5, and 95 mm, respectively. The hot-flow fluidized bed
calciner was also simulated with a finer mesh of 150,917 cells, and the
difference in pressure drop between the coarse and the fine mesh was
lower than 5%. The chosen cell size was seen as acceptable, and the
results are mesh independent. The meshed geometries are shown in
Fig. 2.6.

The simulation time step was controlled with the Courant-Frie-
drichs-Lewy (CFL) number, which was set between 0.8 and 1.5, as

Fig. 2.4. Experimental setup of lab-scale fluidized bed rig (adapted from [38]).
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a) Picture of experimental setup
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b) Schematic of experimental setup
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Fig. 2.5. Experimental rig for rotary kiln.
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Fig. 2.6. Meshing for a) cold-flow fluidized bed, b) rotary kiln, c) fluidized bed calciner.

recommended by the user manual [29]. All the simulations were con-
ducted until a pseudo-steady state was achieved. The time-averaged
results were obtained by averaging the spacial results at an interval of
2 s in the pseudo-steady state region of the simulation.

The cold-flow fluidized bed calciner has cold air entering from the
bottom boundary and leaving from the outlet boundary at the top.
Simulations are conducted at an isothermal temperature of 300 K. The
rotary calciner has a constant temperature boundary condition in each
of the three wall zones, and the temperature value is the same as in the
experiments. The CO, produced from the calcination reaction exits from
the cold outlet end of the rotary tube. The rotation and inclination effect
of the rotary kiln was simulated by rotating the gravitational boundary
conditions. The rotary kiln was rotated at 37 RPM and inclined at 15°,
similar to experimental conditions.

The fluidized bed calciner has CO entering at the bottom boundary
at 912 °C. The vertical sections in the rig (heaters) are kept at a constant
temperature of 1100 °C. The calciner is initially filled with 13562 kg of
coarse lime particles. The raw meal is fed from three locations, as shown
in Fig. 2.1. Some COxz is also fed with the raw meal to assist the feeding.
The flow rates, inlet mass fluxes, and inlet temperature of raw meal and
CO5, are shown in Table 2.1.

Table 2.1
Inlet boundary conditions of raw meal, conveying gas, and fluidizing gas for
fluidized bed calciner.

Stream Mass flow rate  Inlet mass flux Temperature
[t/h] [kg/(m?s)] el
Raw meal inlet 10—20 173—416 750
Conveying CO, for 0.120 2.1 750
raw meal
Fluidizing CO, from  0.728 0.06 912
bottom

Results and discussions
Model validation

The model is first validated at cold-flow conditions in the fluidized
bed. Experimental results showed that good mixing was achieved at a
superficial air velocity of around 0.18 m/s, and there was negligible
particle entrainment. The air velocity was increased to 0.9 m/s, where
94% of fine particles were entrained. The segregation was confirmed
visually as the fine particles were white while the coarse particles were
dark brown.
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The simulations were conducted with the Wen-Yu drag model for
fine alumina and the blended Ergun and Wen-Yu model for coarse
alumina particles. The results showed negligible fine or coarse particle
entrainment at 0.18 m/s. The entrainment was observed at 0.9 m/s,
where 93% of the initial 0.5 kg of fine alumina was entrained from the
bed (see Fig. 3.1). So, the hydrodynamics was successfully validated,
and the model could be used for further simulations.

The heat transfer and reaction kinetics were then validated at the
rotary kiln hot-flow conditions. During the experiments, a calcination
degree of 69 % was achieved within 850 s. The particle temperature was
continuously measured during the experiments.

Initial simulations were conducted with the Wen-Yu drag model for
raw meal. However, the raw meal started to fluidize in the simulations
due to CO5 produced from the calcination reaction. This revealed that
the chosen drag model was not appropriate for rotary kiln simulations
with raw meal particles. The raw meal particles are cohesive and stick to
the wall when present as bulk particles. This phenomenon was simulated
by reducing the drag predictions from the CPFD model by multiplying
the predicted drag with a small number of 0.01. A comparison of the
predicted particle temperature and calcination degree from the CPFD
simulations and the experimentally measured values are shown in
Fig. 3.2. The particle temperature from the CPFD simulations is taken
from the region of the thermocouple, and the calcination degree is taken
by accounting for all the particles, to be consistent with the experimental
results. The match between the two temperature profiles is very good.
The final calcination degree from simulations was predicted to be 68%,
close to the experimental calcination degree. So, the heat transfer and
reaction kinetics were successfully validated. The validated hydrody-
namics, heat transfer, and reaction kinetics model made it possible to
simulate the fluidized bed calciner with acceptable accuracy.

Simulation of fluidized bed calciner

The fluidized bed calciner was simulated using the validated drag
model from the cold-flow fluidized bed and the heat transfer and reac-
tion kinetics model from the hot-flow rotary kiln. The raw meal feeding
was increased from 10 to 24 t/h in steps until a pseudo-steady state was
achieved at each flow rate. A comparison of the inlet flow rate of raw
meal, the outlet flow rate of the calcined meal, and the outlet flow rate of
coarse lime are shown in Fig. 3.3. Further, the steady-state calcination
degree and CO5 production at different feeding rates are shown in
Fig. 3.4.

The outlet flow rate of the calcined meal and coarse lime fluctuates as
the system is not perfectly mixed. Due to imperfect mixing, some
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particles stay longer inside the bed than others which causes the mass
flow rate to either overshoot or undershoot at a particular instance. The
fluctuations are high as particle flow tends to be more heterogenous
when compared to fluid flow. The average of the fluctuations at each
raw meal feed level is also shown in Fig. 3.3.

The mass flow rate of the calcined meal is lower than the raw meal
feeding rate due to the mass lost from CO; released in the calcination
reaction. The results show negligible coarse entrainment at a feeding
rate of raw meal between 10 and 16 t/h. The entrainment of coarse
particles at a low flow rate of 0.1 t/h started from the raw meal feeding
of 16 t/h. The entrainment depends on gas velocity inside the calciner,
which is dependent on the gas flow rate. As the inlet gas flow rate is
constant, the gas flow rate is mainly affected by the CO production rate.
The production rate of CO5 depends on two factors: 1) Calcination de-
gree: At a higher calcination degree, more CaCOs is getting converted to
CO., thereby increasing the gas production, 2) Mass flow rate of raw
meal: At a higher mass flow rate of raw meal (CaCO3), an identical
calcination degree will produce more CO,. The calcination degree
dropped with increasing particle flow rate due to insufficient heat
transfer. However, the CO, production kept increasing due to the
dominance of the second factor (higher mass flow rate of raw meal).
Increasing the raw meal feeding from 22 to 24 t/h decreased the CO4
production rate because the first factor (lower calcination degree)
dominated. The gas flow rate at 24 t/h is still higher than at 16 t/h,
increasing the entrainment of coarse particles to around 0.7 t/h.

The calcination degree was reduced below 90% at a feeding rate
higher than 16 t/h. In a commercial calciner, it is desired to have a
calcination degree higher than 90% [14]. So, the designed calciner can
be operated within the raw meal feeding range from 10 to 16 t/h. At
these feeding rates, a pure COy of around 0.33 kg-COy/kg-raw-meal
could be produced. Further, the design needs between 0.05 and 0.09 kg-
CO9/kg-raw-meal from the bottom as recycled gas.

The front view of time-averaged pressure drop and bulk density of
particles in the Eulerian cells at a raw meal feeding rate of 14 t/h is
shown in Fig. 3.5. Property variation along the calciner height is also
shown as an x-y plot by averaging in the other two directions.

The total pressure drop inside the calciner is around 520 mbar. The
bulk of the particles lies below the calciner height of 6 m, and this region
contains most of the pressure drop. So, the pressure drop mainly comes
from the particle weight. The pressure drop across the calciner limits the
maximum bed height. The bed height could be further increased if a
higher pressure drop is acceptable in the system.

The time-averaged gas velocity profile inside the calciner is shown in
Fig. 3.6. The 3-D plot of the velocity profile is shown at three different
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Fig. 3.1. Entrainment of fine alumina at a superficial gas velocity of 0.9 m/s, a) transient entrainment during simulations, b) comparison of final entrainment in

experiments and simulations.
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depths in the calciner (i.e., front, middle, and back) at a raw meal
feeding of 14 t/h. Further, the gas velocity profile along the calciner
height at different raw meal feeding rates is also shown by averaging the
velocity in length and depth directions.

The gas velocity in the bed steadily increased along the height due to
higher production of CO, with the calciner height. A deceleration zone
above the mixing chamber is due to a wider cross-section. The gas ve-
locity almost flattens out in the segregation region, indicating a smooth

operation of the calciner. High-velocity zones are observed at three re-
gions of the mixing chamber, more specifically, where the raw meal is
fed. This is due to the high CO3 production in these regions. Improving
the meal distribution further could reduce the velocity surge. However,
with the current setup, the calciner can be operated with a relatively
smooth velocity profile in the segregation region.

The gas velocity at the top of the calciner is the most important
parameter for good segregation. The raw meal feeding of 10 t/h pro-
duces a gas velocity of around 1 m/s. The velocity increases to around
1.3 m/s by increasing the feeding rate of raw meal to 16 t/h. The gas
production rate at the raw meal feeding rate of 16 t/h to 24 t/h is not
significantly affected (see Fig. 3.4), so the velocities are similar for these
conditions. Thus, to have a good segregation, the gas velocity at the top
of the calciner should be 1.0 to 1.3 m/s. It is possible to operate at lower
velocities, but then the segregation rate may not be high enough, and
particles may start to accumulate.

The average raw meal temperature, residence time, particle size, and
calcination degree inside the calciner at a raw meal feeding rate of 14 t/
h are all shown in Fig. 3.7.

The results show that the raw meal exits at around 912 °C from the
calciner. The particle temperature in the mixing chamber is between 950
and 1000 °C. This is because the bigger raw meal particles tend to stay
longer in the bed, as seen from the residence time and particle size re-
sults. The particles are already calcined within the bed height as the heat
is transferred in this region. The average particle size of exiting particles
is around 22 pym, which is also the average size of the raw meal particles.
Overall the results are promising, and it would be interesting to run hot-
flow experiments with such an electrified calciner design.

Conclusions

This work demonstrated a design of an electrified fluidized bed raw
meal calciner operating with binary particles, potentially requiring a
low gas feeding from the bottom of the calciner. A CPFD model of the
calciner was used to simulate the calciner. The CPFD model was vali-
dated for hydrodynamics, heat transfer, and reaction kinetics by means
of experimental results. The hydrodynamics was first validated by
comparing the results against a cold-flow fluidized bed rig. The heat
transfer and reaction kinetics were then validated with a hot-flow
experimental rotary kiln. The simulated results were all found to be
close to the experimental results, so the model was considered suc-
cessfully validated.

The validated CPFD model was used to simulate a pilot-scale fluid-
ized bed calciner, and the results indicated that a feed rate between 10
and 16 t/h gave good operational values. At these conditions, the
calcination degree was above 90%, and the entrainment of coarse par-
ticles was negligible. Further, the calcination reaction could produce a
pure CO- of around 0.33 kg-COy/kg-raw-meal, and a gas recycling from
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Fig. 3.5. Time-averaged front view of pressure drop and bulk density at raw meal feeding of 14 t/h.
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0.05 to 0.09 kg-CO,/kg-raw-meal was required.

The calciner performance was analyzed with time and space-
averaged results inside the calciner. The total pressure drop was
around 520 mbar, most of which lay within the bulk particles with a bed
height of 6 m. So, the contribution of bed weight to the pressure drop
was higher than the frictional losses from the gas flow. Increasing the
bed height would also increase the pressure drop, and the maximum bed

10

height is limited based on the acceptable level of pressure drop. Gas
velocities between 1.0 and 1.3 m/s gave negligible entrainment of
coarse particles, and these velocities were generated at the raw meal
feeding between 10 and 16 t/h. The average gas velocity along the
height was almost constant in the segregation chamber, and a smooth
operation was achieved. The raw meal temperature at the exit was
around 912 °C, and the average size of the exiting particles was close to
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the original raw meal size.

The simulation results are promising, and such a calciner can likely
be used for electrification in the cement industry. However, the concept
has only been tested with simulations validated by experiments under
other conditions, so conducting experiments with the suggested design
in the future is recommended.
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