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a b s t r a c t

Entrained flow gasification is an established technology for coal and petroleum coke particles. The tech-
nology is being investigated extensively for biomass gasification to meet the requirement of the green
energy targets. A three-dimensional computational particle fluid dynamics (CPFD) model is developed
to simulate an Entrained Flow (EF) gasification reactor. The model is validated against experimental
gas composition and process temperature reported from an experiment published in the literature.
The interdependence between reactor hydrodynamics, thermal and reaction chemistry is demonstrated
and described for an EF reactor. Simulations show zones of high and low temperatures suggesting differ-
ent reaction zones, such as a partial combustion zone near the fuel injector followed by a gasification
zone. Particles in the central region show high carbon conversion compared to the particles in the other
zones. Char- O₂ and char-H₂O are significant in the gasifier entrance region, whereas the char-CO₂ reac-
tion is prevalent throughout the reactor elevation. The optimal gasification performance (higher mole
fraction of CO and H₂) is in the range of equivalence ratio 0.3 to 0.44.

� 2021 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
1. Introduction

The world’s energy consumption is ever-increasing, and the
need for this energy to be environmentally friendly produced is
increasingly important. Both on national and international levels,
efforts are made to limit greenhouse gas emissions (IEA, 2019).
For example, the European Union (EU) has set a target of 60% emis-
sion reduction to achieve carbon neutrality by 2050 (Voultsos
et al., 2020). Bioenergy shared approximately 12.5% of the global
energy demand in 2019, out of which 7.5 % is coming from the tra-
ditional biomass usage (Renewables 2020 - Global status report,
2020). Therefore, biomass is an important resource to replace the
current consumption of fossil fuels (Bandara et al., 2018). Biomass
gasification is a thermochemical conversion of carbonaceous fuels
with the application of gasifying mediums such as air, steam, and
oxygen. Gasification of biomass gives non-condensable gases such
as carbon monoxide (CO), carbon dioxide (CO₂), hydrogen (H₂),
methane (CH₄), higher molecular hydrocarbons (ethane, etc.), con-
densable vapors (tars) and solid residue (unconverted char and
ash). Gasification and Integrated Gasification Combined Cycle
(IGCC) is a promising option to improve the power generation effi-
ciency from biomass. Lower emission of greenhouse gases, NOX,
and SOX pollutants and low level of particulate emissions and mar-
ket flexibility makes biomass gasification technology better as
compared to conventional coal-fired power plants (Long et al.,
2020).

Entrained Flow (EF) biomass gasifier is essentially a continuous
flow reactor operated at elevated temperature (around 1400 �C)
and pressure (20–70 bar) (Basu, 2018). Fuel, as well as the gasify-
ing agent, are introduced concurrently into the reactor. Fuel parti-
cles typically have a very short residence time of 2–3 sec (Qin,
2012). Therefore, smaller particles of around a few hundred
microns are needed to achieve a good heat transfer and mixing
between the fuel particles and the gasifying agent (Guo, 2020).
EF gasification has been an established technology for the coal
and petroleum coke particles since 1950 (Duchesne, 2012), and
the technology is being investigated extensively for biomass gasi-
fication to meet the requirements for reduced greenhouse gas
emissions.

Several complex physical and chemical transformations occur
over time and space in an EF gasifier. Particle movement and fluid
flow play an important role in reactor hydrodynamics. The solid–
gas flow in an EF reactor is characterized by a turbulent flow.
Under ideal conditions, the residence time of the biomass particles
lies within a few seconds giving a conversion efficiency as high as
99%. Reactor hydrodynamics, particle–particle collisions, char con-
version, and fluid-particle mixing have a great impact on the gasi-
fication behavior of the EF gasifier. The conversion of biomass
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Nomenclature

Symbols Description Unit
D subgrid length [–]
Av pre-exponential factor [s�1]
Cd drag coefficient [–]
Cp specific heat capacity (constant pressure) [J K�1kg�1]
CV specific heat capacity (constant volume) [J K�1kg�1]
Cs Smagorinsky coefficient [–]
Dp drag function [s�1]
Dt turbulent mass diffusivity [kg/(s.m2)]
d _m mass production rate [kg/s]
d _mi;c mass production rate from gas-phase reaction [kg/s]
Ev activation energy [K�1]
F interphase momentum exchange rate per volume [N/

m3]
f particle distribution function (PDF) [–]
g acceleration due to gravity [m/s2]
h Enthalpy [J]
m Mass [Kg]
Nug;s Nusselt number [–]
P Pressure [Pa]
Pr Prandtl number [–]
Ps constant [Kgm�1s�2]
_Q energy source per volume [J/m3]
q! gas heat flux [J/m3]
_qD enthalpy diffusion rate [J/m3]
r particle radius [m]

Re Reynolds number [–]
Sh conservative energy exchange [J]
Sc Schmidt number [–]
T Temperature [K]
t time [s]
u velocity [m/s]
u! velocity (vector) [m/s]
v velocity [m/s]
Yg;i mass fraction of each fluid species [–]

Greek letters
b constant [–]
e constant [–]
q density [Kg/m3]
k thermal conductivity [J/(s.m.K)]
s stress [N2/m2]
l viscosity [kg/(m.s)]
u viscous dissipation [J]
a volume fraction [–]
k� e k -epsilon [–]

Subscripts
g gas phase
p particle phase
i species
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depends upon the characteristics of the biomass, pressure, temper-
ature, heat, and mass transfer inside a reactor. The characteristics
of biomass include its shape and size and the amounts of fixed car-
bon, volatiles, moisture, ash, and calorific value. The char reactivity
and the amount of char affect the product gas compositions
(Bikane et al., 2020; Thapa & Halvorsen, 2014. Traditionally estab-
lished monitoring systems (thermocouples, gas chromatography,
etc.) are usually too slow to respond to a sudden change in process
condition and could challenge the plant security (Sepman et al.,
2017).

As the gasifier operates at high temperatures, the problems
related to ash and tar formation during biomass gasification are
minimal, giving high-quality syngas (CO, H₂). Reformation of tars
into light hydrocarbons such as CH₄, C₂+, etc. occurs at a tempera-
ture above 1100 �C (Llamas et al., 2020). EF gasifiers are designed
to work in slagging mode, where the variation in the ash melting
point is less problematic as long as the operating temperature
exceeds the slag fluid temperature. EF gasifiers have fuel flexibility
because of their slagging mode operation. EF gasifiers have high
carbon conversion efficiency as compared to fluidized bed gasifiers
(Weiland et al., 2013).

The challenges associated with EF gasifiers are energy effi-
ciency, heat recovery from the product gas, the durability of the
systems, short residence time, fouling (slagging behavior), and
installation costs. Pretreatment of the particles to a suitable size
requires a significant amount of energy and costs. The suitable
choice of milling techniques or fuel treatment (torrefaction or
pyrolysis) can increase the total process efficiency (Weiland
et al., 2013). Less reactive products such as soot and char formed
during the gasification process limit the complete conversion of
biomass. For an EF gasifier to be cost-competitive, especially
industrial-scale applications, understanding various aspects of
entrained flow gasification is imperative. Therefore, modeling
and simulation of such systems have become necessary for a better
2

understanding of the gasification process in a short time frame
with a low cost.

The hydrodynamics and the reaction kinetics are quite complex
in an EF reactor. Simulation using computational fluid dynamics is
becoming an important tool to study these parameters. The current
study focuses on the numerical simulation of the gas–solid flow
with heat transfer and the chemical reactions inside an EF reactor.
To achieve this goal, a CPFD model is developed for the Pressurized
Entrained Flow Biomass Gasification plant (PEBG) designed, devel-
oped, and operated by Weiland et al. at the Energy Technology
Centre (ETC) in Piteå, Sweden (Weiland et al., 2013). The CPFD
numerical scheme incorporates the Multi Phase Particle-In-Cell
(MP-PIC) modeling approach (Andrews & O’Rourke, 1996; Snider
et al., 2011).

1.1. CFD modeling of EF gasifiers

Biomass gasification in an EF reactor involves different thermo-
dynamic domains and complex reactions. Experimental optimiza-
tion of the EF gasifiers is difficult and challenging (i.e.,
optimization of geometry, feeding positions, etc.). Therefore, simu-
lation tools are becoming imperative and valuable tools for the
study and for the process optimization towards the desired down-
stream applications. Computational Fluid Dynamics (CFD) models
of such systems in plant scale have become practical due to the
development of computer power and efficient numerical algo-
rithms. CFD models are capable of simulating the effects of differ-
ent operational parameters such as pressure, temperature,
equivalence ratio, etc. (Chiesa et al., 2005; Gungor & Yildirim,
2013). The effect of different biomass feedstock, particle sizes,
geometry, etc., can be evaluated with respect to the product gas
compositions and LHV.

Modeling of multiphase flow systems in an EF is challenging
due to the coupling of turbulent gas flow and particle motions.
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Other challenges include the difficulties in modeling the momen-
tum exchange between the phases, interparticle forces such as
van der Waals forces, electrostatic forces, inter-particle collisions,
and the difference in size, shape, and densities of the particles in
the solid phase. In addition to these, the gasification of biomass
possesses challenges related to the thermal model, devolatilization
model, heterogeneous reactions, etc. (Bandara et al., 2018; Timsina
et al., 2020).

The basic approaches to model gas–solid multiphase systems
are the Eulerian-Eulerian (EE), and the Eulerian-Lagrangian (EL)
approaches. The details of these approaches can be found in the lit-
erature (Thapa, 2015). The CPFD methodology follows the MP-PIC
modeling approaches. MP-PIC approach is based on the EL
approach, which introduces the concept of computational particles
(parcels), where particles with similar properties such as size, den-
sity, residence time, velocity, etc., are grouped into a computa-
tional particle. Parcels are modeled in a discrete frame and the
particle interactions are calculated on the Eulerian frame. The
inter-particle stresses are calculated by an isotropic solid stress
function and then interpolated back to the individual particles
(Bandara et al., 2018). The fluid phase is solved with an Eulerian
approach. The CPFD platform is developed from the MP-PIC model-
ing approach. The strong coupling between the fluid and the parti-
cle phases gives a high level of accuracy and fast computational
time in CPFD modeling. MP-PIC employs a simple particle-‘pres
sure’ model that prevents particle from becoming closely packed
and eliminates the need to track the collision of the particles
directly (Mu et al., 2020; Verma & Padding, 2020). Intel(R) Core
(TM) i7-8700 K CPU @ 3.70 GHz processor and Barracuda VR�

20.0.0 version were used to simulate the developed model.
The CPFDmodel has been successfully applied for reactors oper-

ating with a dilute flow of solid particles, where the gas–solid
behavior is similar to that in an EF reactor. For example, risers of
the circulating fluidized bed (Shi et al., 2015; Wang et al., 2015),
downer of the circulating fluidized bed (Yingya Wu et al., 2020),
downer reactor (Abbasi et al., 2013), downflow reactor (Lanza
et al., 2016), cement calciners (Nakhaei et al., 2021; Nakhaei
et al., 2018; Nakhaei et al., 2019) and pneumatic conveying system
(Ariyaratne et al., 2017) has been modeled in CPFD platform.
Besides, Liang et al. (Liang et al., 2020) have developed a CPFD
model for an EF gasification reactor, and their results are discussed
in Section 1.2.

The number of grid elements in a modeled geometry is impor-
tant since it affects both the accuracy and the time it takes to sim-
ulate a process. A bulk flow region can be modeled with a coarse
grid; however, a finer grid gives better results in areas with high
gradients of temperature, pressure, concentrations, etc. The soft-
ware package uses grid resolution only in Cartesian coordinates
and it is possible to define a finer grid at a particular region. It is
important to note that the grid generation should be performed
carefully to capture every small part as it may affect the bed hydro-
dynamics significantly. The grid resolution was changed accord-
Fig. 1. Effect of grid size for cell averaged particle properties. The demonstration sh
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ingly until the convergence of the simulation results with a
reasonable simulation time was achieved. The effects of grid size
on cell averaged particle properties are presented in Fig. 1. Coarse
grid misrepresents the particle structure, whereas the finer grids
lead to high computational costs.

1.2. Previous works

A number of studies have developed a CFD model (based on EL
modeling) for EF reactors because of the wide applicability and
versatility. However, most of the authors have modeled the EF
reactor based on coal gasification (Abani & Ghoniem, 2013; Chen
et al., 2012; Eluk et al., 2017; Kumar & Ghoniem, 2013; Yuxin
Wu et al., 2010; Ye & Ryu, 2015). This section provides a brief over-
view of the recent previous works performed on the CFD simula-
tion of an EF biomass gasification reactor.

The effect of reactor temperature, excess air ratio, steam/carbon
ratio, gasifying medium, reactor structure, and feedstock proper-
ties are reported in (Ku et al., 2014; Ku et al., 2019). Ku et al. have
shown a positive effect on both the H₂ and CO productions, increas-
ing the reactor temperature. Increasing the excess air ratio
decreased both H₂ and CO production, and increasing the steam/-
carbon ratio increases the H₂ production but decreases the CO pro-
duction (Ku et al., 2014). The introduction of O₂ improved CO
production and carbon conversion, whereas an excessive use of
O₂ gave a reduced combustible gas yield and Cold Gas Efficiency
(CGE). H₂ production, carbon conversion, and lower heating value
rose after steam addition. Biomasses with a higher fixed carbon
or volatile content and a lower moisture content gave a high com-
bustible gas yield (Ku et al., 2019).

Gao et al. (Gao et al., 2018; Gao et al., 2016) have investigated
the relative error of the developed model with the experimental
results. A finite rate/eddy dissipation model was applied to calcu-
late the reaction rates for homogeneous phase reactions and an
intrinsic reaction rate model was used with user-defined functions
(UDFs) to calculate char reaction rates. The relative error for LHV,
gas production, CGE, and carbon conversion efficiency are within
the ranges of 1–13%, 1–8%, 1–12%, and 1–11%, respectively (Gao
et al., 2016). The relative errors between the simulated and exper-
imental gasification performances were in the ranges of 9.6–23.3%
(gas heating value), 1.2–5.9% (gas production), and 9.8–16.6 (car-
bon conversion efficiency) (Gao et al., 2018). The authors have also
proposed/developed the reaction rate kinetics for char-CO₂ and
char-O₂ reactions.

Guo et al. (Guo et al., 2020) have developed an EL CFD model in
OpenFOAM to study particle hydrodynamics, heat transfer, and
devolatilization kinetics. A total of four different approaches were
tested for the quantitative comparison analyses. The spheroidal
particle shape assumption with adjusted spheroidal surface area
and the Kishore-Gu model proves to favor the drying and
devolatilization process. However, the sphere and simplified non-
sphere model predict 61% and 43% longer residence times, respec-
ows that cell averaging affects the particle concentration after cell averaging.



Fig. 2. Schematic process flow diagram of the PEBG plant adapted from (Weiland et al., 2013). Numbers (1–7) represent the thermocouples to monitor the temperature and
pressure. The height (h) and the inner diameter (£) are 1.67 m and 0.52 m, respectively.

Table 1
The experimental test conditions operated by Weiland et al. (Weiland et al., 2013).

Fuel feeding rate (kg/h) 40
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tively, than the spheroid models, and the longer residence time
seems to favor the char conversion process (Guo et al., 2020).

Liang et al. (Liang et al., 2020) have developed a CPFD simula-
tion model for an EF gasification reactor for the Utah Bituminous
coal. The detailed particle information and residence time were
studied. The rapid expansion from a tracer injector and fast reac-
tions play an important role in forming the particle distribution
zone in the gasifiers. The authors pointed out that due to the com-
plexity of the EF gasification reactions and the computational
power limitation, the models were often simplified to two-
dimensional or semi three-dimensional models. There was also
limited information available in the literature about the particle
temperatures, carbon contents, and locations for the discrete parti-
cles (Liang et al., 2020).

In view of these paper, this study aimed at giving detailed infor-
mation about particle hydrodynamics, the temperature distribu-
tion inside the reactor, gas composition, reaction rates, and
kinetics. This gives a better understanding of the reactor hydrody-
namics and the transient behavior of the reactor, which is crucial at
the industrial scale investments. To the best of the author’s knowl-
edge, no previous studies of reaction rate kinetics for EF reactors
are available in the literature.
Total N2 inlet (kg/h) 15.1
O₂ inlet (kg/h) 27
O₂ inlet concentration 89
Oxygen equivalence ratio 0.49
System pressure (bar) 1.95
Desired process temperature (�C) 1200
2. Experimental and CPFD model setup

The experimental studies were performed by Weiland et al.
(Weiland et al., 2013). Fig. 2 shows the experimental setup located
4

at the Energy Technology Centre (ETC) in Piteå, Sweden. The reac-
tor diameter and height are 52 cm and 167 cm, respectively. The
reactor has a conical-shaped outlet followed by a water sprayed
quench bath for gas cooling and particle separation. Biomass stored
in the hopper is fed at the top of the reactor along with O₂ and N₂. A
quench bath maintains the system temperature and cools down
the product gas out from the reactor. The details of the reactor
can be found in the study of Weiland et al. (Weiland et al., 2013).
The operating conditions of the reactor and the feed definition
are shown in Table 1. For safety reasons, the gasifier was operated
at pressure � 2 bar.

The proximate and the ultimate analysis of the stemwood pow-
der are shown in Table 2.

A CPFD model was developed in Barracuda to simulate biomass
gasification in an EF reactor. A three-dimensional geometric model
(cylinder with conical outlet) developed in AutoCAD was imported
into the model. The geometry was meshed using the built-in mesh



Table 2
Ultimate and proximate analysis of the biomass.

Proximate analysis (wt.%, wet
basis)

Ultimate analysis (wt.%, dry basis)

Fixed Carbon 14.4 Ash 0.4
Volatiles 80.5 C 50.9
Moisture 4.7 H 6.3
Ash 0.4 N 0.10

S 0.006
Cl 0.02
O (calculated) 42.4

Table 3
Particle phase model parameters and their values.

Fluid drag model Wen-Yu

Close pack volume fraction 0.2
Maximum momentum redirection from collision 40%
Normal to wall momentum retention 0.15
Tangent to wall momentum retention 0.85
Pressure constant in the particle stress model 1
Initial time step 0.0001 s

Fig. 3. Particle size distribution.

Fig. 4. (a) – Boundary conditions, (b) – computational grid. The planes in the left figure sh
CPFD model and mesh was generated using an in-built mesh generator.
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generator with a uniform grid option. A total of 193,167 computa-
tional cells were chosen for the current study. The model is vali-
dated against the experimental gas composition reported by
Weiland et al. (Weiland et al., 2013). The Wen-Yu drag model
was selected and the particle model parameters used in the model
are presented in Table 3.

Modeling of an EF reactor commonly neglects particle–particle
interactions as the reactor operates at lower solid fractions. How-
ever, particle–particle interactions play an important role around
the fuel injector. Particle-particle interaction in the model can be
altered by altering the close pack volume fraction and the maxi-
mum momentum redirection from particle collisions. In addition,
the Blended Acceleration Model (BAM) was activated as the parti-
cle mixture was composed of a broad range of particle sizes (25–
550 mm). BAM blocks the unrealistic particle segregation by
absorbing the sustained particle contact (Bandara et al., 2021).
The particle size distribution of the biomass feed is illustrated in
Fig. 3.

The boundary conditions and the computational mesh of the
developed model are shown in Fig. 4. Biomass and the fluidizing
agent were implemented as an injection boundary. In the model,
particle inflow should be assisted by a fluid stream and the flow
can be manipulated by changing the ’slip velocity’ option. How-
ever, an injection boundary was chosen for the introduction of par-
ticles into the reactor because it does not need the assistance of a
fluid stream. The red triangles with spheres at the top represent
the injection points. Totally 20 injection points along the circle
and one at the middle were defined in the model.

Two flux planes were defined at the entrance and the reactor’s
exit to monitor the flow into and out of the reactor. Also, seven
intermediate planes were defined to monitor the flow rate and
the gas composition at approximately 20 cm apart. A pressure
boundary (yellow plane) was defined at the bottom of the reactor
to allow outflow of the product gas and the solid materials. The
CPFD platform includes the model for both gas-solids and gas-
wall heat transfer as well as the radiation between a thermal wall
and particle-phase only. The user can choose a drag model from
the available built-in drag models or can create a drag model of
user choice.
ow the data capturing planes. The three-dimensional geometry was imported in the
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Chemical reactions are an integral part of many industrial appli-
cations and are closely coupled with the fluid-particles dynamics
and the heat and mass transfer inside a reactor. The reactor tem-
perature affects the reaction rates and thereby affecting the reactor
heat transfer and the reactor hydrodynamics. Heterogeneous reac-
tions produce or consume gases from solids affecting the total gas
volume, which changes the reactor hydrodynamics. There can be
thousands of reactions in any industrial chemical process and it
is impossible to solve a large number of coupled reactions over a
hundred seconds of simulation time. Thus, a common consensus
is to postulate a limited set of reactions describing the major con-
version inside the reactor, which makes computational tracking
easy (Snider et al., 2011).

Devolatilization of the biomass is the first step in a biomass
gasification process. Biomass particles are subjected to fast heating
rates with short residence times. The devolatilization kinetic
parameters are taken from the study of Guo et al. (Guo et al.,
2020) as follows:

dmdevol

dt
¼ �Aexp � E

Tp

� �
mdevol ð1Þ

Where, mdevol is the remaining volatile in the particle (kg) and t is
time (s), A is a pre-exponential factor (18.9 � 103 s�1), E is the acti-
vation energy (2562.4 K�1) and Tp is the particle temperature (K). In
order to simplify the model, the formation of tar and other higher
molecular hydrocarbons was neglected. Based on the literature
data, volatiles count as 80% on a dry basis, and the remaining is char
and ash after the devolatilization. The major reactions together with
the kinetics are presented in Table 4. As the chemistry module was
implemented as volume average chemistry, the temperature for the
heterogeneous reactions was taken as a weighted average with 50%
of the average particle temperature and 50% of the cell’s gas tem-
perature. The particles for the EF reactor are small enough, which
does not add much uncertainty due to this assumption. ms is the
mass of carbon which gives the approximate amount of char
components.

ms ¼ MwC � ½CðsÞ�
MwC is the molecular weight of carbon, and ½CðsÞ� is the molar

concentration of solid carbon.
The time step for a transient model is an important parameter.

It is important that the time step is small enough to represent any
rapidly changing variables of interest. However, if the time step is
too big, an accumulation of errors will occur (Zhang et al., 2000). To
solve this problem, a varying time step can be utilized with the
help of the Courant-Friedrichs-Lewy (CFL) number:

CFL ¼ vDt
Dxcell

ð2Þ

vis velocity, Dt is time step and Dxcell is cell size. The default
minimum and maximum values of CFL in the model are 0.8 and
1.5, respectively, which gives stability for the numerical solver.
Table 4
Reactions and kinetics.

Reaction Reaction rate: r (

C sð Þ þ 0:5O2 ! CO 2:51� 10�3msTex
H2 þ 0:5O2 ! H2O 5:69� 1014exp ��
CH4 þ 1:5O2 ! COþ 2H2O 5:01� 1014exp ��
COþ H2O ! CO2 þ H2 7:68� 1010exp ��
C sð Þ þ CO2 ! 2CO 1:272msTexp �226

T

�
C sð Þ þ H2O ! COþ H2 1.272msTexp �226

T

�

6

2.1. Governing equations

The gas phase mass and momentum conservation equations are
given by the continuity and the Navier-Stokes equations repre-
sented by Equations (3) and (4) respectively.

@ agqg

� �
@t

þr � agqg u
!

g

� �
¼ d _mp ð3Þ

@

@t
agqg u

!
g

� �
þr � agqg u

!
g u
!

g

� �
¼ �rpþ Fþ agqggþr � agsg

� � ð4Þ

where a, q and u! represent the volume fraction, density, and veloc-
ity vector respectively. d _mp is the gas mass production rate per vol-
ume formed from the particle-gas chemical reaction. In the case of
the cold flowmodel with no chemical reaction, d _mp becomes zero. P
is the mean flow gas pressure, g is the acceleration due to gravity, sg
is the fluid phase stress tensor and F is the inter-phase momentum
transfer rate per unit volume (particle to fluid phase).

For a Newtonian fluid, the gas phase stress tensor for each spe-
cies, sg is given by:

sg;ij ¼ l @ui

@xj
þ @uj

@xi

� �
� 2
3
ldij

@uk

@xk

� 	
ð5Þ

where l is the shear viscosity, which is the sum of the laminar shear
viscosity and the turbulence viscosity defined in the Smagorinsky
turbulence model (Smagorinsky, 1963). The model is given in Equa-
tion (6) (Snider et al., 2011).

lt ¼ CsqgD
2 @ui

@xj
þ @uj

@xi

� �
ð6Þ

The Smagorinsky coefficient Cshas a default value of 0.01. D and
is the subgrid length and is given by:

D ¼ dxdydzð Þ1=3 ð7Þ
A fluid-phase transport equation is solved for each gas species.

The calculation of the fluid phase properties is based on the mass
fraction Yg;i of the gas species making up the fluid mixture. d _mi;c

is a chemical source term, which is the mass transferred between
the gas species by the dissociation and the association of the chem-
ical bond.

@

@t
agqgYg;i

� �
þr � ðagqgYg;i u

!
gÞ ¼ r � ðagqgDtrYg;iÞ þ d _mi;c ð8Þ

Dt is the turbulent mass diffusivity and can be calculated from
Equation (9). Sc is the Schmidt number in Equation (9). The stan-
dard value of the turbulent Schmidt number is 0.9 (Snider et al.,
2011).

l=ðqgDtÞ ¼ Sc ð9Þ
mol.m-3.s�1) Reference

pð�8996
T Þ[O₂] (Ku et al., 2014)

17610
T

�
[H₂][O₂]⁰_5 (Bates et al., 2017)

24357
T

�
[CH₄]⁰_h[O₂]0_8 (Bates et al., 2017)

36640
T

�
[CO]0_5[H₂O] (Snider et al., 2011)

45
�
[CO₂] (Snider et al., 2011)

45
�
[H2O] (Snider et al., 2011)
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The energy conservation equation of the gas phase is:

@

@t
agqghg

� �
þr � agqghg u

!
g

� �
¼ ag

@P
@t

þ u!g � rP
� �

þu

�r � ag q
!� �

þ _Q þ Sh þ _qD þ qwp ð10Þ

where h is the enthalpy and qwp is the radiative heat transfer
between the thermal wall and the particle phase. The viscous dissi-
pation (u) and the energy source per unit volume ( _Q) are neglected
in this work. Sh is the conservative energy exchange from the parti-
cle phase to the gas phase. _qD is the enthalpy diffusion term and q!
is the gas heat flux. The expressions for the q! and _qD are given as:

q!¼ kgrTg ð11Þ

_qD ¼
XN
i¼1

r � ðhiagqgDrYg;iÞ ð12Þ

where k is the thermal conductivity calculated as a sum of a molec-
ular conductivity (km) and an eddy-conductivity (kt) from Reynolds
stress mixing theory. The eddy-conductivity is calculated from the
turbulent Prandtl number correlation.

Prt ¼ ðCpltÞ=kt ð13Þ
The mass, momentum, and energy conservation equations are

solved for the gas mixtures. The gas mixture properties are based
on the mass fractions of the gas species calculated using Equation
(8). The flow is considered compressible and the gas phase temper-
ature, pressure, enthalpy, density, and mass fraction are correlated
through the equation of state. CPFD uses the ideal gas equation of
state.

The gas mixture enthalpy (hg) is the sum of individual gas
enthalpy (hi), given by:

hg ¼
XN
i¼1

Yg;ihi ð14Þ

hi ¼
Z Tg

To

Cp;idT þ Dhf ;i ð15Þ

where Dhf ;i is the enthalpy of formation of species i at the reference
temperature To. Cp;i is the specific heat capacity of species i.

The gas-phase equations contain a source term and the mass,
momentum, and energy are conserved between the phases. The
gas chemistry does not change the mixture’s total mass and
enthalpy; however, with the gas–solid reactions, mass, momen-
tum, and energy are transferred to the gas phase by chemical con-
version of solids to gas. This is known as the interphase
momentum transfer rate per unit volume (F) in Equation (4).

The dynamics of the solid particles are calculated by solving a
transport equation for the Particle Distribution Function (PDF), f .
The details of the transport equation can be obtained from the lit-
erature (Andrews & O’Rourke, 1996; Thapa et al., 2016). PDF is a
function of particle spatial position x!p, particle velocity u!p, parti-
cle mass mp, particle temperature Tp, and time t. Therefore,

f x!p; u
!

p;mp; Tp; t
� �

du!pdmpdTp is the average number of particles

per unit volumes with masses in the interval (mp;mp þ dmp), veloc-

ities in the interval ( u!p; u
!

p þ du!p) and temperature in the interval
(Tp; Tp þ dTp).

The particle velocity and acceleration are given by:

@

@t
x!p

� �
¼ u!p ð16Þ
7

@

@t
u!p

� �
¼ DP u!g � u!p

� �
�rP
qp

þ g� rsp
qpap

þ Fp ð17Þ

The particle volume fraction in Equation (17) is given by:

ap ¼
ZZZ

f
mp

qp
dmpd u!pdTp ð18Þ

where, DP is the drag function which depends upon the particle size,
position, velocity, and time. sp is the particle normal stress given by
Equation (19). Particle interactions (particle to particle collisions)
are modeled with the particle normal stress developed by Harris
and Crighton (Harris & Crighton, 1994). The particle stress is
derived from the particle volume fraction, which in turn is calcu-
lated from particle volumes mapped to the grid. Particle normal
stress gives an approximation of the collective effects of all the
neighbor particles of a particle. The CPFD method calculates the
spatial gradients on an Eulerian grid and applies the gradient to dis-
crete particles. The gradient in the particles accelerates the particle,
which prevents the particle volume fraction from exceeding their
close-pack volume faction. The particle pressure is a function of
solid volume fraction and becomes zero when the solid volume
fraction becomes zero (Snider et al., 2011).

sp ¼ Psap
b

max½ðacp � apÞ; eð1� apÞ� ð19Þ

Solid collisions depend upon the solid concentration and the
solid velocity. Particle normal stress is exerted to a solid up to
the point where the solid reaches the particle-mean velocity
(Snider et al., 2011). Ps is a constant (Pa), acp is the particle volume
fraction at close packing, b is a constant (between 2 and 5) and e is
a very small number in the order of 10-8.

The fluid mass source in Equation (3) is given by:

d _mp ¼
ZZZ

f
dmp

dt
dmpdu!pdTp ð20Þ

where the time-rate change of particle mass dmp=dt is the rate of
change of the particle mass-producing gases through chemical reac-
tions and is given by:

dmp

dt
¼ agMwc

apqp
mp

d½C sð Þ�
dt

ð21Þ

The interphase momentum transfer (F) in Equation (4) is given
by:

F ¼
ZZZ

f mp DP u!g � u!p

� �
�rP
qp

( )
þ u!p

dmp

dt

" #
dmpd u!pdTp

ð22Þ
The conservative energy exchange term Sh in Equation (10)

from the particle phase to the gas phase is given by (Snider et al.,
2011):

Sh ¼
ZZZ

f mp DP u!p � u!g

� �2
� CV

dPp

dt


 ��

� dmp

dt
hp þ 1

2
u!p � u!g

� �2

 �	

dmpd u!pdTp ð23Þ

where, hp is the particle enthalpy and CV is the specific heat of the
particle. The lumped heat equation for the particle is:

CV
dTp

dt
¼ 1

mp

kgNug;s

2rp
As Tg � Tp
� � ð24Þ

where Nug;s is the Nusselt number for heat transfer from gas to the
particle phase, mp is the particle mass and rp is the particle radius.

The radiative heat transfer between the thermal wall and the
particle phase in the equation is given by:
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qwp ¼ AwFwpewpr Tw
4 � T

�
p

4
� �

ð25Þ

where Aw is the area of the thermal wall, Tw is the wall temper-

ature, T
�
p is the average particle temperature in a cell, Fwp is a view

factor, r is the Stefan-Boltzmann constant and ewp is the emissivity
between the wall and particles in the cell.

In multiphase simulations, drag models are very important for
predicting hydrodynamics. The model calculates a force acting on
a particle as a function of the particle and fluid properties and
the flow conditions. The details of the drag force and its expres-
sions together with the numerical scheme for the CPFD approach
are presented in the supplementary material.

3. Results and discussion

A pilot-scale EF gasifier is simulated with a CPFD scheme for the
particle dynamics. The computation is three-dimensional non-
isothermal with heterogeneous and homogeneous gasification
chemistry. The gasification process itself is a complex process
involving interactions between the solid flow, gas flow, and the
chemical reactions in a thermal environment. Simulations were
carried out for 100 s and the gas compositions, temperature, resi-
dence time, chemical kinetics, and mass flow rate were monitored.
The average gas compositions were taken as the time average of
the final 20 s of simulation. A detailed description of the simulation
results at the initial reactor temperature of 1200℃ is presented in
Section 3.1.

3.1. Simulation results at 1200 �C reactor temperature

Validation of a CFD model is an important aspect during the
study of the simulation results. Table 5 shows the comparison
between the experimental and simulation results. The mole per-
centage of CH₄ in the experiment also includes the mole percent-
age of C₂H₂ (0.3) and C₂H₄ (0.1). The simulation results agree
reasonably well with the experimental data.

As the reactor hydrodynamics is concerned, the reactor is
desired to have a uniform mixing between the fuel particles and
the fluidizing agent. Fig. 5 shows the instantaneous particle distri-
bution after 50 s. Particle scale information is captured by the
Lagrangian tracking of solid particles. As depicted in Fig. 5 (a), par-
ticle temperature in the central region is lower, with particles flow-
ing downward. This is due to most particles following the central
path where a significant number of reactions (endothermic) occurs
compared to the peripheral region. This also leads to the shorter
residence time for the particles flowing through the central region,
as shown in Fig. 5 (b). Particles in the central region of the gasifier
have the lowest residence time (high speed), whereas the particle
towards the outer region has high residence time (low speed). The
particle species with longer residence time are the particles that
undergo recirculation, expansion along the radial direction. Fig. 5
(c) shows the particle radius, which shows the near-uniform distri-
bution of the particle with respect to size. The particle tempera-
ture, as well as the residence time, is highly related to the carbon
Table 5
Comparison between the simulation and experimental results.

CH₄ CO

Simulation mol %1 3.8 45.7
mol/kg fuel2 3.7 25.5

Experiment mol % 2.7 48.5
mol/kg fuel 2.42 26.5

1Dry, N₂ free basis.
2Back calculated by the authors for this article as no such calculations are present in th

8

conversion of the particles. Fig. 5 (d) shows the particle carbon
content (mass fraction) for the simulated gasifier. Particle carbon
content is lower in the central region and higher in the other
region. Even with the lower residence time, carbon conversion is
higher in the central region, which indicates that the higher resi-
dence time may not always result in higher carbon conversion.

Particle carbon content determines the char conversion for the
process. Char conversion depends on the reactor conditions as well
as the residence time of the fuel particle. Therefore, it is important
to analyze the residence time of the solid particles inside the gasi-
fier. Fig. 6 (a) shows the average residence time for all the particles.
After the reactor reaches the steady state, the residence time stabi-
lizes around the median value. The different values for the resi-
dence time are due to the fact that all the particles do not follow
the same path inside the reactor. Some particles circulate back into
the top peripheral corner giving the largest residence time, while
particles following a straight(ish) path have a lower residence
time.

As depicted in Fig. 6 (b), most of the particles (48.1%) have a res-
idence time of 1.38–1.48 s. The rightmost column gives the distri-
bution of the particles having a residence time greater than 1.68 s.
The highest residence time recorded was 3 s at the start of the sim-
ulation process. It took around 10 s of simulation time to reach
near steady-state conditions as the biomass and the fuel is fed to
a heated standstill reactor at time t = 0 s.

However, the carbon conversion depends upon different factors
such as the reactant gas distribution inside the gasifier, fluid veloc-
ity, mixing, etc. Particles in the central region have a higher prob-
ability of easy access to gasifying agents such as oxygen. The
conversion of the char inside the gasifier is affected by the fluid
velocity and direction inside the reactor. Fig. 7 shows the instanta-
neous fluid velocity distribution.

As depicted in the figure, recirculation of mostly occurs around
the wall of the reactor. Whereas, in the central region the fluid
velocity increases gradually with descending gasifier elevation.
The recirculation and rapid gas expansion are due to the expansion
mechanism of the injection nozzles. The expansion in a radial
direction is high compared to the axial direction due to the high
jet velocity along the axial direction. This agrees well with the
results published by Liang et al. (Liang et al., 2020), where the reac-
tor consists of a zone of recirculation, spreading, and fast-flowing.
The flow vector is nearly random throughout the reactor with
exception in the middle of the reactor. This behavior of the
entrained flow reactor has a great influence on the particle mixing
and the overall conversion efficiency of the reactor. Further, the gas
composition, reactor temperature, and reaction kinetics are ana-
lyzed during this study.

It is important to monitor the gas composition and the fluid
temperature along the reactor. Fig. 8 gives the calculated parame-
ters along with the height of the reactor. The cut-planes are at 0.2,
0.4, 0.6, 0.8, 1.0, 1.2, 1.4, 1.6 m from the bottom of the reactor. The
figure shows the instantaneous mole fraction of CO, H₂, and CO₂
and the average fluid temperature (K) at t = 50 s. As shown in
Fig. 8 (d), the average fluid temperature of the reactor gave a radial
profile at the outlet, which shows that homogeneous mixing in the
CO₂ H₂ Syngas mass flow, dry basis (kg/h)

22.6 27.5 76.3
8.0 213.1

21.1 27.8 74.6
7.1 210.6

e referred article.



Fig. 5. The instantaneous distributions of particles with respect to (a) temperature (b), residence time (c) particle radius, and (d) carbon content at 50.0 s.

Fig. 6. (a) Average residence time for all particle species (b) Distribution percentage of the residence time in an interval of 0.05 s.
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EF reactor is not achieved even at the exit areas. This is due to the
fact that the majority of the particles are flowing through the cen-
tral path where the majority of chemical reaction takes place and
they take heat from the surroundings. Therefore, the central radial
path has a lower temperature as compared to other regions in the
radial direction.

The figures show the illustrative three-dimensional view of the
gasifier during its operation. The bottom plane of the reactor gives
the product gas from the reactor. The numerical values of the gas
compositions and the reactor temperature are presented in Fig. 9.
The gas compositions and the temperature are radially averaged
at t = 50 s. Fig. 9 (b) shows the highest fluid temperature at the
reactor injection burner. Analyzing the product gas composition
9

and the temperature profile, combustion prevails around the bur-
ner region of the gasifier. Combustion supplies the necessary ther-
mal heat for the other endothermic gasification reactions and the
devolatilization of the biomass. There are no significant amounts
of oxygen in the reactor. The oxygen concentration is 89 mol% in
the injection burner and is completely consumed as it leaves the
burner. Combustion in this region is the major reason for the peak
fluid temperature.

As the chemical and thermal behavior are coupled together, a
change in one affects the changes in the other one. Heat is supplied
from walls as well as from the gas feed. Chemical transformation
such as breaking chemical bonds gives sensible thermal energy,
which changes the temperature. Gasification and combustion con-



Fig. 7. Gas speed distribution at t = 50 sec.

Fig. 8. Gasifier parameters at different levels in the reactor: Instantaneous mole fraction for gas species: - (a) CO, (b) H₂, (c) CO₂ and (d) time average fluid temperature.
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sume and produce sensible heat respectively. Char gasification
requires an optimal gas–solid contact; however, the conversion is
sophisticated by the local variation in gas and temperature,
depicted in Fig. 5 (a).
10
Chemistry affects the reactor dynamics by changing the gas
composition and the reactor temperature. The above listed six
chemical reactions were computed for each computational cell at
each computational time step giving a transient 3D reactor behav-



Fig. 9. (a), gas compositions (mole fraction) (b), fluid temperature versus elevation. Gas species and the fluid temperature are radially averaged.
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ior. Fig. 10 shows the radially averaged reaction rates along with
the gasifier depth. The figure shows that the reaction rates for dif-
ferent reactions are in the range of several orders of magnitude. As
seen from Fig. 9 (a), CO is the dominant gas species throughout the
reactor. As the reactor temperature is high around the fuel injector
and the endothermic nature of the water gas shift reaction favors
the forward reaction, the production of CO₂ is high in that region.
The reaction rate decreases significantly for R04 with increasing
reactor depth due to the decrease in reactor temperature and the
small amounts of steam concentration as shown in Fig. 9 (a). Pro-
duction of steam is from the oxidation of H₂ (R02), which signifi-
cantly decreases with the reactor depth. This also limits the
Fig. 10. Chemical reaction rate versus elevation at t = 50 s. Reaction rates are shown
on a logarithmic scale.

11
reaction rate for R04. The reaction rate for the R03 reaction is slow
throughout the reactor elevation due to the fact that the CH₄ is pre-
sent at a low concentration compared to the other gases in the
reactor. The dominant methane production source is the
devolatilization step, whereas the methanation reaction is not con-
sidered during this study due to its slow reaction rate.

Char oxidation (R01) is significant in the high-temperature
region and all available oxygen is consumed around the fuel injec-
tor region. This gives the sufficiently low reaction below the fuel
injector region. The char-steam reaction (R06) is also significant
in the reactor entrance region, due to the presence of H₂O in this
region. The majority of steam production in this region is from
the reaction R02. The produced steam is quickly consumed by
the reaction R06, as depicted by the mole fraction of H₂O in
Fig. 9 (a).

The average mass production rate of the product gas was found
to be 0.022 kg/s. As the product gas was produced at a high tem-
perature, the ideal gas law was applied to calculate the gas produc-
tion rate at normal temperature and pressure conditions (25 �C and
1 atm). The ratio of product gas to biomass was calculated as 3.61
Nm3/kg of biomass. The average gas fractions on a volume basis
were 0.038 of CH₄, 0.457 of CO, 0.226 of CO₂, and 0.275 of H₂.
The lower heating value of the product gas is calculated as
7.8 MJ/kg. The carbon conversion efficiency was calculated as
99.1 % based on the amount of carbon converted into product gases
using the formula ½ð1�mcharÞ=ðmbiomass �%CÞ� � 100%. The lower
heating values for the product gas components are taken from
the literature (Waldheim & Nilsson, 2001). The CGE of the gasifier
is calculated as 61.3% using equation (26):

CGE ¼ _mgasðkg=sÞ � LHVgasðMJ=kgÞ
_mfuelðkg=sÞ � LHVgasðMJ=kgÞ ð26Þ
3.2. Effect of temperature

The effect of reactor temperature on the product gas was ana-
lyzed for the initial reactor temperature of 1000℃, 1100℃,
1200℃, and 1300℃. The time taken to reach the near steady-
state condition decreased with an increase in reactor temperature.
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The time taken to reach close to the steady-state increased from
around 8 s to around 13 s as the reactor temperature increased
from 1000℃ to 1300℃. Changes in the reactor temperature change
the reaction rate and the time to reach the equilibrium/steady
state. The product gas composition is the average value obtained
from the reactor output.

Fig. 11 shows the product gas composition at four different
reactor temperatures. With an increase in reactor temperature,
the concentration of CO and H₂ increased slightly, whereas the con-
centration of CO₂ and CH₄ decreased slightly. Increasing the reactor
temperature gave changes in the product gas composition, as illus-
trated in the figure. The predicted gas compositions are consistent
with the experimental results of coal gasification published by Lee
Fig. 11. Product gas composition at four different reactor temperatures (dry basis).

Fig. 12. product gas composition at a dif

12
et al. (Lee et al., 1996). Therefore, it is crucial to study the reactor
parameters to optimize reactor performance.

3.3. Effect of equivalence ratio

The effect of the oxygen equivalence ratio was simulated and
analyzed for the developed model. The change in the oxygen sup-
ply changes the chemistry inside the reactor, which in turn affects
the hydrodynamics inside the reactor. The variation of equivalence
ratio (k) is presented in Fig. 12. The product gas in the figure is pre-
sented on a dry, N₂ free basis.

The optimal gasification performance (higher mole fraction of
CO and H₂) is in the range of equivalence ratio 0.3 to 0.44. An
increase in the equivalence ratio above 0.6 gave oxygen in the pro-
duct gas particularly due to short residence time for these types of
gasifiers. The char in the product gas is consumed almost 100% for
the equivalence ratio greater than 0.3. The higher the equivalence
ratio the higher the reaction rates for combustion reaction thereby
increasing the process temperature. For more parametric varia-
tions and variations of process conditions, interested readers are
advised to read the results published by Weiland et al (Weiland
et al., 2015).
4. Conclusion

This study investigated the biomass gasification behaviors in an
entrained flow reactor by developing a simulation model based on
the MP-PIC approach. The model is validated against the results
from an experiment published in the literature. The results suggest
the suitability of the model for multiphase systems such as EF reac-
tors. The gasifier performance is quantified based on the results
obtained from the model. The model gave a good prediction of
the gasifier behavior and its chemistry, which can be used to opti-
mize entrained flow reactors. The main focus was to evaluate the
product gas composition, the reaction kinetics, and the flow behav-
ior inside the gasifier. Simulations showed that the CPFD is an
excellent tool to predict the gasification behavior inside an
entrained flow reactor. The overall efficiency (or CGE) of
industrial-scale entrained flow reactors is expected to be higher
than for the pilot-scale reactor due to the lower ratio of thermal
heat losses to fuel input.
ferent equivalence ratio (dry basis).
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Char oxidation is significant in the high-temperature region,
whereas the char-CO₂ reaction is prevalent throughout the reactor
depth. The endothermic nature of the water gas shift reaction
favors the high production of CO₂ in high-temperature regions
and its reaction rate decreased significantly with reactor depth.
Simulations show the zones of high and low-temperature regions,
suggesting different reaction zones such as a partial combustion
zone near the fuel injector followed by a gasification zone. Change
in the operational temperature from 1000℃ to 1300℃ gave an
increase of 12.45% of CO and 17.5% of H₂ and a decrease of
34.55% of CH₄ and 17.15% of CO₂ on a dry nitrogen-free basis. At
a lower equivalence ratio, some amounts of char were present in
the product gas whereas, at a higher equivalence ratio, O₂ was pre-
sent in the product gas. However, there are some uncertainties in
these results. Simulation of the complete system including the
feeding system as well as the quench bath for gas cooling and
the inclusion of tar and slag, will overcome the uncertainties to a
certain extent in this study.
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