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Abstract

Cost engineering and economic assessment play a crucial role in evaluation of CO; capture
technologies and energy systems. Cost is one of the key decisive factors when considering
industrial deployment of a technology. Economic analysis is very important when a selection is
to be made from different options. Estimates of CO, capture and storage processes are essential
for making policies, and for making important decisions like funding of research and projects, as
well as investment in industrial implementations.

Capital cost estimates made by engineering and procurement contractors (EPC) are usually
accurate. Nevertheless, their methodologies are usually not open and transparent for others to
adopt due to commercial policies. The technical and economic underlying assumptions utilised
are normally not disclosed. They are also difficult and expensive to access by researchers,
students and others that are not in the commercial and governmental sectors. The common
practice for capital cost estimation in the open literature is that a single overall installation factor
is applied uniformly on all equipment. The results from this study propose that it may likely lead
to over-estimation of very expensive equipment and under-estimation of least expensive
equipment. At best, it limits such methods suitability to only cost estimation of new and large
plants.

It has been stated in literature that the accuracy of capital cost estimates can be improved
by applying detailed factors and sub-factors as provided by the Enhanced Detailed Factor (EDF)
method. The EDF method is robust, especially with the introduction of the plant construction
characteristic factors (PCCF). They account for different situations that may be encountered in
different plant construction projects. In the EDF method, installation factors are assigned to each
piece of equipment based on their costs. A very expensive equipment unit is assigned a lower
installation factor while a less expensive equipment unit will have a high installation factor.
Therefore, the EDF method is suitable and robust for capital cost estimation of new plants,
modification projects and retrofit plants, and large and small plants.

The EDF method’s installation factors are more sensitive to differences in equipment costs
compared to the Lang Factor method, Hand Factor method, percentage of delivered equipment
(PDE) cost and the Bare Erected Cost (BEC) method. All the seven methods studied in this project
estimated the same cost optimum minimum temperature approach (AT,,;,) based on CO;
capture cost. Nevertheless, the capture costs were different, ranging from €66/tCO; to
€79/tCO,. The total plant cost estimates of the BEC method, the Lang Factor method, and the

percentage of delivered equipment cost method which are purely based on application of a
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single installation factor uniformly on all equipment were 31 — 54 % higher than the result of the
EDF method.

Due to the details involved in the EDF method, it is relatively time intensive, and it requires
more work to implement. This becomes challenging when there is a need for several iterative
calculations. For example, iterative cost estimation with each iteration involving process
simulations, equipment dimensioning, capital cost, operating cost and other economic analysis.
This is the case for sensitivity analysis and cost optimisation studies which are very important in
techno-economic analysis. Therefore, the Iterative Detailed Factor (IDF) scheme was proposed
as a simple tool for cost estimation and optimisation tool for fast and accurate cost estimation
based on the EDF method. The IDF scheme was implemented by means of the spreadsheets
incorporated in Aspen HYSYS. The models for equipment dimensioning, capital cost and
operating cost, as well as other key performance indicators were created inside the Aspen HYSYS
spreadsheets. It is based on estimating new equipment costs using the Power Law when
subsequent simulations iterations are performed after the initial one. When a process
parameter is varied, immediately after the simulation has converged, all cost estimates can be
automatically obtained. For the columns, a cost exponent of 1.1 for new sizes above the original
size and 0.85 below the initial size achieved the most accurate estimates in this study. A cost
exponent of 0.65 was utilised for estimation of the costs of all equipment that is affected by the
change in the process parameter. Other equipment not affected was assigned a cost exponent
of 1. The error with the IDF scheme was 0 — 0.4 % in estimation of total plant cost compared to
the EDF method.

Different specific types of heat exchangers for CO, absorption plant were studied. This was
to evaluate their cost reduction and emissions reduction potentials. They are the fixed
tubesheet shell and tube heat exchanger, floating head shell and tube heat exchanger, U-tube
shell and tube heat exchanger, gasketed plate heat exchanger and welded plate heat exchanger.
The gasketed plate heat exchanger outperformed all the other heat exchanger types in capital
cost, CO; capture cost, CO, avoided cost and CO; actual emissions reduction. Their limitations
are not very important in a solvent based CO2capture system. This project recommends the use
of plate heat exchangers for the cross-heat exchanger with a minimum temperature approach
of 4 — 7 °C. It is also recommended for the lean amine cooler and for the direct contact unit
water cooler in a CO; absorption and desorption process.

Cost estimation and optimisation were performed for a standard monoethanolamine based

process and for several other alternative processes. For example, the EDF method based on the
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IDF scheme was also applied to study a combined rich and lean vapour compression
configuration for CO; capture. The combined configuration achieved the best energy and
economic performance compared to the simple rich vapour compression and the simple and
lean vapour compression configurations.

The EDF method was mainly implemented in the IDF Scheme (automatic) approach in this
PhD study and in master students’ projects as well as master’s theses. Most of the studies
focused on automatization of cost estimation and process parameters cost optimisation. The
studies demonstrated that the EDF method implemented in the IDF scheme approach is fast and
robust to optimize process parameters like minimum temperature approach of the lean/rich
heat exchanger, columns packing heights and others. Therefore, this work recommends the
EDF/IDF method for cost estimation of CO, absorption processes and process parameters

optimisation.

Keywords: Techno-economic analysis, carbon capture and storage, CO2, waste heat, excess
heat, plate heat exchanger, shell and tube heat exchanger, CAPEX, OPEX, energy, optimization,

emissions.
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1 Introduction

1.1 Background

There has been a constant increase in the amount of anthropogenic carbon dioxide (CO,)
emitted into the atmosphere since the Industrial Revolution era[l]. Man’s activities and
demands, espec2ially energy production, manufacturing processes, and transportation have
been hugely dependent on burning of fossil fuels. Carbon dioxide is one of the by-products of
these industrial activities. Unfortunately, CO; is a greenhouse gas, which is a primary cause of
global warming leading to climate change. Figure 1.1 shows different sectors’ contributions to
CO; emissions globally, and it reveals that CO, emissions have been consistently increasing.

Figure 1.2 presents the relative change in annual CO, emissions by sector within the same

period.
CO2 emissions by sector, World m
Electricity & Heat
14 billion t
12 billion t
10 billion t
8 billion t Transport
6 billion t Manufacturing & Construction
4 billion t
Buildings
e Land Use Change & Forestry
2 billion t
M\nduslw
— Other fuel combustion
— Fugitive emissions
1990 1995 2000 2005 2010 2016
Source: CAIT Climate Data Explorer via. Climate Watch OurWorldinData.org/co2-and-other-greenhouse-gas-emissions - CC BY

Figure 1.1. Global annual CO; emissions by sector [2]

The effects of these emissions are palpable: the melting of glaciers, snow cover, sea ice,
and the rise in sea level and atmospheric water vapour [3-6]. These proofs are based on
numerous climate indicators. They have been validated by different scientists several times
globally [3, 4, 7]. With the projected growth of the world’s population, there will be a

corresponding increase in the amount of CO, emissions as Figure 1.1 has shown. If no action is

1
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taken by man, this will lead to destruction of habitats and consequently extinction of many
species [8, 9]. It also poses a threat to production of food (agriculture), thus, a threat to

everyone’s existence.

COz2 emissions by sector, World
Industry
+150%
+100%
Electricity & Heat
Transport
+50% Manufacturing & Construction
Fugitive emissions
+0% Buildings
Other fuel combustion
Land Use Change & Forestry
1990 1995 2000 2005 2010 2016

Source: CAIT Climate Data Explorer via. Climate Watch QOurWorldInData.org/co2-and-other-greenhouse-gas-emissions = CC BY

Figure 1.2. Relative change in annual CO; emissions by sector between 1990 and 2016 [2]

Therefore, CO, emissions reduction has become one of the most important current
international challenges. That is the reason for the Paris Agreement to keep the world’s
temperature rise below 2 °C (1.5-degree targeted). The energy producers in general and the
power industry in particular are now in a transitional period with major investments in research
and development (R&D) to meet the 1.5-degree target. The industry is likely to have to adapt to
environments that require a greater degree of flexibility in terms of access to and consumption
of energy. The ongoing programmes on transition from fossil fuels to green (renewable) energy
resources as well as improvement of energy efficiencies will bring about CO, emissions
reduction. Nevertheless, this measure can only result in considerable reduction of CO, emissions
in the long-term. On a shorter term, carbon capture and storage (CCS) technologies are
promising alternative and are widely accepted as necessary measure for CO; emissions
reduction to achieve the 1.5-degree goal [10]. This is also emphasised by SINTEF [11] that we
have no choice but to deploy CCS technology, that the world cannot manage if CCS is not

implemented. This is because the world may depend on oil and gas for some years to come.
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Carbon capture and storage (CCS) refers to technology that can capture CO, from industrial
flue gases, compresses and transports the captured CO; to a storage site, and safely store the
concentrated CO, underground, thereby reducing greenhouse gas emissions. Storage sites
include saline aquifers or depleted oil and gas reserves for storage, as can be seen in Figure 1.3

which presents an overview of the full CCS chain.

CO: captured at the power plant

CO:z injection at a rig

e

Figure 1.3. Schematic representation of the full CCS chain [12]

CO; capture from fossil-fuel power plants is based on three fundamental approaches: post-
combustion, pre-combustion, and oxy-fuel combustion as shown in Figure 1.4. In the post-
combustion capture, the CO; is captured from the flue gas resulting from the combustion of the
fuel in industrial processes. In pre-combustion CO; capture, the fuel first reacts with either
steam and air or with steam and oxygen to produce syngas. The CO is then converted to CO; in
a shift reactor with water-gas [13]. The CO; is removed, and the hydrogen is combusted for
power generation. In oxy-fuel combustion, the fuel is combusted in a near pure oxygen (first
separated from air) diluted with recirculated flue gas [4]. CO capture in industrial manufacturing

processes such as cement industry are traditionally based on post-combustion.
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Figure 1.4. Different carbon capture technology approaches (IPCC, 2005)

As research continues, new concepts and innovative modifications of current processes will
continue to emerge, and the conditions of the energy markets may vary constantly. Techno-
economic analysis of these new concepts and varying energy prices will need to be conducted
to develop economically promising concepts. Cost engineering and economics play a crucial role
in assessment of carbon capture technologies [14]. Cost is a key decisive factor when considering
industrial deployment of a technology if a choice among many options is to be made [15].
Estimates of carbon capture and storage processes are vital for making policies, and for making
important decisions like funding of research and project, as well as investment in industrial
implementation [16].

Some organizations usually engage contractors to either perform the entire or part of the
cost estimates they publish [16, 17]. Even though contractors generally prepare cost estimates
that are accurate, such schemes are however challenging for other sectors except for those in
the commercial world or governmental organizations. These cost estimates are normally not
open and transparent, due to commercial interests. They may also require well experienced cost
engineers that probably work in engineering, procurement, and construction (EPC) companies
to prepare. The list of equipment, basis of equipment dimensioning, or design are not usually
disclosed. The assumptions or factors applied to derive both the total direct and total indirect
costs do vary from one case to another [16].

In addition, just like the Lang Factor and the closely related percentage of delivered-

equipment costs methodologies, the same (a single) factor is applied uniformly on all the pieces
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of equipment (sum of all delivered equipment costs) irrespective of wide differences that may
exist in the purchase costs of the different main plant equipment.

There is a need to have a method that responds to different costs of equipment. The
Enhanced Detailed Factor (EDF) Method used at the University of South-Eastern Norway (USN)
has installation factors that respond based on each equipment cost [15]. A very expensive
equipment unit has a lower installation factor and a less expensive equipment has a higher
installation factor. The major challenge with the method is the time it takes to perform cost
estimation, especially in the cases of cost optimization studies where several parameters are
varied, and iterative cost estimation is required. Such studies could take days or even weeks if
all important changes in the process are captured. In addition, in previous studies [18-21] only
one variable was allowed to change while keeping all other variables constant during cost
optimisation analysis.

Therefore, there is a need to develop a robust but simple cost estimation tool that can
drastically reduce the required time for iterative simulation, equipment dimensioning and cost
estimation using a detailed factor method. The cost estimation model needs to be developed in
the simulation software or linked with it so that all required cost estimation is implemented
completely or partially automatic immediately after the process simulations converge.

There is also a need to investigate the current processes for cost reduction possibilities. The
greatest challenge in the CO; absorption and desorption process is the high energy consumption
(steam and electricity). One of the ways researchers have responded to this problem is by
process flowsheet modifications, that is development of alternative process configurations. This
has been considered as an efficient way to advance to optimize the energy efficiency of the
process [22]. In the literature, the less complex lean vapour compression model is one of the
promising alternative process configuration [21-27]. However, Le Moullec and Kanniche, [22]
proposed that combinations of the individual configurations would further improve the energy
consumption of the capture process. In a previous techno-economic study of the performances
of different process configurations, most of the process configurations with higher complexity
could not achieve better economic performances relative to the standard CO; capture process,
even though they achieved considerable energy reduction. Thus, there is need to investigate
this, particularly to conduct techno-economic analysis of such combinations.

There is also a need to examine the different equipment units that are the main cost drivers
and optimise them for cost reduction. The absorption column, lean/rich heat exchanger and

compression section are the main cost drivers of the standard CO, capture process. The
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absorption column has been well studied, and the compression section depends on the storage
and transport requirement. However, no work was found in the open literature that has shown
the techno-economic and emissions reduction impacts of selecting the different conventional
specific heat exchanger types. Most of the studies do not mention the specific type but a broad
class of heat exchanger, for example, the shell and tube heat exchanger (STHX). However, there
are different types of STHXs, each with a different cost. Since they have different costs, their
economic impact may be marginal or significant. A comprehensive optimisation of these
common different specific types of heat exchangers based on minimum temperature approach

(ATnin) was not found in open literature.

1.2 Objectives

The main objective of this PhD project is to develop an existing cost estimation method to
be applied to different processes and in particular for cost estimation and optimisation of CO;
capture processes for different conditions in the energy market. Specifically, the objectives are:

= To establish robust methods for cost estimation of CO, capture processes.

= To establish tools for economic optimization of processes and energy systems. That is

to develop links between process simulation software and cost estimation tools for
quick and easy estimation and optimisation of new capture process concepts.

= To perform cost optimization calculations in amine based post-combustion CO; capture

processes and evaluate for cost reduction possibilities.

1.3 PhD project approach and summary of papers

The project was divided into two parts which are “methodology” and “application” based
on the objectives. The two parts and their respective publications which fulfilled the objectives

of the PhD project are presented in Figure 1.5.
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The PhD Project: Cost Estimation Methods for CO, Capture Processes

Methodology

Projects to emphasize the
robustness of EDF method
[Article 1]

v

Application

Cost performances of different
specific heat exchanger types
[Article 3]

Development of a simple and
fast scheme for implementation
of EDF method (IDF Scheme)
[Article 2]

Cost optimisation of different
specific heat exchanger types
[Article 4 and 5]

CO2 emissions reduction
implications of different options
[Article 5 and 6]

Techno-economic evaluation of
combination of CO2 capture
configurations [Article 6]

Process parameters optimisation
and evaluation for economic
optimum route to increase CO>
capture rate above 85 %
[Article 71

Figure 1.5. The PhD project, objectives, approach, tasks, and publications that fulfil the objectives

The methodology part of the project focused on further development, demonstration, and
documentation of the existing cost estimation method at the University of South-Eastern
Norway (USN). Two articles were published, which are the Article 1 and 2 in this thesis. The main
focus of the second part of the project was to evaluate cost reduction possibilities in CO, capture

processes. The CO, emissions reduction implications of different options were also evaluated.
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The publications in this part of the project include Articles 3 — 7. A brief summary of each article

is given below:

Article 1: This article highlighted the significance of installation factors of a capital cost
estimation method for initial cost estimation. The robustness of the Enhanced Detailed Factor
(EDF) method for capital cost estimation was demonstrated and documented. Comparison of
cost estimates and responses of the installation factors of the EDF method were compared with

other methods in the open literature to illustrate the robustness of the EDF method.

Article 2: An EDF method based scheme referred to as Iterative Detailed Factor (IDF) method
was developed as a tool for fast and uncomplicated cost estimation and optimisation
calculations. This article presents the description of the simple scheme or model and its

validation.

Article 3: Techno-economic performance of the gasketed plate heat exchanger (G-PHE) if
selected for the lean/rich heat exchanger (LRHX) function in an amine based CO, absorption
process was compared with selecting five other specific types, to evaluate the cost reduction
potential. The five specific heat exchanger types include the U-tube shell and tube heat
exchanger (UT-STHX), the fixed tubesheets shell and tube heat exchanger (FTS-STHX), the
floating head shell and tube heat exchanger (FH-STHX), the finned double-pipe heat exchanger
(FDP-HX), and the welded plate heat exchanger (W-PHE).

Article 4: Cost optimization study of the G-PHE, W-PHE, UT-STHX, FTS-STHX and FH-STHX in a
CO,, capture process was conducted based on varying the temperature approach of the LRHX in
steps of 5 °C for a range of 5 — 20 °C. The aim was to evaluate the cost optimum temperature
approach of the different heat exchanger types and their corresponding cost reduction

potentials.

Article 5: A comprehensive study on cost optimization of the PHE, UT-STHX, FTS-STHX and FH-
STHX in a CO; capture process was also conducted based on varying the temperature approach
in steps of 1 °C mainly for a range of 5 — 20 °C. For comprehensiveness, CO; capture from two
flue gases were studied and using two different process configurations. They are flue gases from
a natural gas combined cycle (NGCC) power plant and from a cement plant. The standard and
the vapour recompression process configurations were used for the study. Here, one specific

type of heat exchanger was used as the direct contact section’s water cooler, the lean amine
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and the LRHX. The aim was also to examine the cost reduction potential of the optimum
temperature approach of each heat exchanger type. The CO, emissions reduction implication of

varying minimum temperature approaches were also evaluated.

Article 6: The energy consumption, CO, emissions reduction and cost reduction implication of
a combined lean and rich vapour compression process configuration for CO, capture were
investigated. This was to find out if the combined process will have a better performance

compared with the individual processes and the reference standard CO; capture process.

Article 7: The impact of different optimisation process parameters and factors on the CO;
capture cost was studied to evaluate the most influential among them. The cost implication of
the route of merely increasing solvent circulation rate to increase CO; capture rate versus the
route of mainly increasing the absorption column packing height were investigated. This is to

find the optimum route for increasing CO, capture efficiency above 85 %.

1.4 Outline of the thesis

The thesis is structured into two parts. Part | comprises general overview of the project
from introduction to discussion of the key results. It consists of five chapters. Chapter 1 presents
the background, objectives, the approach of the PhD project execution and the summary of
papers. Chapter 2 reviews relevant concepts and literature that established the motivation for
this research. The techno-economic analysis methodology employed, and steps taken are
described in Chapter 3. The most significant results obtained in the work are discussed in
Chapter 4. While Chapter 5 contains the major conclusions drawn from all the studies as well as
recommended further studies.

The Part Il contains the seven published and submitted articles used for this thesis. This
part is very important. This is because it contains the comprehensive details of the underlying
technical and economic assumptions, methodology, process specifications, and comprehensive

results presentation and discussion.
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2 Literature review

Relevant concepts and literature are reviewed to give further background information, but
most importantly, to identify knowledge-gaps that need to be filled by this research. This work
is part of a continuous development at the University of South-Eastern Norway (USN) to assess
CO; capture processes from different views. It is based on the PhD projects of Hassan Ali [28]
and Lars Erik @i [20] at USN, and on the several years of Nils Henrik Eldrup cost estimation
teaching and industrial project works at both SINTEF Industry and USN. It is also based on several
student projects with @i, Eldrup, Ali and Aromada as supervisors. The Enhanced Detailed Factor
(EDF) method was developed by Nils Henrik Eldrup. An open version is documented by Ali et al.
[15].

2.1 Status of carbon capture and storage facilities

CO; capture using an amine based solvent is not a new concept. The idea of capturing CO,
by absorption into an amine solvent has been in practice in the 1920s — 1930s for natural gas
treatment to meet quality requirement, and in production of syngas to produce methanol and
ammonia [29, 30]. The use of CO; from natural gas treatment facility for enhanced oil recovery
(EOR) was first demonstrated in the U.S. (Texas) [29]. However, it was in 1977 the concept of
CO, separation motivated by CSS for climate change mitigation was suggested [29]. In the 1990s,
researchers began to focus on different aspects of CSS. Since then, several CCS pilot plants and
industrial-scale projects have been implemented globally.

Norway is one of the countries that have shown much commitment to the deployment of
CCS. In the Norwegian continental shelf, there is a great potential for storage of large quantities
of CO; captured from industry [31]. Since 1996, around one million tons of CO, from the Sleipner
field in the Norwegian North Sea has been injected annually into the Utsira Formation [32]. This
is the first CO, offshore storage project in the world [33]. There is also the Snghvit facility which
also stores CO, offshore [33]. Norway established the largest test facility in the world called
“Technology Centre Mongstad (TCM)”, to test and develop CO; capture technologies [34]. The
project was initiated in 2006, and the operations commenced in 2012 [35]. Currently, a
commercial-scale CO; capture plant is under construction to capture 50 % of the CO, emissions
from the Norcem Cement plant at Brevik in Norway, with steam production from waste heat.
Another commercial-scale plant is planned to capture 400,000 tons/year of CO, emissions from

the energy recovery plant at Fortum in Oslo [36]. Each of the two CO; capture plants are planned
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to capture about 400,000 tons of CO; [36, 37]. Ships will be employed to transport the CO; to
the coast of Norway for offshore storage under the seabed. The current status of CCS facilities
globally in terms of number and capture capacity in metric tons per annum (Mtpa) is presented

in Table 2.1. While their locations can be seen in Figure 2.1.

Table 2.1. Current commercial facilities globally as of September 2021 [38]

Number of facilities Capture capacity (Mtpa)

Operational 27 36.6
Under construction 4 3.1
Advanced development 58 46.7
Early development 44 60.9
Operation suspended 2 2.1
Total 135 149.3

Figure 2.1. Locations of current commercial facilities globally as of September 2021 [38]

2.2 The amine based carbon capture technology

Emissions of CO, from industrial processes are classified as large point sources. The large
flue gas flows from these sources have varying partial pressures of CO, depending on the
industrial process. Post-combustion carbon capture is the most appropriate technology for this
kind of systems [28]. The different post combustion capture approaches which have different
technology readiness level (TRL) are briefly described in Article 3 [39]. Among them, the
standard amine based, especially monoethanolamine (MEA) CO, absorption and desorption
process is the most mature, the oldest and the most studied process. MEA reacts fast with CO,

to form carbamate; its CO; capacity is relatively high and readily available and at a relatively low
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cost. It is the-state-of-the-art CO, capture technology. Therefore, it is always specified as the
reference for evaluating the performances of other technologies, pure solvents, and blends. The
principle of the process is schematically illustrated in Figure 2.2. The capture process is explained

in Articles 1 and 3 [39, 40].
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Figure 2.2. Description of the solvent based CO; capture process [39]

2.3 Alternative CO; capture process configurations

The greatest challenge in the absorption and desorption process is the high energy
consumption (steam and electricity), often referred to as energy penalty. One of the
improvement possibilities is by process flowsheet modification, that is development of
alternative process configurations. This has been considered as an efficient way to optimize the
energy efficiency of the process [22]. The proposed process modifications in literature range
from simple to more complex configurations.

Gary Rochelle and his group at The University of Texas at Austin in the U.S. have proposed
different alternative stripper configurations. In one of the studies [23], the order of performance
of the alternative stripper configurations from best is:

matrix > internal exchange >

multipressure with split feed > flashing feed.
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Le Moullec and Kanniche [22] investigated 15 alternative process configurations and
observed that they could improve the overall efficiency of the system. The configuration with
the desorber having moderate vacuum pressure of around 0.75 bar, desorber with staged feed,
the lean vapour compression (LVC), and overhead desorber compression were found to be the
best individual simple modifications, with 4—8 % reduction in efficiency penalty. They however
suggested that combination of the individual configuration would further improve the energy
consumption of the capture process by 10 to 25%.

Cousins et al. [24] also reviewed 15 flowsheet modifications and concluded that realisation
of the reduction of energy consumption claimed in literature require increase in process
complexity by adding extra equipment. They also stated that modest improvements in efficiency
with minimal extra equipment and control is realisable; as in the case of lean vapour
compression (LVC) and a number of heat integration concepts.

Cousins et al. [25] also conducted another study but with only rich split, inter-cooling, split
flow, lean vapour compression and heat integration alternative process configuration. The lean
vapour compression was also found to achieve the minimum reboiler duty of 3.04 GJ/tCO2 (19
% savings) but incurred a compressor duty.

Karimi et al. [26] conducted a techno-economic study on five process modifications which
include: split-stream, multi-pressure stripper, lean vapor compression, and compressor
integration. The lean vapor compression configuration was found to be the optimum
configuration. It achieved the lowest CO; capture cost as well as the minimum CO; avoided cost.

Aromada and @i studied three different process configurations and found the lean vapour
compression configuration to perform best in energy consumption and in overall cost (net
present value) [21, 27].

From all the studies reviewed, the less complex lean vapour compression configuration
seems to be a more promising solution. However, Le Moullec and Kanniche [22] stressed that to
combine some individual proposed alternative absorption configurations may result in
achievement of more improvement in energy consumption. This may be the case, but perhaps
such case or cases could only achieve more overall cost reduction if the capital cost does not
significantly increase. This is because, the works of [25, 26] indicated that process configurations
with higher complexity may achieve some improvement in energy consumption, but they may
not perform better economically. Thus, if process configurations are to be combined, thereby
increasing the process complexity, the capital cost may not necessarily increase. The schematic

description of the lean vapour recompression is presented in Figure 2.3.
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Figure 2.3. Lean vapour compression (LVC) configuration CO2 capture process (modified from [39])

Therefore, a combination of alternative configurations that need to be investigated should
be a combination of simpler alternatives. Examples are the different types of vapour
compression (combined lean and rich vapour compression) process configuration, different
types of split stream process configurations or absorber intercooling configuration with the
vapour compression process configurations. Such studies done comprehensively with techno-
economic analysis are not common in the open literature. The lean vapour recompression (LVC)
process configuration has been well studied, but studies on the rich vapour compression (RVC)
are not common. A study of a process configuration that combines both lean vapour
compression and rich vapour compression processes is not available in the open literature. Since
cost is the greatest challenge, it is important to investigate this type of arrangements to examine

if it would really lead to improvement as suggested by [22].

2.4 Key equipment in the conventional capture process

The main capture section of the process is described in Article 3 [39]. It comprises the
section marked-out with red dash lines in Figure 2.2. The key equipment includes the absorber,
desorber, lean/rich heat exchanger (LRHX) and the reboiler. The absorber and LRHX are the main
cost centres in the process [15, 41]. There are different specific types of heat exchangers that
are technically suitable for application as the LRHX. In the literature [41], a broad heat exchanger

type such as shell and tube heat exchanger (STHX) or plate heat exchanger (PHE) are frequently
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mentioned for this function. There are different types of shell and tube heat exchanger with
different costs or prices, thus, different outcomes would be realised by selecting the different
specific types of heat exchangers. In addition, there are studies that have suggested that using
the plate heat exchanger may reduce the over-all cost [42], but no literature was found that has

shown the performance of the PHE compared with other heat exchangers.

2.5 Lean/rich heat exchanger optimisation

There is literature [42-44] on minimum energy consumption and optimum cost through
trade-off analysis of energy cost and capital cost at different temperature approach AT,,,;,, of
the lean/rich heat exchanger. However, these studies are merely based on one type of specific
heat exchanger type, and recommendations are often given on the cost optimum AT,,;,,. This
could be misleading since the specific heat exchanger type are not often specified. Since the
different specific heat exchanger types have different cost, a more appropriate and
comprehensive analysis will involve at least more than one of the common specific types of heat
exchangers such as the fixed tubesheet shell and tube heat exchanger (FTS-STHX), the floating
head shell and tube heat exchanger (FH-STHX), the U-tube shell and tube heat exchanger (FTS-
STHX), the gasketed plate heat exchanger (PHE) etc. This will give a better overview of cost

optimum AT,,;, of the lean/rich heat exchanger depending on heat exchanger type.

2.6 Route to capture more CO; from flue gas-optimisation

@i [45] conducted a study on CO, capture efficiency based on solvent circulation rate and
examined the specific reboiler heat consumption implication. His work indicated that a 5 %
increase in CO; capture rate from around 80 % to 85 % based on only solvent flow will require
about 8 % more solvent flow, and about 3 % increase in specific reboiler heat consumption. To
increase the capture efficiency further by about 4 %, that is from 85 % to around 89 %, the extra
solvent flow was approximately 15 % and the specific reboiler heat consumption rise with
around 30 %.

Different specific reboiler heat consumptions for the standard CO, capture has been
reported in literature for similar processes [41]. One of the reasons is because the capture rate
is arrived at mainly through increase in solvent flowrate, or by increase in number of packing
stages [41]. When going through the route of varying the column packing height, the optimum

is identified when only a very little or no change in CO, removal efficiency occurs [41].
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2.7 Techno-economic assessment of CO, capture technologies

Techno-economic analysis or assessment is a technique applied to analyse the technical
and economic performance or feasibility of a technology [28]. It is applied to assess the technical
suitability and cost performances of technological innovations, perform cost optimisation of
industrial processes and parameters, as well as analyse the environmental impact of
technologies or industrial processes, irrespective of the Technology Readiness Level (TRL).
Critical process and economic parameters can be identified through techno-economic analysis
[15]. Techno-economic analysis is mostly used for comparing different technologies. That is to
evaluate the best promising or cost optimum system [15].

Cost engineering and economics play a crucial role in assessment of carbon capture
technologies [14, 40]. Cost is the key decisive factor when considering industrial deployment of
a technology when a choice among many options is to be made [15]. Estimates of carbon capture
and storage processes are vital for making policies, and for making important decisions like
funding of research and project, as well as investment in industrial implementations [16, 40].

New and innovative concepts will continue to emerge from research. For transparent and
proper comparison of technologies or benchmarking of a technology, it is vital to establish a
common basis, especially in scope of study, underlying process and economic assumptions, and

methods of estimation.

2.8 Process parameters and automatic cost optimisation in

Aspen HYSYS

Process parameters optimisation is a common practice in CO, absorption processes to
achieve the best economic solution. Several process parameters can be optimised through
process simulation. Chu et al. [46] conducted a study on the optimisation of absorber packing
height based on mass transfer and on lean solvent flow. Absorber packing height optimisation
study based on pressure drop has also been conducted by Mores et al. [47]. There has been a
strong focus on the optimisation of the temperature difference (AT,,;,) between the hot (lean)
and cold (rich) streams at the cold end of the cross-exchanger at the Telemark University College
which is now University of South-Eastern Norway [19-21, 27, 48]. Several other researchers have
shown that this is an important process parameter to optimise [20, 26, 43, 44, 49, 50].
Optimisation of the desorber pressure was recently studied by Khan et al. [51]. Aromada and @i

[27] and Fernandez et al. [52] have conducted studies to optimise the flash pressure of the lean
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vapour compression configuration. Studies on optimum split ratio in both lean and rich split
configurations are available [49, 51, 53]. Optimisation of other process parameters such as lean
loading and solvent concentration have also been of interest [49].

Optimisation of a process parameter in CO, absorption process is typically done by keeping
all other parameters constant [20]. To optimise all the process parameters in a CO; absorption
and desorption process to achieve a cost optimum solution is a challenge [20]. It would require
an automatic modelling to implement a process parameter optimisation where all other process
parameters can simultaneously respond to changes in the process. The lean/rich heat
exchanger’s minimum temperature approach (AT,,;,) has been successfully optimised
automatically [53]. In theory, simultaneous optimization of all process parameters is possible
[20]. For example, using the Aspen HYSYS Optimizer tool [20]. The columns are the key
constraints for automatic process optimisation calculations in Aspen HYSYS [20]. A major
challenge is the columns’ convergence issues. Obvious limitations in Aspen HYSYS is that before
performing the optimization, one needs to first manually specify the number of equilibrium
stages and Murphree efficiencies in the columns [20]. At the University of South-Eastern
Norway, there has been a strong interest to implement automatization of process simulation
combined with equipment dimensioning, cost estimation and optimisation. This will help to run
automatic cost estimation and optimization of CO; absorption processes in Aspen HYSYS. The
framework can simply be customised as stated in Aspen HYSYS Customization Guide [54]. A
programme can be written and executed through a third-party application which supports
automation such as Visual Basic [55]. Aspen HYSYS has an internal Macro Engine. This macro
supports a syntax like in Visual Basic [55, 56]. It is therefore possible in theory to write a Visual
Basic code that can link Aspen HYSYS spreadsheets with Microsoft Excel spreadsheets [56]. This
will help to implement automatic process parameter cost optimisation based on any factorial

capital cost estimation [56].

2.9 Capital cost estimation methods in literature

At research level, industrial plants’ capital cost estimation is based on initial cost estimates,
which are derived mainly based on a bottom-up approach with installation factors. The methods
fall under Class 5 and 4 of the AACE classification. A literature review on this topic can be found
in Article 1 [40]. It was concluded that there is a need to have a more robust method that is open

and transparent. The common factorial methods are classified and summarised in Table 2.2.
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Table 2.2. Categories of factorial methods in literature

Factorial method categories Basis/example literature
Plant’s overall installation factor Lang factors [57-61]
Equipment type factor Hand factors [60, 62]
Percentage of delivered Percentage or ratios of delivered 47,57, 59, 60, 63]
equipment cost equipment usually free-on-board
Bare Erected Cost (BEC) module Percentage or ratios of BEC [16, 41, 64, 65]
Detailed factors Individual factor and sub-factor method [57, 66]

EDF method [15, 39, 40]

2.9.1 Process and economic scope of cost estimates

It is very important to clearly define and state the scope of a CO, capture process cost
estimates [15, 40]. The initial step in a techno-economic analysis of a CO, capture plant’s
construction and operation is to determine the process boundary. That is, what should be
included or excluded in the cost estimate(s) of the process. This may be implemented by first
developing a simple block or process flow diagram (PBD or PFD) of the capture system. Then,
the boundary of the all the subprocesses to be included in the cost estimate is marked out as
can be seen in Figure 2.4. All the main plant equipment/units can then be identified and are
used for the cost estimation.

Common scopes of techno-economic studies on CCS in literature are described in Figure
2.4 and Table 2.3 with some references. This work has classified them into seven scopes (Scope
Ato Scope G). Nevertheless, some other scopes can be found where one of these scopes extends
into a part of the next scope, or where some subprocesses are excluded from a particular scope.
An example is that of Karimi et al. [26] which can be seen as “Scope D” without the flue gas pre-
cooling process and without the flue gas fan/blower. It can also be seen as “Scope A” with the
CO, compression section which is part of “Scope D”.

Rubin et al. [16] stressed that to use cost metrics such as CO, avoided cost and increased
cost of electricity, the cost has to be “Scope G”. They argued that CO; avoided cost should
include the entire CCS chain, that technically, until the CO; is safely stored, it has not been
avoided. However, the common practice is to limit the cost estimates to the capture process
and most times including the compression section [17, 26, 44, 67]. If the objective of the work

is to optimise process parameters, that should be sufficient.
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Figure 2.4. Different CCS techno-economic studies’ scopes in literature (transport and storage pictures
are taken from: [68-70]

Table 2.3. Different CCS techno-economic studies’ scopes in literature

Scope  Description Literature
A Absorption to desorption [21, 71]
B Fan/blower to desorption [18, 48, 72]
C Flue gas cooling, fan/blower to desorption [73, 74]
D Flue gas cooling, fan/blower to compression [43, 44, 75]
E Process plant, flue gas cooling, fan/blower to compression [17, 76, 77]
F Transport and storage [78-80]
G Process plant to storage [81]

The accuracy of the cost estimates does not depend on the scope if the interpretation is
limited to or applied based on a clearly stated scope for transparency [15]. When comparison is
to be made among different CO; capture technologies for the same process, any of Scope A to
Scope D may be appropriate [15, 41]. The cost estimate scope for a process plant that already
has flue gas pre-treatment process for removal of NOx, SOx, particulate matters (PM) and other
impurities will likely be “Scope C” or “Scope D” if transport and storage are not included as
mostly done [15, 17, 41].

However, it is obvious that the cost estimate increases with increase in scope from Scope

A to Scope G. Thus, the cost estimates from the different scopes will be in the following order:
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Scope A < Scope B < Scope C < Scope D < Scope E < Scope F < Scope G. Therefore, it is important
to clearly state the scope of the cost estimates to allow for a transparent interpretation and
comparison with other studies.

In addition to process scope, it is important to be transparent about the scope of the capital
cost and operating and maintenance costs. The different scopes of capital cost are concisely
illustrated in Article 1 [40]. Ali et al. [15] also showed the scopes of the procedure of different
capital cost methods employed by different industries. Some studies limit their capital cost
estimates to total plant cost (TPC) [15, 17], while some other studies use total investment cost
[41]. The more transparent way to compare capital costs would be by total plant cost since it is
the sum of all the main process equipment installed costs. This is because there is a wide range
of differences in the underlying assumptions used for estimating the total investment cost from

the total plant cost [15].

2.10 CCS techno-economic analysis cost measures and metrics

Different measures or metrics are used to analyse or report the cost of carbon capture and
storage (CCS) processes in literature [80]. The most common among them includes CO; avoided
cost (€/tC0O,), CO, capture cost (€/tCO,), levelized cost of electricity (LCOE) (€/MWh) for a power
plant scenario, negative net present value (NPV) (million €), and total annual cost (TAC) (million
€). CO; abated (or reduced) cost has also been reported by [80]. A good understanding of these
CCS cost measures and metrics is important for proper understanding and appropriate

interpretation of results and comparison.

2.10.1 CO3 capture cost

This is one of the most common CCS cost measures. It is frequently applied for reporting
carbon capture costs in both power plant and other industrial plant scenarios [67]. This cost
metric expresses merely the economic implication for capturing a ton of CO.. It is commonly
used to evaluate the economic viability of a CO, capture process or technology relative to a CO,
market price as an industrial product [80]. It does not account for the actual or true climate
change impact of the capture process [82]. That is, it does not reflect the actual CO, emissions
reduction. It is also important to clearly state the scope of the estimate because CO, capture
cost are estimated for “Scope A” to “Scope F” in literature (see Figure 2.4). It is generally

estimated as shown in equation (2.1).
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€ TAc (5)
) = tco (2.1)
tCO; Mass of annual CO, captured ( yrz)

CO, capture cost (

And the total plant cost (TAC),

€ € € €
TAC (—) = Annualized CAPEX (—) + Annual VOC (—) + Annual FOC <—>
yr yr yr yr
(2.2)
VOC s variable operating cost, FOC is fixed operating cost and the Annualized CAPEX is the yearly

capital expenses which is defined as:

Annualized CAPEX (=) = £oRtelcosl(TPO) (2.3)
yr Annualized factor
Equation (2.4) is applied for computing the annualized factor.
Annualized factor = X, [—] (2.4
nnualized factor = };_4 e 4)

However, for a power plant scenario, CO; capture cost can also be expressed as equation (2.5)

[80]:

€ ) _ (0B cc (3r7) - (COBres (3rm)

tCo; Specific mass of annual CO, captured (

CO, capture cost ( tCOZ) (2.5)

MWh

(COE) ¢ = cost of electricity for the scenario of power plant with carbon capture plant.
(COE)y¢f = cost of electricity for the scenario of a reference power plant without carbon

capture.

2.10.2 CO; avoided cost

This is one of the most important and most common metrics for reporting cost of CCS in
literature [80]. It is generally estimated as the average cost of preventing emissions of a ton of
CO; (tCOy). It is based on comparison of a process plant (power plant or other industrial plants)
with carbon capture and storage technology with a reference plant without CCS as a unit of
useful commodity is produced (1 ton of cement or clinker in the case of cement plant, and 1

MWh for power plant scenario). For a power plant, it is estimated as follows [80]:

€ ) _ (COE)ccs (ﬁ) = (COE)ref (ﬁ) (2.6)

CO, capture cost ( tCo tco
£Co; (MW?I) ref — (MW?I) ¢es
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For the case of a cement plant, it can be expressed as shown in equation (2.7) based on cost of

cement or clinker (COC) and specific mass of CO; emissions.

€ (COC)CCS (t ) (COE)ref ( € )
CO, capture cost ( ) = o clinker =5 Cclinker (2.7)
clinker telinker

In literature, CO; avoided cost is often estimated without the transport and storage process as

shown in equation (2.8) [17, 67]:

(COP)cc — (COP) ey
(Specific emissions)yer — (Specific emissions)cc

CO, avoided cost (tC€0 ) = (2.8)
2

where COPc is the cost of product when carbon capture technology is implemented, and
COPyy is the cost of product in a reference plant without carbon capture technology. It is also

simply estimated as in equation (2.9):

e TAC (ﬁ)
co, avoided( ) = co T co
teo, CO, captured (tyrz) — CO0, emitted in energy production (tyrz)
(2.9)

Rubin [80] argued that equations (2.6) and (2.7) are the appropriate ones, that CO,
emissions into the atmosphere are only avoided when the captured CO, has been successfully
stored (Scope G). However, often in literature, estimates of CO, avoided cost mostly include
merely the CO; capture process without the transport and storage (mainly based on Scope D
and Scope E) [17, 43, 44, 67, 80]. Therefore, it is important that it is clearly stated the process

scope of their techno-economic studies.
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3 Methodology

The techno-economic studies conducted in the PhD project were implemented as follows:

e Conceptualization of the research project towards fulfilment of one or more of the
objectives of the PhD project.

e Process and economic scope analyses and assumptions.

e Process flowsheet diagram (PFD) development and simulation in Aspen HYSYS.

e Development of IDF scheme based on EDF method in Aspen HYSYS using the
incorporated spreadsheets. These include implementation of equipment dimensioning,
obtaining equipment cost from Aspen In-Plant Cost Estimator, capital cost estimation
model, operating and maintenance costs estimation model, and other economic
analyses models using the spreadsheets in Aspen HYSYS.

e The EDF scheme and IDF tool were employed for cost estimation and cost

optimisation/sensitivity analysis.

3.1 Process scope and assumptions

As stated in Section 2.8, the most common scope of techno-economic studies in literature
is “Scope D” (based on Figure 2.4). Therefore, it is reasonable to choose this scope for the
projects in this work to make it easy for a better comparison with literature. Scope D comprises
the main CO; absorption and desorption process, the flue gas cooling process and fan, and the
CO, compression process as can be seen in Figure 2.4. These processes have been discussed in
Article 3 [39].

For publications in conferences Scope C was selected. The most common scopes found in
most of the conference publications are Scope B and Scope C. Scope C only includes the main
capture process and flue gas cooling section together with the flue gas transport fan.

Monoethanolamine (MEA) is the most mature and most studied solvent in post-
combustion CO; capture process. Thus, it was selected for all the studies. However, the blends
of MEA with Methyldiethanolamine (MDEA) and with piperazine (PZ) [83] were studied in one
of the master’s thesis projects during this programme. The scope of the project does not cover

CO; transport and storage.
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3.2 Process simulation and assumptions

After conceptualisation and scope determination, process flow diagrams (PFD) were
developed and simulated in Aspen HYSYS. The process simulations were implemented based on
the same strategies as in [27, 45]. The only difference is that the Amine property package in
Aspen HYSYS version 7 and earlier has been replaced by the acid gas property package. Aspen
HYSYS version 10 was used for the work in Articles 3, 4 and 7 [39, 73]. Version 11 was used for
Articles 1 and 2 [40, 74], and version 12 was utilised for Articles 5 and 6. The absorber and the
desorber were both simulated as equilibrium stages with stage (Murphree) efficiencies in all the
studies. The detailed assumptions in each study are presented in their respective publications.

The process simulations provided the mass and energy balances as well as duties used for
equipment dimensioning, which is the basis for capital cost estimation. The utilities and raw
material consumption, that is electricity, steam, process water, cooling water and solvent, which
are the inputs for estimation of variables operating costs (VOC) were also obtained from the

process simulations.

3.3 Equipment dimensioning, equipment costs and assumptions

The dimensioning approach applied in the PhD project is the same as in previous works at
Telemark University College, now University of South-Eastern Norway (USN) [18, 20, 21]. The
basis and assumptions for each equipment sizing in each work was clearly stated. Due to
corrosion resistance consideration and amine degeneration, all the equipment except the flue
gas fan and the casing of the compressors were assumed to be constructed from SS. However,
the cooling water pumps in Article 1 [40] were assumed to be constructed from carbon steel.

The equipment costs were obtained directly from Aspen In-Plant Cost Estimator
software/database. Aspen In-Plant Cost Estimator version 11 was used to obtain equipment
costs in Articles 1, 3, 4 and 7 [39, 40, 73], while version 12 was used to acquire the cost data

used in Article 2, 5 and 6 [74].

3.4 Scope of economic analysis and assumptions

All cost estimates in this project are initial or early phase cost estimates. The scope of capital
cost estimation in this project has been well discussed in all the articles, and it is detailed in
Article 1 [40]. Thus, only a brief information is necessary here. Figure 3.1 gives a summary of the

main elements of total capital investment or cost. The capital investment or expenses (CAPEX)
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in all the studies conducted is limited to the total plant cost (TPC), which is the sum of all
equipment installed costs. Since there are varying underlying assumptions for estimation of the
total capital investment from the TPC, the TPC which is the sum of all equipment installed costs
would be a more proper basis for comparison.

Location factor, even though it is important, was not included in this project because a
default CO; capture plant location of Rotterdam was selected for all the studies. Nth-of-a-kind
(NOAK) plant was also assumed in all studies [17].

Variable operating costs (VOC) were limited to the cost for consumption of electricity,
steam, cooling water, process water (including make-up water) and solvent (including make-up
solvent). While the fixed operating costs (FOC) are limited to cost of annual maintenance and
salaries for operators and supervisor. CO, transport and storage are not included in the process
scope in all the studies. In addition, preproduction costs, insurance, taxes, first fill cost and

administrative costs are not included in the operating and maintenance costs.

Total capital investment or cost (TCl)

!
v

Fixed-capital investment (FCI) or

Total plant cost (TPC)
Capital needed to supply required
manufacturing and plant facilities

Working capital (WC)
Capital necessary for the operation of
the plant before sales revenue
becomes available (typically 10 — 20%

of TCI for a chemical plant)

v

v

Manufacturing fixed-capital investment

(direct cost)
Capital required for the installed equipment with all
components that are needed for complete plant
operations, e.g., equipment, site preparation, piping,
instruments, insulation, foundation etc.

Non-manufacturing fixed-capital

investment (indirect cost)
Capital required for construction overhead and for
plant components that are not directly related to plant
operation, e.g., land, administrative and other offices,
warehouses, shipping etc.

Figure 3.1. Elements of total capital investment
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3.5 Capital cost estimation method and assumptions

The main objective of this PhD project is to further develop an existing cost estimation
method to be applied to study different CO, capture technologies. The aim is to have a robust
method that can be applied to conduct comprehensive cost optimisation and sensitivity analyses
of different capture processes efficiently, easily, and quickly. This method is referred to as the
Enhanced Detailed Factor (EDF), and its application has been demonstrated and comparison has

been made with other methods in literature in [40].

3.5.1 Enhanced detailed factor (EDF) method

The Enhanced Detailed Factor (EDF) method was used for all the studies. The details of the
method have been given in [15, 40]. Nevertheless, it is important to review the key
implementation procedures.

As the name implies, it is a factorial capital cost estimation method based on a bottom-up
approach. Different installation factors are applied to the different main plant items depending
on their respective costs. The installation factors are prepared for equipment constructed in
carbon steel (CS). Consequently, it is necessary to convert equipment costs in other materials

such as stainless steel to costs in CS. This is performed using equation (3.1):

c

C — —othermat. 3.1
where,
Crq.cs = cost of equipment in carbon steel

CEgq.other mat. = cost of equipment in other material

fu = material factor for converting cost in other materials to cost in CS

When the equipment costs in SS have been converted to costs in CS, the applicable total
installation factors (Fr ¢s) for each equipment in CS can be obtained from the EDF installation
factor table (Appendix C2 of Article 1). Other factors may be used. In this work, the total

installation factor consists of the following subfactors:

FT,CS = fdirect + fengineering + fadministration + fcommissioning + fcontingency (3-2)
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Material factors and piping subfactors were also obtained from the table for each equipment.
They are applied for conversion of the installation factors from CS to their corresponding
installation factors in their respective material of construction such as SS. It is essential to
recognize that it is merely the material of construction and piping that are affected. Hence, the

final EDF installation factor for a particular of equipment in its original material was calculated

as follows:
Fr other mat. = Frecs — (qu_ + fpp,CS) + fM(qu. + fpp,CS) (3.3)
Fr.other mat. = Frcs + (fu = 1) * (feq. + fop.cs) (3.4)
Frothermar. = total installation factor for equipment cost in other material, e.g., SS.
fEq. = equipment subfactor which is equal to 1.
fovcs = piping subfactor in CS.

The installed cost of each piece of equipment in CS (Cgiccs), and in other materials

(CErcother mat.) Were estimated as follows:

Ceices = Ceqes " Froes (3.5)

CEIC,other mat. = CEq.,CS ' FT,other mat. (3.6)

Since installation cost is estimated for only equipment unit, the total installation for equipment
that requires more than one unit was estimated by simply multiplying equation (3.5) or (3.6)
with the number of units of the equipment. Then, the total plant cost (TPC) was estimated as

the sum of all equipment total installed costs.
TPC = Y,(All equipment installed costs) (3.7)

If the equipment cost year is different from the capital cost year, the estimate can be escalated
using an appropriate industrial cost price index. The main elements of the EDF method’s

installation factors are presented in Figure 3.2.
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Main elements constituting Installation factor

y

Direct Costs Engineering Costs Administration Costs Other Costs

- Equipment - Engg. Process - Procurement - Commissioning
- Erection - Engg. Mechanical - Project Control - Contingency

- Piping - Engg. Piping - Site Management

- Electric - Engg. Electric - Project Management

- Instrument - Engg. Instrument

- Civil work - Engg. Civil

- Steel & concrete - Engg. Steel & concrete

- Insulation - Engg. Insulation

Figure 3.2. Main elements of the Enhanced Detailed Factors [15]

3.5.2 Plant construction characteristic factors (PCCF)

A new set of factors which accounts for the peculiarity or specific characteristics of different
process plant construction have in this work been introduced in the EDF method. They are
known as plant construction characteristic factors (PCCF). They were developed and have been
tested against real plant construction projects by Nils Eldrup [40]. To implement a particular
PCCF, the factor is used to multiply the corresponding direct subfactor and engineering
subfactor in the EDF installation factor list. An example is if there is no need for ground
preparation, then, the subfactor “ground work” in the direct cost as well as the “engineering
ground” subfactor in the EDF installation factor list is multiplied by the corresponding PCCF
under “ground preparation”. Further details are provided in Article 1 [40] and the PCCF list is

presented in Table 3.1.
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Table 3.1. The EDF method’s plant construction characteristic factors (PCCF)

Plant construction characteristics factors (PCCF)

Instrument Insulation

Local instruments 0.36 No insulation 0.05

One control loop per main equipment 0.88 Heat insulation of utilities pipes 0.52

Two control loops per main equipment 0.94 Normal heat insulation 1.00

Tree control loops per main equipment 1.00 More than normal heat insulation 1.13

Electrical Cold insulation of vessels and pipes 1.42

No electricity 0.09 Ground preparation

Light 0.23 No ground preparation works 0.09

Light and electric power to building 0.82 Normal ground preparation without piling 1.00

Electric power from existing power supply  1.00 Normal ground preparation with piling 1.30

Electric power from new power supply 1.45 More than normal ground preparation 2.16
without piling

Piping More than normal ground preparation with 2.82
piling

No piping 0.09 Civil and buildings

Channels 0.27 No buildings 0.09

Thin pipes and pipes for utilities systems 0.67 Open on ground 0.28

Normal pipes and pipes for utilities 1.00 Open in a structure 0.78

Complex pipes and pipes for utilities 1.12 Closed structure 1.00

Big bore pipe and pipe for utilities 1.12 Insulated closed structure 1.60

Big bore and complex pipes and pipes for 1.29 More than normal ground preparation with 2.82

utilities

piling

3.5.3 lterative detailed factor (IDF) scheme

Application of the EDF method is relatively complex and requires more time especially for
iterative process simulations and capital cost estimation. It is the same for varying of process
parameters in sensitivity analysis and cost optimisation. The iterative detailed factor (IDF)
scheme was proposed as solution. The EDF method was implemented based on this scheme in
most of the studies conducted. Detailed explanation has been given in Article 2 [74]. Therefore,

only a brief description through the flowchart (Figure 3.3) is given here.
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< Aspen HYSYS >

Process parameters/
specifications
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Process simulation model (PFD)

v
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variation

Equipment dimensioning

v

YES 1st iteration
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IDF: Equipment cost
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Equipment cost . data
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Iteration “n” is optimum.

Figure 3.3. Flow chart describing the iterative detailed factor CO; capture cost optimization model [74].
n is cost like total annual cost, CO2 avoided cost and cost, CO2 capture cost

The concept is to connect process simulations with equipment dimensioning, capital cost

and operating cost estimation and all other key economic performance indicators (KPI’s) such
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as CO; capture cost and CO; avoided cost. This is to enable a fully or partially automatic iterative
simulations, cost estimation and optimisation. By this, immediate (fast) cost estimates that are
comprehensive and reasonable are produced. This is implemented with the aid of the
spreadsheets incorporated in Aspen HYSYS. When any process or economic factor or parameter
is varied or changed, accurate estimates that account for all the effects caused by the change(s)
are produced immediately after each simulation iteration.

The arrows in Figure 3.3 indicate how the procedure flows. There are two decision boxes.
The first decision box is to decide how the equipment cost would be obtained. If it is the first
iteration, then the equipment costs are to be taken from a reliable source. In all the studies in
this project, the Aspen In-Plant Cost Estimator software/database was the source of all
equipment cost. For subsequent iterations, the equipment costs are generated based on Power
Law, using the recommended cost exponents of the IDF scheme.

With this IDF scheme, which can be modified when the process is changed, the advantages
of the EDF method can be retained and accurate estimates can be obtained very fast. This
encourages the application of the EDF scheme for cost estimation in situations of varying

conditions.

3.6 Cost metrics and assumptions

CO; capture cost (€/tC0O,) and CO, avoided cost (€/tCO,) metric were used for techno-

economic analysis in this work.
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4 Results and discussion

The most significant results that fulfil the objectives of the PhD project are presented and
discussed in this chapter. The comprehensive results as well as the underlying assumptions can
be found in the main articles. The first two sections deal with the methodology improvement
part of the project, while the other subsequent sections focus on cost reduction measures (see

Figure 1.5).

4.1 The Enhanced Detailed Factor (EDF) method

The key aspect of the Enhanced Detailed Factor (EDF) method is the installation factors and
subfactors. Open studies have not demonstrated the impact of these factors on the total plant
cost (TPC). To illustrate this significance, it was necessary to study the impact of the EDF method
installation factors on the TPC compared with other methods in the open literature. The process

scope in this study is “Scope D” based on Figure 2.4.

4.1.1 Comparison of capital costs from different methods

An 85 % CO, capture plant for treating flue gas from natural gas (NGCC) power plant was
studied. The estimated total plant cost and the ratios between the total plant cost and total
equipment costs (TEC) of the different methods studied are compared in Figure 4.1. The Lang
Factor method [58], Nwaoha et al. [41] Bare Erected Cost (BEC) method and the Gerrard’s [57]
percentage of delivered equipment (PDE) cost apply a single or an overall installation factor
uniformly on the sum of all equipment cost. The total plant cost estimates from these three
methods [41, 57, 58] which are only based on application of a single installation factor on the
total equipment cost are significantly higher than the four factorial methods that included some
additional details [40, 60, 63]; EDF method [40], Smith’s [63] percentage of delivered equipment
cost method, Sinnott and Towler’s [60] percentage of delivered equipment cost method, and
Hand Factor method [62]. The total plant cost estimates from the Nwaoha et al. [41] Bare
Erected Cost model, the Lang Factor [58], and the Gerrard’s [57] PDE cost method are roughly
31-54 % greater than that of the EDF method [40]. While the total plant cost estimate of Sinnott
and Towler’s [60] percentage of delivered equipment cost method having only additional detail
of a uniform material factor for SS material, is 10 % more than that of the EDF method [40]. The

total plant cost estimates of the three methods with much more details, the EDF method [40],
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the Smith’s [63] percentage of delivered equipment cost method and the Hand Factor method

[62] are close.
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Figure 4.1. Total plant costs (TPC) and the ratios of TPC to total equipment cost for 85 % CO: capture
plant [40]

According to Smith [63], application of a single factor on the total equipment cost may not
always represent reality. Gerrard [57] also asserted that the accuracy of total plant cost
estimates can be improved by application of detailed factors and sub-factors. It should be
expected that the installation factors for very expensive equipment will be different and less
than those for least expensive process units. Applying a single or an average installation factor
uniformly on all equipment could therefore lead to over-estimation of very expensive
equipment and under-estimation of least expensive equipment. Most of the equipment units in
the CO; capture process studied in this work are very expensive. Thus, the results suggest that
this is the reason why the estimates of Gerrard [57] PDE cost method, Lang Factor method [58],
and Nwaoha et al. [41] BEC method are substantially higher. This highlights the significance of
the installation factors of a capital cost estimation method. In the EDF method, a very expensive
equipment is assigned a lower installation factor while a least expensive equipment will have a
high installation factor. Installation factors are assigned to equipment based on their costs. A
recent installation factor list can be found in the Appendix C of [40]. Based on that, the EDF
method is suitable for capital cost estimation of new plants, modification projects and retrofit

plants, and large and small plants.
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4.1.2 Responses of the installation factors of different methods on each

piece of equipment

The results presented in in Figure 4.2, Figure 4.3, and Figure 4.4 illustrate the responses of
the installation factor(s) of the EDF method [40], Hand Factor method [62], Smith’s percentage
of delivered equipment [63] and Sinnott and Towler’s [60] percentage of delivered equipment
in carbon steel (CS) and stainless steel (SS). These are the responses of the installation factors if
they are applied on each piece of equipment. This enables us to understand the capabilities of
each method to handle different types of projects or plants. For both the EDF method and the
Hand Factor method, it is straightforward to apply specific installation factors to each piece of
equipment. For the EDF method, it is based on the cost of each piece of equipment, while it is

based on equipment type for the Hand Factor method.
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method for each piece of equipment [40]
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Figure 4.4. Comparison installation factor responses of Sinnott & Towler [60] percentage of delivered
equipment method with those of the EDF method for each piece of equipment [40]

All the 39 points (39 pieces of main plant equipment) are linked together with lines to
clearly show how the installation factors either respond to the cost or type of equipment. The
lower lines are for CS while the upper lines are for equipment in SS. An overlap of both CS and
SS installation factors’ lines indicates equipment constructed in CS. Among all these methods
investigated, the EDF method installation factors are more sensitive to the widely varying costs
of equipment. Installation factors of the Hand Factor method merely respond to the equipment
type irrespective of the size or cost. The straight line that can be observed in Figure 4.3 and
Figure 4.4 for the installation factors in CS indicate that a uniform or single installation factor is

applied. However, the installation factors in SS for the Smith’s [63] percentage of delivered
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equipment show sensitivity to equipment type in another material of construction (SS) other
than CS.

The question is, what is the implication or significance of these installation factors’
responses? A method with installation factors that are either insensitive or less sensitive to
especially equipment costs may not be suitable for capital cost estimation of small plants,
modification projects and retrofit plants. This is acknowledged by [57, 63], that such methods
may only be applicable to new plants’ capital cost estimation. Such methods will likely over-
estimate the installed costs of very expensive equipment and under-estimate less expensive
main plant items. This is vital as techno-economic studies may increase among researchers and
institutions as new concepts and technologies continues to emerge for cost reduction [40]. They
do not usually have access to EPC contractors’ methodologies [15]. It is difficult to have access
to the details of the EPC contractors’ methodologies due to confidentialities. It is also imperative
to emphasise that it is not reasonable that all equipment irrespective of cost would have the
same installation factor. Therefore, the EDF method, among the method studied shows better
sensitivity to equipment cost. Thus, it can be applied for cost estimation of new plants,

modification plants, retrofit plants, small and large plants.

4.1.3 EDF method plant construction characteristic factors (PCCF)

The influence of the EDF method’s “plant construction characteristic factors (PCCF)” (See
Table 3.1) was demonstrated, and the results are presented in Figure 4.5. The PCCF under
consideration is for civil engineering works, structures and building subfactor (both fjirect cost
and fengineering)- FOr this same plant, if no building is needed, if the equipment is installed on
ground or open in a structure, the TPC falls by 2.3%, 1.8% or 0.6% respectively as can be
observed in Figure 4.5. When there is a need for insulated closed structure(s) or if there is a
need for more than the normal ground preparation with piling, the impact is a respective rise of
2% or 5% in the TPC. These are substantial since the TPCis around €190 million. These additional

factors enable the EDF method to estimate capital costs that are adapted to different situations.
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Figure 4.5. The effects of the EDF method’s plant construction characteristic factors (PCCF) on TPC [40]

4.1.4 Estimation of cost optimum AT,,;, in the LRHX using the different

methods

CO, capture costs were estimated using the different methods and at varying AT},,;;, in the
LRHX to evaluate for the cost optimum AT,,;,. All the seven method estimated the cost
optimum AT,,;, to be 15 °C [40]. However, the EDF method, Smith's [63] percentage of
delivered-equipment method and Hand's factor method estimated a capture cost of €66/tCO,
at this optimum temperature approach, while it was €69 —79/tCO, by the other methods. The
methods where a single installation factor is applied on the entire plant seemed to over-

estimate the TPC and therefore resulted in much higher CO, capture costs.
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4.2 Simulation-based Cost Optimization tool for CO,; Absorption

processes: Iterative Detailed Factor (IDF) Scheme

The costs of equipment may vary from one supplier to another, or from location to location.
The unit price of energy as well as costs of other variables can vary widely. Therefore, sensitivity
analysis is vital in techno-economic analysis. In addition, since the initial concept developed for
a plant may not be the cost optimum, cost optimisation involving iterative calculations to
evaluate for cost optimum process parameters are important in techno-economic analysis.

A common practice in cost estimation of CO, capture processes is by importing process
simulation results into other applications like Microsoft Excel or for equipment dimensioning
and other economic analysis [18, 21, 44, 84]. This is done iteratively for sensitivity analysis and
cost optimisation. It is time consuming, and it may be discouraging to conduct a comprehensive
cost optimisation when required. It is even more work intensive if a detailed factor method like
the EDF method is applied, and all its merits or features are to be retained in each iteration of
simulation and economic analysis.

The Iterative Detailed Factor (IDF) Scheme was then developed as a tool to implement the
EDF method in a techno-economic analysis for fast and reasonable cost estimation. This was
based on Power Law. One of the foci is to determine the right cost exponents for accurate cost
estimation. The results of validation and accuracy are presented and discussed in the following

subsections. The process scope of the study is “Scope C” (see Figure 2.4).

4.2.1 Validation of the IDF scheme

To have different capital cost estimates of the same CO; capture process, the AT, of the
LRHX was varied between 5 °C and 30 °C in temperature approach steps of 5 °C as shown in
Figure 4.7. This has significant influence on the resulting capital costs [26, 85]. A second
approach was to vary the absorption column packing height between 12 m and 25 m, as can be
observed in Figure 4.8 [18, 21, 48].

The reference (or original) costs were estimated in the conventional EDF method manual
approach [18, 21, 44, 84]. In the reference case, each time a new simulation is performed due
to change in a process parameter, new equipment costs are obtained from Aspen In-Plant Cost
Estimator, then the cost estimation can be conducted. In the IDF tool scenario, immediately
after the process simulation has converged, all cost estimates, capital costs, operating cost, total

annual cost, CO; capture cost as well as CO, avoided cost are automatically available. There may
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be a need to briefly check if a change in the EDF installation factors for any equipment is
necessary or not. However, in a subsequent work in our group [56], a visual basic code has been
written to link Aspen HYSYS spreadsheets and the simulation with Microsoft Excel. This has
eliminated the need for any manual check. Therefore, after a parameter is varied, cost estimates
are automatically available immediately after the simulations converge.

As can be seen in Figure 4.7 and Figure 4.8, the agreement between the IDF scheme and
the EDF method is very good. In the IDF Scheme, apart from the columns, a cost exponent of
0.65 was utilised for estimation of the costs of all equipment that is affected by the change in

the parameter. Other equipment not affected were assigned a cost exponent of 1.
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Figure 4.7. Comparison of IDF Scheme capital costs with reference capital cost when the temperature

difference in the lean/rich exchanger is varied [74]
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It can be observed in Figure 4.8 that different cost exponents, 0.65, 0.85, 0.9, 1.0 and 1.1
were experimented for the different packing heights (PH). This is necessitated by the peculiarity
of the columns compared to other equipment. If the packing volume increases, the size of the
column shell will increase accordingly, and more packing supports and auxiliaries will be
required. Consequently, the principle of economy of scale may not essentially apply by using a
cost exponent of 0.65. In Figure 4.8, PH-0.65 means 0.65 cost exponent was used to estimate
the PH (packing heights = 12 m, 18 m, 20 m, 22 m, and 25 m). The results show that a cost
exponent of 1.1 gave the best fit for column heights above the Base case size (15 m), while 0.85
gave the best fit below it. The IDF scheme for estimation of varying column’s packing size
therefore utilises a cost exponent of 1.1 (PH-1.10) for sizes above the original size and 0.85 (PH-

0.85) below the initial size.

4.2.2 |DF tool error analysis

A simple percentage error was estimated for the IDF tool. Average errors of approximately
0.3% and 0.2% were estimated for the capital cost and CO; capture cost estimates respectively
in the case of varying AT,,,;,,. For the different packing height cases, they are 0.01 —0.39% and O
— 0.12% for the capital cost and CO; capture cost estimates respectively. The errors are small
and therefore acceptable. They also did not have any effect on cost optimization results or

results of sensitivity analysis when process parameters were varied several times. This is
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demonstrated in Article 2 [74]. Thus, with the IDF scheme, the EDF method can be applied to
obtain fast and accurate cost estimates. This can be utilised in cost optimisation involving

iterative processes.

4.3 Combination and automatization of process simulation, cost

estimation and optimisation

Some master projects and master’s thesis were conducted as part of this PhD
programme. They were aimed at automatic process parameter optimisation simulation
combined with equipment dimensioning, cost estimation and optimisation. This was
simply implemented by the aid of the spreadsheet incorporated in Aspen HYSYS. The
equipment dimensioning and cost estimation models were developed in the Aspen
HYSYS spreadsheets linked with the simulation as also described in the IDF Scheme
(Section 4.2).

In one of the master’s group projects, Haukas et al. [86] demonstrated the use of
the Aspen HYSYS spreadsheets to perform cost optimisation. The minimum temperature
approach and absorber parking height were optimised. The results agreed with previous
studies [18, 21, 87]. The results were published in [53]. In Haukas’ master thesis [88],
process parameters of different process configurations were also successfully
optimized. In the autumn of 2021, in another master’s group project, Shirdel et al. [55]
also performed automated process parameter cost optimisation based on the power
law. They highlighted the challenges in this scheme. However, Rahmani improved upon
the automatic cost optimisation procedure in his master’s thesis [56]. He developed a
Visual Basic script to link Aspen HYSYS spreadsheets with Microsoft Excel. With this, the
need for minor checks of the EDF method’s installation factors in the IDF scheme were
eliminated. The code helps to automatically pick the right installation factor and
subfactors whenever a change in process parameter is executed. This makes the IDF
scheme to do all calculations automatically when a process parameter is varied.

These works demonstrated that it is possible to automatise the CO; absorption

process simulation combined with cost estimation and optimisation. Most importantly,
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they demonstrated that it is automated simulations and automated cost optimization is

efficient.

4.4 Cost reduction potential by using plate heat exchanger

Three studies were conducted with the aim of assessing the economic impact of
substituting the conventional shell and tube heat exchangers with the plate heat exchanger
(PHE). None of such works were found in the open literature, even though it has been suggested
that the PHEs may reduce the cost of solvent based CO; capture processes [20, 42, 50, 85]. The
first study focused mainly on the conventional process with a lean/rich heat exchanger (LRHX)
having the common AT,,;,, of 10 °C. A comparison of CO, capture cost optimisation based on
varying AT,,;,, was subsequently done. This was done to assess the cost saving potential of the
PHE at the cost optimum AT,,,;,,. The final project was focused on both analysis of cost and CO,
emissions reduction also through cost optimisation based on varying ATin-

The key results are summarised in the subsequent subsections. The comprehensive works

can be found in Articles 3 -5 [39, 73, 82].

4.4.1 Equipment installed costs and their cost contributions to total plant
cost

A techno-economic analysis of an amine based CO, absorption and desorption plant
capturing 85 % from a representative European cement plant with a CO, concentration of 25
mol% was conducted [89]. The aim was to evaluate the economic impact of selecting any of the
conventional heat exchangers for the lean/rich heat exchanger (LRHX) function. The focus was
on the PHE, its cost saving potential in the system. The process scope was “Scope D” based on
Figure 2.4.

Figure 4.9 presents the purchase (or delivered) costs and the installed costs of all the main
plant equipment. The gasketed-plate heat exchanger (G-PHE), the welded-plate heat exchanger
(W-PHE), the U-tube shell and tube heat exchanger (UT-STHX), the fixed tubesheet shell and
tube heat exchanger (FTS-STHX), the floating head shell and tube heat exchanger (FH-STHX), and
the finned double pipe heat exchanger (FDP-HX) were used as the LRHX. It can be observed that
if the most common FTS-STHX [59], the most robust FH-STHX [59], or the FDP-HX is used as
LRHX, the LRHX would have the highest contribution to the TPC.
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Figure 4.9. Equipment purchase and installed costs, including 6 specific types of heat exchangers as the
lean/rich heat exchanger [39]

Figure 4.10 presents comprehensive details of the cost (CAPEX) implication of selecting any
of the heat exchanger types. If any of the UT-STHX, FTS-STHX, FH-STHX or FDP-HX is selected as
the LRHX, the LRHX contribution to the TPC will be 30 %, 32 %, 33 % or 35% respectively.
However, if the G-PHE or the W-PHE is used instead, then the LRHX contribution will be reduced

to merely 8 % or 9 %. This is significant.
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Figure 4.10. Overview of the number of HX units, HX purchase costs, HX installed costs, CAPEX, and %ratio

of HX/CAPEX of the different capture plant options with different HX (HX is heat exchanger) [39]

The summary of cost performances of using the different heat exchangers as LRHX in the
capture system is presented in Table 4.1. While the economic performance of the G-PHE is

compared with the other heat exchanger scenarios in Table 4.2. The results indicated that about
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24 — 27 % of the heat exchanger capital cost can be saved if the G-PHE is used instead of the
STHXs as the LRHX. A corresponding saving of 6 — 7 % in CO; capture cost was estimated. It was
also concluded that even though the PHE is not as technically robust as the STHXs, their
limitations are not very important in a solvent based CO; capture system. Further details and

underlying assumptions are documented in Article 3 [39].

Table 4.1. Cost performances of all the capture plant scenarios [39]

Different CO, Capture Plant Scenarios
UT-STHX FTS-STHX FH-STHX FDP-HX  W-PHE G-PHE

Heat exchanger cost 1116 12.52 12.90 13.97 2.20 1.76
No. of heat exchangers 23 23 23 25 7 7
Heat exchanger installed costs 40.45 45.39 46.76 50.63 9.70 7.76
CAPEX (ME€) 134.80 139.75 141.12 144.99 104.01 102.06
Annualized CAPEX (ME) 12.47 12.93 13.06 1342 9.63 9.44
Maintenance cost (M€/year) 5.39 5.59 5.64 5.80 4.16 4.08
OPEX (ME€/vear) 58.40 58.60 58.65 58.81 57.26 57.18
Total annual cost (M€/year) 70.87 71.53 71.71 7222 66.88 66.62
CO; capture cost (€/tCO;) 81.89 82.65 82.86 8345 77.29 76.99
CO; capture cost (€/kmol CO,) 3.60 3.64 3.65 3.67 341 3.39

Table 4.2. Comparison of cost performances of the G-PHE capture plant scenario with other plant
scenarios [39]

Different CO; Capture Plant Scenarios
UT-STHX FTS-STHX FH-STHX  FDP-HX W-PHE

Savings in CAPEX (M€) -32.74 -37.69 —-39.06 -42.93 -1.95
Savings in total annual cost (M€/year) —-4.25 491 -5.09 -5.60 -0.17
Savings in capture cost (€/tCO;) —4.90 —5.66 -5.87 —6.46 -0.19
savings in capture cost (€/kmol CO») -0.22 —-0.26 -0.27 —-0.29 —-0.02
% Savings in CAPEX (%) =243 =27.0 =277 -29.6 -1.9

% Savings in capture cost (%) -6.0 6.8 =71 =77 -04

4.4.2 Cost optimisation: minimum temperature approach analysis

Capital costs, operating costs and CO, capture costs were estimated for the same CO;
capture process as in Subsection 4.3.1 with different AT,,,;;, of 5 °C, 10 °C, 15°C and 20 °C in the
lean/rich heat exchanger. The scope of the study is however “Scope C” based on Figure 2.4. That
is, the compression section was not included. The G-PHE, W-PHE, UT-STHX, FTS-STHX and FH-
STHX were used as lean/rich heat exchanger. The capital costs (CAPEX) and operating costs

(OPEX) are presented in Figure 4.11. While the CO, capture costs are presented in Figure 4.12.
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The Base case CO, capture system has lean/rich heat exchanger with AT},,;,, of 10 °C. The
G-PHE and W-PHE cases achieved the lowest capital cost at 15 °C, and at 20 °C for the STHXs.
The plant scenarios with G-PHE and W-PHE as lean/rich heat exchanger have slightly higher
CAPEX ATy, of 20 °C. This is because as the cost of the lean/rich heat exchanger declines, the
costs of the reboiler and the lean amine cooler increase more. However, the cost of the lean/rich
heat exchanger dominates from AT},,;,, of 5 °C to 20 °C in the other cases. The total capital costs
increased by 42 % and 19 % for the plant scenarios with FH-STHX and G-PHE respectively when
the AT,,,;, was reduced from 10 °C to 5 °C. This is significant especially because the scope does
not include the CO, compression. Karimi et al. [26] calculated a 6 % increase for a 90 % CO;

absorption from exhaust gas from a 150 MW bituminous coal power plant. According to Karimi
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et al. [26] and Eimer [85], the heat exchange area required in the lean/rich heat exchanger
increases by 100 % from AT,,,;,, of 10 °C to 5 °C. The impact of the lean/rich heat exchanger is
not as much as in this study, firstly because of the larger scope and secondly due to the higher
overall heat transfer coefficient.

Even though steam consumption is reduced at AT,,;, of 5 °C, the high cost of maintenance
caused the annual OPEX to be only slightly reduced for the STHXs. Significant reduction is
achieved in annual OPEX by the PHEs since annual maintenance costs are relatively lower.

All the STHXs and the W-PHE achieved their cost optimum CO, capture cost at AT,,;,, of 15
°C, while it is at AT,,,;,, of 5 °C for the G-PHE. Karimi et al. [26] conducted their study with AT},;;,,
of 5 °C and 10 °C for the STHX. The lowest CO, capture cost was estimated at AT},;;,, of 10 °C. In
a previous work with a temperature approach step of 1 °C, Aromada and @i [21] estimated the
cost optimum AT,,,;,, to be 13 °C for an 85 % CO; capture process from flue gas from 400 MW
natural gas combined cycle power plant. Kallevik [18] calculated the cost optimum AT,,;,, to be
between 10 — 14 °C. All the available studies of CO, capture process optimisation based on
ATy, utilised the STHXs. No study in the open literature was found for the PHE.

The estimated CO, capture costs for the G-PHE is 16 %, 8 %, 5 % and 3 % lower than those
of the CO; capture plant with lean/rich heat exchanger having the most robust FH-STHX at AT},
of 5 °C, 10 °C, 15 °C and 20 °C respectively. The G-PHE plant’s optimum CO, capture cost is 5.0
%, 4.7 % and 4.1 % lower than the those of the FH-STHX, FTS-STHX and UT-STHX, respectively.

4.4.3 Cost and CO2 emissions reduction: optimum AT,,;, analysis

The previous works focused on just economic viability. The climate change implications,
that is, the actual CO, emissions reduction was not considered. Therefore, the work reported
here is aimed at both cost optimisation and evaluating the corresponding actual CO, emissions
reduction. The work compares a scenario where the PHE is used as the lean/rich heat exchanger,
the lean amine cooler and the direct contact cooler unitin a 90 % CO; absorption and desorption
process and the conventional FTS-STHX. The flue gas is that of Norcem Cement plant at Brevik
in Norway [89]. Two process configurations, the standard and the lean vapour compression
(LVC) process configurations were studied. The cost measure of CO; avoided cost was used in
this study because it is an appropriate cost metric when actual CO, emissions reduction is
considered. However, the cost of CO, transport and storage were not included. This is how it is
frequently done in literature [4, 17, 43, 67]. Therefore, the scope of the study based on Figure

2.4 is Scope D. To account for indirect CO, emissions in the CO, capture process, 0.18 kg of CO,
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emissions per kWh of steam consumption was used [90]. That implies 0.64 kg of CO, emissions
per kWh of electricity consumption, which is based on 25 % efficiency for steam conversion to
electricity [27]. CO; capture from the flue gas of a natural gas combined cycle power plant was

also studied, and details can be found in [82].
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Figure 4.13. Energy and heat exchanger costs trade-off analysis at different AT,,;,, for different heat
exchanger types in a standard CO: capture from cement flue gas with consideration of actual CO:
emissions reduction [82].

The cost optimization results are presented in Figure 4.13 for the standard process. The red
dots only show where (AT,,in ) the optimum CO, capture cost was achieved and not the actual
cost. The curves are for CO; avoided costs with values at the left vertical axis. The column charts
represent the actual CO, emissions reduction with values at the right vertical axis.

The FTS-STHX and PHE standard CO; capture plant scenarios achieved their optimum CO;
avoided costs of €87.5/tCO, and €82.4/tCO, at AT,,,;,, of 10 °C and 4 °C respectively (Figure 4.13).
The actual CO, emissions reduction are approximately 64 % and 65 % respectively. Gardarsdottir
et al. [17] estimated a CO, avoided cost of €80.2/tCO, for a cost year of 2014 for a capture
process from a cement plant flue gas, with capture plant’s lean/rich heat exchanger having a
ATp,in of 10 °C. If it is escalated from 2014 to 2020 using the Norwegian SSB industrial price
index, the cost becomes €91.2/tCO,. Schach et al. [44] estimated their optimum CO, avoided

cost to be at LMTD of 7.5 °C. It is not clear what type of heat exchanger was used as the lean/rich
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heat exchanger. In this work, the optimum CO; capture costs were achieved at 13 °C and 7 °C

for FTS-STHX and PHE CO; capture plant scenarios respectively.

82.5 69.5
g15 1 Cement plant LVC CO, capture process 1 690
o' 805 + 1 685 §
* g
w 795 T T 680 3
> [J)
2 785 + T 675 =
(%]
o c
8 775 T+ + 67.0 2
%)
o %
S 765 + - 665 €
P 9]
o~
3 75.5 66.0 8

O

745 T+ T+ 655 ®©
2
735 + + 650 2

725 “A4+—~+—+—+—+—+—+—+—+—+—+—+—+—+—+—+—++ 645

3456 7 8 9 1011121314151617 1819
Minimum temperature approach, °C
Actual CO2 emissions reduction (FTS-STHX), %
Actual CO2 emissions reduction (PHE), %
—O— FTS-STHX_CO2 avoided cost, £/tC0O2
—¥— PHE_CO2 avoided cost, €/tC02

Figure 4.14. Energy and heat exchanger costs trade-off analysis at different AT,,;,, for different heat
exchanger types in a LVC COz capture from cement flue gas with consideration of actual CO2 emissions

reduction [82]

In Figure 4.14, the optimum CO; avoided costs of approximately €77/tCO, and €73/tCO,
were achieved at AT,,;, of 7 °C and 4 °C for the lean vapour compression CO, capture plants
scenarios with FTS-STHX and PHE respectively as the lean/rich heat exchanger. The actual CO;
emissions reduction are approximately 67 % and 68 % respectively. A comparison of the
optimum results of both process configurations indicates that with the lean vapour
compression, 3 % more CO, emissions reduction was achieved (compared to the standard
capture process). While 3 % and 4 % more CO, emissions are achieved by the FTS-STHX and PHE
lean vapour compression CO; capture plant scenarios respectively relative to the Base case
which is a standard CO; capture process which has FTS-STHX as LRHX with a AT,,;,, of 10 °C. The
optimum CO; capture costs in the LVC scenarios were achieved at AT,,;,, of 10 °C and 5 °C
respectively.

The cost savings of the two standard and the two lean vapour compression CO, capture
plants scenarios for the range of AT,,;, investigated relative to the CO, avoided cost of the Base

case are presented in Figure 4.15. Since the optimum CO, avoided cost for the FTS-STHX
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standard CO; capture plant was achieved at the same AT,,,;;, of 10 °C as the Base case, operating
at any other AT,,;, would lead to higher CO, avoided cost. The PHE is a promising option
achieving 5.8 % and 16.4 % cost reduction by the optimum standard and optimum lean vapour
compression capture processes respectively relative to the Base case. However, the optimum
FTS-STHX lean vapour compression capture plant scenario achieved 12 % cost saving. Therefore,

the lean vapour compression configuration offers a lowerCO; avoided cost solution.
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Figure 4.15. Cost reduction analysis at different AT,,;,, for different heat exchanger types compared with

FTS-STHX of AT, = 10 °C

4.4.4 Impact of waste/excess heat on the cost and CO2 emissions reduction
by optimising AT,,,in,

Similar analysis was done as in Subsection 4.3.3 but considering that there is an opportunity
to utilise the available excess/waste heat at the Norcem cement plant to produce steam for
capturing 50 % of the CO; in the flue gas. Figure 4.16 presents the results for the standard cases.
The optimum CO, avoided cost of €63.5/tCO, was achieved at AT,;,;,, of 13 °C for the FTS-STHX.
The PHE plant scenarios achieved its optimum CO, avoided cost of €60.2/tCO; at AT,,,;,, of 7 °C.

The actual CO, emissions reduction was 73.2 % and 74.1 % respectively at the optimum avoided

costs.
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Figure 4.16. Energy and heat exchanger costs trade-off analysis at different AT,,;,, for different heat

exchanger types in a standard CO2 capture from cement flue gas

Figure 4.17 presents the results for the lean vapour compression CO, capture cases. The
optimum CO, avoided cost of €60.5/tCO, was achieved at AT,,,;;,, of 10 °C for the FTS-STHX. The
PHE plant scenarios achieved its optimum CO, avoided cost of €58/tCO, at AT,,;, of 5 °C. The

actual CO, emissions reduction at the optimum are 74.1 % and 74.5 % respectively.
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Figure 4.17. Energy and heat exchanger costs trade-off analyses at different AT,,,;,, for different heat

exchanger types in a standard CO2 capture from cement flue gas
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Figure 4.18. Cost reduction analysis at different AT,,;,, for different heat exchanger types compared with

FTS-STHX of AT,,; = 10 °C, in waste heat utilization scenario

Figure 4.18 presents the results of CO, avoided cost reduction. The reference case here is
a standard CO; capture plant which has FTS-STHX as lean/rich heat exchanger with AT,,;,, of 10
°C, with available waste heat to cover 50 % CO, capture. For AT};,;,,<10 °C, the PHE standard CO,
capture plant performs better than the FTS-STHX LVC CO, capture plant case. The results
emphasise the significance of selecting the PHE for the lean/rich heat exchanger, lean amine
cooler and DCC cooler functions instead of the conventional STHX.

All the cases studied were compared with the original Base case as shown Table 4.3. That
is a standard CO; capture plant which has FTS-STHX as LRHX with AT,,;,, of 10 °C. It was to
evaluate the impacts of the AT,,;,, optimisation, of the alternative configuration (LVC) and of
waste heat application. The best case of the PHE CO, capture plant scenarios performed better
than the best cases of the FTS-STHX plant cases with 3 — 3.7 %. The optimum PHE scenarios also

performed slightly better in CO, emissions reduction.
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Table 4.3. CO2 avoided cost and emissions reduction performances of FTS-STHX and PHE with and

without 50% steam from available waste heat [82]

ATnin Reboiler  Equivalent  Capital CO2 Cost CO2

heat heat cost avoided  reduction  emissions

(TPC) cost reduction

°C  GICO2  GIMCO2 M€ €1CO2 % %
Standard process
Reference/optimum FTS-STHX 10 3.89 3.89 78.8 87.5 0 64.1
PHE 10 3.89 3.89 65.2 84.5 34 63.7
Optimum PHE 4 3.68 3.68 70.6 824 5.8 64.9
FTS-STHX (Excess heat) 10 3.89 3.89 78.8 63.8 27.1 73.9
Optimum FTS-STHX (Excess heat) 13 4.01 4.01 75.0 63.5 275 73.6
Optimum PHE (Excess heat) 7 3.78 3.78 67.0 60.2 31.2 73.9
Lean vapour compression (LVC)
FTS-STHX 10 2.95 3.28 85.1 774 115 66.7
PHE 10 2.95 3.28 76.8 75.2 14.1 66.6
Optimum FTS-STHX 7 2.82 3.15 89.3 77.0 12.0 67.3
Optimum PHE 4 271 3.04 80.8 73.1 16.4 67.7
FTS-STHX (Excess heat)/optimum 10 2.95 3.28 85.1 60.5 30.8 74.1
Optimum PHE (Excess heat) 5 2.74 3.06 79.6 57.9 33.8 74.5
Compressor work for the LVC is 0.082 GJ/tCO:2

*Capital cost of steam production from excess heat is not included in the main capture plant TPC, but it is rather included
in the steam cost

4.4.5 Heat recovery in the lean/rich heat exchanger

Evaluation of heat recovery in the lean/rich heat exchanger was done. The results are
presented in Table 4.3. Two flue gas treatment processes were studied. They are CO; capture
from flue gas from a 400 MW natural gas combined cycle (NGCC) power plant [45] and from the
Norcem cement plant [89]. The NGCC results agree with that in [85]. The results indicate that in
the NGCC case, 7—8 % more heat is recovered for every 5 °C decrease in AT,,,;, of the lean/rich
heat exchanger. For the cement plant process, it is 9 — 10 °C. Therefore, AT,,;,, of the LRHX is an
important variable to consider in design of post-combustion CO, absorption and desorption

processes.

Table 4.4. Comparison of heat recovery in the LRHX of the standard CO2 capture processes [82]

ATmin This work (NGCC) This work (cement) Eimer (2014)-NGCC
°C % % %
5 7 10 7
10 Reference (Base case)
15 -8 -9 -7
20 -16 -20
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4.5 Energy, emissions and economic evaluation of combined
lean and rich vapour compression configurations in CO;

capture plant

The motivation and objectives of this work are comprehensively documented in Article 6.
The main aim was to evaluate if a CO; absorption process configuration that combine the lean
vapour and rich vapour compression would achieve a better energy, emissions reduction and

ultimately a better economic performance.

4.5.1 Energy performance analysis

The reboiler heat and equivalent heat requirements were both estimated for the vapour
compression models. The equivalent heat was estimated as the sum of the specific reboiler heat
(GJ/tCO,3) and four times (x4) the vapour compressor’s specific electrical energy demand

(GJ/tCOy) [27]. This assumes a steam conversion to electricity efficiency of 0.25 [18, 27, 40].
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Figure 4.19. Comparison of specific reboiler heat consumptions (left) and equivalent heat consumptions

(right) of the different alternative process configurations for CO2 absorptions

Figure 4.19 presents the results. The simple rich vapour compression, the simple lean
vapour compression and the combined rich and lean vapour compression process configurations

performed considerably better than the standard CO, absorption configuration. The combined
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rich and lean vapour compression (RLVC) achieved better performances than the simple rich
vapour compression and the simple lean vapour compression processes in reboiler heat
consumption. The RLVC performed over 3 % better than the lean vapour compression (LVC)
process configuration in the cases of minimum temperature approach of 5 °C and 10 °C. The
combined rich and lean vapour compression process reboiler heat was calculated to be about
17 % and 15 % respectively lower than for the simple rich vapour compression configuration.
These indicate that the combination of the rich and lean vapours, thereby increasing the
stripping vapour leads to lower steam requirement by the reboiler compared to the simple rich
and lean vapour compression processes.

The increase in volume flow of vapour to the compressor which results from flashing of
both the rich and lean streams caused the electricity demand by the vapour compressor to also
increase for the RLVC compared to the simple cases. This made the performances in equivalent
heat of the combined process to be only slightly better than the lean vapour compression
process configuration.

Le Moullec and Kanniche [22] stated that combination of some simple proposed alternative
CO; absorption configurations may result in achievement of more improvement in energy
consumption. They proposed that instead of 4 — 8 % improvement by other proposed simple
process configurations compared to the standard process, a combination of the simple
configurations would further improve the energy consumption of the capture process by 10 %
to 25%. The results of this work for the combined rich and lean vapour compression (RLVC)
configuration are 17.9 % and 17.2 % for processes with AT,,;, of 5 °C and 10 °C respectively.
This agrees with reference [22]. The simple lean vapour compression (LVC) configuration
achieved 17.6 % and 15.8 % respectively. It is 3.4 % and 4.1 % respectively for the rich vapour
compression (RVC) configuration. Khan et al. [51] also conducted a study on combined process
configurations. They reported a 16.2 % reduction of total energy requirement for a rich solvent
split combined with rich vapour compression (RVC). The performance of their combined
configuration is within the range of savings (16.1—17.9 %) calculated for the proposed combined

rich and lean vapour compression (RLVC) configuration in this work.

4.5.2 CO; emissions performance analysis

The results are presented in Figure 4.20. They show that all the vapour compression process
configurations outperformed the standard CO, absorption process. The combined process

(RLVC) achieved the highest actual CO, emissions reduction for the cases with cross-exchanger
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temperature approach of 5 °C and 10 °C in the case of electricity supply from natural gas
combined cycle power plant. The lean vapour compression process performed slightly better at
15 °C. This is because the difference in steam consumption by the vapour compressor between
the RLVC and LVC processes became small. Since, the electricity requirement of the vapour
compressor in the combined process is higher than in LVC, the indirect CO; emissions from to

the NGCC electricity generation slightly dominated.
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Figure 4.20. Comparison of actual CO2 emissions reduction performances of the different alternative
process when electricity is supplied from NGCC power plant (left) and renewable electricity source
(right)

The combined process performed better than the simple vapour compression and standard
processes in situations of electricity supply from renewable electricity. Indirect CO, emissions in
these cases only occurred from the production of steam from natural gas boiler. It can also be
observed that over 3 % more emissions can be avoided or reduced if electricity is supplied from
renewable energy source compared to NGCC power plant. In addition, about 1 % more CO,
emissions can be reduced at temperature approach of 5 °C instead of 10 °C or at 10 °C instead
of 15 °C. This agrees with our recent study [91]. Actual CO; emissions reduction of 78.3 %, 77.5
% and 76.3 % for minimum temperature of 5 °C, 10 °C and 15 °C respectively were calculated
for the combined process (RLVC) for the cases of electricity supply from renewable energy
source. For the simple lean vapour compression (LVC) configuration, they are 77.7%, 76.7 % and

76.2 % respectively.
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The combined process performed 5 — 6 % better in actual CO, emissions than the standard
process. The lean vapour compression configuration accomplished 4 — 6 % higher emissions
reduction relative to the standard process. About 2 % more CO; emissions reduction compared

to the standard process was calculated for the rich vapour compression (RVC).

4.5.3 Economic performance analysis

The economic performance analysis is based on the key performance indicator of CO;
avoided cost. The analysis was also conducted for two scenarios of electricity supply. That is
from natural gas combined cycle (NGCC) power plant and renewable energy source such as

hydropower. The results are presented in Figure 4.21.
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Figure 4.21. Comparison economic performance of the different process configurations with scenarios

of electricity supply from NGCC power plant (left) and renewable energy source (right)

The combined rich and lean vapour compression (RLVC) process achieved the lowest CO,
avoided cost in all cases. The avoided cost for the lean vapour compression case with 15 °C
temperature approach of the lean/rich exchanger when electricity supply is from NGCC power

plant marginally lower than the combined process. The CO, avoided cost reduction of the simple
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rich vapour compression process was 5 — 8 %. The lean vapour compression process achieved a
cost reduction of 13.3 - 15.6 %. The combined rich and lean vapour compression (RLVC) process
cost reduction performance was 13.1 — 16.3 %. The combined process (RLVC) best performance
over the lean vapour compression process (LVC) is 1.1 %. The results indicate that if the cost of
steam rises, the combined process will always be economically optimum.

It is difficult to compare carbon capture or avoided costs due to the different underlying
assumptions, scope and location involved [17, 40, 91]. Still, it is important to make comparison
with recent cost range in the open literature for similar technologies and processes.

There are some recent similar studies of MEA based 90 % CO, absorption from cement flue
gases [17, 76]. Gardarsdottir et al. [17] estimated a CO; avoided cost of €80/tCO, (€,¢14)- If it is
escalated to 2020 using the Norwegian SSB Industrial Price Index [92], it will amount to €91/tCO,
(€2020)- A CO, avoided cost of €83/tCO, (€,(14) Was estimated by [76]. When it is escalated to
2020 it becomes €94/tCO; (€,020)- There are several other techno-economic studies available
in literature on CO; capture from cement plants’ flue gases. IEAGHG [93] recently conducted a
review of a number of them. The CO; avoided cost range based on their review for different
process configurations was $72/tCO; — $180/tCO; ($,01¢)- When converted to Euro (€), the CO,
avoided cost range for cement plant flue gas treatment is €64/tCO, — €159/tCO; (€,01¢)- If it is
escalated to 2020, the range becomes €70/tCO; —€174/tCO: (€3¢20)-

In this work, the estimated CO, avoided costs for standard CO, absorption process
configuration in the cases which have lean/rich heat exchanger with minimum temperature
approach of 5 °C, 10 °C and 15 °C are €88/tC0O,, €87/tCO, and €89/tCO, respectively. These are
values for NGCC power plant’s electricity supply scenarios. In the scenario with renewable
electricity, the avoided cost is €85/tCO,, €84/tCO, and €85/tCO; respectively. The CO, avoided
cost estimated for all the four process configurations and for all scenarios ranges from €71/ tCO»
to €89/tCO; (€,920)- This indicates that our CO, avoided cost estimates agree with literature.

Among the three minimum temperature approach of the cross-exchanger studied, the
standard case achieved cost optimum at 10 °C. This agrees with the results of Ali et al. [15] who

studied CO; capture from a cement plant based on the standard process configuration.
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4.6 Cost optimum route to increase CO; capture efficiency

Figure 4.19 presents the analysis of two routes to increase CO; capture rate. This is to
evaluate for the cost optimum route to increase CO, removal efficiency from 85 % to 90 %
between merely increasing the solvent flow rate and by increasing the packing height (N) of the

absorption column. Increase of packing height was found to be the better route with significant

difference.
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Figure 4.22. Economic implications of two different routes to increase the CO: capture rate above 85%

Increasing the solvent flow will lead to capturing more CO; as done in [45]. The extra CO;
capture through this route is however achieved with higher steam consumption. This will also
require a larger reboiler. Since the solvent and solution flow increases, the heat exchange area
needed by the lean/rich heat exchanger would also increase. The volumetric flow of the rich and
lean amine streams will increase. Thus, larger pumps or at least more pumping power will be
required. Therefore, both the capital cost and operating costs are significantly impacted, which
results in very high CO, capture cost.

Increasing the number of packing stages (N) of the absorber effectively lead to both less
flow of solvent because of the increase in CO, and solvent contact. This will also lead to the
process requiring a relatively smaller heat exchange area. The steam requirement for desorption
will also substantially reduce.

The minimum cost is at 85 % capture rate for the only solvent flow increase route. While

the route of increasing absorber packing height achieved optimum at 87.5 % CO; capture rate.
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The cost of capturing 91.7 % in the packing height route was estimated to be less than the cost

of capturing 87.5 % in the solvent flow route.

4.7 General discussion

This thesis has highlighted the importance of the installation factors of a factorial capital
cost estimation method. They determine the capital cost estimates and the type of capital costs
they can be applied on. The Lang factor method [58], methods based on Bare erected cost (BEC)
[41, 94] the percentage of delivered equipment cost factorial method [17, 59, 60] applies a
uniform installation factor on the sum of all equipment costs. According to Gerrard [57] and
Smith [63], such methods are only suitable for estimating the capital cost of new plants. They
stressed that these methods should not be used to estimate capital costs of modification
projects.

Process parameters optimisation are frequently performed in CO; capture processes. The
EDF method’s installation factors are detailed factors that respond based on the cost of each
equipment unit. Lower installation factors are assigned to equipment units with higher costs,
and less expensive equipment units are allocated higher installation factors. A new set of factors
referred to as “plant construction characteristic factors (PCCF)” have been introduced. They
account for the effect each plant’s construction characteristic will have on the total plant cost.
For instance, it captures the effects of situations like if there is a need for piling or not, or if
electric power supply already exists or not. These would have impact on the resulting total plant
cost estimate. Gerrard [57] asserted that the accuracy of capital cost estimates can be improved
by applying detailed factors and sub-factors. In this work, seven capital cost estimation methods
were analysed. The analysis suggests that applying a uniform installation factor on all equipment
units that make up a plant would likely lead to overestimation of very costly equipment units
and underestimation of less expensive equipment units. Therefore, the EDF method is suitable
and robust for estimating total plant cost for new plants and modification projects, small and
large plants, and accounts for different plants’ situations.

The typical technique for conducting carbon capture cost estimation studies is to import
mass and energy balance data from a simulation software into applications like Microsoft Excel
[15, 21, 44, 84]. This becomes challenging when there is a need for iterative calculations, which
involve process simulations, equipment dimensioning and cost estimation/optimisation.
Examples are sensitivity analysis and process parameters optimisation [19, 48, 50, 52, 53, 56,

73, 95, 96]. It becomes challenging to implement the EDF method because it is relatively more

59



Aromada (2022): Cost estimation methods for CO, capture processes

time consuming. To harness the advantages of the EDF method in such scenarios, it is important
to reduce the time needed. This is the motivation for proposing the iterative detailed factor (IDF)
scheme in Aspen HYSYS. This was implemented by developing the entire loop from the
simulation process flow diagram. The simulation was then linked by the spreadsheets to the
models for equipment dimensioning, capital cost estimation, operating and maintenance cost
estimation, and to all other economic key performance indicators (KPI’s) analysis such as CO,
capture cost and CO; avoided cost. The capital cost and all the economic indicators such as CO;
avoided cost can be automatically obtained in subsequent iterations immediately after
simulations have converged.

This idea of automatization of combined process simulation and cost estimation and
optimisation has been illustrated in Article 2 [74]. It was also implemented in the studies
documented in Article 4 — Article 7 [73, 82, 97, 98]. Studies were also conducted in master’s
projects [55, 86, 99] and master’s theses [56, 88] for further implementation and towards
improvement of the automatic cost estimation and optimisation. Rahmani [56] was able to
improve upon the process by writing a Visual Basic code that linked the Aspen HYSYS
spreadsheets with Microsoft Excel. This has helped to automate the selection of the right
installation factor and sub-factors for equipment unit based on their costs. Errors associated
with application of these factors has thus been eliminated. All these works demonstrated that
the EDF method implemented in the IDF scheme approach is fast and robust to optimize process
parameters like minimum temperature approach of the lean/rich heat exchanger, columns
packing heights and others. Others here include for example flash pressure optimisation in the
case of different vapour compression configurations and split ratio optimisation in the cases of
split-stream configuration. In addition, this approach works in situation of cost estimation for
different CO, capture efficiencies. Therefore, this work recommends the EDF/IDF method for

cost estimation of CO; absorption processes and process parameters optimisation.

5 Conclusion

This thesis presents the results of the studies conducted during the PhD project. More
details of the studies can be found in the articles attached in the Part Il of the thesis. The project
broad aims were to further develop an existing cost estimation method, clearly demonstrate
how it is applied, and to apply it to evaluate and optimise the amine based CO; absorption and

desorption process for cost reduction.
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It can be concluded that a capital cost estimation method that applies a single or an overall
installation factor uniformly on all equipment (sum of equipment cost) may likely over-estimate
very expensive equipment and under-estimate least expensive equipment. The accuracy of early
phase capital cost estimates can be improved by applying detailed factors and sub-factors as
done by the Enhanced Detailed Factor (EDF) method. A new set of installation factors have been
introduced and can be used together with the main EDF method’s main installation factors.
These new factors have been termed plant construction characteristic factors (PCCF). They
account for different situations that may be encountered in different plant construction
projects. In the EDF method, installation factors are assigned to each piece of equipment based
on their costs. A very expensive equipment is assigned a lower installation factor while a least
expensive equipment will have a high installation factor. Therefore, the EDF method should be
suitable and robust for estimating the total plant cost of new plants, modification projects and
retrofit plants, and large and small plants.

Other methods were studied in this work. All the methods studied estimated the same cost
optimum minimum temperature approach (AT,,;;,) of 15 °C based on CO; capture cost, but with
different specific costs ranging €66 — 79/tCO,. The BEC method, the Lang Factor method, and
the PDE cost method that are purely based on application of a single installation factor uniformly
on all equipment estimates of total plant costs (TPC) were 31 —54 % higher than the TPC of the
EDF method.

The iterative detailed factor (IDF) scheme which is based on Power Law is simple, and it
provides fast and accurate CO; capture process cost estimates, especially for cost optimisation
and other sensitivity analysis. The IDF scheme utilises a cost exponent of 1.1 for estimating the
cost of column packing and 0.65 for other equipment. Any equipment that is not affected when
any process parameter is changed is assigned a cost exponent of 1. The deviation of the IDF
Scheme estimates compared to the usual manual EDF method is 0 — 0.4 % in estimation of TPC,
while it is 0 — 0.2 % in CO; capture cost estimation. The EDF method was mainly implemented in
the IDF Scheme approach for process parameters cost optimisation in this study and the master
students’ projects and theses.

Different specific types of heat exchangers were studied to evaluate their cost reduction
and CO, emissions reduction potentials. They are the fixed tubesheet shell and tube heat
exchanger, floating head shell and tube heat exchanger, U-tube shell and tube heat exchanger,
gasketed plate heat exchanger and welded plate heat exchanger. The gasketed plate heat

exchanger outperformed all the other heat exchanger types in capital cost, CO, capture cost,
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CO; avoided cost and CO; actual emissions reduction. This project recommends the use of plate
heat exchangers for the cross-heat exchanger with a AT,,;, of 4 — 7 °C, lean amine cooler and
for the direct contact water cooler unit in a CO; absorption and desorption process.

The EDF/IDF methods were also applied to study a combined rich and lean vapour
compression configuration for CO; capture. This achieved the best performance compared to
the simple rich vapour compression and the simple lean vapour compression configurations.

The works documented in this thesis demonstrated that the EDF method implemented in
the IDF scheme approach is fast and robust to optimize process parameters and factors like
minimum temperature approach of the lean/rich heat exchanger, columns packing heights, flash
pressures in vapour compression configurations, split ratios in split-stream configurations, and
CO, capture efficiency. Therefore, this work recommends the EDF/IDF method for cost

estimation of CO; absorption processes and process parameters optimisation.

5.1 Suggested further works

Having conducted several studies with the EDF method and IDF scheme during this PhD

programme, the following topics would be interesting to investigate:

e The automatic cost optimisation approach based on the Visual Basic script should be
developed further. Clear procedures should be developed and implemented in a CO;
capture (absorption) plant with process parameter optimisation. The comprehensive
work can be published in an open journal for benefit of others in this field.

e Itisimportant to perform other studies based on the IDF scheme to confirm the proper
cost exponents for the major equipment that will require optimisation. For example, the
columns, the lean/rich heat exchanger, the flue gas fan based on different pressure drop
in the absorber. It will also be interesting to vary the CO, concentration in the flue gas
and the flow rate to examine if the reported cost exponents are consistent or if they are
specific to each system.

e This work focused on the solvent based CO, capture processes. This can be applied to
other energy systems.

e The EDF method includes the use of location factors, which was not applied in this work.
it is important to comprehensively document and demonstrate how to estimate
location factors for CO, plant construction. Location factors should be estimated for

different locations in Norway and other countries. There are values published for broad
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locations, but the underlying assumptions are not comprehensively open. It will be novel
to publish the comprehensive details of estimation of location factors in the open
literature.

In this study, combination of simple process configurations was evaluated. The
combined rich and lean vapour compression (RLVC) configuration was only applied to a
cement plant. Important process parameters optimisation such as flash pressure of the
rich and lean streams was not done. It will also be important to optimise and evaluate
the economic impact of the flash pressures. The optimum rich pump outlet pressure can
also be evaluated.

Other simple process configuration can be added to the RLVC configuration evaluate the
energy and economic performance. Simpler alternative configurations like absorber
intercooling (requiring an additional cooler and a pump), rich-split, and lean-split can be
combined with the RLVC or with the simple rich vapour compression and simple lean
vapour compression configurations.

A study on calculation of the Murphree efficiencies of other amine solvents is important.
This will enable the CO; group at USN to delve into more comprehensive study of solvent
blends to further optimise the solvent based CO, capture processes. It will be interesting
to combine the effect of a more promising solvent or blends with an optimised CO,
capture configuration. The overall heat transfer coefficients especially in the lean/rich
heat exchanger for these alternative solvents and blends should be calculated for a fair

and transparent performance comparison.
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ARTICLE INFO ABSTRACT

Key wonds: Capital cost is frequently estimated for new and retrofit carbon capture plants as new concepts for cost reduction
Techno econamic analysis emerge. Capital cost during initial cost estimation of chemical plants strongly depends on the installation factar
earbon capture and storge (s) of the methodology employed. How these installation factors respond to the cost of each equipment de.
post-cambustion termines the total plant cost and the type of capital cost (new plant or modification project) each method is suited

:;;m daxide for. The effect of equipment installation factors on capital cost of an amine-based CO2 capture plant using the
Enhanced Detailed Factor (EDF) method has been studied. Plant construction characteristic factors have also
been introduced to account for different plant construction characteristic situations. The impacts of the instal-
lation factors of seven methodologies on capital cost were pared. A unif install factor will likely lead
10 imation of very expensive equipment and underestimation of less expensive equip EDF method's
installation factors respond based on each equip cost. Even though all the methods esti d the opti

AT in the cross-exchanger to be 15°C, the cost estimated was €66/1CO2 by the EDF method, Smith’s per-

CAPEX

Agion ot
e of quip

hods. The results d

factorial method and Hand's factorial method: and €69-79/1C0, by the other
that the EDF hod is suitable for ing capital cost for new plants and

modification projects, small and large plants, and accounts for different plants’ situations.

1. Introduction

The amine-based CO2 absorption and desorption process is the most
mature technology for carbon capture to mitigate global warming
(Bubin et al., 2015). It can be built together with a new process plant or
as a retrofit to an existing process plant. Nevertheless, the cost of
deploying this technology at an industrial scale is currently high.

Cost engineering and economics play a crucial role in assessment of
carbon capture technologies (van der Spek et al., 2019). Cost is the key
decisive factor when considering industrial deployment of a technology
when a choice among many options is to be made (All et al., 2019).
Estimates of carbon capture and storage processes are vital for making
policies, and for making important decisions like funding of research
and project, as well as investment in industrial implementation (Rubin
et al., 2013).

Greater cost savings in CO; capture and storage processes could be
realised when a full-scale COz capture plant has been built and put in

* Corresponding author.
E-mail addresses: Solomona aramadaiousa no, si

htps.//doi.org/10.1016/].ijgge.2021.103394

operation, and an entire value-chain from capture to storage will have
been established (Sprenger. 2019). The Norwegian government is set for
construction of a plant to capture COz emitted from Norcem cement
plant at Brevik in Telemark, Norway (Thorsen, 2020). And it has been
emphasized that as work goes towards construction of a full-scale in-
dustrial CO, capture plant, research will continue to play a central role
(Sprenger, 2019). Cost estimation will play an important role in
assessment and establishment or transfer of the experience and gains in
capital and operating costs from the first set of capture plants (First of a
kind-FOAK), to build more cost-efficient plants in the future (Nth of a
Kind-NOAK). The learning curve may be steep due to all the studies and
progress already made.

The Director of NTNU Energy, Johan Einar Hustad has emphasised
that carbon capture and storage (CCS) must become a subject at the
universities, to ensure successful application of CCS technology at in-
dustrial scale (Sprenger, 2019). This means, cost estimation activities
will increase not just in the process industry but also in the universities
and other research institutions. Carbon capture cost estimates for the
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Momenclature

BEC [€] Bare Erected Cost

CAPEX [£] Capital expenditure

CCs carbon capture and storage

Cey.cs [€] Equipment cost in CS

Clry oteer we. [€] Equipment cost in other material, e.g. 88

Ccs Carbon steel

DCC Direct Contact Cooler

ATwmin [FC] Minimum approach temperature of heat exchanger
EDF Enhanced Detailed Factor

EIC Equipment Installed Cost

EPCC Engineering, Procurement and Construction Cost
Satminiwrioe  SUb-installation factor for administration costs
Scommisiioning  SUb-installation factor for commissioning costs
Seomtingency Sub-installation factor for contingency costs

fifirees Sub-installation factor for direct costs

Sfoccs Equipment installed cost in C5

S other mmar.  Equipment installed cost in other materials, e.g., 55316
Senginesring Sub-installation factor for engineering costs

Tt Material factor

FOAK  First-of-a-kind

T Sub-installation factor for piping costs

Jopes Sub-installation factor for piping costs in OS5

Frrg Total installation factor for equipment constructed in
carbon steel

Fr oter mee  Total installation factor for equipment constructed in
other materials

ki x 1000 Euro {(x1000€)

KNOK  x 1000 Norwegian Kroner

MEA Monoethanolamine

n PFlant operational lifetime

NOAK  Nth-of-a-kind

NOE Norwegian Kroner

O&M Operational and Maintenance
OPEX Operational expenditure PCCF
PCCF PFlant construction characteristic factor Interest rate

r Interest rate
TPC Total Plant Cost
usD US dollars

Jieg. Sub-installation factor for equipment, it is equal to 1
Table 1
Capital cost nomenclature and aggregation method established an BEC {Rubin et al | 200173
DO METL (30113 PR 1057 IEACHE (3309 TEP I SO {301
BEC BEC Insralied oonts BEC
[Lad e e e o4
Contingenis = o Connngessics = (T DO (S MM RGERE) = COmgERGes =
Tatal Plams Cost Total Flant Com: Total Plast Com Total Pant Cout'
(v’ puriti =
Tota Overnighe (ol Tetal wvestrsent Cose Towal Crvermgmt Cose*
s cmars
[ s LLEL i3 =
Escalanion = Escalirion =
Total Plast lswrsimwr
Dwness OBE = et CLE =
Tatal As-Spent Capid Todal Cagtal Beparernent Tidal Cagutal Beiparernear Todal Inestailesd it

BEC. Bare Beecind Coot B0 Engraeering. Procesorsmt & Constnuction Cesl: 10 intorest Duerng Consnacton: AFUDC: Alewanor for Funsds Uked Busrng Consnaction.

* Toaral (hermight Cont i used ineerchasgeably with Total Plast Coat in tabies and discussions ie GOTS2801)

power industry range from £60,/100; to €20/4C0; (Carbon Capture and
Storage Assoclation, 2011). Specifically, for COz capture from natural
gas combined-cyele (MGOC) power plant’s exhaust gas, it is between US
£48/1002 - US$111,4C0z2 (Hubin et al., 2015). This reflects the differ-
ences in the capital cost estimation methods used, in scopes of technical
and economic analyses, and in the underlying assumptions. The effects
of the differences in scopes, and underlying technical and economic
assumptions can easily be recognised. However, to clearly understand
how the different capital cost estimation methods affect the carbon
capture cost estimates, it is important to evaluate the different capital
cost estimation methods that are commonly used in the literature and
their effects an the estimates obtained. There is a need to provide a cost
estimation scheme that can give good cost estimates, yet open, trans-
parent, straightforward, and relatively easy and fast to implement.
The methodologies developed for initial cost estimation by many
arganizations and institutions engaged in research towards innovations
and advancement of the OCS technologies aimed at cost reduction are
factorial techniques (Ali et al., 201% [EAGHG, 2009 NETL, 2011; Rubin
et al, 2013). This is because cost analyses at this level are mostly
intended for concept screening and study/preliminary cost estimates.
These factorial methods commonly employed for CCS cost estimates fall
into Class 5 and Class 4 of the Association for the Advancement of Cost
Engineering (AACE) (Christensen et al., 2005). Most of the methodolo-
gies applied are based on a Lang Factor for order of magnitude estimates,

percentage or ratio of delivered-equipment cost or the cost element
called the Bare Erected Cost (BEC), which includes all the equipment
purchase costs (EPRI, 1993 Gardarsdottir er al., 2009; GOCSL, 2011;
Mwaoha et al., 2018; Rubin et al., 201 3). Cost estimates based on these
methods assume a uniform installation factor applied on the sum of all
the main plant equipment irrespective of the differences in their costs,
However, every piece of equipment that makes up a chemical plant
should not have the same installation factor (Gerrard, 20000, The
installation factors for building a chemical plant that processes fluids
and the one that processes solids should also be different. In each plant
type, it is reasonable that the installation factors of less expensive
equipment will be high, while very expensive equipment will have lower
installation factors (Gerrard, 2000).

Cost estimates founded on BEC are mainly prepared by contractors
based on equipment specifications (IEAGHG, 2009; NETL, 2011; Rubin
et al, 2013). Table 1 shows capital cost nomenclature and aggregation
method established on BEC for five different organisations (Rubin et al,
2013). Even though contractors generally prepare cost estimates that are
accurate, such schemes are however challenging for other sectors except
for those in the commercial world or governmental organizations. These
cost estimates are normally not open and transparent, due to competi-
tive advantage. They may also require well experienced cost engineers
that probably work in engineering, procurement, and construction
(EPC) companies to prepare. The list of equipment, basis of equipment
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Table 2
EDF method's plant construction charscteritic fctors (POCF).

Plant constrection characteristics faciors (POCF)

Instrumens Insulation

Local instmaments 036 Mo insulation s

One controd loop per main 088  Heat insulation of uilitles pipes 052
‘equipment

Two conired loops per main 094  Mormal heat insulation Loo
equipment

Tree contral loops per main 100 Morethan mormal heat insulation. 113
squipment

Electrical Cold insulation of vessels and 142

pipes

Mo electricity 0.09  Ground preparation

Ligha 0.23 Mo ground preparation waorks s

Light and elactric power o 0.82  Normal growund preparation 100
budlding without piling

Elertric power from sxisting 100 Mormal ground preparation with 130
poser spply plling

Eleciric power from new power 145 Bore than normaal grosnd 216
supply preparation without piling

Piping Bdore than normal grownd 242

preparaticn with piling

Mo plping 0.0  Civil and buildings

Channels 0.y Mo bulldings s

Thin pipes and pipes for 0.67  Open on ground il ]
utilities systems

Normial pipes and pipes for 100 Open in a sinscture 0vE
urilities

Complex plpes and pdpes for 112 Closed strucure Loo
urilities

Big bore pipe and pipe for 112 Insulated closed struchure L0
urilities

Big bore and complex plpes 1.29  More than normal grownd 282

and pipes for utilities preparation with piling

dimensioning, or design are not usually disclosed. The assumptions or
factors applied to derive both the total direct and total indirect costs do
vary from one case to another (IEAGHG, 2000; NETL, 2011; Rubin et al.,
20013). In additon, just like the Lang Factor and the closely related
percentage of delivered-equipment costs methodologies, the same factor
is applied on all the pieces of equipment (sum of all delivered equip-
ment) irrespective of the wide differences that may exist in the purchase
costs of the different main plant equipment.

Due to the importance of cost estimates in carbon capiure and

| Jowrmal of Green Gas Covstrold 120 (2021 100394

storage (CCS) processes, some attention has been given to harmaoniza-
tion of cost estimation methods and transparency, with focus on the
power industry. A number of organizations have made efforts to develop
their various procedures for estimating capital costs and guidelines to-
wards achieving consistency and uniformity to a great extent in their
various estimates of power plant and CCS costs (Rubin et al, 2013L
Nevertheless, Fubin (2012) identified differences in underlying as-
sumptions and methodology across these organizations which bring
about confusion, instead of clarity, in capital cost estimates of CCS. The
organizations include the International Energy Agency Greenhouse Gas
Programme (IEAGHG), the LS. Department of Energy’s National Energy
Technology Laboratory (DOE/NETL), and the Electric Power Research
Institute (EPRI) (Fubin et al., 2013). Researchers (Roussanaly et al,
2019 Rubin, 2012; Rubin et al., 2013; Skagestad et al., 2014; van der
Spek et al., 2019) have drawn attention to the inconsistencies in cost
estimates and methods applied and emphasized significant methodo-
logical issues and factors which infloence the total capital cost of the
carbaon capiure plants (Ali et al., 2009). Hubin et al (2013) did a review
of some publications and pointed out the various cost elements, eco-
nomic parameters, and assumptions that differ across these smdies
which influence the outcome.

Sinnott and Towler (200%) emphasized that disregarding to make
appropriate correction due to material of construction is one of the
foremost sources of errors in capital estimates. Yet, several methodolo-
gies based on these average overall plant’s installation factors do not
account for material of construction. Though, the material of construc-
tion is considered in the techniques founded on percentage of delivered
equipment in these references (Sinnott and Towler, 2009; Smith, 2005)

Owing to all the limitations highlighted, we present a method we
refer to s the Enhanced Detailed Factor (EDF) Method. This method has
previously been documented by All et al. (20019), and it has been applied
in another study by Aromada et al. (2020a). Ali et al. (2019) only pre-
sented the assumptions and some details about the method. Aromada
et al. (2020) also only applied the method to study cost reduction po-
tential by considering the use of different types of heat exchangers as the
lean/rich heat exchanger. However, the most important aspect of the
EDF method is the instaflaton fecrors and subfactors. No study has shown
how these factors affect the total plant cost. And to demonstrate this
importance, it is essential to compare the effects of the EDF installation
factors with the those of other methods in the open literature.

Total capital investment or cost (TCI)

v

v

}

Fixed-capital investment (FCI) or

Working capital (WC)

Total plant cost [TPC)
Capital needed to supply required
rmanufacturing and plant facilities

Capital necessary for the operation of
the plant before sales  revenue
becormes available (typically 10 — 20%
of TCl for a chemical plant)

v

v

Manufacturing fixed-capital investment
(direct cost)
Capital required for the installed equiprment with all
components that are needed for complete plant
operations, e.g., equipment, site preparation, piping,
instrurments, insulation, foundation ete.

Non-manufacturing fixed-capital
investment (indirect cost)

Capital required for construction overhead and for
plant com ponents that are not directly related to plant
operation, e.g., land, administrative and other offices,
warehouses, shipping ete.

Fig. 1. Elements of total capital investment (Eldrup, 20213
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Table 3

Categories of factorial methods in literature

Factorial method
ategaries
Flant's cverall
Installation
facior
Equipment type
factor
Percentage of
deliversd
‘squipment cost

Bare Erected Cost

Basis/example

Lang faciors

Hand factors

Percentage or rathos of
delivered squipment
usually fres-on-board

Percentage or ratios of

, 2000 Lang., 1944;
i4; .3

[BEC) module BELC
Demiled Gerors Individusal factor and sub-
factor method
EDF method
Table 4
Material factors for EDF method.

Material of construction

Material factor, fu

Carban sieel

A1 stainless steel (machined)
A1 stainless steel (vwelded)
tilass-rednforeed plastc
Exntic material {machdned)
Exntic material {welded)

100
1.30
1.75
1.40
1.75
150

| tornal of Greenfuuse Gas Conirol 110 (2021} 100394

Another vital aspect of EDF method which is also new is the effect
each plant’s construction characteristic or nature will have on the cap-
ital cost. For example, using an existing building will reduce the civil
cost, and reuse of A tank can reduce the cost, but all other cost will still be
there. These new important factors which will affect the capital cost
estimates are given in Table 2, and they are termed plant construction
characteristic factors (POCF) in this work. The FOCF was developed by
Mils Eldrup based on industry experience and cost estimation in the pre-
engineering phase, as well as experiences from construction. It was
originally set up as a theory based on Gerrard (2000). Gerrard had this as
an adjustment on each equipment, but that was thought to be too
elaborate. Thus, the list was developed to cover the "fectory description”,
and eventually, they have been tested on real plants and adjusted over a
period of 25 years.

The PCCFs are applied on (Le., multiply by) their comresponding
subfactors both in the direct cost (material) and the engineering sub-
factors. For example, if there is no need for ground preparation, then, the
subfactor “ground work” in the direct cost as well as the “engineering
ground” subfactor in Table C2 in the Appendiz C must be multiplied by
the corresponding POCF of 0009 in Table 2 under “ground preparation”.

Table &
Material Factors for the percentage of deliversd squipment Bctorial technigue in
[(Smith, 205)

Table 5

Masterial Bactors for Hand factors method and for the percentage of
deliversd equipment fectorial technigque in (Sinnotl & Towler, 2009)

Material of consimaction

Carbon steel

Aluminism and braonss

Cast steel

304 stainless steel
314 stainless steel
321 stainless steel

Hastellay
Manel

Nickel and Inconed

Material factor, fiu
1.0

Material Material factar, fu
Average  Pressure vessels and Shell and tube heat
distillation columns exchanger

Carbon steel L L Lo

Al 1.3

Stalnless stesl (low 24 21
grades)

Stainless steel (high 3.4 a2
grades)

Hastelloy C an

Mome] 4.1 e

Mickel and Inconel 4.4

Ticanium 58 .7

Mickel 5.4

Incanel iy

5 Shell, alumdnium 1.3
tuhes

5 Shiell, Mone] 21
tuhes

5 Shiell, 55 (low LT
grades) tubes

55 (low grades) shell 29
and tubes

I Main elemenis constituting Installation factor |

'

.

v '

Direct Costs

- Equipment

- Erection

- Piping

- Electric

= Instrument

- Civil work

- Steel & concrete
- Insulation

Engineering Costs
Engg. Prociess

- Engg. Mechanical

- Engg, Piping

- Engg. Electric

- Engg. Instrument

- Engg. Civil

- Engg. Steel & concrete

- Engg. Insalatian

Fig. 2. Main el of the Enk

Administration Costs Other Costs

- Procurement - Commissioning
- Project Control - Contingency

- Site Managament

- Project Management

4 Detaided Factors (AL et al,

2019)
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allowance of 0.001 m; joint
efficlency of 0.8; stress of
2.15 « 10" Pa [45]; TT =30, (
CheGuide, 2017)

S.A Aromada er al Gas Control 120 (2021) 103394
Water |
Flue Gas in
Rich MEA Pamg Lean MEA
Pump
Flue Gas fram
Flue Gas Fan indusary
0CC Pusep
Fig. 3. Process flow diagram of a dard amine-based CO; cap process (Aromada et al., 2020a3)
Table 7 Table 8
Specifications and assumption for simulation Equipment dimensioning factors and assumptions
Parameter Valoe Source Equipment Basis/Assumptions Stzing factars
€O capture efficiency [3) 85 (Ancersson et al, DOC Unit Velocity using Souders-Brown Al col Tangent-to-
2016) equation with a k-factor of 0.15  tangent height (TT), Packing
Flue gas mys (Yu, 2014, pp. 97). TT =15 belght, internal and outer
Temperature [*C) 80 (Aramada et al m, 1 m packing height/stage (4 diameters (all in [m))
A1203) stages) (Aromada et al., 20203)
Pressure [kPa) 110 (Aramada et al., hsorb Superficial velocity of 2 m/s,
20202) TT=40 m, 1 m packing height/
€0z molefraction 0.0375 (0, 2007) stage (15 stages) (Aromaca
H 0 molefraction 0.0671 (ai, 2007) et ab | 20203).
Nz mole-fraction 0.8954  Calculated b perficial velocity of 1 m/s,
Molar flow rate [kmal/h] 85000 (@i, 2007) TT=22 m, 1 m packing height/
Temperature of flue gas into absarber [ C] 40 (Aromada & %, stage (10 stages) (Aromada & ¢n,
2015) 2017).
Pressure of flue gas into absorber [kPa) 110 (All et al, 2019) Packings Stroctured packing: SS316 See DCC Unlt, absarber and
Lean MEA Mellapak 250Y (Asomada & O, desorber
Temperature {*C} 40 (1, 2007) 2017).
Pressure [kPa) 101 (Aromada & £, Lean/rich heat U =0.73 kW/m’K for FTS-STHX  Heat transfer area, A (m’]
2015) exchanger (Nwacha et al,, 2018)
Molar flow rate [kmal/h] 101595  Calculated Rebodler U = 1.20 kW/m’K for U-tube
Mass fraction of MEA [%) 2 (@1, 2007) kettle type, based on (Ferers
Mass fraction of CO; [%) 54 (@1, 2007) et al., 2004)
Absorber Condenser U = 1.00 kW/m’K for U.tube
No. of ahsorber stages 15 (Aromada & X, STHX, based on (Aromada e1 0l
217) 2020a)
Absocber Murphree efficlency [%)] 1121 (Al ecal, 2019) Coolers U = 0.8 kw/m K for U-tube
AT lean/rich heat exchanger (“C) STHX, (Aramada es al., 2020a)
10 (artml et al., 2011) Intercooler 0.5 bar {20] (Aromads et al, Ustube HX
Desorber pressure drop  20200)
Number of stages 10 (Aromada & O, Pumps Centrifugal r[:;v"';'.' {1/s] and power
2017)
Desarber Murphree efficiency [% 50 Al et al., 2019 Flue gas fan Centrifugal Flow rate [m”/h]
Pressure (kPa) - 200 :m 2007) : Coep Centrifugak; 4-stages (Ahn e al, Power (kW] and flowrate
Reflux ratio in the desocber 03 (@1, 2007) 2013); Final pressure = 110bar ( (m’/h)
Temperature into desoeber ['C] 1085 Ay etal. 013); presure
Reboller rato - 2.8
Reboller temperature [*C) 120 (@1, 2007) Separatars Vertical vessels; vessel dlameter  Outer diameters (Do)
Saturated steam temperature [ C) 160 alievik, 2010) using Souders-Brown equation, a  tangent.to-tangent beight
Exit temperature of steam [*C] 1518 (allevik, 2010) kfactoraf 0.101 m/s{Chetiuide,  (TT), (all In {m])}
€O, compression final pressure (kPa) 11100  (Ahn et al, 2013) 2017 Yu, 2014); corosion
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Table @
Assumplions for capital cost estimation
Parameter Value Source
CAPEX Total plant cost (TPC) (Arcmada et al.,
Lot year H018, first quarter
ot data year B8, first quarter
Currency conversion (€ ta 10.13, Japmary 25, 3020
MOKE]
{Cicest cumTency Eurn [£]
Plant location Rotterdam
Project life 5 years
Duration of construction I years
Discount rate BE% (TEACHCE,
Material comversion Eactor (55 1.75 Welded; 1.30 (Arcmada et al.,
bo 5y Mactiined 02
Anpual maintenance %% of CAPEX (Karimd et al
FOAK ar ROAK ROAK (TEACHCE,
Table 10
Dperating cost data
Ui Value/undt® Reference
Operating hoerss Hicurs,’ BO00 (Aromada & ©x,
year yrar 71
Elertricity EkWh 0.078
Sieam Eskwh 0.002
Conling water £/m? 0022
Waier (process]® £/m’ 0203
MEA® £/’ 1514
Maintenance 3 3% of CAPEX
(peratar E B0,414 (= &
aperators)
Engineer E 156,650 {1 engineer) {All et al., 200%9)

“The vatues hove been escalmed o Januony 2018

This ensures & more realistic capital cost estimation.

In the EDF method, different total equipment installation factors and
subfactors are applied to different equipment based on their various
costs (Free On Board-FOB). The method has installation factors and
subfactors prepared in carbon steel (C5) and are more detailed. A very
costly equipment has low installation factor, and a less expensive one
has a higher installation factor. Where an expensive material such as
stainless steel is used to manufacture any of the main plant equipment,
the appropriate correction due to the material is implemented, and the
mode of construction (welded or machined) is also considered. It also
includes a location factor. The method treats every plece of equipment
As a separate project. It shows the individual contribution of each piece
of equipment to the capital cost, thereby highlighting the major cost
drivers for optimizsation. Consequently, it is also suitable for capital cost
estimation for retrofits or modification projects, which is an advantage.
Ome does not need to be an experienced process engineer of cost engi-
neer to use the EDF method, because it does not depend on individual

| toesrmal of Greenfise Gos Covtrol 110 (2021} 100394
transparent, and it becomes easier to communicate between the cost
estimator and the process developer. That is, this method is very good
during the process development because the process engineer can see
the effect of his choices very quickly.

1.1, Scope of analysis

Fig. 1 ts the main e ts of total capital investment (TCI) or
cost. The interest in this study is mainly on equipment installed costs, to
check the impacts of the installation factors in each of the selected
methods on the total equipment installed costs. Therefore, the capital
investment or expenses (CAPEX) in this work is limited to the total plant
cost [TPC). This comprises the sum of all equipment installed costs. In
addition, the methods stodied are limited to only ratios or factorial
capital cost estimation techniques generally used for concept screening
and feasibility studies (Class 5 and Class 4 of the AACE classification).

Ewen though the location factor is important and will always have a
large effect on the TPC, this is not considered it this smdy. This is
because all the methods are used to estimate TPC of the same GOz
capture process plant, to assess the impacts of the different installation
factors on TPC and individual equipment installed costs. The location of
Rotterdam is assumed. Cost escalations was not performed becanse the
equipment cost year (2018) is also assumed as the year of purchase. In
addition, size adjustment was not necessary at any point since equip-
ment cost for each dimensioned main plant equipment was obtained
directly from Aspen In-Plant Cost Estimator W1 1. The impact of the plant
construction characteristic situation was also evaluated.

2. Capital cost estimation methodologies in literature

Factorial methods which are commonly used for producing smdy
and preliminary estimates at the early stage of projects are founded on
historical knowledge of relative equipment purchase costs and the
necessary activities and items to fully build a chemical plant { Gerrard,
20000, They follow the bottom-up approach and are broken down into
different categories of expenditures that are necessary to be incurred to
fully install the purchased or delivered main plant equipment (Mwaoha
et al., 2018).

The starting point for all factorial methods is a list of all the major
plant equipment, usually through the plant's process flowsheet (All
et al., 2019 Sinnott and Towler, 2009). The purchase costs of equipment
can be obtained from the following in the order of decline in accuracy
{.‘J\"_I'I'.Fl. 2021):

1 Current price quotes from equipment vendors (expensive for the
provider)

2 Budget quotes/offer [+25% variation)

3 Design and costing (need experienced professionals/experts)

4 Cost data from previously purchased equipment of the same type (in-
house data)

5 Commercial databases (e.g., Aspen In-Plant Cost Estimator)

& Equipment cost correlations in form of graphs or software:

persons’ judgement. The EDF method layout makes the estimates more - Book (cheap but old data)

Table 11

Comparison of simulation results with literature
()3 concentration ‘Capture rate Absorber packing stages ATmin Rich loading Reboller specific heat
muaid L] m C GIACT:
ars B4 15 5 oS0 154

BE.06 15 10 oS0 ar

ars BE.00 10 10 na L5
L] GO0 13 a5 o4y 174
4,40 GO0 b na o4y g7
4.0 GO0 b 10 o4y 193
416 BoL00 mwar 5 o4y 70

“Mot defined if it is packing height or shell tangent-tangent height.
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Table 12
Total plant cost,/CAPEX estimated with EDF method
Erquipment Mat.  Equip. Mat. Equip. Equip. cost  Install. Tatal Installed cost in Hos.  Toml equip. Total installed
cost/ undt, Facior cost in 05, In 5, Eactors, {5 Install. original mac ‘cast in ariginal cost in original
k¥ ki kMNOK Eachars wmnit, k€ mad., kf mai_, ki
Column mo.: 1 2 a 4 5 :] T B L] 1 11 1z
Fhse gas fan (=3 1384 1.000 1 386 14 03% 4.44 444 B 153 2 1772 12307
DO undt shell -1 2552 1.75 1458 14772 4.44 S50 BmWr 1 2552 sm7
DOC-unit 1 209 1.75 1153 11 B85 4.44 S50 & 341 1 019 & 341
packing
DG pamp 1 BSh 1.30 hhE LR 4.44 480 3148 1 HES ERL)
DG conler 1 a5y 1.75 2 Z 04 4.93 B0 130 2 713 241
Ahbsorter shell 1 4714 1.75 2699 7 HT 59 450 12237 2 L E ¥ 24 553
Absorber 1 5541 1.75 3147 norr 59 450 1443 2 11 083 28 Bhd
packing
Desorber shell 1 1404 1.75 a0z B 15 4.44 S50 4 409 1 1 404 4409
Desorber = 1303 1.75% Ta8 FAETS 4.44 550 4111 1 1309 4111
packing
Leanyrich HXU = Shd 1.75% 3z 3 ek 493 [EIE 198 20 11 284 38 953
Rehailer 1 518 1.75 246 205 4.93 B0 178G 3 1553 5358
Candenser 1 127 1.75 71 Tar T.an BST B2 1 17 ¥ 1]
Lean MEA 1 1 1.75 212 2152 4.93 B0 1283 2 743 2 564
coaler
Rich pump 1 197 1.30 152 1535 B10 Bl T 1 197 Sy
Lean pamp 1 1] 1.30 177 179 B10 Bl 1 1bi 1 i ] 1 1ish
Compressor 1 (= 4072 1.0k 4 072 41 247 359 A5 14 618 1 407z 14 518
Compressor 2 (=3 2370 1.000 2370 24 5 59 sy B 507 1 23 8507
Compressor 3 (= 1510 1.0HF 1510 1531 59 a5y 5419 1 1510 5419
Compressor 4 (=3 177 1.000 1777 17 599 59 sy [che ) 1 1777 & 3rm
Intercoaler 1 = B2 1.75% 3 <oih 513 7z -3 1 Bz 32
Imterconler 2 1 i1 1.75 a5 50 213 107z a7l 1 L] an
Interconler 3 -1 L] 1.75 36 L 213 107z i 1 4 3
Imtercoaler 4 1 103 1.75 5% =T T.an BST S0 1 13 504
TuCooler 1 n 1.75 13 134 213 107z 141 1 k] 142
Candensate 1 200 1.75 n el 4.93 B0 1332 1 38 1332
coaler
Candensate 1 141 1.75 a1 933 T.n BST T 1 161 Ty
SEparainr
Separator 1 = 108 1.75 [:¥] 25 Tan BS5Y 529 1 108 54
Separator 2 1 124 1.75 7l Ty T.an BST GO 1 124 &08
Separator 3 = 131 1.75% 75 TEH Ta0 BSY (= k] 1 13 [iEk)
Separator 4 1 150 1.75 a8y S0l T.an BST Thi 1 154 7o
CW pump 1 (= nw 1.000 110 1113 B10 Bl BT 1 110 ar
CW puamp 2 (=3 172 1.000 172 1744 B10 Bl 1050 1 172 1050
CW pump 3 (= 99 1.000 L 1 M B10 Bl B 1 9 (2111
CW puamp 4 (=3 18 1.000 18 178 213 213 sl 1 1B 16l
CW puamp 5 (=3 18 1.000 18 178 213 213 sl 1 1B 16l
CW puamp & (=3 18 1.000 18 178 213 213 sl 1 1B 16l
CW pump 7 (=3 20 1.000 26 5 213 213 i 1 L] 239
Tpump (=3 L] 1.0 bii] 7 15.03 1503 144 1 10 144
O pump 1 143 1.30 135 12369 B10 Bl B2 1 163 -F.
Total equipment cost (TEC) and Tatal plant cost (TPC) 58 008 189 317
W oy | B Packings
=
'g' a0 b
3w}
:EE 20 pF
o f [ | =
£
E 0
g fFE 223 gsepilliliie
- = 3 g € £ - 3 £ 82 =]
403833388 2d¢czsegnsd
= o
$883g2c:F3sgfisesis
= §g “v=z=3F¢egfg2”
g Ef 838
3 s E
2 g — 5
L

Fig. 4. Overview of cost confribution of the main plant equipment to the capital cost (TPC)
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300 ¢ 474 =04 - G0
4327 326 1
3.61 427 338 7
3.18 3.17 = )
E 50 p 4 5.0
= [ ]
£ o f 1 an
g ] b
= ]
g 1m0 | T =
s ] a
5 h .
a ] B
E 00 F 1 210
2 ]
s0 b 4 1o
o 1 oo

Lamg factor  Hand Gerrard Smith  Sinnott & Nwaohaet  EDF
factors (2000) (2005) Towler  al. [2018) Method

{2008) [This

W CAPEX (TPC) % Ratio TPC/TEC Study)

Fig. 5. Total plant cost and ratio of wtal plant cost o otal equipment cost for 85% COs capture plant

280 ¢ 4 90
250 80 B
! T .
= = £
> 20 170 &
w
S 130 {860 E
g 20 5.0 -
(=] & J
= 4.03 EESS g
= o | + 318 - 140 =
E 200 } & { 20 gi
bt 318 317 z*
) L -
= 190 20 ﬁ
de @ 1o B
- S
170 0.0 E
Hand factars Srnith | 2005 Sinnott & Towler EDF Method
(2008 [This study) §
=
BTRC-Original installation factors OTPC-Average overall installation factar
& Original TRGTEC # Awerage overall installation factor
& New TPC/TEC

Fig. 6. Original total plant cots (TPC) and TPC baged on average overall installation fsctors for the base case

- Internet (quality of data may be doubtful) » Mwaoha et al. (2018)
= Detailed factor:
In this work, we categorised the main factorial cost estimation » EDF method (Al et al., 2019)
techniques in literature as shown in Table 3. To compare the installation
factors of EDF method with the other methods, which was not done in The EDF method is similar to the individual and sub-factors method
All et al. (2019), we selected at least one method from each of the cat- in Gerrard (2000). However, the EDF method installation factors are
egories as listed below: more details. They include indirect cost, commissioning, and contin-
gency. It has been tested and adjusted against built plants. The instal-
» Plant's overall installation factor: lation factors of EDF method are updated every two years, to reflect the
» Lang factor method (Lang, 1945) impacts of inflation and recent realities in chemical plant construction or
» Specific equipment type factor modification projects. Mevertheless, older versions of EDF installation
» Hand factor method (Hand, 1958) factors lists can still be used with the aid of cost price indices (CPI), and
» Percentage of delivered equipment cost: the equipment installed costs can be adjusted to today also using CPL
» Sinnott and Towler (2009) Full details of the installation factors in Husebye et al. [2012) were not
» Smith [2005) published, =0, they cannot be used by others.
» Gerrard (2000] - same installation factors as Peters et al (2004)
» Bare Erected Cost (BEC) module factor:
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Fig. 8. Comparison of the installed costs of expensive equipment

2.1. The Enhanced Derailed Facrars (EDF) method

At the early stage of capital cost estimation, the EDF method achieves
a high level of accuracy (All et al., 2019). It highlights the contribution
af individual equipment to TPC, therefore revealing which equipment
needs to be optimised. It can be applied in techno-economic assessment
of new plants, new technologies and extension or modification projects
for an existing plant (Al et al., 2019).

To use the EDF method, the scope of the project must be specified,
technical and economic assumptions must be defined. If necessary,
location factor may be applied. There may be a need for currency con-
version and cost escalation from one year to another. If there is a need to
estimate the total capital investment (TCI), then, the working capital can
be calculated, as shown in Fig. 1. The EDF method comprises the
following steps to estimate the TPC (All et al., 2019):

1 Prepare & simple flowsheet of the plant and list the major plant
equipment.

2 Compute the material and energy balance of the process either
through process simulations or by hand calculation.

3 Perform equipment dimensioning/sizing based on the material
and energy balances.

4 Estimate the cost of each plece of equipment from a reliable
source. In this work, we used Aspen In-Plant Cost Estimator
version 11database.

5 It is convenient to list the equipment in a spreadsheet with their
purchase costs.

& Convert the purchase cost of each piece of equipment in material
other than carbon steel to its corresponding cost in carbon steel
using the appropriate material factor in Table 4. This is because
the installation factors are in CS, as it is for Hand factors and in

Sinnott and Towler (2009) and Smith (2005).
7 Obtain the appropriate total installation factor in CS for each
piece of equipment.

& Correction of specific subfactors may be required based on the
nature or characteristics of the construction works. For example,
if more than the normal heat insulation is required due to very
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Fig. 13. Effects of EDF method's plant comstruction characteristic factors (POCF) on the TPC

cold weather in the plant specific location, then, the insulation
subfactor in both direct cost and engineering subfactors in
Table C1 or Table C2 in the Appendix C must be comrected by
multiplication with the corresponding specific construction fac-
tor in Table 2.

49 Caleulate the installation factors for all equipment in another

-

materials (85316 in this work) accounting for the material and
piping.

Estimate an equipment installed cost, multply the cost of each
plece of equipment in CS by the total installation factor in CS. For
the equipment in another materials (85316), multiply the cost of
each piece of equipment in C8 by the total installation factor in
the other material (85316). In this work, Teble C1 in Appendix C
was used, so, the costs need to be converted back to Buros. Sub-
sequent works can use the installation factors in Table C2.

For any equipment that has more than one piece or unit, moltiply
it by the number of units to obtain the total installed cost for that

equipment.

12 The total plant cost is the sum of all the equipment installed cost.

It is important to state that the previous EDF installation factors list
{up to 201 8) were prepared in Morwegian kroner (NOK), thus, currency
conversion to NOK was necessary when the equipment is in another
currency. The installation factors are for equipment in carbon steel (CS8),
therefore, conversion of cost of equipment in other materials such as
stainless steel to cost in C8 is necessary. This is simply done as follows
using an appropriate factor in Table 4:

Casher mas

4
M )

Cr..-. =

‘Where,

Cry cs = cost of equipment in carbon steel

Cry_ s s, = €050 of equipment in other material

[y = material factor for converting cost in other materials to cost in
s

After converting the equipment cost in 55 to CS, the appropriate total
installation factors for the piece of equipment in CS can be obtained from
Table C1 ar Table C2 in Appendix C. This can be represented as:

(5]

Friv = S +J':-m-mwg + Ftwimimrasion +.r:'uw-.uur|uu +.r:w|um.1
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Fig. 14. Comparison of capital costs estimated from the different factorial methods for OO, capture plant

For equipment bought in other materials, the installation factors
need to be converted from CS back to the original material. It is
important te understand that it is only the equipment material and
piping that will be affected. Therefore, the final EDF installation factor
for any plece of equipment in other material can be estimated by sub-
tracting the equipment factor (usually 1) and piping sub-factor in CS
from Fy , then add the equipment subfactor and piping sub-factor in the
other material as shown in equation (6], and rearranged to (7):

Fr o — (fiy. +fops) + i [I'Lq +femes)

[(:1]

Fr, cher mar

Fr. o+ (e — 1) (feg. + fpes) 7y

The installed cost of each piece of equipment in CS, and in other
materials and the TPC can then be estimated using equation (8], (9) and

(10) respectively:

Fr, cher mar

'C'ur'. o= 'C'u. ez Fr. ex {3}
'C'ur'. ashar mar — 'C-Lq Fo N o perye— {‘;}
TR = Z[AH equripment installed costs) (10}

The equipment cost year in this work is 2018 and the capital cost
vear is also assumed to be 2018. Thus, there was no need for cost
escalation. The list of EDF installation factors for 2016 - 2018 attached
as Table C1 in Appendix C was used in this study. The recently updated
list, which is in Euros (€) is also attached as Table C2 in Appendixz C for
anyone who would like to use our method. The main elements that
constitute the EDF installation factors are shown in Fig. 2.

22 Material factors of different approaches
The EDF scheme, Hand factors and Percentage of Delivered Equip-

ment (%DEQ) technique in Sinnott and Towler (2009), and in Smith
[2005) are presented in Tables 4-6 respectively.

3. Process specifications and simulation, equipment sizing and
assumptions

3.1. Process specifications and simulation

The flue gas treated in this work is from a natural gas combined cycle
(NGOC) power plant (00, 2007). The standard amine-based CO; ab-
sorption and desorption process is used for this study. The simplified
process flow diagram (PFD) is shown in Fig. 3. Pre-treatment of the flue
gas is not considered, the process commences from the flue gas fan in the
precooling section, to the absorption and desorption process and ends
with the C0; compression section which is model based on the work of
Ahn et al. (2013, Transportation and storage of the captured COgz is not
included in this work. Estimates of CO; transport and storage can be
found in Andersson et al. (2016), Rubin and Zhai (2012), and Tel-Tek
(2012).

The flowsheet is simulated in Aspen HYSYS Version 10 for 85% COg
removal based on the specifications in Table 7. The Aspen HYSYS
flowsheet is attached as Fig. Al in Appendix A. All the main plant
equipment makes up the scope of the capital cost estimate. The simu-
lation strategy is the same as described in Aromada er al. (2020a). The
absorption and desorption columns were simulated as equilibrium
stages (Murphree efficiency) (Aromada and 04, 2015 @4, 2007). The
specified number of stages in the absorption and desorption columns are
the cost optimum in Aromada and @ (2017). Each column stage is
assumed to be 1 m high. Murphree efficiencies of 0.21 - 0.11 were
specified from the top to bottormn of the absorber column as in Al et al
(2019 and Aromada et al. (2020a). A constant Murphree efficiency of
0.5 was set for all stages in the desorption column (A6l et al, 20019
Aromada et al., 2020a). The captured ©0; gas was assumed to undergo
four-stage compression as in Ahn et al. (2013). The final four-stage
compression pressure is 759 bar with a C0; purity of 99.8%. A CO;
pump is used to raise the COz stream pressure to 110 bar, which is cooled
down to 31°C.
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Table 13
Impact of the different methods on the OOz capture plant’s economic performance
EDF Hand Smich {2005) [% Sineenit & Towler (2009) [ Mwaoha et al. (2018) Lang Gierrard [ 20000) [%
method Eactars DEG] BEQ] [BEC] factor DEG]
ME
Minimum approach iemperaiure = 5 “C
CAPEX (TPC) 21590 .12 282 21566 80,11 ERULE] 30462
Annualized 2082 mooT 14.75 273 kil 24,54 1.8
CAPEX
Fleed OFEX 712 (1] (%] 7.7 w04 a4y 154
Variable OFEX 847 AT 4T 047 a7 A7 AT
Total annual cost 41 6542 a5.01 [ 7453 TH.42 8091
/000,
Ol capture cost 495 (T8 GH.O 731 TEO 21 4.7
Minimum approach temperature = 10 °0C
ME
CAPEX (TPC) 18532 184,60 18388 20917 4770 Pl 29238
Annualized 1825 1780 17.73 2017 bETT 2651 2819
CAPEX
Fleed OFEX 632 G18 616 691 B.O7 .89 a.41
Variable OFEX 57.81 ;S F4.55 F955 1955 3055 3455
Total annual cost #4.13 G153 644 [ ] 7151 T4.95 b AL
/0002
OO, capture cost 672 s 5 (] (1] 749 TS 50
Mininum approach temperature = 15 “C
ME
CAPEX (TPC) 174,80 17163 17220 149451 279,80 255,04 I
Annualized 1685 16,55 16.60 1878 2218 24.60 26,15
CAPEX
Fleed OFEX 588 ] 541 64T 753 .24 ]
Variable OFEX 40532 4053 2053 4053 40,52 a0L52 a0.53
Total annual cost b330 2 B [V ] B5TS 021 7i.41 75.45
/0002
O capture cost B3 22 659 (] TAA 6.9 791
Minimum approach temperature = 20
ME
CAPEX (TPC) 16758 165,49 166,68 18756 23130 245,60 26120
Annualized 1619 T ] 16.07 1809 134 2164 25.19
CAPEX
Fleed OFEX 568 a1 S (%] 7.4 i 848
Variable OFEX 4302 4202 a0 arng 4za2 a2 a0
Total annual cost b3.E8 AT 63173 6637 T Ta72 75.68
/0002
Ol capture cost — 67.0 (% (L] T 741 T4 o4
3.2, Equipment dimensioning and assumpiions
= 1
Anmualised factor = E [—,{I {12)
Mass and energy balances from the process simulations were used for S+
sizing the equipment listed above. The dimensioning approach is the
same for previous studies at the University of South-Eastern Norway 2 {_:) = Anmulized CAPEX (E)
(USN) (Aromada et al., 2020a, 2020b; Aromada and @i, 2017; Kallevik, T ¥r,
2000) The dimensioning factors and assumptions are summarised in £
X "8 ! + Awrunal OPEX (—) {13)
Table & Since €0z is an acid gas with risk of corrosion, stainless steel ¥,

55316 is assumed for all equipment except the flue gas fan, the casing of
the compressors and the cooling water pumps which are assumed to be
manufaciured from carbon steel. The dimensions and purchase costs of
all the equipment are given in Tables B1-B4 in Appendix B.

3.3, Capiral Cosr Estimation Assumplions

The capital cost estimates in this work using the selected seven
factorial methods are limited to the total plant cost also referred to as
fixed-capital investment. For simplicity, C0; capture cost is the cost
metric used in this work. Other important cost metrics mostly used is the
levelized cost or levelized cost of electricity (LOOE) for power plants’
cost estimates, and OO0y avoided cost (Rubin et al, 2005). The annual
capital cost, annualized factor, total annual cost, and COz capture cost
were estimated using Eqs. (110, (12), (13) and (14) respectively.

CAPEX

= Anmualised Jactor (11}

Annualived CAPEX {_E)
yr

Totad Annnad Cosr (TAC) {:—r)

. ) E Y
Cdcaptured cost {r_f_‘ﬂ;) (14)

Muss ofCtd: capiwred (ﬁ)

‘Where n represents operational years and r is discount/interest rate
for a 2-year construction period and 23 years of operations (Aromada
et al., 2020z). The economic assumptions wsed for estimating the capital
cost are given in Table 9.

3.4, Operating and maintenance costs (08 M) and assumypiions

To evaluate and compare the effects of the capital costs of the
different methods on the total annual cost and COy capture cost, oper-
ating cost was estimated. The fived operating cost is assumed to consist
of merely labour and maintenance costs. It is assumed that only six

operators and one engineer (supervisor) are needed together with other
warkers from the main process plant. The work team will be much more
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Fig. 15. Compargan of OOy capture costs estimated from the different factadal methods for C0w capture plant
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Fig. 16. Sensitivities of CAPEX estimate from the different Bactorial methods on OOy caplune cost

for a stand-alone capture plant. Variable operating costs include cost of
steam, electricity, process water, cooling water and solvent. The only
difference in operating costs among the different methods is the main-
tenance cost which is derived from capital cost. We assumed the use of
shell and tube heat exchangers for the lean/rich heat exchanger and
coolers, and we accounted for the pressure drop. The economic as-
sumptions used for the operating cost estimation are presented in
Table 10,

4. Results and discussion
4.1, Simularion results

In Table 11, our simulation results are compared with published

results of simulation of OO, capture processes from exhaust gas of nat-
ural gas fuelled power plants (Amrollahi et al., 2012 Dutta er al, 2017,
O, 2007; M. Sipocz et al., 2011; Nikolett Sipacz and Tobiesen, 2012)
The published results are for 85% and 90% COgz capture processes. The
specific reboiler heat calculated in these publications ranges from 3.65
GJACOz to 3.97 GI1AC0:. In this work, 3.54 GJ/1C02 and 3.71 GJ/1C02
were calculated for capture processes having lean/rich heat exchanger
with minimum approach temperatures of 5°C and 10°C respectively.
The simulated results in this work agree with the literature as is evident
in Table 11. The rich loading in this work is only 0.03 higher than the
other studies. Reference (Karimi et al., 2011) caleulated 3.55 GJ/000; as
the reboiler heat for a 90% COy capture from a coal-fired power plant,
with 5°C minimum approsch temperature in the lean/rich heat
exchanger. Even though the concentration of COy (approximately 12
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Table 14
Antributes/capabilities of the different factorial methods
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Jmrnal of Greenh

Selected methods
Lang Eactor

tiributes /capabilities
Recognized that all plant iypes cannot have the same installation factor.

Different installarion factors for solid, fluld, and salid-Auid processing plants.
Unidorm installation aceors, this is not realistic.

Hand Bactors

Considered that all equipment canmat have the same installation factor.

Instruments and indirect cost are not included.
Assigned different installation £acrors for each equipment type.
1 of g r

onesid,

d the

Percentage of delivered-squipment cost (Gerrard. 2000)

Recognized that all plant types canmot have the =.I'I1I.:1.I’L':I'.l|.h[|m fartor.

Different installation factors for solid, fluid, and solid-fluid processing plants.
Unbform installation Ectors, this is not realistic.

Percentage of delivered-squipment cost [Smath, 200%5)

Recagnized that all plant types canmot have the same installation factor.

Dfferent installation factor for solid and fuid processing planis.
Assigned different material factors to different squipment.
Unidorm installation aceors, this is not realistic.

Applicable i only new plants.

Percentage of delivered-squipment cost (Sinnot & Towler,
200
BEC (Nwaocha e a

stainles steal

Only considered the material of equipment manufactharing.
Uniform installation Gctors, this (s not realistic.
Mo information abowt the effect of materlal of consinaction on the |

llaticn Gactors. All was in

Unbform installation Ectors, this is not realistic.

EDF method

Recagnizes that all plant types should not have the same installation factor.

Different installation factors for solid and flukd processing plants.

Accounts for different material of equipment manufacturing.

Accounts different plant constnaction characteristic faciors{POCE)

Installation factars are more detailed for both direct and indirect costs.

Treats every piece of an squipment as a separaie project.

Each plece of equipment bas its own installation factor based on the cost of the equipment.

A very expensive plece of equipment has lower installation factor and a less expensive piece of equipment has high
installation facior, this is realistic.

The installation factors are regularly updated based on the sconomic realities like inflation and experience from
full plant constrnsction or modification projects.

Emphasis on individisal equipment for cost optimisation.

The contribution of each egquipment is known, so, attention can be given to the ones with the highest costs, to find
ways 1o reduce the cost if possible.

Ability to perform techno-economic assessment of new planis, new technalogies, extension (modification) projecis
for an existing plant, smiall plants or packages, and brges plants.

malets) and the capture rate are higher, the results are almost the same.

The process specifications applied in this work are the same as in 01
[2007). The only difference is in the number of stages in the absorption
and desorption columns. In this work, 15 and 10 equilibrium stages of
abzorption and desorption columns respectively were specified based on
the Reference (Aromada and (4, 2017). The equilibrium stages in the
absorber and desorber in ¢4 (2007) are 10 and & respectively. The
simulated heat requirements by the rebaodler in this work is merely 1.6%
higher than the value calculated im ©il (2007].

The heat consumption by the reboiler caleulated in this study is only
0.8% less than the value in (Nikolett Sipocz and Tobiesen, 2012). The
simulation results obtained in this work are therefore satisfactory and
reliable for practical techno-economic analysis of the amine-based G0y

CApIUre Process.

4.2, Capital cost estimates from EDF method

Having validated the simulation results, capital cost estimation (total
plant cost]) of the COz capture process was conducted, first by using the
Enhanced Detailed Factor (EDF) method. Since the EDF method treats
each equipment s a separate project, the installed cost of each equip-
ment was estimated. The distribution of the TPC to the main plant
equipment are presented in Fig. &, and more details are given in
Table 12, Fig. 4 illustrates that the EDF method is based on estimation of
individual equipment installed cost, thereby revealing the influence of
each equipment on the TPC. The absorber, lean/rich heat exchanger and
compressors are the three most expensive equipment in this OO, capture
process. The most expensive equipment can be given maore attention, to
optimise them. Most of the other factorial methods in literature apply &
uniform factor on the sum of the equipment purchase cost. The cost
contributions of each equipment are often concealed when estimates

with these methods are presented.

Table 12 is not just meant to present the capital cost estimates, but it
illustrates how the EDF method is implemented (See steps 1 - 12 in
Section 2.5). Step 8 was not implemented here but in Section 4_6. Steps 5
and 4 are represented in columns 1 and 3 respectively. Step 6 is illus-
trated in columns 4 and 5, but in this work, it also includes column &
because up to 2018, the installation factors of the EDF method were in
MNorwegian kroner, so currency conversion from Euro to Norwegian
kroner (MWOK) was necessary. Equipment costs in other currencies like
USS will still need to be converted to £ in the updated list artached as
Table C2 in Appendix C. Columns 7 and 8 demonstrate step 7 and 9
respectively. Column 8 is estimated using equation (6) or (7). S0, the
piping factor for each equipment needs to be obtained from the EDF list
of installation factors. The equipment factor is always 1. Columns 9, 10
and 12 illustrate steps 10, 11 and 12 respectively. Since the equipment
purchase costs were in Euros (£) and some equipment requires mare
than one unit, column 11 was added to show the total purchase cost of
each equipment in Euros.

4.3, Comparison of capital costs from different methods

In order to illustrate how the installation factors and details
considered in the different selected factorial methods affect the total
plant cost (TPC), TPC was estimated from all the methods based on the
same process and the same total equipment purchase costs. For the Lang
factor method, the percentage of delivered-equipment cost in [(Gerrard
(2000) which is the same as in Peters et al. (2004 ), and the Bare Erected
Cost (BEC) module method in Mwaoha et al. (2018), no other detail
except the uniform installation factors are applied. The total plant costs
are estimated by multiplying the total equipment costs directly with a
uniform factor irrespective of the material of construction, type of
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equipment and cost of & unit of equipment.

For the percentage of delivered-equipment cost factorial method in
Sinnott and Towler (2009) and Smith (2005), an extra detail of material
aof equipment construction is considered. The material factors in Smith
[2005) are much higher than for any of the method that considers ma-
terial of construction in this work (see Tables 4-6). Different material
factors are also specified for different equipment. The Hand Factor
method consists of two exira levels of details: each type of equipment is
assigned an equipment factor and material of equipment construction is
also considered and the final installation factor is estimated as done in
Eq. (7)) (Sinnott and Towler, 2009). The Hand factor method does not
include instruments and indirect cost, and even in this work, they were
not included to the Hand Factor method estimates. So, the estimates
using Hand Factors should be higher to some extent, if the instrument
and indirect costs are incloded. However, piping factors were also
applied to estimate the final installation factors for equipment in 58
while using Hand factors and the selected methods in (Sinnot and
Towler, 2009, Smith, 2005). In the EDF method, the purchase (deliv-
ered) cost of each unit of equipment determines its installation factor
and sub-factor (See Tables C1 and C2 in Appendix C).

The estimated TPC and the ratios between the total plant costs and
total equipment costs using the different methods are compared in
Fig. 5. The TPL estimates from the other three methods (Gerrard, 2000;
Lang, 1948, Mwaoha et al., 2018) are much higher than the estimates
from the four other methods that included more details. The capital cost
estimate from the percentage of delivered-equipment cost factorial
method in Gerrard (2000) gave the highest estimate. That is followed by
Lang factor estimate. The TPC estimate using percentage of
delivered-equipment cost factorial method in Smith (2005) has the
lowest capital cost estimate, only approximately £1 million less than the
capital cost estimate from the Hand Factors method. The very high
material factors and details in Smith (2005) are responsible for the
relatively very low estimates. This is because most of the equipment is
assumed to be manufactured from stainless steel. Therefore, the total
equipment costs in 55 are required to be converted to their corre-
sponding costs in CS (resulting in very low costs in C5) before applying
the final equipment installation factors.

The capital cost estimates from the three methods based on & uniform
factor are about 31% to 54% higher than the TPC estimate using the EDF
method. The total plant cost estimated using percentage of equipment
delivered cost factorial method in Sinnott and Towler (20049] is 10 %
higher than TPC estimate from EDF method. While estimate of TPC from
EDF method are 3% higher than the capital cost estimates using both
Hand factors and percentage of equipment delivered cost factorial
method in (Smith, 2005).

Further analysis was done for the four methods that included some
details. An average overall final equipment installation factors was
estimated for each method. The total equipment costs (TEC) were
multiplied by the average installation factors to generate new capital
costs. The results are compared with the original total plant costs in
Fig. & The TPC estimates using average of the final installation factors in
the EDF method increased by €58 million to €247 million. This is
because, in the original capital cost estimate from EDF method, instal-
lation factors for the less and the least expensive equipment are rela-
tively very high. That made the average final installation factor high.
This is very significant which indicates that average factors do not
represent reality as hinted by Smith (2005). Gerrard (2002) stated that
detailed factors and sub-factors improve the accuracy of capital cost
estimates. All et gl (2019) emphasized that the EDF method provides
cost estimates with high accuracy at the early stage of projects. Hand
factors and percentage of delivered-equipment cost factorial method in
Smith (2005) alsp increased by €7 million and £14 million respectively.
The increase in TPC in the case of Smith's percentage of
delivered-equipment cost is far less than in the case of the EDF method.
This is because of the very high material factors for equipment con-
structed in 88. In EDF method, 1.30 and 1.75 are the material factors
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used to convert equipment costs in 58 machined equipment and in 55
welded equipment to their corresponding costs in C8 (see Table 4)
While in the percentage of delivered-equipment cost in Smith (2005),
the material factors to convert equipment costs in S5 to their costs in C5
are 2.9 for shell and tube heat exchanger, 3.2 for pressure vessels, and
3.4 for other equipment. These high material factors make the resulting
costs of equipment in C5 which is multiplied by installation factor(s) o
obtain the TPC very low (see Table ).

It is important to note that the ratio of total plant cost (TPC) to total
equipment cost (TEC) is not the same as the installation factors for the
four methods that included some details. This is because other sub-
factors like piping sub-factor were included in the final installation
factors for the equipment manufactured from 55 The more details
considered in the factors the more reliable the capital cost estimates
should be. Where the equipment required for & particular process plant
are few, and if they are manufactured from the same material and with
equipment costs that are relatively close, the average factor method
estimates may be encugh. However, where there are differences in
material of construction and large difference in the cost of equipment,
they may not give accurate or reliable capital cost estimates.

4.4 Impacts of differens insralladon factors on equipment nstalled costs

The effects of equipment installation factors of the different methods
on individual equipment with different purchase costs and material of
construction are illustrated in this section. Three sets of equipment in the
list of the equipment in Table 12 were selected for analysis based on
their installed costs. They were categorized as most expensive in Fig. 7,
expensive in Fig. & and less expensive in Fig. 9. These figures display
baith the total equipment cost (TEC) and the installed costs.

The method of percent of delivered-equipment cost in (Smith, 2005)
has the lowest estimates for all the equipment in the three categories,
except for the compressor and flue gas fan where the estimates using
Hand factors are the lowest due to the very low installation factor of 2.5
for these equipment.

Generally, the most expensive (Fig. 7) and expensive (Fig. &)
equipment show almost the same trend as in Fig. 5, and also except for
the compressors and flue gas fan for the Hand Factors which have a very
low equipment type installation factor of 2.5, This is just a little abave
half of the uniform installation factor of the method of percent of
delivered-equipment cost in (Gerrard, 2000) and Lang Factor for a fluid
process. The equipment installed cost estimates of the EDF method, the
Hand Factor method and percentage of delivered-equipment cost
factorial methods in (Sinnott and Towler, 2009, Smith, 2005) that
included some details are lower than those of the three methods based
on uniform or average installation factors (Gerrard, 2000; Lang, 1945,
Mwaoha et al., 20018

The EDF method equipment installed cost estimates are some of the
lowest for the most expensive and expensive equipment categories.
However, the EDF method estimates are among the highest in the less
expensive equipment category. These reveal the response of the EDF
method installation factors to the cost of each piece of equipment, which
is maore realistic. That is why the EDF method is appropriate for both
capital cost estimation of new plants and modification projects (concept
screening and study estimates). This is an important advantage of the
method. Anyone irrespective of experience can use the EDF method to
obtain very good capital cost estimates. As new technologies and in-
nowvations in carbon capture technologies continue to emerge, they will
require techno-economic assessments.

4.5 Owerview of installarion factors of differens methods on each piece of
EfLipment

The Hand installation factors and the installation factors of per-

centage of delivered equipment cost in Sinnott and Towler (2009) and
Smith (2005) are compared with the EDF method installation factors
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both in C§ and in 85 for all the equipment as shown in Figs. 10-12. For
both the EDF method and the Hand Factors scheme, the installation
factors can straightforwardly be applied on each piece of equipment. In
the case of percentage of delivered-equipment cost in Sinnott and
Towler (2009) and Smith (2005), the uniform installation factor is
applied on each piece of equipment in CS. For equipment in S8, the
necessary conversion using individual equipment material factor in
Smith (2005) and general material factor in Sinnott and Towler (2009),
and average piping factor were implemented for each equipment.

The different installation factors for all the equipment in each
method are linked with lines to clearly distinguish them. The upper lines
represent the equipment installation factor for each piece of equipment
in 55, and the lower line is for each piece of equipment in C8. The
overlapped installation factors indicate where the equipment is manu-
factured in CS. In Fig. 10, both lines/trends in Hand Factors show the
response of each piece of equipment to the individual equipment
installation factors. In the EDF method, the installation factors respond
to the cost of each piece or unit of an equipment.

In Fig. 11, the line of installation factors for equipment in CS for
percentage of delivered equipment costs in Smith (2005) are in straight
line, which indicates a uniform or overall installation factor. For each
piece of equipment in 55, there are differences in the final installation
factors, which illustrates that there are different material factors for
different equipment. It can also be observed that for this method, the
installation factors for equipment in 55 are higher for expensive equip-
ment (like absorber, lean/rich heat exchanger and DOC unit) than for
those of EDF method. They are less than those for EDF method for 55
equipment that are less expensive like the intercoolers. The installation
factors in 55 in this method and EDF method owverlap for the five
separators.

Sinnort and Towler (2009) in Fig. 12 shows a uniform installation
factor for equipment in both C5 and 55 for percentage of delivered
equipment cost as evident by the straight lines. This is because the same
average factor in C8, the same material factor and the same piping factor
are applied. Therefore, their total plant cost estimate is higher than es-
timates from the EDF method, Hand Factors and percentage of
delivered-equipment cost in Smith (2005) The only improvemnent in the
method is recognition of material of equipment construction.

These figures indicate that the equipment installation factors in the
EDF method respond better to equipment costs, which is more realistic
(Smith, 2005). The EDF method ensures improved capital cost estimates
and offers the advantage of application for capital cost estimation for
both new plants and modification projects.

4.6. EDF method plant construction characreristic factors (PCCF)

To account for the uniqueness of a construction project, we have
introduced “plant construction characteristic factors (PCCF)" (See
Table 2). Therefore, the EDF method presented in this work makes use of
both installation factors/subfactors (Tables C1 and C2 in Appendix C)
and plant construction characteristic factors. It is important as the
conditions one will meet in different projects or at different locations
due to weather, site and even availability of structures or instrument
may be different.

A study of the effect of the POCF in respect of civil engineering works,
structures and building subfactor (direct cost and engineering cost) was
conducted, and the results are presented in Fig. 13, For situations where
no building is required, where the installed equipment is open on ground
or open in a structure, the base case's total plant cost will decline by
2.3%, 1.8% or 0.6% respectively. Situations that need insulated closed
structure(s) or where more than the normal ground preparation with
piling is required, the effect is 2% or 5% increase respectively in the total
plant cost. These are significant since the total plant cost is abowt £190
million. These extra factors enable EDF method to give capital cost es-
timates adapted to different silations.
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4.7 Impacts of the different capital cost estimation methods on economic
performance

To obtain different capital cost estimates for each method, analyses
were conducted for four different OO capture plant scenarios. The anly
difference in the four capture plant scenarios is differences in the min-
imum approach temperature (AT ) of the lean/rich heat exchanger.
The first, second, third and fourth scenarios have a lean/rich heat
exchanger with a AT, of 5°C, 10°C, 15°C and 20°C respectively. The
capital cost of & solvent-based OOz capture plant varies with the AT, of
the lean/rich heat exchanger of the process. The lower the AT, the
higher the capital cost; the cost of the heat exchanger network doubles
by reducing the AT from 10°C to 5°C (Aromada et al., 2020b; Eimer,
20143 Karimi et al., 2011). And that has a substantial impact on the total
plant cost.

Fig. 14 presents the capital cost estimates from the different
methods. The EDF capital cost estimates are close to the other two
methods that included some amount of details. That is Hand Factors that
have specific equipment type installation factors and consider material
of construction; and the percentage of delivered-equipment cost in
Smith (2005), where different material factors are specified for different
equipment. The lower the capital cost (the higher the AT, ) the closer
the capital cost estimates of these three methods. In fact, for the AT, of
5°C, 10°C, 15°C and 20°C investigated, Hand Factors capital cost esti-
mates are 3.6%, 2.5%, 1.8% and 1.4% respectively less than the esti-
mates of the EDF method. In the case of Smith (2005], they are 5.1%,
2.9%, 1.5% and 0.7% respectively less than the TPC estimates using EDF
method.

Om the other hand, the four other methods maintained approsd-
mately the same gap between each other. In the case of Sinnott and
Towler (2009), for the AT, of 5°C, 10°C, 15°C and 20°C examined, the
TPC estimates are 9%, 11%, 11% and 12% respectively more than EDF
method estimates. The TPC in case of Mwaoha et al (2018) are 30%,
31%s, 32% and 32% respectively more than the estimates using the EDF
method. Lang Factor capital cost estimates exceed the estimates of the
EDF method by 44%, 45%, 46% and 46% respectively. While in Gerrard
(20007, the estimates are 53%, 54%, 55% and 56% respectively maore
than EDF method estimates. These illustrate that the changes in some
major equipment costs, which led to reduction of TPC due to increase in
AT from 5°C to 20°C do not have any significant effect on the
equipment installation factors. Mevertheless, these four methods do not
show any considerable response beyond merely reducing the total cap-
ital cost at & constant rate because they are based on & uniform or an
average overall plant's installation factors.

The fixed operating costs and variable operating cost were also
estimated to assess the effects of the different methods on the carbon
capture cost. The resulting €O, capture costs from the different methods
range from €68 — ER5,/1009, €66 - €81,/100g, €66 - €74,/v007 and €67 -
£79,/100, for the 5°C, 10°C, 15°C and 20F C AT, scenarios respectively,
as can be observed in Table 13 and Fig. 15. The book of Gerrard (Ger-
rard, 2000) presented many methods. For readers to be sure of the
method in (Gerrard et al, 2000) examined in this work, [%DEQ] is
added to the description of the methods based on percentage of
delivered-equipment costs in Table 13 and the tables attached in the
Appendix. [BEC] is added to Mwacha et al. (201 8) method to show that
it is based on Bare Erected Cost scheme. The method of percentage of
delivered-equipment cost in Smith (2005) estimated the lowest COz
capture costs in the 5°C and 10°C AT, scenarios at which the capital
costs are higher. The Hand factors method estimated the least COz
capture costs in the 15°C and 20°C AT, scenarios. All the methods
estimated their cost optimum to be the plant scenariowith AT of 15°C
as it can be seen in Fig. 15. The specific heat consumption by the reboiler
at the cost optimum is 3.9 GJACOz. In recent studies, a minimum
approach temperature of 15°C was also estimated as the cost optimum in
a process of C0g capture from cement plant's flue gas (Aromada er al.,
2020b)L
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The range of the OOy capture costs estimated by the different
methods in each AT scenario is significant. The method employed for
estimation of capital cost will have a large impact on the economic
analysis results obtained. This is also important when making compar-
ison with other studies. The total annual costs and CO; capture costs
estimated using the EDF methods are closest to the estimates of Hand
Factors and the method of percentage of delivered equipment cost in
Smith (2005). The estimates of the three methods that included more
details, which are the EDF method, Hand Factors and method of per-
centage of delivered equipment cost in Smith (2005) are close. The
closeness increases as the minimum apg h temperature d
The other four methods maintain approximately the same gaps among
them across the four ATwe investigated. This is because the equipment
installation factors of Lang Factor, percentage of delivered equipment
cost method and BEC module method are usually fixed except when
some details are introduced as in Smith (2005) where material factors
depend on equipment type, and in the Hand Factor method where the
installation factors depend on the type of equipment. The EDF instal-
lation factors respond to the cost of each piece of main plant item,
therefore, accuracy of estimates will likely be higher.

According to Carbon Capture and Storage Association (2011), the
power industry’s carbon capture cost range is €60000; — £904C0,.
Specifically, Rubin et al. (2015) put this range for CO; capture from

natural gas combined-cycle (MGCC) power plant's exhaust gas in 2013
constant dollar at US$48,/000; — USE111 /100, (£45/000; - €104,/4C0,,
adjusted to 2018 and converted to Euros). They stated that the repre-
sentative value in 2013 is US$74,/1C0 (69200, adjusted to 2018 and
converted to Euros). As can be seen in Table 13, the minimuom COz
capiure cost estimated in this work is £66,/000; by Smith (2005), Hand
Factors and EDF method, which is for the 15°C AT plant scenario.
‘While the maximum capture cost is £85,100; by Gerrard (2000), and it
is for the 5°C ATws plant scenario. Even though there is a wide differ-
ence between £66,/1C0z - €85/1003, the values are within ranges in
literature. These wide differences in capture cost reflect the dissimilar-
ities in the method applied for cost estimation, the scope of the analyses,
and the underlying assumptions (Al et al., 2019). This work is con-
cemed with the methods used for cost estimation, and the results so far
hawve revealed that differences in the method used for cost estimation,
due to the installation factors could also cause a wide difference among
estimates. Yet, cost estimates from the more detailed methods, which
hawve installation factors that depend on the cost of the equipment or on
the type of equipment, and material factors that either depend on mode
af construction (welded or machined) or on the type of equipment are
relatively close. The cost estimates from the methods that are mainly
based on application of & uniform installation factor on all main plant
equipment vary much. This difference in the cost estimates is vital when
assessing the feasibility of a project or technology, and it emphasizes the
significance of guaranteeing the consistency and transparency in cost
estimations (Ali et al., 2019).

4.8, Sensitivity of OOy capiure costs to CAPEX from the dijfferent methods

Further sensitivities of the capital cost estimates from the different
methods were also conducted to evaluate their impacts on the COz
capiure cost estimated by each method. The sensitivity estimates where
compared with the EDF method's original COz capture cost estimate
from the base case plant, with a lean/rich heat exchanger which have a
ATwi of 10°C. Since the seven methods investigated in this work fall
mainly under the class 4, though the Lang Factor is under Class 5 of the
AACE. dassification, the error margin for Class 4 is -30% and +50%%
Bredehoeft et al. (2020). Therefore, it is justifiable to base the sensitivity
analysis on a probable range of -30,/+50%.

In case of 30% decrease in capital cost, the OOz capture cost esti-
mated using the EDF method will decrease from of €67 /0005 to about
£60,/tC03 as can be observed in Fig. 16. A decrease of 30% in the capital
cost estimates of the method of percentage of delivered-equipment cost
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in Gerrard (2000) and Lang Factor will still give a OOy capture cost
above the original estimate of EDF method. For the BEC module method
in Mwaoha er al. (2018), a 30% decrease in capital cost results to
€2/100 less than the original EDF method capture cost. In the case of
Sinnott and Towler (20049), it is around £6/1C0; less than the original
EDF method estimate. The Hand Factors and Smith (2005) show an
€8,/ 100 less than the original C0; capture cost from the EDF method, in
case of 30% decrease in capital cost.

Om the other hand, if 4 50% increase in capital cost ocours, the EDF
method OOz capture cost will increase to almost £80/1C02, which is
about €13/000; increase. The capture cost estimates of the other six
methods will be about €124005, 124005, €17/4000,, €24,/4000,, €30/
100z, and £33/tC02 above the original estimate by EDF method. These
also reveal that the estimates from the methods based on a uniform
installation factor vary much due to the different average values
assumed. Even though the uniform installation factor in Smith (2005) is
4.8, which is very close but slightly higher than the Lang Factor, intro-
duction of equipment types specific material factor made its estimates
far less than those of Lang Factor and even estimates using Sinnott and
Towler (2009) and Mwaoha et al. (2018). The original capiure cost of
each method is signified by a short black thick vertical line in Fig. 16, In
all the estimates and sensitivity analysis in this work, the estimates of the
EDF method, the Hand Factor method and Smith (2005) are close which
indicate that methods that involve more details may give estimates that
are relatively close.

4.9 Summary anribures or capabilities of each method

The general attributes or capabilities of each method are summarised
in Table 14.

5. Conclusion

This work highlighted the capabilities and suitability of the EDF
method for initial capital cost estimation of different types of projects,
and different plant construction characteristic situations. The effects of
the installation factors of different fectorial cost estimation methods on
the capital cost (total plant cost), and on the overall capture cost of an
amine-based C0z capture plant were evaluated. The EDF method esti-
mates are relatively close to the estimates using percentage of delivered
equipment cost in Smith (2005) and Hand Factors. The estimates of the
other methods that are mainly founded on uniform or overall plant's
average installation factor were much higher than estimates from the
EDF method, Hand Factor method and percentage of delivered equip-
ment cost in Smith (2005). This indicates that applying a uniform
installation factor on all main plant items will likely lead to errors. &
very costly equipment could be ower-estimated and less expensive
equipment could be underestimated. In addition, disregarding to prop-
erly correct equipment installation factors for materials of equipment
construction is one of the main causes of error with the factorial capital
cost estimation methods.

The EDF method treats each equipment as a separate project and
highlights equipment that requires cost optimisation. The subfactors and
total installation factor of each piece of equipment depends on the cost
of the equipment. The higher the cost of any piece of equipment, the
lower the installation factor and vice versa. This is more reasonable than
applying & uniform installation factor on all main plant equipment
irrespective of the cost of the equipment. That is why the EDF method is
also suitable for capital cost estimation in modification projects.

Aspecial set of factors referred to as plant construction characteristic
factors (POCF) were also introduced, to account for projects with
different characteristic situations, for example, adverse weather condi-
tion, reuse of already owned main plant item, ground preparation which
involves piling or other situations. The EDF method is regularly updated
to reflect current realities. Anyone irrespective of experience can use the
EDF method to obtain good capital cost estimates.
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In & base case plant scenario, a OOy capture cost of €67/1C0; was
estimated using the EDF method. Hand Factors also estimated of €67/
00, while of £66,/1C00; was estimated using the percentage of deliv-
ered equipment cost in Smith (2005). The base case estimate using Lang
Factor is €79,/tC0;. The percentage of delivered equipment cost method
in Gerrard (2000) and Peters et al. (2004) estimated the highest capital
cost and & capiure cost of £81,/100; in the base case scenario.

All the methods caleulated the cost optimum ATwge in the lean/rich
heat exchanger to be 15°C. However, the EDF method, Smith's per-
centage of delivered equipment cost and Hand Factorial method esti-
mated approximately the same carbon capture cost for the cost optimum
ATgin to be £66/1C0;. The other four methods estimated it to be
£69-79,/0005.

The EDF method's layout makes the estimates more transparent, and
it becomes easier to communicate between the cost estimator and the
process developer. That is, this method is very good during the process
development because the process engineer can see the effect of his
choices very quickly.
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Appendix A

Fig. Al

Fig. Al. Aspen HYSYS process flow diagram of the CO; capture plamt

Appendix B

Table B1-B4

Table B1
Totial plant costs (TPC)CAPEX From different methods, having fixed ube-sheets shell and ube heat exchangers as the lean/rich heat exchanges with a designed AT, of
5°C
Equipment Mlat. Equip. size/ wnit Total plant cost (TPC) form different methods
Diameter  Height  Nes.  Equip. EDF Hand Smith Sinnodt & Nwaaha Lang Gerrard
Cost method  faciors (2005) [% et al. (2018)  Eector (2000 [%
DE] [BEC] DEg]
m m MIE
DO undt shell 55 13 15 1 255 B LR [ZEh B9l 10890 1210 1280
DOC-unit 55 13 4 1 202 B3 TS 53 Fa5 Bl .57 10a7
packing.
Absorber chell 55 12 Al ¥3 471 2455 3red Ih1E ek e ) i 44,65 4752
Ahsorber 55 12 15 2 554 0.0 347 58 . 47.32 52.53 5580
packing
Desorber shell 55 7T 22 1 137 L] 478 anh 4.TH SAL BAy 050
{covtinued om next page)
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Tahble B1 [comtinued )

Desarber 55 T bii] 1 1325 X 4.8 334 438 535 594 &3
packing
Condensace 55 zH 45 1 [+ Ei OL7% .56 [rE k] 050 (R0 orFr nEl
SEparainT
Separator 1 55 & ay 1 o1 053 0.8 02y 038 (LR 051 54
Separator 2 55 1.8 5.4 1 oz il 043 033 o3 053 oS54 &3
Separator 3 55 1.4 43 1 o3 [E 2} LU 1) 035 (1) 050 (LW i
Separator 4 55 1 a1 1 e OL7h 0.54 [ ¥ 054 DUl o7q .78
Heat
transfer
Area,
DCC coaler 55 ey 2 030 Zab 22 197 4y 204 338 15
Leany/rich HX 55 w1 34 050 0 5442 i) G478 BLGES P64 b iy
HReballer 55 E2H 3 D50 530 AnE 417 530 [EEk T.14 7.549
Caondenser 55 n: 1 o3 [E 2} .41 030 (1) 050 (LW i
Lean MIEA 55 541 2 1 165 1.9 1.75 21 270 99 318
coaler
Imtercoaler 1 55 91 1 U0 o3g .19 o1y 023 27 O3 1R |
Interconler 2 55 B3 1 U0 {1 x .19 o1y o021 026 o2y 30
Indercoaler 3 55 B 1 L (ke 0 018 o322 oIy O30 032
Imtercoaler 4 55 136 1 oI (1R ) 0.3z 028 030 [LEE} ey 52
T-Cooler 55 40 1 ooz 014 our (L D0 (e L1 a1l 12
Caondensabe 55 Bhl 1 (k) 1.500 L35 120 151 1485 206 19
coaler
Flow, m’/h Fower,
Ew
Flee gas fan &5 1334 3991 2 13% 123 hu3 13.30 109 11.84 13.14 1297
a2
Ciompressor 1 &5 4 E2H 300 1 4407 118 19.54 1629 17.39 19.30 Fi Y
Compressor 2 &5 18 422 2908 1 e 5492 137 948 1012 11.23 1194
Compressor 3 [ B30 2783 1 151 T F2A5 Bl BAL [ Tl
Compressor 4 &5 154 2 508 1 1.78 .44 B53 T.11 T5% B4l .54
Flow, L/ Power,
Ew
DO pamp 55 183 A0 1 a5 LNy 299 123 99 a5 4.05 4.31
Rich pump 55 (i) 200 1 [h 1 [h e o5l Dbl [EE_E ) oa3 L]
Lean pamp 55 B2y 252 1 023 1.1k 0.0 (R [LE- 1] [ 108 1.15
CW pamp 1 &5 A7 a4 1 o1 oLET .44 (R (L} a7 (1R 55
CW pamp 2 (=1 i 131 1 [ L (X .41 (=21 o4l (L [ 52
CW pamp 3 &5 SO ] 1 [N 3 OL75 0.49 (R [ 053 [h- ) B2
CW pamp 4 &5 plii] 1.3 1 oo OLLE Likiry ooy oy oy oog LT
CW pamp 5 &5 95 1.3 1 (L1 OLLE Likiry ouog oy oy oog L]
CW pamp & &5 plii] 1.3 1 oo OLLE Likiry ooy oy oy oog LT
CW pamp 7 (1 148 2 1 a3 024 011 o3 o1 il oz ®13
Tpumip &5 n 0.3 1 a1 o4 004 oas oo g oas .05
O, pump 55 105 57 1 e OLE3 a.57 [k o5y (ke ) orFr B2
Total Eﬂlﬂt Z15.50 204.12 Z0dLEZ Z35.0b ZHOLIL 054 33062
cost (TPC)
20
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Table B2

Total plant costs (TPC)ACAPEX from different methods, having fixed mbe-shests shell and tube heat exchanger as the lean/rich heat exchanger with a designed AT qy, of
10°C

Euipment Mat.  Equip. sizes unit Tatal plant cost (TPC) form different methods
DMameter  Height Nos.  Egquip. EDF Hand Smith Sinmotr & Mwaaha et al. Lang
Cost method factors (2005) [% Tow ¥ (2018 [BEC) Eactor
DEg]
m m ME
D undt shell 55 13 15 1 i1m5 B 2491 Bl a2.491 10.90 1210 1286
Dl 55 13 4 1 am B34 T3 539 TO5 Bl 57 1oy
packicg
Ahbsorber shell 55 1z 410 2 4.71 2455 Ak FLR L 3xr9|a 4.2 44.69 4752
Absorher 55 1z 15 2 554 OB 3870 2958 3870 47.32 52.53 5580
packicg
Desorber sheell 55 7.2 n 1 1.40 4.41 450 i 490 599 Bl .07
Desorber 55 7.2 10 1 131 4.11 457 3.49 4.57 559 B2 0
packicg
Condensate 55 ) BS 1 14 Ty 0.56 43 0.56 D L7 LBl
sEparabar
Separator 1 55 232 LRy 1 ®11 053 038 .23 0.38 (LR o5l 54
Separator 2 55 1.8 54 1 12 sl 0.43 a3 0.43 053 osY B3
Separator 3 55 1.4 42 1 ®13 Dt 0.4 35 .45 056 s iy
Separator 4 55 1 al 1 14 L7 0.54 42 0.54 DUl o7 .78
Heat transfer Area, m*
ML cooler 55 L 2 34 Z4b 12 197 249 204 338 159
Leamn/rich HX 55 w97 20 50 us a5.07 nzxs 3441 448.19 53.50 S6.8H
Rebailer 55 B 3 52 536 4.82 4.30 542 Bl T3b 7.2
Condenser 55 a4 1 ®13 [1T:¥3 039 35 .44 054 Oty =4
Lean MEA 55 Tlb 2 nar 57 in 108 260 e as1 i
cooler
Imterconler 1 55 wl 1 08 038 a1s 017 27 030 3
Imtercooler 2 55 B3 1 08 o3r a1s 017 026 o2y .30
Interconler 3 55 His 1 08 03y 020 18 27 o3 1R
Imterconler 4 55 134 1 10 051 0.3z .23 [LEE} ey 52
T-Cooler 55 4o 1 2 [k Liirg .0 (R i) o1l 12
Condensate 55 ™2 1 3 133 10 107 145 1483 1.54
coaler
Flow, o1’ /h Pawer, kW
Flue gas fan 5 1134 39 2 1.7 123 huy3 1330 11.089 1184 13.14 13897
ko r
‘Compressor 1 (1 a6 790 A 1 4.07 1462 18 1954 1629 17.39 1930 sy
Compressor 1 (= 18 407 29T 1 b r g BS51 5492 1137 9.48 1012 11.23 11.94
‘Compressor 3 (1 L) v ZTHT 1 151 542 arr ] LN BAk Tl 7Bl
Compressor 4 (= 2152 2 504 1 1.78 B34 4.44 B.53 711 T5Y B4l .54
Flow, L/s Paweer, kW
DI pump 55 1813 4 1 g5 320 99 i 299 ams 4005 4.31
Rich pump 55 o4 o8 1 20 104 o9 =1 n.e9 [EE_L 93 e
Lean pump 55 ] 54 1 1] 117 .80 0 .80 nag 109 114
W pump 1 (1 T B4 1 11 &y 044 =3 .44 ey osx 55
CW pump 2 (= Ho2 121 1 na7 105 069 B3 0.69 (el [LE. +] BT
TW pump 3 (o= 554 B 1 k10 oAl .40 48 .40 o4z o4 50
CW pump 4 (= 10 13 1 2 1k £i) Liirg n.0H Liirg ooy ouog .0
TW pump 5 (o= k<] 13 1 A2 (B [ anT Ah0E L1 Xy [Eil. Y ouoH o=
CW pump & (= 10 13 1 2 1k £i) Liirg n.0H Liirg ooy ouog .0
W pump 7 (o= 148 z 1 i3 024 1o 13 1o a1 oz 13
T-pamp (= ] 03 1 a1 [k L2 .05 004 g ouas .05
O pump 55 105 537 1 s [Ek 057 43 [1 By (e ] oTFr hEZ
Taotal plant cost (TPC) 189.32 184.60 1E83.88 20007 24T.T0 ITALSh 29236
21
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Table B3
Taotal plant costs (TPC)/CAPEX from different methods, having fixed tube-sheets shell and mule heat exchanger &5 the lsm/rich heat exchanger with a designed ATy of
15°C

Equipment Mat.  Equip. size/ unit Total plant cost (TPC) form different methods
Dlameter  Height Nos  Equip EDF Hand Smith Sinpait & Mwaoha et al. Lang Gerrard
Cost method factors g H018) [BEC] Eactor (0] [
m m ME
DCC undt shell Y 13 15 1 .55 Hqo2 B9l [EE_h 291 10.50 1210 1286
DCC-unit By 13 4 1 24 . Fas 5345 705 B2 a5y 1y
packing
Ahbsorber shell pi1 1z Al 2 471 24.55 cvd o) 516 g3 i, B 44,69 4751
Ahsorber Y 1z 15 F3 5.54 ZH.584 38T .58 T 7. 52 52.53 5586
packing
Desorber shell pi1 T4 2 1 1.54 4.E3 536 4.1 5.3 (L85 728 774
Desarber pi1 T4 jii 1 B v 4.32 4.80 an7 4.80 SHT B51 693
packing
Caondensate pi1 1B 4.5 1 LiNY:) L] .50 a3 50 (LK) o7 E1
SEparainT
Sxparator 1 pi1 x2 a7 1 .11 .53 .38 o2y 3y OLdis 051 54
Exparator 2 By 1B 5.4 1 0.1z L 43 o33 k43 o532 054 ki3
Sxparator 3 pi1 14 4.2 1 013 0.4 [LE ] 03s hdd OLGE (LW i
Separator 4 pi1 1 a1 1 LiNY ) .74 54 [LE ¥ 4 (R L) (el T8
Healt tramsfer Area, m°
DO coaler f11 L F3 0.6 X 333 197 149 305 338 159
Leany/rich HX pi1 H95 1z 0.56 23135 .03 11873 FaN k] B rdirg 3410
Rehaller pi1 B34 3 0.53 5.49 4.494 4.41 5.54 i) 754 .02
Condenser Y 197 1 a1z .61 3% 034 43 Ou53 054 2
Lean MIEA pi1 3 2 .47 3.x4 191 2l 1z 400 4.45 4.74
coaler
Imtercoaler 1 pi1 wl 1 L) 0.3 1% o7 [ ) oar 030 3
Intercoaler 2 55 B3 1 Ll L1y LR E ) o 21 [ ) 2% 20
Imtercoaler 3 pi1 Hi 1 L) 0.3 20 1k B3 [ ) oar 030 032
Imtercoaler 4 pi1 134 1 1o 0.51 32 o2y 34 oud4 ey 052
T-Cooler pi1 4o 1 0.z .14 oy DU h0H ol o1l 12
Condensate By L 1 0.3 107 LI [E1 1.08 1.32 147 1.54
coaler
Flow, m'/h Power, kW
Flue gas fan = 1234 3991 F3 139 13131 n93 13.30 11.0% 11.B4 1314 ey
o
Compressor 1 = i 74O 2990 1 407 14.62 1018 16.29 17.39 19.30 ans:
Compressor 2 = 1B 407 2905 1 237 .51 592 H.48 10.12 1.3 1194
Com pressor 3 = 25 2785 1 1.51 542 el 04 BAs g £ Tkl
Compressor 4 = 2152 2502 1 178 h.2 4.44 BS53 1 7.59 B4l B9
Flow, L's Power, kW
DO pamp pi1 1823 Abd 1 085 3.5 99 2323 P AB5 4005 4.31
Rich pump By B0 T 1 0.0 0.9 ki [1E=3 ) kg OLB4 a3 LU
Lean pamp pi1 b4l 256 1 013 LI7 81 DUty LE1 R ) 1 L7
W pamp 1 = 4T a4 1 .11 .67 a4 053 44 (LI 052 55
CW pump 2 = o2 12 1 oir 1.05 LLLE [LE_ K} he9 74 [EE_ .3 LEF
CW puamp 3 = 55 L] 1 L1l 052 029 035 nFE o1 035 37
W pamp 4 = 100 1.3 1 0.0z .14 oy ouog o7 s ooy o
CW pamp 5 = k=] 1.3 1 0.0z .14 oy ouog o7 s ooy o
CW pamp & = 100 1.3 1 iz L] T OLOH o7 s [Eil. Y (O
CW pamp 7 = 148 2 1 003 0.24 11 o3 11 o1r o3 13
Tpumip = g a3 1 0.0 .14 04 s D4 [0 ) as 05
O pump pi1 105 537 1 LiNY ) 0.E3 57 043 57 o7 o7 B2
Total plant cost (TPC) 174.80 17163 17230 19451 229.80 ZEE.09 o I ]
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Table B4
Total plant costs (TPCR/CAPEX from different methods, having fixed tube-sheets shell and mube heat exchanger as the lean/rich heat exchanger with a designed A Ty of
e

Equipment Mar  Equip. size/ unic Total plant cost (TPC) form different methods
Diameter Height Mos.  Equip EDF Harad smithi Sinmaott & Lang Gerrard
Cost method factors { Torwles ) (2018} Eactor (200}
[%0Eg] (0]
M m ME
DEC undt shell 1 13 15 1 255 .02 8.91 h.El a2.491 1090 12.10 1286
DCC-unit 1 13 4 1 20z .34 7.05 5.3 T Bl .57 17
packing
Absorber shell = 12 a0 F4 471 2455 Jzxa3 2516 R A ] L oI i) 4465 4752
Absorber 1 12 15 z 5.54 28 Bh JBTD 29.58 3870 47.32 5253 55,80
packing
Diesorber shedl -1 74 a 1 1.58 4.95 551 4.21 5.51 (i} T.48 7.95
Desorber = T4 1o 1 1.44 4.54 5.04 3.B5 S0 BT BHS 7.28
packing
Candensate 1 8 85 1 0.1i Ty 050 .43 0.56 (L oFr a1
SEparatnr
Beparaior 1 = i BT 1 011 53 n3g L1 ] ais [0 051 54
Saparator 2 1 18 5.4 1 0.1z il 043 .23 0.43 053 059 a3
Separator 3 1 1.4 4.2 1 013 LULE LIE 0.35 0.4 (1R B2 il
Separaior 4 = 1 31 1 0le L) 54 .42 .54 sl 74 .7H
Heat transfer Area per unit, w
DL coaler 1 i z 035 P in 157 249 204 ais 159
Leany rich HDU -1 G B 0.57 1561 1408 1253 15.80 1932 Z1.44 T2 B
Rehailer = w4 a .55 L 513 457 576 T FHZE B3l
Candenser 1 \7 1 0.1z .58 037 .23 0.41 051 OLGE iy
Lean MEA 1 ol 3 035 a9 in 2.9 T4 4.57 07 539
coanler
Imtercoaler 1 = @1 1 Ll ey 38 w19 .17 0. oIy 31
Interconler 2 1 x| 1 0.0 a3y 019 .17 0.2 026 .30
Interconler 3 1 -] 1 0.0 3% 030 .18 0.1z a7 3z
Imiercooler 4 = 130 1 1o 51 a2 0.x 036G (L 52
TCoaler = &0 1 oz n14 o7 0.0 s iR L L8 b3
Candensate 1 b 1 0.ar 93 nE4 .75 094 115 1.36
coaler
Flow, m' Fower, kW
Flus= gas fan (=3 1234 391 z 139 1r31 693 13.30 11.089 11.84 13.14 1397
L
Compressor 1 [ =3 A T P 1 407 14.62 10018 149.54 16279 17.39 19.30 a5
Compressor 2 (= 18 407 2905 1 i r H.51 592 11.37 248 11z 1.z 1114
Compressor 3 (=3 LA tract 1785 1 1.51 5.42 ke 7.5 LA BAs Tl 741
Compressor 4 (=3 2152 2503 1 178 .38 4.44 8.53 7.11 759 B4z B.90
Flow, Lis Fower, kW
DOC pump = 1833 disd 1 (1R, 3120 159 B | 299 e 1.1 4.05 431
Rich pump 1 L2 aar 1 .19 L iy 0.51 .68 [Ek ) gz .98
Lean pamp 1 hil ash 1 0.3 117 0.E0 0.0 .80 o9y 109 116
CW pump 1 (= a7 H4 1 011 7T 44 0.s3 .44 oy OL5Z 55
CW pump 2 (=3 S 11 1 a.1r 105 LI 0.E3 0.69 [l 1. ¥-3 gy
CW pump 3 (=3 54 L] 1 Likiry 52 0.x 0.35 0.19 1) § o35 [ g
W pump 4 [ =3 1My 1.3 1 0.0z 1 0.o7 0.0 Lk ir g ooy s LR
CW pump 5 (= a5 1.3 1 iz LIS E o7 .04 LRy DL e i
CW pump & (=3 1My 1.3 1 0.0z 1 0.o7 0.0 L ir g oog s LR
CW pump 7 (=3 148 2 1 003 .24 011 .13 .11 ol o3 13
T-pump (= 22 3 1 o 14 .04 0.05 LS o4 s a5
O pumsp = 105 537 1 01E hH3 nE7 .43 .57 OT oFT hLH2
Total plant cost (TPC) 167.88 15549 166,68 187.56 21.30 245.60 261.20
Appendix €
Tables C1-C2a
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Table C1

Installation Factor Sheet for the period 2016-2018. Prepared by Nils Henrik Eldrup (USN and SINTEF Tel-Tek)
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Table C2

a

I Jourmacl of G

Gias Cowstrold 120 (2021F 103394

EDF method's Installation Factors Sheet for fluid handling equipment installation-prepared by Nils Henrik Eldrup, 2030 (USM and SINTEF Tel-Tek).

EDF method installation Bctors for fluld bandling equipment

Equipmient costs (C5) in 1000 £ [ L] 1k 20- 40 . -1 Tl - 32 - BAl - 1280 - 560 - 5130 -
20 Al HO 160 220 LS 0] 1280 I560 5120 10240
Equupment cost 104 Lo L0 1.00 L0 10 1.00 1.00 104 100y 1.00
Erection cost [ 033 0.2 20 Il [ 3 Lt .07 DL 04 o3
Piping incl. Erection 224 1.54 L1z 50 076 DLty 48 0.34 O3 23 19
Eleciro (equip. & erection) L7 0.59 0.51 a4 .38 03z z8 0.24 D20 18 15
Instrument (equip. & erection) 150 L3 .81 i 0.51 LR ) 32 0.25 D20 [ 1 12
Giropund work oIy o 018 15 013 o1 fitec] .08 ooy A 05
Sieel & comcrets [E. 1LY Ll 055 a7 .40 034 nFE 0.x4 D20 a7 n15
Insulation 028 .18 .14 11 Lilit ) (1L 05 0.04 a3 o o2
Direct coses 7.28 5.54 A.6T 3.97 3.4 296 259 230 206 1.8 1.71
Enginesring process (L} 0.ar 0.2 18 015 (1 b3 10 0.0 oar 0E .05
Engineering machanical o3z L) 011 AhiEH Ll E) oL o3 .03 oo A2 o1
Engineering piping a7 L) 0.3y 029 0.3 (1% B3 14 .11 s az .08
Engineering el 033 .30 015 12 a1 ooy o7 .08 oas od 04
Enginesring instr. (1R .36 0.7 0230 016 [ b3 10 .08 DU a5 04
Engineering ground (R Li s s i3 Kz ooz 01 .01 ool A1 01
Enginsering steel & concrete [ 0.1z Ll AhiEH Ll E) oL D4 .04 a3 i3 o2
Engineering insulation (i 004 003 2 .01 a1 o1 0.01 (L) 00 .00
Ergineering .70 L6k 1.27 099 0.7% 4 051 0.42 024 .28 023
Procuremsnt 115 0.3s .48 2y 0.4 oz ([hDsy 0.3 ool o1 00
Project control o4 e Ll LS Ll a3 o3 .02 ooz a1 o1
ESite management oar 018 0.3 .20 a1r s n13 .11 (1R i) LN 0
Project management 045 Q.30 0306 1 br] 018 s n13 .11 oL LR .0g
Admirdstration 210 104 103 LR 063 .45 034 027 e Re.ic .20 1B
Coam o ss| ool o3l 019 .14 11 e [EEa 05 .04 oas A2 o2
Tdentified ensts 12.48 343 711 B 4.91 4.10 349 3.0z 2ish 237 213
Contingency 250 Le9 1.42 1.20 .98 L.+ 1] .50 053 47 43
Installation fsctor 2020 14.98 112 83.54 T2 5.89 4.92 4.19 363 19 .84 156
Adjustment for macerial Equipment & piping Gcrors
maltiplies with
Carbsan sieel (C5) 1My
Stainless steel 55316 (welded) 1.75
Siainless steel 55316, rotating 130
equipment (Mackined)
Glass-reinfareed plastic (GRF) 140
Exotic material (welded) 250
Exntic material, rotating 1.75
equipment [machined)
Table C2a
EDF method's Installation Factors Sheet for Solid bandling equipment mstallation-prepared by Nils Henrik Ebdrup, 2020 (USN and SINTEF Tel-Tek)L
EDF method installation factors for solid handling equipmen:
Equipment costs (C5) in 1000 £ = 10 10- 20 = ) = B - 160 - a0 - Eld - 1280 - 2560 = 5120 -
an Al L] 10 30 (=21 1280 s 5130 plielli]
Equipment cost 1.00 1.00 100 1.0 1.00 Loo 1.00 100 1.0 1.0 1.00
Erection coast o4 i 0.50 03y 031 0.24 o1s o1s 12 0.0 a.or
Piping incl. Erection 45 31 0.24 oy 015 0.1z oo oog .08 0.05 0.4
Electro (equip & erection) 1.20 Ah50 0.7 oA =3 0.44 oar [1Ech ) 3k .z 019
Instrument (squip. & erection) L] 41 033 026 [ 016 o1z R LI s 0.0 0.0
Giround work .71 .51 0.42 034 028 0.3 o1s o1s 13 .10 .08
Sieel & concrets 1.30 50 0.0 DLl 055 0.4 o3s o3z 2 L1 e ) .18
Insulation 28 18 0.14 o1l 0.0 L) s oog nod 0.0 0.0z
Direct costs L) 4.92 418 358 1o a7 240 315 194 1.77 1.63
Enginesring process a4 0.7 L1 e 4 o8 015 0.1z oo (i o7 .08 0.05
Engineering mechanical a7 0.7 0.20 s 011 Lk ) [1Eirg oas 04 003 0.03
Enginesring plpdng 13 hiE (1K r L0 .05 004 [1hi e ) ooz o2 a.01 0.0
Engineering el a4 nZ7 0.2 o 14 011 s OLaH o7 .0y .05
Engrinesring instr. 32 w17 0.1z ooy 0.o7 005 i a3 o2 0.0 0.0
Engineering ground 14 10 (1K r L0 .04 004 [1hi e ) ooz o2 0.0 0.0
Engineering steel & concrete 25 14 0.13 (1R i) 0.0 Likirg (R} ) oas 04 003 0.03
Engineering insulation a7 o4 003 ooz o 0.0 oo a1 ‘00 0.00 .00
Enrgineering 230 1.38 L5 =2 LbE .53 043 0I5 029 024 020
Procurement 1.15 .38 0.48 [E 3 024 0.1z (R ) a3 o1 a.01 .00
Project comtrol 11 a7 005 oog i ux} 003 oz ooz o1 a.01 0.0
Site management 32 25 L1} (1R £ 3 (IR 0.14 o1z o1l 10 0.0 0.08
Project managemeni w3 nZ7 023 % 1k 013 o1z R Ui Litec] .08 a.or
Admirisfration 1.98 LR o) 0.97 =g 59 042 0.3 036 02z 019 oar
Commssioning .28 w17 0.13 (1R i) 0.0 Lk ) s oog o3 0.0 0.0z
Identified costs 11.04 F.ad4 6.33 540 4.42 3.72 219 .79 247 21322 20
Contingency ra 1.4 137 108 LEH 074 [LE: 050 LLE 0.44 0.40
{oovatinued on next page)
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Table C2a {continwed )
Installation Eactor 2020 13.24 B3 7.60 G.44 530 4.48 3.83 334 298 286 242
Adjustment for material Equipment & piping factors
‘malriplies with
Carban sieel (C5) 1.0
Stainless steel 55316 (welded) 1.75
Stainless steel 5316, rotating 1.30
equipment (Machined)
Gilass-rednforeed plastic (GRF) 1.40
Exntic material {welded) 50
Exntic material, rotating 1.75
equipment {machined)
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Abstract

A simple, fast, and accurate process simulation based
cost estimation and optimization scheme was
developed i Aspen HYSYS based on a detailed
factorial methodology for solvent-based CO»
absorption and desorption processes. This was
mplemented with the aid of the spreadsheet function
m the software. The aim is to drastically reduce the
tume to obtain cost estimates in subsequent iterations
of simulation due to parametric changes, studying new
solvents/blends and process modifications. All
equipment costs in a reference case are obtained from
Aspen In-Plant Cost Estimator V12. The equipment
cost for subsequent iterations are evaluated based on
cost exponents. Equipment that are not affected by any
change 1n the process are assigned a cost exponent of
1.0 and the others 0.65, except the absorber packing
height which is 1.1. The capital cost obtained for new
calculations with the Iterative Detailed Factor (IDF)
model are in good agreement with all the reference
cases. The IDF tool was able to accurately estimate the
cost optimum minimum approach temperature based
on CO; capture cost, with an error of less than 0.2%.

Kevwords: Carbon capture, Aspen HYSYS, sinnuilation,
cost estimation, techno-economic analysis

1 Introduction

Amine based post-combustion carbon capture
technology is generally recognized as the most mature
and promising technology that can be deployed
mdustrially to reduce CO: emissions, which has
become necessary for climate change mitigation
(Karimi et al., 2011). The current challenge remains
the economic implications of the huge energy
consumption and the large capital investment
requirements (Aromada &1, 2017).

This has led to several techno-economic studies.
The focus of some of the research is on evaluating the
representative costs for carbon capture and storage
(CCS) (Stone et al., 2009). The objective of some other

studies is on cost reduction and optimization
(Fernandez et al., 2012).

Costs are projected to be reduced as research
continues and as the first set of industrial CO» capture
plants start operations (Sprenger, 2019; Aromada et
al., 2021). The resulting new concepts and imnovations
will always be subjected to techno-economic
evaluation and optimization or sensitivity analysis.

The common procedure for conducting carbon
capture cost estimation and cost optimization studies
is to import mass and energy balance data from a
simulation software to Microsoft Excel or other
applications for analysis each time a simulation is
performed (Schach et al., 2010; Lassagne et al., 2013;
Aromada & 01, 2017).

Parametric variation or sensitivity analyses of costs
that mvolve rumning the entire process simulation
several times, and performing new equipment
dimensioning, obtaining new costs for all the
equipment, and recalculating the capital and operating
costs can be very time consuming.

Applying a detailed factorial scheme for chemical
plant’s initial cost estimation has great advantages of
accuracy and capabilities for different tvpes of
projects: new plant construction, retrofit or
modification projects, small and large plant
construction cost estimation (Gerrard, 2020; Ali et al.,
2019; Aromada et al., 2021). However, it comes with
much more work, and thus much more time to
mmplement compared to methodologies that are
founded on a uniform or single overall plant
mstallation factor on all equipment irrespective of cost.

Therefore, there is a need to develop a cost
estimation and optimization tool that will drastically
reduce the overall economic analysis and optimization
calculation time vet giving accurate cost estimates.

2 Model description

The iterative detailed factor (IDF) model is developed
based on the Enhanced Detailed Factorial (EDF)
method (Ali et al., 2019; Aromada et al., 2021). At
Telemark University College and University of South-
Eastern Norway (USN) there has been much focus on
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calculation of cost optimum parameters in CO»
absorption-desorption  processes. This  involves
varying different process parameters and different
configurations  (flowsheet modifications). The
procedure commences from process development and
simulation of the system’s process flow diagram
(PFD) to equipment dimensioning and cost estimation.

Each time any parameter is varied, this process is
repeated. Consequently, in previous works (Kallevik,
2010; Aromada & @1, 2017), there 1s a change in the
cost of the equipment, when one of its parameters is
being varied, but the costs of all other equipment are
kept constant. Similarly, energy consumption by other
equipment is also kept constant, while that of the
equipment with parameters being optimized can vary.
This procedure does not capture the effect of every
change in the process caused by varying a specific
parameter in the evaluation for optimum cost.

In addition, it is an aim to enable subsequent
calculations of all the processes from simulations to
cost estimation and optimization in not more than a
minute.

The Enhanced Detailed Factorial (EDF) method
used at USN has several advantages such as capability
for new and modification projects (Aromada et al.,
2021). Each equipment unit’s installation factor is a
function of its cost. This ensures that a very expensive
equipment is not over-estimated, and a relatively
cheaper equipment are not underestimated. This also,
comes with a challenge of relatively more work due to
the details. Thus, it takes much more time to
implement.

Therefore, the Iterative Detailed Factor (IDF)
scheme was developed to consider all the effects
caused by any parametric variation on the entire
process, and to drastically reduce the time to
implement cost estimation and other economic
analyses of subsequent simulation iterations. The
flowchart in Figure 1 explains how the scheme is
developed and works. The arrows show how the
process flows as well as where inputs come from and
where they are used. The steps (and the directions of
the arrows) are explained below:

1. Start: The PFD is developed and simulated in
Aspen HYSYS.

2. Equipment dimensioning calculations based on
mass and energy balances from the simulation are
done in a separate Aspen HYSYS Spreadsheet as
shown in Figure 2.

3. In the first simulation/cost estimation (base case),
all equipment costs are obtained directly from a
reliable (reference) source based on the calculated
dimensions. In this work, equipment cost data were
obtamed from Aspen In-Plant Cost Estimator
Version 12.

4. In subsequent iterations, when parameters are
varied, a change to another solvent/blend is
implemented, change in technical and/or economic
underlying assumptions are made, or when the
process configuration is modified, equipment cost
is obtained by cost adjustment, utilizing cost
exponents, capturing all the changes caused by the
change of a process parameter or system as shown
in equation (1):

Si. n
ECyew = ECpase case (ﬂ) )]

Sizegase case

Aspen HYSYS

Process parameters/

specifications
H Process simulation model (PFD) ‘
Mass & energy balances
Parameter
variation +

‘ Equipment dimensioning ‘

Ist

iteration NO

Equip]_nent IDF: Equipment
cost data Capital cost [ cost data
(reliable (CAPEX) (Power law)
source) +
Economic evaluation:

NPV, total annual cost, (4— Operating & |-
CO3 capture cost, COx maintenance
avoided cost efc. costs (O&M)

T

Economic
assumptions

New cost > Previous
lowest cost

YES

Iteration with previous lowest
cost is optimum

Figure 1. Flow chart describing the iterative detailed
factor carbon capture cost optimization model
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where ECggse case ald  Siz€pgse case ale
equipment cost and size in the Base case
obtained directly from the Aspen In-Plant Cost
Estimator. ECpey,, and Sizey,,, are the new
equipment cost and size for the new simulation
evaluated using equation (1). And » is the cost
exponent. All equipment costs in a reference case
are obtained from a reliable source. The equipment
cost for subsequent iterations are evaluated based
on cost exponents (Power Law). Equipment that
are not affected by any change in the process are
assigned a cost exponent of 1 and the others 0.65,
except for the absorber packing height (see Section
3.3).
All other costs and cost indices already
programmed during the first iteration are
automatically available after a minor check of the
detailed mstallation factors. Further improvements
can be achieved by avoiding manual adjustments of
the installation factors between each iteration.

The cost optimum parameter is identified when the

new cost estimated 1s less than the costs obtained

in previous iterations, and in some cases, also less
than cost obtained from subsequent simulations.

. The capital cost, operating costs and other
economic analysis are all done in separate Aspen
HYSYS Spreadsheets as can be seen at the bottom
of Figure 2.

2.1 Process simulation

The simulation sequence is the same as in (Aromada
& O1, 2015; Aromada et al., 2020a). The base case
simulation was performed using the process
specifications in Table 1. They are from a 400 MW
natural gas combined cycle (NGCC) power plant. It is
a 90% amine based CO; absorption and desorption in
Aspen HYSYS Version 12.

Table 1. Specifications for simulation

Specifications

Flue gas

Temperature [°C] 80
Pressure [kPa] 121
CO> mole-fraction 0.0375
H-0 mole-fraction 0.0671
N, mole-fraction 0.8954
0, mole-fraction 0
Molar flow rate [kmol/h] 85000
Flue gas from from DCC to absorber
Temperature [°C] 40
Pressure [kPa] 121
Lean MEA

Temperature 40
Pressure [kPa] 121
Molar flow rate [kmol/h] 101595
Mass fraction of MEA [%] 29
Mass fraction of COx [%] 530
Absorber

No. of absorber stages 15
Absorber Murphree efficiency [%] 11-21
AT pin- lean/rich heat exchanger [°C] 10
Desorber

Number of stages 10
Desorber Murphree efficiency [%o] 50
Pressure [kPa] 200
Reboiler temperature [°C] 120
Reflux ratio in the desorber 0.3
Temperature into desorber [°C] 104.6

The Aspen HYSYS process flow diagram (PFD) is
shown in Figure 2. The absorption and desorption
columns were simulated as equilibrium stages with 11
— 21% Murphree efficiencies (changing linearly from
bottom to top) and 50% constant Murphree efficiency
respectively.
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Figure 2. Aspen HYSYS process flow diagram (PFD) of the standard CO- capture process
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2.2 Equipment dimensioning

Mass and energy balances from the simulations were
used to size the equipment in Figure 2.

Table 2. Equipment dimensioning factors and

assumptions
Equipment |Sizing factors | Basis/Assumptions
Veloeity using
Souders-Brown
equation with a k-
DCC Unit factor ot 0.15 m/s. TT
Tangent-to- =15 m, 1 m (structured)
tangent height | packing height/stage (4
(TT), iterations: |stages)
mass (kg); Supertficial velocity of
Packing height, | 2.5 m/s, TT=40m, 1 m
Absorber interna%andg packing (structured)
external height/stage (15 stages)
diameters (all in | Superficial velocity of
Desorber [m]), iterations: |1 m/s, TT=22m, 1 m
; volume (m%); packing (structured)
height/stage (10 stages)
Vertical vessel,
Separator Velocity using
Souders-Brown
Lean/rich Duty, Q [£W], U= 0.73
heat kW/m?.K (Nwaoha et
exchanger al., 2019). FTS-STHX
Duty, Q [k7],U=10.8
Reboiler Heat transfer kW/m? K, U-tube
area, A [m?] Kettle type
. Duty, Q [k7],U=1.0
Condenser kI«V/Zr’%[ UT]-STHX
\ Duty, Q [k7],U=0.8
Coolers kI’V/Zn-’.QK,[ UT]-STHX
Flow rate [//s]
, and duty [k77], |Centrifugal.
Pumps iteratiogls: duty Efﬁcienfy =0.75
[kT7]
Flow rate [n7°/h]
Fans and duty [A77], |Centrifugal.
iterations: duty | Efficiency = 0.75
(k7).

The sizing factors, basis and assumptions for

equipment dimensioning are summarized in Table 2.
They are the same as in previous works (Aromada et
al., 2020a) but on a different system. FTS-STHX refers
to fixed tube-sheets Shell and tube heat exchanger, and
the U-tube type is UT-STHX. More details on the
equipment dimensioning can also be found in
(Aromada et al., 2020; Aromada et al., 2021).

2.3 Capital Cost Assumptions

The capital cost in this work is the sum of each
equipment installed cost. The IDF scheme is based on

the EDF method (Ali et al., 2019; Aromada et al.,
2021). All equipment is assumed to be manufactured
from stainless steel (SS) with exception of the fan
which is constructed from carbon steel (CS).
Equipment costs in SS are converted to their
corresponding costs in CS. Each equipment installed
cost 1s obtained as a product of the equipment cost in
CS and its individual detailed installation factor.

The cost year 1s 2020 and the cost currency is Euro
(€). Therefore, the 2020 updated detailed installation
list was used (Eldrup, 2020). The factors are derived
based on the site, equipment type, materials, size of
equipment and includes direct costs for erection,
instruments, civil, piping, electrical, insulation, steel
and concrete, engineering cost, administration cost,
commissioning and contingency.

2.4 Operating costs scope and assumptions

Operating costs in this work ineclude cost for
electricity, steam, cooling water, solvent, maintenance
and salaries. The economic assumptions are tabulated

in Table 3.

Table 3. Economic assumption for operating cost

Unit Value/unit
Operational hours Hours/year 8 000
Steam €/kWh 0.026
Electricity €kWh 0.059
Cooling water €/m? 0.075
Process water €/m’ 6.77
MEA €/m? 1514
Maintenance € 4% of TPC
Supervisor (1) € 156 650
Operators (6) € 80 000

3 Results and Discussion

3.1 Process Simulation Results

The specific reboiler heat obtained in the base case is
4.10 GJ/t CO2, and the rich loading is 0.46. The rich
loading is the mole ratio of CO> to the MEA in the rich
stream exiting the absorber. The results have good
agreement with literature. Sipdcz and Tobiesen (2012)
calculated a reboiler heat of 3.97 GJ/t COz and 0.47
rich-loading. In addition, Sipécz et al. (2011) for an
NGCC’s exhaust gas also obtained 3.93 GJ/t COz and
0.47 rich loading.

For a case with a minimum approach temperature
of 5°C in the main heat exchanger, a reboiler heat of
3.78 GJ/t COz and 0.47 rich loading were calculated.
This is also close to the results obtained by Dutta et al.
(2017), which are 3.70 GJ/t COx reboiler heat and 0.47
rich loading.
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3.2 Base Case Capital and Operating Costs
The capital cost estimated in the base case is €133
million. The capital cost in this work is limited to the
total plant cost (TPC). It also does not include CO:
compression or other flue gas pre-treatment sections
other than the direct contact cooling loop. This is
sufficient as all the sensitivity analysis conducted in
this work are merely within the main CO; capture
process between the absorber and the desorber. Nth-
of-a-kind (NOAK) was also assumed. It is important
to state that a first-of-a-kind (FOAK) plant would cost
115 - 155 % of a NOAK plant (Boldon & Sabharwall,
2014; Aromada et al., 2020b). In a similar work
(NOAK) that included the compression section, the
TPC was estimated to €189 million (Aromada et al.,
2021).

45
40 +
35 +
30 +
25 +
20 +
15 +
10 +

Total plant cost contribution (%)

Flue gas fan
DCC unit
DCC pump
DCC cooler
Absorber
Desorber
Lean/rich HX
Reboiler
Condenser
Lean MEA cooler
Rich pump
Lean pump

Condensate cooler

@ Main equipment/shell B Packing

Condensate separator

Figure 3. Capital cost distribution

The capital cost distribution 1s shown in Figure 3.
It can be observed that the absorber and the lean/rich
heat exchanger are the main cost contributors to the
capital costs. Their contributions are 40% and 24%
respectively. Theretore, the absorber and the main heat
exchanger are the most important equipment for cost
optimization in this capture process. Consequently, the
IDF tool for process cost optimization based on
process parameter variation was tested on the two
equipment units for validation.

The cost of the lean/rich heat exchanger in initial
cost estimation is a function of the required heat
transfer area (m”). The area varies much with the
temperature difference (ATy,). The required area is
doubled if the AT, 1s 5°C 1nstead of 10°C (Karimi et
al., 2011). Therefore, AT,,;, has often been a very
mmportant process parameter to optimize in different
solvent-based carbon capture processes (Aromada et
al., 2020b; Aromada & @1; 2017; 01, 2012; Karimi et
al., 2011).

In previous works, the absorption column,
especially the packing height has been given attention
for optimization, to reduce the entire cost of the
process (@1 et al., 2020; Aromada & @i, 2017;
Kallevik, 2010).

3.3 Validation of the IDF Scheme: Capital
Cost

To validate the accuracy of the scheme, it is important
to perform cost estimation of the same process, with
equipment cost data obtained from a reliable or
reference source, and equipment costs estimated using
the IDF scheme on the same process.

To evaluate the performance of the IDF scheme,
equipment costs were first obtained from Aspen In-
Plant Cost Estimator for each simulation iteration.
These costs were used to estimate capital cost for each
iteration, capturing the effect of the variation of a
specific process parameter on all equipment in the
process. These reference costs are referred to as the
“original cost” since the equipment costs are directly
obtained from a reliable cost database. This process is
time consuming.

The IDF scheme is then applied for estimating the
capital cost, operating cost, and CO capture cost in
cach parameter variation simulation iteration. The IDF
tool equipment costs were estimated from the base
case equipment purchase cost based the Power law as
described in Section 2.

The equipment costs in the IDF Scheme were
calculated with a cost exponent of 0.65 for all the
equipment that changes in size when a specific process
parameter is varied, except for the absorber packing
height. The larger the packing volume, the more the
column and packing supports and auxiliaries are
needed. Thus, costing the entire column may not
necessarily follow economy of scale principle by using
a cost exponent of 0.65. A range of cost exponents
where then tested: 0.65, 0.85, 0.9, 1.0 and 1.1. To
differentiate the results of each cost exponent, each
cost exponent was designated PH-cost exponent. PH
signifies packing height, which 1s being varied, while
the number refers to the cost exponent used for
estimating the new costs of the new packing size
(volume). For example, in the case of PH-0.65 results,
it means that as the packing height (PH) of the
absorption column was varied between 12 m and 25 m,
the costs of the new packing heights (12 m, 18 m, 20
m, 22 m, and 25 m) were estimated using a cost
exponent of 0.65. New packing costs were also
similarly estimated using cost exponents of 0.85 (PH-
0.85), 0.90 (PH-0.90), 1.0 (PH-1.00), and 1.10 (PH-
1.10). The results are plotted together and are
compared with the original cost, that is the cost
obtained directly from Aspen In-Plant Cost Estimator
version 12.
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Figure 4. Impact of varying absorber packing height on
the plant’s capital cost with different cost exponents
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Figure 5. Comparison of IDF Scheme capital costs with
reference capital cost when the temperature difference in
the lean/rich exchanger is varied

Figure 4 shows that the cost exponent of 1.1 has the
best agreement with the original cost for new sizes
higher than the base case, and 0.85 for the size (12 m
packing height) less than the base case (15 m packing
height). However, cost exponent 1.00 also has a good
agreement. Therefore, a cost exponent of 1.10 was
used in the IDF scheme to estimate the cost of the
absorber packing volume from the Base case (original
cost) for higher volumes and 0.85 for volume less than
in the base case where the absorber packing height 1s
12. The results suggest that due to the peculiarity of the
cost of the packings/auxiliaries/supports/installations,
not necessarily following economy of scale when the
size of the column increases, new cost due to size
adjustment using Power Law would require a cost
exponent of 1.1 to minimize the estimation error or
deviation from the original (reference) cost.

The AT,,;,, of the main heat exchanger was varied
from 5°C to 30°C in steps of 5°C. The IDF Scheme
capital costs in each iteration were similarly estimated

but with a cost exponent of 0.65 for all equipment apart
from the columns and their packings, which were
estimated with a cost exponent of 1 as they were kept
constant. Varying AT,,;, will not have any effect on
the absorber. Figure 5 presents the comparison of
capital cost estimates from the IDF tool with the
original capital costs. Original or reference costs are
the cost obtained directly from Aspen In-Plant Cost
Estimator. The agreement is quite good. The trend of
the estimates is also similar to results in (Aromada et
al., 2020b).

3.4 CO: Capture Cost

Trade-off analyses of the resulting capital and
operating costs due to varying of the two process
parameters were conducted, using the economic cost
metric of CO» capture cost. This was estimated as
follows:

_ Total annual cost(€)
" Mass of CO, captured (tC0,)

€
CO, capture cost (@)

2)

where, the total annual cost is the sum of the annual
capital cost and yearly operating expenses as done in
(Aromada et al., 2020a). The results are presented in
Figure 6 and Figure 7. The agreement with the original
cost is very good. In Figure 6, IDF estimates used 0.85
as cost exponent for absorber packing height of 12 m
and 1.1 for packing heights above that of the Base case
(15 mi) as explained in the previous section. However,
capture cost was also estimated using 1.1 for 12 m,
which 1s represented by a “red circle”. The agreement
is also good but usmg 0.85 is more accurate. This
implies that the IDF scheme will still give good
estimates if 1.1 is used as the cost exponent for all
packing height iterations.

Figure 7 1s specifically a cost optimization result.
The cost optimum AT,,;,, is 15°C which is the same
cost optimum temperature difference calculated in
(Aromada et al., 2020b) even though both process
specifications, CO> concentrations and capture rates
are different. Aromada et al. (2021) also calculated the
cost optimum ATy, ;,, to be 15°C for a sumilar process
but including CO, compression process. Kallevik
(2010) estimated the minimum cost at 90 % CO»
capture as in this study to be 15°C. The results obtained
show that apart from drastically reducing the work and
time required for cost estimation and cost optimization
calculations in subsequent process simulation
iterations, the IDF tool can give accurate or acceptable
capital cost and operating cost.

The specific reboiler heat plot in Figure 7 indicates
that the capital cost dominates at 5°C. The capital cost
influence declines till the cost optimum, after which
the energy cost (operating cost) begins to dominate.
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3.5  Accuracy

We conducted an error analysis of the IDF tool using
a simple percentage of differences between the IDF
Scheme results and the original costs. This was
performed as follows:

IDF result—0Original cost)
Error (%) = ¢ 4J

original cost x 100 (3)

A negative value indicates that the IDF Scheme
estimate is less than the original or reference cost and
vice versa. The IDF Scheme’s errors in both the capital
cost and CO, capture cost estimates for absorber
packing height and lean/rich heat exchanger’s
temperature difference iterations are presented in
Figure 8 and Figure 9 respectively.
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Figure 8. Error analysis of resulting capital costs by
varying the absorber packing height
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Figure 9. Error analysis of resulting capital costs by
varying the minimum approach temperature in the
lean/rich exchanger

In the case of varying the absorber packing height,
the error in the capital cost estimates of the scheme is
between 0.01 to 0.39%, while it is 0 to 0.12% for CO»
capture cost (Figure 8). If 1.1 is used as cost exponent
for 12 m which is less than the Base case size (15 m),
the errors at that point increase to approximately 1%
and 0.3% for the capital cost and CO, capture cost
respectively, as can be observed in Figure 8. That is
why 0.85 cost exponent is adopted for packing height
less than the Base case in the IDF Scheme. This is
because of the peculiarity of the absorption column
and packings in respect of economy scale principle as
explained earlier.

In the case of the lean/rich heat exchanger
temperature difference iterations, the IDF tool errors
for the capital cost and CO; capture cost estimates are
between -0.66 to 0.18% and -0.30 to 0.16%.

These are very small errors and are acceptable.
They do not have any effect on cost optimization
calculations or sensitivity analysis results when
process parameters are varied several times.
Therefore, the IDF tool is suitable for quick and
accurate cost estimation and other economic analysis
of solvent-based CO: capture processes involving
several iterations of the entire process from simulation
to cost estimation.
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4 Conclusion

A simple scheme was developed in Aspen HYSY'S for
quick and accurate iterative process simulations,
equipment dimensioning and cost estimation of a CO»
capture process. We refer to it as the Iterative Detailed
Factor (IDF) Scheme. It is implemented by the aid of
the Aspen HYSYS spreadsheet’s function. It was
validated in this work. The average error in all the
iterations is 0.2% of the reference cases. The cost
optimum temperature difference n the lean/rich heat
exchanger estimated using the IDF tool with fixed
tubesheets shell and tube heat exchangers (FTS-
STHX) is 15°C. This agrees with recent literature.

Application of detailed factorial methodology in
cost estimation is time-consuming. However, the IDF
tool reduces the time required for economic analysis of
CO; capture processes for subsequent iterations to less
than a minute after simulation.

Therefore, with the IDF Scheme. accurate cost
optimization of CO» capture processes, sensitivity
analvsis of process parameters and economic
assumptions as well as market conditions, solvent and
blends cost analysis and other iterative cost studies of
CO3 capture processes can be conducted using detailed
factorial method in relatively short time (minutes
instead of hours or days).
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Abstract: We examined the cost implications of selecting six different tvpes of heat exchangers as the
lean/rich heat exchanger in an amine-based C capture process. The difference in total capital cost
between different capture plant scenarios due to the different costs of the heat exchangers used as
the lean/rich heat exchanger, in each case, is in millions of Euros. The gasketed-plate heat exchanger
(G-PHE) saves significant space, and it saves considerable costs. Selecting the G-PHE instead of the
shell and tube heat exchangers (STHXs) will save £33 million—£3% million in total capital cost (CAPEX),
depending on the type of STHX. About €43 million and €2 million in total installed costs (CAPEX)
can be saved if the G-PHE is selected instead of the finned double-pipe heat exchanger (FDP-HX)
or welded-plate heat exchanger, respectively. The savings in total annual cost is also in millions
of Euros/year. Capture costs of €5/tC0s—£6/tC0% can be saved by replacing conventional STHXs
with the G-PHE, and over €&/tC05 in the case of the FOP-HX. This is significant, and it indicates the
importance of clearly stating the exact type and not just the broad classification of heat exchanger
used as lean/rich heat exchanger. This is required for cost estimates to be as accurate as possible and
allow for appropriate comparisons with other studies. Therefore, the gasketed-plate heat exchanger
is recommended to save substantial costs. The CO4 capture costs of all scenarios are most sensitive to
the steam cost. The plate and frame heat exchangers (PHEs) scenario’s capture cost can decline from
about €77/tC0s to €594C0, or rise to €950,

Keywords: O0%; carbon capture; capture cost; heat exchanger; simulation; sensitivity; Aspen HYSYS,
BNergy cost

1. Introduction

The burning of fossil fuels by power plants and other process industries contributes around half
of the world’s CO:2 emissions [1]. These emissions’ adverse effects are evident: the melting of glaziers,
deforestation, and droughts in several places [2,3]. With the projected growth of the world ‘s population,
there will be a corresponding increase in the amount of C: emissions. Consequently, human
intervention is required for the mitigation of climate change. According to the Intergovernmental
Panel on Climate Change (IPCC), the United States Environmental Protection Agency (EPA), and the
Intermational Energy Agency (IEA), carbon capture and storage (CCS) is necessary to achieve the
2-degree goal and the 1.5-degree goal of the Paris Agreement [4-6].

Several OO capture technologies and methods have been identified. They are based on chemical
absorption and desorption using solvents [3], adsorption using solid adsorbent [7], and cryogenic
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separation that involves the separation of CO: by refrigerating and condensing the flue gas
consecutively at different condensation temperatures [3,7]. They are also based on membrane
separation technology ([3.7], and the direct injection of flue gas into reservoirs of naturally existing
methane hydrate to displace methane and form a new COy hydrate [8]. Among these, the amine
solvent-based C(% absorption and desorption process is the most technologically and commercially
matured option [9-16]. Howewver, its industrial deployment requires large investments and an
enormous energy supply for desorption [17]. Therefore, it is essential to look into the primary units
contributing the most to the capital cost for cost-saving potential. The most expensive units in a
standard solvent-based C0% capture process are mostly the absorption column and the lean/rich
heat exchanger (LRHX), also referred to as the main or cross exchanger. This study focuses on the
latter equipment.

Even though the shell and tube heat exchangers (STHX) are the most robust, especially the floating
head type [158], and are the most common heat exchangers [158-21] in the process industry, there are
other types of heat exchangers that are also popular [15,21]. Examples are the plate and frame heat
exchangers (PHE) and double-pipe heat exchangers (including finned double-pipe heat exchanger
(FDP-HX)). The majority of available COy capture cost studies either do not disclose or merely state
the broad classification and not the exact type of heat exchanger employed in the process [1,12,21-23].
Examples of broad classifications are shell and tube heat exchangers (STHX) and plate and frame heat
exchangers (PHE). However, there are different heat exchangers within these broad classifications,
and each has a different cost [18,20,24]. The STHXs have different types of designs and, by implication,
different costs and technical advantages [18,20]. Therefore, there is a need to study how each of the
popular heat exchangers within their collective classifications affects the process’s cost.

Mo study has been found where different designs of heat exchangers for CO» capture have been
examined. This work aims to overview the cost implications of selecting any of six different heat
exchangers as the LRHX of the CO4 capture process. Six different C05 capture plant scenarios, each
with one of the following heat exchangers as the LRHX, are examined: U-tube shell and tube heat
exchangers (UT-5THX) [18,20], fived tube-sheets shell and tube heat exchangers (FTS-5THX) [18,20],
floating head shell and tube heat exchangers (FH-STHX) [15,20], finned double-pipe heat exchangers
(FDP-HX) [15,20], and gasketed-plate heat exchangers (G-FHE) and welded-plate heat exchangers
(W-FHE) as the LEHX [15-20,25]. The technical strength and limitations of these heat exchangers are
also reviewed.

Our study could only focus on solvent-based post-combustion COy absorption and desorption
process where the lean/rich heat exchanger is an important integral part of the process for heat recovery.
Monoethanolamine (MEA) with ~30 wt. % concentration is the standard CO% absorption solvent and the
most extensively studied solvent [1,12,26,27]. Therefore, it was the solvent used in this study. A tvpical
cement plant flue gas without MOw and Sox is used in this work. This is because the scope of this study
does not cover flue gas pre-treatment. It is not necessary because this work focuses on the lean/rich heat
exchanger. Cement manufacturing processes, including the combustion of fuel in the manufacturing
process, acoount for & percent of global C0: emissions, primarily responsible for global warming.
Thus, much attention is currently being given to COy capture from the cement industry [12,28-36].
The process spedfications, including the flue gas composition, are obtained from [11,37] and are given
in Table 1. The flue gas contains 25.2 moles of C0. typical of the OOy concentrations (22-29%) of flue
gas from the clinker production loop [12]. Some previous works on C04 capture from cement industry
flue gas also primarily focused on these high concentrations of CO4 from the clinker production loop as
done in this work [11,31,38-41]. Reference [12] covered exhaust gas from both the clinker production
loop and fuel combustion. Since this study's focus is on the main heat exchanger units, the source of
flue gas is not important. Another objective is the comprehensive application of the enhanced detailed
factor (EDF) method for capital cost estimation, established in Reference [11]. Relevant details of this
method are given in Section 2.3 and more comprehensively in Reference [11].
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2. Methodology

2.1. Materials and Methods

This study is based on the standard or conventional amine-based COy absorption and desorption

process. Its simplified process flow diagram (PFDY) is shown in Figure 1, and the Aspen HYSYS PFD
can be found in Figure A1 in Appendix B. The process can be divided into three parts.
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Figure L Flowsheet of the standard process.

Pre-capture process and simulation: This is the part of the process before the main C04 absorption
in the absorber. In order to minimize the complexity of process simulations, flue gas pre-treatment
equipment such as a selective catalytic reduction (SCE) unit, flue gas desulfurization (FGD),
or baghouse are not included in this work [6]. The equipment considered in this first part of the
process is therefore limited to the flue gas fan for the transport of the flue gas to the absorber,
through the direct contact cooler (CC) unit where the flue gas temperature is reduced to 40 “C;
the DCC pump for pumping cooling water into the DOC unit; and the DCC cooler to cool the
water down to the requined temperature.

Capture process: The relevant equipment includes a simple absorption column and desorption
column (stripper) with a condenser and a reboiler, a main heat exchanger (LEHX), two pumps
(lean pump and rich pump), and a lean amine cooler. The flue gas from the DOC unit enters the
absorber at the bottom of the column where the OO in the flue gas is absorbed into a counter-current
flowing amine solvent, which is monoethanolamine (MEA) in this work. An amine solution
rich in C04 leaves from the bottom of the absorber. The rich pump then pumps it through the
LEHX, where it is heated before it flows into the desorber for regeneration. The Oy is stripped
off the amine solution and leaves through the top of the column and through the condenser.
The regenerated solvent, the lean amine, is pumped by the lean pump back to the absorber, but
first, through the LEHX to heat the CO4y-rich stream. It is further cooled to 40 *C by a conler before
entering the absorber at the top to continue another absorption cycle. Even though the water
wash section is shown in Figure 1, it is not included im this study for simplicity.
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s  Post capture process: This part of the process involves the compression of the COy to the
required utilization pressure. In this study, transport and storage of the compressed COy are not
considered. The equipment included are 4 stage-compressors with inter-stage coolers, a OO0,
cooler, and separators [11,12].

2.2 Base Case Process Specifications, Assumptions eind Simulation

The mass and energy balances on which equipment sizing was based, as well as utilities
comsumption used for estimation of variable operating costs, were made available from process
simulations. The simulations were performed within the scope of the equipment in Figure 1.
The simulations are based on the flue gas specifications given in Table 1. They represent a flue gas of a
typical cement plant and are obtained from References [11,37]. The simulation method used in this work
was the same as that used in References [42,43]. The difference was that in this work, the simulations
were performed using Aspen HYSYS Version 10, where the acid gas property package replaced the
Amine property package in previous versions. O0s capture of 85% was assumed [28,32,44].

The absorption column and the desorption column were both simulated as equilibrium stages
with stage efficiencies (Murphree efficiencies). Each equilibrium stage was assumed to be 1 m high for
both columns [11,45]. The industry’s flue gas had a temperature of 80 "C, and it was cooled to 40 °C
before entering the absorption column at the bottom at 1.21 bar. The absorber was simulated with
15 packing stages, which was the cost optimum in Reference [17]. Murphree efficiencies of 11-21%
were specified from the bottom to the top of the absorption column as in Reference [11]. The desorber
was simulated with 10 packing stages, which was also the cost optimum in Reference [17]. For the
desorber, a constant Murphree efficiency of 30% for each stage was assumed [11]. The modified HYSIM
inside-out algorithm was selected in the columns because it improves convergence [43].

Adiabatic efficiency of 75% was specified for all the pumps and the flue gas fan. The lean pump
raised the lean amine stream pressure by 3 bar before passing through the LRHX. Similarly, the rich
pump increased the pressure of the COy-rich amine solution stream by 2 bar. The minimum approach
temperature (A Ty;,) in the LEHX was specified as 10 “C [42]. The lean amine cooler further reduced
the lean amine stream’s temperature to 40 “C before flowing back into the absorber.

Table 1. Specifications and assumptions for aimulation.

Parameter Value Souroe
Oy capture efficiency (%) 85 [44]
Flue gas

Temperatiire (“C) 80 [37]
Pressure (kPa) 121 [11]
C0y mole-fraction 02520 [37]
H> 0 mole-fraction 0090 [37]
M mole-fraction [.5865 137]
Oy mole-fraction L0705 [37]
Molar foss rate (kmolT) 11,472 [37]
Temperature of flue gas into absarber (*C) 0 [43]
Pressure of flue gas into absorber (kPa) 121 [11]
Lean MEA

Terperature (“C) 40 [42]
Pressure (kPa) 121 [11]
beliolar o rate (kmolh) Ga B50 Calculabed
belass fraction of MEA (%) ) [42]
belass fraction of OO0y (%) 535 [42]
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Table 1. Cont.

Parameter WValue Sapiree
Absorber
Mo. of absorber stages 15 117]
Absorber Murphree efficiency (%) 11-21 [11]
AT iy leanyrich heat exchanger (*C) 10 [12.42]
Desorber
Mumber of stages 10 117]
Desorber Murphree efficlency (%) 50 [11]
Pressure (kPa) 200 [42]
Reflux ratio in the desorber 03 [42]
Temperature into desorber ("C) 1046 [43]
Reboiler
Rebodler temperature (7C) 120 [42]
Saturated stearn temperature ("C) 160 [48]
Exit termperature of steam (*C) 1518 48]
Ty compression final pressure (kPa) 15,100 [47 48]

The captured CO% undergoes a four stages compression with inter-stage cooling [11,12]. The final
pressure is 151 bar with a purity of 99.8%, which is (L17% less than [47] with 90% COy capture.
This was consistent with the requirements for enhanced oil recovery (EOR) and/or offshore gealogical
sequestration [12,31,358,48,4%]. The major uses of the compressed COs include EOR, coalbed CHy
recovery, and injection into un-minable coal seams or deep saline formation [48]. A potential
future application is the injection of the COh (especially in mixture with nitrogen) into naturally
existing methane hydrate reservoirs for simultaneous CHy production and storage of Oy in the
form of hydrate [45,50-53]. The compressed CO; pressure is expected to be 110-152 bar [48,49,54].
A similar assumption (150 bar) was made by References [12,21,31,47]. The following studies assumed
110 bar [28,2%,55]. The final pressure depends on the transport distance between the C0y capture plant
and the sequestration sitefutilization point.

2.3, Capital Cost Estimation Method

When equipment cost data are available, a factorial method of capital cost estimation can be
applied. Various forms of factors or factorial schemes are available, from Lang Factors [56], Hand
Factors [57], to more detailed factors found in References [55,549], and more recently in References [60]
and in [11]. Most of the factorial methods are based on the work of References [58,5%). The most
popular of them is the methodology documented by the Mational Energy Technology Laboratory
(METL) [651], which is used for capital cost estimation in [62].

In this work, the enhanced detailed factor (EDF) method, which is comprehensively documented
in Reference [11], was applied to estimate the total capital costfCAPEX. This has the same strategy as
the individual factor and subfactor estimating method in Eeference [60]. However, the EDF method's
installation factors are more detailed [11]. The EDF cost estimation scheme developed by Mils Eldrups
at SINTEF Tel-Tek and the University of South-Eastern Morway (USM) has been used extensively in
these Morwegian institutions for several years.

The EDF method was chosen for this work because the installation factors for all equipment
pieces, irrespective of their sizes and cost, cannot be the same [60] as they are treated in most of
the other methods already mentioned. Applying individual installation factors to an individual
piece of equipment improves capital cost estimates [60]. Therefore, the EDF method’s merits include
higher accuracy of cost estimates in the early stage, highlighting an individual piece of equipment
for optimization [11]. Individual installation factors are applied to each separate unit of equipment,
thereby handling each individual equipment as a separate project. This eventually improves the
accuracy of capital cost estimates. The EDF cost estimation method gives a high level of accuracy in the
early-stage chemical plant cost estimates. In addition, it can easily and straightforwardly be employed
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to implement cost engineering studies of new technologies or retrofits (extension) or modifications of
projects for an existing chemical plant [11].

The total installed cost (CAPEX) estimated using the EDF scheme corresponds to the total plant
costs (TPC) using the methodology of WETL. It is important to emphasize that the EDF method does
not consider the cost escalations and interest accrual during the construction period, the costs for
land purchase and preparation, long pipelines, long belt conveyors, office buildings, and workshops,
and other costs incurred by the owner.

2.4, Scope of Capital Cost Estimation

The equipment considered in this work included the (1) flue gas fan, (2) direct contact cooler (DCC
Unit), (3} DCC pump, (4) DCC cooler, (5) absorber, (6) desorber, {7) condenser, (8) reboiler, (%) lean/rich
heat exchanger (LRHX), (10) lean MEA cooler, (11) lean pump, (12) rich pump, (13) condensate cooler,
(14) compressors (%4}, (15) inter-stage cooler (x4), and (15) Separators (x4). Some other types of
equipment that were not included in this study but are vital for the operation and performance of
this type of plant were (1) water wash section, (2) MEA reclaimer, (3) equipment for conditioning of
make-up MEA and make-up water, and (4) cooling water pumps for DCC cooler, condensate cooler
and inter-stage coolers. In addition, the cost of acquiring the site (land), preparing the site, and service
buildings are not included.

2.5. Equipment Dimensioning and Assumptions

Mass and energy balances from the process simulations are used for sizing the equipment listed
above. The dimensioning approach is the same for previous studies at USM [11,17,55]. The dimensioning
factors and assumptions are summarised in Table 2. Simce CO% is an acid gas with a risk of corrosion,
stainless steel 55316 is assumed for all equipment except the flue gas fan and compressor casings,
which are assumed to be manufactured from carbon steel.

Even though the water wash section is not included in the cost estimate, the tangent-to-tangent
height (TT) of the absorber is assessed to cover the water-wash requirements, demister, packing, liquid
distributors, gas inlet and outlet, and sump [11]. Similarly, the packing requirements, liquid distributor,
gas inlet, inlet for the condenser, and sump are accounted for in evaluating the tangent-to-tangent
height (TT) of the desorption column [11].

The heat transfer area required is the key design parameter in the initial cost estimate of the
general heat transfer equipment. These include the LEHX, reboiler, condenser, and coolers. The heat
transfer area is computed from the heat duty (heat transfer from hot to cold stream), overall heat
transfer coefficient, and the log-mean temperature difference (LMTD) [:3]. The overall heat transfer
coefficient (U-value) assumed for the lean/rich heat exchanger scenarios with the STHXs and FDP-HX
is 500 W/m2K [45]. This value is close to the 550 W/m K used by SINTEF (a research organization in
Morway) [64]. The overall heat transfer coefficient for the PHEs was conservatively assumed to be
1000 W/m2K._ This is because the overall heat transfer coefficient of the PHEs is much higher than that
of other exchangers like the STHXs, thereby having an order of magnitude higher surface area per
unit volume compared to the STHXs [18,19]. According to Reference [65], the U-value for the FHEs
is 2—4 times the STHXs. The welded-plate heat exchanger was assumed to cost 25% more than the
gasketed-plate heat exchanger based on information from Reference [18].

The flowrate and power {duty) of each pump, compressor, and flue gas fan were obtained directly
from the Aspen HYSYS simulation. The separators were sized from gas flowrate, mass densities of the
gas and liquid phases, using the Souders-Brown Equation with a k-factor of 0.101 m/s [66,67]. The wall
thickness determination followed the typical format, with joint efficiency of (L8, corrosion allowance
of 0.001 m, and stress of 2.15 % 10 Pa. The design pressure was obtained from Aspen HYSYS. After
evaluating the vessel's outer diameters (D), the TT was estimated from the assumption of TT = 300,
The dimensions and purchase costs of all the equipment are given in Tables A2-AS5 in Appendix C.
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Table 2. Equipment dimensioning factors and assumptions.

Equipment Basis/Assumptions Sizing Factors
Velodty using Souders-Brown equation with a
DCC Unit k-factor of (.15 myfs [66]. TT =15m, 1 m packing All eolumns:
helght/stage (4 stages) [11] Tangent-to-tangent
Ab Superficial velocity of 2 myfs, TT=40 m, 1 m packing  height (TT), Packing
socher height/stage (15 stages) [11,17] height, internal and
Superficial velocity of 1 mfs, TT=22 m, 1 m packing  outer diameters
Degorbuer height/stage (10 stages) [11,17]. {all in {m))
See DOC Unit, absorber
Packings Structured packing: 55316 Mellapak 250%B and desorber
Lean/rich heat exchanger U = 05 KW/im K [45]
Rebaoller U = 0.8 kWim K [45] Heat transfer area,
Condenser U = 1.0 EW/m K [45] A (m®)
Coolers U = 08 kW/m2K [45]
Intercocder pressure drop (0.5 bar [20] U-tube HX
Flowwrate (Lfs) and
Pumnps Centrifugal power (KW)
Flue gas fan Centrifugal Flow rate {m/h)
Centrifugal; 4-stages [11,12,54]; Final Power (KW) and
Comy = pressure = 151 bar [48,.49]; pressune ratio = 3.2 flowrate (m?/h)

Vertical vessels; vessel diameter using
Souders-Brown equation, a k-factor of 01101 m/s Oruter diameters [0, );

Separators [66.67]): corrosion alloswance of 0001 m; joint tangent-to-tangent
efficiency of (L8; stress of 215 x 107 Pa [45]; height (TT}, all in (m))
TT =30, [&7]

2.6. Sowrce of Equipment Purchase Costs

The best source of the purchase cost of a piece of equipment is from quotations directly from
equipment vendors or equipment manufacturers. This is usually not easy to obtain, and they may
also require comprehensive design details. The next best option to this is cost data of the same
equipment recently purchased. This kind of cost data may never be accessible to research cost
engineers. Therefore, they must rely on either in-house cost data that may not be necessarily very
recent or on commercial databases such as Aspen In-plant Cost Estimator from AspenTech, which is
the most popular. This AspenTech database was developed by a team of cost engineers based on data
obtained from equipment manufacturers and EPC companies. These cost data are updated every year;
thus, they are recent and reliable [20]. This study’s cost data were obtained from the most recent Aspen
In-plant Cost Estimator Version 11 with the cost year of 2018 January. Therefore, the purchase costs of
equipment in this course are updated.

When cost engineers or researchers do not have access to licenses of such databases that are
regularly updated, they can use data in the open literature. Some of these data are available as cost
correlations in the form of tables or graphs for several types of equipment, some of which can be found
in References [18,2(0,62]. A free internet equipment cost database with a cost period of January 2002 is
available in Reference [65].

2.7. Capital Cost Estimation Assumptions

The economic assumptions used for estimating the total capital cost (CAPEX) and annualized
CAPEX in the EDF method [11] are given in Table 3. Equipment costs are obtained in Euros (€) and are
converted to Morwegian kroner (MOK]) to use the installation factors developed in NOE. A brownfield
project is assumed. The installation factors are provided in C5; therefore, Equation (1) is applied to
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convert equipment purchase costs from stainless steel (55) to C5. The list of installation factors is
attached in Appendix A.

Equip. purchase Costygs, maric,...)

Equip. purchase costrg = (1)
_,Irm.nr
Table 3. Assumptions for capital cost estimation.
Parameter Value Source
Cost year 2020, January Agsumed
Cost eurrency Euro (€) Agsumed
Method of CAPEX estimation EDF method [11]
Plant location Rotterdam Drefault
Project life 15 years [61]
Duration of construction 2 years Aasumed
DHscount rate 750 [11]
Material converalon factor (55 o C5) 1.75 Welded; 1.30 machined [11]
Arnnual malnbenance 4% of CAPEX [41]
FOAK or MOAK MNOAK [11]
Cost data year 2018, January AspenTech-ALCE.
Cost imdex for January 2020 111.3 [&4]
Cost index for January 2018 106.0 [&4%]
Curremcy conversion (€ o NOK) 10.13, 25 Jaruary 2020 [70]
Currency conversion (USS to MNOK) 9.10, 27 January 2120 [70]
Main economic analysis criteria COy captured cost [45]
OO0y avodded costfC0y caphured cost COy captured cost [11]

When the appropriate detailed installation factors for each piece of equipment is obtained,
Equations (2) and (3) can be used to calculate the installed cost of any equipment in C5 (flue gas fan

and compressors in this work):
Equip. installed Costog (WOK) = Equipment Costrg (NOK) % Frop cs (2)

Fanm',fS - _fn‘fm:r Ly fﬂlg_-,; + _fn.dmr'm'ﬂ'rnrhﬂ + fmmmim'nur'u_f _errjugrury {3}
Installed costs of equipment manufactured from 55 are obtained from Equations (4) and (5):

Equip. installed Costy e oopie  (NOK) = Equipment Costes (NOK) % Fromy, 55, eotic... (4)

Frotai, s8,emric.. = [Frm. s —([_fmr— l‘.l{fquﬁn —fpipl'm}}} (5)

The individual piece of equipment’s installed costs is then converted back to €. The installed
costs are escalated to January 2020 using the Morwegian Statistisk Sentralbyrd industrial cost index
(2018 = 106; 2020 = 111.3) [40].

(6)

Costugy = Cﬂ-;fmm(CDH mdfxgmg)

Cost mndexagig

The sum of all the equipment installed costs in 2020 is the plant total installed cost (CAPEX).
The annualized CAPEX is evaluated using Equations (7) and {8):

CAPEX

Anmnualised factor N

Annalised CAPEX (%) =
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The annualized factor is calculated, as shown in Equation (8):

o]
Anmualised factor = Z[[]-:_r]”l {8)
=1

where n represents operational years and r is discount/interest rate for a 2-year construction period
and 23 vears of operation.

2.8, Operating and Muintenance Costs (0&M or OPEX) and Assunmptions

The operating and maintenance costs (O&M) are mainly referred to as OPEX, operating expenses.
These costs are usually divided into fixed operating costs and variable operating costs. Fixed operating
costs are operating costs that do not vary in the short term and do not depend on the units of materials
consumed or produced. Fixed operating costs do not depend on how much C0% is captured. The fixed
operating costs in this work followed the assumptions used in Reference [11]. They only include:

& Maintenance costs.

#  Labor costs (Salary for 1 Engineer and & Operators).

Maintenance cost in this study is estimated as follows [33]:
Mice cost = 0L x (installed cost of all equipment or CAPEX) ()

Variable operating costs are the operating expenses that vary with either the units of materials
consumed or produced. These are mainly utilities and raw materials. In this study, they are limited to:

#  Cost of electricity consumed by the flue gas fan, pumps, and compressors

#  Costof steam consumption in the reboiler.

»  Cost of cooling water required by the coolers.

s  Cost of process (demineralized) water in the amine solution solvent and make-up water.

« Copstof solvent.

Each variable operating cost is estimated using Equation (10

Variable operating Eﬂﬁf(i) = Currsumpféan{%"t} it ;::ru'r;'{i . operational erers{h—r) (1)
yr ir wr

weenif
where the unit for electricity and steam consumption is KWh. The unit for all water and solvent is
m”. The assumptions for the fixed operating costs and unit prices of the variable operating costs are
given in Table 4. These costs are updated to 2020 from the references. The total annual operating
expenses (annual OPEX) is the sum of all the annual costs of fived operating costs and variable
operating costs. Costs for OO transport and storage, pre-production costs, insurance, taxes, first fill
cost, and administrative costs are not included in the OPEX.

Table 4. Operating cost data.

Unit Valuefunit * Reference
Steam EEWh 0.0E2 122
Electricity EkWh 032 [11]
Cooling water £m 0oz 1]
Waber (process] * £/'m* 0.103 [71]
MEA €/m* 2068 [
Maintenance 13 4% of CAFEX [71]
Oyperator E B85350 (% b operators) [11]
Engineer 3 Lésh 400 (1 engineer) [11]

* The costs have been escalated to January 2000
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2.9. Total Annual Cost and COs Caplured Cost

Total Annual Cost and CO; capture Cost are the bases for techno-economic analysis in this work.
The total annual cost is simply the sum of annualized CAPEX and yearly total operating cost as given
in Equation (11):

Total Annual Eas!(i] = Amnualized CAPEX (E] + Amnual OPEX (E] (11)
Lr yr wr

Most literature reports their results in CO; avoided cost [72,73], and CO; captured cost [74].

Therefore, it was important to perform our estimates with similar cost metrics for comparison with

other works. In this study, results are reported in CO; capture cost and total annual cost. In this work,

different scenarios of CO; capture plants with different heat exchanger types were compared. CO,

captured cost is the annual cost per ton or per kmol of CO; captured as expressed in Equations (12)
and (13):

€ Total Annual Cost (TAC) { %)
COscaptured cost = - (12)
prre (-l' Co, ] Mass 0 fCO5 captured {u-f;}
[
€ Total Annual Cost (TAC) {F]
COscaplured fm:{bﬁ'ﬂ: CD;] = (13)

Molar flow ofCO5 {L"u:"';l
3. Results and Discussion

3.1. Simulation Kesults

Prior to the CO; capture process's techno-economic analysis, it is essential to validate the process
simulation results by comparing them with existing studies. Table 5 presents the lean loading,
rich loading, and the reboiler heat consumption from this work and References [11,12,26,38,75,76].
The assumptions and specifications, including the flue gas composition (see Table 1) used in this work
are the same as Reference [11]. Both studies have almost the same lean loading and rich loading.
The reboiler heat calculated in this work was only 0.15% higher than Reference [11], with AT, of
5 °C in the LRHX. This slight difference was due to the slight difference in CO; removal efficiency,
as can be observed in Table 5. The reboiler heat consumption in this study was about 4% more than
Reference [11] when the AT, of the LRHX was set at 10 *C. This difference was also mainly because
of the difference in the CO; removal grade. A hypothetical exhaust gas composition of 25 mole%s of
CO; and 75 mole of Ny was assumed by Reference [38]. Compared to Reference [75], the results
are for flue gas from a coal-fired power plant, which is assumed to consist of 12-14 mole% of COs.
The exhaust gas composition in the case of Reference [12] is 11.5 vol.%, 6531 vol.%, 13.17 vol.%,
and 10 vol.% of CO;, N;, H,O, and O; respectively, together with 198 ppm NOx and 170 ppm Sox.
The flue gas composition in Reference [76] is 13.5 volume%, 5.5 vol.%, and 11vol.% of CO,, H;0,
and O _respectively. Three different CO; concentrations, 3-5 vol.% (combined-cycle gas turbine (CCGT)
applications), 13 vol.% (coal combustion) and 22 vol.% (specific applications like blast furnaces) were
tested in laboratory and pilot plants for 90% CO; capture. The calculated reboiler heat consumption
for the MEA cases in Reference [76] was 3.5-4.5 GJ/kg COs. These values were for the absorber with
intercoolers. It was a 4.6 G)/kg CO; standard absorber.
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Table 5. Process simulation results-comparison with literature.

Capture AT, Lean Rich P “‘““I_':‘:: ght  Reboiler Heat
Efficiency (%) [y ] Loading  Loading “ﬂ‘h;ﬂm. IG]HC0L)

85.04 5 0.26 0.47 15 383
This wrck: 85.03 10 0.26 047 15 4.08
84.92 5 0.26 047 15 382
Al etsl [11] 8478 10 0.25 048 15 391
Alie et al. [35] 2500 na 0.25 050 n.a 4.02
Kothandaraman [75] 85.00 10 0.25 0.50 17 425
Nwaoha et al. [12] 90,00 10 0.25 0.50 22 (36 stages) 386
Stec et al. [76] 84.00 na. 0.36 0.50 92 3.98
Just [75] (Pilot-test) 000 .. rLa. rLa. 11 4.0

na. = not available

Despite concentration differences of CO; in flue gas and absorption packing heights, this work’s
results were close to the results of the other references in Table 5. The range of reboiler heat demands
published in the literature for the standard case with ATy, of 10 °C is 3.2-5.0 GJ/t COy [1Z]. Therefore,
the results in this study are relevant for techno-economic analysis.

3.2. Capital Cost of the Base Case

The total capital expenditure or total investment cost (CAPEX) in this study was the sum of the
installed costs of all the equipment listed in Section 2.7 (EDF method). The installed cost of each
equipment and the CAPEX were estimated using Equations (1)-{6). The base case had UT-5THX as
the LEHX with AT, of 10 °C. The base case CAPEX was estimated to be €134.8 million, with a cost
period of January 2020.

Figure 2 presents a comparison of the estimated CAPEX with two other studies of amine-based
COy capture from a cement plant flue gas [11,12]. The same flue gas specification and similar process
and economic assumptions were used in the study published in Reference [11]. The study estimated
the CAPEX to be €131 million (updated to January 2020). The difference in CAPEX between this study
and Reference [11] resulted from the cost of compressors due to higher final CO; compression pressure
and the inclusion of the four separators’ cost in this study. The 4-stage compression was also assumed
in Reference [11] as done in this work. The final compressor’s outlet pressure was 96 bar, but in this
work, it was 151 bar [49]. Therefore, the purchase cost in this work was 1.7% higher than that of
Reference [11].

1348 138.8

1305

40 |
0 | 23.7 233 Ll

20
0 |
]

This work  Ali et al. (2019) Nwaoha et al.
(2018)

Total equipment cost & CAPEX, ME
= B3
o R }

B Total equip. Cost CAPEX/TPC

Figure 2. Comparison of total equipment cost and total capital investment (CAPEX) with other studies.
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The CAPEX in Reference [12] was estimated at €138.8 million (updated to January 2020); however,
the CO, capture rate was 90%. They obtained their equipment cost data from vendors and original
equipment manufacturers (OEM). They also assumed that all equipment was manufactured from
stainless steel (S5316). In this work and Reference [11], the flue gas fan and the compressors’ casing
material were assumed to be made from carbon steel. In Reference [12], other cooling water pumps for
the condenser, four intercoolers, lean amine cooler, and clean gas cooling were included, which were
not included in this study since the focus is on the LRHX. The additional equipment together with the
material of construction of the compressors’ casing and blower rather than the source of equipment cost
data may be the main reason for the 18.6% higher total equipment cost in Reference [12]. That implies
that the total equipment costs obtained directly from vendors and OEM are close to those of this work
obtained from Aspen In-plant Cost Estimator version 11.

The EDF method applied for estimating the total capital investment (CAPEX) in this work applied
distinct installation factors to each piece of equipment, unlike the method developed by Reference [12]
based on the methodology published in References [61,62]. The ratio of CAPEX to total equipment
costs in this work was 5.68. In [11], it is 5.59, and in Reference [12], it is 4.94 for the MEA system
and 5.46 for the AMP-PZ-MEA process. These values show that applying the Lang factor value of
4.74 (for fluids processing plants) will not yield very good results in preliminary cost estimation [56].
The CAPEX in this work was 3.3% higher than that of Reference [11], and that of Reference [12] was
2.9% higher than this work. The LRHX is the equipment of interest in this work, and it is the second
most expensive equipment in the process. It accounts for 30% of the CAPEX.

3.3. Total Annual Operating and Maintenance Costs (O&M)

The total annual operating and maintenance (O&M) costs estimated for the base case in this study
was €58 million/year. This consisted of an annual fixed operating cost of €6 million/year, of which the
annual maintenance cost was €5 million/year, and the variable operating cost was €52 million/year.
The maintenance cost was estimated using Equation (9), and Equation (10) was used to estimate
the variable operating costs. The annual OPEX in this study was 11% higher than Reference [11].
The reason was that the unit cost of steam [22] in this study was higher. In addition, the maintenance
cost due to the higher CAPEX was more in this study. Figure 3 shows the proportions of energy
consumption by different equipment. Steam consumption in the reboiler accounts for 66% of energy
consumption. In Reference [26], steam consumption accounted for 60% of energy consumption.
Electricity consumption accounts for the remaining 34%, of which the compressors account for 27%.

70
3{ 60
—
é 50
7]
‘_5- 40
g 30 27
>
4
@ 20
w
10 5 2
0 j — |

Fluegasfan Reboiler Pumps Compressors

Figure 3. Overview of energy consumption.
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34 Total Anmual Cost of the Base Case

The total annual cost for the base case was estimated using Equation (11). The total annual cost was
estimated to be €7 1million/vear, of which the annualized CAPEX is €13 million/year. The annualized
CAPEX was evaluated using Equations (7) and (8). The annualized factor for 25 years of plant life with
a two-year construction period was 10.81. An overview of the total annual cost is given in Figure 4.
The highest contribution to the total annual cost was the cost of steam consumption as expected, and it
was 45% of the total annual cost. Steam consumption in Reference [11] accounts for 42% of the total
annual cost. In Reference [31], it is 39%. Annual electricity consumption cost was the second-highest
cost (19%), which was followed by annualized CAPEX (18%). Annual maintenance cost had the
fourth-highest contribution (8%).
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Figure 4. Annual cost distribution.
35, COy Capture Cost of the Base Case

C0y capture cost per ton of OOy is one of the common metrics employed in assessing the
performance of COs capture technology. In this work, we also evaluated the capture cost in €/kmol COk.
The base case OOy capture cost was evaluated to be €81.89/8C00 or €3.60/kmol COs. This was higher
than the values published in some literature for amine-based post-combustion COy capture (PCC)
from flue gas exiting a cement manufacturing process [28,30,32]. Those literature values range from
€53 to 714005 (updated to 2020). However, Referemce [12], with 901 COs capture efficiency, estimated
the COn capture cost to be €884C0, (in 2020 value). The representative value of capture cost for
power-plants’ post-combustion capture systems has been estimated to be €77/#C 04 by Reference [10].
Generally, the published estimates according to [11] are in the range of €50/tC0, to €128/tC0s (updated
to 2020 as €55/t00% to €140 100 ).

Differences in cost estimates of OOy capture processes always exist mainly because of the
differences in the scope of the process, location (country) of the capture plant, methods employed for
the cost estimation, and techno-economic assumptions made [11]. Therefore, each study’s scope and
assumptions must be clearly stated as done in this work [10,63]. However, there are two main reasons
why the estimated capture cost in this study is higher than those published in some of the literature
mentioned above for post-combustion carbon capture in the cement industry. Firstly, in the literature,
the annual Oy captured is relatively higher than in this study In this study, the annual COy captured
is 865,421 tons of OOy per year, while it is equal to or greater than one million (1,000,000) tons of COs
per vear in those studies [12]. The economic assumptions for estimating variable costs, especially the
unit costs of steam and electricity, were seemingly higher in this study. The price of energy depends on
the location and sometimes seasor.
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3.6, Capital Cost of the Different Plant Scenarios

As stated earlier, the reference case is the standard C0% capture plant scenario with a UT-5THX as
LEHX of the system. While the other cases include the use of FTS-5THX, FH-STHX, FDP-HX, W-PHE,
and G-PHE. All the heat exchangers discussed in this subsection have a ATy, of 10 °C.

The different equipment cost contributions to capital investment, and their purchase costs can be
seen in Figure 5. The three shell and tube heat exchangers; each have a significant contribution to their
various CAPEX. We could observe that the lean/rich heat exchanger’s cost contribution was reduced
considerably by replacing the UT-STHX in the base case scenario and the cases having FTS-5THX and
FH-STHX with the PHEs.

B0
g__EEI
Eﬂ-ﬂ
glﬂ
£ 20
s‘I.I:I
gu ______ '-"-"-ﬂ-n'-"ﬂ""_f-
; siiiiiigiig
; %EEEEHEHE
S &

DEquipment installed cost

Figure 5. Equipment purchase and installed costs, including the four different types of heat exchangers.

The capital cost, heat exchanger purchase costs and installed costs, the number of heat exchangers,
and the proportion (%) of each heat exchanger’s contribution to the CAPEX for each capture plant
scenario are presented in Figure 6. The finned double-pipe heat exchanger (FDP-HX) has the highest
cost and the highest number of units. Its contribution to the CAPEX was 5% more than that of the base
case scenario. The FTS-STHX and FH-STHX scenarios had contributions of 2% and 3%, respectively,
higher than the base case heat exchanger scenario contribution to CAPEX. The capture plant scenarios
of using W-PHE and G-PHE gave significantly lower purchase costs, installed costs, and CAPEX
compared to the other options. The G-PHE contribution to CAPEX was only 7.6%, which was just
about a quarter of the base case's contribution to CAPEX. In addition, it merely requires seven units
of 1583 m? each compared to 23 units of 963 m* required if any of the STHXs is used. The W-FHE
scenario required an extra €2 million in CAPEX compared to the G-PHE case. The option with the
FDP-HX requires 25 units of 886.4 m” each.

Selecting G-PHE as LEHX instead of the base case option will vield €33 million (24%) savings in
CAPEX, which has the third-highest contribution to total annual cost and O capture cost in the base
case (Figure 4). The FH-STHX is the most robust heat exchanger among the options examined, but the
resulting CAPEX for selecting the FH-STHX is €6 million (5%) more than the base case. The percentage
contribution of each piece of equipment to the CAPEX in each scenario is shown in Figure 7.
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Figure 6. Overview of the number of HX units, HX purchase cost, HX installed costs, CAPEX, and % of
HX/CAPEX af the different caphure plant options with different HXs [HX stands for heat exchanger].
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Figure 7. Contribution of each equipment to the CAPEX of the different scenarios.

These results revealed that the difference in total capital cost among the different capture plant
scenarios due to the differences in the cost of the heat exchangers in each case is in millions of Euros
IME). The gasketed-plate heat exchanger saves space and saves costs. Using G-FPHE instead of the
STHXs yields €33 million—€39 million in CAPEX, depending on the type of STHX. About €43 million
and €2 million in CAPEX can be saved using G-FHE instead of using the finned double-pipe heat
exchanger and welded-plate heat exchanger, respectively. This is significant, and it shows that it is
important to state clearly the exact type and not just the broad classification of the heat exchanger used
as LEHX. That will enhance the transparency of C(% capture cost estimation studies, enabling a better
comparison with other studies.
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3.7, Comparison of Total Annual Costs and Capture Costs of the Different Plant Options

The total anmual cost differences among the six cases were mainly due to the differences in CAPEX
(annualized CAPEX), which also brought about the differences in maintenance costs. The plate heat
exchangers have a higher annual electricity cost compared to the other cases. This is because they
have small channels. Thus, the pressure drop is higher, and as such, the process with the PHEs
designs imcurs higher pumping duties by the rich pump and lean pump. The maximum pressure
drop allowable in the tubes of shell and tube heat exchangers is between 0.5-0.7 bar [20], while it is
1 bar [25,77] for the plate and frame heat exchangers. Therefore, in this study, an additional (L5 bar
pressure drop exceeding that for the STHXs was assumed for the PHEs. The economic implication is
an additional pumping (electricity consumption) cost of €94,116/vear for both the rich pump and lean
pump. Even though this is substantial, the lower maintenance costs (4% of CAPEX) of the PHEs are
above €1 million less than the other cases.

Figure & presents the total annual cost together with the cost distribution of all the scenarios.
The option with G-PHE, which costs €67 million/year, saves €4 million/year (6%:) compared to the base
case. The Oy capture plant scenarios with the more robust STHX options, FTS-STHX and FH-5THX,
cost €0.6 million/vear and €0.8 million/vear, respectively more than the base case, while the FDP-HX
costs € 1.4 million/year more.
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Figure B. Comparison of botal annual cost distributions.

The G-PHE option's COy capture cost was €77/4C0 (€3.4/kmol C0s), which was about €5/0C0,
less than the base case. That of the W-PHE is €0 3/tC0 more than the G-PHE scenarie. In total annual
cost, it amounts to €259,000/year, higher than the G-PHE case. The use of any other more robust STHXs
will incur only about €1/tC0> more than the base case.

A summary of the different C0% capture plant’s cost performance scenarios is presented in Table 6.
The cost performance of the G-PHE case is compared with the other scenarios in Table 7. The G-FHE
dominates as the promising option, as evident in Tables & and 7. Megative values represent savings in
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cost. The savings in total annual costs and COb capture costs are substantial, ranging from 6% to 7% if
G-PHE is used instead of the STHXs, about 8% instead of using the FDP-HX.

Table &. Cost performance of all the capture plant scemarios.

Different CO0: Capture Plant Scenarios
UT-STHX FISSTHX FH-5THX FDP-HX W-FHE G-FHE

Heat exchanger cost 1L16 1252 1290 13.97 120 1.76
Moo of heat exchangers 13 23 23 25 7 7
Heat exchanger installed costs 045 45 3% d6.76 5063 870 776
CAPEX (ME) 13480 13975 141.12 14499 104.01 10206
Annualired CAPEX (ME) 1247 1293 1306 13.42 9A3 944
Mambenance coest (ME/ year) 539 3.59 564 380 4.16 4.08
OPEX (ME/ year) S5E4D SRA 5665 58.R1 57.2h 5718
Total annual cost (ME year) LB 71.53 71.71 e B6BE 6hA2
Lk capture cost (E8CCk) BLE9 BLA5 B2RA B3.45 7.9 7699
U0 capture cost (£ kmol OO ) 360 36d 365 IRT 341 ix

Table 7. Comparison of cost performance of the G-PHE capture plant scenario with other plant scenarios.

Different OO Capture Flant Scenarios
UT-5THX FIS5-5THX FH-5THX FDPF-HX W-FHE

'_':a\':il'l.t;:t:in CAPEX (ME) =327 -37.69 =306 —42493 =155
Savings in total annual cost (M€ year) —4.35 —4.91 -5 —5.60 -0.17
Savings in capture cost (€600 -4 -566 -5E7 —6.46 -0.19
savings in capture cost (€/kmal O0n) -(1.72 =2 -0.37 .29 -n.o2
Ha Sﬂl‘il‘lgﬁ in CAPEX (%) -243 =27.0 =57 =296 -1.9

Y Savings in caphure cost (%) —fi.[} —6.B =71 =77 -4

3.8, Sensitivity Analysis of Energy Costs and Capital Investment

Energy costs (steam and electricity) and annualized capital cost account for the two highest
contributions to the total annual cost {Figure 5) and, by implication, the O0s capture cost. Market
prices for a unit cost of energy vary from place to place and from season to season, especdially in Morway:
In addition, the unit cost of energy today may be very different in five, ten, or twenty years. Factors
like the energy source, the environmental implication of generating the energy, and even social or
political perspective or influence may affect the energy cost.

Steam is assumed to be supplied from an external source in this study. Using excess heat will have
a considerable impact on the capture cost, but that is not in this study's scope. The C04 emissions in
the production of the steam used were not considered. Fluctuation in energy prices could be high;
therefore, a probable range of £50% [11] was applied to study the energy price’s sensitivity on the
capture cost. The sensitivity of capital cost on the C04 capture cost was also investigated. This method
and study fall under the “study estimate” {factored estimate) documented in [15]. The probable
accuracy is £30%. Thus, a probability range of +30% is appropriate for the capital investment.

Figures Y—14 present the sensitivity analysis results for the six different capture plant scenarios.
The price of steam is represented with a golden dash-dot-dot-dash line, and it has the strongest
influence in all the scenarios. This can be understood from Figures 4, 5 and 8. The impact is highest in
the PHE case berause the capital cost contribution is much reduced. [t is least in the plant scenario with
FDP-HX since the CAPEX is increased due to the heat exchanger's high equipment cost and installed
cost. The influence of increase or decrease in the cost of steam was £22 4%, £22 2%, £22 1%, £22 (M,
and +23.8% for the base case with a UT-5THX, FTS-5THX, FH-STHX, FDP-HX, and FHE, respectively.
The PHE scenarin’s capture cost can decline to €59/8C00% or rise to €95/tC0s. The base case capture cost
will decrease to €640k or increase to €100/tC0s. In the cases of the STHXs and FDP-HX, fluctuations
in electricity cost can cause between +11% and +11.5%, while it is £12% in the case with PHE.
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Figure 14 Sensitivity of important economic variables on the capture cost of the G-PHE case.

The CAPEX is represented with a dash-dash blue line. Its impact on the capture cost was
approximately +8% for the STHXs and FDP-HX, and around +6% for the FHE scenario where the
CAPEX is lower. A decrease in the cost of the heat exchanger has effects of about <3% to <1% for the
STHXs and FDP-HX. An increase in the equipment purchase price will lead to an increase of 2% to 3%
in the capture cost for these four scenarios. An increase and decrease in the plate heat exchanger cost
will cause less than =0.5% effect on the CO% capture cost.

Comparing Figures 9-13 with Figure 14, the difference in the influences of electricity cost and
CAPEX is wider due to the large reduction in CAPEX by selecting PHE instead of the other heat
exchangers. In addition, if excess heat is available, the FHE scenario will have a far higher economic
advantage over the other options.

3.9, Discussion of Technical Considerations

The shell and tube heat exchangers are the most common [18-20], and the most technically
robust [15] heat exchangers, and they can be applied in all processes. The G-PHE is technically
good for low-pressure heat exchanges between liguid streams [1%]. The STHXs have well-established
design codes, standards, and specifications, which are not available for the PHEs [19,20]. Thus,
design uncertainties will be higher for the PHEs [78]. The tubular exchangers can withstand higher
pressures, higher pressure differences, and lesser pressure-drop compared to the PHEs. The tubular
heat exchangers also have a higher temperature and higher temperature difference tolerances [18,20].
That implies the tubular exchangers have better thermal strength and stability. However, the plate heat
exchangers by far have a higher overall heat transfer coefficient (U-values) [1%]. In addition to the
higher U-values of the PHEs, they have an order of magnitude more surface area per unit volume than
the tubular heat exchanger [18]. According to [19], the PHE can provide 500% of the STHX's thermal
capacity for the same size.

132



Aromada (2022): Cost estimation methods for CO, capture processes

Erergies 2020, 13, 6315 20 of 27

The G-PHEs have flexibility and ease of maintenance, and lower maintenance costs compared to
the STHXs and FDP-HX. The plates of the G-PHE can simply be removed and replaced at relatively
low cost. The W-PHE is designed to address the temperature and pressure limitations of G-FHE [18].
However, they lack the maintenance advantage of the G-PHE and usually cost about 20-35% more [15].
The FTS-5THX and FH-5THX require mechanical cleaning of the tube’s inner-walls, but the outer
walls of the tube can either be cleaned mechanically or chemically [158]. The tubes of the UT-5THX and
W-PHE require chemical cleaning.

4. Conclusions

The cost implications of selecting six different heat exchangers for an 85% amine-based COy
capture process has been studied. The technical applicability or suitability of the heat exchangers are
also reviewed, highlighting selection criteria. The difference in total capital cost among the different
capture plant scenarios due to the different costs of the main heat exchangers in each case is in millions

of Euros. The gasketed-plate heat exchanger saves significant space and saves much cost. Using
-PHE instead of the STHXs vields €33 million-£39 million in CAPEX, depending on the type of STHX.
About €43 million and €2 million in CAPEX can be saved by replacing either the finned double-pipe
heat exchanger or welded-plate heat exchanger, respectively, with G-PHE. This is significant, and it
shows that it is important to state clearly the exact type and not just the broad classification of the
heat exchanger used as LRHX. That will enhance the transparency of C0 capture cost estimation
studies, enabling a better comparison with other studies. The G-PHE is, therefore, the most promising
option. The savings in total annual costs and CO4 capture costs are substantial, ranging from & to 7% if
(-PHE is used instead of the STHXs. The G-PHE drawbacks are not important in an amine-based CO»
capture process; they meet the process’s technical requirements. That is also the most economical and

ecological option.
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Appendix B

Figure Al The Aspen HYSYS simulation process flow diagram.

Appendix C

Table A2. Columns and pressure vessel dimensions and purchase costs from Aspen In-Plant Cost
Estimator V11 (purchased cost year: 2018).

Outer Tangent-to-Tangent
Material Diamet Height Purchase Cost
{mil Im) {1000 = €)
Shell 55316 .58 40 2046
Absorber  puing  Mellapack
(structured) MISOYE 6.51 15 1765
Shell 55316 224 25 k=L
Desorber  pocking Mellapack s 10 -
(structured) MISOYE
Shell 55316 15
DCC undt Packing Mellapack 494 ) 1766
(structured) MISOYE
Separator 1 55316 279 B4 156
Separator 2 55316 205 B2 Gt
Separator 3 55316 158 4B 108
Separator 4 55316 115 a5 1213

Table A3. Pumps dimensions and purchase costs from Aspen In-Plant Cost Estimator V11 (purchased

cost year: 2018).
Material  Flowrate Dhuty No. of Units Purchase Cost/Unit
(Lfs) (W) I} 11000 = €)
DCC pump 55316 182688 4389 1 B559
Rich pump 55316 6584 249 1 2129
Lean pump 55316 B9 2780 i 2509
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Table Ad. Heat exchange equipment dimensions and punchase costs from Aspen In-Plant Cost Estimator
V11 {purchased cost year: 2018).

Material Total Heat Transfer Area Mo, of Units Parchase Cost/Unit

im) =) (1000 = €
LEHX {LIT-5THX] 55316 9a15 n 4855
LEHX (FTS-STHX) 55316 9a15 n 5445
LEHX {FH-5THX}) 55316 Sa15 n 561.0
LEHX (FIN*HX) 85316 B&h.d ol 558.58
LEHX {G-FHE) 85316 14773 15 2354
Eeboiler [Kettle-type) 55316 9745 4 Ty
Lean MEA cooler -
{UT-STHX) 55316 O3R.2 3 4585
DT conler (LUT-STHX) 85316 6997 1 36658
Condenser (UT-5THX) 85316 193.4 1 118.5
Condensate cooler
{UT-STHX) 55316 4201 1 2488
Intercooler 1 {UT-STHX) 55316 105.6 1 3
Intercooler 2 (UT-STHX) 55316 62 6 1 M7
Intercooler 3 (UT-STHX) 85316 722 1 5R.6
Intercooler 4 (UT-5THX) 55316 1.6 1 1304

Table A5. Compressors and fue gas fan dimensions and purchase costs from Aspen In-Plant Cost
Estimator V11 (purchased cost year: 2018).

Materi Inlet Orutlet Gas Purchase
al Pressure Pressure Flowrate Duty CostUnit
{bar) (bar) {m’ /h) kW) (1000 x €
Compressors 1 s 15 4.8 48,418 3549 532
Compressors 2 s 4.3 1376 14,523 53 X369
Compressors 3 s 1326 db.41 4147 337 1945
Compressors 4 s 4591 151.1 1014 37 1981 8
Flue gas fan s 1M 1.21 L el 05 4824
References
1. Karimi, M.; Hillestad, M.; Svendsen, HE Capital costs and energy considerations of different alternative

stripper configurations for post combustion OO capture. Chemr. Eng. Res. Des. 2001, 89, 12291236
[CrossRet]

IEA Greenhouse Gas RE&D Programme (IEAGHG). Assesement of COy Capdiere Technologies and Their Potential
to Redicce Costs; Report 2004/ TRLA; IEAGHG: Cheltenharm, LTE, 2014

Singh, J.. Dhar, D.W. Overview of carbon capture technology: Microalgal biorefinery concept amd
state-of-the-art. Frowl. Mar. Sci 2009, 6, 29 [CrossRef]

Rubin, E.; De Coninck, H. IPCC Special Report on Carbon Diioxide Captare and Storage; TN (2004): Cost Curves
for CO; Storage; Cambridge University Press: Cambridge, UK, 2005; Volume 2, p. 14,

EPA. Carbon Dioxide Capture and Sequestration: Owerview. 2017, Available onlime:  hitps.y
archive epa gov/epa/climatechange/carbon-dioxide-capture-and-sequestration-overview himl (accessed
on 27 Movember 2019).

IEA. Carbon Capture and Storage. 2018, Available online: hitps:'www.iea.org/toplcs/earbone-capture-
storage) (accessed on 27 Movember 3019).

Lam, M.K.; Lee, K.T.: Mohamed, A.R. Current status and challenges on microalgae-based carbon capture.
Il [ Greenh. Gas Condreld 2002, 10, 456469 [CrossRef]

Hassanpouryouzband, A Joonaki, E.; Farahand, M.V Takeya, 5 Ruppel, C.; Yang. |.; English, N.J.;
Schicks, | M.; Edlmann, K_; Mehrabdan, H.; et al. Gas hydrates in sustainable chemistry. Chem. Soc. Bep. 2020,
49, 5X5-539. [CrossRef] [PubMed]

136



Aromada (2022): Cost estimation methods for CO, capture processes

Emeryies 2020, 13, 6315 Uof27

10.

1L

12.

13.

14

15.
16.

17.

18.

19.

21

24.

26.

27.

3L

Ferandez, ES.; Bergsma, E J.; de Miguel Mercader, F; Goetheer, E.L.; Vlugt, T.]. Optimisation of lean vapour
compression (LVC) as an option for post-combustion CO; capture: Net present value maximisation. Inl. |
Greenh. Gas Control 2012, 11, 114-121. [CrossRef]

Rubin, ES; Davison, |.E.; Herzog, H.]. The cost of CO; capture and storage. Inl. . Greenh. Gas Conltrol 2015,
40, 378—400. [CrossRef]

Ali, H.; Eldrup, N.H.; Normann, F; Skagestad, R_; @i, L.E. Cost Estimation of CO; Absorption Plants for
CO; Mitigation-Method and Assumptions. Inl. |. Greenh. Gas Control 2019, 88, 10-23. [CrossRef]

Nwaoha, C.; Beaulieu, M.; Tontiwachwuthikul, P; Gibson, M.D. Techno-economic analysis of CO; capture
from a 1.2 million MTPA cement plant using AMP-PZ-MEA blend. Int. |. Greenh. Gas. Control 2018, 78,
400-412. [CrossRef]

Rao, A.B; Rubin, ES. A technical, economic, and environmental assessment of amine-based CO; capture
technology for power plant greenhouse gas control. Environ. Sci. Technol. 2002, 36, 44674475, [CrossRed]
Rao, A.B.; Rubin, ES. Identifying cost-effective CO; control levels for amine-based CO; capture systems.
Ind. Eng. Chem. Res. 2006, 45, 2421-2429. [CrossRed]

Rochelle, G.T. Amine scrubbing for COz capture. Science 2009, 325, 1652-1654. [CrossRef] [PubMed]
Abu-Zahra, M.R; Schneiders, LH.; Niederer, |.P; Feron, PH.; Versteeg, G.F. CO; capture from power plants:
Part 1. A parametric study of the technical performance based on monoethanolamine. Int. |. Greenh. Gas
Control 2007, 1, 3746. [CrossRef]

Aromada, S.A; @4, LE. Energy and economic analysis of improved absorption configurations for CO,
capture. Energy Procadia 2017, 114, 1342-1351. [CrossRef]

Peters, M.S.; Timmerhaus, K.D.; West, R.E. Plant Design and Economics for Chemical Engineers, 5th ed.;
McGraw-Hill Companies, Inc: Singapore, 2004.

Kaelin, J. Plate and Frame Heat Exchangers Explained: Thermaxx Jackets. 2015. Available online: hitps:
[fwww.thermaxxjackets.com/plate-and-frame-heat-exchangers-explained/ (accessed on 26 August 2020).
Sinnott, R.; Towler, G. Chemical Engineering Design; Butterworth-Heinemann: Oxford, UK, 2009; ISBN
978-0-7506-8551-1.

Li, K; Leigh, W,; Feron, P; Yu, H.; Tade, M. Systematic study of aqueous monoethanolamine (MEA)-based
CO; capture process: Techno-economic assessment of the MEA process and its improvements. Appl. Energy
2016, 165, 648-659. [CrossRed]

Husebve, |.; Brunsvold, A_; Roussanaly, S.; Zhang, X. Techno economic evaluation of amine based CO,
capture: Impact of CO, concentration and steam supply. Energy Procedia 2012, 23, 381-390. [Cros=Ref]
Raksajati, A.; Ho, M.T_; Wiley, D.E. Reducing the cost of CO; capture from flue gases using aqueous chemical
absorption. Ind. Eng. Chem. Res. 2013, 52, 16887-16901. [CrossRef]

Zohuri, B. Heat Exchanger Types and Classifications. In Compact Hent Exchangers; Springer International
Publishing: Cham, Switzerland, 2017; pp. 19-56. [CrossRef]

Haslego, C_; Polley, G. Designing plate-and-frame heat exchangers. Chem. Eng. Prog. 2002, 98, 32-37.
Kothandaraman, A. Carbon Dioxide Capture by Chemical Absorption: A Solvent Comparison Study.
Ph.D. Thesis, Massachusetts Institute of Technology, Cambridge, MA, USA, June 2010; 263p.

Feron, P.; Cousins, A; Jiang, K.; Zhai, R.; Thiruvenkatachari, R.; Bumard, K. Towards zero emissions from
fossil fuel power stations. Int. |. Greenf. Gas Control 2019, 87, 188-202. [CrossRef]

IEA Greenhouse Gas R&D Programme. CO, Capture in the Cement Industry; 2008/3; [EAGHG: Cheltenham,
UK, 2008.

IEA Greenhouse Gas R&D Programme. Deployment of CCS in the Cement Industry; 2013/19; IEAGHG:
Cheltenham, UK, 2013.

Ho, M.T; Allinson, G.W.; Wiley, D.E. Comparison of MEA capture cost for low CO; emissions sources in
Australia. Int. |. Greenh. Gas Control 2011, 5, 49-60. [CrossRef]

Hassan, SM.N.; Douglas, P.L; Croiset, E. Techno-Economic Study of CO, Capture from an Existing Cement
Plant Using MEA Scrubbing. Int. |. Green Energy 2007, 4, 197-220. [CrossRef]

Hegerland, G; Pande, |.O.; Haugen, HA; Eldrup, N.; Tokheim, L A_; Hatlevik, LM. Capture of CO; from a
cement plant—Technical possibilities and economical estimates. In Proceedings of the 8th Greenhouse Gas
Control Technologies Conference, Trondheim, Norway, 19-22 June 2006.

137



Aromada (2022): Cost estimation methods for CO, capture processes

Emergaes 2020, 13, 6315 2BS0f27

33. Liang, X Li, J. Assessing the value of retrofitting cement plants for carbon capture: A case study of a cement
plant in Guangdong, China. Energy Convers. Manag. 2012, 64, 454—465. [CrossRef]

Olivier, J.; Janssens-Maenhout, G_; Muntean, M.; Peters, J. Trends in Global CO; Emissions; 2016 Report; PBL
Netherlands Environmental Assessment Agency: The Hague, The Netherlands; European Commission,
Joint Research Centre: Ispra, ltaly, 2016.

35. Roussanaly, S.; Fu, C; Voldsund, M.; Anantharaman, R.; Spinelli, M.; Romano, M. Techno-economic analysis
of MEA CO; capture from a cement kiln—Impact of steam supply scenario. Energy Procedia 2017, 114,
6229-6239. [CrossRef]

36. Cormos, AM_; Cormos, C.C. Reducing the carbon footprint of cement industry by post-combustion CO,
capture: Techno-economic and environmental assessment of a CCS project in Romania. Chent. Eng. Res. Des.
2017, 123, 230-239. [CrossRed]

37. Onarheim, K.; Gardarsdottir, 5.0.; Mathisen, A_; Nord, L.O.; Berstad, D. Industrial Implementation of Carbon
Capture in Nordic Industry Sectors; Nordic CCS Competence Centre NORDICCS: Copenhagen, Denmark, 2015.
Alie, C; Backham, L; Croiset, E.; Douglas, PL Simulation of CO; capture using MEA scrubbing: A flowsheet
decomposition method. Energy Convers. Manag. 2005, 46, 75-487. [CrossRef]

Gervasi, J.; Dubois, L.; Thomas, D. Simulation of the post-combustion CO; capture with Aspen HysysTM
software: Study of different configurations of an absorption regeneration process for the application to
cement flue gases. Energy Procedia 2014, 63, 1018-1028. [CrossRef]

40. Jakobsen, |.; Roussanaly, S.; Anantharaman, R. A techno-economic case study of CO; capture transport and
storage chain from a cement plant in Norway. |. Clean. Prod. 2017, 144, 523-539. [CrossRef]

41.  Lara-Gil, ].A_; Senes-Guerrero, C.; Pacheco, A. Cement flue gas as a potential source of nutrients during CO,
mitigation by microalgae. Algal Res. 2016, 17, 285-292. [CrossRed]

42. @4, LE. Aspen HYSYS simulation of CO; removal by amine absorption from a gas based power plant.
In Proceedings of the 48th Scandinavian Conference on Simulation and Modeling (SIMS 2007), Giteborg,
Sweden, 30-31 October 2007; Linkoping University Electronic Press: Linkoping, Sweden, 2007; Volume 27,
pp-73-81.

43.  Aromada, S.A; 0, L. Simulation of improved absorption configurations for CO; capture. In Proceedings

of the 56th Conference on Simulation and Modelling (SIMS 56), Linkoping, Sweden, 7-9 October 2015;

Linksping University Electronic Press: Linkping, Sweden, 2015; Volume 119, pp. 21-29.

Andersson, V.; Franck, PY; Berntsson, T. Techno-economic analysis of excess heat driven post-combustion

CCS atan ol refinery. Int. |. Greenl. Gas Control 2016, 45, 130-138. [CrossRef]

@i, L.E. Removal of CO; from Exhaust Gas. Ph.D. Thesis, Department of Process, Energy and Environmental

Technology, Telemark University College, Porsgrunn, Norway, 2012

Kallevik, O.B. Cost Estimation of CO; Removal in HYSYS. Master’s Thesis, Hogskolen | Telemark, Telemark,

Norway, 2010.

47. Lassagne, O.; Gosselin, L; Désilets, M_; lliuta, M.C. Techno-economic study of CO; capture for aluminum
primary production for different electrolytic cell ventilation rates. Chem. Eng. |. 2013, 230, 338-350. [CrossRef]

48. Jensen, M_; Cowan, R; Pei, P; Steadman, E; Harju, J. Opportunities and Challenges Associated with CO;
Compression and Transportation During CCS Activities; Contract DE-FC26-05NT42592; Energy and Environment
Research Center: Grand Forks, ND, USA, 2011.

49. NETL. CO; Compression. Available online: hitps://netl.doe.gov/coal/carbon-capture/compression {accessed
on 23 June 2019).

50. Aromada, S.A.; Kvamme, B. Production of Methane from Hydrate and COz Zero-Emission Concept.
In Proceedings of the 10th EUROSIM2019 Congress, Logrofio, Spain, 1-5 July 2019; pp. 1-6.

51. Aromada, S.A; Kvamme, B.; Wei, N_; Saeidi, N. Enthalpies of hydrate formation and dissociation from
residual thermodynamics. Energies 2019, 12, 4726. [CrossRef]

52. Hassanpouryouzband, A.; Yang, J.; Okwananke, A.; Burgass, R; Tohidi, B; Chuvilin, E.; Istomin, V_;
Bukhanov, B. An Experimental Investigation on the Kinetics of Integrated Methane Recovery and CO,
Sequestration by Injection of Flue Gas into Permafrost Methane Hydrate Reservoirs. Sci. Rep. 2019, 9, 1-9.
[CrossRef] [PubMed]

&

138



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 2020, 13, 6315 260627

53.

4

69.

70.
71

72

73.

74.

75.
76.

Kvamme, B.; Aromada, S.A.; Kuznetsova, T.; Gjerstad, P.B.; Canonge, P.C_; Zarifi, M. Maximum tolerance for
water content at various stages of a natuna production. Heat Mass Transf. 2019, 55, 1059-1079. [CrossRef]
Ahn, H.; Luberti, M_; Liu, Z_; Brandani, 5. Process configuration studies of the amine capture process for
coal-fired power plants. Inl |. Greenh. Gas Control 2013, 16, 29—40. [CrossRef]

Amrollahi, Z; Ystad, PAM,; Ertesvag, 1S, Bolland, O. Optimized process configurations of post-combustion
CO; capture for natural-gas-fired power plant-Power plant efficiency analysis. Int. |. Greenth. Gas Control
2012, 8, 1-11. [CrossRef]

Lang, H]. Simplified approach to preliminary cost estimates. Chem. Eng. 1948, 55, 112-113.

Hand, W.E. From flow sheet to cost estimate. Pet. Refin. 1958, 37, 331.

Guthrie, KM. Capital cost estimation. Chent. Eng. 1969, 76, 114-142.

Guthrie, K.M. Processing Plant Estimating, Evaluation, and Control; Craftsman Book Company of America:
Carlsbad, CA, USA, 1974,

Gerrard, AM. Guide to Capital Cost Estimating; Institute of Chemical Engineers (IChemE): Warwickshire,
UK, 2000

NETL Cost Estimation Methodology for NETL Assessments of Power Plant Performance; U.S. Department of
Energy, National Energy Technology Laboratory: Pittsburgh, PA, USA, 2011.

Turton, R.; Shaeiwitz, |.A.; Bhattacharyya, D.; Whiting, W.B. Analysis, Synthesis and Design of Chemical
Processes, 5th ed.; Prentice Hall: Boston, MA, USA, 2018; ISBN 978-(-13-417740-3.

van der Spek, M.; Roussanaly, S.; Rubin, ES. Best practices and recent advances in CCS cost engineering and
economic analysis. Int. |. Greenh. Gas Control 2019, 83, 91-104. [CrossRef]

Kvamsdal, H.; Mejdell, T; Steineke, F; Weydal, T; Aspelund, A; Hoff, K.A.; Skouras, S; Barrio, M.
Tjeldbergodden Power/Methanol—CO; Reduction Efforts SP 2: CO; Capture and Transport; TR A6062; SINTEF
Energy Research: Trondheim, Norway, 2005.

Kesco, B.H. Heat Exchangers; Course Material for Queens University (CHEE 470—Fall 2008); Queen's
University: Kingston, ON, Canada, 2008.

Yu, F. Process Design for Chemical Engineers; Amazon CreateSpace: Scotts Valley, CA, USA, 2014.

CheGuide. Vapor Liquid Separator: A Guide for Chemical Engineers Working in Process Industry. Available
online: hitps://cheguide.com/vapor_liquid_separatorhtml (accessed on 27 July 2020).

Peters, M.S.; Timmerhaus, K.D.; West, RE. Equipment Costs for Plant Design and Economics for
Chemical Engineers. Available online: hitp//www.mhhe.com/enges/chemical/peters/data/ (accessed on
26 February 2020).

SSB (Norwegian Statistisk Sentralbyrd). Industrial Cost Index. Available online: hitps//www.ssbnojen
(accessed on 25 January 2020).

Norgesbank Webpage. Available online: hitps.//www.norges-bank no (accessed on 25 January 2020).
IEAGHG. Crileria for Technical and Economic Assessments of Plants with Low CO; Emissions; International
Energy Agency Greenhouse Gas Program: Cheltenham, UK, 2009.

Rubin, ES. Understanding CSS the pitfalls of cost estimates. Int. |. Greenh. Gas Control 2012, 10, 181-190.
[CrossRef]

IPCC. Special reports on carbon dioxide capture and storage. In Intergovermmental Panel on Climate Change;
Metz, B., Davidson, O, de Coninck, H, Loos, M., Mever, L., Eds.; Cambridge University Press: Cambridgde,
UK, 2005; 431p.

Zhai, H.; Rubin, E.S. Techno-economic assessment of polymer membrane systems for postcombustion carbon
capture at coal-fired power plants. Environ. Sci. Technol. 2013, 47, 3006-3014. [CrossRef]

Just, PE. Advances in the development of COz capture solvents. Energy Procedia 2013, 37, 314-324. [CrossRef]
Stec, M.; Tatarczuk, A.; Wieclaw-Solny, L.; Krétki, A; Sciazko, M.; Tokarski, S. Pilot plant results for advanced
CO; capture process using amine scrubbing at the Jaworzno Il Power Plant in Poland. Fuel 2015, 151, 50-56.
[CrossRef]

Park, K. Optimization of Partial CO, Capture. Master’s Thesis, University College of Southeast Norway,
Porsgrunn, Norway, 2016.

139



Aromada (2022): Cost estimation methods for CO, capture processes

Erergies 2020, 13, 6315 27 of X7

78 Aromada, S A Eldrup, NCH.; Normann, F; @4, LE. Simulation and Cost Optimization of different Heat
Exchangers for CO; Capture. In Proceedings of the 615t International Conference of Scandinavian Simulation,
Virtual Conference, Ouly, Finland, 22-24 September 2020; Linkoping University Electronic Press: Linkisping,
Sweden, 203).

Publisher's Note: MDPI stays neutral with regard to jurisdictional claims in published maps and institutional
affiliations.

0 ) 2020 by the authors. Licensee MDFPI, Basel, Switzerland. This article is an open access
@ article distributed under the terms and conditions of the Creative Commons Attribution
By

(CC BY) license (hitp:/fcreativecommons.org/lcenses by 400

140



Aromada (2022): Cost estimation methods for CO; capture processes

Article 4

Title:

Authors:

Conference:

Publisher:

Year:

Volume:

Pages:

DOI:

Simulation and Cost Optimization of different Heat

Exchangers for CO, Capture

Solomon Aforkoghene Aromada, Nils Henrik Eldrup, Fredrik

Normann, Lars Erik @i

Proceedings of the 61st International Conference of

Scandinavian Simulation, Virtual Conference, Oulu, Finland
Linkdping University Electronic Press

2020

176 (45)

318-325

https://doi.org/10.3384/ecp20176318

141


https://doi.org/10.3384/ecp20176318

Aromada (2022): Cost estimation methods for CO, capture processes

OOl 10.3384/ecp20176318

SIMS 61

Simulation and Cost Optimization of different Heat
Exchangers for CO: Capture

Solomon Aforkoghene Aromada', Nils Henrik Eldrup'-, Fredrik Normann®, Lars Erik 0

'Diepartment of Process, Energy and Envirenmental Technelogy, University of South-Easiemn Norway
*BINTEF Tel-Tek, SINTEF Indusin, Kjelnes Ring 30, 3918, Porsgrunn, Norway
'Chalmers University of Technology, 412 96, Géteborg, Sweden
Comresponding author’s email address: solomen.a aromadafusn.no; saromadaimgmail com

Abstract

The industrial deployment of amine-based CO:
capture technology requires large investments as
well as extensive energy supply for desorption.
Therefore, the need for efficient cost and economic
analvsis aimed at CO: capiure investment and
operating costs is imperative. Aspen HYSYS
simulations of an 85% CO: absorption and
desorphion  process for flue gas from cement
industry, followed by cost estimation have been
performed. This is to study the cost implications of
different plants options. Each plant option has a
different leanmich heat exchanger type. Cost
optimization of the different heat exchangers is also
done in this work. Three different shell and tube and
two plate and frame heat exchangers have been
examined. The minimum CO: capture cost of
€£57.9ton CO; is obtained for a capture plant option
having a gasketed-plate heat exchanger with AT,
of 5 °C as the lean/nich heat exchanger. The use of
plate and frame heat exchangers will result
considerable CO:z capture cost reduction.

Keywards: simufation, C02, CCS, heat exchanger,
shell and tube, Aspen HYSYS, plate heat exchanger

1 Introduction

There has been incressed public concern  for
mitigation of global warming, which is largely
caused by emissions of carbon dioxide (CO-2).
Carbon capture and storage (CCS5) 15 generally
recognised as an urgent mitigation measure {Bubin
et al, 2003). The amine-based post-combustion
COn capture technology 15 the most matured and
promising technology option (Mwacha, 2018).
However, its industrial deployment requires large
investments as well as enormous energy supply for
desorption (Lim et al, 2003; Aromada and O,
2017). Therefore, the need for efficient cost and
coonomic analysis aimed at reduced CO: capture
investment and operating costs 1s imperative.

The lean/rich heat exchanger is one of the most
expensive cquipment in an  amine-based CO:

capture plant, and it has a considerable cost
implication on the investment (Al et al_, 2019).

In preliminary cost estimation of heat
exchangers, the important design parameter is the
heat transfer arca needed. That 15 evaluated from the
heat duty (heat transfer from hot to cold stream),
overall heat transfer coefficient, and the log-mean
temperature difference (LMTD) (van der Spek et
al., 201%). However, the required heat duty depends
on the minimum approach temperature (ATq5,).

In post-combustion solvent-based CO: capture,
studies on cost optimisation of the lean'nch MEA
heat exchanger have been based on AT, of the
shell and tube heat exchanger (STHX) types
(Kallevik, 2010; @i et al., 2014; Aromada and O,
2017; Al et al., 2019). None of such studies has
been found for the plate and frame heat exchanger
(PHE). Thus, this study 15 conducted on cost
optimisation of the PHE based on AT;,. This is
carried out by performing process simulations of
(0 absorpiion and desorphion  process. Cost
estimation and optimisation to find the most cost
effective and technically suitable type of heat
exchanger for the lean‘rich heat exchanger is then
carried out.

1.1 Process Description and Scope

The process comprises a flue gas fan for
transporting the flue gas through the direct contact
cooler (DCC) where the temperature is reduced.
The DCC pump and DCC cooler help in circulation
and cooling of the water respectively. The main
capture process consists of an absorber, a desorber
with a reboiler at the bottom and a condenser,
leanrich heat exchanger, pumps and a cooler
Figure | shows the flowsheet of the standard capture

process.
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Figure 1. . Flowsheet of the standard process

2 Simulation, Specifications and
Assumptions

2.1 Specifications for Simulation

Tahle ! presents the specifications used for the base
case simulations. The flue gas data are from a
cement industry and are taken from {Onarherm et
al.. 2005; Ali et al., 2019).

2.2 Process Simulation

Aspen HYSYS Version 10 15 used for the
simulations with the same calculation approach as
in (B, 2007; Aromada and @i, 2015). The
difference is that in version 10, the acid gas

Figure 2. Aspen HYSYS flowshest

property package replaces the Amine property
package in previous versions.

Tahle 1. Specifications for simulation {Onarheim et
al., 2015; Al et al., 2019)

Specifications

Flue gas

Temperature [*C] 1]
Pressure [kPa) 121
C0: mole-fraction 0.2520
Hx0r mole-fraction 00910
Nz mole-fraction 0.53865
0, mole-fraction 0.0705
Molar flow rate [kmol'h] 11472
Flue gas from from NOC to absorber
Temperature [°C] 40
Pressure [kPa) 121
Lean MEA

Temperature 40
Pressure [kPa) 121
Molar flow rate [kmolh) GHRS0
Mass fraction of MEA [%:) 29
Mass fraction of COz [%%] 5.30
Absarber

Mo. of absorber stages 15
Absorber Murphree efficiency [%s] 11-21
AT, i~ lean/rich heat exchanger [C] 10
Desorber

Mumber of stages 10
Desorber Murphree efficiency [%a] 100
Pressure [kPa) 2ibi3
Reboiler temperature [°C) 120
Reflux ratio in the desorber 0.3
Temperature into desorber [°C] 146
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The absorption column as well as the desorption
columns are both simulated as equiibrium stages
with stage efficiencies. The absorber is simulated
with 15 packing stages, while it is 10 packing stages
for the desorber. Murphree efficiencies for CO: are
specified in the simulation. For more details on
Murphree efficiency, see (@1, 2007). Equhbrum
stages of | m height each for both columns are
assumed. Murphree efficiencies of 11 — 21% were
specified from bottom to the top of the absorption
column (Al et al, 2019). A constant Murphree
efficiency of 100% 1s specified for all the stages of
the desorption column. The Modified HYSIM
Inside-Out algonthm was selected in the columns
because 1t helps to improve convergence (Aromada
and @i, 2015).

Adiabatic efficiency of 75% was specified forall
the pumps and the flue gas fan. The Aspen HYSYS
simulation process flow diagram (PFD) is given in

Figure 2.
3 Methods

3.1 Scope of the Cost Estimates

The equipment included in this cost analysis are for
cooling the flue gas before it enters the absorption
column, and for the absorption and desorption
process as can be seen in Figure { and Figure 2. The
study does not include equipment for pre-treatment
unit of the flue gas and water-wash section. The
equipment for CO; compression are not considered
because the focus is on the lean/mich heat exchanger

The total investment cost in this study 15 limited
tor the sum of the installed costs of the equipment
considered. The cost of acquiring the site (land),
preparing the site and for service buildings are not
included.

The operating and mamtenance costs (OPEX)
include the cost of electricity, steam, cooling and
process  water, solvent (MEA), salaries of 6
operators and | engineer, and annual mamtenance
cost set at 4 %o of the installed cost of the equipment
as given in Table 2.

Table 2. Operating cost data

Costs for CO: transport and storage, pre-
production costs, insurance, taxes, first fill cost and
administrative costs are not ncluded in the OPEX.

3.2 Equipment
Assumptions

Dimensioning  and

Dimensioning of equipment in this study follows
the approach used in Ali et al. (2019) based on mass
conservation and energy balances of the system.
Table 3 summanses the dimensionimg factors and
assumptions used in this work.

Tahle 3. Equipment dimensioning factors and

assumptions

Equipment f;:'t:i Basis/ Assumptions
Tangent- | Velocity using Souders-
to- Brown equation with a k-
. . |tangent | factorof (.15 ms (Y
DCCUnit |y ioht 2014, pp.97). TT=15m, 1
(TT). m packing height/stage (4
Packing | stages)
height, Superficial velocity of 2
Absorber [ imternal | m's, TT=40 m, | m packing
and height/stage (15 stages)
E,i[am:::rs Superficial velocity of 2
Desorber (all in mis, TT=22 m, | m packing
[m]) height/stage {10 stages)
peaniich U = 0.5 kW/m™K (Al ctal.,
2019)
exchanger Heat
—_ 7 2 L]
Reboiler tramsfer ;Jﬂ;qﬂ.ﬂ EW/im® K (Al et al.,
aes A ST R e
Condenser | [m?®] 2!{];‘; :I- me.K (Abctal,
Cool U= 08 kW/m? K (Al etal.,
ol 2019)
Pumps H:,:r rate Centrifugal
Flue gas Flow rate | . .
fans [m/h] Centnfugal

Ut Value/'unit*  Reference

v Huschve et al.

Steam EkWh 0.032 (2012)

Electricity EkWh 0,132 Al et al. (2019)
Water £m’ 0022 Al et al. (2019)
MEA £'m’ 2064 Ali et al. (2019)
Maintcnance € #aof g eral (2019)

CAPEX

Operator € 85 350 (x6) Alietal (2019)
Engineer € 16y 400 Al et al. (2019)

*The costs have been escalated to January 2020

3.3 Cost Estimation and Assumptions

The Enhanced Detailled Factor (EDF) method s
used for estimation of all the equipment costs and
overall plant investment cost. Readers are referred
to Al er al. (2019) for the details and application of
the EDF method.

The purchased costs of the equipment are
obtained from Aspen In-plant Cost Estimator
Wersion 11 with a cost year of 2008 (January). The
costs are then escalated to January 2020 using the
558 (Morwegian Statistisk sentralbyra, webpage)
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industnial cost index (2018 = 106; 2020 = 111.3).
The currency conversion rate for Euro to NOK 15
10.13, taken from (MorgesBank, 2020 webpage) on
January 25, 2020. Conversion to MOK is necessary
to use the enhanced factors developed by Nils
Eldrup (Al et al., 2019). The default location is
Rotierdam in Metherlands.

All equipment is assumed to be made from
stainless steel (35316), except the Flue gas fan,
which is from carbon steel (CS). Matenal factor to
convert costs in 55316 o CS 15 1.75 and 1.30 for
seamless and welded equipment respectively.

A brownfield, and an MNth-of-a-kind (NOAK)
project are assumed. 25 years of project, of which 2
vears are for plant construction, and 7.5% interest
rate 15 also assumed (Al et al., 2009).

4 Results and Discussion

4.1 Simulation Resulis

Tahle 4 presents the process simulation results for
the base case and sensitivity analysis of AT,
Lower AT, give lower reboiler heat and lower
lean MEA cooler duty (more heat has been
transferred from the lean stream to the nch stream).
Therefore, less steam and less cooling water are
required in the reboiler and lean MEA cooler

respectively.

Table 4. Simulation results

v P e
(7] [Gliton CO3) (kW]
5 343 66 389
10 4,08 33-50 81333
15 427 {Nwacha 89 333
)] 467  ctal 2018} gy7778

4.2 Base Case Plant Investment Cost

The base case in this study has a U-tube shell and
tube heat exchanger. The total investment cost
(CAPEX) which is the sum of the installed costs of
all the equipment 15 €97.5 million. The cost
estimation results obtained show the same trends
with similar studies by Ali et al. (20018) and Al et
al. (2019). The leanrich heat exchanger contrbutes
maost to the total investment cost compared to other
equipment as in Figure 3.

The heat exchanger accounts for 41% of the total
capital cost (Figure 4). Al et al. (2009) also
calculated the lean/rich heat exchanger to have the
highest installed cost for the same scope as in this
study. [t accounts for 37% of the CO: capture plant.
They obtained their cost data from Aspen In-plant
Cost Estimator ¥ 10 with a cost data year of 2016,

Aspen In-plant Cost Estimator W11 with a cost data
vear 201 8 1s used m this study. In addition, the cost
in this study are escalated from 2018 to 2020, This
explain the 3% difference from a similar process. In
the work of Wwacha et al. (2018), for a process with
an absorber packing height and diameter of 21.95 m
and 1007 m respectively, the lean‘nch heat
exchanger has the second highest cost for both
MEA and AMP-PZ-MEA systems. The absorber in
their case has the highest cost. The diameter 1s
almost twice and the packing height s
approximately 7 m higher than in this work. The
study was for a 90% CO: capture process from a
cement plant flue gas with 0.115 mole of CO;. In
this study, capture efficiency 15 85% and the CO:

molar composition s 0.252.
4D
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Figure 3. Equipment installed costs of the base case
#5% CO; capture plant

4.3 Operation and Maintenance Costs

The annual operation and maintenance (O&M) cost
for the base case 15 €44.5 million. Only the steam
consumption costs €31.7 million and annual
mainienance cost s €3.9 million.

4.4 Annualised CAPEX, Total Annual
Cost and Capture Cost

Annualised capital cost is obtained from the
following relation:

CAFEX
Annualised factor

Annualised CAPEX = (1

The annualised factor is calculated as follows:
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Annualised factor = T2, [["11_]_] (2)
Where n represents operational years and rois
discount/interest rate. The annualised CAPEX for
the base case is evaluated to be €9 mllion (OO0
compression equipment not included). Thus, the
total annual cost, which is the sum of the annualised
CAPEX and the yearly OPEX, is €53.6 million.
Figures 4 presents the annual cost distribution. The
COy capture cost 15 estimated from:

Total annual cost

CO; capture cost = m

(3)

The COz capture cost for the base case is 61.9
€ton CO, (2020). In the literature, 1t 15 between
€50 ton COz — 128/ton COz (Al et al., 2019). (AL
etal., 2019) calculated this cost for a similar process
but with the compression section to be €62 5/ton
C0: for a cost year of 20016, For a full process that
mclude  compression, Nwacha et al. (2018)
calculated this cost for %% CO: capture from a
cement plant flue gas with COz compression to be
US393 2'ton COz (Le., €74.5/ton CO1). According
to Irlam (2017), for a first-of-a-kind (FOAK) C55
complete technology, the CO: avoided cost for the
cement industry is US5188 (€164.4) and US5130
(€113.7) per ton COy for Germany and Poland
respectively. FOAK technologies usually cost
between 15 — 55% more than NOAK (Boldon &
Sabharwall, 2014).

35

il74

g.02

3.44

annual cost [million €]

zZ E 5 ¢
EEE
=

Figure 4. Cost distribution of the base case total
annual cost

(Carbon Capture & Storage Association, 201 1-
2020) states that the capture cost range 15 €60/ton
CO: — €90/ton CO: for the power industry. They
projected that it will reduce considerably to €35 -
S0fton C04 in the beginming of 2020. Based on
Figure 4, this reduction will have to come from
reducing mainly the cost of steam. This can be
achieved using available waste heat to gencrate

steam or very cheap steam for desorption (Al et al.,
201 8). Electricity cost is low in this study compared
to Mwaocha et al. {2018) and Ali et al. {2019). This
15 because CO: compression is not considered
this work. The compressors require much more

clectrical enmergy compared to  pumps  and
fan'blower.

4.5 CAPEX Based on Different Heat
Exchangers

Figure 5 presents the total installed cost of CO:
capture plant options of using the different types of
heat exchangers. The compact heat exchangers offer
considerable lower total investment cost compared
to the conventional shell and tube heat exchangers.
Using the gasketed-plate heat exchanger (G-PHE)
will give the lowest plant investment cost. The
purchase cost of the welded-plate heat exchanger
(W-PHE) was assumed to be 30 % more expensive
than the G-PHE based on information from Peters
ct al. (2004).

The reference case, which has U-tube shell and
tube heat exchanger (UT-8THX) has imvestment
cost of €975 million. The case with fixed tube sheet
heat exchanger (FTS-5THX) has a CAPEX of
€102.4 million. The installed cost of the plant with
G-PHE 15 €72.6 million. The plant option with
floating-head shell and tube heat exchanger (FH-
STHX) gives the highest installed cost of €103.8

million.

130.0
gy 024 1::_3.5
1D0.0
=
§EEI.EI 715 773
E 600
&
40.0
3
20.0
0.0
: 2§ £ £
L] 0 0
= 5 2 3z

Capture plant with different heat exchanger

Figure 5. Total plant installed costs for different heat
exchangers

4.6 Optimisation: Minimum Approach
Temperature

Cost optimisation of the lean'rich heat exchanger in
this study is done by finding the cost optimum
minimum approach temperature (AT, ..

The plants with G-PHE and welded-plate heat
exchanger (W-PHE) have their minimum CAPEX
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at 15°C, while it 15 20°C for the 4 STHXs. As the
AT, i, increases, the heat transfer area 15 reduced,
thereby reducing the CAPEX since the lean/nch
heat exchanger with STHXs account for 41 — 45 %4
of the CAPEX in this study. The slight increase of
CAPEX from 15 — 20°C as can be observed m
Figure & for the PHEs is caused by increase in the
cost of other equipment like the lean MEA cooler
and the reboiler. This will also result in higher
OPEX, especially from higher steam consumption
as can be seen in Table 3 and Figure 7. More cooling
water is also needed. However, increase in OPEX is
slight from 5 — 15°C for the STHXs but becomes
significantly steep from 15 — 20°C. That is the same
for the PHE= except that the OPEX 15 considerably
lower at 3°C compared to 10°C.

In order to find the optimum design AT, we
evaluated the CO: capture cost at the different
ATip for the different heat exchanger options.
Figure § presents the results.

The STHXs and W-PHE have their optimum
COn capture costs at 15°C. While the G-PHE
optimum cost is at 5°C, which is due to its relative
lower cost per heat transfer area and lower
maintenance cost. Cost savings of €L64C0;,
E€1.1/tC0; and €1.0/4C0: are achieved by the cost
optimum cases with U-tube, fixed tube-sheets and
floating-head shell and tube heat exchangers when
compared with the base case. The cost optimum
cases with gasketed and welded plate  heat
exchangers have a cost savings of €4.0C0; and
£34M00; respectively.
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Figure 6. CAPEX of the different heat exchangers at
different AT

All the studies of optimum AT, we found of
solvent-based CO: capture used STHXs (Kallevik,
2010; @i et al. (2014), Li et al., 2016; Aromada &
&, 2017; Nwacha et al, 2018; Al et al., 2019).
Mone of such studies was found for other types of

heat exchangers hke PHE. This 15 because in the
chemical industry, about 60%% of heat exchangers in
use are STHX (Peters et al, 2004). They are more
robust, they can be applied in all types of processes,
they can withstand higher pressures, higher
temperatures and thermal stresses, and higher
pressure  difference between the hot and cold
streams.

Additional advantage of the STHX is that they
have well-established design codes, standards and
specifications, especially by TEMA  {Tubular
Exchanger Manufacturers  Association)  and
American  Society for Mechanical Engineers
(ASME}. The PHEs do not have such established or
accepted design standards. Therefore, higher design
uncertamties are expected for the PHEs.
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Monetheless, the plate and frame heat

exchangers are increasingly being considered for
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application in the process industry (Peters et al.,
2004). This is because capital-intensive processes
need heat exchangers that can achieve higher
thermal efficiencies and simultancously reducing
equipment/investment costs (Peters et al., 2004).
The PHEs also occupy less space and have less
weight for the same heat transfer area as STHX.

4.7 Maintenance

Maintenance of the G-PHE is easier and far less
expensive. The plates are removable and can easily
be cleaned mechanically. Thus, it 15 the most
ecological option (Marcano, 2015). The parts can
easily be replaced relatively inexpensively.

The plates of the W-PHE are welded and thus
are not removable. Consequently, cleaning can only
be done by chemical means. The only advantage
over G-PHE is that W-PHE can withstand higher
pressures and temperatures. This advantage is not
relevant in CO: solvent-based absorption and
desorpiion  systems  since  the  pressures  and
temperatures are relatively low

FTS-STHX and FH-STHX are cleaned both
mechanically (inside the tubes) and chemically
(outside surfaces of tube). The UT-STHX normally
requires only chemical cleaning because of the U-
tube shape of the tubes.

Therefore, the G-PHE which require less space
15 the most ecolomcally friendly option, and it 15 the
casiest and the cheapest to maintain among the heat
exchangers inveshigated.

4.8 Maintenance and Operating Cost
Discussion

Figure 7 presents the OPEX calculated in this study.
AtAT .o of 5 — 10°C, the calculated annual OPEX
of the PHE= is considerably less than that of any of
the STHX s, even though the difference in this study
is only based on mamtenance cost. The gap gets
closer at 15°C and and very close at 20°C. This is
because the purchase and nstalled costs of the

STHXs= reduce drastically at AT, 15 and 20°C.

4.9 Comparison with Previous Studies

In this section, companson of this study 1s done with
some previous studies. All the previous studies used
the STHX.

(& et al, 2014) calculated the cost optimum
AT pin of a plant with 16 absorber packing stages,
and 20 years period with discount rate of 10.5% to
be 12°9C.

{Aromada and €4, 2017) estimated it to be 13°C
for a system with 15 absorber packing stages with
discount rate of 7% for 20 operational years, based
on negative-NPY method. When the years of plant

operation were reduced to 15 years, cost optimum
AT i became 14°C.

(Kallevik, 2010), also applied negative NPV for
20 years calculation peniod, with 7% discount rate,
estimated the cost optimum AT, to fall within 10
— 14%C, for a §5% CO; capture with 15 absorber
packing stages.

Most recent i1s (Al et al., 2019), for a calculation
period of 24 years and interest rate of 7.5%,
cvaluated the cost optimum AT, ;- to be 10°C.

These results suggest that the cost optimum
AT, iy for the STHXs is within 10— 16°C, which are
in agreement with this study. The hittle differences
obtained from the different studies occur due to the
different sources of cost data and cconomic
assumptions like interest rates and operational

years.

Several techmical studies have also shown that
operating at 5°C AT, will help in reduction of the
reboiler heat in CO: capture processes. However,
the capital cost of achieving this makes it not to be
the cost optimum design parameter for the well-
cstablished STHX. This study suggests that AT,
of 5°C or between 5 — 10°C can be energy optimum
and cost optimum design if G-PHE is used.

5 Conclusion

Simulations of 85% C0, absorption and desorption
process aimed at cost optimisation of the lean'rich
heat exchanger has been performed using Aspen
HYSYS Vemsion 10. This was followed by cost
estimation and optimisation of the lean'nch heat
exchanger by finding the type of heat exchanger and
the design optimum AT ;, among 5. 10, 15 and
20°C AT,;,. Considerable savings in capital and
operating costs can be achieved by selecting the
plate and frame heat exchanger instead of the
conventional shell and tube types, m a CO:
absorption and desorption plant design. The PHE=s
require only 30, 15, 9, and 6 number of units for the
cases of 5, 10, 15 and 20°C AT, respectively,
compared to 44, 23, 13, 9 number of units
respectively for the STHXs. The G-PHE gives the
lowest total annual cost in all the AT:,. G-PHE
with 5°C ATy 15 calculated to be the energy
optimum and the cost optimum design for the
lean/rich heat exchanger.

Abbreviations

FHE: Flate and frame heat exchanger

G-PHE:  Gasketed-plate or plaie and frame heat exchanger
W-PHE: ‘Welded- plate heat exchanger

STHX: Shell and tube heat exchanger

UT-5THX: Ushsbe shell and tube heat exchanger
FT5-5THX: Fixed-tube sheet Shell and tube hest exchangsr
FH-3THX: Floating bend shell and tobe heat exchanger
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Abstract: The performance of a plate heat exchanger (PHE), in comparison with the conventional
shell and tube types, through a trade-off analysis of energy cost and capital cost resulting from
different temperature approaches in the cross-exchanger of a solvent-based OO capture process, was
evaluated. The alm was bo examine the cost reduction and CO; emission reduction potentials of the
different heat exchangees. Each specific heat exchanger tvpe was assumed for the cross-exchanger,
the lean amine cooler and the cooler to cool the direct contact cooler ‘s cliroulation water. The study
was conducted for flue gases from a natural-gas combined-cycle power plant and the Brevik cement
plant in Norway. The standard and the lean vapour compression (0s absorpton configurations
were used for the study. The PHE outperformed the fixed tube sheet shell and tube heat exchanger
(FTS-5THX) and the other STHXs economically and in emissions reduction. The optimal minimuam
temnperature approach for the PHE cases based on OO0, avoided cost were achieved atd4 “Cto 7 *C.
This ks where the energy consumption and indirect emissions are relatively low. The lean vapour
compression CO caplure process with optimum PHE achieved a 16% reduction in CO; avoided
cost in the cement plant process. When the available excess heat for the production of steam for 50%
C0y capture was considered together with the optimum PHE case of the lean vapour compression
process, a cost eeduction of about 34% was estimated . That ks compared bo a standard caplure process
with FTS-5THX without consideration of the excess heat. This highlights the importance of the waste
heat at the Norcem cement plant. This study recommends the use of plate heat exchangers for the
cross-heat exchanger (at 4-7 “C), lean amine cooler and the DOC unit’s circulation water cooler. To
achieve the best possible COz caplure process econoimically and in sespect of embssions reduction, it
i5 imperative to perform energy cost and capital cost trade-off analysis based on different mindmiwm
ternperature approaches.

Keywords: techno-economic analysis; process simulation; COy capture; MEA; waste heat

1. Introduction

Climate change caused by global warming is the greatest environmental challenge
to our world today [1]. The Intergovernmental Panel on Climate Change (IPCC) asserted
unequivocally that the blame is mostly on humans [2]. Thus, humans need to intervene to
mitigate climate change [3], which motivated the Paris Agreement. Carbon capture and
storage (CCS), which includes transport, is widely recognised as a promising measure to
mitigate 0% emissions associated with the combustion of fossil fuels in power plants,
cement plants and other process industries [4]. A number of carbon capture technologies
and techniques have already been recognised: the absorption of COk into solvents followed
by desorption [5], the separation of COk from exhaust gas by means of membrane [5], the
adsorption of CO on solid adsorbents [6], the separation of COu from flue gas through
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cryogenic means [5] and the direct injection of exhaust gas into naturally occurring gas
hydrate reservoirs so CO; forms hydrate mainly with pore water [7]. Mechanisms of CO»
hydrate formation and stabilisation are described in [5-10].

Solvent-based CO, capture technologies, especially the monoethanolamine (MEA)
process, are the most mature option and are ready for industrial deployment [3,11]. The key
challenge is still the high cost of its industrial deployment. CO; capture and compression
processes account for 80% of this cost, while the CO; transport and storage processes each
account for 10% of the cost [4,12]. Consequently, there is a necessity to investigate cost
reduction possibilities, particularly in the CO; capture process.

Several research efforts have been devoted to reducing the cost of the energy required.
These include improved process configuration designs through flowsheet modifications [13]
and the development of improved solvents and blends of solvents [14-16]. Recently, the
recovery of waste heat to provide heat for desorption to reduce the cost of the heat demand
has been studied [17,18]. Another essential aspect which needs to be given attention is the
process units that make up the CO; capture process. It is therefore important to seek cost
reduction possibilities in the most important or expensive equipment units of the process.
The lean//rich heat exchanger, which is also often called the cross-exchanger, is one of the
important cost centres of the process. If any of the shell and tube heat exchanger types are
used as the lean/rich heat exchanger, the lean /rich heat exchanger can account for 12-33%
of the total plant cost (TPC) depending on the process scope [3,14,19-21].

Most of the CO; absorption and desorption technoeconomic studies broadly specify
shell and tube heat exchangers (STHXs). Nevertheless, references [3,19,20,22,23] have
advocated for the plate heat exchanger (PHE) to replace the conventional STHX in CO»
capture processes to reduce cost. We have shown that the specific type of heat exchanger
employed in the carbon capture process has a significant influence on the capture cost [3].
However, besides the preliminary results we presented at the 61st International Conference
of Scandinavian Simulation Society (SIMS 2020) [20], we did not find any work in the
literature where a comprehensive cost optimisation of the lean /rich heat exchanger in a
CO; absorption and desorption process using different types of heat exchangers, based on
the minimum temperature approach (AT ;,) or logarithmic mean temperature difference
(LMTD) was conducted, which is needed to identify cost reduction potential. This work
therefore seeks to perform a trade-off analysis between energy and different heat exchang-
ers’ costs based on optimal AT,;,. This is to examine how much of the carbon capture or
avoided cost can be saved or reduced through finding the optimum AT,,;,. Conducting
this study with only one specific type of heat exchanger is not comprehensive enough or
sufficient to draw a conclusion on the impact of AT, on the cost of carbon capture and
actual CO; emissions reduction.

This study is based on initial cost estimates. The initial cost estimation of heat ex-
changers in solvent-based CO; capture plants is based on the required heat exchanger
area. This is evaluated from the heat duty, overall heat transfer coefficient (L) and the
logarithmic mean temperature difference (LMTD). The LMTD is calculated based on AT,;,
at the cold and hot sides of a heat exchanger. In some studies, the LMTD is approximated
to the AT,,;, [14,23] since it is merely slightly higher than the AT,,;,,. Therefore, for a given
thermal load, it is the AT, that determines the size of the heat transfer area needed in
the lean/rich heat exchanger [19]. According to reference [11], the heat exchanger surface
area needed in a lean/rich heat exchanger doubles if the AT,,,;, of 5 °C is applied instead of
10 °C. In addition, AT,,;, also determines the amount of heat that can be recovered from the
regenerated lean amine by the rich amine stream. Eimer [23] calculated that 7% more heat
and 7% less heat would be recovered if a AT, of 5 °C and 15 “C, respectively, are used
instead of 10 “C. Therefore, a cost reduction study focused on a lean/rich heat exchanger
using different heat exchangers, as was completed in [3], is incomplete without studying
the influence of AT,

There are arguments about the influence of AT,,;, on cost saving potential. According
to [24], reference [25] argued that a reduction in reboiler heat consumption through a
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reduction in the AT,;, in a lean/rich heat exchanger is not significant. Arguments for
higher AT, suggest that this lowers the cost of a heat exchanger required, as found in [11].
Diifferent researchers have applied different AT, in their studies. References [26,27]
specified 5 “C in their work. Reference [11] conducted their study using both 5 °C and
10 *C and emphasised that the AT, is an important parameter to optimise in the solvent-
based (0 capture process. Reference [25] used 8.5 “C, while reference [22] applied 11 °C
and claimed it to be close to the optimum. Reference [29] performed their study with
15 “C. In their study, Alhajaj et al. [4] specified 20 °C to greatly reduced the influence of
the lean /rich heat exchanger on the plant’s capital cost, while 10 °C is most commonly
used [14,30,31].

For comprehensiveness, the fived tube sheet shell and tube heat exchanger (FTS-
STHX), U-tube shell and tube heat exchanger (UT-5THX), floating head shell and tube
heat exchanger (FH-STHX) and the gasketed-plate heat exchanger (FHE) were selected
for this study. The FTS-5THX is probably the most common type found in the process
industry [32]; thus, in this study, it was selected as the base case scenario for the lean /rich
heat exchanger. In addition, 10 °C was also specified as the base case AT, since it is most
commaon in the literature. The impact of available excess heat from the cement plant on
cost optimum AT, was also studied. How the AT, affects the actual amount of CCk

min
emissions reduction was investigated.

Ohectives
This study was a trade-off analysis of energy cost and the cost of different but the most

commaon types of heat exchangers that can be applied as a lean/rich heat exchanger in a

0 absorption and desorption process. The aim was to evaluate the cost optimum AT,

in terms of the commercial metric known as COy capture cost {CCC) and OO0y avoided

oost (CAC), which considers OO emissions in operation of the capture plant. The specific
objectives in this study were:

¢ Toevaluate the economic (cost reduction) and environmental (emissions reduction)
implications of selecting a shell and tube type or a plate heat exchanger based on
optimal cost, through trade-off analysis of energy and heat exchanger costs with
respect to alTlur'll-

s To give a comprehensive assessment of the influence of AT,;,. on heat recovery in a
lean/rich exchanger, on the heat exchange area of a lean/rich heat exchanger and heat
duties of a reboiler and lean amine cooler.

*  Toevaluate the impact of available excess heat from the cement plant on cost optimum
AT iy Since the Morcem AS cement plant at Brevik in Morway was used as a case
study, steam produced from the excess or waste heat was assumed to cover 50% CO»
capture steam requirement.

s To perform sensitivity analysis of steam cost and total plant cost on the economic
performance of the capture processes at different ATqjp.

2. Methodology
2.1. Scope of Analysis

All the cost estimates in this work are initial cost estimates. The cost optimisation
in the study also refers purely to finding the minimum cost through trade-off analysis of
energy consumption costs and the cost of a lean,/rich heat exchanger resulting from varying
ATy The optimum AT, is the one that gives the minimum cost.

Since the most commion AT, in the literature is between 5 °C and 15 °C, the trade-off
analysis is conducted for a range of 5 “C to 20 °C. In the case of the PHE, the AT,,;, range
was extended to 3 °C to determine the optimum cost.

Detailed mechanical engineering design and optimisation are not necessary in initial
cost estimation. Thus, details such as tube length and tube diameter are outside the scope
of this work. In each case, a specific type of heat exchanger, for example, in the case of the
fixed tube sheet shell and tube heat exchanger (FTS-STHX), only an FTS-STHX was used as
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the lean/rich heat exchanger, as the lean MEA cooler and as cooler for cooling the direct
contact cooling (DCC) unit circulation water stream. The condenser, condensate cooler and
intercoolers were specified as UT-STHX in all cases.

The cost metrics of CO; capture cost and CO; avoided cost were used. However, CO»
avoided cost was only estimated for the cement plant’s flue gas treatment processes. The
capture cost is a mere commercial metric, but the avoided cost considers actual climate
change or CO; emission implications in operation of the plant.

The cost estimates were based on N®-of-a-kind (NOAK) plants. These are chemical
plants that have been commercially built after the technology has been successfully adopted
and experience has been gained from first-of-a-kind (FOAK) plants.

Energy provision for the plant was assumed to be from the combustion of natural gas.
Thus, the CO; emissions that result from energy (steam) production were accounted for as
0.00018 tCO, /kWh (thermal) [33]. Meanwhile, for electricity, it was four times this value
for steam by assuming 25% efficiency in the conversion of steam to electricity [34-36].

For comprehensiveness, 90% CO; absorption from flue gas of two different industrial
processes with different flow rates and CO; concentrations were considered. They were
exhaust gas from a 400 MW combined-cycle (NGCC) power plant in Mongstad near Bergen
and flue gas from the Norcem AS cement plant at Brevik both in Norway [37,38].

Two process configurations were also studied: the standard and the lean vapour
compression (LVC) CO; absorption and desorption models. The schematic descriptions
of the two processes are presented in Figures 1 and 2. How they were implemented in
the simulation, that is, the process flow diagrams (PFDs), are attached in Appendix A as
Figures Al-A4. The process only includes the flue gas fan and the direct contact cooler
(DCC) precooling section, the absorption-desorption process and the CO; compression
section. For simplicity, the water wash section shown in Figure 1 is not included. The
compression section was modelled as was shown in [39]. The compression was carried
out in four stages with intercoolers and separators. A CO; pump was used to pump
the supercritical CO; from the final pressure of 76 bar to 110 bar. CO; transport and
storage were not necessary in this work. CO; transport and storage estimates are available
in [40-42]. Location factor was assumed as 1 since it was not important in this study.

Hue Gan in

e

Rich MEA Pump

(e ——)
@‘—M%hw
FheGasFan  ToEEY
A DOC Pamp

Figure 1. Standard CO: capture process [3].
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Figure 2. Lean vapour compression (LVC) configuration CO; capture process (modified from [3]).
(the red line is to highlight the additional equipment).

2.2. Process Simulations

A 30 wt'% monoethanolamine (MEA) process simulation for 90% CO; capture from the
two flue gases was performed in Aspen HYSYS Version 12. The lean amine stream entered
the top of the absorber at 40 “C and at 1.013 bar. The reflux ratio in the desorber was 0.3.
The first process for CO; capture concerned exhaust gas from a natural gas combined-cycle
(NGCC) power plant in Mongstad, close to Bergen in Norway. The second capture process
concerned flue gas from Norcem Cement plant in Brevik in Norway.

The NGCC power plant exhaust gas and the cement plant’s flue gas specifications
are given in Tables 1 and 2, respectively. The simulation strategy was the same as in our
previous works [34,35,37]. The absorber in the NGCC case was simulated with 17 packing
stages (1 m per packing stage) with Murphree efficiencies of 11-21% from the bottom to top,
as was carried out in [31,35]. The cement plant’s case absorption column was simulated
with 29 packing stages (0.6 m per packing stage) with a constant Murphree effidency of 15%
based on [24]. Thus, the cement plant’s case absorption total packing height was 17.4 m. In
both cases, the desorption column was simulated with 10 packing stages (1 m per packing
stage) each and a constant Murphree efficiency of 50%. The desorber was maintained at
2 bar, and the reboiler temperature was specified as 120 °C. The minimum temperature
approach of the lean/rich heat exchanger was 10 “C in the base case.

The DCC section and compression section of both processes were modelled in the
same way. The flue gas fan raised the flue gas pressure from 1.01 bar to 1.21 bar to cover for
the pressure drop in the absorber. Each of the compression stages had a pressure ratio of 2.8.
The inlet pressure of the first stage was at 1.5 bar, and the final compression pressure was
75.9 bar. With the aid of the intercoolers, the temperature of the CO; stream was maintained
at the supercritical temperature of 31 °C. The CO; streams, each having a purity of 99.74%,
were then pressurised to 110 bar, as carried out by [39].

155



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 20002, 15, 415

& of 40

Table 1. NGCC power plant exhaust gas specification.

Parameter Value Reference
COy male?s 375 1371
H;O mole®: 671 371
Ma mole® #9.54 Calculated
Muolar flow rate, kmaol /h B5,000 [37]
Flue gas temperature, “C 80 [35]
Flue gas pressure, kPa 110 [35]
Temperature of lue gas inbo absorber, "C 40 [34]
Pressure of flue gas into absorber, kPa 121 [31]

Table 2. The cement plant flue gas specification.

Parameter Value Reference
String 1
COy males 22 [38]
0 7 [%5]
H;Omoles 9 5]
Ma moleth 62 [38]
Muolar flow rate, kmaol /h 57B5 [38]
Flue gas temperature, “C 80 [3]
Flue gas pressure, kPa 1013 13
Temperature of flue gas into absorber, “C 40 [31]
Pressure of flue gas into absorber, kPa 121 [31]
String 2

COy moles 13 5]
0z 7 [%5]
H;O moles 1 [%8]
M mole®h 0 [38]
Muolar flow rate, kmal /h 5682 [38]
Flue gas temperature, “C &0 [3]
Flue gas pressure, kPa 101.3 13]
Temperature of flue gas into absorber, “C 40 [31]
Pressure of flue gas into absorber, kPa 121 [31]

2.3, Equipment Dimensioning and Assumptions

The equipment sizing was based on the mass and energy balances from the process
simulations. The approach was the same as that used in [3,20,36,43].

The absorption and desorption columns were dimensioned based on superficial gas
velocity using the Souders—Brown equation with a k-factor of 0,15 m/s [#4]. Structured
packing was selected as advocated by [22] to reduce operating cost by reducing the pressure
drop. A shell tangent-to-tangent height (TT) of 40 m was specified for both systems’
absorption columns to account for the water wash section, even though its details were not
included in the study. The desorption columns’ shell tangent-to-tangent heights were also
specified as 25 m.

The flue gas fans, pumps and compressors in both processes were sized based on their
duties in kW and flow rates in m* /h, except the pumps in |/s. The values were obtained
directly from the simulation.

The separators were dimensioned as vertical vessels; the vessel diameter was calcu-
lated using the Souders-Brown equation with a k-factor of 0.101 m /s [44,45]. A corrosion
allowance of 0.001 m, joint efficiency of 50%, stress of 2.15 x 10° Pa, and a tangent-to-
tangent to diameter ration of 3, ie, TT = 3Do [35,45] were specified. The direct contact
cooler (CC) unit was dimensioned in similar manner, with the shell tangent-to-tangent
height specified to be 15 m and a 4 m packing height.
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The reboiler, coolers and condenser were sized based on the required heat exchange
area, as carried out for the main heat exchangers in the next section. All the cooling water
inlet and outlet temperatures were specified to 15 °C and 25 °C, respectively, and were
controlled using adjust functions. The overall heat transfer coefficients of 1200 W /m®. K
and 1000 W /m*-K [35] were specified for the U-tube kettle-type reboiler and condenser
(UT-STHX)m respectively. Meanwhile, 500 W/mEK [35] and 1600 W /m?*-K were used for
the coolers with STHXs and PHE, respectively. The conditions of steam supplied to the
reboiler were 145 “C and 4 bar, while it exited at 130 °C and 3.92 bar.

2.4, Basis for Heat Exchange Equipment Sizing and Assiomptions

Initial cost estimation of heat exchangers is mainly based on the required heat exchange
area. This is the surface area needed to effectively recover a reasonable amount of heat
from the returning lean amine stream from the desorber to heat up the rich amine stream.
The estimation of the required heat exchange area is relatively simple compared to columns
and vessels during initial cost estimation. This is simply completed using Equation (1)

Quaux = Ustuy-Astux-ATLuro i1

Quenx = Upye-Apnp- AT jrp (2

where J pyyy is the thermal load, and L is the overall heat transfer coefficient. “A" refers to
the required heat exchange area, and ATy yrp is the log mean temperature difference (LMTD).
Subscript “STHX" stands for shell and tube heat exchanger type, while subscript “PHE”
represents the plate heat exchanger. Since the LMTD is only slightly higher than the minimum
temperature approach (AT g}, some studies simply assume LMTD = AT, [1423]. In this
study, LMTD is calculated as shown in Equation (3).

_ [TJ.Il.lr,th - Tl:ﬁln’,.iu:l - {T?mj,.iu - Tl‘_'ardpur]'
- In ?MIJH_TCDI-‘_JH% ’
Thatin — Troki awe

where Ty iy and Ty 5 are the temperature of the returning lean amine stream at the hot
side and cold side, respectively. The temperature of the cold stream, rich amine at the cold
side and hot side are represented with Ty, and T o, respectively

In the literature, constant overall heat transfer coefficients are typically used in techno-
economic studies (initial cost estimates) of carbon capture processes [46]. The follow-
ing values can be found for the overall heat transfer coefficients, U for the lean/rich
heat exchanger in an MEA COy capture process with a shell and tube heat exchanger
(STHX): 500 W/m? K [24], 550 W/m K [47], 710 W/m2-K [45], 732 W/m?-K [14] and
760.8 W/m* K [4]. The U-value in [14] is used this work. If we assume LMTD = AT,;,, as
done in [14,23], Equation (1) becomes:

AsThx = (%J(ﬁ:) m?

Agrax = 00370 pyrx { oy ] m

LMTD

(3)

4)

Astiy-A Ty = 0001370, gy Kom® i5)

The overall heat transfer coefficient of the plate heat exchanger is much higher than
that of the shell and tube heat exchangers. Thus, they exhibit an order of magnitude higher
surface area per unit volume in comparison with the STHXs. The overall heat transfer
coetficient for the PHE is 24 times of the STHXs [32,49 50]. Based on that, a conservative
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overall heat transfer coefficient of 1500 W/m?*-K was assumed in this work. Therefore,
Equations (4) and (5) for the PHE become:

- 1
Appe = UM’E?QLm;x-(aT - sz- (&)
mrn

Appg-AT iy = 0000670 gy Kom® 7

Equations (5) and (7) simply indicate that the required heat transfer surface area
is directly proportional to the thermal load and inversely proportional to the minimum
temperature approach (AT, ). The inverse relationship between the required heat ex-
change area and the minimum temperature approach (AT, ) shows that decreasing ATy,
implies increasing the required heat exchange surface area, and thus, an increase in cap-

ital cost. On the other hand, the lower the AT, the higher the QI.RHX- An increase in

I:I'Lg”x implies a decrease in the reboiler heat demand for desorption, which in turn means
lower energy costs.

2.5, Capital Cost Estimation Method and Assumptions

The capital cost (CAPEX) in this work was estimated with the Enhanced Detailed
Factor (EDF) method, which follows a bottom-up approach. The comprehensive details
can be found in [31,35]. Here, the CAPEX is the total plant cost (TPC), which is the sum
of all equipment installed costs. Since the work involved iterative simulations and cost
estimation, it was implemented according to the Iterative Detailed Factor (IDF) Scheme as
documented in [36]. It falls under Class 4 of the AACE International {Association for the
Advancement of Cost Engineering) for concept screening and feasibility studies. Therefore,
the accuracy of the TPC is expected to be =30,

Equipment cost data were obtained from the most recent Aspen In-Plant Cost Esti-
mator, ie., Version 12, with a cost period of the first quarter of 20019, The capital cost year
was 202(; thus, the cost estimates were escalated to 2020 using the Norwegian Statistisk
Sentralbyra (S5B) [51] industrial construction price index. Stainless steel was specified for
almiost all the main plant equipment because of corrosion. The flue gas fan and casing of
the compressor were assumed to be constructed from carbon steel. The main assumptions
for the estimation of the capital cost are summarised in Table 3.

Table 3. Capital cost assumptions.

Description Value Reference
Capital cost method EDF method [35]
CAPEX Total plant cost (TPC) [35]
Capital cost year 2020, 15t quarter Assurmed
Equipment Cost data vear 2019, 154 quarter {AspenTech-A LCE)
Cost currency Euro (ELUR) Assurmed
FPlant location Rotterdam Default
Project life 25 years [3]
Plant construction perbod 3 years [52]
Discount rate 7.50% [3]
Annual malntenance 4% of TRC [3]
FOAK or NOAK MOAK [35]
Material conversion factor (55 to C5) 1.75 welded; 130 machined [35]

2.6. Amnual Operating and Maintenance Costs Estimation and Assumptions

The operating and maintenance costs in this work were divided into variable operating
costs (VOCs) and fixed operating costs (FOCs). The economic assumptions utilised for the
V(s and FOCs are tabulated in Table 4.

158



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 200k, 15, 435 9 of 40
Table 4. Economic assumptions for estimating the operating costs.

Description Unit Value/Unit Reference
Annual operation Howurs 000 [43]

Stearn (natural gas) EUR /o 1551+ [52]

Steam (excess/waste heat)  EUR/ton e I [52]
Electricity EUR/kWh 0S8 521
Process Water EUR /m® BB 52]
Cooling Water EUR fmv 0022 Assumed
Solvent (MEA) EUR /ton 1450 [53]
Maintenance EUR 4% of TRC [43]
Engineer EUR 150,000 (1 englneer) [31]
Operators ELR T7000 (= 20 operatoes) ** [52]

* Converted to ELIE.-' ton from [ 52], ** Mumber of staff | 52].

2.7, COy Capture Cost and CO Avoided Cost Estimation

The main cost metrics in this work were C0y capture cost and CO» avoided cost.
Levelised cost or levelised cost of electricity (LCOE) for power plants’ cost estimates is
another important cost metric, but it was not used in this work. The estimation of CO%
avoided cost was only performed for the COy capture process for the cement flue gas. This
accounts for COy emissions during the production of the electricity and steam needed
for desorption. According to the US. Energy Information Administration [33], for each
kWh of steam produced from natural gas, 0.18 kg of C0Os is emitted. That means, for
every kWh of electricity consumed, (.64 kg of CO% is emitted. This is the basis for COy
avoided cost estimation in this work, to account for the actual C0» emissions reduction.
The annualised capital cost, annualised factor, total annual cost (TAC) and CO% capture
ocost were estimated using Equations (8)-(11), respectively. Symbol n is the number of
operational years, and r is the discount rate. The C0% avoided cost in this work was
estimated with Equation (12), which is equivalent to (13), as was also carried out in several
studies in the literature [2%,52,54,55]. The cost of transport and storage were not included.
This is because transport and storage costs depend on the mode of transport, distance
and specific characteristics of the storage site. When the transport and storage costs are
included to account for the entire CCS chain, Equation (14) is used.

Annurlized CAPEX E = M ()
wr Anmualized factor
Equation () is applied to compute the annualised factor.
Annualized factor = E:_] [[l—]_r]-"] ()
L . € € L
TAC | — | = Annualized CAPEX | — | + Annual VOC | — | + Annual FOC | — {1
yr r wr wr
TAC (£)
COy capture cost ( ) = Lid (11}
O Mass of CO0; annual captured {%7'&}
COy avoidded /abated cost ( g )
] e (4) a2
T Mass of awmual OOy captured (%’i.ll = Muzs of amumel C05 emitted im energy production {"‘7:'2}
(COP)prr — (COP
Cﬂzam:'dm'm-st( £ ) = __(COPlpce — (COP)ry (13)
tCCk (Specific emissions),; — (Speci fic emissions) poe
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(COP) s — (COP), ¢

€
fCOz) - {Specific em:ﬁsm-ns:lyf — [ Speci fic emissions) - (14}

C0y avoided cost (

3. Results and Discussion
3.1. Base Case Simulation Results and Discussion

The results obtained in the base case process simulations of this work are compared
with those found in the literature in Tables 5 and 6. The references in Tables 5 and & are
simulations of COs capture processes from an NGOC power plant and a cement plant’s
flue gases, respectively. In addition, they are all 30% MEA solvent OOy capture processes.
The CO; concentrations in the flue gases are provided.

Table 5. Comparison of NGCC power plant’s exhaust gas process simulation results with literature.

CO; Capture C0y AT... Lean Rich Absorber Reboiler
Rate Concentration " Loading Loading  Packing Height Specific Heat
Unit a ol % C m GIRC0,
This work (MGCC) an 375 10 026 0.50 17 a7
Amrollahi et al. [28] ap .80 85 na. 0.47 13 M
All et al. [56] ap 4.16 na. na. 0.48 ra. 393
Sipiscz et al. [30] o0 4.20 10 na. 0.47 269+ 393
* Mot defined if it is packing height or shell tangent-tangent height. n.a. = not available.
Table 6. Comparison of the cement plant’s flue gas process simulation results with literature.
COz Caplure COg AT.. Lean Rich Absorber Reboiler
Rate Concentration " Loading Loading  Packing Height Specific Heat
Unit T mol % “C m GIC0,
This waork (cement) ap 18 na. 026 0.48 174 (29 skages) 389
Voldsund et al. [57] ap 2 na. 022 0.50 na. 378
Voldsund et al. [57] ap 18 na. 022 0.50 na. 380
Mwanha et al. [14] a0 11.5 val® 10 032 0.50 22 (36 stages) 384

n.a.= not available.

In the NGCC power plant’s case, the rich loading in this work is only about 0.02-0.03
more than the references [2%,30,56]. The lean loading of the references is not available to
ascertain their cyclic capacity. The reboiler specific heat consumption calculated in this
work is 4.8% less than the results published in [30,56]. The absorber packing heights have
great influence on the reboiler heat requirement, and they vary from one study to another,
as can be seen in Table 5. The result calculated in this work is almost the same as the
simulation result of [25]. The AT, are, however, different; reference [25] used 8.5 °C,
while 10 °C was specified in this work. Reboiler specific heat requirements of 3.66 G /HC0x
and 3.70 GJ /00y were calculated for AT,;, of 8 °C and 9 °C, respectively, in this worle
The agreement of the results of this work with the references is good.

In the cement plant flue gas COh capture process, the specific reboiler heat consump-
tion calculated is 0.7% to 3.4% higher than the references [14,57]. The agreement in the
cement process is also good.

3.2, Buse Case Capital Cost Amalysis

The estimates of total plant cost (TPC) of the different plant scenarios are presented
and compared in Table 7. These results are only for the base cases with AT, of 10 °C. Here
and in all other parts of this paper, the FTS-5THX case with AT, of 10 “C is the reference
case. The heat exchanger areas used for the heat exchanger purchase costs in this work
were estimated based on Equations (1)—(7). In each case, the same type of heat exchanger
was specified for the lean/rich heat exchanger, lean MEA cooler and DCC cooler functions,
while the UT-STHX was specified for the condenser and condensate cooler.
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Table 7. Comparison of the base cases’ total plant costs (TPCs) of the different plant scenarios
(reference: FTS-STHX).

FTS-STHX
FH-STHX
UT-STHX

NGCC Power Plant CO; Capture Processes Cement Plant CO; Capture Processes
Standard LvC Standard Lvc
EUR (Millions) % EUR (Millions) % EUR (Millions) % EUR (Millions) %
1724 0 177.9 0 788 0 85.1 0
1745 1 1789 1 N3 1 85.7 1
167.8 -3 174.0 -2 - - -
1475 -14 160.7 -10 652 -17 76.8 -10

Negative percentage indicates cost reduction and pesitive percentage implies increase in TPC. Comparisons were
made with the FTS-STHX in both the NGCC power plant and cement plant processes.

The estimates of the standard CO, capture processes for the cases of the STHXs systems
are close to results in the literature. Manzolini et al. [55] estimated a TPC of an MEA-
based standard CO; capture plant from an NGCC power plant to be EUR 163.2 million
in 2015. Li et al. [59] estimated a TPC of USD 132.6 million (2013) for an MEA-based post-
combustion CO; capture from a 650 MW, advanced pulverised coal (APC) power plant.
The cost is expected to be lower due to the higher partial pressure of CO; in an APC
power plant exhaust gas. This is in addition to the fact that even the estimated TPCs of
similar plants are expected to differ due to the different capital cost estimation methods and
underlying assumptions, as well as different plant-specific characteristics [35]. They also
used a AT,;, of 15 °C, which will cause a significant reduction in the capital cost due toa
reduction in the cost of the cross-exchanger. It is challenging to make a direct comparison
of cost estimates from different studies [35,41,52].

A TPC of EUR 76 million (cost year of 2014) was estimated by [52] for a representative
size of a European cement plant with a clinker annual production capacity of 1 metric ton.
This study used the Norcem As cement plant in Brevik as a case study, which has an annual
cement production of around 1.2 million tons [60].

The results in Table 7 indicate that 14% and 17% can be saved if PHE is specified for the
cross-exchanger, lean MEA cooler and DCC cooler functions in the NGCC power plant and
cement plant standard CO; capture processes, respectively. If the lean vapour compression
(LVC) configuration is implemented, in both industrial processes, a 10% cost reduction in
TPC will be achieved if the PHE is used instead of the FTS-STHX.

3.3. Capital Cost Distribution

It is important to establish the capital cost contributions of the different functional
operational units, to show why attention needs to be given to the cost reduction of lean/rich
heat exchangers. This is a common practice when the EDF method is employed for the
capital cost estimation of a process plant [35]. It helps during the process development
because the process engineer can see the effect of their choices very quickly. In addition, it
becomes easier to communicate between the cost estimator and the process developer on
which equipment needs to be cost optimised [35].

Figures 3 and 4 present the capital cost distribution of the CO, capture plant for the
NGCC power plant’s exhaust gas and the cement plant’s flue gas, respectively. If any of the
three shell and tube heat exchanger types are employed as the lean/rich heat exchanger,
then the lean/rich heat exchanger becomes the second- and third-highest contributing
equipment to the total plant cost in the standard cases of the cement plant and NGCC
power plant capture processes, respectively. The cross-exchanger contributes 16% or 17% if
FTS-STHX or FH-STHX, respectively, is selected for its function in the two standard CO,
capture and compression processes. Nwaoha etal. [14] showed that broadly specified STHX
calculated the cross-exchanger contribution in an MEA capture process from a cement
plant flue gas to be 17%, which is the same value estimated for the FH-STHX case in this
study. This study applied the same overall heat transfer coefficient as [14]. The lean vapour
compression configuration reduced the lean/rich heat exchanger’s contribution to 10% in
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both FTS-STHX and FH-STHX cases and in both the NGCC power plant and the cement
flue gas treatment processes. This is because of a reduction in steam requirement by the
reboiler due to the extra stripping vapour supplied to the desorber in this case. If PHE is
used instead of any of the STHXs, the cross-exchanger will only contribute 5% and 3% to
the TPC in both standard and lean vapour compression CO% capture plant configurations,
respectively, in two different industrial processes.

&0
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Figire 3. Caphial cost disteibution of 90% CO, standard captiire plant and lean vapour compression
plant for the 400 MW NGOC power plant’s exhaust gas.
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Figure 4. Capital cost distribution of 90% CO; standard capture plant and lean vapour compression
plant for cement plant’s flue gas.

Since the same type of heat exchanger was specified for the cross-exchanger, lean MEA
cooler and DCC cooler functions, in the MGCC power plant’s case, the total plant cost will
decline by 14% and %% for the standard configuration and the lean vapour compression
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configuration, respectively, in comparison with the reference case (FTS-5THX). In the
cement plant’s case, the reduction in TPC is 17% and 10%, respectively. These results for
the base cases show a significant cost reduction in the TPC.

In the MGCC power plant cases, the absorber contributes the highest amount to the
TPC. That is, 4244 and 31-34%: in the standard model and the lean vapour compression
configuration, respectively. Meanwhile, in the cement plant’s cases, the contributions are
14-17% and 13-14% in the standard model and the lean vapour compression configuration,
respectively. This is low due to the relatively lower volume flow of flue gas and higher COs
partial pressure due to the higher CO» concentration in this case compared to the power
plant’s case. The absorber dimensioning results for both systems are presented in Table 5.
In the case of the NGCC power plant, the absorber was split up into three units since for
diameters greater than 10 m, concrete columns are a better choice, and stainless steel was
specified in this study [46].

Table 8. Absorber dimensioning data.

Absorber
Unit MNGCC Process Cement Plant Process

Murmber of units - 3 1

Shell tangent-to-tangent height m 40 40
Diameter (overall) m 1632 650
Diameter per unlt i 9.43 650

Stages - 2 17

Packing height m 174 17

Structured packing Structured packing

Packing type (MellaPak 350Y) (MellaPak 250%)

3.4 Impact of Mininium Temperature Approach on Heat Recovery and on the Required Hent
Exchanger Surface Aren

The minimum temperature approach of the lean/rich heat exchanger of a solvent-
based COy absorption and desorption process determines how much heat can be recovered
by the rich stream from the lean stream flowing from the desorber. This is shown in Table 9,
where the heat recoveries at the AT, of 5 °C, 15 °C and 20 °C are compared with the
heat recovery of the base case AT,,;, of 10 “C. The results obtained are compared with the
results also calculated for a 400 MW NGCC power plant exhaust gas in the book of Dag
Eimer [23]. Megative values represent relative less heat recovery, while positive values
show how much more heat is recovered compared to AT, of 10 °C.

Table 9. Comparison of heat recovery in the lean /rich heat exchanger of the standard C0O4 capture
processes.

AT This Work (NGCC) This Work (Cement) Eimer [23]-NGCC
C T % o
5 7 10 7
10 Reference (Base case)
15 -8 -9 -7
30 —16 -0 -

Even though the estimated amount of heat recovery in the base case AT,,;, in [23]
is 6% less than the result in this work, both works calculated 7% more heat recovery at
ATin of 5 °C compared to the reference process at AT, of 10 °C for the NGCC system.
The heat recovery is higher in this work because the cold rich stream enters the cross-heat
exchanger at 46 °C, while 50 “C was assumed by [23]. At AT, of 15 °C, 8% less heat

recovery was obtained in this work in the OOy capture from the MGCC power plant's
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exhaust gas, while [23] also calculated this value to be 7% In this work, in the NGCC
system, if AT,,;, of 20 “C is specified, the heat recovery will decrease by 16%.

Mo work was found to compare the heat recovery results for the cement system.
However, the heat recovery at AT, of 5 °C is about 1008 higher than at AT, of 10 °C
in the C( absorption and desorption in the cement plant scenario. At AT,;, of 15 °C
and 20 °C, heat recovery decreases by approximately 9% and 20%, respectively.

The comprehensive results of heat duties of the cross-exchanger, reboiler and lean
MEA coolers at the different AT, are presented in Tables 10-13 for the NGCC exhaust
gas cleaning process and cement plant flue gas purification systems. These four tables also
show the resulting heat exchange surface area required in the lean,/rich heat exchanger
for a AT, range of 5-20 °C for the STHXs and a AT, range of 3-20 “C for the PHE.
The relative increase and decrease in the heat transfer area needed in the lean/ rich heat
exchanger for both the STHXs and PHE are also computed and presented in Tables 9-12.

Table 10. The influence of the lean/ rich heat exchanger AT gy, on the thermal load and area of the
required heat exchangers (400 MW NGCOC power plant standard OO capture process).

Specific HX Lean STHX PHE
AT,y Reboiler Thermal Reboiler gy Total AHX  No.of  Total AHX  No.of
Heat Load Duty  Cooler  pxAres  Area Units ~ HXArea  Area Units
o GICO; MW MW MW e %% e %%
3 a5z 173 123 n - 292494 181 18
4 35 171 124 23 - - 24,107 131 15
5 357 168 125 5 37,543 Th 38 20,1m w3 13
] 3e0 166 126 i 32 53 13 17,149 65 11
7 3e3 164 128 30 28,794 5 29 14,884 43 9
2] 3mb 162 129 iz 26,156 23 27 12953 24 B
9 370 160 130 M 23,485 10 L 11,598 11 7
1] 3T 157 131 36 21,331 i} a2 10421 0 7
11 378 155 133 k) 19,170 —10 0 9361 —10 B
12 380 152 134 42 17,273 —19 18 A365 —X) B
13 384 150 135 bl 15,539 -7 16 7536 ] 5
14 389 147 137 47 14,090 —M 15 GR63 -H 5
15 393 145 138 50 12,856 —40 13 6253 —40 1
16 398 142 140 53 11,771 —45 12 SHd —45 1
17 4.02 139 141 56 10,879 —49 11 5261 —50 1
18 4.06 137 143 58 10,033 -53 11 4873 -53 3
19 4.11 134 145 61 9326 —56 10 4537 —56 3
0 4.15 132 146 B Bril —54 9 43X —59 3
Average HX area of STHX per unit, m? 973
Average HX area of FHE per unit, m* 1553
Owerall heat transfer coefficlent (L) of STHX per unit, KW /m® K 073 [14]
Orverall heat transfer coefficient (L) of PHE per unit, KW /m™-K 1.50 Based on [50]

Table 11. The influence of the lean/ rich heat exchanger ATy, on the thermal load and area of the
required heat exchangers (cement plant standard OOy caplure process).

Specific HX .,  LeanMEA STHX PHE
ATy  Reboiler Thermal THER Cooler Total AHX  Mo.of  Total  AHX  No.of
Heat Load Duty Druty HX Area Area Units  HX Area  Area Units
0 GIRCO, MW MW MW m® % m® =
3 A5 944 B0 358 - - - 17,130 210 11
4 368 930 Bl k! - - - 13,566 146 9
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Table 11. Cuouet.
Specific HX Lean MEA STHX PHE
AT,; Reboiler Thermal Reboiler Cooler Total AHX Mo of Tatal AHX Mo, of
Heat Load Dty Duty HX Area  Area Units HXArea Area  Units

oc GIRC04 MW MW MW m* % m® b4
5 in 914 BX3 387 22,178 97 23 11,065 100 7
[ 37 90.1 Bl 40.4 19,117 0 0 9342 %] [
7 378 BA.5 Bi9 42.0 16,558 47 17 B8 45 5
i 382 869 BT 438 14,325 i 15 B35 26 5
9 385 85.4 B5A 453 12,76 13 13 A193 12 4
10 369 831 BA2 7.7 11,266 1] 12 5519 [ 4
11 39 823 B73 48.6 10,187 —10 11 4924 =11 3
12 397 80.7 BA.1 50.3 @181 -19 10 4439 =20 3
13 401 749 B9.0 522 8257 -7 9 4007 =27 3
14 405 71 G0 51 7457 -3 8 a6 —35 3
15 4.10 753 911 5a.0 68772 —i 7 3278 —d1 2
16 4.15 7368 G921 578 #185 —45 7 Xaon —d& 2
17 4.19 718 933 59.7 5658 50 f 754 =50 2
18 iH 70.0 w3 61.5 5210 —54 f 3532 —54 2
19 418 6.2 Q5.4 63.4 4803 -57 5 32 —58 2
20 433 665 QA5 65.2 dd42 —61 5 2158 -kl 2

Average HX area of STHX per unit, mt W45

Average HX area of PHE per unit, m® 1477

Owverall heat transfer coefficient (LI} of STHX per unit, W/ mE K 073 [14]

Owerall heat transfer coefficient (L) of PHE per unit, KW /m*-K 150 Based on [50]

Table 12. The influence of the lean /rich heat exchangee AT, on the thesmal load and area of the pe-
quired heat exchangers (400 MW NGCOC power plant lean vapour compression COn capture process).

Specific ] HX i Lean MEA STHX FHE
AT,,  Reboiler FAUNAEt Therma Reboller  Cooter Total  AHX  No.of  Total | AHX  No.of
Heat 8 Load i Duty  HXArea Area  Units  HXAreas  Ares  Units

C GIRCO: GInCO: MW MW MW m* % m* kY
3 276 1 1158 70 183 - = - 24657 = 15
4 279 114 1143 ag1 199 - - - 19,059 195 12
5 2R3 118 2o 996 23 S044G 128 31 14,771 128 L]
& 287 323 1096 1009 47 24,575 &4 b 11,926 24 B
7 252 127 ) (1 1023 71 20,478 53 3 | 435 54 3
L] 206 13 1049 1058 x4 17,441 3l 15 8472 3l 3
9 3.00 156 102.e 1055 315 15,065 13 & 735 14 5
0 305 140 1.7 1048 336 13,342 [ 14 G466 Q 4
11 3 345 982 1054 A 11,79% =12 12 574 =11 4
12 34 149 95.8 1101 388 10,53 -1 11 5123 -2 4
13 318 354 Q3.6 1118 41.1 407 -39 ] 4613 —29 3
14 ixr 157 91.3 1135 454 B601 ] 9 4179 —35 3
15 iy 143 2.0 1151 457 7RIS —41 B 3768 —42 1
16 332 148 B6.T 1145 453 7145 —d& -] 3472 ] 3
17 338 373 B45 1185 507 H549 -5l 7 3182 -51 2
18 342 ko 821 1199 528 &35 —55 7 %% —55 2
% 347 182 ] 1216 551 5557 —58 & 2706 —58 2
30 352 187 TTE 1354 74 511a —hl é 2407 —hl 2

Pa-mgc HX area of STHX per ik, r_'n! a57

Pa-mgc HX area of PHE per ik, m- 1515

Owverall heat transfer coefficient (L) of STHX per unit, kw_.frfll’-](. 073 [14]

Owerall heat transfer coefficient (L) of FHE per umat, KW/ m-K 1.50 Based on [50]

Pa-mgc COMpressor [si:eci:ﬁ:}duty,}-'l'w (G] 00 L CERYRN ]
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Table 13. The influence of the lean/rich heat exchanger AT, on the thermal load and area of the
required heat exchangers (cement plant lean vapour recompression CO; capture process).

Specific . HX s Lean MEA STHX PHE
ATuw  Reboiler Equivalent Thermal Reboller Cooler “TomlHX  AHX  No.of  Totl  AHX  No.of
Heat 5 Load ty Duty Area Area  Units HXArea Area  Units

“C GIICO;  GJACO: MW MW MW m* =% m %
3 267 3.00 57.0 592 216 2 P i 12,176 301 &
4 271 304 55.7 599 29 : . . 9121 200 6
5 274 306 544 607 21 14,906 138 15 7267 139 5
6 278 3 531 616 56 11958 91 12 5842 »2 4
7 282 315 517 625 270 9937 59 10 4841 59 3
8 286 318 50.3 635 %4 8415 LT 9 4096 5 3
9 250 323 49.0 643 298 7234 16 8 4R 15 2
10 295 328 472 653 37 6259 0 7 3038 0 2
1 298 331 6.4 66.1 26 5608 -10 6 2730 -10 2
12 3m 336 453 670 B4 5024 -2 6 2430 -20 2
13 307 340 432 679 B 431 -29 5 2176 -8 2
1 312 345 420 689 71 3991 -36 4 1902 -3 2
15 316 349 0.6 699 385 3606 -2 4 1755 -0 2
16 320 353 393 709 38 3272 —48 4 1592 —48 1
17 335 358 38.0 719 412 2976 -52 3 1448 -5 1
18 329 362 367 729 Q5 2715 -57 3 1321 -57 i
19 3 367 354 740 689 2480 -60 3 1219 -6 1

Average HX area of STHX per unit, m? 938

Average HX area of PHE per unit, m* 1393

Overall heat transfer coefficient (U) of STHX per unit, KW/m* K 073 [14]

Overall heat transfer coefficient (U) of PHE per unit, kW/m* K 150 Based on [50]

Average compressor (specific) duty, MW (G] /1COz) 1.81 (0.08)

In the NGCC power plant standard CO; capture process, if a ATy, of 5 “C is specified
in the lean/rich heat exchanger instead of 10 °C, the required heat exchange area becomes
76% larger if any of the STHXs are employed as the lean/rich heat exchanger. If the PHE
is used, then the calculated surface area becomes 95% larger at 5 °C instead of 10 “C.
According to Karimi et al. [11] and Eimer [23], the required heat exchanger area doubles if
a ATy, of 5 °C is used instead of 10 “C. The analysis of Eimer [23] is based on the same
400 MW NGCC process as was completed in this work. The work of [11] regards a 90%
COz absorption and desorption from a 150 MW bituminous coal power plant’s exhaust
gas. In the NGCC system, especially for the PHE case, the results of this work are close to
two times the heat transfer area required if AT,,;, of 5 °C is used instead of the reference
ATy 0of 10 °C. The difference is simply due to the overall heat transfer coefficients used.
In this work, an overall coefficient (U-value) of 732 W/m? K [14] was used to estimate
the required heat transfer area for the STHXs. Eimer [23] used 1250 W/m? K, which is
considerably higher than the U-values in CO; capture studies such as [14,24,31,47]. Since
the analysis of Karimi et al. [11] was based on data from [61,62], the overall heat transfer
coefficient used for the STHX surface calculation should be considerably higher than the
U-value in this work and in [14,24,31,47].

In the cement plant standard CO; capture process, decreasing the AT, from 10 °C to
5 °C resulted in a 97% and 100% increase in the heat exchanger area needed for the cases of
STHXs and PHE, respectively.

In the lean vapour compression cases, using AT, of 5 °C instead of 10 °C caused the
heat exchanger area to increase by 128% for both the STHXs and PHE in the NGCC power
plant CO; capture process. Meanwhile, in the case of the cement plant, the increase is 138%
and 139% for the STHXs and PHE, respectively.

The number of heat exchanger units required are significantly fewer if the PHE is
selected for the COz capture operations instead of the STHX. These also lead to a lower area
or volume requirement as well as less capital cost, as also shown in Figures 2 and 3. The
reboiler duty increases by 1-2 MW with an increase of 1 °C of AT,,;, of the lean /rich heat
exchanger. The duty of the lean MEA cooler also increases at approximately 2-3 MW for
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every 1 °C increase in the AT,,;, of the lean /rich heat exchanger. The specific heat demand
by the reboiler increases mainly between 0.08-0.04 GJ /#C04 with each 1 *C increase in the

AT,y of the lean,/rich heat exchanger. Table 14 provides a summary of comparison between
the standard and the lean vapour compression configuration (03 capture processes.

Table 14. Summary of enefgy performances of the standard and the LVC caplire processes.

Specific Reboiler Duty Equivalent Heat

Configuration Energy Configuration Energy

Standard Ve Saving Standard Ve Saving
“C GJHCO, G0, % GJACO, GO, =
MGCC power plant 5 389 295 a2 369 328 19
MGCC power plant 10 73 305 2 a7 340 10
Cement plant 5 in 274 a5 an 306 21
Cement plant 10 357 283 2h 357 318 12

The results in this section show that the AT, of the lean/rich heat exchanger has
significant influence on important economic variables in a CO absorption and desorption
process. An increase in the reboiler duty implies an increase in the amount of steam needed.
The amount of conling water needed also increases with increase in the lean amine duty.
As the reboiler and lean MEA cooler duties increases with an increase in the AT, of the
lean /rich heat exchanger, the corresponding required heat transfer area also increases;
therefore, to arrive at the minimum cost of the process, a trade-off analysis is required using
Equations (8)-{11) and (13), as also stated by [11]. In this work, Equation (10) is mostly
used for the trade-off analysis, which also depends on Equations (8) and (9.

3.4, Base Case Varuable Operating Cost (VOC)

The varying heat duties in the reboiler and in the lean MEA cooler with varying AT,
of the lean /rich heat exchanger in Tables 1013 have variable operating cost implications.
An increase in reboiler heat consumption implies an increase in energy (steam) cost. Mean-
while, changes in the duty of the lean MEA cooler mean changes in both the amount of
cooling water needed and electrical energy consumption for pumping of water, as the
situation demands. Figure 4 shows that these variables which are influenced by the ATy,
of the lean/rich heat exchanger are the most important variable cost drivers in both the
MGCC power plant and cement plant flue gas COs capture systems. At a AT, of 10 °C,
they acoount for 82% and 84% of the variable costs in the NMGCC standard and lean vapour
compression processes, respectively. Meanwhile, the energy cost accounts for 82% and 81%
of the variable cost in the standard configuration and the lean vapour compression process,
respectively, in the cement plant systems.

Since the PHEs have small channels, the pressure drop is higher than for the STHXs.
Higher pumping duties by the rich pump and lean pump are incurred by the PHE system [3].
The allowable pressure drops in the tubes of the STHXs is between (.5 and (L7 bar [62].
According to [63,64], the allowable pressure drop is 1 bar. To account for the higher
pumping pressure in the PHE system, the outlet pressure of the rich pump and lean
pump were made 1 bar higher than when any STHX was selected for the lean/rich heat
exchanger function.

Figure 5 shows the electricity consumption cost in both the STHX and the PHE systems
for the WGCC power plant lean vapour compression. Figure 5 also shows that the two
energy (steam and electricity) consumption costs slightly increase with an increase in the
AT,y of the lean /rich heat exchanger. The cost of electricity consumption of the FHE
system is about EUR 70,000 more than those of the processes with STHXs as the lean/rich
heat exchanger.
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Figure 5. Energy consumption cost as a function of ATy, of the lean/rich heat exchanger.

3.6, Base Case CO Capture Cost

Estimates of U0y capture cost for all the base cases in this study are presented in Table 15.
These values are in line with the literature results. According to reference [31], OOk capture costs
for post-combustion COs capture processes are in the range of ELR 50,/tC04 to EUR 128/t00s.
A decade agp, reference [65] reported a range of EUR 60,60y to EUR 90,/t00 for the power
industry. Meanwhile, a range of USD 48/tC0% to USD 1117400 (ie, EUR 41/4C0: to
EUR 95/ tC05) was reported by [35] spedifically for post-combustion COs capture from NGCC
power plant’s exhaust gas.

Table 15. Camparison of the base cases’ CO, capture cost of the different plant scenarios (reference:
FTS-5THX).

NGCC Power Plant OOy Capture Processes Cement Plant C0; Capture Processes
Standard LvC Standard LVC
EURMCO: a EURACO: a EURACO: e EURMCO: Y
FIS-5THX 734 0.0 694 0.0 62.1 00 573 0.0
FH-5THX 736 02 62.6 0.2 622 02 57.4 02
UT-5THX 78 —0.8 689 —0.7
FHE 02 —4.4 672 -3z 594 —d4 556 —3.0

Negative percentage indicates cost reduction and positive percentage implies increase in CO4y capture cost.

In their study, Roussanaly et al. [66] estimated a COy capture cost of EUR 63.2/tC0,
(cost year of 2014) for a solvent-based COy capture from a cement plant’s flue gas. For the
cost year of 20016, Ali et al. [31] estimated the capture cost for a similar cement flue gas CO»
capture system to be EUR 62.5/tC0,. These literature capture costs are close to the capture
cost in this work for the STHXs systems, though the cost vears are different.

These results revealed that using the PHE in a standard post-combustion COs» capture
process will lead to 4.4% reduction in carbon capture cost. A COb capture cost reduction of
approximately 3% will be achieved if the lean vapour compression is implemented instead.
These are significant cost reductions, since over 1 million tons of COr and over 630,000 COx
are captured in the MGCC system and the cement system, respectively.

The costs based on actual COs emissions reduction (C0s avoided cost) from the
cement plant were also estimated for the FTS-5THX, FH-STHX and PHE capture scenarios.
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They are ELR 87.5/tC0,, EUR 87.7 /1005 and EUR 73.7 /tCO4, respectively, for the cement
flue gas' standard of CO% capture process. For the lean vapour recompression cement
flue gas process, the costs are EUR 77.4 /400, EUR 77.6/tC0: and EUR 75.2/6C0% for
the FTS-5THX, FH-STHX and PHE capture systems, respectively. The C0y avoided cost
values reported in the literature for the MEA capture systems ranges widely from EUR
75,/tC0k to EUR 170/4C0%. A OO avoided cost of EUR 95.2,/400) was estimated by [67],
while reference [65] estimated EUR 81.9,/tC0s. Li et al. [29] reported an avoided cost of
EUR #6.4/tC02. A COy avoided cost of EUR 83/tC0% was estimated by [66]. For a closely
related systemn, EUR 80/8C0)% was recently estimated by [52].

The analysis of CO4 actual emissions reduction is given in Figure 6. Steam and
electricity are assumed to be generated from natural gas with CO% emissions of (L18 kg
of C0% emitted per kWh (thermal). The lean vapour compression (LVC) has better COx
emissions reduction performance due to the reduction in reboiler heat consumption from
3.89 ] /tCOx to equivalent heat (reboiler heat and compressor work) of 3.28 G] /00 (see
Tables 11 and 13).

B0O,000
& 700,000
> —
'g* 600,000
£ 500,000
€ 400,000
B 300,000
E 200,000
o' 100,000
o
r_:q o
= Cement 90% CO; Cement Cement Cement Cement
= plant  capture  plant plant plant plant
without with with  with LWVC with LVC
carbon standard standard CO: C0;
capture Co; Co; capture capture
plaint capture capture  plant plamnt
plant plant  [STHXs} ({PHE)
[STHXs]  (PHE}

B CO; emissions W Actual CO0; emissions reduced

Figure 6. Annual OO0z emissions reduction analysis.

3.7, Cost Optimum Temperature Approach—C0; Capture Cost Analysis

The results of the trade-off analysis between energy cost and capital cost at different
ATy based on COs capture cost are presented in Figures 7-10. This is to investigate cost
reduction potential and assess if significant cost reduction cam be achieved through energy
cost and heat exchanger cost trade-off analysis. To make the result comprehensive, the
analysis was performed for two different flue gasses of two different industrial processes
with different flue gas flow rates and different OOy compositions, as stated earlier. Two
different COs capture configurations, the conventional or standard process and the lean
vapour recompression configurations were also used for this study. In the four figures,
the left vertical axis represents the values of the STHXs, while the right vertical axis is for
the PHE.
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Figure 7. Energy and heat exchanger costs trade-off analysis at different ATy, for different heat
exchanger types in a standard OO capture from NGOC power plant exhaust gas.
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Figure B. Energy and heat exchanger costs trade-off analysis at different ATy, for different heat
exchanger types in an LVC COy, capture from NGOC power plant exhaust gag.

In the COy absorption from the MGCC power plant flue gas cases, the cost optimum
8 AT of 12 *C was estimated for both the FTS-5THX and UT-5THX processes in the
standard process. The cost optimum AT,;, for the FH-STHX and PHE are 14 *C and 6 °C,
respectively. In the lean vapour compression configuration, all the STHXs have the same
cost optimum AT g, of 9 °C, while the PHE optimum is 5 “C.

These results revealed the significance of both the lean/rich heat exchanger function
and the specific tvpe of heat exchanger selected for the lean,/rich heat exchanger on the cost
of the capture process. The more expensive a specific heat exchanger type is, the higher
the AT, that will achieve the cost optimum capture cost. Additionally, the less expensive
the heat exchanger is, the lower the AT,,;, that will give the cost optimum COh capture
cost. While the cost savings at the optimum AT, is marginal in terms of CO4 capture
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STHXs CO, capture cost, €/tCO,

62.3

613

cost in this work, the absolute value is significant, especially in the NGCC power plant
capture system where over one million tons of C(% is captured annually. In the standard
process for the NGCC power plant capture system, an annual total cost saving of ELUR
165,000/ year to EUR 311,000/ year was estimated depending on the specific heat exchanger
tvpe. Meanwhile, in the lean vapour compression process, the FTS-5THX and FH-STHX
could only achieve EUR 97,000 and EUR 74,000, respectively, in 02 capture cost at the
optimum AT,,;,. This is because all the STHXs cases’ optimum AT, was only one degree
(1 °C) from the base case AT, The UT-STHX case which also had its optimum at 9 *C
achieved a cost saving of EUR 171,510. However, the lean vapour compression process
with PHE achieved a cost reduction of ELIR 819,530 at the cost optimum AT,

4 Cement plant standard CO, capture process 1 s1m
_ + 613 §
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Figure 9. Energy and heat exchanger costs trade-off analysis at different AT, for different heat
exchanger types in a standard OO capture from cement flue gas.

In the cement plant standard capture processes, the cost optimum trade-off of both
the FTS-STHX and the UT-STHX was 13 “C, while it was 7 “C for the PHE. In the lean
vapour compression capture process, 10 °C, which is the base case ATy, remained the cost
optimum for the two STHXs. The cost optimum AT, for the PHE system of lean vapour
compression was 5 “C. The cost reduction in the two STHX processes based on standard
capture configuration was marginal. However, the capture cost optimum AT, achieved
EUR 253,570 and EUR 483,700 in the standard and lean vapour compression COy capture
processes, respectively.

A general observation is that as the AT,,;, decreases from 10 °C to 5 °C, the resulting
increase in the heat exchanger area makes the capital cost dominate, causing the capture
cost to rise steeply in the cases of all the STHXs in both capture configurations. In the
standard process, above a AT, of 14 °C, the capture cost begins to increase steeply,
indicating the dominance of steam cost, espedially in the cement plant capture system. In
the lean vapour compression systems, the impact of moving from one AT, ;, to the next is
muore significant. The energy cost and heat exchanger cost trade-off trends of the standard
0Oy capture system for both the NGCC power plant and cement plant capture systems
are similar, likewise in the lean vapour compression configuration capture process for
industrial capture processes.
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Figure 10. Emergy and heat exchanger costs trade-off analysis at different AT, for different heat
exchanger types in an LVC CO, capture from cement flue gas.

3.8, Amalysis of Cost Reduction Besed on COy Capture Cost

A more appropriate way to present performance may not be in absolute values but
in percentages. Therefore, the cost reduction potential of the systems was assessed on
percentage basis. However, in comparisons here and in subsequent sections where cost
saving potentials are reported, all comparison is made with the reference case. The reference
case is the case of using FTS-STHX as the lean/rich heat exchanger with a “AT,,;,, of 10 °C",
and for the lean MEA cooler and DCC cooler. This means all other AT, trade-off analyses
of the FTS-STHX are compared with FTS-STHX of AT,;, of 10 °C to show if there is cost
reduction potential at other AT,;, with the same heat exchanger type. All AT, trade-off
analyses of the other specific types of heat exchanger cases were also all compared with the
reference case, FTS-STHX of AT, of 10 °C. The results are presented in Figures 11 and 12
using curves to concisely give overviews of the performance of utilising each specific type
of heat exchanger at different AT, as well as the impact of choosing the lean vapour
compression COy capture process.

In the MGCC power plant standard COy capture system, despite the significant energy
demand reduction in the [LVC process, the standard PHE system dominated over the lean
vapour compression processes of the FTS-STHX and FH-STHX at ATy, of 5 °C and 6 °C_ It
also competes with the lean vapour compression process of the UT-STHX at 5 °C. The cost
optimum AT, (5 °C) of the PHE standard process achieved 4.7 cost reduction, while
it was 9.6% for the lean vapour compression PHE process. This implies the lean vapour
compression doubles the performance of the cost optimum PHE over the reference case.
All the STHXs cases achieved significant cost reduction at all AT, in the lean vapour
compression COy capture process.

In the cement plant flue gas treatment, the PHE system reached cost savings of 5%
and 11.6% in the standard and lean vapour compression CO» capture configurations,
respectively. In both industrial flue gases treatments, the most robust FH-STHX process
was not economically viable at all AT,,;, in the standard capture processes. The FTS-5THX
process could only realise very marginal cost savings between AT, of 11 °C ((L04%) and
14 °C (02%), with a maximum of (L3% at the optimum ATy, of 12 °C, in the MGCC power
plant standard capture process. The standard UT-5THX process only achieved a maximum
of 1%. The results revealed that while the lean vapour compression process achieves
very good cost reduction for all specific types of heat exchanger studied, using the PHE
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as the lean/rich heat exchanger, lean MEA cooler and as cooler for the DIOC circulation
water dominates as the best choice for COb capture cost reduction, irrespective of its
higher pumping cost requirement. With PHE, we can take advantage of the considerable
energy reduction at lower AT ... Since steam is usually the major cost driver, operating
at lower ATy, between 4 °C and 7 *C and using PHE will provide the possibility of
sigmificant cost reductions.
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Figure 11. Cost reduction analysis at different AT, for different heat exchanger types compared
with FTS-5THX of ATy, = 10°C in the NGCC power plant capture process.

3.9, Cost Optimum Temperature Approach—C0; Avorded Cost Analysis

The previous section only considered economic viability without taking into account
climate change implications. The actual CO4 emission reductions are not considered in CO%
capture cost estimation. This section deals with the cost of actual CO4 emissions reduction.
It is pertinent to re-emphasise that the C0% avoided cost in this study does not include COx
transport and storage cost as in [29,52,54,55].

The results of the cost of actual OO emission reductions are presented in Figures 13 and 14
for the standard and lean vapour compression COb capture processes from the cement plant’s
flue gas, respectively. The red dot represents where the optimum C0Os» capture cost was
achieved. It is used to make a comparison with optimum COs» capture cost and the optimum
Cw avoidance cost, that is when the actual OO0z emissions reduction is considered.
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Figure 12. Cost reduction amalysis at different AT, for different heat exchanger types compared
with FTS-5THX of ATy, = 10 °C in the cement plant capture process.
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Figure 13. Energy and heat exchanger costs trade-off analysis at different AT, for different heat
exchanger types in a standard CO; capture from cement flue gas with consideration of actual CO5
emissions reduction (red dot is the AT, where optimum CO; capture cost 18 achieved, which can be
diffesent from the OOy avolded cost optimum the AT, ).
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Figure 14. Energy and heat exchanger costs trade-off analysis at different AT, for different heat
exchanger types in an LVC CO; capture from cement flue gas with consideration of actual CO;
emissions reduction (red dot is the AT, where optimum CO; capture cost is achieved, which can be
different from the CO; avoided cost optimum the AT, ).

In the standard CO; capture process, the optimum CO, avoided cost was evaluated to
be at AT, of 10 °C and 4 °C in the FTS-STHX and PHE scenarios, respectively. Meanwhile,
in CO; capture cost estimation, the cost optimum AT,;, is 13 °C and 7 °C in the cases of
the FTS-STHX and PHE, respectively. In the LVC CO; capture process, a AT, of 4 °C was
also estimated as the cost optimum CO; avoided cost, while it was 7 °C in the case of the
FTS-STHX. The CO; capture cost optimum AT, in the LVC process were 10 “Cand 5 °C
in the cases of the FTS-STHX and PHE, respectively.

The AT, in the lean/rich heat exchanger has a significant impact on the steam
consumption in the reboiler, as shown in Tables 10-13 as well as in Figure 6. Thus, the
higher the AT,;,, the higher the steam requirement, which also implies the higher the
indirect CO; emissions due to production of steam by combustion of natural gas. The
actual CO» emissions reduction achieved by using an STHX as the lean/rich heat exchanger
is a bit higher than if the PHE is applied. This is because of the higher electrical energy
consumption in the case of the PHE compared to the STHX. It is due to the higher pumping
duties by the rich pump and lean pump to pump the lean and rich amine streams through
the small channels of the PHE. However, considering the cost optimum AT, of 4 °Cin
the case of using the PHE in both CO2 capture processes compared to the case of the FTS-
STHX, the PHE absolutely dominates in performance economically and in CO; emissions
reduction efficiency. If the PHE is selected, its cost optimum AT,,;, or even if 5 °C is
specified for the lean/rich heat exchanger, it will achieve about 1.2% and 1.0% more CO,
emissions reduction more than its counterpart in the standard CO; capture process and in
the LVC CO: capture configuration, respectively.

The optimum CO; avoided costs of the PHE cases are EUR 82/tCO; and EUR 73/tCO»
in the cases of the standard and LVC CO; capture processes, respectively. The actual COy
emissions estimated are approximately 65% and 68'%, respectively. For the FTS-STHX cases,
the estimated optimum CO; avoided costs are EUR 88/tCO; and EUR 77/tCO; in the
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standard and INC capture processes, respectively. The actual C0 emissions reduced were
estimated to be around 64% and 67, respectively.

The results reveal the significance of performing cost optimisation of the lean /rich
heat exchanger based on AT,,;, trade-off analysis between energy cost and capital cost
(especially heat exchanger cost). This work is therefore more complete than our previous
waork [3] where the conventional ATy, of 10 °C was specified for all the specific heat
exchanger types. [t also emphasises the importance of this study.

Another important observation is that even though the electricity consumption of
the lean vapour compression COy capture process is higher than that of the standard
process, the significant reduction in steam consumption meant it achieved better actual Tk
emissions reduction and less C0% avoided costs. Therefore, the lean vapour compression
configuration gives a more economic and a more environmentally friendly outcome.

3.10. Analysis of Cost Savings Based on COy Avoided Cost Analysis

In this section, the COs avoided cost at different AT,,;, of the lean/ rich heat exchanger
using the PHE and FTS-5THX are compared with that of the reference case (FTS-5THX
with AT, of 10 “C). The results are presented in Figure 15. Since the cost optimum
ATy of the FIS-STHX case in the standard capture process is 10 “C, no cost reduction
is achieved at other AT,;,,. However, the cost reduction achieved by the two PHE cases
and the lean vapour compression capture process with FTS-STHX is higher here (COx
avoided cost) compared to the OOy capture cost estimates. The optimum CO% avoided cost
in the PHE cases achieved about 6% and 16.2% cost reduction in the standard and lean
vapour compression COs capture processes, respectively. The lean vapour compression
case with FIS-5THX COy avoided cost optimum achieved 12% cost reduction, compared
to a 77% reduction in ordinary capture cost. This is due to the reduction in the amount of
steam consumption when emissions reduction is considered. These cost reductions also
indicate that the ATy, of the lean/rich heat exchanger is an important process parameter
to optimise [11].
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Figure 15. Cost reduction amalysis at different AT, for different heat exchanger types compared
with FTS-5THX of ATy, = 10°C.

3.11. Cost Optinmeem Minieem Temperature Approach—Excess (or Waste) Heat Intplication

The available waste or excess heat at the Morcem AS cement plant in Brevik can
cover for the production of steam for 50% CO% capture. How this advantage affects the

176



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 2022, 15, 415

X7 of 40

cost optimum AT, emissions reduction and cost reduction potential was studied. The
results are presented in Figures 16-18. The PHE avoided cost optimum AT, in both
the standard and lean vapour compression U0y capture processes are 7 °C and 5 °C,
respectively. The COk avoided costs at these optimum AT, are EUR 60,/tC0 and EUR
58 /tCOs, respectively. Meanwhile, for the FIS-STHX cases, this is 13 °C and 10 °C in
the standard and lean vapour compressions C0 capture processes. The optimum COy
capture cost of the PHE case in the standard capture process coincides with the avoided
cost. This also occurred for the FTS-STHX case in the lean vapour compression capture
process. The cost reduction performances of the two heat exchanger types in both the
standard and lean vapour compression COx capture systems are presented in Figure 15.
Even though the lean vapour compression is very effective in the reduction in energy
consumption, the cost reduction in steam supply from waste heat to cover 5% Ty capture
in a %I"u capture process shows the standard capture process with PHE as the lean /rich
heat exchanger performing better than the lean vapour compression capture process with
FTS-5THX at AT,;, less than 100 “C. The lean vapour compression process with FTS-STHX
only outperformed the standard process with PHE with an average of 0.5% between 14 *C
and 18 “C. These results, like the previous ones, also highlight that the PHE is a better
choice economically and in emission reduction compared to the STHXs. This is because at
their individual best costs (optimal cost), the PHE case achieved the least cost and a higher
0 emissions reduction.

743

Cement plant standard {0 capture process-excess heat

T+ 739

T+ 737
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T+ 733

CO, avoided cost, €/tC0,

T+ 731
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Actual 00, emissions reduction (PHE], %
—o—[0;_avoided cost (FTS-5THX), €/tC00;
—%— CD;_avoided cost (PHE), €100,

Figure 16. Energy and heat exchanger costs trade-off analysis at different AT, for different heat
exchanger types in a standard OO capture from cement flue gas (red dot is the AT, where optimum
0 capture cost Is achieved, which can be different from the COy avolded cost optimum the AT,
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Figure 17. Energy and heat exchanger costs trade-off analyses at different AT, for different heat
exchanger types in a standard CO; capture from cement flue gas (red dot is the AT, where optimum
CO; capture cost is achieved which can be different from the CO; avoided cost optimum the AT, ).
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Figure 18. Cost reduction analysis at different AT, for different heat exchanger types compared
with FTS-STHX of AT,,,, = 10 °C, in waste heat utilisation scenario.

The cost reduction impact of having steam supply that is sufficient for up to 50% CO»
capture and its impact on the actual CO; emissions reduction compared with a reference
case (the original base case) of a standard CO; capture having FIS-STHX with AT,,;, of
10 °C are presented in Table 16. Table 16 is a summary of all the 9%0% COz capture from
the cement plant’s flue gas based on CO; avoided cost. The results indicate that if the lean
vapour compression configuration is implemented with PHE as the lean MEA cooler, DCC
circulation water cooler and as the lean/rich heat exchanger with a AT, of 5 °C, and
steam can be successfully provided for up to 50% capture, then 10.4% more CO, emissions
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reduction can be achieved compared to the reference case (base case). It is important to
remember here that the base case is a standard COs capture process which has FTS-STHX as
the lean MEA cooler, DOC circulation water cooler and as the lean /rich heat exchanger with
a AT, of 10 °C, with steam supply only from natural gas combustion. When the available
excess heat which can provide steam for up to 509 COg capture at Brevik was considered,
the optimum PHE case of the lean vapour compression C( capture system achieved a
34% reduction in CO5 avoidance cost. It is important to note that this is in comparison with
the base case without considering steam supply from excess heat. However, without excess
heat, the lean vapour compression process with the optimised minimum temperature
approach still achieved a 16.4% saving in (03 avoided cost compared to the reference case.

Table 16. OO avoided cost and emissions reduction performances of FTS-5STHX and PHE with and
without available waste heat for 50% C0% capture from Brevik cement plant’s flue gas.

- - . Ci, Oy
Rebailer Equivalent Capital Cost e Costt S
ATmm Aovoided . Emissions
Heat Heat (TPCH Cost Reduction Reduction
“C GO0y G0 MEUR EUR MtC0= ta k=
Standard process
Reference/ optimum FTS-5THX 10 359 389 TRE 875 o (S W]
FHE 10 359 389 652 Bd5 34 6T
Optimum PFHE 1 148 368 s 824 58 (2R
FTS-STHX {+Excess heat) 10 359 389 TRE alR 271 e
Optimum FTS-5THX [ +Excess heat) 13 401 4m 750 ai5 275 Tk
Optimum PHE (+Excess heat) 7 378 378 7.0 62 32 Tig
Lean vapour compressson (LVC)

FTS-STHX 10 295 3328 85.1 bk 115 BHT
FHE 10 295 338 THE 752 141 G
Optimum FTS-5THX 7 28 315 503 7o 120 673
Optimum FHE 4 271 I B0E 7ia 164 [rard
FT%5THX (+Excess heat),/ optimum 10 295 328 85.1 &5 308 Tl
Optimum PHE (+Excess heat) 5 7 306 6 579 338 745

Compressor work for the LVC is 082 G o0y

Capital. cost of steam 'pn:du:l:inn from excess heat is not mcluded in the mam caplure planl TIC, bast it is rather
incheded in the steam cost.

In this study, steam supply has the greatest impact on cost reduction followed by
the implementation of lean vapour compression process configuration. However, if the
steam from the excess heat for 507 OOy capture is available, then the cost reduction impact
of selecting the PHE even in the standard capture process is greater than that of using
FTS-5THX in the lean vapour compression process for a ATy, less than 10 “C. If we must
take advantage of less steam consumption and less indirect COw emissions which a lower
AT,y of 47 °C offers, then PHE is the best choice.

3.12. Sensittraby Analysis

This study is about the trade-off between energy and capital costs. Therefore, a
sensitivity analysis of these two cost parameters on the overall capture cost and the CO»
avoided cost was conducted. Since the unit prices of energy can fluctuate widely, a probable
range of +£50% was assumed for the steam cost [3,31]. The capital cost estimates in this
work study fall under the “study estimate” (factored estimate]. Thus, the probable acouracy
is =30%. However, a probable range of +30%:/ —15% was assumed, as was assumed in [5Z].
The MGCC power plant standard CO capture process and the cement plant LVC COy
capture system were selected for the sensitivity analysis. The analysis is based on COy
capture cost and U0y avoided cost in the cases of the NGCOC power plant and cement plant
O capture processes, respectively.

The results of the sensitivity analysis were estimated by comparing the performance
of different processes, with each having a specific heat exchanger type at different AT ,,;,
with the commesponding result of the FIS-STHX case with a AT, of 10 °C. This means, for
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example, in the case of a 50% increase in steam cost, the resulting estimates of both the
PHE and FTS-5THX at the different AT, from the 50% increased steam cost are compared
with a reference case, which is FTS-5THX, having a AT, of 10 “C with a 50% increase
in steamn cost. Therefore, the performance of the corresponding reference case, that is, a
AT i 0f 10 “C will be zero (1) in all cases, makes for better comparison between the PHE
case and FTS-5THX case when costs increase or decrease. This gives a better answer to
the question, of “how better would the performance be if instead of having the reference
case when changes occur in the cost of steam or capital cost”, the system has any other
ATy or PHE is used. Then, what is the performance of the PHE system at different AT -
compared to the reference?

The results of the sensitivity analvsis for +530% changes in steam cost are presented in
Figures 19 and 20 for the NGCC power plant and the cement plant’s OO capture processes,
respectively. In the NGCC power plant OO capture process, if there is an increase of 50%
in steam cost, the performance of the FIS-STHX will be from 0 to —2.6%. That implies that
more cost will be incurred if the design is for FTS-5THX with a AT, other than 10 °C.
The PHE system performed better than the FTS-STHX with its cost optimum at a AT, of
6 7 (4.3%). However, the cost reduction achieved is lower than the in the original case. It
continues to decline as the AT, increases until reaching 14 “C, where no savings can be
made, but more cost would be incurred. Meanwhile, a 50% decline in steam cost resulted
in cost savings for the FTS-5THX with the optimum at 17 °C, which achieved merely 1.6%
cost reduction. The PHE system achieved a higher cost reduction compared to the original
PHE case with the optimum at 8 *C {5.3%).

Savings in OO, capture cost, %

NGCC power plant standard CO, capture

Minimum temperature apgroach, °C
-~ %- - +50% stearn cast (FHE) —#— PHE

—i— -5{% Steam cost [PHE) = — +5% steam cost [FTS-STHX)
—c—FT5-5THX - -5 Steam cost [FTS-STHX)

Figure 19. Sensitivity analysis of steam cost on the energy and heat exchanger costs trade—off analyses
at differest AT, ., for different heat exchanger types in a standard COy capture from cement flue gas.
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—#&—-50% Steam cost (PHE) *  #50% steam cost (FTS-STHX)
=0 FTS-STHX = -50% Steam cost (FTS-STHX)

Figure 20. Sensitivity analysis of steam cost on the energy and heat exchanger costs trade—off analyses
at different AT,,,;, for different heat exchanger types in a standard CO; capture from cement flue gas.

In the CO, avoided cost estimates for the cement plant’s CO, capture plant, a 50% rise
in the steam cost resulted in a higher cost reduction in the FTS-STHX between 5and 9 °C
compared to the original case. More costs will be incurred at all AT,;;, greater than 10 °C,
and atall AT, ;, (except 10 °C—reference case) if the steam cost reduces by 50%. In the
PHE case, a 50% increase in steam cost will only make the PHE perform better between
3 and 6 °C, after which its performance becomes lesser than the original PHE case. The
cost reduction ends at 12 °C, but at 16 °C if there is a 50% decline in the cost of steam. The
performance of the PHE case with a 50% reduction in the cost of steam becomes better than
the original PHE case and the case of +50% at 8 “C. The performance also increases with an
increase in the AT,,;, of the lean/rich heat exchanger.

The results of the sensitivity analysis of the capital cost are presented in Figures 21 and 22
for both the NGCC power plant and the cement plant’s CO; capture processes, respectively.
The results are opposite to those of changes in the cost of steam in the NGCC power plant
CO» capture cost. The optimum AT,,;, moved from 6 to 8 “C (5.4%) and from 6 to 5 °C (4.4%)
in the cases of a +30% increase and —15% decrease, respectively, in the PHE cases. In the
FTIS-STHX cases, the optimum AT,,;;, moved from 12 to 14 °C (0.6%) and it remained 12 °C
(0.2%) if the capital cost rose by +30% and declined by —15%, respectively. In the cement
plant’s case, a £30% change in the capital cost achieved their optimum at the same 4 °C as
the original case for the PHE. The performance of the 30% increase scenario is slightly higher
than the original PHE case at 4 °C (5.5%). This performance continued to slightly increase as
the AT, of the lean/rich heat exchanger increased. The case of a —15% decrease in capital
cost displayed a similar trend but in the opposite fashion. The performance is slightly lower
than the original PHE case. The results for the FTS-STHX follow almost the same trend in the
opposite way to the case of changes in steam cost. In the case of —15%, 7 “C is the optimum
with 0.8% cost reduction.
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Figure 21. Sensitivity analysis of TPC on the energy and heat exchanger costs trade-off analyses at
different AT, for different heat exchanger types in a standard CO; capture from cement flue gas.
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Figure 22, Sensitivity analysis of TPC on the energy and heat exchanger costs trade-off analyses at
different AT, for different heat exchanger types in a standard CO; capture from cement flue gas.
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3.13. Comparisen of Optintm ATy, Results with Literature

A lot of literature may not be available on an extensive trade-off analysis between
energy cost and capital cost at different AT,,;, in a post-combustion CO; capture process.
However, a review of some of the literature is given here. The work of Tobiesen et al. [25]
indicated that reducing the AT,,;, does not have a significant effect on the steam consump-
tion in the reboiler. This is not the case in our work and some other works reviewed
here. They stated that 15 “C may be a reasonable AT, for a OOy capture plant based
on new technology. Their final proposition is that the ratio between the cost of energy
consumption and capital cost is anticipated to increase; hence, a ATy, of 10 °C or less
is conceivably reasonable.

In a CCF project, Choi et al. [22] specified 11 *C for their lean/rich heat exchanger
AT,y and claimed that this is close to the cost optimum value. They also suggested that to
reduce cost, the PHE should replace the STHX, and that it could probably result in a lower
cost optimum AT,;,. The results from this study affirm the latter. Besides reduction in the
capital cost, which is achieved by the PHE, the cost optimum AT, based on both COx
capture cost and T aveided cost is also reduced to between 4 and 7 °C, instead of the
higher AT, obtained as cost optimum in the cases of the STHXs.

Li et al. [59] investigated an 5% CO% capture from the exhaust gas from a 650 MW
coal-fired power plant. They estimated an optimum COs avoided cost for a standard MEA
capture process to be 5-7 “C. The exact type of heat exchanger was not mentioned. It is
important to state the specific type of heat exchanger to ensure a proper and transparent
comparison with other studies [3]. The benefit from reduction in energy consumption
at the lower AT, was more significant compared to the increase in capital cost due to
the high increase in the heat exchanger area. They concluded that due to the difficulty
of manufacturing the heat exchanger to meet the requirement of such large area, the
ATy range of 5-10 “C will achieve the optimum process in avoided cost. In this study, the
optimum CO: avoided costs estimated for the cement flue gas CO» capture plant was within
4-7 °C for the PHE capture scenarios and 7-10 °C in the FTS-5THX capture scenarios.

For a 90 MEA-based standard CO: capture process, Schach et al. [55] conducted a
trade-off analysis based on an LMTD and on a standardise CO4 avoided cost. Their cost
optimum was an LMTD of 7.5 °C. They proposed an advanced MEA-based CO; capture
configuration which include inter-cooling of the absorber, a conventional rich-split process
and desorber inter-heating. For this process, they estimated an optimum LMTD of & *C.
The type of heat exchanger was also not stated.

Karimi et al. [11] investigated seven different configurations for 0% CO: capture
from the flue gas of a 150 MW bituminous coal power plant. They were evaluated for a
ATy of 5°C and 10 °C using C0s capture cost and COy avoided cost metrics. In all the
configurations, a AT, of 10 °C achieved the lesser C(y capture cost and COy avoided
cost, except in the multi-pressure configuration where 5 “C achieved a marginal reduction
of USD .01 /400, in OO0, avoeided cost with a AT, of 5°C.

Some other studies of an MEA-based post-combustion CO capture system can be
found in [20,35,36,43.69]. These studies were all carried out using the U-tube and the
fixed tube sheet shell and tube heat exchangers in an 85% MEA-based C04 capture from
the NGCC power plant exhaust gas. Kallevik [36] estimated the cost optimum for the
UT-5THX to be 10-14 “C in a standard €04 capture process. In a lean vapour compression
O capture process, €4 et al. [69] estimated the cost optimum to be 12 *C. Meanwhile,
Aromada and @4 [43] estimated a AT, of 13 7C as the cost optimum in an LVC process.
These studies made several simplification assumptions that excluded some important
parameters, and the process scope did not include COy compression. In a study conducted
for 5 °C, 10 °C, 15 °C and 20 *C where FTS-STHX was used as the lean /rich heat exchanger
in 04 capture from NGCC power plant flue gas, Aromada et al. [35] estimated the cost
optimum AT, with different capital cost estimation methods to be 15 “C. Preliminary
results of this work for different heat exchangers used as the lean /rich heat exchanger for
(C0s capture from a cement plant flue gas without the compression section also estimated
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the cost optimum AT, for the UT-STHX, FTS-STHX and FH-STHX to be 15 °C [20]. The
cost optimum AT,;,. if PHE is selected was evaluated to be 5 °C. The investigation was
also carried out for for 5 °C, 10 °C, 15 °C and 20 °C only. Ali et al. [31] estimated 10 °C
as a cost optimum using the UT-STHX as the lean /rich heat exchanger in a standard CO;
capture process from cement plant flue gas.

In the NGCC power plant CO; capture process in this work, the optimum CO, capture
costs were achieved at a AT, of 12 °C in the cases of FIS-STHX and UT-STHX. For the
FH-STHX and PHE, this was 14 “C and 6 °C, respectively. Meanwhile, 9 “C and 5 °C were
the optimum CO; capture costs for all the STHXs and the PHE, respectively, in the lean
vapour compression process configuration.

In the cement plant capture system, FIS-STHX and UT-STHX cases achieved their
capture cost optimum at a AT,;, of 13 °C and 10 °C in the standard and lean vapour
compression processes, respectively. Meanwhile, this was 7 °C and 5 °C, respectively, in
the PHE case.

In avoided cost estimates for the cement plant capture process, a AT, of 4 °C was
estimated as cost optimum in both the standard and lean vapour compression capture
processes. Meanwhile, the two STHX achieved their optimum CO; avoided costs at 10 °C
and 7 °C in the standard and lean vapour compression CO» capture processes, respectively.

To select PHE instead of the STHXs will result in capital cost reduction, lower energy
cost and higher emissions reduction, since a lower AT,,;, results in lower steam consump-
tion. It is therefore desirable to operate at a lower AT,,;,,. Larger capital costs at lower a
AT,,;, cancel out the OPEX advantage in the cases of the more expensive heat exchangers
(STHXs). Higher-cost optimum AT,,;, implies that the capital cost dominates the system,
and a lower-cost optimum AT, indicates that energy cost dominates. While the results
agree with some of the studies reviewed, to only consider energy reduction of a process
only can cause a conclusion which would not evince the best possible solution to be made.
Therefore, it is imperative to perform a trade-off analysis between energy cost and capital
cost at different AT,,;,, for every innovative solvent-based capture system if the best possible
CO; capture process economically and in respect of emissions reduction is to be achieved.

3.14. Uncertainties

Since the AT, has significant impact on the size of the heat exchanger used as a
lean/rich heat exchanger, more energy will be required for pumping both the lean and
rich streams through the lean/rich heat exchanger as the AT,,;, reduces. This was not
accounted for in this study, and it may have some impact, but the effect may be negligible
on the outcomes. The mass of CO; emitted annually from the Norcem AS cement plant in
Brevik is estimated to be about 800,000 tons/year. In this study, the emissions based on the
data used for the simulations is of 708,142 tons/ year.

4. Conclusions
This study was conducted to evaluate the performance of the plate heat exchanger in

comparison with the conventional shell and tube types through a trade-off between energy

cost and capital cost resulting from different minimum temperature approaches of the
cross-heat exchanger in a solvent-based CO; capture process. The following conclusions
can be drawn:

e To achieve the best possible CO; capture process economically and in respect of
emissions reduction, it is imperative to perform energy cost and capital cost trade-off
analysis based on different AT,

e The CO, capture cost optimum temperature approach for the standard process based
on a natural gas power plant capture process was calculated to 12 °C for the STHXs and
6 °C for the PHE. For the cement-based process with higher CO; inlet concentration,
the CO2 capture cost optimum approach temperatures were slightly higher: 13 °C and
7 °C, respectively.
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e A lean vapour compression configuration was calculated to be more cost optimal. The
optimum temperature was calculated to be slightly lower, 9 °C and 5 °C and 10 °C and
5 °C for the STHXs and PHE scenarios, respectively, compared to the standard process.

e The plate heat exchanger outperformed the shell and tube heat exchanger types
economically and in emissions reduction.

e  With the plate heat exchanger, the impact of the highly increased cost of heat exchanger,
which makes a lower AT,;,. such as 5-7 “C not desirable due to the resulting higher
CO; capture cost or avoided cost, is minimised using the plate heat exchangers for the
cross-heat exchanger, amine cooler and for the DCC circulation water cooler functions.

e  The optimum cost, i.e., CO; capture cost or CO; avoided cost, if the plate heat exchang-
ers are used is achieved between 4 °C and 7 “C. This is where steam consumption
and indirect CO, emissions from an energy production process for the capture plant’s
operation are relatively low.

e  Thelean vapour compression CO; capture configuration with the optimum PHE as the
lean/rich heat exchanger and PHE as the lean amine cooler and the cooler for the DCC
unit’s circulation water in the cement plant process achieved 16.4% cost reduction.

e  If the excess heat at the Brevik cement plant that can be utilised for steam supply for
50% CO; capture is considered, the optimum PHE lean vapour compression process
will achieve about 34% cost reduction relative to the ordinary standard case with
FTS-STHX without steam supply from the available excess heat at the plant. This
emphasises the impact of the uncommon excess heat at the Brevik cement plant.

e  In the standard capture process from a 400 MW, natural gas combined-cycle power
plant exhaust gas, 7% more heat recovery can be achieved in the lean/rich heat
exchanger if the AT,,;, is 5 °C instead of 10 °C, while there would be 8% and 16% less
heat recovery if it was 15 °C and 20 °C, respectively.

e  Inthe cement plant capture system, 10% extra recovery of heat would be realised if
the AT, is 5 °C is used, or —9% and —20% if 15 °C and 20 °C, respectively, are used
instead of the conventional 10 °C.

Therefore, this study recommends the use of plate heat exchangers for the cross-
heat exchanger, lean amine cooler and DCC cooler functions in a post-combustion CO;
capture process.

Author Contributions: Conceptualisation, methodology, investigation, formal analysis, writing—
original draft preparation, writing—review and editing, S.A_A.; methodology, supervision, writing—
review and editing, N.H.E.; supervision, resources, writing—review and editing, LE@G. All authors
have read and agreed to the published version of the manuscript.

Funding: This research received no external funding.
Institutional Review Board Statement: Not applicable.
Informed Consent Statement: Not applicable.

Data Availability Statement: Not applicable.

Conflicts of Interest: The authors declare no conflict of interest.

185



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 2022, 15, 425 36 of 40

capture process.

Figure A2, Aspen HYSYS simulations process flow diagram of the NGCC power plant LVC CO;
capture process.

186



Aromada (2022): Cost estimation methods for CO, capture processes

Energies 2022, 15, 425 37 of 40

capture process.

Figure Ad. Aspen HYSYS simulations process flow diagram of the cement plant LVC CO; capture
process.
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Highlights

Highlights

= The three vapour compression configurations performed significantly better in emissions
avoidance and in C0; avoided cost.

# The combined rich and lean vapour compression configuration is the most energy and cost
efficient.

+ |t performed marginally better in cost and actual emission reduction than the simple lean
vapour compression configuration.

= The capital cost of the combined configuration is only marginally higher than the vapour
compression configuration.

= Renewable electricity will lead to reduction in CO; avoided cost.

193



Aromada (2022): Cost estimation methods for CO, capture processes

Manuscript File

1 Technoeconomic Evaluation of Combined Rich and

> Lean Vapour Compression Configuration for CO:
3 Capture from a Cement Plant
4
5  Solomon Aforkoghene Aromada'*, Nils Henrik Eldrup?, and Lars Erik Oi!
6 ‘Department of Process, Energy and Environmental Technology, University of South-Eastern Norway, Kjelnes
7 Ring 56, 3918, Porsgrunn, Norway
8 *SINTEF Tel-Tek, SINTEF Industri, Forskningsparken, Hydrovegen 67, 3936 Porsgrunn, Norway;
9 * Correspondence: solomon.a.aromada#iusn.no; saromada@gmail.com; Tel.: +47 96721292
10

11 Abstract: A combined rich and lean vapour compression configuration was investigated for CO:
12 capture from a cement plant. This was to assess its performance in energy consumption, actual CO2
I3 emission reduction, and cost reduction potentials compared with the conventional process and the
14  simple rich vapour compression and lean vapour compression configurations. Two electricity supply
I5  scenarios were considered: from natural gas combined cycle power plant and a renewable source like
16  hydropower. The three vapour compression configurations outperformed the standard CO:
17 absorption configuration in energy requirement, actual CO: emissions reduction and in CO: avoided
I8  cost reduction. The best performance was achieved by the combined rich and lean vapour
19  compression configuration. The reboiler heat, equivalent heat and CO: avoided cost reduction
20  performance was 24 — 30 %, 16 -18 % and 13 - 16 % respectively. However, the performances in
21  energy, CO: emissions reduction and CO: avoided cost are only marginally better than the lean
22 vapour compression configuration. The use of renewable electricity, like hydropower electricity will
23 help CO: capture processes to achieve higher CO: emission reduction and lower CO: avoided cost

24  compared to fossil fuel based electridity.
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1. Introduction

Global warming is one of the greatest challenges the world is currently facing. Emissions of

greenhouse gases such as CO: into the atmosphere have been identified to be the major cause of

global warming. The process industries are major CO: emissions’ sources. Carbon capture and

storage has been generally acknowledged as an urgent measure to mitigate global warming [1].

A number of technologies and schemes to capture CO: from industrial flue gases have been

established or proposed. One of the oldest techniques is the absorption process, where v is

absorbed into a solvent followed by stripping [2]. Others are membrane separation of CO: from

exhaust gas [2], adsorption of CO: on a solid adsorbent [3], cryogenic separation of COk from flue gas

[2], and to inject flue gases with CO: directly into reservoirs of natural gas hydrate. [4, 5]. The CO: in

this case goes into hydrate formation generally with the available water pore water [5]. CO: hydrate

formation and stabilization mechanisms are published in [5-7]. The oldest of them and the most

mature alternative which is already being deploved industrially is the CO: absorption technologies,

especially the monoethanolamine (MEA) solvent based technology [8, 9]. The main drawback of the

CO: absorption technology is the huge energy requirements especially in form of steam and

electricity. It is also very costly to construct a CO: absorption plant [10]. The cost of capturing and

compressing C0: has been estimated to be 80 % [11, 12] of the cost of carbon capture and storage. The

transport of the OO is estimated to 10 % [11, 12] of the cost, and the storage also accounts for 100 % of
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the cost. Therefore, there is an important need to study ideas and measures for cost reduction

paossibilities, particularly in the CO: capture part.

One of the ways researchers have responded to this challenge is by process flowsheet

maodifications. That is to develop alternative process configurations. This has been considered as an

efficient way to advance to optimize the energy effidency of the process [13]. Gary Rochelle and his

group at The University of Texas at Austin have proposed different alternative stripper

configurations. In one of their studies [14], the order of performance of the alternative stripper

configurations from best is: matrix > internal exchange > multipressure with split feed > flashing feed.

Le Moullec and Kanniche [13] investigated different alternative process configurations and observed

that they could improve the overall efficiency of the system. The configuration with the desorber

having moderate vacuum pressure of around (.75 bar, desorber with staged feed, the lean vapour

compression (LVC), and the overhead desorber compression were found to be the best simple

modifications, with 4 - § % reduction in efficiency penalty. Cousins et al. [15] also reviewed 15

alternative flowsheet modifications and concluded that to realise the reduction of energy

consumption claimed in literature, it will require increase in process complexity by adding addition

equipment. Thev also stated that modest improvements in effidency with minimal extra equipment

and control is realisable, for example, the lean vapour compression (LVC) and a number of heat

integration models. Cousins et al. [16] also conducted another study but with only rich split, inter-

cooling, split flow, lean vapour compression and heat integration altemative process configuration.

The lean vapour compression was also found to achieve the minimum reboiler duty of 3.04 GJ/HC0:

(1% % savings) but with additional compressor duty of 88.2 kW, Karimi et al. [17] conducted a techno-
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economic study on five process modifications which include: split-stream, multi-pressure stripper,

lean vapor compression and compressor integration. The lean vapor compression configuration was

found to be the best configuration. It achieved the lowest CO: capture cost as well as the minimum

C(O: avoided cost. Aromada and 2% [10, 18] studied three different process configurations and found

the lean vapour compression configuration to perform best in energy consumption and in overall

cost (net present value).

Le Moullec and Kanniche [13] highlighted that to combine some simple proposed alternative

C0: absorption configuratioms may result in achievement of more improvement in energy

consumption. They suggested that instead of 4 — 8 % improvement by other proposed simple process

configurations compared to the standard process, a combination of the simple process configurations

would further improve the energy consumption of the capture process by 10% to 25%. Ahn et al. [19]

have studied a combined lean vapour compression + absorber intercooling + condensate evaporation

process configuration. Li et al. [20] investigated a combined rich solvent split + intercooled absorber

+ interheated stripper configuration. lijima et al. [21] have examined a combined rich solvent split

and interheated stripper. Jung et al. [22] conducted a study on combination of rich solvent split and

rich vapour compression (EVC) configurations. They also investigated a combined lean vapour

compression (LVC) with a rich solvent split. Khan et al. [23] also conducted a study on rich solvent

split combined with rich vapour compression (EVC) configurations. Mone of these studies have

investigated the combination of the rich vapour compression and the lean vapour compression

configurations (RLVC). We also did not find any other study on this irrespective of the fact that the

performance recorded in the open literature for both simple process configurations are encouraging,.
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88  Comprehensive investigation of the economic and emissions reduction performances of these
89 configurations were not found in literature. These are the motivations for this study.
90 In addition, it is recommended to conduct a techno-economic assessment of any proposed
9]  process configuration [24]. This is bo evaluate the trade-off between capital cost and energy cost ko
92 arrive at an overall better alternative. This is because the waorks of [8, 10] indicated that process
93 configurations with higher complexity may achieve some improvement in energy consumption, but
94  they may not perform better economically. These suggest that if process configurations are to be
95  combined, thereby increasing the process complexity, it is important that the capital cost is not
96  drastically increased. Therefore, a combination of less complex simple alternative process
97  configurations is reasonable. A combination of rich and lean vapour compression (ELVC) process
98  configurations should not lead to high complexity since the same lean vapour compressor is
99  proposed for compression of both the rich and lean vapour in this study. This makes this proposed

100 combination worthy of investigation.

101

102 2 Process description

103 2.1 Standard CO: absorption process configuration

104 The standard CO: absorption process configuration is the benchmark or reference configuration

105 for assessing the performances of other alternative configurations. It is the simplest configuration but

106  with a high driving force for CO: separation [8]. The driving force for CO: separation in other

107 alternative configurations are lowered to achieve a more reversible process, or a change in operating

108  conditions is made to improve the OOk absorption and desorption [8]. This is generally accomplished
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10 by addition of extra equipment, thereby increasing the complexity. The equipment in the main
110 capture process consists of an absarption column, a desorption column with a reboiler and condenser,
111 alean/rich heat exchanger {also referred to as cross-exchanger), lean amine cooler, rich amine pump
112 and lean amine pump. The full process description can be found in reference [9, 18].
113 The standard CO: absorption process model was first developed in Aspen HYSYS Version 12
114 for %0 % CO: absorption into 30 wt. % MEA solvent based on the process specifications in Table 1. The
115 Aspen HYSYS process How diagram for the standard process is presented in Figure 1.
116
11T 2.2 Rich vapour compression (RVC) CO: absorption process configuration
118 The rich vapour compression is made by creating a pressure drop in the rich stream after the
119 rich pump and lean/rich heat exchanger. The pressure was reduced to atmospheric pressure and the
1200 rich vapour is flashed and separated by the aid a separator. The vapour is compressed and sent to
121  the bottom of the desorber ko increase the stripping vapour to reduce the regeneration steam
122 requirement. Another pump is introduced to pump the liquid to the top of the desorber for
123 regeneration of the solvent. Thus, the additional equipment is a two-phase separator, a pump, and a
124 vapour compressor. Higher electricity consumption is incurred due to the vapour compressor and
125 the additional pump. The equivalent heat consumption is the sum of the specific reboiler heat and
126 four time the specific compressor electrical energy demand [18]. Figure 2 presents the Aspen HYSYS
127 simulation process flow diagram for the rich vapour compression configuration.

128

129 2.3 Lean vapour compression (LVC) O0: absorption process configuration
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130 The lean vapour compression (LVC) model was similarly created as RVC configuration but on
131  the lean amine stream flowing from the bottom of the desorber. Flashing the lean amine stream
132 generates extra steam which is compressed by the vapour compressor and supplied at the bottom of
133 the siripper. One advantage is higher solvent working capacity[19]. The additional equipment is a
134 two-phase separator and a vapour compressor. Infroduction of the vapour compressor also mean
135 extra electrical energy consumption. The equivalent heat consumption is also the sum of the specific
136 reboiler heat and four time the specific compressor electrical energy consumption [18].The Aspen
137 HYSYS simulation process flow diagram is presented in Figure 3.

138

139 2.4 Combuned rich and lean vapour compression (RLVC) CO: absorption process configurtion

140 The combined lean and rich vapour compression (KLVC) is a combination of the two simple
141  configurations, but with only one compressor. The rich and lean vapours are combined and fed into
142 the compressor. The compressor would therefore be larger to an extent due to the increased vapour
143 flow. This should also result in consumption of more electricity. The question is, “will the trade-off
144 between the extra vapour and the increase in capital cost together with increase in electricity
145 consumption produce a better performance™? That is compared to the standard process, rich vapour
146 compression (RVC), and the lean vapour compression (LVC) process configurations. The extra
147  equipment here are two separators, a pump and a vapour compressor. The equivalent heat is
148  calculated as in RVC and LYC process configurations. Figure 4 presents the Aspen HYSYS simulation

149  model for the proposed combined rich and lean vapour compression (RLVC jconfiguration.
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150

151  Figure 1. Aspen HYSYS simulation process flow diagram standard process configuration

152

153

154 Figure 2. Aspen HYSYS simulation process flow diagram rich vapour compression (RVC) process

155  configuration

201



Aromada (2022): Cost estimation methods for CO, capture processes

56
57

58

9 of 53

Figure 3. Aspen HYSYS simulation process flow diagram of lean vapour compression (LVC) process

configuration
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Figure 4. Aspen HYSYS simulation process flow diagram of the combined rich and lean vapour

compression (RLVC) process configuration
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3. Process simulation and equipment dimensioning

The Morcem Cement plant [25] at Brevik in Morway was selected as the case study for this study.

The plant is at Brevik in Porsgrunn (Brevik), which is located south-east in Morway. It has an annual

cement production capacity of 1.2 million tons. The flue gas data and specifications for the process

simulations are presented in Table 1.

Table 1. The cement plant flue gas specification

Parameter Value Reference
String 1
CO:mole % 22 [26]
o 7 [26]
H:D maole % 9 [26]
M:mole % £2 [25]
Molar flow rate, kmol/h RTHS (28]
Flue gas temperature, “C B0 %]
Flue gas pressure, kFa 101.3 %]
Temperature of flue gas into absorber, “C 40 [27]
Pressure of flue gas into absorber, kPa 121 [27]
String 2
CO:mole % 13 [26]
o 7 [26]
H:O maole % 10 [26]
MN:zmole % 70 [26]
Molar flow rate, kmol/h 5682 [25]
Flue gas temperature, *C 80 k|
Flue gas pressure, kFa 1013 %]
Temperature of flue gas into absorber, “C 40 [27]
Pressure of flue gas into absorber, kPa 121 [27]

3.1 Process simulation

The Aspen HYSYS process flow diagrams presented in Figures 1-4 were simulated with the

same strategies as in [9, 18, 28]. The difference is that a more recent version, Aspen HYSYS Version

12 was used in this worke The simulation was for 90 % COz absorption into 30 wi% MEA solvent.
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175  The absorber and desorber were simulated as equilibrium stages with both having constant
176 Murphree efficiencies. The absorber was simulated with 29 packing stages with Murphree effidencies
17T of 15 % per stage based on [29]. Thus, each absorption column's stage was assumed to be (L6 m. The
178 desorber was simulated with 10 packing stages (1 m per stage), with 50% Murphree efficiency per
179 stage [9, 28]. The lean/rich heat exchanger in all configurations base cases were simulated with
180  minimum temperature approach of 10 *C Simulations were also performed for all the configurations
18]  with minimum temperature approach of 5 “Cand 15 "Cin the cross-exchanger. The pumps, fans and
182  compressors were simulated with adiabatic efficency of 75%. The rich pumps raised the pressure to
183 4bar, and the lean pump to 5 bar. The direct contact cooler (DCC) coals the flue gas to 40 *C before
184  being fed to the absorber at the bottom. The returning lean stream is further cooled o 40 °C after
185  heating up the rich stream in the cross-exchanger.

186

18T 3.2 CO: compression

188 The captured CO: ineach of the configurations was compressed to 75.9 bar. A pump is then used
189  to raise the supercritical CO: pressure to 110 bar [19] and cooled to 31 °C for transport. Figure 5
190 presents the process flow diagram developed and simulated in Aspen HYSYS Version 12. The CO:
191  was compressed in four compression stages with intercoolers and separators. The purity of the CO:
192 is9974u.

193
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196
197 3.3 Equipment dimensioning and assuntpiions
19% The equipment was sized based on the process simulation mass and energy balances. The

199 utilities consumption obtained from the process simulations were used to estimate the variable
200 operating costs. Souders-Brown's equation was used for calculating the diameters of the absorber,
201  desorber, direct contact cooler unit and all the separators (vertical vessels). A k-factor of 0,15 m/s [30]
202 was used for the absorber and desarber. For the separators, it was 0,101 m/s [30]. Structured packing
203 was specified as encouraged by [31], to lower the cost of operation through the pressure drop. The
204  absorber tangent-to-tangent heights assumed for both the absorber and desorber are 40 m and 25 m
205 respectively. The absorption column’s height was specified to cover for water-wash requirement, but
206 the water-wash section was not included for simplicity. A tangent-to-tangent shell height of 15 m and
207 packing height of 4 n were specified for the direct contact cooler (CC) unit. For all the columns and
208 wessels, a corrosion allowance of (.001 m, joint efficiency of (.8, and a stress of 2.15 = 10* Pa were used

209  to calculate the diameters [27]. The shell height of the separators (vertical vessels) were estimated by
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assuming 3 times outer diameter [32]. Duties (kW) and flow rates were used as the dimensions for
the flue gas fam (m*/h), pumps (I/s) and compressors (m¥h).

The reboiler, cross-exchanger, all coolers and condenser dimensions is based on the heat
exchange area needed. Overall heat transfer coefficients, U of 1200 W/m2.K [32], 732 W/m.K [33], 800
Wim2K [9] and 1000 W/m: K [¥] were specified for the reboiler, cross-exchanger, all coolers and

condenser respectively. The heat exchange area, A was estimated using equation (1).

0 =U A AT o {1}

where } is heat duty, U is the overall heat transfer coefficient, A refers to the required heat exchange
area, and ATy yyp is the log mean temperature difference (LMTD). In this study, LMTD is calculated

as shown in equation (2).

_ lrhulpul_TL'anJn]'l'rhuljn_n:uld.ulu]
LMTD = - 2
| Tient 0t =T candiin) @)
| Thasr in=Tieald oue )

All the cooling water inlet and outlet temperatures were specified to 15 *Cand 25 “Crespectively
and were controlled using adjust functions. The conditions of steam supplied to the reboiler are 145
*Cand 4 bar, while it exits at 130 *Cand 392 bar.

All equipment were assumed to be manufactured from stainless steel (55) except the flue gas fan
and compressors’ casing which were assumed to be made from carbon steel (C5). This is to ensure a

corrosion resistance.
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231 4. Cost estimation method and assumptions
232 41 Capital cost estimation method and assumptions
233 The Enhanced Detailed Factor (EDF) method|[32, 34] was applied for estimation of the capital

234 cost (CAPEX) in this work. It is a bottom-up approach scheme. The capital cost in this work is the
235 total plant cost as done in references [9, 32, 35). That is the sum of which is the sum of all equipment
236 installed costs. It was implemented based on the Iterative Detailed Factor Scheme [36]. Process
237  simulation and cost estimation were modelled in Aspen HYSYS and linked using the incorporated
238 spreadsheet function. This enables fast and accurate subsequent iterative simulations and EDF cost
239 estimation.

240 All the equipment in the process flow diagrams in Figures 1 - 5 was first listed. The IDF scheme
241 was developed in Aspen HYSYS with spreadsheets for equipment dimensioning, CAPEX, operating
242 and maintenance costs (OPEX), economic analysis and emissions reduction analysis as can be
243 observed in Figures 1 — 4. In the first iteration, cost of each equipment was obtained from Aspen In-
244 Plant Cost Estimator Version 12 based on their estimated sizes {see Subsection 3.3). Equipment costs
245 (2019)in stainless steel were converted to their corresponding costs in carbon steel using EDF material
246 factors [32]. This is because the EDF method's installation factors are prepared for equipment in C5.
247  EDF method’s installation factors which depend on each equipment cost were obtained for each
248  equipment. The EDF method’s installation factor list is attached in Appendix as Table E1. Details of
249  how to apply the EDF and IDF method for capital cost estimation is documented in references [27,

250 32, 38). The capital costs accuracy is expected to be +30. The equipment costs were in 20149, Thus, they
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were escalated to 2020 using the Norwegian Statistisk Sentralbyra (558) industrial construction price

index [37]. The assumptions for the capital cost estimation are presented in Table 2.

Table 2. Capital cost assumptions

Description Value Reference
Capital cost method EDF method [32]
CAPEX Total plant cost (TPC) [32]
Capital cost year 2020 Assumed
Equipment Cost data year ame Aspen In-Plant Cost
Estimator
Cost currency Euro (£) Assumed
Plant location Rotterdam Dretault
Project life 25 years (%]
Flant construction period 3 years [35]
Discounit rate 75% (9]
Annual maintenance 4% of TPC (9]
FOAK or NOAK NOAK 132)
Material conversion factor (55 to C5) 1.75 welded; 1.30 machined [32]

26 Annunl operating and maintenance costs estimation and assuwptions

The assumptions used for estimating the variable and fixed operating costs are presented in

Table 3.

Table 3. Economic assumptions for estimating the operating costs

Description Umit Value/unit Reference
Annual operation Hours s000 [0
Steam (natural gas) €/ton 18.64° 127]
Electricity (NGCC) €/kWh 0058 [35]
Electricity (Renewable) €/kWh 0.058 Assumed=NGCC [35]
Process Water €/ma3 6.65 135]
Cooling Water €/m3 0022 Assumed
Solvent (MEA) €/ton 1450 [38]
Maintenance € 4 % of TPC 10
Engineer € 150 000 (1 engineer) 127]
Operators € 77 000 {x 20 operators)** 135]
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*Escalated from 2016 to 2020 using [37]
“*MNumber of staff [35]
TPC is total plant cost

4.3 Ecomomic perfornuance key mdicafors

0k avoided cost is the main economic key performance indicator in this work. This is because

the actual CO: emissions reduction is important in this study. Thus, indirect CO: emissions for

solvent regeneration steam production and electricity from natural gas combined cycle power plant

were accounted for. CO: emissions of (118 kg/kWh (thermal) was assumed for steam production

based on reference [39]. It is 0.23 kg/kWh for electricity [40]. The CO: avoided cost is estimated using

any of the equations (3) to (5):

. . £
CO; avoided cost {—] =
o
Tac irj
ECE) = e l:'3}

Mass of annual C0y captured {—”1;1 - Macs of anrwal 00, emitted in energy production [?2}

5 B £ - [P ey — rfa?:'rr,r:rn:u
€0, avoided cost {:ca&] T [Specific emISSOnT )y faremee — (SPECTIC ETSTIONS) prg (#)

: (EaPlces = (0P )reference
L0 avoided cost {é} = COFees = (COFYref, -

T [Specific emissions)e rergmee — (SPecific emissions)ses

Where COF is the cost of produd, eg., cost of cement. Subscript PCC is post-combustion carbon
capture, while subscript CC% refers to carbon capture and storage. TAC is total plant cost and was
estimated as follows:

AT " ol i i =
TAC (;] = Annualised CAPEX {yr] + Annual operating & maintenance cost (w] (&)

capital cost)
Armuaiised factor

Annualised CAPEX {,ET} = (7
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Annualised factor = Y., [#] (8)

Where » is years of operation and r is discount rate.
There are other important cost metrics such as levelized cost or levelized cost of electricity
(LCOE) for power plants’ cost estimates [17], and CO: capture cost. LCOE is not relevant in this study.

CO: capture cost was also estimated as shown in equation (9).

CO; capture cost (L) = o (%) T
2 Mass of CO; annual captured (—y"]

9)

£C0z

The cost of CO: transport and storage of the capture CO: was not included in the cost estimates.

5. Results and discussion

5.1 Base case simulation results and discussion

It is very costly to construct an industrial scale carbon capture plant to research every CO:

capture idea. Process simulations have therefore been very useful to researchers for process

optimisation. Most of the studies on performances of different alternative CO: capture technologies

have been performed through process simulations. Energy consumption cost is one of the important

costs involved in the cost of CO: capture estimation. Therefore, it is important to compare especially

the results of CO: capture energy consumption with literature before assessing cost and emissions

reduction performances of alternative CO: capture process configurations.

Table 4. Comyparison of simulation resulls with literature

O O AT uin Lean Rich Absorber height Specitic (88
captuse concentration loading kading (stages) wboller captured
a bt
~ mal % T L CINCO: Mujyr.
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This wisrk e 1754 10 0.2 a8 17.4 (29 stages) 189 639
Mwaaba ot al. [33] B 115 val% 10 035 050 22 (36 slages) 18k 1657
Roussanaly ¢ al. [41] e 18 vol % . 0z 05 . 1m3
CEMOCAP [42] a 07 n49 . 1m3
Markewitz ¢4 al. ]43] a0 1 . - . . 180 1.137
Markewitz o al [43] e 17 - - - - 380 1364
Viddsund et al. [44] e 15 . 0z 05 - 180
302 Table 4 presents the simulation results of the base case 90 % Ch capture process in this work

303  compared to simulation results of other 90 % CO: capture from cement plants’ flue gases. The lean
304  and rich loading are close irrespective of the fact that different simulation programmes were utilised.
305 The cyclic capacity in this work is 0.22. Reference [42] also calculated a cyclic capacity of 0.22. A cyclic
306 capacity of 1.23 was calculated by Koussanaly et al. [41]. Nwaoha et al. [33] estimated a cyclic capacity
307 of 025, while it is 0.28 by Voldsund et al. [44]. The specific reboiler heat consumption is only 0.8 %
308  higher than the results of [33]. It is just 1.6 % higher than reference [41, 42, and merely 2.4 % higher
309  than references [43, 44]. These results are very close. It is therefore alright to state that the reboiler
310 energy consumption result of this work is in good agreement with literature. These indicate that the
311 results of this work are relevant for cost and C0: emissions reduction performance analysis.

312

313 52 Energy consumption analysis of different allernative configurations

314 The energy consumptions of the two different simple vapour compression (EVC and LVC)
315  process configurations as well as that of the combined rich and lean vapour compression process are
316  compared with the standard CO: absorption process. The comparison is performed for a 30 wt%
317  moncethanolamine (MEA) CO: absorption processes having cross-exchanger with minimum

318  temperature approach (AT} of 5 °C 10 °C and 15 °C Specific reboiler heat consumption and
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319  equivalent heat consumption were both calculated for the vapour compression models. The
320 equivalent heat consumption was calculated as the sum of the specific reboiler heat (GJ/H00:) and
321 four times (x4) the vapour compressor's specific electrical energy demand (GJ/tCOw) [18]. This
322 assumes a 25 % efficiency for converting steam to electricity [17, 18, 32].

323 The results are presented in Figure 5 (a), Figure 5 (b), and in Table 5. The simple rich and lean
324 vapour compression as well as the combined rich and lean vapour compression process
325  configurations performed significantly better than the standard or conventional CO: absorption
326  configuration. For the rebailer heat consumption, the combined rich and lean vapour compression
327  (BRLVC) achieved better performances than the simple rich vapour compression and the simple lean
328  vapour compression processes. The RLVC performed owver 3 % better than the lean vapour
329  compression (LVC) process configuration in the cases of minimum temperature approach of 5 *Cand
330 10 *C The combined rich and lean vapour compression process reboiler heat was calculated to be
331  about 17 % and 15 % respectively lower than for the simple rich vapour compression configuration.
332 These indicate that the combination of the rich and lean vapours, thereby increasing the stripping
333 vapourleads to lower steam requirement by the reboiler compared to the simple rich and lean vapour

334 compression processes.

335
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336

337 Figure 5. Comparison of specific reboiler heat consumptions (left) and equivalent heat consumptions (right) of
338 the different alternative process comfigurations for CO: absorptions

339

340 Table 5. Comparison of specific reboiler heat consumptions and equivalent heat consumptions of the different
341 alternative process configurations for CO: absorption (Standard process is the benchmark)

ATwin  Specific Relative Speciiic Equivalent Relative
reboller performance COMYL PSSO heat performance
heat (rebailer heat) work {equivalent heat)
*C GIC0: % GJC0: GIRCO: %

Standard an - - in -
RVC ~ 3m -13.0 0.9 359 34
LVC N 273 263 .08 306 -17.6
RLVC 261 298 0.11 305 -17.9
Standard 389 - - 389 -
RVC 344 -114 0.07 im -4.1
LVC . 295 -2 .08 327 -15.8
RLVC 282 275 0.10 3 -17.2
Standard 410 - - 4.10 -
RVC 365 -11.0 (111 387 -56
LVC " kAT -234 (1] 347 -155
RLVC 3.07 -251 1Ty 344 -1a.1

342

343 The increase in volume flow of vapour to the compressor which results from flashing of both the

344 rich and lean streams caused the electricity demand by the vapour compressor bo also increase for
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345 the RLVC compared to the simple cases as can be seen in Table 5. This caused the equivalent heat
346  performances of the combined process to be only marginally better than the lean vapour compression
347  process configuration. This is especially with minimum temperature approach of 5 *Cand 15 °C The
348 best performance of the combined process (RLVC) in equivalent heat consumption relative to the
349  simple lean vapour compression (LVC) is 1.4 % in the case of the cross-exchanger temperature
350  approach of 10 “C The C0: emissions reduction and economic implication of these results are
351 analysed in the subsequent two subsections. The energy performances of the two simple
352  configurations and the combined process are compared with literature in the subsequent three
353  subsections. The performances are relative to the standard capture process configurations
3534  (benchmark or reference).
355
356 53 Comparison of energy performance of the rich vapour compression (RVC) with literature
357 The performances of the rich vapour compression configuration in this work range between 11
358  -13% and 3.4 -5.6"% inreboiler heat and equivalent heat consumptions respectively. Khan et al. [23]
359  reported £.4 % reduction of energy consumptions. The specific compression work's conversion factor
360 to heat was (1.23. In this work (.25 was assumed as done in [18]. A performance of 8.6 % reduction in
361  reboiler heat consumption was achieved by Jung et al. [22]. Using ammonia (WNH:) as the COe
362 absorption solvent, Obek et al. [45] recorded a 48 % reduction in energy consumption. The
363  performances in this work in terms of reboiler heat is 2.4 — 4.4 % higher than the performance reported

364 by [22]. The results of Obek et al. [45] is only (1.7 % higher than the result of the process with minimum
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365  temperature approach of 10 “C Even though the solvent used in both processes and flue gases are
366 different, the performances are close.

367

368 54 Comparison of energy performance of the lean vapour compression (LVC) with literature

369 The reboiler heat consumption performances of the lean vapour compression configuration
370 commeon for MEA based CO: capture from different industrial processes range around 15 - 23 % in
371 (18,18, 19, 22, 46). In this study where CO: capture is from a cement plant, a performance of 24 % in
372 reboiler heat consumption was calculated. This is consistent with the upper value of the range of the
373 references [18, 19, 22, 46]. The results of this work is only 1 % higher than the upper values of those
374 references.

375 A performance of about 22 % reduction in reboiler heat was reported by Ahn et al. [19]in a CO:
376 capture process from coal-fired power plants. This is 2.6 % less than the performance calculated based
377 onCO: capture from a cement plant in this work. In our earlier study [18] for 85 % CO: capture from
378  anatural gas power plant, an equivalent heat consumption of 3.23 GI/#CO: was calculated. In this
37e study for %0 % CO: capture from a cement plant, it is 3.27 GJ/tCO2 The result of this work is only 1.2
380 % higher than the result in [18]. The highest reduction in reboiler heat consumption we found in
381  literature was reported by Obek et al. [45]. They reported a performance of 38.3 % reduction in a
382 capture process with ammonia as the solvent.

383

384 55 Comparison of energy performance with literature-Combined rich and lean vapour compression (RLVC)

385 comfiguration
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386 Le Moullec and Kanniche [13] stressed that to combine some simple proposed alternative
387  absorption configurations may result in achievement of more improvement in energy consumption.
388  They proposed that instead of 4 — 8 % improvement by other proposed simple process configurations
380 compared to the standard process, a combination of the simple configurations would further improve
390  the energy consumption of the capture process by 10% to 25%. The results of this work for the
391  combined rich and lean vapour compression (RLVC) configuration is 17.9 % and 17.2 % for processes
392 with ATy, of 5 *Cand 10 °C respectively. This agrees with reference [13]. The simple lean vapour
393 compression (LVC) configuration achieved 17.6 % and 158 % respectively. It is 3.4 % and 4.1 %
394 respectively for the rich vapour compression {RVC) configuration.

395 Ahn et al. [19] studied a combined the lean vapour compression + absorber intercooling +
3%  condensate evaporation process configuration. They reported 36.9 % and 14.1 % reduction in specific
397 reboiler duty and total energy consumption respectively. The combined rich and lean vapour
398 compression (RLVC) configuration achieved between about 25 — 30 % savings in specific reboiler
399  heat. The equivalent heat consumption saving when the compressor was included is between 16— 18
400  %. Ahn et al. [19] combined three configurations achieved 7 % savings in reboiler heat higher than
401 our proposed combined two simple process configurations. However, in equivalent heat or total
402  energy, our proposed combined configuration achieved 2 - 4 % more savings.

403 Li et al. [20] investigated a combined rich solvent split + intercooled absorber + inberheated
404  stripper configurations. They recorded a 13.6 % reduction in reboiler duty. This is far less than the 25

405 - 30 % reboiler heat reduction achieved for the RLVC configuration proposed in this work.
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406 lifima et al. [21] combined rich solvent split and interheated stripper and observed 8.5 %
407  improvement in energy consumption. This performance is also much lower than the performances
408  of the combined rich and lean vapour compression {RLVC) configuration in this work as well as for
409  the simple lean vapour compression (LVC) configuration.
410 Jung et al. [22] studied combinations of process configurations. They reported 20 % reduction in
411  reboiler duty for a rich solvent split combined with rich vapour compression (RVC). The total energy
412 reduction was & %. They recorded 15 % savings in specific reboiler heat for a combined lean vapour
413 compression (LVC) with a rich solvent split. The equivalent energy savings was only 2.4 %. The
414  performances of these bwo combined process configurations are also lower than what was caloulated
415 for the combined rich and lean vapour compression (RLVC) configuration.
416 Khan et al. [23] also conducted a study on combined process configurations. They reported a
417 162 % reduction of total energy requirement for a rich solvent split combined with rich vapour
418  compression (RVC). The performance of their combined configuration is within the range of savings
419 (161 - 179 %) calculated for the proposed combined rich and lean vapour compression (RLYC)
420  configuration in this work.
421 The highest saving in reboiler duty we found in literature is 37.% % by Ayittey et al. [24] for a
422 combined lean vapour compression (LVC) and rich solvent preheating configuration. The only
423  study found with performance close to this is that of the combined lean vapour compression,
424 absorber intercooling, and condensate evaporation process configurations by Ahn et al. [19] already

425 discussed above.
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426 However, it is important to note that the process investigated in these studies are different.
427  Process assumptions also differ from one study to another. Nevertheless, the combined process
428  configurations performed better than all the simple configurations in this study and in the literature

429 reviewed.

430
431 5.6 Emissions reduction analysis
432 The actual CO%: emissions performances of all the alternative configurations are analysed in this

433 subsection. Two electricity supply scenarios were considered. The first scenario involved electricity
434 supply from a natural gas combined cycle (NGCC) power plant. This scenario was assumed to be
435  associated with an indirect CO: emissions of (123 kgCOy/kWh [40]. Electricity from renewable sources
436 such as hydropower is the second scenario with zero C0: emission. The steam was assumed to be
437  supplied by a natural gas boiler with CO: indirect emissions of 0.18 kgCO:/kWh (thermal) [39].

438 The results are presented in Figure 6. They show that all the vapour compression process
439  configurations outperformed the standard CO: absorption process. The combined process (ELVC)
440  achieved the highest actual C0: emissions reduction for the cases with cross-exchanger temperature
441  approach of 5 “Cand 10 *Cin the case of electricity supply from natural gas combined cycle power
442  plant. The lean vapour compression process performed slightly better at 15 *C This is because the
443 difference in steam consumption by the vapour compressor between the RLVC and LVC processes
444 became small. Since the electricity requirement of the vapour compressor in the combined process is
445  higher than in LVC, the indirect CO: emissions from the NGCC electricity generation slightly

446 dominated.
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449  Figure 6. Comparison of actual CO: enissions reduction performances of the different alternative process when

450 electricity is supplied from NGCC power plant (left) and renemable electricity source (right}
451

452 The combined process performed better than the simple vapour compression and standard
453 processes in situations of electricity supply from renewable electricity. Indirect CO= emissions in these
454  case only occurred from the production of steam from the natural gas boiler. It can also be observed
455  that over 3 % more emissions can be avoided or reduced if electricity is supplied from a renewable
456  energy source compared to MGCC power plant. In addition, about 1 % more O0: emissions can be
457  reduced at temperature approach of 5 °Cinstead of 10 "Cor at 10 *Cinstead of 15 °C This agrees with
458  our recent study [47]. Actual OOk emissions reduction of 78.3 %, 77.5 % and 76.3 % for minimum
459  temperature of 5 °C 10 “Cand 15 “Crespectively were calculated for the combined process (RLVC) for
460  the cases of electricity supply from renewable energy source. For the simple lean vapour compression

461  (LVC) configuration, they are 77.7%, 76.7 % and 76.2 % respectively.
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462 The combined process performed 5 — & % better in actual OO emissions than the standard
463 process. The lean vapour compression configuration accomplished 4 — 6 % higher emissions
464  reduction relative bo the standard process. About 2 % more CO: emissions reduction compared bo the
465  standard process was calculated for the rich vapour compression (RVC).

466

467 57 Equipment installed costs

468 Economic performance indicators such as COk avoided cost and OO capture cost are made up
469 of annual capital cost and annual operating cost. It is therefore pertinent to comprehensively analyse
470  how the differences in capital costs of the different process configurations occurred. The equipment
471 of each of the process configuration was dived into two sets for capital cost estimation. The two sets
472 of equipment were classified as “common equipment” and “specific equipment”. The common
473 equipment is the equipment that has the same dimension(s), thus, the same cost in all the process
474 configurations. As the standard process configuration is modified to the others, the sizes or
475  dimensions of some other process equipment would change either slightly or significantly. These
476 changes were taken into account in this study. These are the equipment that we referred to as “specific
477 equipment” because they changed with each specific process configuration. They also changed when
478  the minimum temperature approach was adjusted from 10 °Cto 5 °Cor 15 °C The most important of
479 them are the lean/rich heat exchanger also referred to as cross-exchanger, the reboiler, vapour
480 compressor and lean amine cooler. Extra equipment specific to the other process configurations were

481  also added.
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482 Figure 7 (a), (b) and (c) present the capital cost distribution on the different equipment. The black
483  columns/bars represent common equipment and standard process configuration equipment. That
484 means only one black bar represents the equipment when the cost of the equipment is the same in all
485  process configurations. Among the specific equipment, it can be observed that the standard process
486  equipment is most expensive except for pumps and separators. This is because the rich vapour
487  compression (RVC) and the combined process (RLVC) require an additional pump and a two-phase
488  (flash) separator. The lean vapour compression process also requires a vapour separator. The lean
489  pump in the LVC process pumps the lean stream from atmospheric pressure (101 bar), while it is
490 from 2 bar in the standard case. However, the rich vapour compression, lean vapour compression
491  and the combined rich and lean vapour compression process configurations all require a vapour
492  compressor with different sizes (and costs), vapour volume flow and energy requirements in the
493 following order: RVC < LVC < ELVC. The comprehensive details of each equipment, their sizes,
494 number of units, their cost in stainless steel and in carbon steel, as well as each equipment installed
495 cost are presented in tables. Table & presents the equipment dimensions, basis of dimension, and cost
496  details of the common equipment. Table 7 present the details for case of 10 “Cminimum temperature
497  approach for the standard process. Table B has the information for case of 10 *Cminimum temperature
498  approach for the rich vapour compression (RVC) process. The comprehensive details for the lean
499  vapour compression (LVC) process case with 10 °C minimum temperature is presented in Table 9.
500  While Table 10 presents the comprehensive list and details of the specific equipment for the case of
501 10 *C minimum temperature approach of the combined rich and lean vapour compression (RLVC)

502  process configuration. The details of the cases of the minimum temperature approach of 5 "Cand 15

221



Aromada (2022): Cost estimation methods for CO, capture processes

29 of 53
503  “Cfor the standard process are attached in the Appendix as Table Al and Table A2 respectively. The
504  details for the rich vapour compression (RVC) are attached in the Appendix as Table Bl and Table
505 B2 respectively. Table C1 and Table C2 in the Appendix have the details of the lean vapour
506  compression (LVIC) process for the cases of 5 °C and 15 °C respectively. While the details for the

507 combined rich and lean vapour compression are presented in Table D1 and Table D2 respectively.

508
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510 Figure 7 {a). Capital cost disbribution of the different CO: absorption process configurations having a cross-
511 exchanger with temperature approach 5 “C(LRHX &5 leanfrich heat exchanger)

25
A
=
£ T
2
T 15t .
g !
£ w4+ 1
= v :
s | T ]

S 1

& 3 : - : :
g’ : i - : L :
o a

LRHX

Daesor ber
Reboiler
Copbars +
Condenser
Powaim s
Separators

e

W Standard HRVC GILWC ERLVC

Intercooders.
e
COUT Pressor

CO2 compressors

512
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516 Figure 7 (). Capital cost distribution of the different CO: absorption process configurations having a cross-
517 exchanger with temperature approach 15 CILRHX is lean/rich heat exchanger)

518

519 Table 6. Purchase and installed costs of common equipment

Equipment Mlat. Dimension Units  Equipment Equipment EDF Installed
Diameter  Height purchase purchase cost Installation oot
cost in 55 in TS5 (2009) factor (2024)
(019
m m ME BIE ME
DC unit shedl =5 49 15 1 075 43 5.30 132
DROC -unit packing 55 49 4 1 040 013 612 141
Absorber shell 55 58 a0 1 188 107 467 5.10
Absorber packing 55 58 174 1 159 091 467 430
Condensate 23 7.0 1 o1 06 8.69 051
separator =
Separator 1 55 LA 35 1 004 oz 10.21 022
Separator 2 55 15 45 1 o0n3 ooz 12.03 023
Separator 3 55 11 35 1 o0a3 o2 12.03 020
Heat transfer Area per ik, o
D cooler 55 988 1 039 012 612 1.38
Intercooler 1 55 52 1 o0a3 o2 12.03 023
Intercosler 2 55 45 1 003 o2 12.03 022
Intercosier 3 55 49 1 004 ooz 10.21 021
Intercooler 4 =5 7B 1 006 o3 1021 036
Condensate cooler 55 490 1 i E] 10 721 075
Flow,
Poweer, KW
meith
Flue gas fan s 167 498 217 1 D&% &9 363 256
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Compressor 1 cs 31295 2005 1 am anl 1E4 B.7D
Compressor 2 cs 12311 1944 1 L78 1.78 319 5.79
Compressor 3 cs 4431 1 B&d 1 L45 145 319 472
Compressor 4 cs 1439 1 674 1 L70 1.70 319 551
Flow, Li's Power, KA
DT pump 55 159 45 1 005 L 7.El 032
CW pump 1 55 1114 74 1 035 027 5.40 150
CW pump 2 55 1268 BS 1 042 033 463 157
CW pump 3 55 43 29 1 N 008 6.42 053
CW pump 4 58 100 7 1 o3 ooz 971 019
CW pump 5 55 95 & 1 [iNiE] oo 921 019
CW pump & 58 100 7 1 o3 oo 921 019
CW pump 7 55 148 10 1 04 00G 921 0.28
CCk pump 55 7 354 1 o3 0.5 6.42 0hd
Total cost for common equipment, ME 1535 1359 50012

Table 7. Purchase and mstalled costs of equipment specific to the standard process configuration with cross-

exchanger temperature (AT, ) of 10 %€

Equipment Mat. Dimension Units  Equipment Tatal Equipment EDF Total
Dhameter  Hedght purchase  equipment  purchase  Instllabion  equipment
cost in 'Pun:h.me oost m 5/ factor installed
S5MUnit cost inS5 Unit (2019 cost [2020)
(2019 {2009)
m m ME ME ME
Dresorber shedl 55 153 22 1 052 052 030 612 136
Desarber packing 55 152 10 1 o1z 017 010 7.2 o7
LVC separator - - - - - - -
RVC separator - - - - - - -
Heat transfer Arnea per uri, m?
Lean/rich HX 55 939 12 036 434 021 612 1544
Reboiler 55 BSH 4 0.3z 141 .20 612 a2
Condenser 55 17 1 e 0.0 1 Tve] 10.21 036
Lean MEA cooler 55 952 2 037 074 0.2l 624 169
Flow, m'/h Power, KW
Vapour compressor Cs - - - - - - -
Flowe, Lis Power, KWW
Rich pump 55 446 166 1 01z 013 010 £.42 &7
Lean pump 55 470 188 1 014 0.14 o1l 6.42 071
Rich vapour pump - - - - - - -
Common equipment cost, ME 15.35 1359 F12
Toital, ME 2286 14.85 TIET
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524 Table 8. Purchase and installed costs of equipment specific to the rich vapour compression (RVC) process
525 comfiguration with cross-exchanger temperature (AT ) of 10 °C

Equipment Mat. Dimension Units  Equipment Total Equipment EDFF Total
Diameter  Height purchase equipment  purchase Installation  equipment
cosd i p1.|.rrhasa|.- cost in OS5 Factor installed
S5Undt most in55  Undk (20019) cost (HI20)
(2019 {20019)
m m ME ME ME ME
Desorber shedl 55 237 n 1 04l o4l 023 6.12 146
Desorber packing 55 237 1] 1 015 s 0.08 el | 062
LV separator S5 - - - - - - -
RVC separator 55 238 72 1 011 11 0. 1021 A3

Heat transfer Area per unit, m?

Leanyrich HX 55 91z 11 036 195 021 6.12 14.08
Reboiler 35 BF 4 [k 136 0.19 612 453
Condenser 55 131 1 06 06 003 1021 035
Lean MEA cooler 55 B4 2 033 DLl 019 624 239
Flow, m¥ir  Power, EW
Vapour compressor s 56959 1576 1 1.54 154 154 319 459
Flow, L's  Power, kW
Rich pump 55 415 w 1 LT o 007 781 058
Lean pump 55 436 174 1 013 13 0.10 642 68
Rich vapour pump 55 41761 55.12 1 010 L1 0.08 781 062
Common e:]uiluﬁcnt cost, ME 15.35 1359 5012
Total, ME 23.91 16.38 H1.38

526

527 Table 9. Purchase and installed costs of equipment specific to the lean vapour compression (LVC) process
528 configuration with cross-exchanger temperature (AT ) of 10 °C

Equipment hiat. Dimension Units  Equipment Total Equipmient EDF Tatal
Diameter  Height purchase  equipment  purchase Installation  equipment
st in purchase oost in C5 factor installed
S5 Uinit cosd In 55 ik cost [2020)
{2019 2009y (2019)
m m M ME ME
Desorber shedl 55 217 22 1 0.3e 0.3g 02 612 139
Desorber packing 55 21é 10 1 0.12 0.12 007 B.69 A2
LVC separator 55 244 7.50 1 .11 .11 06 B.69 057
RVC separator - - - - - - -

Heat transfer Area per unit, m

Leanyrich HX 55 a7 7 035 245 0. 612 BTl
Reboiler 35 46 3 035 105 0.0 612 175
Condenser 35 139 1 0. 0. 0.0G 10.21 036
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Lean MEA coaler 55 T4l 2 027 0.54 [LAE] 721 7
Flow, mith Power, KWW
Vapour compressor ] 1 805 65 S 1 547 547 547 156 1426
Flow, Lis Poweer, KW
Rich pump 55 M 1% 1 0.10 0.l1o 0.0s 7El 043
Lean pump 35 e 169 1 012 01z LT 642 059
Rich vapour pump - - - - - - -
Enmmmequipﬁcnt cost, ME 1535 1359 50.12
Total, ME 2577 2018 B3 29
529
5330 Table 10. Purchase and installed costs of equipment specific to the combined rich and lean vapour
531 compression (RLVC) process configuration with cross-exchanger femperature { ATy ) of 10 5
Equipment Mat. Dimension Units Equipment Total Equipment EDF Total
Diameter  Height purchase  equipment  purchase Installation  equipment
cosk in purchase costt in OS5 factor installed
S5/Unit cost in 55 fUnit cast (20200
(2019) (2019} (2019}
m m ME M M
Desorber shell 55 213 n 1 038 038 022 6.12 134
Diesarber packing 55 213 1 1 02 02 0nF .69 &0
LV¥C separator 55 14 71 1 0.1 LN 1) 0.03 10.21 033
RVC separator 55 137 42 1 006 006 0.0 .69 053
Heak transfer Area per umnit, me
Leanyrich HX 55 BEl 7 035 43 0.20 6.12 B
Reboiler 55 B33 3 035 106 020 6.12 176
Condenser 55 1439 1 DS UGS 04 10.21 L]
Lean MEA coaler 55 6] 2 025 ns1 0.14 721 213
Flow, m¥i  Power, KW
Vapour compressor 5 2116 BO 285 1 350 350 5.50 256 1454
Flow, Lis  Power, KW
Rich pump 55 3az Th 1 a7 oaz 0.0 7481 045
Lean pump 55 358 152 1 ol oIl 0.08 642 055
Rich vapour pump 55 a7 45 1 ouns 008 0.0 781 nsa
Comemion e:]uiluﬁcnt cost, ME 1535 1359 50012
Total, ME X543 25 R174
532
533 56 Comparison of capital cost of the different process configurations
534 The capital costs (total plant costs) are summarised in Figure 8. The combined rich and lean

535 vapour (RLVC) compression process configuration understandably has the highest capital cost in the
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536  three scenarios of minimum temperature approach. The total plant cost estimates are €400 000 — 600
537 000 higher than for the lean vapour compression (LVC) process. That is merely about 0.5 - (L6 %
538 higher in total plant cost compared to the LVC. The capital cost estimates are around 3 - 5 % higher
539  than the values estimated for the rich vapour compression (RVC) process. They are about 3 - 11 %
540 higher than the standard process (benchmark). The capital costin all cases except for the rich vapour
541  compression (RVC) process with lean/rich heat exchanger minimum temperature approach of 5°Care
542  in the following order: RLVC > LVC > RVC > Standard process. Figure 7 (a) and Table Al in the
543 Appendix reveal that the installed cost of the lean/rich heat exchanger of the standard COx absorption
544  process is significantly high. This caused the capifal cost of the standard process to be greater than

545  the estimate for the rich vapour compression {RVC) process in the case with temperature approach

546 of5°C
547
100 =
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548
549 Figure 8. Capital costs of the different COzabsorption process configurations
550

551 57 Comparative economic performance analysis — CO: avoided cost and CO: capture cost
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552 The economic performance analysis is based on the key performance indicator of CO: avoided
353 cost. CO:capture costs were also estimated. The analysis was also conducted for two scenarios of
354  electricity supply. That is from natural gas combined cycle (NGCC) power plant and renewable
355  energy source such as hydropower. The analysis was conducted for cases with cross-exchanger
556  minimum temperature approach of 5 °C 10 °Cand 15 °C The results are presented in Figure 9 and
357  Tablell

558 The combined rich and lean vapour compression (ELVC) process achieved the lowest CO:
359  avoided cost in all cases except the case with 15 “C temperature approach of the lean/rich exchanger
360  when electricity supply is from a NGCC power plant. The C0: avoided cost reduction of the simple
361  rich vapour compression process relative to the standard process was 5 — 7 % in the scenarios of
562  electricity supply from NGCC power plants. It was 6 — 8 % for the renewable electricity scenarios.
363  The lean vapour compression process achieved a cost reduction of 13.3 - 153 % in the cases of NGCC
364  power plant electricity. In the cases of renewable electricity, the cost reduction was 13.7 - 156 %. The
565  combined rich and lean vapour compression (RLVC) process cost reduction performance was 13.1 -
366 155 % in the NGCC power plant electricity supply scenarios. While a CO: avoided cost reduction of
367 137 - 16.3 % was estimated. The combined process (RLYC) best performance over the lean vapour
568  compression process (LVC) is 1.1 %. It corresponds to C0: avoided cost of €0,9/tC0:. This means that
369  the marginal increase in capital cost of the combined process (RLVC) also resulted in only marginal
370 saving in O0: avoided cost compared to the lean vapour compression (LVC). Nevertheless, if the cost

571  of steam increases, the combined process will always be optimum economically and ecologically.
572
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Figure 9. Comparison economic performance of the different process configurations with scenarios of electricity

supply from NGCC power planf (left) and renewalle energy source (right)

Table 11. Comparison economic performance of the different process configurations with scenarios of electricity

supply from NGCC power plant and renewable energy source (cost year is 2020)

AT win (0 capture cost OO avodded cost
Electricity-NGCC power plant Electricity-renewable
“ €000 Relative (%) €000: Relative (%) EC0: Relative (%)

Standard 6493 - 884 - B5.0 -
RVC . 659 -i8 azz -7.0 TAB -6
LvC N 619 -10.6 M9 -153 nr -15.6
RLVC 619 -10.6 T -155 Mz -163
Standard 674 - 871 - B37 -
RVC 652 -32 a24 -54 TER -58
LvC v 613 41 751 -138 1B -142
RLVC 609 47 743 -1d6 09 -153
Standard 679 - 889 - B54 -
RV 657 -32 439 -5.6 BD.3 -549
LvC s 621 A5 70 -133 a7 -13.7
RLVC 623 41 73 -131 736 -137

Comparing the two electricity supply scenarios, the renewable energy cases CO: avoided costs

are (1.3 — (.6 % lower for the rich vapour compression (RVC) process. For the lean vapour compression

(LVC) process, it is (.3 — 0.4 % lower. While it is (L6 — 0.8 % for the cases of the combined with rich
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583  and lean vapour compression (RLYVC). Even though these value are merely marginal in proportion,
584  they are significant in avoided costs. These are reduction of €3.4 - 3.7 per ton of CO: avoided for the
585  combined rich and lean vapour compression (ELVC). This indicates that the use of green energy will
586  have considerable impact on the cost of avoiding C0: emissions. It also suggests that obtaining all or
587  some regeneration steam from renewable energy source or other zero-emission schemes like waste
588  heat will further significantly drive down the cost of avoiding CO: emissions.

589 In COk capture cost, the combined process (RLVC) achieved about & - 11 % reduction compared
590 to the standard process. The lean vapour compression (LVC) process C0h caplure cost reduction was
591 %— 11 %. While it was 3 — 5 % for the rich vapour compression process (RVC).

592 The optimum CO: avoided cost was obtained at lean/rich heat exchanger minimum temperature
593 approach 10 “Chy the standard and combined rich and lean process configurations. It was 5 “Chy the
594  simple rich vapour compression and lean vapour compression process configurations.

595

596 5.8 Economic sensitivity analysis

597 The most important factors that influence the CO: avoided costs of the different alternative
598  process configurations are the capital cost and the unit prices of steam and electricity. The common
599  probable range of sensitivity analysis for unit prices of steam and electricity is £ 50 % [9, 27, 35]. The
600 capital costs in this work fall under cass 4 of the ACCE International classification [48]. The error
601  rangeis therefore assumed to be +30 %. Therefore, the total plant cost sensitivity analysis was based
602  on+30%. Figure 10, Figure 11, Figure 12 and Figure 13 present the sensitivity of the unit cost of steam,

603  unit cost of electricity, combined effects of unit costs of steam/electricity, and capital cost respectively
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604  on the CO: avoided cost estimates of the different alternative configurations. The short vertical red
605 line represents the original C0: avoided cost estimates. The centre or dividing black line is the CO:
606  avoided cost estimate of the renewable electricity scenario of the standard process.

607 In the event of 50 % increase or decrease in the unit cost of steam, the CO: avoided cost of the
608  combined rich and lean vapour compression (RLVC) process and the lean vapour compression (LVC)
609  process will either increase or decrease by 200 %. It is an increase or decrease of 22 % for the rich
610  vapour compression (RVC) process configuration. While it is 24 % increase or decrease in the cases
611 of the standard process configuration. The result is the same for the scenarios of electricity supply. If
612 thesteam cost declines by 50 %, the COk avoided cost estimate of the standard process with renewable
613 electricity will be slightly lower than that of the rich vapour compression (RVC) process. If the cost
614 of steam increases by 50 %, the resulting CCk avoided cost estimates for the renewable electricity
615 cases of the RLVC and LVC would still be less than the original estimate for NGCC power plant
616 electricity case of the standard process.

617 For increase and decrease of 5 % in unit price of electricity, the CO:z avoided cost of combined
618 process (RLVC) will rise and decline by 8 %. The lean vapour compression {LVC) and the rich vapour
619 compression (RVC) processes will increase and decrease by 7 %. While it will be a rise or reduction
620 by 6 % for the standard process. It is also observed that even if electricity unit price goes up by 50 %,
621 the CO: avoided cost for both the combined vapour compression {(RLVC) process and the simple lean
622 vapour compression {LVC) will still be lower than the original estimates of the two electricity supply
623 scenarios of the standard case. This emphasizes the cost advantage of especially the RLVC process,

624 but also the LVC process configuration to avoid COh emissions. The COk avoided cost of each of the
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combined process (RLVC) scenarios did not exceed its corresponding lean vapour compression
process. This indicates that the overall cost of steam still dominates, even if the unit price of electricty
rises by 50 %. This is because the electricity consumption in the combined process is highest, but its

steam consumption is lowest.

+50 % Steam unit price
| Standard NGCC 1 |

| Stamdard Renewable |

[ RVC_MGEC |

| FVC_Renedable |

JLve_micc |

[ | ruve_mGoc |

[ Juvc_Renewable |

Alternative process canfigurations

I Jrive_Renewable ]

&0 65 70 75 B0 E5 90 a5 100 105 110
CO, avoided cost, €100,
0-50% decrease O+50% increase

&

Figure 10. Sensitivity analysis of the unit price of steam on the CO: avoided cost (short red vertical line

represents the origimal CO: apoided cost)

+50 % Electricitity unit price
Standard_NGCC | ]

standarf_Renewable |

I RvC_N§CC ]

| Fl_uq_ﬁemewahle |

[ ] LV NGOC

| | ALV NGCC

[ | | LvC_Renewable

Alternative Process configurations

| | RV Renewable

65 70 75 ED 8BS a0
OO, avoided cost, €100,

0-50% decrease O+50% increase

Figure 11. Sensitivity analysis of the unif price of electricity on the CO': apoided cost {shorf red vertical line

represents the origimal CO: apodded cost)
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A case where the total energy cost, that is both the steam cost and electricity cost increased by
501 % and decreased by 50 % was investigated. [t is the steam cost that mainly dominated. The trend
is similar to that of the sensitivity of steam cost on the CO: avoided cost. The main difference is mainly
in the estimated value, which is understandably higher for 50 % increase and lower for 5 % decrease.
Here, the COn avoided costs of both cases of the standard process will either rise or decrease by 30 %..
It is 29 % increase or decrease in both cases of the simple rich vapour compression (EVC) process
configuration. A rise or decline by 28 % will occur in the two scenarios of both the combined vapour

compression (RLVC) and the simple lean vapour compression (LVC) processes.

+50 % Unit prices of steam and electricity
[ Standard NGCC I |
| Standard_Renewable |
L RWC NGCO |
[ RVC_Renewdble ]
- NGCC |
[ ROFC_NGCC |
[ V] Renewable |
[V 3T S

Alternative process configurations

50 &0 70 ED o0 100 110
OOy, avoided cost, £/tC00,
O-50% decrease  [@+50% increase

Figure 12. Sensitivity amalysis of combined 50°% mcrease and 50 decrease of steam and electricify cost on the

CO%: avoided cost (short red verfical line represents the oviginal CO: avoided cosi)

+30 % CAPEX

standard_jGCC | |

Standar{i_Renewable |
[rvencE | ]

| [ ook

[ | RLVE_GEC

( I Lvd Renewable

Alternative process configurations

R Renewable

&0 65 70 75 ED ES 90 95
C0, avoided cost, €/tC0,

D-50% decrease O+50% increase
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698 Figure 13. Sensitivity analysis of the capifal cost on the CO: mooided cost (short red vertical line represents the
699 original CO: aooided cost)

T00

701 The capital cost of all the three vapour compression process configurations with cross-exchanger
702 having minimum temperature approaches of 10 “Cis higher than that of the standard process. Yet,
T03  even if the capital cost increases by 30 %, the CO: avoided costs of both scenarios of the combined
704  rich and lean vapour compression (RLVC) is still lower than the original estimates of the two
T05  scenarios of the standard process. This is also the case for both scenarios of electricity supply in the
706  lean vapour compression configuration. Even the renewable electricity supply scenario of the rich
707  wapour compression (EVC) process will also have a C0: avoided cost lower than the original
TOR  estimates of the two standard process scenarios. This also emphasises that energy cost dominates.
709  Another important observation in all the cases is that the zero-emissions renewable electricity had
T10  significant impact on the CO: avoided cost. That is why the CO: avoided cost of the combined process
TIl  (RLVC) with electricity supply from NGOC power plant was never lower than for the simple lean
712 vapour compression (LVC) process with electricity from a renewable energy source.

T13

714 5.9 Comparisen of econoeic results of this work with literafure

715 It is difficult to compare carbon capture or avoided costs due to the different underlying
716 assumptions, scope and location involved [32, 35, 47|. Nevertheless, it is important to make
717 comparison with recent cost range in literature for similar technologies and processes.

T18 There are some recent similar studies of MEA based % % CO: absorption from cement flue gases

T19  [35, 41]. Gardarsdottir et al. [35] estimated a CO: avoided cost of €80/6C0: (€,5.,). If it is escalated to
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T20 2020 using the Norwegian SSB Industrial Price Index [37], it will amount to €91/800: (€3520). A CO=
721 avoided cost of €83/b00: (€55,,) was estimated by [41]. When it is escalated to 2020 it becomes
722 94/0C0: (€;429). There are several other techno-economic studies available in literature on CO:
723 capture from cement plants' flue gases. IEAGHG [49] recently conducted a review of a number of
724 them. The CCh avaided st tange based on fheir review for diFferent process configuratinne was
T25  £72/H00: — $180/tC0: ($3410)- When converted to Euro (€), the CO: avoided cost range for cement
726 plant flue gas treatment is €64/H002 — €1539/t00: (€3045). If it is escalated to 2020, the range becomes
T2T €O — €174/000%: (€2g20)-

T28 In this work, the estimated CO: avoided costs for the standard CO: absorption process
729  configuration in the cases which have lean/rich heat exchanger with minimum temperature approach
T30 of 5°C 10 *Cand 15 “Care €88/HC0%, €87/H00: and €89/C0: respectively. These are values for NGCC
T3l power plant's electricity supply scenarios. In the scenario with renewable electricity, the avoided cost
732 is €85/C0., €84/8C0: and €85/t00: respectively. The C0: avoided cost estimated for all the four
733 process configurations and for all scenarios ranges from €71/ {00 to E8%/H00: (€55,)- This indicates
734 that our CO% avoided cost estimates agree with literature.

735 The economic key performance indicator of C0: capture is also common in the literature for CO=
T36  capture from a cement plant. For 90 % capture rate as done in this work, Gardarsdottir et al. [35]
737 estimated a OOk capture cost of €63/8002 (€2914)- In 2020, based on the same price index, it will be
TI&  €72/H00: (€1020). For B5 % CO: capture from a cement plant flue gas, a CO: capture cost of €63/tC0:
T30 (€y04) was estimated by Ali et al. [27] for a standard process. If escalated to 2020, it becomes

T40  Ee%ECOR (€,,,,). Waims [50] published a benchmark CC: capture €68/4000: (€,,,,) for 85 % capture
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T41 process. In the recent review conducted by [EAGHG [4%], a CO: capture cost range in literature was
742 reported to be $34/800: — 57900k ($2915). When converted to Euro (€) and escalated to 2020, the COx:
743 capture cost range for CO2 capture from cement production in literature becomes €33/H00: — €77/tC0:
T44  [Ezy0). The range estimated in this study for all the process configurations and cases of minimum
745 temperature approach is €61/800: — €69/t00: (€3p59)- This also implies that our CO: capture cost
746 estimates agree with literature.

747 The total plant cost estimated for a standard %0 % OOk caphure plant for typical size of a European
748  cement manufacturing plant with a capacity of 1 million tons per annum by Gardarsdottir et al. [35]
749 is €76 million (€3544). In their work, a selective non-catalytic reduction (SNCR) equipment was
750  included to take care of NOx removal. This was not considered as part of the capture plant boundary
751  in our study. All flue gas pre-treatment equipment was assumed to have been in the cement plant
752 before the capture plant. The tem perature approach of the cross-exchanger was not stated in the work
753 of Gardarsdottir et al. [35). Ali et al. [27] estimated a total plant cost for an 85 % capture plant from a
754  cement production plant to be €119 million (€344 ). In this study, the total plant cost estimated for the
755  standard process which has a lean/rich heat exchanger with minimum temperature approach of 10 °C
756  is €78 million (€,,,, ). For cases with minimum temperature approach of 5 *Cand 15 °C it is €93 million
757 (€3z520) and €72 million (€;525) respectively.

T5E Among the three minimum temperature approaches of the cross-exchanger studied, the
759  standard case achieved cost optimum at 10 °C This agrees with the results of Ali et al. [27] who studied
760  CO: capture from a cement plant based on the standard process configuration. Ali et al. [27] also

761 conducted their studies with minimum temperature approach of 5 *C, 10 and 15 *C
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762  Conclusion
T63 This study was conducted to evaluate a combined rich and lean vapour compression
T4 configuration for CO: capture from a cement plant. This was to investigate its energy, emission, and
Th5 cost reduction potentials compared to the conventional process, the simple rich vapour compression
766 and lean vapour compression configurations. Electricity supply from a natural gas combined cycle
T67  power plant and from a renewable source like hydropower were considered. All the alternative
T68  process configurations performed better than the standard process configuration in energy
769  consumption, CO: emissions reduction and in both ©0: avoided cost and CO: capture cost. The
770 combined rich and lean vapour compression configuration achieved the lowest energy consumption
T71  bothinreboiler heat and equivalent heat. [t also achieved the best CO: emission reduction. The lowest
772 CO: avoided cost was achieved by the combined process, especially the cases with cross-exchanger
773 minimum temperature approach of 5 "Cand 10 °C The energy consumption, C0: emissions reduction
774 and CO: avoided cost performances of the combined process are only marginally better than the
775  results of the simple lean vapour compression configuration. Economic sensitivity analysis also
776 shows that the combined process was the best alternative but only marginally better than the lean
777 vapour compression configuration. The use of renewable electricity from renewable sources like
778  hydropower will lead to better CO: emissions reduction and CO: avoided cost compared bo fossil

779 fuel based electricity.

T80

78]  Contribution

782  Author Contributions Conceptualization, methodology, investigation, formal analysis, writing —
783 original draft preparation, writing —review and editing, 5.A_A_; methodology, supervision, writing —
T84 review and editing, N H E.; supervision, resources, writing —review and editing, L.E.-@.

T8S
786 Funding

237



Aromada (2022): Cost estimation methods for CO, capture processes

T87
THE
TR
TS0
791
702
T03
T04

TO5
T96
797

This research received no external funding.

Declaration of Competing Interest
The authors declare no conflict of interest.

Appendix A

450f 53

Table A1, Purchase and installed costs of equipment specific to the standard process configuration with cross-

exchanger temperature (AT, ) of 5 °C

Equipment Mat. Dimension Units Equipment Total Equipment EDF Total
Diiameter  Height p1.|.rrham: L-quipmnml pul\ch.rm Installation cqui'pmm!
cost in purchase cost in C5 factor nstalled
S5/ Umit cost in 55 Umdt oot (2020
(20019 (2019) (2009
m m ME ME NI ME
Desorber shell 55 262 ] 1 054 054 031 612 1.91
Desarber packing 55 262 0 1 018 018 01D 721 076
LVC separator - - - - - - -
RVC separator - - - - - - -
Heat transfer Area per unit, m
Leanrich HX ] 968 23 038 B&D 022 612 ngg
Reboiler 55 835 4 035 139 0.20 612 495
Condenser 55 144 1 006 006 0 B.69 031
Lean MEA cooler 55 83 2 034 DA8 019 624 245
Flow, ml Power, EW
Vapour comipressor - - - - - - -
Flowr, Lis  Power, KW
Rich pump ] 4 1123 1 013 013 0.1p 642 &7
Lean pump 55 457 183 1 014 014 0.11 642 070
Rich vapour pump - - - - - - -
Common equiluncnt cost, ME 1535 1359 50012
Total, ME ok 14.88 ar81

Table A2. Purchase and installed costs of equipment specific to the standard process configuration with cross-

exchanger temperature (AT gy, ) of 15

Equipment Mlat. Dimension Units  Equipment Total Equipment ED¥F Total
Diameter  Height Fun:}use cquipmml! Pu.rrhnm: Installation nqu:iprrenl
cost in pumc]use cost in TS5/ Factor mstalled cost
S5/ Unit costin 55 Undt (2019) {0200
[2019) (2019
n n MIE ME M
Dresarber shell 55 244 n 1 051 051 029 612 182
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Desorber packing 55 243 10 1 016 016 o 721 65
LV separator
RVC separator

Heat transfer Area per unig, m?
Leanjrich HX 55 968 7 037 258 200.57 6.12 ol1e
Reboiler =5 886 4 036 144 206,02 612 14
Condenser 55 134 1 oG 006 M7 1n21 036
Lean MEA cooler 55 T 3 030 091 17389 624 |

Flow, mVk Power, KW
Vapour compressor

Flow, Lis Power, KW

Rich pump =5 44613 165946 1 013 013 10198 G642 6T
Lean pump 55 473.00 16920 1 o4 014 10891 642 07l
Rich vapour pump
Commion eq'l.liprn-cnt cost, ME 15.35 1359 5012
Toital, ME 21.29 B449.61 7196

T98

790 Table B1. Purchase and installed costs of equipment specific to the rich vapour compression { RVC) process

B00  comfiguration with cross-exchanger temperature (AT} of 5 5

Equipment Mat. Dimension Units  Equipment Total Equipment EDF Toital
Diameter  Height purchaze  equipment  purchase Installation  equipment
oosk i purchase cost in O factor installed
55/ Unit cost in 55 fUnit covst (HI20)
(2019) (0149 {2019y
n m ME ME ME ME
Desnrber shell 55 24 x 1 051 051 029 6.12 LE2
Desorber packing 55 243 10 1 016 016 009 721 &S
LV separator - - - - - - -
RVC separator 55 264 -] 1 015 015 00e 10.21 0E9

Heat tramsfer Area per unit, m?

Leanrich HX 55 958 18 037 GAR 021 6.12 23.81
Eebailer 55 7E2 4 0.33 133 019 6.12 474
Condenser 55 1M 1 .06 D06 M0 10.21 036
Lean MEA cooler 55 777 2 0.31 A2 0.18 624 126
Flowe, mifle  Power, EW
Vapour compressos s 71370 14975 1 1.54 154 154 ENL] 459
Flow, L's Power, KW
Rich pump 55 M 11 1 010 iR T1] 007 781 059
Lean pump 55 437 75 1 013 03 .10 642 A3
Rich vapour pump 55 415 56 1 010 o 008 781 A3
Comemion eq'l.lipm-nnt cost, ME 15.35 13.59 5012
Toital, ME 26.73 50.62 91.52
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Table B2. Purchase and installed costs of equipment specific to the rich vapour compression (RVC) process

Equipment Mat. Dimension Units  Equipment Tatal Equipment EDF Toital
Diameter  Height purchase  equipment  purchase  Installation  equipment
ook in 'purdum: oot in OS5 Factor mstalled
S5/ Unit costin 55 Unde (2009) cast (2020
{20149 (2015}
n m ME M ME
Desorber shell 55 232 n 1 [LEC ] 04 023 6.12 143
Desorber packing 55 231 10 1 014 014 008 721 059
LWC separator 55 - - - - - - -
REVC separator 55 112 2] 1 e o 0ns 1021 053
Heat transfer Anca per unit, or'
Lean/rich HX 55 W 7 037 258 021 6.12 4.
Eebaoiler 55 BI5 4 035 139 020 6.12 494
Condenser 55 130 1 006 006 003 1021 035
Lean MEA cooler 55 W3 3 035 104 020 624 251
Flow, m'ih  Power, BW
Vapour compressor s 44527 1131 1 154 154 0.15 319 199
Flow, L's  Power, kW
Rich pump 55 A0 97 1 0 O 007 642 047
Lean pump 55 | 168 1 013 013 0.lo 642 .56
Rich vapour pump 55 410 54 1 0.1 L1y 008 781 &l
Cormmecn eql.li[uﬁcnt cost, ME 15.35 1359 50012
Total, ME »Ba 14.99 Tedl
Table C1. Purchase and mstalled costs of equipment specific te the lean vapowr compression (LVC) progess
configuration with cross-exchanger temperature (AT ) of 5 °C
Equipment Mat. Dimension Units  Equipment Total Equipment ED¥ Total
Diameter  Height PUI\C}HM cqui'pmenl! 'Purdum Installation equipﬂ'-cnt
oot in purl:'luse cost in OS5/ Eactor installed
S5/lnit  costinS5  Unit (2019) cost (M)
(2019) (2019
m m M ME ME M
Desorber shell S5 223 22 1 039 k] 023 612 141
Desorber packing S5 223 ) 1 013 013 oaF B&d 066
LWC separator S5 244 7.50 1 11 11 006 B&d 0.57
RVC separator 35 - - - - - - -
Heat transfer Area per umit, m*
Lean/rich HX 55 9RY 15 039 5.E1 02 612 2067
Reboiler 55 B07 3 [Uk] 1.02 oe 612 3
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Condenser 55 132 1 s .06 03 121 03s
Lean MEA coaler 55 549 2 024 048 04 721 2m
Flowr, mith Power, KWW
Vapour compressos s 1805 65 (48 1 547 547 S47 156 14.26
Flowr, Lis Poweer, W
Rich pump 55 i 1% 1 013 013 D08 781 063
Lean pump 55 w 182 1 012 012 o 642 059
Rich vapour pump 55
Comemomn -equiplﬁcnt cost, ME 1535 1359 5012
Total, ME 2907 20018 24.91

807

208 Table C2. Purchase and mstalled costs of equipment specific to the lean vapowr compression {LVC) process
&09  configuration with cross-exchanger temperature (AT ) of 15 %€

Equipment Mag. DChimension Units  Equipment Total Equipment EDF Total
Dhamieter  Height purchase  equipment  purchase Installation  equipment
cost in 'Pun:ham: oost in 5 factor irtadlesd
S5/LIndt cost in 55 Undt (2009) cost (20
(2019 (20159
m a ME M Mg
Desorber shedl = 211 n 1 038 038 022 6.12 1.34
Desarber packing == 211 10 1 012 0a2 007 B.69 059
LVC separator = 245 75 1 oIl oal 006 .69 057
RVC separator 55

Heak transfer Area per wumnit, mt

Lean/rich HX 55 911 4 036 143 0.2n 6.12 509
Reboiler 5 881 3 056 108 021 6.12 IE5
Condenser 5 159 1 0oz oa7 0 10.21 03
Lean MEA cooler 5 749 z 029 059 017 6.12 0

Flow, mVh  Power, KW
Vapour compressor s 1805 65 (ME 1 547 547 547 256 1426
Flow, Lis  Power, KW
Rich pump 55 M4 129 1 0.1 o 008 781 B3
Lean pump == 73 159 1 012 0a2 0.0e 642 059
Rich vapour pump 55
Commion -equiplﬁcnt cost, MiE 1535 1359 50012

Total, ME 2482 LIS 7955

g10
g11 Table D1. Purchase and installed costs of equipment specific fo the combined rich and lean vapour

812 compression (RLVC) process configuration with cross-exchanger femperature (AT ) of 5 °C

Equipmment Mat. Dimension Units
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Diameter  Height Equipment Total
i Equipment Total
purchase equipment EDF
purchase equipment
cosd in purchase Installation
cost in C5 installed
S5/t cost in 55 factor
o — Unit {2019) oot (2020}
m an ME ME ME ME
Desorber shedl 55 219 n 1 03% 059 022 612 1.40
Desorber packing 55 118 1 1 IR E] 013 007 .69 063
LV separator 55 235 710 1 0.1 (iR 1] .06 .69 053
RV separator 55 L&3 490 1 D06 006 0 10.21 0318
Heat transfer Area per unit, mt
Lean/rich HX 55 ar9 15 03% 578 022 530 2059
Rebaoiler 55 821 3 034 1La3 020 612 367
Condenser 55 136 1 006 006 003 10.21 036
Lean MEA cooler 55 518 2 023 046 0.13 721 1.82
Flow, mlt  Power, KW
Vapour compressor cs 2216 B0IES 1 550 550 550 256 1434
Flow, L's Poweer, W
Rich pump =] 37 7 1 ooy ooz 0. 781 046
Lean pump 55 Jed 154 1 ol ol 0.0e 642 .56
Rich vapour pump 55 342 45 1 0u0s (ili L] .06 7481 051
C ommeon equipﬂ'-ent cost, ME 1535 1359 50.12
Total, ME Nl H.xT G5 46
813
&14  Table D2, Purchase and installed costs of equipment specific fo the combined rich and lean vapour
&15  compression (RLVC) process configuration with cross-exchanger femperature (AT ) of 15 €
Equipment Mat. Dimension Units Eguipment Total Equipment EDF Total
Diiameter  Heighs 'purd'l:me equipment F|LLI\C]'I.IM Installation Equjpme:m
cost in purchase cost in OS5 factor installed
S5 nit oost in 55 Undk cost (20H0)
{2019} {2019} [2019)
m m ME ME ME
55 09 Jr 1 038 038 0.3 6.12 135
Desorber packing 55 209 10 1 ol 0.11 0oz 269 058
LV separator 55 136 71 1 oo .10 .06 869 053
RVC separator 55 L07 42 1 Ll 0.0 o3 1021 033
Heat transfer Anea per unig, m?
Leanjrich HX 55 B8 4 0.3s 140 0.0 6.12 498
Eeboiler 55 B8R 3 036 108 0.21 612 186
Condenser 55 173 1 007 007 g 269 036
Lean MEA cooler 55 72 2 028 0.56 016 612 200
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Flow, i’k Power, kW
Vapour coempressos s 2216 80285 1 5.50 5.50 550 254 1434
Flow, L's  Power, KW
Rich pump == a7 7 1 007 07 LTS 7El 046
Lean pump == 5 185 1 o1l 0.11 oo 42 056
Rich vapour pump == T ] 45 1 006 008 LTS 7El ns1
(oo ﬂquipmcntnmt, ME 15.35 1359 5012
Total, ME 2480 2028 Ta.00

Bl6
817  Table Ei. EDF method’s installation factors sheet for Auid handling equipment installation-prepared by Nils
818  Henrik Eldrup, 2020 (USN and SINTEF Tel-Tek)

EDF mechod insallacion fomees for Hald bandlsg squipmen:

Equipmean costs (C3) in 1000 £ (RN i} g 20 - & . &b . (L I - Bl - Lo 2560 - 513y
i} 0 &0 L) i) L1 200 ) 5120 (LSl
Equipmess st [B- ) .00 100 100 1.0 100 (e (F [B- ) 14040 ()
Erdction cost (=20 (i 0.2 (k. ] s =K -3 oL 0.o? K- LRI s
Piping Incl Ereccion T .54 iz k-] [ike -} =) [EE 030 [E ] 0.23 (L)
Eleciro fequip. & ervcton) aTé 058 Q.50 i OEn [ ] [ .34 L&} UNE: als
Instrumnt (squip. & srectica) 150 nas LE] osd as) [EL] o3z 0.25 am 018 oz
Circusd wark oxr az [ RE] s s anl 0.0% 0.00 oy 0.08 0.8
Sl & CoODLDEE [ LR 0.55 oaT fan (=52 [hL ) 024 [E-- ] 0aF ais
Insulation ouIm s o4 an oon -1 oo .04 .15 0.0z [T
Dirref costy .30 5.54 4.67 .87 341 .96 58 .30 .06 Lo 1.71
Enginearing proces: o azr [ E--] s s [-KH] o nog aor 0.08 o.os
Enginesring mechanical (=R L L a.nn Lk Ll =R 003 .03 aor ooz [l
Enginesring piping Qa7 o 037 L) zs als o4 w11 -T2 007 oo
Enginesring al. X% oz [ RE] oz o 1] ooy o6 [.T-21 0.04 oo
Enginesring inmr. (=8 Lk 0.7 [ LA L) [N F e n0g LR nas L]
Enginesring groumnd (=N [} Dk .04 LRl oz [==rd L1 ool L] oo ol
Enginesring meel & comcnens -8 L) L8 F .09 Lk k= =R [l 004 Qo o.n3 o
Enginisering invalarioe 1= L] LEix] [:Fix] ool sl [ERH ] 0ol L 0.00 (L]
Engineering 70 166 - 0.9% oI 064 (L] [ ] .34 035 223
P uremes (B | LR 040 LR i D24 (=N -3 0 O 003 L8]] ol [y
Project conol (=K £} (i 008 s aos =) od o2 [E--3 oo (L]
EH R TR T [ [ikd 023 [k : ] [N b als wiF il wid 000 [
PIORCT Mk gement [-E - Lk 0.26 [ %] LN ] [N ] 13 AN [N ) LR (X
Adminiztration 10 1.04 1.03 0.94 0.63 0.45 o34 L% o) 0.23 020 o.1n
Commissioning o) e o4 an aos oos 005 .04 oo 002 o2
I bified ot 1248 8.43 711 6.02 .91 410 340 3.0 2.66 257 218
Conringency 50 RE- n.a2 L] Lk Er (8 ] Bl [ 0.47 (R
tnstallation facter T020 14.90 1012 054 7.23 509 .02 419 .83 319 .54 256
3j far al i & plping Eepors
mualtiplies wich

‘Carbon meel |C5) 100

Stadnless stesl S5316 [weldad) 173

Stadnless stesl 55318, rotasing 130

equipmen: [Machined]

Glam-reinforced plasne (GRP) LB

Exotic material {welded) a0

Ewoaic maverial. rocadng .75

equipmens (machined]
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Abstract

The influence of different process parameters/factors
on CO» capture cost, in a standard amine based CO;
capture process was studied through process
simulation and cost estimation. The most influential
factor was found to be the CO, capture efficiency.
This led to investigation of routes for capturing more
than 85 % of CO.. The routes are by merely
mcreasing the solvent flow or by increasing the
absorber packing height. The cost-efficient route was
found to be by increasing the packing height of the
absorber. This resulted i 20 % less cost compared
to capturing 90 % CO; by increasing only the solvent
flow. The cost optimum absorber packing height was
12 m (12 stages). The cost optimum temperature
difference in the lean/rich heat exchanger was 5°C.
A case with a combination of the two cost optimum
parameters achieved a 4 % decrease in capture cost
compared to the base case. The results highlight the
significance of performing cost optimization of CO»
capture processes.

Kev words: simulation, CO2, optimization, techno-
economic analysis, Aspen HYSYS.

1 Introduction

An economic optimization of a standard COs
absorption and desorption process can be conducted
by the aid of process simulation and parametric
variation (sensitivity analysis). There are different
studies on different process parameters optimization
(Schach et al., 2010; @1, 2012; Liet al., 2016). In this
work, we emphasise how the influence of different
parameters on the capture cost compare. Such
comparison is important to understand the most
mfluential parameter or factors on the cost of the
capture process. Then, the process engineer can pay
more attention to it.

Tmportant parameters frequently cost optimized
in a standard solvent based CO, absorption and
desorption are the absorber packing height (@1 et al.,
2020; Aromada & 01, 2017; Kallevik, 2010), and the
minimum temperature difference in the main heat
exchanger (AT,,;;,) (Schach, 2010; Karimi et al.,

2011; @ietal., 2014; Liet al., 2016; Aromada et al.,
2020a). The CO> capture efficiency in literature is
typically within 85 — 90 % (IEAGHG, 2008;
IEAGHG. 2013). Several of such studies have been
conducted (Aromada & @1, 2017; 1 et al., 2020),
but none of those studies has shown or compared the
effect of these parameters on the capture cost, to
understand which parameter has the greatest
influence on the capture cost.

The first CO; capture plant to capture CO; from
a cement plant’s flue gas is being constructed at
Brevik in Norway (Thorsen, 2020). The plant is
designed to capture only 50 % of the COs from the
cement plant. Soon, it might be necessary to increase
this capture rate due to climate change mitigation
demands. There are generally two ways to achieve
higher CO; capture: (1) to retain the current packing
height and increase the solvent circulation rate, or (2)
to increase the packing height.

The question 1s, what 1s the most cost efficient
route between (1) and (2) above, to capture
additional CO», more than 85%? To increase the
absorption column packing height will lead to
increase in capital cost. The operating cost will
mcrease when the solvent circulation rate increases.
Tt is important to perform a trade-off analysis to show
the most cost efficient route to increase the CO»
removal rate.

This work presents extended results from a group
project at the University of South-Eastern Norway
(Orangi et al., 2020). The aim is to investigate for the
most influential process parameter or factor on CO»
capture cost, and to show the most economic way to
increase CO; capture efficiency.

2. Methods

2.1 Scope of Analysis

The focus of this work is on investigating the
influence of certain process parameters or factors on
carbon capture cost. It is sufficient to limit the
analysis to only the main CO: capture process
described in Figure 1. The scope does not cover CO,
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compression, transport and storage, costs, insurance,
taxes, first fill cost, and administrative costs are not

Table 1. Specifications for process simulation

. . . . . . 7 Tni
included in the operating cost. Therefore, the Parameter Value Unit
compression section is not necessary. The important | Inlet flue gas temperature 40 °C
equipment in the main capture process includes the Inlet flue gas pressure 101.0 kPa
abs_orber, desorbel:_ lean/rich heat exchang@'. lean Tnlet flue gas flow rate 1.091 = 10° | kgmol/h
amine cooler, reboiler, c011de1_1.~;el. and the rich and CO; content in inlet gas 330 mol %
lean pumps. The flue gas cooling process before the Water content in inlet 2as 590 ol
. . . . . N 3 . (0]
CO, absorption is also included in this study. The : =
flue gas is from a 400 MWe natural gas combined | [-€an amine femperature 120 °c
cycle (NGCC) power plant. before and after pump
Lean amine pressure
. P 200|  kPa
Clan gas — efore pump
o Lean amine pressure .
. 300 kPa
cone after pump
Lean amine pressure to
110 kPa
— absorber
Lean amine rate to
1.175 < 10° | kgmol/h
P absorber
......... Lean/Rich Heat £
Exchanger CO; content in lean
. 2.98 mole %
amine
-------- Number of stages in 10
Steamin . - )
oe @ absorber
Cooler, B N
Rich amine pressure
Rich MEA - p 1 ] 0 .I(Pﬂ
= e rma 1 - before pump
Hlue Gas Rich amine pressure after
fan Flue Gas from industry P 200 kPa
pump
Figure 1. Flowsheet of the standard process (Aromada Number of stages of 6 + Reboiler
etal.. 2020a) : . -
stripper + Condenser
: : : : Reboiler temperature 120 °C
2.2 Process Specifications and Simulation P

The process specifications used for the base case
simulation are presented in Table 1. The process
simulation in this work applies the same strategy
used mn (@1, 2007, Aromada et al., 2015). The
simulations were conducted using the equilibrium
based Aspen HYSYS Version 10.
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Figure 2. Simulation PFD in Aspen HYSYS
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The base case was simulated to capture 85 % CO»
from exhaust gas from a natural gas combined cycle
(NGCC) power plant (@i, 2007). The process
consists of an absorber with 10 packing stages (10
m), a desorber with 6 packing stages (6 m), and 10
°C temperature difference in the main heat
exchanger.

The parametric optimization were performed by
varyving the absorber packing height between 8 and
14 stages in step of 2 stages. The temperature
difference in the main heat exchanger was varied
between 5 °C and 15 °C in step of 2.5 °C. Simulations
were also performed for 87.5 % and 90 % CO:
capture efficiencies with constant (10 m) and
changing absorber packing heights. The flue gas fan
and the pumps were simulated with specified
adiabatic efficiency of 75 %.

The Aspen HYSYS simulation process flow
diagram showing all the equipment included in the
scope of the study is shown in Figure 2.

2.3 Equipment Sizing

The absorber and desorber were dimensioned based
on a superficial gas velocity of 2.5 m/s and 1.0 m/s
respectively. Their packing heights in the base case
are 10 m and 6 m respectively where each stage was
assumed to be 1 m. Murphree efficiencies of 0.25 and
1.0 were also specified for the absorber and stripper
respectively. Structured packing with a normal area
of 250 m*nr? was also assumed for both columns’
packing. This is because of low pressure drop, high
efficiency and high capacity (@i, 2012; Brickett,
2015). It is most likely close to the economical
optimum (O1, 2012).

All the heat exchange equipment were sized
based on the effective heat transfer area calculated
from their respective heat duties. These are directly
obtained from Aspen HYSYS. Overall heat transfer
coefficients of 500 W/m’K, 800 Wim’K, 1000 WK
and 800 W/n’K were specified for the lean/rich heat
exchanger, reboiler, condenser and the coolers
respectively (Aromada et al., 2020b; Alietal., 2019).

The fan and pumps were dimensioned based on
volumetric flows and duties.

All equipment unit except the flue gas fan is
assumed to be constructed from stainless steel (SS)
for corrosion resistance purpose. The flue gas fan is
manufactured from carbon steel (CS). The details of
material conversion from other materials to CS have
been provided for different capital cost estimation
methods in (Aromada et al., 2021).

2.4 Capital Cost Estimation

All the cost estimation was performed using the
Enhanced Detailed Factor (EDF) method (Ali et al.,
2019; Aromada et al., 2021). The capital cost 1s the
sum of the installed costs of all the equipment within
the scope of analysis.

The costs of equipment were obtained from
Aspen In-plant Cost Estimator Version 10. The cost
vear is 2016. The costs were then escalated to 2019
using the chemical engineering plant cost index
(CEPCI). The assumed default location is Rotterdam
in Netherlands. It has a location factor of 1.

Some equipment not included in the sumulation
which may affect the overall cost are accounted for
in the capital cost. These are all the equipment units
m the water-wash section of the absorption column,
tanks, and mixers. They are categorized as “unlisted
equipment” in this project and are assumed to be
20% of the total plant cost.

The EDF method is prepared for equipment cost
in CS. Thus, material factors of 1.75 and 1.30 were
used to convert equipment cost in SS to their
corresponding costs in CS for welded and machined
equipment respectively.

This 1s an Nth-of-a-kind project (Aromada et al.,
2020Db). A project life of 20 years with two years of
plant construction and discount rate of 7.5 % were
assumed.

2.5 Operating Cost Estimation

The scope of the operating cost in this study is
limited to maintenance cost which is 4 % of the
capital cost, steam cost (€0.03/kWh), electricity cost
(€0.13/kWh), solvent cost (€2035.90/m?). and
cooling water cost (€0.22/m%). These are seen to be
the most important and they vary when a process
parameter 1s changed. Other operating costs such as
wages and salaries are usually fixed. so, parametric
change which is the objective of this work does not
affect them.

2.6 Annual Cost and Capture Cost

Different cost metrics are used i carbon capture
studies. While the most important metric in climate
change perspective may be CO, avoidance cost, for
mere economic consideration, CO, capture cost 1s
sufficient. So, in this project, which is focused on
economic optimization, COs capture cost is used:

Total annual cost
(h

CO, capture cost = ——————
Mass of CO, Captured
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The annual capital cost is obtained as follows:

capital cost

Annual capital cost = ——— (2)
Annualized factor
The annualised factor is calculated as follows:
. . _ yn 1 o
Annualised factor . [(1+r)n] (3)

where n is the years of operation and r is the interest
rate.

3 Results and Discussion
3.1 Simulation Results

Table 2 presents the process simulation results for
the base case and parametric optimization. The
reboiler specific heat consumption in this work is
3.77 GI/tCO;. This is close to the 3.65 GI/tCO- and
3.71 GJ/tCOs calculated by (@1, 2007) and (Aromada
et al., 2021) respectively for a similar process with
85 % CO; capture.

Table 2. Main simulation results

Reboiler heat  Optimum
[GI/tCO2]  parameter

Base case 3.77 -
Energy optimum 3.50 14 stages
packing height
Energy optimum 341 5°C
temperature difference
90% capture. N=10m 5.24 -
92% capture, N=15m 3.55 -

The absorber packing height (N) was reduced to
8 m and also increased to 12 m and 14 m. The energy
optimum was 14 m, which shows that the desorption
heat requirement decreases with increase in the
absorption column packing height.

The lowest specific heat consumption was
achieved by the case with a temperature difference
of 5°C in the lean/rich heat exchanger.

Another important observation is that there is a
drastic increase of 39 % in the heat requirement for
desorption when the base case capture rate was
increased from 83% to 90%. However, when the
packing height was increased by 50%, that is to 15
m, the steam demand by the stripper was reduced by
6% to 3.55 GJ/ACO; for 92% CO; capture rate.

3.2 Sensitivity Analysis of different
Process Parameters/Factors on Energy
Consumption

The complete results of the influence of the different
process parameters/factors on specific reboiler heat
consumption are presented in Figure 3. When the
absorber packing height (1 m/packing height) was
increased from 8 m to 10 m, the specific reboiler heat
consumption decreased from 4.20 GI/tCO; to 3.77
GItCO,. That is 10 % reduction in steam
consumption. Increasing the absorption column
packing height further to 12 m yielded a 6 %
reduction of steam consumption (3.53 GIACO,)
compared to 10 m packing height. However, a
further increase from 12 m to 14 m resulted in less
than 1 % reduction in reboiler energy demand (3.50
GINCO,).

While increase in the absorption packing height
caused decrease in the reboiler steam demand,
increasing the minimum approach temperature
(AT,in) in the lean/rich heat exchanger result in
increase in the decrease in the steam consumption in
the reboiler. This is because as the AT),;, increases,
the amount of heat recovered in the lean/rich heat
exchanger by the rich amine stream reduces. The
specific reboiler heat consumption with 5 °C, 5 °C, 5
°C and 5 °C are 3.41 GJ/tCO», 3.58 GI/tCO», 3.77
GIJACO,, 3.82 GIHCO, and 392 GJACO,
respectively. The specific reboiler heat consumption
for the standard amine based CO, capture process
reported in literature with different parameters and
capture rate are in the range of 3.5 — 5.2 GICO,
(Nwaoha et al., 2018; Hu et al., 2018). The values
obtained in this work are within this range.

53
CE.=90%

z; Base case: C.E=85 %: N=10 m: T=10 °C
4.7
4.5
4.3
4.1
3.9

3.7

Specific reboiler heat, GJ/t CO:

3.5

33 L L L

Base case C D

Difeerent cases of parametric variations/optimization
—@— Capture efficiency (C.E.), %
==a==+ Packing height (N), m
O ATmin (T), °C

Figure 3. Impacts of different process parameters or
factors on specific reboiler heat consumption
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Sensitivity of the CO» capture rate was also
conducted by increasing it to 87.5 % and 90 %. The
steam requirement increased by 6 % when the
capture efficiency was increased from 85 % to 87.5
%. Increasing the CO, capture rate from 87.5 % to
90 % caused a very high increase (31 %) in the
reboiler heat consumption. It is important to state
that the capture efficiency increase was only
achieved by mere increase in the solvent circulation
rate of the base case.

3.3 Sensitivity Analysis of different
Process Parameters/Factors on CO:
capture Cost

The results of economic optimization of different
process parameters are summarized in Figure 4. The
cost optimum absorber packing height is 12 m, even
though the energy optimum is 14 m. The CO; capture
cost is €63.9/tCO». This indicates that the capital cost
dominates at 14 m. Therefore, the trade-off favours
12 m absorber packing height. This implies that it is
important to conduct capital and operating costs
trade-off analysis before making an economic
conclusion on any energy optimum process, which
could have been achieved due to higher process
complexity. For example, by adding other equipment
or increasing the size of one or more equipment units
as done in this study.

Varyimng the temperature difference in the main
heat exchanger shows the cost optimum to be 5 °C
with a capture cost of €63.8/tCO,. This agrees with
the work of Li et al. (2016) which suggested that the
optimum is within the 5 — 10 °C. Schach et al. (2010)
calculated the cost optimum to be a logarithmic
mean temperature difference of 7.5 °C which is close
to this work. However, it is different from what is
obtained in the work of Karinu et al. (2011) which
calculated the cost at 10 °C to be less than the capture
cost at 5 °C. The reason is because the equipment
purchase cost for the heat exchanger employed as
lean/rich heat exchanger in this work is lower than
some other studies (Karimi et al., 2011; Kallevik,
2010; Aromada & 91, 2017; Aromada et al. 2020a;
Aromada et al., 2021). This indicates that the energy
(steam) cost dominated in this work. Aromada et al.
(2020a) and Aromada et al. (2021) estimated the cost
optimum AT,,,;, with shell and tube heat exchangers
to be 15°C. However, in Aromada et al. (2020a), a
cost optimum AT,,,;, of 5°C was estimated when the
type of heat exchanger was changed to plate heat
exchanger. This revealed that the cost optimum
AT, i depends on the process and the economic
assumptions, especially the cost of the heat
exchanger and the cost of steam.

Changing the capture rate to 87.5 % and 90 %
mcreased the CO> capture cost from €65/tCO- to

€70/tCO; and €85/tCO; respectively. And by this,
increasing the capture rate by increasing solvent
circulation rate has the highest impact on the CO,
capture (Figure 3). Therefore, it is worth to look at
finding a more economical way to capture more CO»,
that is more than 85 % at a lower cost. This is done
in the subsequent section.
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Figure 4. Impacts of different process parameters or
factors on CO» capture cost

3.4 Different Routes of Capturing More
CO:

The results of the second objective of this work are
presented in Figure 5. That is to find out a more
economical way to capture more than 85 % of CO»
from industry’s flue gas. The two routes for
increasing the capture efficiency from 85 % to 90 %
and above are by increasing the solvent flow rate and
by increasing the absorber packing height.

When the CO» capture rate was increase to 87.5
% and 90 %, the new route (route 2) compared to
Figure 3, resulted in reduction of €54CQ, and
€17/tCO; respectively in CO; capture cost. These are
7 % and 20 % reduction respectively. They are
significant numbers. According to this work, the cost
efficient route to capture more CO; is not by merely
increasing the solvent flow, but by mcreasing the
absorber packing height. When solvent flow is
increased, more CO- is captured but at a high steam
cost. High steam need requires larger effective heat
exchange area in the reboiler (more units). The
capital cost of the heat exchanger network to meet
the heat exchange area requirement also increases
when the solvent flow increases.
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Figure 5. Economic implications of two different
routes to increase the COs capture rate above 85%

For route (2), increasing the absorber packing
height effectively led to both less solvent flow due to
increase in retention (CO; and solvent contact) time,
relatively smaller heat exchange area, and
significantly less desorption steam requirement. In
route (2), the minimum CO; capture cost (in €/tCO3)
1s not 85% as in route (1) but 87.5%.

There is no literature to compare the results with,
however, further studies will find the results very
useful, especially in reducing the cost of capturing
when 90 % and more CO> capture is needed.

3.5 Estimated Capital and Operating Costs

The capital and operating costs that are used for all
the trade-off analyses to obtain the cost optimum
parameters as well as for capturing 90 % of CO- and
above are shown in Figure 6 and Figure 7
respectively. The treated exhaust gas is from 400
MWe NGCC power plant, and the compression
section was not included. The capital cost here is
only the total plant cost (TPC).

A look at Figures 6 and Figure 7 shows that the
case of 90 % route (1), which is through increase of
solvent flow has the highest capital cost and the
highest operating cost. The high capital cost is
mainly due to the increase in the reboiler heat
transfer area to meet the substantial (39 %) increase
in the steam needed for desorption.

The cost implication of increasing the heat
transfer area of the lean/rich exchanger using shell
and tube heat exchangers is also usually relatively
large (Karimi et al., 2011; Aromada et al., 2020a).
The lowest capital cost was obtained by the case of
the cost optimum packing height and the minimum
annual operating cost was obtained by the case of the

cost optimum temperature difference. The 92 %
route (2) has a reduced operating cost compared to
90 % route (1) due to the decrease in the steam
requirement. The high capital cost in the 92 % route
(2) case is aresult of increase in the absorber packing
height from 10 m to 15 m.

195 192.2 190.6
@ 190
- 185
5
g 180 174.9
§ 175 pwes 117
3 170 :
8 165
160 - ' L
¥ ® 8 I T E
S 3 € 2 2 Eu
2 @ Eg 3= 5 25
8 . 2&E & 2 §2
= Eg§ ET ¢ * ot
2.2 29 =) & 2 &
E2 55 o o £ 5
a 8 F 2o
o S 5 E
] °a S
&

Figure 6. Capital cost estimates of the different cases
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Figure 7. Capital cost estimates of the different cases

The combined effects of the two cost optimum
parameters for the 85 % CO, capture process on the
capital and operating cost were also evaluated and
are shown in Figure 6 and Figure 7. The capital cost
of the combined optimum parameters’ case is higher
than that of the base case and the two individual cost
optimum parameters cases. However, it achieved the
lowest annual operating cost.
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Table 3. Summary of results

Base cost cost 90% 92% Combined
case optimum optimum route route optimum
packing temperature (1) (2) parameters
height difference

Capital cost (TPC) (million €) 170.8 167.7 171.7 192.2 190.6 174.9
Annualized capital cost (million €) 16.8 16.5 16.8 18.9 18.7 17.2
Annual operating cost (million €) 54.3 525 51.9 76.6 60.2 50.8
Total annual cost (million €) 71.1 69.0 68.7 95.5 78.9 67.9
CO; capture cost (€/tCO») 654 63.9 63.8 84.5 67.3 62.9
Specific reboiler heat (GI/tCO») 3.77 3.50 341 5.24 3.55 3.33
Annual cost savings (%) - -2 -2 29 3 -4
Energy savings (%) - -7 -10 39 -6 -12

3.6 Summary of Analyses

The results of the simulations and economic
analyses of all the important cases are summarized
in Table 3. The percentage of annual cost savings
and the savings in desorption steam requirements are
also shown. Negative percentage values indicate
savings compared to the base case, while positive
percentage values signify more expensive cases.

4 Conclusion

A study of the impact of different process
optimization parameters or factors in a standard
amine based CO, Capture process on the capture cost
was conducted through process simulation and cost
estimation. The study was carried out fo reveal the
most 1mportant mfluential factor on CO» capture
cost, which led to investigating two routes of
capturing more than 85% of CO» from an industry
flue gas.

The most influential factor was found to be the
CO; capture efficiency. To increase CO: removal
rate above 85% without increasing the absorber
packing height will result in drastic increase in the
amount of steam needed for desorption. and a
significant increase in the cost of the main heat
exchanger if the shell and tube heat exchangers are
used. These will in turn result in a drastic increase in
capture cost. The cost efficient route to capture more
than 85% of CO» is by increasing the packing height
of the absorber to increase the contact time between
CO; and the solvent.

The cost optimum number of stages of absorber
packing height when the CO, removal efficiency and
temperature difference in the main heat exchanger

were kept constant at 85% and 10°C respectively is
12 m (12 stages). The cost optimum temperature in
the lean/rich heat exchanger when other base case’s
parameters were kept constant is 5°C.

An 85% CO; capture case with combination of
the cost optimum parameters achieved a 12%
reduction in the amount of steam needed for
desorption. That resulted in a 4% decrease in the
base case CO, capture cost. These emphasizes the
umportance of performing cost optimization of CO»
capture process.
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