University of South-Eastern Norway

m Faculty of Technology, Natural Sciences and Maritime Sciences

Doctoral dissertation no. 35

2019

Cornelius Emeka Agu

Bubbling Fluidized Bed Behaviour
for Biomass Gasification




Cornelius Emeka Agu

Bubbling Fluidized Bed Behaviour for
Biomass Gasification

A PhD dissertation in
Process, Energy and Automation Engineering



© 2019 Cornelius E. Agu

Faculty of Technology, Natural Sciences and Maritime Studies
University of South-Eastern Norway
Porsgrunn, 2019

Doctoral dissertations at the University of South-Eastern Norway no. 35

ISSN: 2535-5244 (print)
ISSN: 2535-5252 (online)

ISBN: 978-82-7206-526-2 (print)
ISBN: 978-82-7206-527-9 (online)

This publication is, except otherwise stated, licenced
under Creative Commons. You may copy and redistribute
the material in any medium or format. You must give

appropriate credit provide a link to the license, and
indicate if changes were made.
http://creativecommons.org/licenses/by-nc-sa/4.0/
deed.en

Print: University of South-Eastern Norway



Agu: Bubbling Fluidized Bed Behaviour for Biomass Gasification

Preface

This thesis is about the application of bubbling fluidized bed behaviour to biomass
gasification processes. The research was carried out in partial fulfilment for the award
of a doctoral degree in the field of Process, Energy and Automation Engineering at
University of South-Eastern Norway (USN). The topic was initiated by the Energy and
CO, Capture (ECC) research group of the university under the supervision of Prof. Britt
M.E. Moldestad. The main focus of this research is to investigate the hydrodynamic
behaviour of fluidized beds and the effects on the sustainable thermochemical
conversion of biomass into a gaseous form of high energy value.

This work is a continuation of previous studies carried out under the ECC research group
as documented in [1, 2], and is based on different experimental setups (cold and hot
flow setups) and on the models developed in the course of this study. Several literature
were studied, and their results were used to make this thesis successful. The report is
also based on my analytical, modelling and simulation skills, and on my previous
research experiences. All the results presented in this report were analysed and
simulated using the MATLAB software.

In regards to my background, | graduated from Nnamdi Azikiwe University, Nigeria in
2004 as a mechanical engineer and obtained a master degree in Process Technology at
University of South-Eastern Norway in 2014. Before my PhD studies, | have carried out
a number of research projects, leading to designs of Venturi rig and Beer processing rig,
both currently installed at USN, Porsgrunn. In my previous research, some publications
were also recorded, which include “Algorithm with improved accuracy for real-time
measurement of flow rate in open channel systems” [3], “Model-based drilling fluid flow
rate estimation using Venturi flume” [4] and “ Simulation of transcritical flow in
hydraulic structures” [5].

The research work lasted from September 1, 2015 to April 15, 2019, and was carried out
at University of South-Eastern Norway, Porsgrunn campus. At successful defence of this
thesis, | am awarded a doctoral degree in Process, Energy and Automation Engineering.

In this report, the reader can find a brief background of the study, the methods
employed, the summary of the findings, and the detailed analysis of the results as also
contained in the different publications enclosed and freely available online. The thesis
is organized to collect all the papers | published in relation to the focus of my research.
Hence, the literature survey given in this report is a summary of those contained in the
different papers. All the symbols used in this report are the same as those in the relevant
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papers, and therefore no symbol list is provided. Where new symbols are introduced,
they are clearly defined in the text.

| would like to thank my supervisor, Prof. Britt Moldestad for her mothering advice,
encouragement and provision of different aids for the success of this thesis. My sincere
appreciation also goes to my co-supervisors, Prof. Christoph Pfeifer of BOKU Vienna,
Prof. Lars-Andre Tokheim and Dr. Marianne Eikeland of USN for their supports and
professional guidance in the course of my research.

| also extend my gratitude to Prof. Bernt Lie and Prof. Carlos Pfeiffer of USN, who have
stood as my mentors since my admission into this university. My previous research
activities with them added much value to my knowledge to achieve this greatness. |
equally appreciate the head of the department, Prof. Klaus J. Jens, whose fathering
advice and mentorship are immeasurable. Having participated in his course, Chemical
Gas Processing enhanced my interest to follow this path of career.

| thank the 2011 international admission team, especially Unni S. Kaasin and Prof. Lars-
Andre Tokheim, without whom | would have missed the chance of completing my
research today in this great institution. | also thank other staff members of this
university including the dean, Prof. Morten C. Melaaen, Dr. Randi T. Holta and Prof. Saba
K. Mylvaganam for discovering my interest in research and provided me with the needed
supports.

| also appreciate all my friends and colleagues for their assistances, supports and words
of encouragement throughout my studies. Among others, my humble appreciation goes
to Ambrose Ugwu of NTNU, Dr. Christian Ahobasam of UiO, Arome Okpanachi of
Kvaerner, Dr. Rajan Thapa, Rajan Jaiswal, Janitha Bandara and Ramesh Timsina of USN.

In all, my special thanks go to my parents, my wife and my children, Obioma, Ifechukwu
and Nwasinachi Agu for their daily prayers and sacrifices to see to the end of this success.
| therefore dedicate this my piece of work to my dear wife, Victoria Agu who stood by
me all the time until this moment.

Cornelius E. Agu, April 2019
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Abstract

The need to cut down the high dependency on the fossil fuels requires sustainable
alternative energy resources. Aside that the stock of fossil fuels is depreciable, the
energy source also accounts for the major contribution of greenhouse gas effects.
Biomass in the categories of woody, herbaceous, marine and manure biomasses, are
among the renewable energy sources, which can be grown everywhere in a sustainable
manner. Biomass currently contributes to more than 10% global energy consumption in
the different forms of application: direct combustion and conversion into a gaseous
form for chemical synthesis. Gasification is a means of converting biomass into a higher
energy gas containing mainly CO, CH4, H; and CO; for sustainable utilization.

Among different technologies applied in biomass gasification, fluidized bed has wide
industrial advantages in that a variety of feedstock can be gasified in addition to that the
process can be easily controlled. To explore the numerous benefits of fluidized bed
technology, an in-depth understanding of the fluid-particle interactions in the reactor at
different operating conditions is necessary. This thesis investigates the behaviour of
different powders in fluidized beds. The effects of particle size, bed height and gas
velocity on the bubbling bed behaviour and on the transition from bubbling to slugging
regime are outlined. The mixing and segregation patterns of biomass particles in binary
mixtures with inert particles are also investigated. In addition, the study covers the
measurement of residence time of biomass during conversion in an air-blown bubbling
bed reactor and the yield of char particles during the devolatilization phase. The
gasification of biomass in a laboratory scale reactor using different bed particle sizes,
air-fuel ratios, steam-biomass ratios and biomass loading rates are also characterized.

These studies are performed using two different experimental setups and a one-
dimensional (1D) model developed for bubbling fluidized bed reactors. The two
experimental setups have close internal diameter of 10 cm and effective total height in
the range 1 — 1.4 m. The first setup is equipped with two electrical capacitance
tomography (ECT) sensors, which measure the distribution of solids fraction at different
bed positions for a given gas flowrate. At the ambient conditions, the ECT setup is used
to characterize the behaviour of different particles at different gas velocities. The
information from the two plane ECT sensors are also used to develop methods for
determining different bubble properties, and the gas velocity and bed voidage at the
onset of slugging regime. The second setup is used for hot flow processes and it is
equipped with five different thermocouples and pressure transducers for monitoring
the reactor performance along the vertical axis. The bubbling bed reactor model is
developed to capture the average flow properties and product gas species at any
position in the reactor. The model is unsteady and developed based on the conservation
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of mass, momentum and energy within and across the reactor. The basic assumption
underlying the model is that the mean circulation velocity of the bed material is zero,
which reduces the computational complexities in using the model.

The results show that the ratio of superficial gas velocity to the minimum fluidization
velocity at the onset of slugging regime increases with decreasing particle size. As the
particle size increases, changes in the bed height has a negligible effect on the transition
velocity. The bubble growth rate with increasing gas velocity increases with the particle
size, resulting in the earlier occurrence of slugs in the beds of large particles. The bubble
frequency increases with increasing gas velocity only when the bubble diameter is below
a threshold value. The maximum bubble frequency over the range of operating gas
velocities also indicates the transition from bubbling to slugging regime. For a mixture
of biomass and bed material, the bubble diameter decreases with increasing amount of
biomass, leading to a delay in the slug flow. The minimum fluidization velocity increases
with increasing biomass load but for a high density biomass (~1000 kg/m3), the gas
velocity slightly decreases due to a reduction in the bed voidage when the biomass load
is below 20 vol.%. The sinking of biomass at a given gas velocity also increases with the
biomass density while the spreads of biomass towards the walls decreases with
increasing biomass density. The minimum gas velocity required to achieve a mixing over
the bed increases with increasing biomass load, decreasing bed diameter and slightly
unaffected by changes in the bed height. During conversion, the segregation pattern of
the char particles is similar to the parent biomass in the cold condition. When introduced
in a bubbling bed, the initial distribution of biomass particles is greatly influenced by the
combined effects of the particle bulk density and the rising bubbles. As biomass
devolatilizes, the particles rise upwards. The time for complete devolatilization increases
with the amount of biomass charged and with decreasing air flowrate. Moreover, the
amount of char released at the completion of devolatilization and the char residence
time before complete conversion decrease with increasing air flowrate and decreasing
amount of biomass loaded in the bed. The gasification of wood pellets with air shows
that at the same air-fuel ratio, the particle size of the bed material has insignificant effect
on the gas composition. With an increase in the air-fuel ratio, H yield increases and the
yields of CO and CHa decrease. Increasing the biomass flowrate from 2.7 to 3.6 kg/h
increases the yields of CO and CHs and decreases that of H; at the same air flowrate.
Similar behaviour with different particle sizes are also observed in the gasification of the
same biomass with steam using the proposed 1D model. The model results also show
that both H2/CO and CO,/CO ratios attain minimal values at certain bed temperatures.
The method used in obtaining the bed expansion and bed voidage influences the model
results. With an increase in the bed expansion within a certain range, the yields of CO
and CHs increase due to increasing char conversion. The increase in the biomass
flowrate at a constant steam to biomass ratio increases the char accumulation. The

v
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biomass density also has a great influence on the particle distribution, and thus on the
product quality. The higher the biomass density, the better the conversion efficiency.

Different correlations are also proposed for prediction of bubble properties (bubble
diameter, bubble flux, bubble velocity and bubble frequency), bed expansion, bed
voidage of a binary mixture and the minimum gas velocity required to achieve particle
mixing over a segregated layer of biomass. The proposed models for the bubble
diameter and volumetric bubble flux averaged over the bed height account for the effect
of particle and fluid properties on these variables. Applying the particle dependent-
bubble diameter on the bed expansion model gives a good prediction for a given bed.
The bubble velocity model gives better predictions for Geldart B and D particles than
those in the existing literature. Using the proposed model for the bed voidage, accurate
predictions can be achieved for different binary systems. The application of the voidage
model to the Ergun equation shows that the minimum fluidization velocity of binary
mixtures can be predicted with error of 15% for two inert materials and 7% for a mixture
of biomass and an inert material. New correlations based on the air flowrate, biomass
flowrate, mass of the bed material and the minimum fluidization velocity of the bed
particles at the operating temperature are also proposed for the biomass residence
time, the amount of char accumulated during the conversion and the total heat loss at
the completion of devolatilization process.

The results of this thesis can be useful for optimization of design and operational control
of biomass gasification reactors. The proposed 1D model can also be incorporated into
a circulating fluidized bed reactor to obtain the dynamic behaviour of the so-called dual
fluidized bed reactors. As the model can accept all the possible inputs to a gasifier, it can
be used to determine the optimum operating point for efficient conversion of biomass
in a given bubbling fluidized bed reactor.

Keywords: Fluidized bed; Binary mixture; Biomass; Bubbling bed; Slugging bed; Bubble
properties; Gasification; One-dimensional model; Segregation
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1 Introduction

Similar to thermochemical conversion of coal, biomass gasification via fluidized bed has
great advantages for industrial application. To explore the benefits of a fluidized bed in
biomass conversion, an in-depth understanding of the hydrodynamics of beds of
different particle types is required. This thesis investigates the effect of different particle
properties on bubbling fluidized bed behaviour. The investigation also includes the
mixing and segregation patterns of biomass particles in different mixtures with sand
particles. In addition, the performance of a biomass gasification process under different
operating parameters including the particle size of the bed material and biomass-
loading rate is studied. The finding of this study can be a useful tool for the initial design
phase, operational control and parameter optimization of bubbling fluidized bed
reactors.

1.1 Research overview

In recent years, there is increasing number of researches in the field of biomass
conversions destined for different uses, which include direct combustion for heat
production, and gasification for power generation and synthesis of chemicals such as
methanol, biodiesel and bioethanol. Biomass, as a source of energy, is an ancient
technology where wood was burned in homes, primarily for heat production. The
conversion of biomass such as grains and oil into ethanol and biodiesel can be traced as
far back as the Second World War.

Generally, biomass includes all the energy sources, which are derived from animal and
plant matters. In this definition, the so-called “first generation” of bioenergy technology
was described to include different feedstock such as food grains, forest wastes, forest
plants, soya bean and palm oil. The forest-based biomass are widely distributed across
the globe as shown in Figure 1.1, and are the most commonly used due to their
consistent properties. The municipal solid wastes and animal manure are also regarded
as biomass. The growing interest in biomass research and technology today is widely
attributed to the belief that biomass is a greener energy source when compared to the
fossil fuels. Biomass is also believed to be a renewable source of energy because it can
be re-grown after used. The plant-based biomass is grown all year round and once
removed for food or energy, new ones are re-grown artificially or naturally. As a
renewable energy source, the plant-based biomass (which are the most reliable form of
biomass) remove approximately the same amount of carbon dioxide (CO3) they emit
when burned during their lifecycles. Biomass is widely available and can easily be stored
and transported. It is ranked among the top four-world energy sources, providing more
than 10% global energy supply [6, 7] as shown in Figure 1.2.

[EnY
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Figure 1.1. Global map showing the distribution of forest-based biomass [8].
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Figure 1.2. Contribution of different energy sources to the world energy consumption. [IEA
World Energy Outlook 2014].

Biomass powered plants can be found in some countries today. Some chemical
companies also use biomass as feedstock. Biomass makes up 4.8% of United States (US)
total energy consumption and 12% of all the renewable energy sources, where wood is
the largest biomass energy resource. In US, there are 227 plants running on biomass,
while in the United Kingdom, about 35 plants exist [9]. Globally, biomass is viewed as a
solution to the world projected energy crisis due to depletion of fossil fuels. Because of
this, a large number of researches has been devoted to improving on the overall usage
of biomass. For efficient use, biomass is converted into gaseous form by means of
gasification. As shown in Figure 1.3, the main steps involved in the biomass conversion
and utilization are classified into upstream processing, gasification and downstream
processing. In the upstream processing, the biomass is made suitable for the gasification
process by means of drying, size reduction and densification [10]. Biomass gasification
involves drying and thermochemical degradation of the feedstock by pyrolysis, partial
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oxidation and gasification of the resulting char particles. The gasification of char
particles is achieved through their reactions with air, pure oxygen, carbon dioxide, steam
or their combination. The energy value and quality of the product gas depend on the
gasifying agent, biomass properties, temperature, pressure and reactor design [11].
With the use of catalyst and sorbents, the gasification process can also be improved.

Preprocessing Gasification Gas clean-up Gas utilization

of biomass & reforming

Size reduction, Heating, Cleaning of tar Gas turbine,
Drying, Chemical from syngas, Gas burner,
Preparation of reactions, Reforming of Fuel cell,
gasifying agents Catalysis the syngas, Combined heat
Catalysis and power
—— - g
Upstream Gasification Downstream processing
processing

Figure 1.3. Different process steps for conversion and utilization of biomass [10].

Biomass gasification can accept a wide variety of feedstock, thus generating multiple
useful products. For gasification with air, the calorific value of the product gas is in the
range 4 — 7 MJ/Nm3, and with pure oxygen a value of 12 — 28 MJ/Nm? can be achieved.
The gasification process reduces the carbon to hydrogen mass ratio, thereby increasing
the calorific value of the product gas [12]. A gasification reactor is usually designed for
a specific feedstock type classified into woody biomass, herbaceous biomass, manures
and marine biomass. The first biomass gasification plant was constructed and installed
in US in 1999 under the Wabash River Coal Gasification project [13]. Since then, more
advancement has been recorded in the gasification projects towards achieving the
global energy demands and reduction in the greenhouse gas emissions.

One major challenge in biomass gasification is the tar content of the product gas, which
degrades the gas quality and often results in reduction of the process efficiency. Taris a
thick viscous liquid of aromatic hydrocarbon with some traces of heavy metals [14]
formed during biomass pyrolysis. The yield of tar can be minimized by thermal cracking,
partial oxidation and reforming processes. To some extent, the quality of product and
efficiency of the process depend on the type of gasification technology employed. The
most common technologies used are the fixed bed, fluidized bed and the entrained flow
gasifiers, depicted in Figures 1.4 — 1.6.
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In a fixed bed gasifier, biomass is fed from the top of the reactor, and as shown in Figure
1.4, the different stages of gasification can clearly be distinguished in this type of
gasifier. As a single column reactor, air is often used for the gasification process such
that the partial combustion of char particles provides the necessary heat required during
the reduction stage. Depending on the flow of air in relation to the direction of the
biomass flow, fixed bed reactors are classified into downdraft and updraft gasifiers. Air
is blown upwards through the biomass bed in the updraft design and downwards in the
downdraft configuration. The updraft gasifier operates within 750 — 1000 C, resulting in
a high tar yield in the range 10 - 20 wt% of the product gas compared to the yield of
about 5 g/Nm?3 in the downdraft gasifier. The low tar content in a downdraft fixed bed
system is due to its higher operating temperature 1200 — 1400 C that enhances the
cracking of the heavy hydrocarbon [15]. However, the ash content of the product gas
from a downdraft gasifier is on a high side and the requirement for the moisture content
of the feedstock is very low (< 25 wt.%) compared to other technologies, limiting the
use of variety of biomass types.

Fluidized bed gasifiers employ inert bed material that is fluidized to aid the distribution
of heat and fuel particles. In the fluidized state, the superficial velocity of the incoming
gas is greater than the minimum gas velocity required to lift the bulk material against
the bed weight. As shown in Figure 1.5, fluidized bed gasifiers are divided into bubbling
fluidized bed (BFB), circulating fluidized bed (CFB) and dual fluidized bed (DFB) gasifiers.
In a BFB gasifier, biomass is fed from either the top or side of the bed. The gas velocity
is usually within twice the minimum fluidization velocity to reduce particle elutriation
effects, and a wide distribution of particle size can be used. On the other hand, a CFB
gasifier requires a higher gas velocity, a lower bed height and a smaller particle size. The
solid particles in a CFB reactor are circulated through a cyclone system to increase their
contact time with the gasifying agents. In a dual fluidized bed configuration, two
interconnected reactor columns (BFB column and CFB riser) are used. The biomass
gasification takes place in the BFB column while combustion of char residue and
additional fuel takes place in the CFB riser. While the bed material is circulated between
the separate reactors, it transfers the heat released during combustion in the riser to
the bubbling bed column to aid the gasification process. This reactor design is usually
applied for steam gasification, as the process is highly endothermic.

An entrained flow gasifier as shown in Figure 1.6 is highly energy efficient, operating
above 1000°C and has the least tar yield among the known gasification technologies. For
coal gasification, the reactor design is widely applied. However, the requirement that
the feedstock must be pulverized poses some operational challenges when biomass is
used as the feed.
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Figure 1.4. Updraft and downdraft configuration of fixed bed biomass gasifier[16].
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Figure 1.5. Fluidized bed biomass gasifier showing different configurations (a) bubbling bed (b)
cirgulating bed [17] (c) dual-fluidized bed [18].
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Figure 1.6. Configuration of entrained flow reactor as applied for coal gasification [From
http:// biofuelsacademy.org, retrieved on March 25, 2019].

This thesis focuses on the bubbling fluidized bed reactors, which are common among
the three different fluidized bed designs shown in Figure 1.5. The fluidized bed
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technology offers a number of advantages for thermochemical conversions, and thus
has a wide industrial application. Due to rapid mixing of solids and better heat
distribution, a continuous feed and operational control can be achieved easily in a
fluidized bed reactor.

1.2 Objective

No matter the regime of operation, biomass gasification in a fluidized bed is achieved
with the help of inert particles. A clear investigation into the fluidized bed behaviour of
different materials and their mixtures with biomass particles, is a route to achieving
efficient biomass gasification. The main objectives of this study are outlined as follows.

e To enhance the understanding of the effect of bed hydrodynamics on the
biomass gasification.

e To provide a more refined information for efficient design and operation of
biomass gasifiers.

1.3 Scope

To achieve the above objectives, this thesis focuses on the following broad areas.

e Investigation of the effect of particle properties on fluidized bed regime
transition.

e Investigation of the effect of particle properties and operating gas velocity on
bubble flow properties.

e Investigation of mixing and segregation behaviour of binary mixtures of biomass
and inert particles in fluidized state.

e Measurement of biomass residence time before it is completely converted in a
bubbling bed.

e Evaluation of biomass gasification performance at different operating
parameters.

1.4 Limitation

While trying to achieve the overall objectives, this study is still limited to a certain
number of investigations. The following list highlights the limitation of this thesis due to
the limited time and challenges with the experimental setup.

e Only the particles in the Geldart [19] B and D solid groups are investigated.
e The experimental measurements are based on air as the fluidizing and gasifying
agent.
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o A relatively small bed diameter, 10 cm is used, thus requiring investigation into
the scaling up of the results obtained.

e The beds investigated are relatively deep (bed height to diameter larger than 2).

e The gasification is based on the woody biomass, limiting the generalization of
the behaviour observed.

e Tar and CO; measurements, which also give indication about the quality of the
gasification, are not obtained.

e Entrainments of fuel particles and bed materials are not quantified, limiting the
evaluation of efficiency of the conversion and quality of the product yield.

1.5 Outline

In the following chapters, the detailed experimental setups and analysis of results are
presented. Chapter 2 reviews some of the relevant literature. The review briefly
describes the previous studies on fluidized bed behaviour at different gas velocities, bed
geometries and particle properties. The mixing and segregation behaviour of the beds
containing different amounts of biomass particles are reviewed. Previous contributions
on biomass gasification in fluidized beds including the modelling approaches are also
covered in this chapter.

The experimental setups are described in Chapter 3. The setups include those used in
the cold flow and hot-reacting flow measurements. The methods employed in the
reconstruction of sensor data and acquisition of the necessary information for analysis
are also clearly described. The cold flow experimental setup is used to study the fluidized
bed regime transition, and to measure the bubble properties and mixing and
segregation behaviour of biomass particles in different binary mixtures with inert bed
material. Using the hot flow setup, measurement of biomass residence time over the
conversion period is obtained. By measurement of axial temperature distribution, the
hot bed setup is also used to investigate the axial mixing and segregation pattern of
biomass over the conversion period. The gasification of woody biomass at different air-
fuel ratios and biomass flow rates are also studied using this hot bed setup.

In Chapter 4, both the zero (0) and one (1) -dimensional hydrodynamic models
describing the behaviour of fluidized beds are presented. The 0D models are
correlations of the experimental data describing the average behaviour of the bed, and
can be used for scaling up of the bed behaviour and validation of complex computational
fluid dynamic models. A semi-empirical expression for predicting the average void
fraction of a bed mixture containing two different solid types are developed and
presented. The procedure for applying the bed voidage model for determining the
mixture minimum fluidization velocity is outlined. To properly account for the material
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and energy distribution in a fluidized bed, a detailed 1D model is developed. The 1D
hydrodynamic model is further simplified to provide a model applicable for bubbling
fluidized bed gasifiers by eliminating the bed material mass and momentum exchanges
with the rest of the bed. The gasifier model assumes that the bed material has zero
mean velocity over one cycle of circulation period. The accompanied changes in the bed
voidage is obtained by incorporating the bed expansion model developed in this work.

The results are analysed and discussed in Chapter 5. The experimental results obtained
from gasification of wood pellets using air as the gasifying agent at different air-fuel
ratios and different bed particle sizes are presented. The steam gasification behaviour
simulated using the developed 1D model is also analysed and compared with the
gasification using air. Chapter 5 also presents the conclusions drawn from this study and
recommendations for further studies.
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2 Literature Review

Several studies can be found on the bed behaviour and gasification process. This chapter
gives an overview of the previous studies conducted in these fields. The chapter includes
the fluidized bed behaviour and influence of different operating parameters on the bed.
A brief state of the art of biomass gasification is also presented.

2.1 Fluidized bed behaviour

This section presents a summary of the previous studies on the fluidized bed behaviour
performed at the ambient conditions, and with different bed aspect ratios and particle
sizes. This also includes the effects of these variables on the transition from bubbling to
slugging regimes and on the bubble properties.

2.1.1 Fluidized bed regimes

Chemical conversion via fluidized bed requires a well-defined flow regime [20]. The
transition of a bed from one regime to another may occur when the gas velocity is
increased above the minimum fluidization velocity of the bed. The fluidized bed regimes
include particulate, bubbling, slugging, turbulent fluidization, fast fluidization and
pneumatic conveying regimes [21]. At a transition between two regimes, the bed is
often characterized by a certain void fraction and a certain superficial gas velocity. The
overview of the previous works on the relevant bed regime transitions between the
fixed state and slugging regimes including the effects of particle properties and bed
dimension is given in Article [Al]. To characterize the behaviour at the transition, the
signals acquired from the bed are analysed using a statistical data analysis such as the
probability density function distribution and the standard deviation. Different signals
like pressure, solids/void fraction and temperature fluctuations can be acquired from
the fluidized beds using probes and tomographic techniques.

The minimum fluidization velocity is usually measured from the plot of the mean
pressure drop against the superficial gas velocity. For large particles, analysis of the
absolute pressure fluctuations as well as the solids/void fraction fluctuations can also be
used. The visual observation is the most common technique for obtaining the gas
velocity at which bubbles begin to flow in a fluidized bed. On the assumption that the
bed fluctuation arises due to flow of bubbles, the minimum bubbling velocity can also
be obtained as the point at which the fluctuation of pressure or solids fraction begins to
rise above zero. Due to the chaotic behaviour of slug flow, different studies have been
conducted to characterize the slugging behaviour. The minimum slugging velocity can
be obtained by visual observation, statistical method or a combination of the two
techniques. In the article [A1], the minimum slugging velocity was measured using two-
plane ECT sensors. Based on the data analysis, the onset of slugging regime is defined
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as the point where the difference in the solids fraction fluctuation between the two
sensor positions is maximum. Moreover, in Article [A2], a one-dimensional model
developed based on the Euler-Euler method was employed to characterize the fluidized
bed regimes.

2.1.2 Bubbling bed behaviour and properties

The bubble growth and the resulting bubble properties depend on a number of
parameters including the gas velocity, the bed height to diameter ratio, the particle and
the fluid properties. By proper analysis, the bubble properties such as bubble diameter,
rise velocity, bubble frequency and volumetric bubble flux can be measured at a given
gas velocity. A clear description of how these properties can be measured using the ECT
sensors is given in Article [A3]. Different experimental studies report the dependency of
these variables on the bed dimension and particle properties. Depending on the bed
aspect ratio (the bed height to bed diameter ratio), bubbles can grow into slugs at a
much higher velocity above the minimum fluidization velocity. The flow of slugs in a bed
is accompanied with excessive pressure fluctuation and escapes of gas with the slugs,
which in turn reduces the efficiency of the fluidized bed for chemical synthesis. For fine
particles, slugs rarely flow when the bed aspect ratio is less than 2 [22]. In Article [A4],
a number of studies related to this behaviour are clearly outlined. In addition to the ECT
technique, the bubble properties can be measured using different measurement
methods such as probe, X-ray and camera imaging techniques. Further investigations
into the bubbling behaviour in deep beds are presented in the article [A4]. The results
as outlined in this article [A4] show that the bubble growth and bed distribution are also
affected by the particle sphericity. The bubble growth increases with increasing particle
size. The effect of bed height on the bubble diameter decreases with increasing gas
velocity. With an increase in the gas velocity, the bubble frequency increases within the
bubbling regime and decreases in the slugging regime.

There are also a number of correlations for predicting the bubble diameter and velocity
[23], which are mainly developed for a freely bubbling bed. For the bubble/slug
frequency, only few correlations are available [24, 25]. The overview of these
correlations are also presented in this study as can be found in Articles [A5, A6].
Although particle properties influence the bubble growth rate, most existing models
rarely account for this. For particles with higher Archimedes number (>400), correlations
for predicting the bubble diameter and volumetric flux averaged over the bed height
while incorporating the particle and fluid properties are proposed in the article [A5].
Following the analysis of a single bubble flow, a set of semi empirical models for the
bubble velocity, bubble frequency and bed expansion are proposed in the article [A6].
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The proposed models can be applied to beds of different particle properties but strongly
depend on the bubble diameter.

2.2 Biomass behaviour in bubbling bed

Biomass is difficult to be fluidized due to its peculiar shape, size and cohesive nature. In
a fluidized bed reactor involving biomass, a bed material such as sand of considerable
higher density and smaller particle size is used to aid the fluidization. The summary of
some studies on the behaviour of biomass particles in fluidized bed is given in Article
[A7]. The relative differences between the sizes and densities of the two different
materials usually lead to particle segregation in the bed mixture. The difference in the
particle properties also affects the bed voidage and minimum fluidization velocity. As
described in most studies, the minimum fluidization of a binary mixture containing
biomass increases with increasing biomass load, although this may also depend on the
density of the biomass [A8]. The minimum fluidization velocity decreases with increasing
amount of biomass in the range 0 — 20 vol.% for wood pellets of density 1132 kg/m?3, but
slightly increases for wood chips of density 423 kg/m?3 [A7]. For prediction of minimum
fluidization velocity of binary mixtures of biomass and an inert material, a number of
correlations including the approach proposed in the article [A8] can be found in
literature. Since the minimum fluidization velocity depends on the bed voidage, which
is usually difficult to be predicted, a semi-analytical model for predicting the bed voidage
involving mixtures of two different particle types and how it can be combined with the
Ergun [26] equation to predict the minimum fluidization velocity, is proposed in the
article [A8].

Depending on the density difference, biomass can flow up or down the bed when the
binary mixture of particles is fluidized. As shown in the article [A7], the low density
biomass such as wood chips tends to move upwards when fluidized, but downwards at
a much higher gas velocity. The extent to which a bed behaviour is influenced by biomass
particles depends on the amount of biomass charged. The minimum gas velocity
required to achieve an effective particle mixing over the bed surface increases with the
biomass load and decreases with increasing bed diameter. Changes in the bed height at
a given bed diameter have an insignificant effect on the minimum mixing velocity [A7].
Moreover, biomass with a low sphericity value tends to sink faster and rises slower in a
fluidized bed [27]. With a decrease in the biomass particle size, a better mixing can be
obtained in the bed [28]. In addition to the particle morphology, the biomass
segregation in a thermochemical conversion process is also influenced severely by the
rise of volatile bubbles formed around the particles during devolatilization [29].

The distribution of biomass in a fluidized bed is attributed to the rise of bubbles [30, 31],
and the bubble growth rate depends on the amount of biomass present. Increasing the
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biomass load decreases the bubble size in the transition region between the bubbling
and slugging regimes, thereby delaying the flow of slugs in the bed [A7].

The flow of bubbles also influences the residence time distribution of the fuel particles,
and consequently their conversion rate as reviewed in Article [A9]. The mean particle
residence time decreases with increasing gas velocity and decreasing bed height [32].
Due to the segregation effect, it may take a longer time than required for a given amount
of biomass to be completely converted. For an air-blown bubbling bed reactor, the
biomass residence time before a complete conversion is achieved decreases with
increasing air flowrate and decreasing biomass load [A9]. The amount of char particles
released after devolatilization also decreases with increasing air flowrate due to the
partial oxidation.

2.3 Biomass gasification

Biomass gasification usually takes place in the temperature range of 600 —900C and in
the presence of a gasifying agent including steam, air/oxygen, carbon dioxide or their
combination. In the absence of an oxidizing agent, biomass particles undergo pyrolysis,
which involves their decomposition into light gases, char, tar and other contaminant.
The thermal degradation of biomass in the atmosphere of nitrogen can be measured
using the thermogravimetric analysis (TGA). During the pyrolysis, the fuel particles first
go through the heating up and drying process when the temperature < 125 C. Within
125 - 500 C, an active pyrolysis takes place, where most of the volatiles are released.
Above 500 C, the passive stage (secondary pyrolysis) sets in, leading to cracking of tar
molecules into light gases and inert tar component. The composition and product yields
from the biomass pyrolysis depend on the heating rate, biomass composition and the
degree of nitrogen flux [33 - 36].

There are several studies on the biomass gasification in fluidized bed based on different
heating methods, which include direct and indirect means. In an air/oxygen-blown
gasifier, the required heat is generated internally due to partial oxidation of fuel species
by the available oxygen, giving rise to an auto-thermal process. For the gasification with
pure steam, an allothermal process is used where the required heat is supplied from an
external source. The heat supplied for a steam-biomass gasification can be provided by
a discontinuous intermittent operation of a single fluidized bed [37, 38], a circulation of
particles between two interconnected fluidized bed [39 - 41] and an indirectly heated
fluidized bed [42, 43]. The review of Karl and Préll [17] provides a summary of the state
of the art with respect to the layout and dimensioning of indirect heating processes for
biomass gasification.
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The gasification efficiency, gas composition, product yield and quality depend on a
number of factors such as biomass type, amount of oxidizer relative to the biomass
supply, gasification temperature and bed material used. In addition to Karl and Proll
[17], Kumar et al. [10] also presents a summary of effects of these parameters on the
gasification behaviour as observed in different studies. The amount of gasifying agent
influences the superficial gas velocity in the bed. The gas velocity in a bubbling bed
gasifier is often within 5 — 10 times the minimum fluidization velocity [17]. Due to the
increasing gas volume during gasification, which thus increases the superficial gas
velocity, most designs introduce a gradual increase in the bed diameter along the
reactor axis [17].

The composition of biomass influences the gasification performance. Hanaoka et al. [44]
showed that for cellulose, xylan and lignin based biomasses, the carbon conversion
efficiencies at 900 C are 97.7, 92.2 and 52.8%, respectively. The compositions of the
product gas are similar in the last two-biomass types. While the CO and CHs mole
fractions are higher in the cellulose material, the amounts of CO; and H; are lower than
in the xylan and lignin materials. The use of biomass with a high moisture content (>
10%) increases the energy requirement but reduces the amount of steam required in
the gasifier [45]. The energy input for gasification also increases when using biomass
with low carbon content due to the low char generation and high tar yield [46, 47].
Decreasing the biomass particle size increases the energy efficiencies and yield of CO
[48 - 50]. In addition, Lv et al. [48] observed increasing amounts of CHs and C;H4, and
decreasing amounts of CO, and H; as the particle size is decreased. However, Rapagna
and Latif [49] observed a decreasing trend in the yield of CO; while Luo et al. [50]
observed an increasing trend for H; yield. Decreasing the fuel particle size increases the
specific surface area, which enhances the heat transfer, and thus the process efficiency.

The biomass flow rate also affects the gasification performance. Over feeding of biomass
leads to plugging of the bed and a reduced conversion efficiency while under feeding
results in lower gas yields. The optimum biomass flowrate depends on the gasifier
design and the amount of the gasifying agent applied. For gasification with air, the
equivalence ratio (ER) is used to relate the fuel supply with the amount of air applied.
The total gas yield and lower heating value increase with increasing value of ER, although
different trends of the gas composition have been reported in different studies [51 - 54].
With an increase in the equivalence ratio within 0 - 0.45, the amounts of CO, H,, CHs and
tar decrease [51], Hz yield varies slightly until the optimum ER = 0.23 value [52], and CO
and H; yields increase [54]. For gasification with steam, a high steam flowrate decreases
the cold gas efficiency and tar content of the product gas. A high steam flowrate also
promotes char conversion and prevents the downstream soot and coke formations
when the temperature is above 700 C [17, 55]. Naraez et al. [51] showed that by
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increasing H/C ratio (where hydrogen are derived from the moisture content, the
external steam supply and the biomass composition) from 1.6 to 2.2, the hydrogen yield
increases while the lower heating value increases from 4 to 6 MJ/Nm?2 and tar content
decreases from 18 to 2 g/Nm?3. By varying the mass of steam to biomass ratio above 2.7,
Lv et al. [52] observed that the gas composition does not vary significantly, but with an
increase in the steam-biomass ratio from 1.35 to 2.7, the CO and CHj yields decrease
whereas the CO; and H; yields increase.

The bed material size and properties influence the reactor dimension and gas
composition [17]. Due to slow gasification rate of char particles, high reactor volume is
required to increase the residence time for effective conversions. The catalytic nature
of some bed materials can also enhance the tar decomposition and CO shift for a higher
H; production [56, 57]. The most commonly used bed materials are olivine, silica sand
and calcites due to their high specific heat capacity and ability to withstand high
temperature [58].

Moreover, different models have been proposed for simulation of biomass gasification
behaviour. As briefly highlighted in Article [A10], the models can be based on the
thermodynamic equilibrium, reaction kinetics and a combination of the two. The
procedures for modelling a gasifier are recently summarized by Mazaheri et al. [59]. For
detailed analysis, models based on the computational fluid dynamics and computational
fluid-particle dynamics are applied. Due to complexities of the multi-dimensional
computational models, several one-dimensional models are available for prediction of
the gas composition and studying of the effects of different operating parameters on
the gasifier performance. Most of the existing one-dimensional models are based on the
two-phase theory, which assumes that the gas flow through a fluidized bed exists in two
separate phases (bubble and emulsion). In addition to the one-dimensional
hydrodynamic model based on the computational fluid dynamics presented in the
article [A2] for predicting the behaviour across different regimes in a non-reacting
fluidized bed, a detailed 1D model based on the conservation of mass, momentum and
energy for biomass gasification in a bubbling bed is also proposed in [A10]. As illustrated
in the article [A10], the model can be used to study the effect of gasifier design choices
and operating conditions.
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3 Experimental Setups

There are two different experimental setups used in this study. The first is operated in
the cold flow conditions to investigate the behaviour of fluidized beds at different gas
velocities, particle sizes and bed heights. This setup is easy to control, and due to the
cold operating environment, advanced measurement techniques such as ECT (electrical
capacitance tomography) could be applied. The second setup is used to study the bed
behaviour in hot flow conditions, and gasification of biomass under the atmospheric
pressure condition. This chapter presents the detailed descriptions of the different
setups and the methods employed in the measurement of the bed dynamic properties,
which include the bubble dimeter, bubble velocity, bubble frequency, mixing and
segregation pattern, and the biomass residence time over the conversion period.

3.1 Cold flow behaviour

The setup used under this study consists of a cylindrical Perspex column of diameter
10.4 cm and height 1.4 m as shown in Figure 3.1. Two ECT sensors are positioned at a
space of 13 cm for measurement of solids fraction distributions across the bed diameter
and along the bed axis. The lower sensor is mounted 15.7 cm above the gas distributor
plate made of a highly porous stainless steel material with effective flow area, 40%.
Detailed description of this setup is given in the articles [A1, A4, A5, A7]. ECT measures
the relative permittivity between two non-conducting media. Different materials have
different permittivity, making it possible to measure the distribution of different solid
materials in a fluidized bed using the ECT system. Each plane of the ECT sensors is
divided into 32x32 pixels of which 812 pixels lie within the bed. The pixels hold the
normalized permittivity of the denser material relative to the lighter material in the scale
of 0 — 1. A value of 0 indicates that the bed is filled with the light material (air) and 1
indicates that the bed contains only the denser material (bed particles). The setup was
used to measure the minimum fluidization and slugging velocity [A1] as well as the
bubble properties [A4, A5, A6] based on the different materials and properties listed in
Table 3.1. The setup was also used to investigate the mixing and segregation behaviour
of biomass in a binary mixture [A7] using the materials given in Table 3.2.
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Figure. 3.1. (a) Schematic illustration of a cold fluidized bed equipped with ECT sensors for
measurement of solids fraction distribution (b) bed cross-section divided into 812 pixels.

Table 3.1. Properties of particles used in the cold bed behaviour studies.

Materials Mean size [um] Density [kg/m?3] Ems [ Uny [em/s]
Glass 188 2500 0.430 3.80
Glass 261 2500 0.450 8.15

Limestone 293 2837 0.530 13.80
Sand 483 2650 0.460 16.50
Glass 624 2500 0.488 23.20

Limestone 697 2837 0.607 39.24

Molecular sieve 2170 1300 0.472 76.85
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Table 3.2. Properties of particles used in the study of biomass behaviour at cold flows.

Materials Shape Pp dp spn p £ Emf Unns
[kg/m’] [mm] [-] -] -] [m/s]

Wood pellets Cylindrical 1139 8.96 0.82 0.43 0.46 1.99
Wood chips Rectangular 423 6.87 0.75 0.49 0.57 1.27
Sand Angular 2650 0.293 0.86 0.42 0.46 0.079

3.1.1 Identification of flow regime transition

Figure 3.2 shows the average solid fraction fluctuations measured as described in the
article [A1] at different superficial air velocities and bed positions. The results show
that the solids fluctuations in both planes begin to increase above 0 after a certain
velocity. The increase in the solids fluctuation at a higher gas velocity is attributed to
the flow of bubbles. By considering that bubbles begin to rise in a bed of Geldart B
particles as soon as it is fluidized, the minimum fluidization velocity U, s is measured
at the point where the fluctuations begin to increase from 0.

The figure also shows that the difference in the solids fluctuations between the upper
and lower planes attains a peak value as the gas velocity is increased. At the peak
point, the rate of change in the solids fluctuation with gas velocity is the same in both
planes. As clearly described in the article [A1], slugs flow across the two planes in the
region where the difference in the fluctuation curves decreases with increasing
velocity. Below the peak fluctuation point, both planes bubble freely at a lower gas
velocity, but at a velocity closer to the peak fluctuation (where the slope of the curve is
lower), slugs flow only in the upper plane. The mean minimum slugging velocity U,,¢
over the bed is therefore obtained at the point where the fluctuation between the two
planes is maximum.
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Figure 3.2. Solids fraction fluctuation at different gas velocities and two positions in a bed,
showing the procedure of determining the minimum fluidization and slugging velocities.
Particle: 188 um glass particles and bed height, 58 cm.

3.1.2 Measurement of bubble properties

Figure 3.3(a) shows the distribution of solids fraction measured with the lower plane
ECT sensor in a bed containing 188 um glass beads. The number in the colorbar indicates
the normalized relative permittivity (solids fraction) of the particles due to flow of air at
a velocity of 0.137 m/s in the bed with initial height, 58 cm. From the figure, a bubble is
identified as a region where the solids fraction is less than 0.2 [A3]. Figure 3.3(b) displays
a typical time evolution of the bubble-projected area in the deep bed, where due to
bubble coalescence only a single bubble is observed at the measurement planes. The
figure also shows that the projected bubble area rises to a peak value and then falls to
zero when the bubble has completely passed the plane. Between two successive bubble
passages, the bed is idle, giving rise to periodic fluctuation of the bed.

0.6
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(a) (b)

Figure. 3.3. (a) Contour showing the distribution of solids fraction at the lower plane for a bed
of the 188 um glass particles at Uy = 0.137 m/s; bed height = 58 cm. Increasing colour scale
from 0 to 0.6 increases the solids concentration; in the bubble region, the solids fraction is less
than 0.2 [69] (b) evolution of the bubble-projected area with time.
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The peak of the projected area represents the bubble cross-sectional area through its
centre. Assuming a spherical bubble, the bubble diameter d;, is measured from

dp = %Zi( ’%) (3.1)

where N is the number of bubble passages observed over the measurement period and
Ap ; is the maximum projected area recorded during each bubble passage.

The bubble frequency f;, is obtained from Eq. (3.2), where T}, is the mean bubble period
measured as the time between two successive bubble passages.

fo = (3.2)

The volumetric bubble flux G defined as the volume of bubbles passing in a unit time
across a unit cross-sectional area of the bed is therefore determined from

_ nd

= eATp. (3.3)

where A is the bed cross-sectional area and Ty, is the average time required for a
complete passage of the bubbles through the plane.

By measurement of the time taken for a single bubble to move from the lower to the
upper plane, the average bubble velocity can be determined. However, due to the
spacing between the two ECT planes, the bubble may coalesce with another bubble or
splitinto smaller bubbles before reaching the upper plane. This makes it difficult to trace
a single bubble between the two planes and then difficult to compute the bubble travel
time by any statistical method. Since the void or solids fraction can be measured at a
given plane in the bed, the local bubble velocity can be computed by applying the two-

phase theory [A6].
where
_ &r&mys
6y = — (3.5)

3.1.3 Biomass distribution in a binary mixture

Because different solid materials have different relative permittivity, the concentration
of biomass in a bed of binary mixture with inert particles can be determined by
comparing the solids fraction of the mixture with that of the pure bed material at the
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same measurement position and gas velocity. The detail of this procedure is given in the
article [A7]. Assuming a; ; s is the solids fraction of the pure inert material (sand for
example) and @; ; ,, is the solids fraction of the mixture containing biomass at a given
pixel (i,j), Eq. (3.6) can be derived for computing the mass concentration X; ; ;, of the
biomass particles at the same pixel position.

2
(aijs—jm)

Ps
“t,j,m+ai,j,s(ai,j,s—at,j,m)(g—1)

Xi,j,b = (36)

where ps and p, are the densities of the bed material and biomass particles,
respectively. In terms of volume fraction, the concentration of biomass in the bed can
be obtained from

Xijb

X ip+2(1-X; ;
i,j,b Ps( l,],b)

Yijb (3.7)
A typical result of Eq. (3.7) is shown in Figure 3.4. The figure compares the distribution
of wood pellets with that of wood chips of close volumetric equivalent spherical
diameter but smaller density (about 2.5 times smaller) at different gas velocities. Each
bed contains 20 vol.% biomass and 80 vol.% sand particles. As can be seen, the
homogeneity of pellets across the bed height increases with increasing gas velocity as
more of the biomass particles move upwards from the bottom of the bed. The sinking
of the wood chips from the upper part of the bed increases with increasing gas velocity,
but the axial dispersion is more pronounced than in the pellet bed. The results also show
that the tendency of biomass to move towards the walls is higher with the wood chips
than with the wood pellets.
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Figure 3.4. Radial distribution of biomass in a bed mixture of sand and 20 vol.% of (a) wood
pellets (b) wood chips. Upper plane = star data points with solid lines; lower plane = circle data
points with broken lines. Particles, see Table 3.2; Initial bed height = 50 cm.
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3.2 Hot flow behaviour

Figure 3.5 describes the setup used in the hot flow studies. The reactor column is made
of stainless steel material and has internal diameter of 10 cm and a length of 1.0 m. The
column is fitted with five temperature and five pressure sensors along the axis. The test
rig is described in detail in the article [A9]. The setup was used to study the biomass
residence time before a complete conversion is attained, the mixing and segregation
behaviour of the fuel particles during the conversion, and the influence of air-fuel ratio
and bed material particle size on the product gas composition in a biomass gasification
process. As shown, air is supplied through a heater while the product gas goes through
the flare before exiting to the atmosphere. Biomass is fed at the position 21.2 cm above
the bed base. Gas is also sampled above the bed for offline analysis. The gas analyser
comprises a gas chromatography with helium as the carrier gas. From the gas analysis,
the mole fractions of nitrogen, oxygen, hydrogen, carbon monoxide and methane are
determined in each gas sample. The materials used under this study are listed in Table

3.3.
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Figure 3.5. Schematic illustration of a biomass gasification reactor. Symbols P/T indicate
pressure and temperature sensor probes; hy is the initial bed height above air introduction
points.
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Table 3.3. Properties of different particles used in the hot flow experiments.

Materials Shape Pp dp,sph Pp £ Emf Unns
[kg/m?] [mm] - -] [-] [m/s]

Wood pellets Cylindrical 1139 8.96 0.82 0.43 0.46 1.99
Wood chips Rectangular 423 6.87 0.75 0.49 0.57 1.27
Sand Angular 2650 0.293 0.86 0.42 0.46 0.079
Sand Angular 2650 0.615 0.72 0.454 0.454 0.245

3.2.1 Biomass residence time and char yield

In this study, a batch process is used to determine the residence time before a given
amount of biomass is completely converted and the amount of char released at the end
of the devolatilization phase in an air-blown bubbling fluidized bed. The detailed
procedure employed is presented in the article [A9]. As shown in Figure 3.6, the bed
pressure drop increases to a peak value (point O) shortly after the desired amount of
biomass is introduced in the fluidized bed of sand particles. The bed pressure rapidly
drops to point D due to release of volatiles during the devolatilization of the biomass
particles, which is completed at point D. At the instant of complete devolatilization, the
bed temperature drops to the minimum. The temperature increases above D due to
partial combustion of combustible gases and the residual char particles. At point E,
nearly all the char particles are consumed and the pressure drop tends towards the
initial value corresponding to that of the pure sand particles.

Starting from point A where the desired amount of biomass is introduced, t,; is the
biomass devolatilization time and t, is the extinction time of the fuel particles in the
bed. The difference (t, — t;) defines the char residence time before it is completely
converted, and t, is the mean biomass residence time over the conversion process. The
amount of char y ., released after devolatilization as a fraction of mass of the biomass
loaded can be obtained by the mass balance over the bed.
PD—Ps

=— 3.8
Ychar Po—Ds ( )
where py is the mean pressure drop over the bed of pure sand particles at the same air
flowrate. The detailed derivation of Eq. (3.8) is presented in [A9].
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Figure 3.6. Pressure drop (over the bed height) and temperature (measured at 14.3 cm from
the bed base) curves, showing the different phases during biomass conversion in a batch
bubbling fluidized bed operation for a bed containing 26.4 vol.% wood pellets and 293 um

sand particles (mass = 2.2 kg) at an air flowrate of 1.0 kg/h.

The value of ps in Eq. (3.8) is obtained as an average value over a measurement period,
and the measurement uncertainty can be neglected. The pressure drops po and pp are
obtained at instances of time. Due to fluctuation of fluid pressure, these quantities are
difficult to be measured via graphical method. As an approximation, the values of p,
and pp can be obtained by fitting a line across the pressure data over the measurement
periods O-D. Assuming that the variance is uniformly distributed over the measurement
interval, the uncertainty aﬁ in the pressure measurement is computed as

2
op = < /%Zi(pi —P)? - Us> (3.9)

Here, o, is the standard deviation of the pressure drop fluctuation in the bed without
biomass, p; is the estimated pressure drop from the fitting line and p; is the actual
pressure drop measured at the given time. The uncertainty aczhar in the measurement
of char yield is then given by

Tehar — [ 1 1 ]0-2 (3.10)
Yenar L@p-ps)?  (Bo-ps)?1 P '
The rate of total heat loss over the devotilization period can be ascertained from the
temperature drop between points B and D.

__Tp—Tp

q = (3.11)

tp—tp
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Here, q;, [K/s] is the net heat loss during devotilization and Ty can be approximated to
the initial bed temperature.

3.2.2 Mixing and segregation behaviour

Using the measurement of temperatures along the bed axis, the mixing and segregation
behaviour of biomass particles in the batch process can be determined. In a well-mixed
bed, the distributions of material and temperature are approximately uniform over the
bed height. This means that the heat released in the lower part of the bed due to higher
availability of oxygen is quickly transported up the bed by the hot gas and bed material
while the unburnt fuel particles quickly move downwards by the circulation of the bed
material. When there is a temperature gradient along the bed axis, it indicates a non-
uniform distribution of the particles.

Figure 3.7 shows the variation of axial temperature difference normalized with the peak
temperature recorded over the measurement period in each of the different beds at
different air velocities. The positive value of the temperature difference indicates that
the temperature inside the bed is higher than that near the bed surface, and vice versa.
At the introduction of a given amount of biomass, the results show that the degree of
sinking of the fuel particles increases with decreasing air velocity as similarly observed
in the cold flow behaviour [A7]. The initial sinking behaviour can be attributed to the
strength of the bubble flux across the bed. In addition to the lower density, the bubble
flux is higher in the wood chip bed, resulting in upward flow of the biomass particles at
increasing air velocity. At the lower velocity, most of pellets lie closer to the bottom of
the bed due to the higher gravity effect compared to the flux of the rising bubbles. With
an increase in the gas velocity, the amount of pellets moving upwards increases,
resulting in a much higher temperature within the bed than near the bed surface.

The temperature difference decreases as the biomass moves upwards due to
devolatilization. At the completion of devolatilization, the pellet char tends to move
back into the bed and mix uniformly over the bed height before it is completely
converted. However, the wood char particles remain segregated near the bed surface
until the conversion is complete. The figure also shows that with increasing air velocity,
the sinking behaviour of the char particles is enhanced.

Based on these results, the behaviour of char particles in the hot bed can be viewed
similar to the behaviour of the parent biomass in the cold bed [A7]. However, to evaluate
the mixing and segregation behaviour of the fuel particles using this technique, a
detailed analysis of heat balance needs to be incorporated. The temperature gradient
in the bed of pure sand particles at the same air flowrates as used in the biomass
conversion is to be considered. Decoupling the heat flow in the individual pure
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component bed from that of the bed mixture will give a better quantitative assessment
of the bed behaviour during the biomass conversion.
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Figure 3.7. Normalized axial temperature difference across the bed of 20.2 vol.% wood pellets
and 21.3 vol.% wood chips with 293 um sand particles (mass = 2.2 kg), illustrating the effect of
gas velocity on the distribution of temperature (fuel particles) during biomass conversion in a
bubbling bed. Initial bed temperature = 820 C.

25



Agu: Bubbling Fluidized Bed Behaviour for Biomass Gasification

4 Modelling and Simulation

In this chapter, correlations of the experimental data are given. The OD models describe
the average behaviour of a bed at a given operating condition, and thus can be used in
scaling up the observations. This chapter also presents a detailed 1D hydrodynamic
model that describes the fluid-particle interactions in a bubbling fluidized bed reactor.

4.1 0D bed averaged models

The OD models include the correlations for predicting the volumetric bubble flux, bubble
diameter, minimum slugging velocity and the bed voidage of a binary mixture averaged
over the bed height. Included in this section are also the proposed models for predicting
the bubble velocity and bubble frequency at any position in the bed. An analytical model
for predicting the minimum gas velocity required to achieve an effective mixing over the
surface of a binary mixture containing biomass is proposed as well as the bed expansion
at a given gas velocity in a fluidized bed.

4.1.1 Models for average volumetric bubble flux, bubble diameter and
minimum slugging velocity

The detail derivation and description of these models are given in the article [A5]. The

models are also validated as discussed in the article. Following the expression proposed

by Grace and Cliff [60], the volumetric bubble flux can be expressed as

G = Uy — kUpyy (4.1)

where k is the correction factor accounting for the deviation of a bubbling bed
behaviour from the two-phase theory. Figure 4.1(a) shows the plot of log(k) against
log(Uy/Uyy) for different particles based on the average volumetric bubble flux over
the bed height. In the figure, each set of the experimental data is fitted with two
different lines of different slopes and intersections. The description of the behaviour is
also given in the article [A5]. The behaviour in the bubbling regime is represented by the
solid lines while that in the slugging regime is given by the dashed lines.

Each line in Figure 4.1(a) is represented by

k = (ﬂ)a (4.2)

The fitting parameters a and ¢ depends on the particle properties and the bed regime
as shown in Table 4.1. Substituting Eq. (4.2) in (4.1), the average bubble flux can be
expressed as given in Eq. (4.3).
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Figure 4.1. (a) Two-phase theory deviation coefficient showing bubbling behaviour of different
particles at different gas velocity ratios; solid lines — bubbling regime; dashed lines — slugging
regime (b) relationship between the active bubbling frequency and bubble diameter.

Table 4.1. Correlations for the model parameters a and c in the bubbling and slugging

regimes.
Parameters Expressions Validity
Bubbling regime
a @'5(4.168 — 1.389log(Ar)) log(Ar) < 3.5
»15(0.329 — 1.156 - 1034r799) log(Ar) = 3.5
c (1.321 + 8.161 - 10*Ar—104)0.083 log(Ar) > 0
Slugging regime
a 0.725 + 0.2301log(Ar) log(Ar) < 3.9
1.184 + 8.962 - 10*Ar—135 log(Ar) = 3.9
c 0.042 + 0.1081log(Ar) log(Ar) < 4.0
(0.978 — 1.964 - 102Ar—08)4:88 log(Ar) = 4.0
Uo \*
G=U,— c(u—) Uy (4.3)
mf
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Based on Figure 4.1(a), the transition between the bubbling and slugging regimes occurs
at the intersection of the two different lines in each bed. Applying Eq. (4.2), the
minimum slugging velocity ratio Uy,s/Up, s can be obtained as

Ums a

U_mf =C; t (44)
Here, ¢, = ¢p/csand a; = 1/(as — ap), where “b” and “s” denote parameters in the
bubbling and slugging regimes, respectively. In general, the minimum slugging velocity
depends on the bed aspect ratio hy/D. From further analysis using different beds at
different bed heights [A5], Eq. (4.4) is improved, leading to

T = 1 +2.33U;,9%% (90%%c — 1) (%)_0'588

T (4.5)

Figure 4.1(b) shows the dependency of the active bubble frequency f,, = 1/Ty4 on the
bubble diameter. The curve correlating the data is given by

1.48
1/Tpy = 1.927 (d%) (4.6)

Substituting Eq. (4.6) in (3.3), the bubble flux becomes

D

G = 1.285 (@)1'52 D (4.7)

Combining Egs. (4.3) and (4.7), the average bubble diameter d,, over the bed height can
then be obtained as

_ N 0.66
d, = 0.848 (UO — C<U_1;) Umf> D034 (4.8)

Equations (4.3), (4.5) and (4.8) are applicable to particles for which the Archimedes
number, Ar > 400. The minimum bubbling velocity (UO/Umf)min above which these

equations are also valid is given by

(&) = cM/a-ap) w9)

Ums min

4.1.2 Models for bubble velocity, bubble frequency and bed expansion

The bubble frequency and bed expansion depends on the bubble velocity. Following the
trajectory of a single bubble rising through a fluidized bed, a set of semi-analytical
models can be developed for prediction of these bubbling fluidized bed properties as
clearly described in the article [A6]. Moreover, these quantities also depend on the bed
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dimension and particle properties. Based on the bubble growth rate, two classes (A and
B types) of bubbling behaviour as summarized below are identified to aid the analysis
[A6].

e “Type A: Bed with a slow bubble growth rate and a smooth transition from bubbling
to slugging regime. Slugs rise along the central axis with a full-grown size less than the
bed diameter; this behaviour is typical for fine and smooth Geldart B particles.”

* “Type B: Bed with a rapid bubble growth rate or a sharp transition from bubbling to
slugging regime. Slugs spread across the bed cross-section and attach to the wall while
rising. Slugs can grow to the bed size; this behaviour is typical for large particles or rough
smaller particles.”

4.1.2.1 Bubble velocity

Rising bubble

Change in
projected

Figure 4.2. Trajectory of a single bubble rising in a fluidized bed at an observer plane.

Considering Figure 4.2 for a single bubble passing an observer placed on the plane P-P
in a fluidized bed, the rate of change of the projected area of the bubble as viewed by
the observer can be expressed as

sa _

6z
i n(2r, — 2z — 62) = (4.10)

where 1, = d}, /2 is the bubble radius. Taking the limit: when 6t = 0, §z — 0, da/ét =
da/dt and 6z/6t — dz/dt. Defining the bubble rise velocity as u,,, = dz/dt, Eq. (4.10)
leads to

% =1 (2r, — 22)up, (4.11)

Normalizing Eq. (4.11) by diving through with the bed cross-sectional area, gives
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L= ) (o @22

2(rp—2)

Setting k = , the bubble rise velocity becomes

Uy = (4:%}()% (4.13)

Equation (4.13) suggests that for a given bed geometry, the bubble rise velocity is
proportional to the rate of change of the projected area with time, where k is a constant
value depending on the fluid flow properties. Referring to Figure 3.3(b), a bubble passes
the observer after the period T},. Assuming that the change in the bubble projected
area within this period is parabolic, the mean value of da/dt can be derived as

da 24Ap

dt = m (414)
Substituting Eq. (4.6) in Eq. (4.14) and then in (4.13), u,, can be expressed as

0.9635 (d},) %22
up = 222 (%) D (4.15)

Analysis of the experimental data shows that k can be correlated with the excess gas
velocity Uy — U, s as expressed in Eq. (4.16).

k =0.077(Uqy — Upyp)~ 362 (4.16)

Using Eq. (4.16) in (4.15), the following expression is therefore proposed for the bubble
rise velocity.

0362 (db) 52
wpy = 12.51(Ug — Uppp)® (3) D (4.17)

With further analysis and comparison with literature data, it can be shown that the
bubble velocity u;, due to existence of more than one bubble in a bed is given by [A6].

5
wy, = on(Up — Upy) + 12.5195(Ug — Uppf)®362d), "> (4.18)
Where
_ {1 for Geldart A and A/B

Pw 0 for Geldart Band D

D048 for type A behaviour (Geldart A and small Geldart B particles)
®p =10.337 for type B behaviour (large Geldart B particles)

0.26 for Geldart D
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4.1.2.2 Bubble frequency

From Figure 3.3(b), the bubble frequency can be expressed as

fo =1/ (Tpa +Tp) (4.19)

The bed idle period T; decreases with increasing bubble velocity. As discussed in the
article [A6], T; can be correlated with the bubble velocity in the following equation.

T, = mupd, (4.20)

Where

: o dy
Bubbling regime, — <

(db) _{m =0.05;n = —3.475 for type A
D~ m

D m = 0.05;n =—4.379 fortypeB

(. _ _ d,
!m =0.631;n=-1.187 fortypeA, ) < 0.6

. _dp _ (dy
Slugging regime, — > (—) :
fm

d
D~ \D | m =3.382;n=-0.122 fortypeA, 3” > 0.6

k m = 5.277 ;n = —-0.366 fortypeB
(dp/D)fm can be obtained from Eq. (4.21) and is defined as the bubble diameter at
which the bubble frequency is maximum, and which also corresponds to the bubble
diameter at the local transition between the bubbling and slugging regimes as discussed
in the article [A4].
-1
(dp/D)fm = <2.90 — 36.66 exp (—2.80 %)) (4.21)
mf
Substituting Egs. (4.6) and (4.20) in Eq. (4.19) gives the bubble frequency as

do\ 148 -1
fi = (0. 52(2) " + mu’,}d,,) (4.22)

4.1.2.3 Bed expansion

The bed expansion Ae in a fluidized bed can be defined as

Ae = Zr~Hms (4.23)
Hmf

where Hy is the total bed height at the fluidized state and H,, is the bed height at the

minimum fluidization condition. By the mass balance of solid particles in the bed,

Ae = 225mf 4 (4.24)
l—Ef

Substituting Eq. (3.5) in Eq. (4.24), Ae can be expressed as

1
Ae = E -1 (425)

Combining Egs. (3.4), (4.7), (4.17) and (4.25) for a single rising bubbling behaviour over
the bed height yields
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Ae =[1-0.103(U, - Upf) 0 ()] -1 (4.26)
Within the range of its validity, Eq. (4.8) can be applied in Eq. (4.26) to obtain the

particle-dependent bed expansion as demonstrated [A6].

4.1.3 Model for minimum mixing velocity in a binary mixture

For a bed containing biomass of low density, the particles usually segregate to the
surface of the bed when the gas velocity is slightly above the minimum fluidization
velocity of the bed. The accumulation of biomass particles at the bed surface prevents
the rise of bubbles and circulation of sand particles over the bed height as discussed in
the article [A7]. Without circulation of bed material over the bed height, particle mixing
in the bed will be poor. However, at a sufficiently higher velocity, the biomass layer
breaks, allowing the eruption of bubbles and consequently the circulation of the bed
particles. The minimum gas velocity required to achieve mixing over the bed height can
be obtained by establishing a force balance across the biomass layer as shown in Figure
4.3, where l,;,4 is the maximum thickness of the biomass layer.

- F k. M
o s
j?ﬂﬁx
v
B
Fp, A F, |

Fluid-particle flow

Figure 4.3. Different forces acting on a layer of biomass segregated to the surface of a bed.
At static condition, the force balance across the layer at the top of the bed is given by
where

Fy = €pPpgAlmax and Fr = TwTD gy

Fp = (pg + esfwakeps)GubAr F, = e,ApgAand Fp = BAlnay-
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The fluid pressure drop Ap, across the layer is modelled as in Eq. (4.28a). The wall
frictional stress t,, can be obtained by applying the Coulomb’s law, t,, = u,,0, where
the normal stress o can be based on the Rankine [61] model of dense powder flow as
given in Eq. (4.28b).

Apg = Y8p&sPs9lmax (4.28a)
1
o= Egbpbglmaxk (4.28b)
1-sinb; . . . . .
Here, k = (1+Sin9.), where 6; is the internal frictional angle of the biomass particles. As

considered in [A7], the pressure correction factor y = (1 — y,)ho/D can be assumed
the same as the bed aspect ratio corresponding to the bed material, where y,, is the
volume fraction of biomass in the bed. Simplification after substituting all the above
expressions in Eq. (4.27) yields Eq. (4.29), which relates the maximum thickness of the
biomass layer with the particle and flow properties in the bed.

B g)lmax — (Pg"'ssfwakeps) Gub (429)
b

2 2 _yPs _
D”wklmax + (1 be 6b£s £pp £b9Pb

Equation (4.29) has been validated [A7], where by using the relevant correlations in the
literature, the bubble properties are evaluated at the bottom part of the layer
interfacing with the bed material. At the minimum mixing gas velocity, ;o = 0.5y, hy.

4.1.4 Model for bed voidage in a binary mixture

One major challenge in the prediction of minimum fluidization velocity of a binary
mixture of particles is the difficulty in obtaining the appropriate value for the bed
voidage. In the article [A8], a model for predicting the bed voidage of a binary mixture
at any packing condition is proposed. The approach to developing this semi-analytical
model is summarized in this section. The basic assumption underlying the model
development is that the smaller particles in the mixture first fill the available space
within the larger particles without changing the total volume occupied by their host
particles. The excess of the smaller particles then fill the available space above the
packed layer of the solid mixture. This assumption leads to introduction of a packing
factor since there is a maximum limit to which solids can be packed in a given space.

For a mixture of two solid types with the respective pure component properties «;, d;,
@s and pg; (denoting the solids fraction, particle diameter, sphericity and particle
density), where i € [S,L] is the index describing the smaller particle size (S) and the larger
particle size (L), the packing factor 6 is defined as the following.
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my
(1-ap)pssVo

8] = (4.30)
where m, is the mass of the smaller particles contained in the void space of the larger
particles with initial volume V,,. The modulus |8| indicates that 8 can be negative or
positive. When 8 < 0, the bed contracts, i.e. the volume of the solid mixture is lower
than the sum of the volume of the mixture components. On the other hand, 8 > 0
indicates that the bed expands, i.e. the volume of the bed at the given condition is
greater than the volume of the bed when it was well mixed. By assuming that each
particle of the individual solid type has the same mass, and noting that a; + ¢; = 1,
where ¢; is the void fraction of the corresponding pure component, the packing factor
can be expressed as

_ _ EL @
b = (1 93 )(dsL) (431)
Based on the assumption underlying the packing factor, it follows that m, = 0 when
dgss/ds, = 1. This means that the term (g, — a.) /&, must be a function of dgs/dy; for
this condition to be always true in Eq. (4.31). Hence, Eq. (4.31) can be re-expressed as

o=(1-(=)")(%) 4.32)

Here, xs is the mass fraction of the smaller particles in the mixture and g is the
interaction parameter between the two particle types in the bed. For a contracting bed,
B < 0 wheares f > 0 when the bed expands. From analysis of a set of data in literature,
the particle interaction parameter can be obtained from

B = 0.623 (M)_O'61 (4.33)

dsLPsL

Based on the mass balance, the total mass m of solids in the mixture is expressed as
m = (1 — &) psm (Vo + AV) (4.34)

where &, is the mixture voidage, ps, the mixture density and AV is the volume
occupied by the smaller particles above the packing volume of the larger particle as
expressed in Eq. (4.35).

mg—m,

AV = (4.35)

aspss

Combining Eqs. (4.32), (4.34) and (4.35) and noting that IV, = m; /(a.ps;), the mixture
void fraction after simplification can be expressed as in Eq. (4.36), where y; and ys are
the volume fractions of the large and small particles, respectively.
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The performance of Eq. (4.36) is demonstrated in the article [A8]. The application of the
void fraction model in the Ergun [26] equation for prediction of the minimum

En=1-

(4.36)

fluidization velocity of a binary mixture is also presented in [A8].

4.1.5 Models for biomass residence time and char accumulation

The data obtained from the setup described in Section 3.2.1 can be correlated for
prediction of devolatilization time, char release and heat loss after devolatilization, and
the nominal biomass accumulation at a given operating condition in a continuous flow
biomass gasification process. To be able to apply the behaviour observed in the current
setup to a different system, biomass loading, air flowrate and particle properties need
to be properly scaled as described in the article [A9]. Figure 4.4 shows the plots of
logi0(xptq) and log,o(xft.) against the gas velocity ratio loglo(UO/Umf), where x,, is
the mass of biomass to mass of sand particles in the bed and Uy = m;,-/(pair4) is the
superficial air velocity obtained at the temperature corresponding to the respective time
in the bed. The particle minimum fluidization velocity U, is predicted using the Wen
and Yu [62] model. The value of a for each figure is obtained by minimizing the sum of
the square error between the fitting line and the experimental data.
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Figure 4.4. Characteristic residence time for biomass conversion in an air-blown batch bubbling
fluidized bed correlated with biomass mass load and air velocity (a) devolatilization (b)
extinction.

From the fitting lines, the biomass devolatilization time t; [min] and extinction time ¢,
[min] can be modelled by
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-0.3
ty = 11.35x2028 (U”—") +7.7% (4.37)
mf
-0.185
t, = 67.58x0278 (U”—") +7.6% (4.38)
mf

The amount of char released after devolatilization also increases with decreasing air
flowrate and amount of biomass charged in the bed as presented in the article [A9].

Figure 4.5(a) shows how the fraction of the char yield y .4, varies with the operating
parameters.

From the relationship shown in Figure 4.5(a), ¥cnar €an thus be determined from

U
Ychar = 0.4—14-.762'245 (U_O

-0.463
) + 18% (4.39)
mf

The change in the bed temperature over the dvolatilization time, which measures the
net heat loss during this conversion phase, is also correlated as given in Figure 4.5(b).
Based on the fitting line, the devolatilization heat loss §; [K/s] can be expressed as

U 0.767
. 0
q. = 1.664 (—x,,) + 25% (4.40)
Umf
0.4 : - :
» Data points = 26 1t Data points = 21
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Figure 4.5. (a) Char yields (b) net heat loss at the end of biomass devolatilization phase in an
air-blown batch bubbling fluidized bed correlated with biomass mass load and air velocity.

For application of these equations, (4.37) — (4.40) to a continuous air-blown biomass

gasification process in bubbling beds, the extent of the char conversion « at a given air
flowrate needs to be defined.
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_ ti—tg
" te—tg

(4.41)

The analysis of the experimental data shows that « lies in the range 0.45 — 0.7, where
the mean value of a is 0.55 for the wood pellets and 0.6 for the wood chips. Assuming
a plug flow, the amount of biomass x;, supplied over the extinction time t, at a constant
biomass flowrate 1, can be obtained from Eq. (4.42) derived from Eq. (4.38).

i [y \ 0185 1.385
xXp = l4055—b( L ) l (4.42)

Mp \Ums

where m,, is the mass of the bed material. The amount of char accumulated xpq, (mass
of char to mass of the bed material ratio) in the bed over an extinction cycle can thus be
obtained from

Xchar = (1 - a)}’char(te - td) rmn_z (4.43)

Equation (4.43) can be applied for determining the necessary bed properties including
the minimum fluidization velocity, bubble properties and bed expansion of the solid
mixture at a given operating condition. For decongesting the bed to avoid pressure
build-up, the solids circulation rate mg. can also be derived from this equation as given
below.

L mp
mSC - (1_a)(te_td) (xchar + 1) (4'44)

4.2 1D model for bubbling bed reactor

Based on the Euler-Euler modelling approach, a one-dimensional model describing the
fluid-particle behaviour in a fluidized bed is presented in Article [A2] as described below.

0 0 a ov oP 2fsespsV|V| 0P;
a(gspsv) = - E(Espsv- ‘U) +£(ﬂes 6_2) - Esa_zg - D—h — &Psg — 6_2 +
Pa(u —v) (4.45)
d _ a a ou 0Py 2fgegpgutlul

a(egpgu) == g(fgpgu- u) + g(ﬂeg 5) ~ %%, — 7~ bp, %P9 +
Ba(v — u) (4.46)

Equations (4.45) and (4.46) respectively describe the particle and fluid momentum
balances in a dense fluidized bed where the solids & and fluid &, volume fractions are
related by

&te =1 (4.47)
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The propagation of the bed void fraction g4 along the axis, Eq. (4.48) is derived based on
the mass balances of the different phases across a given volume.
dgg ogg ovy
am? + Umg = gsggprgg (4.48)
Here, v, = v — u is the relative velocity between the particle and the fluid, and p,., =
Pg/Prer is the reduced gas density. The mixture mass velocity vy, and relative mass
fraction a,, are given by

Um = &PrgV + &U (4.49)
Am = EPrg + & (4.50)

The constitutive equations for closing the governing equations are also given in the
article [A2]. The hydrodynamic model described above was used to study the bubbling
fluidized bed behaviour of an inert bed material. By including the reaction rate terms,
the model can also be applied for thermochemical conversion of solid fuel particles in
fluidized beds. In this case, some simplifications can be introduced to reduce the
complexities in applying the model for bubbling bed reactors. The description and
detailed procedure employed in simplifying the model are given in Article [A10].

The proposed thermochemical conversion model is also based on the conservations of
mass and momentum in addition to the energy conservation across a given volume in
the direction of fluid flow. For simplicity, the model assumes that the net velocity of the
inert bed material is zero. The solids fraction of the bed particle due to flow of gas is
therefore computed using the correlation in the literature. The fluid flow is modelled
based on the Euler approach following the continuum mechanism, but the viscous force
and energy transport due to fluid viscous stress are neglected. The fuel particles are
assumed dispersed and their motion is tracked by considering the Lagrangian approach.
The changes in the kinetic energy of the particle is also incorporated due to possible
changes in the particle mass along the bed axis as the reactions proceed.

The assumption that the fuel particles are dispersed helps to eliminate the interactions
between the fuel particles in the model. This assumption is reasonable in normal
operations where the concentration of the biomass particles is negligible compared to
the bed material. On the contrary, Eq. (4.45) is based on the particle bulk density where
the particle number density is very high. For this reason, the momentum transfers due
to viscous stress and pressure forces on the particles are considered. In the model
developed in [A10], these momentum terms are neglected, resulting in a different form
of equation presented in the article and by Eq. (4.55). Figure 4.6 describes the
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computational volume of the model, and the flow of fluid and particles within and across
the reactor. All the symbols are as described in the article [A10].
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Figure 4.6. Schematic lllustration of a bubbling fluidized bed behaviour in a binary solid
mixture (red = biomass, black = bed material), showing biomass and gas boundary conditions
and drag of solids into bubble wakes.

It should be noted that the zero pressure gradient (dp/dz = 0) implies that the gauge
pressure, P — Parm = 0 at the outlet boundary. Based on this, the pressure outlet
boundary condition specified in Figure 4.6 is the same as that given in Article [A2] under
the atmospheric bubbling fluidized bed condition. For the simplified model, most of the
assumptions introduced are highlighted below.

e There are no variations of temperature and species in the radial directions.
Hence, the model is one-dimensional, i.e. there are only gradients in the axial
direction.

e The bed expands uniformly, resulting in an even distribution of the bed material
particles. With this assumption, the complex computation of mass flow of the
particles is eliminated while the average solids fraction of the material is
obtained from the available empirical correlations.

e The bed material remains inert over a clearly defined volume, and there is no
mass loss due to elutriation. Hence, the net velocity of the particles is considered
zero over one cycle of the solids circulation.

e The ash content of biomass is negligible.

e The unconverted tar is in vapour phase.

39



Agu: Bubbling Fluidized Bed Behaviour for Biomass Gasification

e The gas species move upwards while the fuel solids move downwards.

e The solid fuel particles are dispersed and the motion of each particle is
independent of the others.

e The mass distribution of both gas and solid phases are continuum.

e The properties of biomass and char particles are constant.

e The momentum change of the bed particles as they are dragged into the bubble
wake is transferred to the biomass particles.

e The fluid pressure drop over the bed is hydrostatic.

e The amount of fuel particles in the bed is relatively small compared to the bed
material, hence does not influence the solid mixture density.

e The gas behaviour follows the ideal gas law.

e The contact and radiation heat exchanges between the fuel particles and the
reactor walls are negligible.

e The gas and reactor walls are in thermal equilibrium.

Based on the outlined assumptions, the proposed model for thermochemical
conversions in a bubbling bed is therefore given as follows.

4.2.1 Species mass balance
The rate of change of solid concentration pg ; in the reactor, where S ; is the rate of
generation of the species and j € (b, c) denotes biomass (b) and char (c), is given by

6;_)511- - _ 6(17[_)5]]')
ot 0z

+ S5, (4.51)

Similarly, the concentration of each gas species j € (H,, CO, CO,, CH,, H,0, tar, etc.) is

modelled by
9pg; _ _ 9(yjmg ,
5t = o TS0 (4.52)

where rhfq’ = upy is the gas flux and y; is the mass fraction of the species in the gas

mixture defined as

il
Q

J (4.53)
g

Yi =

il

The mass concentration p, of the bulk gas is given by

1!

9pg _ _ 0(mg)
20— = 43S, (4.54)
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4.2.2 Momentum balance
The velocity v of the solid fuel particles is obtained from the following force balance

[o] fi] ,
ps 5. = —2psv -+ g(ps = pg) + Bgs(—u = v) + Fy + Bps(—v) + vESs;  (4.55)

with the following expressions

3
ﬁg,s =4—dspgcd|u+v| (456)
ds = = (4.57)
S T [1+(1.253/n P (1-X0)-1)ys | .
_ (Ysc (1-ysc) -1
Ps = (Pc * Pb ) (4.58)
ﬁS,C — —_ —
Yse =505 Ps = Psct Psp (4.59)
Ca = 2= [1+ (81716 exp(—4.0655¢;) Re; 2+ 05601 4 ;366;3:367;’212'(221‘;23; (4.60)
Pgds
g
sn(re)(3+48%) (12 (dstdp)”
.Bp,s - (ppd137+psd§) pppsgolvl (4_62)
_1 3dsdp Ps 1-¢f
9o =% * ef(ds+dp) (psds + dp ) (4.63)
)
Fy = =(1 = émp)ppbun Gy 35! (4.64)

Here, @, is the mean sphericity of the fuel particles, e the coefficient of restitution
between the bed and fuel particles, i, the Coulomb friction coefficient and g, the radial
distribution function.

For computation of the gas flux mg and velocity u = mg /p,, the gas momentum

equation is described below:

omg  9(mg.u) _ Ps
o=t 9ler(1—&r)pp — Ay - o, Pas(-u—v)— w(Bop =L Sgs) =
0 2fgP
Efa_z_nggu-lul (465)
where
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Byp = 150 —L—; (12¢y) 7l +175( ) (4.66)
sf(‘ﬂpdp I

py = Z—f (4.67)

Lol (4.68)

My ’

= Rep, < 2300

ReD (4.69)
0.079Re;%%%;,  Rep > 2300

Rep =22 |y (4.70)

Hg

4.2.3 Energy balance

To achieve a realistic behaviour of a fluidized bed reactor, the heat exchange within and
across the reactor need to be properly accounted for. Considering that the different
materials (gas, fuel particles and bed materials) in the reactor as well as the surrounding
walls have different capacity to retain and release heat, there will always be
temperature differences between the materials. Following the outlined assumptions,
the developed models for the fuel particle temperature T, the gas temperature T, and
the bed particle temperature T, are as described below:

PsCps o2 = (G0 2T+ ( ) [hgs(Ty — Ty) + €50(Tk = TH)] + Ry (T, — T,) —

Z

(Z(TLA ) + pyrAHgyr) (4.71)

_ _ 0T, = T, Ds
PgCp.g a_f = _pgcp,gua_zg - i(p_) hgs(Ty = Ts) — ﬁ (1= e)hgp(Ty = Tp) =

Kro(Ty = T) = 2 Ua(Ty — To) — S(rAHY) (4.72)
(1 Sf)ppcpp ot (1 e )hgp(Ty — Tp) = dis (%) €s0(Ty = T) = hps(T, —
Ts) + K0Ty — T;) (4.73)
where

hgs = 2(2 + 0.6ReX5PrO3) (4.74)
hyp = %[(7 — 10g; + 5¢2)(1 + 0.7ReQ2Pr033) 4+ (1.33 — 2.4¢, +

1.2e7)Rep” Pro33] (4.75)
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Pgdp
Re, ==— 4.76
=7 |ul (4.76)
K _i[ e 2] (4.77)
"' b ep(l—sf)z €w '

B = 4.88(1—€f)1(ds+dp)2 )(%) (%)3/5 (dv)7/1om (4.78)

1
a3 dg ((PS Ep,sls) 2+ (Pp 5p,p1p) 2

and
" %(%) (4.79)
N (1—_1’2)‘:%_”%) (4.80)
Gs Gp
- z(Z:pr) (4.81)
Os = Zglslglv—t'jz (%)2 (4.82)
%= Zgzzfgz (%p)z (4.83)

Here, A5 and A, are the respective thermal conductivity of the fuel particles and the bed
material, ys; and y, the respective Poison’s ratios, Gy [GPa] and G, [GPa] the
corresponding Young’'s modulus, and v; ¢ and v;,, the respective terminal velocities.
The particle granular temperatures @ and @,, are obtained in m?/s?. The mixing rules
applied in predicting the appropriate mixture properties are given in the article [A10].
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5 Discussion and Conclusion

This chapter presents the results from gasification of different biomass types using the
hot flow setup described in Chapter 3. For the gasification with air, the experimental
data are reported. The gasification of the same type of biomass using steam as the
gasifying agent is demonstrated based on the 1D model developed in this study. The
model has been validated as presented in the article [A10], and thus can be used to
study the performance of the gasifier at different operating parameters. This chapter
also includes the final conclusions drawn in this thesis and the recommendations for
further works.

5.1 Discussion

The yield and quality of the produced gas from a gasification process depend on the
amount of biomass relative to the gasifying agent introduced in the reactor. The
minimum amount of the gasifying agent, air-fuel ratio (AF,,;,) for air and steam-biomass
ratio (SB,;,) for steam required can be obtained from the stoichiometry of the
reactions. Neglecting the sulphur content, the global biomass reactions with oxygen
(present in air) and with pure steam can be represented by

Air: CH,0,, + %(2+§-m)02 > €O, + 2H,0 (5.1)
giving
AFmin = % (5.2)
Steam: CH,Op, + (1-m)H,0 = CO + (1+§-m)H2 (5.3)
giving
By = % (5.4)

For a typical wood-based biomass, AF,,;, = 6 and SB,,,i,, ® 0.55. When the actual air-
fuel ratio AF>AF,;, , the process tends towards combustion. For gasification,
AF<AF i, giving the equivalence ratio ER (= AF/AF,;,)<1.0. On the other hand, the
steam gasification gets better when a higher steam-biomass ratio (i.e. SB>SB,,;,) is
used. The effect of these quantities among other parameters on the product gas yield
and composition are demonstrated in this section.
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5.1.1 Gasification with air

The biomass gasification with air was carried out using the reactor described in Section
3.2. One peculiar feature of the setup is the mode of biomass supply. Biomass is fed
through a screw conveyor positioned at about 21 cm above the bed base. For each
experimental run, a bed of sand particles was initially formed to a height of 22 cm,
resulting in a top biomass feed configuration. The minimum feeding rate at the lowest
speed of the conveyor drive in a continuous mode is 10 kg/h based on wood chips.
However, this amount of biomass supply rate is too high for the 10 cm id reactor. To
achieve the desired feed rate in the process, the screw speed is pulsed at intervals. The
longer the pulse rate, the lower the mean biomass feed rate.

Figure 5.1 shows the variation of wood pellets delivered into the reactor with time at
different fractions of the conveyor full speed. As shown, the peak mass of biomass
delivered increases while the idle (waiting) interval decreases with increasing motor
speed.

The mean biomass flowrate corresponding to the motor speeds: 3% and 4% are 2.67
and 3.6 kg/h. With 2% motor speed, the estimated mean biomass flowrate is 1.8 kg/h.
Although on average, this range of feed rates is suitable for the reactor, the flow pattern
of the fuel particles may have consequences in the product gas yield and quality. Figure
5.2 shows the variations of the bed temperature and the combustible gases in the
product stream obtained from the gasifier at 1.8 kg/h wood pellets and 2.6 kg/h air
flowrates. The bed temperature varies significantly with time due to the varying biomass
flowrate, resulting in the variation of the gas composition. While the mole fraction of H;
is slightly unaffected, the mole fractions of CO and CH4 increase with an increase in the
temperature. The trends of CO and CH4 change when the temperature decreases with
time. This behaviour may not represent the optimum desired for industrial application,
but its potential benefit can still be studied further. For the purpose of this report, the
time-averaged values of the gas composition are used to illustrate the effects of particle
size and biomass flowrate on the gasifier performance.
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Figure 5.1. Biomass feed rate at different speeds of conveyor drive, showing the effect of
ramping of the drive.
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Figure 5.2. Behaviour of air-blown biomass gasification at 2.6 kg/h air flowrate and 1.8 kg/h
biomass mean feed rate with 293 um sand particles (a) gas composition (b) bed temperature.

Figure 5.3 shows that within the air-fuel ratio 1 — 3, the mole fractions of CO and CH4
decease while for AF>1.5, the amount of H; increases to 7.5%. This behaviour may be
explained in terms of the oxygen enrichment as the amount of air supply is increased.
Increasing the air flowrate at constant biomass flowrate increases the consumption of
CO and CHg4 by the partial oxidation. The increase in the temperature due to the partial
combustion of the fuel gases and char particles may increase H; yields from the
devolatilization of the biomass and favourable steam reactions.

Moreover, Figure 5.3(a) shows that changes in the particle size over the range 290 — 620
um does not affect the H, and CHa concentrations within 1.5 < AF<2.5 but may slightly
affect that of CO. With an increase in the biomass flowrate from 2.7 to 3.6 kg/h at the
same air-fuel ratio, Figure 5.3(b) shows that the compositions of CO and CHj slightly
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increase while that of H; slightly decreases. This behaviour may be associated with the
decrease in the bed temperature due to the flow of larger amount of air and biomass.

251 Sand p‘articles ‘ ‘ I —#%—CO I Biomass flowrate ‘ —i—CO
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Figure 5.3. Time-averaged gas composition at different air-fuel ratios, showing (a) effect of
particle size with 1.8 kg/h biomass feed rate (b) effect of biomass feed rate with 615 pm sand
particles.

5.1.2 Gasification with steam

The 1D unsteady state model described in Section 4.2 was applied to study the effects
of different operating parameters on the steam gasification of biomass using the same
reactor dimension as described in Figure 3.5. Simulation of the bubbling bed model
requires the kinetic rate constants of different conversion phases in the reactor. For the
biomass pyrolysis, the parallel kinetic model shown in Figure 5.4 can be applied.

Volatiles

. k. ks .
Biomass Z Tar Volatiles

Figure 5.4. Illustration of biomass pyrolysis in parallel steps [63].

The kinetic rate constant, k; for each stage (i = 1,2,3,4) of the pyrolysis is expressed as
follows.

k; = A; exp (— =) (5.5)

where the respective frequency factor 4; and the activation energy E; are as given in
Chan et al. [64]. The composition of the volatiles released in step 1 is correlated with
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temperature as proposed by Gopalakrishnan [65], where j € (H,, CO, CO,, CH,) and the
values of the fitting parameters a; and ¢; are listed in Table 5.1.
9 = L A=, TY (5.6)
J Zj/\j, J ] :
The composition y; of the tar cracking [64] in step 4 is also given in Table 5.1. The
parameters related to the reactor geometry, bed material and biomass properties as
well as the different reactions applied in this study for the gasification phase are outlined
in Tables 5.2 - 5.4.

Table 5.1. Composition of tar and parameters correlating the yields of volatiles with
temperature during biomass pyrolysis [64, 65].

Gas species, j Cj a; Yj
H> 1.34x107*® 5.73 0.02
co 1.80x10’ -1.87 0.56
co; 2.48x10° -0.70 0.11
CHq 4.43x10° -1.50 0.09
Inert tar - - 0.22

Table 5.2. Parameters related to the model heat and momentum exchanges.

Parameters Units
Heat transfer coefficient, U, 0.018 W/m?2.K
Ambient temperature, T, 27 C
Wall emissivity, €,, 0.13 -
Thermal conductivity, (4, 1p) (0.25,0.26) W/m.K
Young’s modulus, (G, Gp) (36.5,50.0) GPa
Poison’s ratios, (¥s, ¥p) (0.425,0.25) -
Emissivity, (€g, €p) (0.95,0.76) -
Collision parameters, (e, i) (0.9,0.62) -
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Table 5.3. Different reaction routes and rate constants in steam biomass gasification.

i Reactions AHSL- Rate constant, 7; Ref.
[kJ/mol] [mol/m?3.s]
Heterogeneous
1 C+H,0 > CO+H +131 ky11x 66
20 > CO+H, . a-xrc *

C1/p+ k124, + Kr1,3%0,0

28000)

ky11 = 1.25x10° exp (— T

krl,Z = 3.26X10_4

10120
le,S =0.313 exp (_ T)
2 C+CO, > 2CO +172 kg c [67]
Lp) ——1 N Xco [C]
krz,z?fco2
5 20130
k>, = 3.6x10° exp (— T)
3 11420
k2, = 4.15x10° exp (— )
- 80333
3 C+2H, = CHq & r, = 6.11x1073 exp (— T) Ml o
Homogeneous
4 CO+H,0 ¢> CO,+H, -41 12560 [69]
r, = 0.278 exp (— T) [H,0][CO]
_ [H,0] [CO]}
keq,4
34730
keqa = 0.022 exp( RT )
5 CH,+H,0 > CO+3H,  +206 15098 [70]

s = 312 exp (— T) [CH4]
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Table 5.4. Parameters related to the reactor geometry and operating conditions.

Parameters
Reactor diameter, D (m) 0.1
Reactor height, L (m) 1
Biomass feeding position, I (m) 0.212
Sand particle diameter, d, (um) 200 - 650
Sand particle density, p,, (kg/m3) 2650
Sand void fraction, &; (-) 0.42,0.46
sphericity, ¢, (-) 0.86,0.72
Minimum fluidization, & (-) 0.43,0.46
Biomass size (diameter x length), (mm) 6x13.3
Biomass moisture content (wt%) 6.2
Biomass density, p,, (kg/m3) 1139, 423
Char density, p, (kg/m3) 660, 150
Biomass flowrate, 111, ;,, (kg/h) 1.5-45

In addition to the gas composition, the performance of the gasification process can also
be ascertained by using the predicted cold gas yield Y, the overall process efficiency 1y,
and the steam conversion efficiency 7. as expressed in the following equations.

Y = nD?  (1-Xn20) <Ts_td> (m_i,’) (5.7)

4 mb,in(l_J’moist) Ty Pg

Vg XixidLv,i
Nen = g 22 (5.8)

Mp,inQrLyp+Mst,in(hr—hfq)

1- xm(?;_g) =)

Nse = Ter s g 1
st,in b,in
(_)+Ymoist( )

Pst,in Pmoist

(5.9)
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Here, Tstq = 273 Kiis the standard temperature, y,.ist is the mass fraction of moisture
in the biomass, ppis: is the density of moisture at the feeding condition, ps i, the
density of steam at inlet and I'{g [Nm?3/s] is the volume flowrate of the product gas. Gy, ;
[J/Nm?3] is the lower calorific value of the individual fuel gas (CO, H2, CH4) in the product,
dLv,p [J/kg] is the lower calorific value of the biomass, and hr and hg, are the enthalpy
of steam at the operating temperature and ambient condition, respectively.

The model simulation was configured as described in Article [A10] to simulate the
gasification behaviour at different operating parameters. For each case, the simulation
was run for 30000 s to ascertain the steady state solution.

To avoid the unrealistic bed expansion predicted by the combination of bubble dimeter
and bed expansion models given in Eq. (4.26), the maximum permissible bubble
diameter in the bed has to be considered. In reality, bubbles do not grow beyond the
bed diameter. As the bubble size approaches the bed diameter, the bed slugs.
Depending on the fluid and particle properties, the bubble diameter averaged over the
bed height at the transition to the fully-developed slug flow can be equal or less than
the bed diameter as presented in [A4, A5]. The maximum bubble diameter ratio
(dy/D)max at the transition to the fully-developed slug can be obtained as described
below.

()= ((3),) o

where (dp, /D), is the bubble diameter evaluated at the minimum slugging velocity
[A5] as given in Eq. (5.11).

3 Uy r 03520\ 066 —110.66
(L), =osa(22B) (1 - c(p25e)" ) 5.1

When d, /D < (d,/D)max, the bed expansion Ae is determined as described in Section
4.1.2 using the bubble diameter d;, /D evaluated from Eq. (4.8) where applicable. For a
fully-developed slugging regime, the value of Ae can be obtained as proposed bellow.
Considering that the bed expansion ratio Ae,, = (Ae + 1) can be expressed as

Ne, = ~L = (”m‘”)( il ) (5.12)

Hmf Hmf Hmax

the expansion ratios Ae,;, = Hpqx/Hymys in the bubbling regime is determined by
substituting Eq. (5.10) into Eq. (4.26) with the superficial gas velocity, U, the same as
the minimum slugging velocity, U,,,s. By following the same approach used in developing
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Eq. (4.26), the expansion ratio Ae,s = Hy/Hyyqy in the slugging region can be derived as
given in Eq. (5.13).

Aeys = [1 - 0305D°43(U, - Umf)""“z]_1

(5.13)
In addition to the method described in the article [A10] for predicting the bed expansion,
Eq. (5.12) is also applied in this section to investigate the sensitivity of the proposed
reactor model to the bed voidage and expansion. In the following section, the results of
the different simulations are presented and analysed. For the results shown in Figures
5.5 —-5.7, the Werther [71] bubble diameter model as given in [A10] is used for the bed
expansion while Eq. (5.12) is applied in the subsequent results.

5.1.2.1 Effect of temperature

Figure 5.5(a) shows that the mole fractions of CO and H; increase with increasing bed
temperature at a fixed supply rate of biomass and steam. The decreasing trends of CO;
and CH4 concentrations indicate that both reaction routes 2 and 5 favour the yields of
CO and H; in the product gas. However, Figure 5.5(b) shows that the H,/CO and CO,/CO
ratios decrease to minimum values, although at different temperatures. The cold gas
yield increases to a maximum value at about 720 C. A higher value of Hy/CO ratio
indicates a better steam conversion while a lower value of CO,/CO ratio shows a better
conversion of carbon to a useful gaseous fuel. To maximize the gas yield, thereby
achieving a better energy efficiency, Figure 5.5(b) shows that a threshold temperature
close to the minimum syngas ratio (H2/CO) can be applied.

0.5 T ; T ; T . 1
0.45 1
09l H,/CO
04+t co ] v
= e | 0.8 e mm =
5 0.35 - yield -~ .
S o3l Hy 07} Nm’kgdry] — ~~
E 0.25
§ ' 0.6
02 T CO
............................................ 2 05t e
1 e S CO_/CO
0-15 ————————— e CH e 2
0.1 — : : : : : 04— : : : : :
650 700 750 800 850 900 950 650 700 750 800 850 900 950
Bed temperature ['C] Bed temperature ['C]

(a) (b)

Figure 5.5. Simulated temperature effect on the steam-biomass gasification behaviour at SB =
0.55, 3.6 kg/h biomass feed and 293 um sand particles (a) dry gas composition (b)
performance indicators.
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5.1.2.2 Effect of steam-biomass ratio

Figure 5.6 shows the effect of steam-biomass ratio on the gasification at 800 C.
Increasing the steam supply rate at a constant biomass feed rate increases the H; and
CO; yields, and decreases those of CO and CHs as shown in Figure 5.6(a). With a higher
steam flowrate, the water-gas shift (route 4) and steam reforming (route 5) reactions
are enhanced, decreasing the mole fractions of CO and CHa. Figure 5.6(b) shows that
both the ratios H,/CO and CO,/CO as well as the total gas yield also increase with
increasing steam-biomass ratio. The increasing CO,/CO ratio indicates a shift of carbon
to non-combustible species, which reduces the product gas quality.

0.5 T T ; " . . . 1
0.45 | 1 09l
0471 ~< 1 I
- ~-ao__ co 0.8
g 03 " T==-. 1
= _—— \ 0.7
5 H
g 03 2 1
° 0.6
g 0.25 |
021 co, 1 o5
o5l e cH 04}
et B o 4
0.1 : : : : : : 03— : : : : : :
0.2 0.4 0.6 0.8 1 1.2 1.4 0.2 0.4 0.6 0.8 1 1.2 1.4
Steam-biomass ratio [-] Steam-biomass ratio [-]

(a) (b)

Figure 5.6. Simulated biomass gasification behaviour at 800C for different steam-biomass ratio
with 3.6 kg/h biomass feed and 293 um sand particles (a) dry gas composition (b) performance
indicators.

5.1.2.3 Effect of bed material particle size

Similar to the behaviour shown in Figure 5.3(a) for the gasification with air, Figure 5.7
shows that the bed material particle size also has a less significant effect on the gas
composition, particularly at the lower particle size, d, < 400 um. For higher particle
sizes, CO and CHs slightly decrease while H, and CO; slightly increase. With increasing
particle size, the bed voidage decreases due to poor expansion of the bed, reducing the
heat transfer and consequently the char conversion. The homogeneous gas phase
reactions are therefore enhanced due to higher steam availability, resulting in the
decrease in CO and CHa (only in a close watch).
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Figure 5.7. Simulated dry gas composition, showing the effect of bed material particle size on
the steam-biomass gasification behaviour at 800°C, SB = 1.0 and 3.6 kg/h biomass feed rate.

5.1.2.4 Effect of biomass load

Figure 5.8 shows the gas composition at different biomass flowrates based on the 615
pum sand particles with properties given in Table 3.3. The bed expansion at each steam
flowrate was obtained based on the method represented by Egs. (5.10) — (5.13) contrary
to the above results where the bubble diameter used in the expansion model, Eq. (4.26)
was predicted based on the Werther [71] model as described in the article [A10]. Figure
5.8(a) shows that there is a significant difference in the model predictions between the
two bubble diameter models. While CO and CH are higher, H, and CO; mole fractions
are lower when Eq. (4.8) is used. The two bubble diameter models give different bed
expansions, which influence the conversions in the bed. The prediction based on the
Werther bubble diameter model gives a value of 0.09 for the bed expansion
(corresponding to bed voidage of 0.5) at the gas velocity Uy /Uy, = 4.2 (or Uy — Upyy =
0.42 m/s), which seems too low for the gas velocity comparing with the behaviour
observed in the cold flow studies [A6]. Based on Eq. (4.8), the bed is fully expanded at
such gas velocity in that there is no physical bubble flow, and hence Egs. (5.10) —(5.13)
are applied for the bed expansion. The bed voidage predicted at the biomass flowrate
of 3.6 kg/h is 0.6, which is reasonable considering the gas velocity.

In addition, Figure 5.8(a) shows that increasing the biomass feed rate below 2.6 kg/h
affects the gas composition significantly. At a higher feed rate, the composition becomes
more or less constant. However, by closely observing the results in the figure when the
biomass feed rate > 2.6 kg/h, it can be seen that the amounts of CO and CHj slightly
decrease while those of H, and CO; increase. This can be attributed to the excessive
expansion of the bed, which reduces the gas residence time and thus decreasing the
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char conversion by the available gasifying gases. As expected, the cold gas volume
flowrate increases with increasing biomass feed rate. In the region of full bed expansion,
Figure 5.8(b) shows that the gas yield increases approximately linearly as the biomass
flow is increased, indicating a constant specific char conversion rate. At this constant
char conversion rate, increasing the biomass feed rate greatly increases the char
accumulation, which may lead to a reduced bed expansion and eventually to de-
fluidization of the bed at a very high biomass flowrate. For example, the char
accumulation increases from 0.23 to 1.35 kg/m? at the bottom of the bed with the
increase in the biomass flowrate from 1.8 to 4.0 kg/h. It should be noted that the effect
of this behaviour is not considered in the simulations. The char accumulation effect can
be accounted for by incorporating the average properties of the solid species in the bed
expansion model as described in Article [A7] while the minimum fluidization velocity of
the solid mixture is predicted as described in Article [A8]. By considering this effect, the
simulated gas composition and yield may be different from those shown in Figure 5.8.
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0.15 | ] B8 04r
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Figure 5.8. Effect of biomass feeding rate on the gasification behaviour at 800°C, SB = 1.0 and
615 um sand particles based on model simulations (a) dry gas composition; data points
representing behaviour using the Werther [71] model at 3.6 kg/h biomass feed (b) product gas
volumetric flowrate.

5.1.2.5 Effect of biomass particle density

The results shown in Figures 5.9 — 5.12 compare the gasification behaviour between two
different biomass densities 1139 and 423 kg/m3 for the same biomass particle size and
moisture content. The difference in the two densities influences the heat transfer
between the fuel particles and the gas stream as shown in Figure 5.9(a). For the lower
biomass density, the particle temperature near the bottom of the bed is lower and the
gas temperature in the freeboard is higher compared to those of the higher density. The
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variation in the axial temperature can be attributed to the differences in the axial
distribution of the fuel particles as shown in Figure 5.9(b). When introduced in the
reactor, the 1139 kg/m3 biomass sinks into the bed while the lower density biomass
floats around the feeding position. It should be noted that the flow of biomass to the
upper part of the bed is neglected in the simulation since devolatilization occurs very
fast at the operating temperature. Figure 5.9(b) also shows that larger amount of char
particles accumulates in the bed with lower biomass density, increasing the resistance
to heat exchange with the rest of the bed. The lower accumulation of char particles for
the higher density biomass indicates a better conversion, which is influenced by the
higher availability of different gasifying agents (CO2, H2 and H20) in the bed as shown
in Figure 5.10.
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Figure 5.9. Effect of biomass density on the gasification behaviour at 800C, SB = 1.0, 2.6 kg/h
biomass and 615 um sand particles (a) simulated axial temperature distribution (b) simulated
biomass and char axial distribution.

Figure 5.10 shows that the concentrations of the different gas species in the lower part
of the bed are higher for the higher density biomass. With considerable amount of
biomass in the bed, the different gas species released during the devolatilization
participate actively in the char conversion, increasing the CO and CHs yields while
decreasing CO,and H; yields. The water concentration is also lower in the higher density
biomass due to the enhanced conversion since the residence time and particle

temperature are higher.
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Figure 5.10. Simulated axial distribution of gas composition at 800C, SB = 1.0, 2.6 kg/h biomass
and 615 um sand particles, showing the effect of biomass density (a) 1139 kg/m?3 biomass (b)
423 kg/m? biomass.

Figure 5.11 shows that at increasing bed temperature, CO decreases and CO; increases
for the biomass with higher density while those of the lower density show opposite
trends. The trends of H, and CHas are the same for both types of biomass, although their
values differ significantly. As the temperature increases, the sinking rate of the higher
density biomass decreases, reducing the concentration of gases participating in the char
conversion. This thus leads to a higher increasing rate of H, with temperature. For the
lower density biomass, the increase in temperature enhances the reverse water-gas
shift, thus decreasing the CO, mole fraction and increasing the CO value. The higher
temperature in the freeboard also significantly favours the steam reforming reaction,
leading to a higher decreasing rate of CH4 with temperature for the biomass with lower
density.

Moreover, the steam conversion efficiency 7. decreases with increasing temperature
but increases with increasing biomass density as shown in Figure 5.12. For the overall
process efficiency 1y, (based on biomass with lower calorific value of 18 MJ/kg), the
results also show that the composition of CO influences the behaviour. While 1y, value
increases with temperature for the lower density biomass, it decreases for the higher
density in the same trend as CO shown in Figure 5.11. The overall efficiency of the denser
biomass is considerably higher compared to the lighter biomass due to the higher CO
and CHa contents of the product gas. This implies that with a higher char conversion, the
efficiency of a gasification process is greatly improved. Depending on the downstream
application of the product gas, it also follows that a lower gasification temperature is
better when the biomass density is high, which indirectly offsets the possible energy
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used in densifying the biomass particles. The energy saved in using a lower biomass
density in the gasifier will be incurred in using a higher temperature to generate gas with
high-energy value. However, for detailed analysis of the process efficiency, the energy
flow from the biomass preparation to the final product in the downstream process
needs to be considered also.
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Figure 5.11. Simulated dry gas composition at different temperatures, and SB = 1.0, 2.6 kg/h
biomass and 615 um sand particles, comparing the behaviour with two different biomass
densities; solid line = 1139 kg/m? biomass; dashed line = 423 kg/m3 biomass.
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Figure 5.12. Simulated conversion efficiencies at different temperatures, and SB = 1.0, 2.6 kg/h
biomass and 615 um sand particles, comparing the behaviour with two different biomass
densities.

5.2 Conclusion and recommendations

This study presented an elaborate analysis of fluidized bed behaviour and the influence
on the biomass gasification based on experimental data and model simulations. The
bubbling behaviour of bed materials was first investigated using a cold bed setup
equipped with two plane ECT sensors. The biomass residence time and char
accumulation during conversion in an air-blown bubbling bed were measured using a
hot bed reactor of similar dimension as the cold bed rig. The composition of gas
produced during the biomass gasification in the reactor at different bed particle sizes,
air flowrates and biomass flowrates were measured and analysed. The behaviour of
biomass gasification with steam at different operating parameters was investigated
using a 1D unsteady state model developed in this study for bubbling fluidized bed
reactors. The development of the reactor model was based on the conservation
equations of mass, momentum and energy. The gas phase model was based on the
continuum mechanism while the fuel particle motion was assumed dispersed. The
interactions between the fuel and bed material particles were also considered. The
motion of the bed material particles was neglected but the bed voidage at a given gas
velocity was accounted for by incorporating the correlation proposed in this study for
bed expansion. Other correlations related to the average bed properties at a fluidized
state were also proposed.

The findings of this study shows that the hydrodynamic of a bed of particles plays a
significant role in the fluidized bed thermochemical conversion of biomass. The shape
and size of the bed material particles influence the bed expansion and distribution of
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heat and particles, and thus the gasification process. The interaction between the
different solid types in the bed also influences the performance of the reactor.
Increasing the biomass density, increases the sinking behaviour and the amount of
gasifying agents available for effective conversion of char particles near the bottom of
the bed. A higher char conversion increases the product gas yield and the process energy
efficiency. Moreover, steam gasification of a high-density biomass requires low
temperature. Increasing the bed temperature decreases the biomass-sinking rate,
thereby reducing the char conversion in the bed due to limited gasifying agents.
However, with a low biomass density, increasing the temperature increases the CO and
H. yields. A gasification using steam or air gives similar trend in the gas composition
when the flowrate of the gasifying gas is increased at a fixed biomass supply. While the
mole fractions of CO and CH4 decrease, the concentration of H; increases with increasing
air-fuel ratio or steam-biomass ratio.

The proposed one-dimensional reactor model has to be validated against the
gasification process with air. The behaviour obtained at different operating parameters
using the model should be further investigated experimentally. As the model reveals
that the bed expansion and bed voidage greatly influence the gasification behaviour, the
correlations obtained from the cold bed behaviour should be validated at the elevated
temperatures.

The effect of different biomass types and properties should be evaluated. Most of the
inert materials used in this study belong to Geldart B group. For wider understanding of
the influence of bed hydrodynamics on the gasification, this study should be extended
to finer particles, particularly those belonging to group A behaviour. It should be noted
that at different temperatures, the fluid-particle behaviour changes between those of
different solid classes as noted in the literature. Hence, the behaviour observed in a cold
bed for a given particle may differ in the hot environment. Based on this, a systematic
approach for scaling up the behaviour from cold to hot bed condition without affecting
the bed material type should be investigated.

The mixing and segregation behaviour of biomass particles have been widely studied in
cold flow systems. Such behaviour should be investigated in the hot flow to enhance the
modelling scheme of a biomass fluidized bed reactor. In this study, a method using the
temperature variation measured along the bed axis was introduced. The analysis of this
technique needs to be given further attention.

The studies in this thesis did not account for the particle entrainment and tar generation
during biomass conversion. As these two variables are very important in determining
the quality and efficiency of the conversion, they should be considered in the further
work. The energy analysis of a given gasification process should be extended to different
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biomass types and gasifying agents. The influence of bed height as well as the biomass
feeding position should not be left out in the subsequent studies.

Finally, an attempt should be made to repeat the various experimental studies
conducted in this thesis with beds of larger diameter, at least in the range 30 — 50 cm.
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For a successful application of fluidized beds in chemical reactions and solids circulation, the boundary of
regime of operation such as bubbling and slugging regimes, needs to be clearly defined. This study pro-
vides a method for determining the onset of fluidized bed regimes using a two-plane electrical capaci-
tance tomography (ECT) sensor. The method involves computation and analysis of standard deviations
of the solids fraction recorded at each plane of the ECT sensor for different superficial gas velocities.
The experimental study is based on two different samples of 100-550 pm glass particles and one sample
of 150-450 pm limestone particles. The results show that the onset of bubbling is determined when a
bubble is first observed in the upper plane. The onset of slugging is obtained at the peak of the difference
in the solids fraction fluctuation between the two planes, which is determined at the point where the
rates of increase in the fluctuations are the same in both planes. The method developed in this study pro-
vides a means of obtaining accurate superficial gas velocities at the onset of slugging in fluidized beds.

© 2017 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY-NC-ND

license (http://creativecommons.org/licenses/by-nc-nd/4.0/).

1. Introduction
1.1. Background

Application of fluidized beds in processes involving chemical
reactions and solids circulation, for example catalyst regeneration
or heat transfer, requires a well-defined and stable contact regime
[1]. Maintaining the appropriate regime is a major challenge in
optimizing the design of fluidized bed reactors due to limited
understanding of the dynamics characteristics of fluidized beds
[2]. The properties describing the dynamic behaviour of a fluidized
bed include the variation of bubble shape, bubble size and solids
fraction distribution at different regimes [3].
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(L.-A. Tokheim), Marianne.Eikeland@usn.no (M. Eikeland), britt.moldestad@hit.no
(B.M.E. Moldestad).

http://dx.doi.org/10.1016/j.cej.2017.07.098
1385-8947/© 2017 The Authors. Published by Elsevier B.V.

When a bed is fluidized, it may transit from one flow regime to
another depending on the gas velocity. The fluidized bed regimes
include bubbling, slugging, turbulent fluidization, fast fluidization
and pneumatic conveying regimes [4]. The transition from one
regime to another is characterized with a certain superficial gas
velocity and a certain bed void fraction. Being able to determine
when transition occurs is important for the design of fluidized
bed reactors. The most common method to determine the mini-
mum fluidization velocity is by taking measurement of pressure
drop in the bed at different superficial gas velocities. The onset of
fluidization corresponds to the point where the pressure drop
across the bed reaches a maximum value. The minimum fluidiza-
tion velocity may vary with temperature, pressure or both depend-
ing on the properties of the bed [4].

The understanding of transition from the fluidized state to the
bubble regime is not as good as that of minimum fluidization [5].
In a bed of larger particles, for example 100-1000 pm, many
researchers have observed that bubbles appear as soon as the
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bed is fluidized. For fine particles such as fluid catalyst cracking
particles, the bed expands significantly after the minimum flu-
idization before bubbles appear. This means that the superficial
gas velocity at which bubbling occurs is higher than the minimum
fluidization velocity. The difference between the minimum bub-
bling velocity and the minimum fluidization velocity is attributed
to the significant magnitude of inter-particle forces between the
fine particles [5].

With further increase in the gas velocity, the bubbles grow in
size, and when the bubble size is in the order of the bed diameter,
the bed slugs [6-8]. The superficial gas velocity at which a slug
appears in the bed is the onset of slugging. The occurrence of slugs
depends on the bed aspect ratio defined as the ratio of bed height
to bed diameter, and on the particle size. In a large diameter bed,
slugs rarely occur because the bubbles will not be able to grow
in size up to the bed diameter. When a bed contains fine particles,
it will be difficult for it to slug. This is because the stable bubble
size in the bed is lower than the bed diameter due to competitive
bubble coalescence and bubble splitting [4,5]. Slugs can be in the
form of round-nosed structure in beds of materials that can be flu-
idized easily, or in form of square-nosed structure in difficult-to-
fluidize bed materials [9].

The transition between regimes in fluidized beds is accompa-
nied by the solids fraction fluctuation, pressure fluctuation and
bed expansion [5]. Different techniques used in fluidized bed stud-
ies measure these properties directly or indirectly. Such measure-
ment techniques include pressure transducers, capacitance probes,
optical fibre probes, etc. Since different techniques may provide
different information about the bed [10], a systematic analysis is
required to evaluate the information from the different measure-
ment methods [11]. Among other statistical tools, standard devia-
tion is widely used in analysing the measurement data. The
standard deviation can be used to measure the fluctuation of
dynamic behaviour of a fluidized bed. In this paper, the fluctuation
of the solids fraction is used to determine the behaviour of the flu-
idized beds. The solids fraction is measured using electrical capac-
itance tomography (ECT). ECT is a non-intrusive sensor used to
measure the relative permittivity between two non-conducting
phases. It is non-intrusive as it does not interrupt the flow or bed
it measures. In addition to being relatively cheap, fast and flexible
to use, ECT can be used in real-time applications, and this makes it
more versatile compared to other tomographic methods such as X-
ray, y-ray and ultrasonic tomography [2]. Despite its numerous
advantages, the temperature and size of the bed limit its applica-
tion. In a bed with diameter larger than 30 cm, ECT is not reliable
due to the nature of the soft field on which the measurement prin-
ciple depends [12].

1.2. Previous works

Several studies have been published on different fluidized bed
regimes and their transitions. Different techniques employed in
identifying a fluidized bed regime are visual detection and analyses
of bed property signals such as pressure fluctuation, voidage fluc-
tuation and bed expansion. In a bubbling fluidized bed, the fluctu-
ations arise due to propagation of pressure waves generated during
bubble formation, bubble movement, bubble coalescence/splitting
and bubble eruption at the surface of the bed [5]. These fluctua-
tions are often analysed in terms of standard deviation, power
spectra distribution and probability density function obtained over
the measurement period.

The onset of transition from fixed bed to particulate regime
(non-bubbling fluidized state) has been widely obtained from the
measurement of pressure drops or their fluctuations at different
gas velocities [4]. This method has been found to give consistent
results independent on the particle size, bed diameter and bed sta-

tic height. The minimum fluidization velocities have also been
obtained from analyses of absolute pressure fluctuation [13-15],
and void or solids fraction fluctuation for larger particles [16,17]
on the assumption that the minimum fluidization condition coin-
cides with that of bubbling regime.

The transition into bubbling regime is usually visualized as the
gas velocity where the first bubble is seen erupting from the bed
surface [18]. On the assumption that the fluctuations in fluidized
beds are due to bubble formation and passages, different research-
ers have obtained the onset of bubbling regime at the gas velocity
where the pressure [19] or solids fraction [17] fluctuations begins
to rise from zero. Leu and Tsai [19] also observed that the mini-
mum bubbling velocity is independent on the bed static height
but on the location of the sensors for measurement of the absolute
pressure fluctuations.

Slugging fluidized beds have been widely studied due to incon-
sistencies in the results presented by several authors. Different fac-
tors may be responsible for this variation, and these include sensor
position during the measurement, variation in the bed diameter,
bed height, particle size and particle shape [20]. Broadhurst and
Becker [21] used visual detection to identify slugs, where the onset
of slugging regime was obtained as the minimum gas velocity at
which a bubble is seen to have a continuous floor around the bed
circumference before arriving the surface of the bed. This method
was shown to produce successful results where the bed height is
above twice the bed diameter. Ho et al. [22] measured the mini-
mum slugging velocity at a point where the absolute bubble rise
velocity is locally minimum near the transition zone. The bubble
rise velocity was obtained from the cross correlation of two differ-
ent pressure fluctuation signals measured in the bed. In different
beds of glass and sand particles, 358 — 1112 pm, Ho et al. found
that the minimum slugging velocity is independent on the bed
diameter and bed height.

Dimattia et al. [20] used the same technique as Baeyens and
Geldart [7] to predict the onset of slugging regime. Baeyens and
Geldart [7] identified the flow of slugs in a fluidized bed as either
a single slug or a complete slugging. A single slug is observed when
the pressure fluctuation spike passes through the datum estab-
lished at the minimum fluidization condition while complete slug-
ging is obtained when the slug frequency is constant for any
change in the gas velocity. For larger particles (diameter above
500 um), Dimattia et al. [20] observed that the minimum slugging
velocity is independent on the bed height due to low resistance to
gas flow offered by these particles. In a similar technique, Kong
et al. [18] identified a slug flow when a negative amplitude fol-
lowed by a positive amplitude of the pressure fluctuation crosses
a datum line. In their results, Kong et al. concluded that the mini-
mum slugging velocity for fine particles (diameter below 100 pm),
is independent on the initial bed height.

Noordergraaf et al. [23] distinguished slugging from bubbling
regime by the occurrence of single predominant frequency and a
more regular pressure fluctuation pattern. The predominant fre-
quencies are due to passage of single chain of bubbles when the
bubble diameter is more than half of the bed diameter. In large
particle systems, Noordergraaf et al. obtained the minimum slug-
ging velocity at the point where the curve of predominant fre-
quency versus gas velocity is minimum. For glass particles, 450-
540 um, no predominant frequency was found. The authors con-
cluded that even for fine particles the method will not give results
since the pressure fluctuations associated with their fluidization
are too small to be sensed by the pressure transducers.

Du et al. [2] used ECT sensors to measure the solids fraction
fluctuation at different gas velocities above the minimum bubbling
velocity in different beds with diameters: 0.05, 0.1 and 0.3 m and
initial bed height 0.5 m. The authors obtained the minimum slug-
ging velocity at the peak of the solids fraction fluctuation. For the
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FCC particles, 60 um, the authors showed that the fluidized bed
passes through slugging to the turbulent regime only in the
0.05 m bed. In the larger bed diameters, the system moved from
bubbling to turbulent regime, where the onset of turbulent flu-
idization was obtained at the peak of the solids fraction fluctuation.
These results are not in agreement with Baeyens and Geldart [7]
observations. Baeyens and Geldart [7] correlated data from differ-
ent beds: mean particle size ranging from 55 to 3380 um, particle
density in the range of 850 to 2800 and bed diameter in the range
of 0.05 to 0.3 m. Their correlation have been widely used for pre-
dicting the minimum slugging velocity for different particle prop-
erties, bed heights and diameters.

In the bed of 216 um glass particles (bed height to diameter
ratio of 9.8), Bi [5] measured the voidage fluctuation using optical
fibre probes. The experiment was conducted to illustrate the tran-
sition to turbulent fluidization through slugging regime. Bi [5]
noted that the minimum velocity at transition to turbulent flow
is obtained at the peak of the voidage fluctuation. Although there
is a gradual drop in their results before the peak, the boundary
between the bubbling and slugging zones is not clearly marked.

Considering the discrepancies among the results from different
literatures, the study of regime transition in fluidized beds is still
an ongoing process. In this paper, the method of using information
from both planes of a two-plane ECT system for determining the
onset of fluidized bed regimes is applied. Finding the actual point
at the onset of every regime is vital for a successful fluidized bed
application. In systems where the transition is gradual, it may be
difficult to determine the exact velocity and void fraction at the
onset of the regime. The aim of this paper is to exploit a possible
way to combine the information from both planes of the ECT sen-
sor to determine the exact velocities at the onset of slugging.

The study is carried out applying a cold fluidized bed rig using
different particle size distributions, bed materials and bed heights.
The statistical analysis is based on the standard deviation of the
solids fraction, and all the computations are done in MATLAB.
The minimum fluidization velocities of the particles used in this
study are first obtained from the pressure drop measurement
across the bed. This set of values is used to validate the measure-
ments from the ECT sensors. The superficial gas velocities obtained
at the onset of fluidization, bubbling and slugging are compared
with the values calculated based on the empirical expressions for
the respective regimes.

In the remaining parts of this paper, the empirical correlations
for prediction of the onset of regime transition in a fluidized bed
are presented first, then a description of the experimental setup
is given, and finally the results are presented and discussed.

2. Minimum superficial gas velocities at fluidization, bubbling
and slugging

In this study, the velocity at the onset of fluidization, referred to
as the minimum fluidization velocity is denoted by Uy [m/s]. Upy
is obtained by balancing the net weight of the bed with the drag
force between the fluid and the particles in the bed.

Un
(1~ ), — po)g =L
mf

(1)

Here, &,y is the void fraction at minimum fluidization [-], p, is
the particle density [kg/m®], p, is the fluid density [kg/m’] and g
[m/s?] is the acceleration due to gravity. f; [kg/(m>s)] is the
momentum transfer coefficient between the two phases. The accu-
racy of the Uy calculation depends on the drag model used. A
number of drag models have been published in the literature

[24-26]. The simpler and more common one is that given by Gidas-
pow [27]. It was derived from Ergun’s equation of pressure drop in
fixed beds and is shown in Eq. (2).
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Here, y, is the fluid dynamic viscosity [Pa.s], d; the average
diameter of the particles [m] and ¢, the particle sphericity [-].
According to Ergun [28], the pressure drop in a fixed bed can be
obtained from
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where 4P is the pressured drop per unit length across the bed [Pa/m]
and &g is the volume fraction of the solid particles in a fixed state
[-]. Ergun’s model is developed for a dense phase system where
the solids concentration is greater than 0.2. The drag model based
on the correlation of Gibilaro et al. [29] can be used for the entire
range of solids fraction, and may be described as

Emp(1 — &) ~1.80
Ba=Cy Tpgumfgmf (4)
where C, is the single particle drag coefficient [-], given by
Cqs=0.336+ 17.3 (5)
es.mf

Here, Re; s is the modified particle Reynolds number [-] at min-
imum fluidization conditions, expressed as

— Un sds
Res_mf _ (1 8mf) pg f P (6)

Smf :u“g

In addition to the momentum transfer coefficient, the void frac-
tion at minimum fluidization is another parameter that determines
the accuracy of the U,y calculation. Similar to Uy, &q is a bed
property, thus its accurate measurement or evaluation is impor-
tant. &, has been observed to strongly depend on the particle
sphericity, and according to Wen and Yu [30] its approximate value
can be obtained through Eqgs. (7) or (8), depending on the particle
Reynolds number at minimum fluidization conditions.

1-¢

g3y = 0.091 (Tg'"f); Reyy < 20 (7)
1/3

Emf = <03)7]> ; Remf > 20 (8)

The onset of bubbling depends on the particle size. For larger
particles, the minimum superficial gas velocity U,,;, in the bubble
regime is about the same as the minimum fluidization velocity
[31]. However, with fine particles, Geldart and Abrahamsen [32]
found that U, strongly depends on the fraction of particles smal-
ler than 45 pm that are present in the bed. The ratio L”,'—r:? for these

types of particles may be expressed as

U 2300013 052
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where wys is the weight fraction of particles smaller than 45 pm [-].
Geldart and Abrahamsen [32] also correlated the void fraction
at minimum bubbling condition [33] as given by
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where &, is the average void fraction of the bed at minimum bub-
bling condition.

The transition from bubbling to slugging strongly depends on
the bed aspect ratio ho /Dy, where hy is the bed height [m] in a fixed
state, and D, is the bed diameter [m]. Yang [34]| showed that in
addition to ensuring sufficiently high superficial gas velocity, slug-
ging will occur if hyo/D, > 2. According to Geldart [35], the super-
ficial gas velocity U, at the onset of slugging can be obtained from

Ups = Upys + 0.0016(60D%"7° — hyyp)” +0.07(gD,)°° (11)

where all the length units are in centimetres, and h,,s is the bed
height at minimum fluidization conditions.

When the bed contains particles of different sizes, the mean
particle diameter used in Eqgs. (1)-(11) is obtained as given in Eq.
(12), which ensures that the total surface area of the particles for
the same total bed volume remains the same [4].

_1
> (@)

Here, d; is the diameter of the individual particle having a
weight fraction wy; in the bed.

dy = (12)

3. Experimental
3.1. Experimental setup

The setup used in this work consists of a cylindrical column of
diameter 10.4 cm and height 1.4 m. The bottom of the column is
fitted with a porous plate and an air supply hose. The porous plate
ensures even distribution of air in the bed. The measuring
equipment is a dual-plane ECT sensor. The system is shown in
Fig. 1. The sensors are located at two different positions, 15.7 cm
and 28.7 cm above the distributor. Each sensor consists of 12

| Airout

electrodes, uniformly distributed around the plane circumference.
The cross-section of each sensor is divided into 32 x 32 square pix-
els, of which 812 pixels lie within the bed as shown in Fig. 1b. Each
pixel holds a normalized relative permittivity between 0 and 1.
When the sensors are energized by the applied voltage, the capac-
itance between each pair of electrodes is measured and converted
into permittivity values according to the relationship C=SP [36].
Here, C is an M x 1 capacitance matrix with M = 66 (number of
inter-electrode pairs), P is an N x 1 relative permittivity matrix
with N = 1024 (number of pixels) and Sis an M x N sensor sensitiv-
ity matrix. The relative permittivity is evaluated based on the
Linear Back Projection algorithm [36].

The experiments were performed with limestone and glass
particles using compressed air at ambient temperature. These
materials were chosen because the difference in their properties
gives different behaviour in the fluidized beds. The glass particles
may exhibit smooth fluidization, as they are close to spherical in
shape and are not adhesive in nature. On the contrary, limestone
particles are adhesive and irregular in shape, which may influ-
ence fluidization behaviour negatively. In spite of this, limestone
may be a good bed material for chemical synthesis due to its cat-
alytic property and ability to withstand high temperature. Using
glass particles of different size distributions will also help to
investigate the influence of particle size distribution on the
fluidized bed regime transition. For each set of particles, the
experiments were conducted with three different bed heights:
52, 58 and 64 cm.

Table 1 shows the properties of the bed materials and the range
of superficial air velocities used in the experiment. In the experi-
ments, the ECT sensors were first calibrated for the lower permit-
tivity when the column was empty, and then for the higher
permittivity value by filling up with the appropriate particles to
a height between 50.0 and 64.0 cm which ensured that the upper
plane was well covered with the particles. The lower and higher
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Fig. 1. (a) Schematic illustration of a cold fluidized bed where two plane ECT sensors are used to measure solids fraction. (b) Cross-section of the bed divided into 812 pixels.
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Table 1
Bed properties with the associated range of superficial air velocity.

Materials Material density Particle size Mean particle Solids fraction in Sphericity Superficial air
[kg/m3] [pum] diameter [um] fixed state [-] [-] velocity [m/s]
Glass 2500 100-550 261 0.62 0.96 0.039-0.334
Glass 2500 100-550 188 0.63 0.96 0.010-0.275
Lime stone 2837 150-450 293 0.51 0.84 0.039-0.373

permittivity values defining the range of the measurement are nor-
malized into values 0 and 1, respectively. The normalized relative
permittivity ¢, [-] is a measure of volume fraction of solids in the
bed. The volume fraction of particles ¢ [-] at any point in the plane
is obtained from & = &x¢&,. The observed value of the fixed bed
solids fraction & is given in Table 1.

After the sensor calibration, the air supply line was opened and
the superficial air velocity was gradually increased until the full
range was covered. For each air velocity, the images of solids distri-
bution at each plane of the ECT sensors were recorded for 60 s. The
image data were captured at a frame frequency of 100 Hz, giving
6000 frames over the 60 s. The recorded image data were exported
for analysis in MATLAB. To reduce the experimental random error,
five different measurements were taken at interval of 2 min for
each air velocity. These five data sets were analysed separately,
and their average was taken.

3.2. Measurement of solids fraction fluctuation

At a given gas velocity, the solids fraction fluctuation is mea-
sured by computing the standard deviation of the plane-average
solids fraction over the measurement periods. For each pixel in a
given plane, the solids fraction is measured with the ECT sensor
as described in 3.1, and then stored in a matrix A(i,j,k). The indices,
“i” and “j” locate each pixel in a 32 x 32 plane; see Fig. 1b, while
the index “Kk” is the time frame at which the pixel value is obtained.
The plane-average solids fraction, &g at a given frame is then
obtained from

32 32

g = %ZZA(i,j,k)
i

Over the entire frames, the time average solids fraction, & at
each plane is computed from

5
& == Esk
N k=1

The standard deviation g, of the solids fraction in each plane at
a given gas velocity is then computed from

1 N
Op = WZ(Ssk — &)
[

Here, n = 812 is the number of pixels within each plane and
N = 6000 is the number of frames taken. The subscript “p” denotes
upper or lower plane.

4. Results and discussion

First, to determine the minimum fluidization velocity, pressure
measurements for the beds of limestone and glass particles with
mean size 261 um were recorded in a separate cold fluidized bed
fitted with pressure sensors; see [37] for detailed description of
the experimental setup. The results are shown in Fig. 2. The
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Fig. 2. Pressure drop as a function of the superficial air velocity in beds of lime
stone particles (mean diameter 293 um) and glass particles (mean diameter
261 pm), used to determine the particle minimum fluidization velocity.

minimum fluidization velocities of limestone and glass particles
are 0.157 m/s and 0.095 m/s, respectively.

Fig. 3 shows the behaviour of the 261 um glass particles over
time at different velocities. The initial bed height was 64.0 cm.
The results show that as the air velocity is increased the bed moved
from the static state (Fig.3a) through the bubble regime
(Fig. 3b and c) to the slow-rising bubble (or slug) regime
(Fig. 3d). Figs. 4 and 5 show that the 188 pm glass particles and
limestone particles respectively have the same type of behaviour,
but the transitions occur at different velocities. A bubble region
in this work is regarded as where the solids fraction is 0.2 or less
as indicated in the colorbars.

The superficial air velocity at the onset of each regime can be
obtained by analysing the standard deviation of the solids fraction
for the range of the superficial gas velocities used. Plots of the stan-
dard deviations against the superficial air velocities in both planes
are shown in Fig. 6 for the 261 um glass particles, Fig. 7 for the
188 um glass particles and Fig. 8 for the limestone particles. The
standard error bars are also shown in each of the plots to indicate
how the solids fraction fluctuations measured in the five different
measurements taken at each air velocity, spread around the mean
value reported in this study. As the standard error for each data
point is very small, the mean value of the solids fraction fluctuation
used in the further analysis, is reliable. The difference in the upper
and lower planes standard deviation (Gupper — Glower) are also shown
in the respective figures.

As shown in Figs. 6-8, the solids fraction fluctuations increase
rapidly from O (zero) due to bubble passage and increase in bubble
rise velocity as the gas velocity increases. With increasing gas
velocity, the bubbles grow rapidly and increase in size, resulting
in the increase in the solids fraction fluctuation. After a certain
velocity, the rate of increase in the fluctuations decreases when
the bubble approaches a stable size. This region of decreasing rate
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Fig. 3. Images from the upper plane ECT sensor stacked in time for the first — 10 s of the flow in a bed of glass particles (mean diameter 261 um) at different superficial air
velocities (a) 0.088 m/s, no sign of bubble in the plane. (b) 0.098 m/s, bubbles emerge in the plane. (c) 0.137 m/s, bubbles coalesce and become larger in the plane. (d) 0.157 m/
s, the frequency of bubble rise decreases as the bubbles become even larger. Bed height is 64.0 cm; time axis increases from top to bottom.

of solids fraction fluctuation in the bed marks the slugging regime.
In Fig. 6, for example, the solids fraction fluctuation begins to
increase above zero at a velocity of about 0.088 m/s which corre-
sponds to the onset of fluidization shown in Fig. 3a. As there is
no sign of bubble in Fig. 3a, it means that the bed was not bubbling
at the minimum fluidization velocity. The behaviour shown in
Fig. 3 indicates that the velocity at onset of bubbling lies between
0.088 and 0.098 m/s. Similarly, Figs. 7 and 8 show that the beds of
188 pum glass and limestone particles begin to bubble when solids
fraction fluctuation are significantly above zero in the upper plane.
This shows that there could be factors other than bubble formation
and passage responsible for the fluctuations in the fluidized bed.
According to Bi [5], this may be due to self-excited oscillation of
fluidized particles near the gas distributor.

As there is no clear demarcation between the particulate and
bubbling regimes, it is difficult to obtain the minimum bubbling
velocity from Figs. 6-8. The onset of bubbling in this study is
obtained where a significant bubble is first observed in the upper
plane, and these are virtually detected as shown in Figs. 3-5. With
further increase in gas velocity, the solids fraction fluctuations in
both planes increase. Within a certain range of gas velocity, the
increase in the solids fraction fluctuation is almost linear in the
upper plane and exponential in the lower plane. When the bubble
reaches a stable size (such as that in the slugging) at a higher gas
velocity, the rate of increase in the solids fraction fluctuation
decreases and then remains constant with further increase in the

gas velocity. This can be seen from Figs. 3 and 6. Because g—‘; =

6.15 (>2), the decrease in the rate of solids fraction fluctuation indi-
cates a transition from bubbling to slugging. As the change in the
rate of increase in the solids fraction fluctuation is gradual espe-

cially in the lower plane, it is difficult to determine the exact gas
velocity at the onset of slugging from any of the planes.

The patterns of the curve of solids fraction fluctuation pper in
the upper plane and that oy, in the lower plane show that even
when the rate of increase in gy, value decreases, the rate of
increase in oy value still increases. Considering the curve pre-
senting the difference in the standard deviations (“Difference in
fluctuation”) in each of the Figs. 6, 7 and 8, it can be seen that
this curve increases from zero as the gas velocity is raised above
the minimum fluidization velocity. The difference in fluctuation
Oupper — Olower Measures the relative change in the rate of increase
in the solids fraction fluctuations between the upper and lower
planes. The Gyyper — Tlower Curve peaks at a certain velocity, where
the rate of increase in solids fraction fluctuation in the upper
plane equals that in the lower plane. For velocities below the
velocity at the peak, the rate of increase in the solids fraction
fluctuation in the upper plane is higher than that in the lower
plane, indicating that the bed is bubbling. Beyond the peak veloc-
ity, the rate of increase in the solids fraction fluctuation in the
lower plane is higher than that in the upper plane, indicating that
the bed is slugging. The gas velocity at the peak corresponds to
the minimum slugging velocity. Because of the uncertainties in
identifying the exact point the Gypper — Olower Curve peaks, this
method may be difficult to use in obtaining the onset of slugging
velocity.

Fig. 9 shows the rates of increase in the solids fraction fluctua-
tion obtained in both planes for the bed of 261 pm glass particles.
The increase in the solids fraction fluctuation rate is obtained from
the ratio AA—JO [s/m], where the operator A indicates a change and U,

is the superficial gas velocity [m/s]. It can be seen that the AA—{,’U curve
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Fig. 4. Images from the upper plane ECT sensor stacked in time for the first - 10 s of the flow in a bed of glass particles (mean diameter 188 pm) at different superficial air
velocities (a) 0.039 m/s, no sign of bubble in the plane. (b) 0.049 m/s, bubbles emerge in the plane. (c) 0.128 m/s, bubbles coalesce and become larger in the plane. (d) 0.157 m/
s, slugs rise in the plane. Bed height is 52.0 cm; time axis increases from top to bottom.
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Fig. 5. Images from the upper plane ECT sensor stacked in time for the first - 10 s of the flow in a bed of limestone particles (mean diameter 293 pm) at different superficial
air velocities (a) 0.137 m/s, no sign of bubble in the plane. (b) 0.157 m/s, bubbles emerge in the plane. (c) 0.216 m/s, bubbles coalesce and become larger in the plane. (d)
0.235 m/s, the frequency of bubble rise decreases as the bubbles become even larger. Bed height is 52.0 cm; time axis increases from top to bottom.
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Fig. 6. Solids fraction fluctuation as a function of superficial air velocity in a bed of
glass particles (mean diameter 261 um), showing values for the upper plane, lower
plane and their difference.
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Fig. 7. Solids fraction fluctuation as a function of superficial air velocity in a bed of
glass particles (mean diameter 188 pm), showing values for the upper plane, lower
plane and their difference.

for the upper plane begins to decrease after a velocity of about
0.1 m/s while AA—L;‘O curve for the lower plane is still increasing. This
gas velocity is below the minimum slugging velocity, thus the
bed will still be in bubbling zone. Beyond the point of intersection
of both curves, the AA—U“O values decrease in both planes towards a
stable value. The decrease in AA—J) values in both planes indicates
that the bed is slugging. Similar behaviour are also observed for
all the particles studied in this work. The intersection of the AA—L‘,’O
curves indicates the onset of slugging, which can be obtained at
that point. This method for identifying the minimum slugging
velocity depends on the values of velocity plotted against AA—lj’O val-
ues. If the lower value Uy; in the change AUy = Ug, — Ug; is used,
the corresponding minimum slugging velocity will be lower. A
more accurate result is obtained when AA—& is plotted against the
average velocity 1 (Ug; + Un).

It should be noted that this approach of finding the onset of
slugging is possible because of the sufficient gap between the
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Fig. 8. Solids fraction fluctuation as a function of superficial air velocity in a bed of
limestone particles (mean diameter 293 um), showing values for the upper plane,
lower plane and their difference.
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Fig. 9. Rate of solids fraction fluctuation increase as a function of superficial air
velocity in a bed of glass particles (mean diameter 261 um). The vertical line
through the point of intersection of the two curves indicates the onset of slugging.

two planes. As observed during the experiments, the upper part
of the bed showed high bubbling activities and signs of slugging
earlier than the lower part. This is probably because the location

of the upper plane g—: =2.76 is greater than 2 (precondition for slug-

ging) while that of the lower plane IS—L = 1.51 is less than 2.

In addition, the results show that the bed of the 261 um glass
particles and that of the 188 pm glass particles show similar flow
behaviour. Transitions from fixed state to fluidized state and from
bubbling to slugging as shown in Figs. 6 and 7 are smooth, and the
bubbles rise closer to the centre than to the wall of the beds, as
shown in Figs. 3 and 4. This similarity in behaviour of the particles
is due to the same material properties and the same range of par-
ticle sizes contained in the different beds, although with different
distributions. The flow behaviour of limestone particles is, how-
ever, a bit different. Fig. 8 shows that the transitions from one
regime to another in the bed of limestone particles are sharp. This
can be seen at the onset of fluidization (solids fraction fluctuations
suddenly increase above 0) and prior to the onset of slugging
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where the (O ypper — Tlower) Curve has a pointed peak. Fig. 5 shows
that bubbles rise closer to the wall than to the centre.

4.1. Minimum fluidization velocities and fluidization index

The observed minimum fluidization velocities obtained from
analysis of the ECT image data are compared with those computed
using the drag models given in Eq. (2) and Eq. (4). The particle
shape factors used in these computations, i.e. the sphericity (¢;)
values given in Table 1, were derived by fitting Eq. (3) to the exper-
imental data in Fig. 2 for limestone and for the 261 pm glass parti-
cles. Since the 188 um glass particles contain the same range of
particles sizes as the 261 um glass particles, both mixtures are
assumed to have the same average particle shape factor.

Fig. 10 compares the experimental minimum fluidization veloc-
ities with the computed values. The minimum fluidization velocity
is plotted against the particle Archimedes number, expressed as

3 — . . . .
Ar = ds"g(zisng)‘g, which compares the net weight of a particle with
g

the internal viscous force due to fluid flow. The result shows that
the minimum fluidization velocity increases with the Archimedes
number. The upper plot in Fig. 10 shows U,y computed based on
the estimated bed void fraction at minimum fluidization condi-
tions using Egs. (7) and (8). The results show that the inaccuracy
in computing the minimum fluidization velocity from both drag
models increases as the Archimedes number increases, although
the drag model based on Gilbiaro et al. in general gives a better
result and is quite close to the experimental data when Ar <
1500. Comparing with the computations using the void fraction
obtained in the experiments (as given in Table 1), the lower plot
shows that the Gidaspow model gives a better estimation. Fig. 10
shows that the computed U, are lower than the experimental val-
ues with the use of estimated &,,; and higher with the use of exper-
imental values of &,;. This shows that the value of ¢, that will give
a better estimation lies between the estimated and the experimen-
tal values. More so, as U, depends on the effective diameter of the
particles, which depends on the particle shape, adjustment of the
values of ¢, may improve the estimation.

Variations of the excess velocity to the onset of bubbling,

Ump — Uy and that of the fluidization index g_',:lf with the Archi-
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Fig. 10. Minimum fluidization velocity as a function of Archimedes number,
comparing the experimental data with the computed values based on two different
drag models (Gidaspow and Gilbilaro et al.), applying the estimated void fraction
(upper plot, A) and the measured void fraction (lower plot, B) at minimum
fluidization conditions.

medes numbers are shown in Fig. 11. From the results, it can be
seen that the excess velocity to the onset of bubbling is invariant
with the particle size. This explains that most resistance to gas flow
is encountered before the minimum fluidization condition, which
solely depends on the particle size and density. Once bubbles begin
to rise, the particle properties have less influence on the overall
behaviour of the bed. The fluidization index, which decreases
towards a unity as the Archimedes number increases, measures
the degree to which a bed can be expanded uniformly before bub-
bling. This shows that with an increase in the particles size, the bed
may begin to bubble without actually being expanded beyond the
height at the minimum fluidization.

4.2. Superficial gas velocities at onset of slugging

As described above, the gas velocity at the onset of slugging is
obtained at a point where the curve of the rate of increase in the
solids fraction fluctuation at the upper plane intersects with that
at the lower plane, which may occur at the peak or immediately
after the peak of the (Gupper — Glower) Curve. Fig. 12 compares the
experimental data with those computed from Eq. (11) at different
initial bed heights. The bed height at minimum fluidization condi-
tions used in the computation is obtained from the mass balance,

which yields h,; = % The standard error bars shown in Fig. 12

indicate that the error in determining the onset of slugging by ana-
lysing the average of the five measurements (solids fraction) taken
at each gas velocity is small. For the three different particles at the
three different bed heights, Fig. 12 shows that the experimental
data are in good agreement with the computed values. Both results
show that the minimum slugging velocity increases with an
increase in the particle size. Eq. (11) suggests that U,,s decreases
with the bed height up to h,; = 60D} "%, after which it increases.

The value of 60D} '”* defines the bed height at minimum fluidiza-
tion conditions for a stable slug flow. As the computed U,,;s for each
particle decreases with the bed height, it follows that the three bed
heights are below the height 60D)'”> (= 90.4 cm) for a stable slug.

Fig. 12 also shows that the variations of computed U,,;; with hg
are almost linear, and the lines for the different particles are paral-
lel. However, the experimental results show some degree of scatter
which increases with increase in the particle size. This shows that
the dependency of minimum slugging velocity on the initial bed
height decreases when the particle size increases.
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Fig. 11. Influence of particle size on the onset of bubbling, showing excess velocity,
Umb — Uny and fluidization index, %’ﬂj& as functions of particle Archimedes number.
Lines are the data fittings.
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The ease of bed slugging can be evaluated from the ratio L;""f

referred to as the slug index. A lower value of the slug index indi-
cates that the bed can easily slug. Fig. 13 compares the computed

slug index values with the experimental values at different Archi-

Ums—U,

medes numbers. Both plots show that —”f decreases rapidly in

the lower range of Ar and decreases sllghtly in the upper range.
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Fig. 14. Bed average solids fraction, ]’imb at minimum bubbling condition as a
function of minimum bubbling velocity, comparing the computed values with the
experimental data.

The decrease in the value of the slug index with the Archimedes
number shows that a bed of larger particles has a greater tendency
to slug than a bed of smaller particles. It can also be seen that the
slug index slightly depends on the bed height, and its dependency
on the bed height decreases with an increasing Archimedes num-
ber. The curve fitting the experimental data suggests that the slug
index approaches a stable value (in this case about 0.61) when Ar is

very large, whereas the fitting of the computed U’"‘m;]'"f values

shows that the stable slug index value is about 0.0016.

4.3. Average bed void fraction at onset of bubbling and slugging

At a given gas velocity, the average void fraction,
g£=1-1(eq + &) is computed for all the particles. The range of
particles and bed properties considered in this study are given in
Table 2.

Fig. 14 shows the variation of the measured void fraction with
the minimum bubbling velocity, Up. The results show that the

measured average solids fraction ratlos o b are in good agreement

with the computed values from Eq. (1 ). As can be seen, the solids
fraction ratio increases rapidly at the lower values of U, and then
slightly tends towards a constant value at the higher values of U.

Fig. 15 shows how the bed average solids fraction Hms at the

onset of slugging varies with the slugging velocity g ”m Smce the

slug velocity ratio ”ms increases with a decrease in partlcle size,

the result shows that —”L decreases as the particle size increases.

The lower value of 1= F"“ mdlcates a relatively higher void at the

Table 2

Properties of fluidized beds at different regimes.
Materials Mean size [um] Density [kg/m?] ey [-] Emp [-] &ms [-] Upy [cm/s] Upp [cm/s] Uns [cm/s]
Glass 188 2500 0.430 0.450 0.526 3.80 4.90 14.50
Glass 261 2500 0.450 0.474 0.536 8.15 9.25 14.69
Limestone 293 2837 0.530 0.544 0.620 13.80 15.0 21.16
Sand 483 2650 0.460 0475 0.565 16.50 17.66 25.82
Glass 624 2500 0.488 0.493 0.570 23.20 24.50 33.80
Limestone 697 2837 0.607 0.616 0.683 39.24 40.50 48.22
Molecular sieve 2170 1300 0.472 0.490 0.607 76.85 78.15 91.57
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Fig. 15. Bed average solids fraction, }’ﬁm at minimum slugging condition as a

function of minimum slugging velocity ratio 5—m;

onset of slugging compared with that at the minimum fluidization
condition. The associated smaller values with larger particles fol-
low the fact that bubbles grow faster and larger in the bed of larger
particles. At the onset of slugging, bubble could even be as large as
the bed diameter, leading to large void in the bed.

As can be seen, the experimental data can be fitted to a curve
over the range of particle size and density considered. The curve
fitting the measured solids fraction ratio at the minimum slugging
condition is given in Eq. (13). This equation can be used to predict
the average value of bed void fraction &, at the minimum slugging
condition.

1 — &ms
1—8mf

U.\ 10 -1
= [1.206 + 0.604 (U"“) (13)
mf

5. Conclusions

In this study, a method is developed for determining the onsets
of bubbling and slugging in a fluidized bed using a dual-plane elec-
trical capacitance tomography (ECT) sensor. The method involves
analysis of the bed behaviour at different superficial gas velocities
based on the standard deviation of the solids fraction fluctuation in
each plane of the sensor.

The minimum fluidization velocity is obtained where the solids
fraction fluctuation begins to increase from zero. The onset of bub-
bling is determined when a significant bubble is first observed at
the upper plane of the bed. The onset of slugging is characterized
by the peak of the difference in the solids fraction fluctuation
between the upper and lower planes, and is determined at the
point closest to the peak where the rates of increase in the solids
fraction fluctuations are the same in both planes.

The accuracy of the computed minimum fluidization velocity
based on the Gidaspow [27] and the Gilbilaro et al. [29] drag mod-
els depends on the values of the particle shape factor and the bed
void fraction at minimum fluidization conditions. The required
value of the void fraction for accurate results was then found to
lie between the measured value and the estimated value based
on the Wen and Yu empirical expressions. With an increase in
the particle size, the fluidization index decreases while the excess
velocity to the onset of bubbling appears relatively the same. Both
the particle size and the bed height influence the transition from
bubbling to slugging. The larger the particle size is, the greater is

the particle tendency to slug. The dependency of minimum slug-
ging velocity on the bed height decreases with increase in the par-
ticle size. The ratio of the average solids fraction at the onset of
slugging to that at onset of fluidization appears to be constant
for small particles, but decreases with an increase in the particle
size for larger particles. Based on the experimental data obtained
over a wide range of particle size 180-2200 um, a correlation
was developed for prediction of average bed void fraction at the
onset of slugging.

Furthermore, the three different particle samples primarily con-
sidered in this study show that the method developed in this paper
for determining the onset of slugging in a fluidized bed is consis-
tent with different material properties (sphericity, density and size
distributions). Fitting of the experimental data suggests that a set
of empirical correlations as a function of the Archimedes number
can be obtained for estimating the velocities at the onset of flu-
idization (minimum fluidization velocity), at the onset of bubbling
and at the onset of slugging, but this will require more experimen-
tal data in a future work.
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Abstract

The behaviour of a fluidized bed can be modeled based
on the Euler-Euler approach. This method has been fully
utilized in both three-dimensional (3D) and two-
dimensional (2D) systems for obtaining, for example,
the axial and radial distribution of fluidized bed
properties. However, the bed property such as void
fraction distribution along the flow direction can be of
great interest for a design purpose. To save
computational cost, an appropriate one-dimensional
(1D) model can be used to obtain the average bed
property along the vertical axis of a fluidized bed. In this
paper, a 1D model based on the Euler-Euler method is
presented. The results show that the model can be used
to describe the behaviour of a fluidized bed. With a
reasonable accuracy, the results also show that the 1D
model can predict the minimum fluidization velocity
and the superficial gas velocity at the onset of slugging
regime.

Keywords: Euler-Euler, bubbling, void fraction, flu-
idized bed, flow regime

1 Introduction

The fluidized bed has wide industrial applications. Such
applications include circulation of catalyst particles in a
chemical reactor, pneumatic transport of particles and
gasification of coal/biomass. In fluidized bed reactors,
there is a good mixing of solids and fluid, and this
enhances heat and mass transfer rates between the fluid
and the particles.

For the purpose of design and prediction of
hydrodynamic behaviour of fluid-particle systems,
several empirical and semi-empirical models have been
developed. Moreover, the computational fluid dynamics
has also been applied in such a multi-phase system. As
in a single-phase system, the mass, momentum and
energy transfers also govern the motions of fluid and
particles in the bed. The interface momentum transfer
between the phases influences the behaviour of the
system. When a fluid flows through a bed of particles,
the drag force acts continuously against the weight of
the bed. At a certain fluid velocity, the bed begins to

DOI: 10.3384/ecpl7142575

float in the fluid stream. This velocity is generalized as
the minimum fluidization velocity. Previous studies
have shown that at this fluid velocity, the interphase
drag force corresponds to the net weight of the bed. This
concept is used in deriving models for estimating the
minimum fluidization velocity from the drag models
(Kunnii and Levenspiel, 1991). Due to complexities
arising from particle-particle interactions and particle-
wall interactions, it has been proven difficult to establish
accurate fluid-particle interphase drag models to predict
accurately the behaviour of fluidized beds. However, a
number of drag models can be found in the literature
(Taghipour et al, 2005; Beuzarti and Bournot, 2012; Li
et al, 2009).

Beyond the onset of bed fluidization, and with
increasing superficial gas velocity, the agitation of
particles in the bed increases. Different phase transitions
can be observed when a bed is fluidized. As the fluid
velocity increases, a fluidized bed passes through the
bubbling regime, the turbulent regime, fast fluidization
and the pneumatic conveying regime (Kunnii and
Levenspiel, 1991).

In this study, the focus is on modelling a bubbling
fluidized bed. A number of models have been developed
for such a regime. Davidson and Harrison (1965)
developed a simple two-phase model based on a mass
balance and experimental observations. The underlying
assumption in this model is that two distinct phases, —
bubble and emulsion exist throughout the bed. A more
advanced model based on physics of mass, momentum
and energy conservations have also been developed.
Two widely used approaches to this model development
are those based on the Euler-Euler and the Euler-
Lagrange methods (Crowe et al, 2012). Depending on
the fluid-particle drag model and the numerical method
employed, the two- and three-dimensional (2D and 3D)
versions of these models have been proven successful in
predicting the behaviour of fluid-particle multiphase
systems. One major drawback is that the 2D and 3D
models are highly computational time demanding.

There is a limited number of studies based on a 1D
model. Solsvik et al (2015) used a 1D model in a
methane reforming studies, and Silva (2012) presented
a non-conservative version of the model for simulating
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the bubbling bed behaviour of a biomass gasification
process.

In this paper, the goal is to develop a detailed one-
dimensional model that predicts well the behaviour of a
fluidized bed with less computational time. A 1D model
based on the Euler-Euler approach is used to study the
behaviour of glass bead particles in a bubbling bed. The
simulated results are compared with experimental data
obtained from a cold fluidized bed, and with the
simulation results based on a three dimensional model.
The simulated superficial gas velocity at the onset of
slugging is compared with the result obtained from the
correlation (Geldart, 1986).

2 Computational Model

2.1 Governing Equations

The governing equations for the motions of fluid and
particles in a fluidized bed are developed based on the
Euler approach, and are given in (1) — (5). In the
following, the subscripts “s” and “g" denote solid and
gas. u and vare the respective gas and particle velocities,
g is the acceleration due to gravity, B, is the momentum
transfer coefficient, and P, ¢ and p are the pressure,
volume fraction and density, respectively. f is the wall
frictional factor.

2.1.1 Continuity Equations

= (2p,) + 2 (eepyu)=0 (1)
%(gsps) + %(sspsv) =0 (2)
gt e =1 3)

2.1.2 Momentum Equations

S(eep) * S epn) = (0 %) e
ot EgP o gpg' o “egaz g oz
2 yEgPgtil

D, - Sgpgg + Bd(v - “) (4)
0 ov 0Py
5(85psv) (gsp vv)= ( Heg az) &% T
2f &spgv|v] 6Ps
S g B ) 6

Here, D, = 4A/P,,, is the bed hydraulic diameter,
where A is the bed cross-sectional area and P,,,, is the
wetted perimeter of the bed. p = 2u — A is the phase
equivalent dynamic viscosity. The solid pressure and
solid stress due to collisions are based on the kinetic

theory of granular flow. The constitutive equations of
the model (1) — (5) are given in (6) - (10).

2.1.3 Constitutive Equations
e Gas phase (Gidaspow, 1994)
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~ {16Reg ; Re,=<2300
¢ [ 0.0791Re* ; Re,>2300
Re, = sgpguD/ug

e Solid phase (Gidaspow, 1994; Lathowers and
Bellan, 2000)

£,=0.048v"* (7)
P,=K,£20 (®)
A = Kre V0 ©)
u, = Kse /0 (10)

where
=2(1+e)pg,
_ 4dp£5psg0(l+e) z
KZ - 3V - 3K3a
Ky=dyp /2 [3(3 {1+0.4e,g,(1+e)3e-1)} +
8e5go(1 +e)
5Vn ’

o=

2
0 [(J (K1) + 4Kas (K +2K3) - Kisy) o ]

2K 485 0z

Ky =12p g (1-€)/(dym).

Here, 6 is the granular temperature, g, is the radial
distribution function, e is the coefficient of restitution
and d, is the single particle diameter. g,p is the solid
fraction at maximum packing with a value of about
0.7406. p and A are shear and bulk viscosity,
respectively.

2.2 Drag Model

There are number of drag models that can be found in
literature. In this paper, the model proposed by
Gidaspow (1994) is used.

B :{ dFrg’ €,<0.8 an
< Bawy s £,>0.8
Here, B dErg and B dErg AT€ given by (12) and (13),
respectively.
—150—He ) 4 g 7550 12
BdErg & Q)sdp 0 d ( )
Y
BdWY Cd Q)dg |u v|8265 (13)
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where
: 2 (1+0.15Re™) ; Re,<1000
4= ;
0.44 ; Re,1000
Re, = —ggpglu-Wd

p P
Cy is the drag coefficient and Re, is the particle
Reynolds number. @; is the single particle sphericity. To
avoid discontinuity in using the above drag model, a
weighting function proposed by Lathowers and Bellan

(2000) is used.

Bd = (1 - wd)BdErg + (DdBdWY (14)

g = ~tan’! (150*1.75 (02-(1- sg))) +0.5  (15)

2.3 Void Fraction Equation

Another crucial issue is the prediction of void fraction
&, along the bed. It is obvious that neither (1) nor (2) can
predict the void if used alone. This is due to the
dependency of void fraction on the relative velocity
between the solid particles and the fluid. In the computer
code MFIX, the solid volume fraction is obtained based
on a guess-and-correction method (Syamlal, 1998).
Effective application of this method requires a known
function of solid pressure with the solid volume fraction.

With the assumption that both solid particles and
fluid have a constant density over the bed, the void
fraction equation is established based on (1) and (2)
(Gidaspow, 1994). However, due to changes of fluid
pressure in the bed, there could be slight changes in the
fluid density, which may influence the bed behaviour. In
this paper, a new version of the void equation developed
based on the continuity equations for gas and solid
phases, is introduced. The new void equation, described
below, partially accounts for the effect of fluid density

variation.
6ag 6ag

_ ovy
Oy TVm g T 8Bl o (16)

Here, v, = v — u is the relative velocity between the
solid particles and the fluid. v, and o, are mixture mass
velocity and relative volume fraction, respectively, and
are expressed as

oy = Egp,, + &, (17)
Vi = 8gP,V T Eslh- (18)

DOI: 10.3384/ecpl7142575

Proceedings of the 9th EUROSIM & the 57th SIMS

where, Prg = Py /P, 18 the reduced gas density. The gas

density is obtained, assuming the ideal gas behaviour,
Pg

Py = &r
2.4 Minimum Fluidization Velocity

The onset of fluidization occurs at a certain velocity
where the net weight of the bed balances the drag force
between the fluid and the bulk of particles in the bed.
The minimum fluidization velocity, U,,r can be obtained
from

Umf = p_g Rep.mf. (19)

The particle Reynolds number at minimum
fluidization condition Rey, ¢ is based on the Ergun’s bed
pressure drop model (Ergun, 1952),

(1 - &mp) 1
150 w; Rep e+ 1.75%Re§,mf=/1r, (20)

Emt¥s

where Ar is the Archimedes number, expressed as

d3py(ps - p,)
Ap= PP PR i; P Q1)
g

Here, €, is the bed void fraction at the minimum
fluidization condition. U, and & are bed properties,
and either of them must be known for the other to be
calculated from (19) — (21). A number of empirical
correlations for g, are available (Kunnii and
Levenspiel, 1991), but this paper uses the correlation
proposed by Wen and Yu (1966).

—_~14 (22)

3
Bsepe

3 Experimental setup

The experimental setup consists of a vertical cylindrical
column of height 1.4 m and base diameter 0.084 m. The
rig is fitted with ten pressure sensors, measuring the
fluid pressure in the column up to the height of about 1.0
m. Compressed air at ambient temperature is used as the
fluidizing medium. The bottom of the column is fitted
with a porous plate. The porous plate ensures even
distribution of air within the bed.

Thapa and Halvorsen (2013) conducted experiments
with this cold fluidized bed rig using glass beads
particles (particle size 350 um) at a bed height of 0.32
m (see Figure 1). The experimental data used in this
paper are those reported in Thapa and Halvorsen (2013).
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Figure 1. Physical Dimension of the fluidized bed
column.

4 Simulations

The solution of the model described in Section 2 for the
fluid-particle system is based on the finite volume
method with staggered grids. The models are discretized
in space using the first order upwind scheme, and in time
based on the implicit method. The SIMPLE algorithm is
used for the pressure-velocity coupling. The entire
codes for the system are implemented and run in
MATLAB. The properties of fluid and particles used in
the computation are summarized in Table 1.

4.1 Fluidized bed regimes

In addition to simulating a bubbling fluidized bed, the
transitions between different regimes for a fluidized bed
are simulated using the 1D model. The flow transition
from one regime to another depends on a number of
factors. These include the bed particle size, the size
distribution, the superficial gas velocity and the relative
size between the bed height and the bed diameter. For a
bed with Geldart B particles, the particle size and size
distribution do not influence slugging in the bed
(Baeyens and Geldart, 1974). As given in Yang (2003),
slugging will occur if z—"’l > 2. The minimum gas
velocity for the onset of slugging can be obtained from
(23) (Geldart, 1986) as used in Xie et al (2008).

U,y = Uy +0.0016(60D%'75 - 1) +0.07(aD)"*(23)

Here, all the length units are expressed in (cm), and
hpt 18 the bed height at minimum fluidization condition.
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4.2 Initial and Boundary Conditions

Initially, the fluid pressure distribution is assumed
hydrostatic, and the fluid velocity is considered uniform
throughout the column, as described in Table 2. The
inlet fluid pressure is assumed fixed, and it corresponds
to the total weight of particles in the bed. Since the
focus is on a bubbling bed, the outlet solid volume
fraction is fixed to zero, while the fluid pressure at exit
is taken to be atmospheric. The inlet boundary value for
the solid volume fraction is dynamic, and then obtained
appropriately from the void propagation equation.

5 Results and Discussion

Thapa and Halvorsen (2013) used the experimental rig
described above to study the fluid-particle behaviour in
a bed with particles having an average diameter of 350
pum. The pressure drop values across the bed were
recorded for different superficial gas velocities (0.05 —
0.40 m/s). The minimum fluidization velocity obtained
by plotting the pressure drops against the superficial gas
velocity, is about 0.15 m/s. This result shows that the
theoretical minimum fluidization velocity specified in
Table 1 for the bed, is about 14% lower than the
experimental value.

Table 1. Parameters for model computations.

Parameters Values Units
Particle diameter, d;, 350 pm
Particle sphericity, @ 1.0 -
Particle density, p, 2500 kg/m3
Gas density, p, 1.186 kg/m?
Gas viscosity, p, 1.78x107° | Pa.s
Gas constant, R 0.287 kJ/(kg-
K)
Gas temperature, T 25 C
Gas reference pressure, Per 1.0 bar
Initial bed height, A, 0.32 m
Initial solid volume fraction, g5 | 0.52 -
Minimum fluidization velocity | 0.129 m/s
(19), Uy
Bed height at minimum | 0.32 m
fluidization, A
Superficial gas velocity, U 0.05 —|m/s
0.40

Maximum solid volume | 0.63 -

fraction, €.y

Restitution coefficient, e 0.90 -
Simulation time step 0.001 s
No of cells 125 -
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Table 2. Initial and boundary conditions.

0 S zZ S ho
2,0, 2) = gopglhg - 2)
85(0: Z) =&

Initial

R ho <z< H
Conditions

P,(0,2)=0
gS (05 Z) = 0

0<z<H
u(0,2) = Uy/eg
v(0,2)=0

l/l(t, 0) = UO
WL, 0)=0
Pyt 0) = gop.gho

Inlet Boundary

Pt H)=0

Outlet e(t, H) =0

Boundary

Figure 2 compares the simulated fluid pressure with
the experimental data. The simulated results are
obtained from the 1D model presented here and a 3D
model reported by Thapa and Halvorsen (2013). As can
be seen, the simulated data agree well with the
experimental results at a height of 0.13 m above the
distributor. At this height, the predictions from the 1D-
model are better compared with the predictions from the
3D models. At the height of 0.23 m, the 1D model
results also agree very well with the results from the 3D
model.

30
2 /\/\\// 1
26+ : ' ' : 4 q

uF .

221 —— 3DSim-0.13m 1
—+— Exp-0.13m

— 1DSim-0.13m
----- 1DSim-0.23m
—6— 3DSim-0.23m

Fluid pressure (mbarg)
[~
154

Figure 2. Evolution of fluid pressure at superficial gas
velocity 0.18 m/s.

Figure 3 shows the time-averaged velocities of the
fluid and particles for two different superficial gas
velocities, 0.18 m/s and 0.32 m/s. From these results, it
can be seen that the fluid velocity at the exit of the
column is slightly higher than the velocities at the inlet.
This variation in the fluid velocity along the bed axis is
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probably due to changes in the fluid density along the
bed height. The figure also shows that fluid velocities
within the bed are higher than the inlet velocities, which
could be due to lower flow area available for the gas as
particles occupy space within this region. The variation
of particle velocity within the bed at different gas
velocities conforms to the solid movement pattern
described by Kunii and Levenspiel (1991). Figure 4
gives the instantaneous solid volume fractions for the
respective velocities after 5, 10 and 20 s. These results
show that the movement of particles in the fluidized bed
are more vigorous with higher superficial gas velocity.
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Figure 3. Time-averaged velocity profiles for fluid (upper
plot) and particles (lower plot).
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Figure 4. Instantaneous profile of solid fraction with
superficial velocities 0.18 m/s (upper plot) and 0.32 m/s
(lower plot).

The variation of average void fraction with
superficial gas velocity within the dense region is shown
in Figure 5. The average void fraction is obtained up to
the height of 0.32 m above the distributor. The figure
shows that the void fraction increases with increasing
superficial gas velocity. It can also be seen that the bed
transits into different regimes within different ranges of
the superficial gas velocity.
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Figure 5. Variation of average bed void fraction with
superficial velocity.

Four different flow regimes can be distinguished
from Figure 5. Below 0.14 m/s, the bed’s void fraction
is about 0.49. Within this region, the bed behaves like a
fixed bed with all the particles retained within the dense
bed. The abrupt increase in the void fraction after 0.14
m/s indicates that the bed is fluidized. As expected for a
Geldart B solid, the bed will begin to bubble when the
velocity is above 0.14 m/s. Between 0.14 m/s and 0.22
m/s, the void fraction increases linearly. Beyond 0.22
m/s, it increases exponentially with an increase in the
gas velocity up to 0.27 m/s. Within this velocity, the bed
is more agitated with fast-rising bubbles. From (23), the
minimum gas velocity for the onset of slugging is about

0.26 m/s. Since Z—O = 3.81 (> 2), there is possibility of
h

slug flow in the bed when the superficial gas velocity is
above 0.26 m/s. From Figure 5, it can be seen that the
void fraction flattens out with a superficial gas velocity
beyond 0.27 m/s. More so, the variation of void fraction
above 0.27 m/s fluctuates as the gas velocity increases,
which shows that the bed is slugging. Thus, the velocity
0.27 m/s is the gas velocity at onset of slugging based
on this simulation. The fluctuation of the bed void
fraction as the velocity increases could be because in a
slug flow the bed does not have a clear defined height
over which the averaging is taken. In comparison,
similar phase changes have been experimentally
observed in Sundaresan (2003) with beds of fine
particles that can readily agglomerate. With the
simulated minimum fluidization velocity being 0.14
m/s, compared with the experimental value of 0.15 m/s,
and with the simulated gas velocity being 0.27 m/s
compared with the theoretical value of 0.26 m/s at onset
of slugging, it can be concluded that the 1D model
predicts the bed flow behaviour reasonably well.

Figure 6 shows the profiles of solid volume fraction
at velocities 0.08, 0.20, 0.25 and 0.32 m/s, hence
comparing the different flow regimes shown in Figure
5. The result shows that within the bubbling regime, the
bed height expands by about 0.04 m (representing
12.5%) above the height at the minimum fluidization.
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The decrease in the solids fraction as the gas velocity
increases is accompanied with a small fraction of
particles in the freeboard. This keeps the mass of
particles in the column balanced. In the solid region
(fixed bed), the bed height is reduced below the settling
bed height (about 0.32 m, accompanied with an increase
in solid fraction), owing to the fact that the bed is closely
packed towards the maximum packing solid fraction of
about 0.63 used in the simulation. The figure shows that
in the slugging regime, the bed expands unevenly with
some particles flowing into the freeboard up to a height
of 0.6 m. This shows that the bed height is not clearly
defined within the slugging region, as can also be seen
from Figure 7.
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Figure 6. Simulated profile of solid fraction at different
bed flow regimes.

Figure 7 shows the profile of solid fraction for some
velocities within the slugging regime. Within the height
interval 0.2 — 0.4 m, the solid fractions at velocity 0.32
m/s are lower than the corresponding solid fractions at
velocity 0.36 m/s. This explains why the void fraction
fluctuates with increasing superficial gas velocity within
the slugging regime as given in Figure 5. Figure 7 also
shows that the average solids volume fraction for the
same range of velocities within the slugging regime is
almost the same.
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Figure 7. Simulated profile of solid fraction at different
velocities within slugging regime.
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6 Conclusions

This paper presents a detailed one-dimensional model
based on the Euler-Euler approach for predicting
hydrodynamics of a bubbling fluidized bed. The
solution algorithm includes a void propagation equation
that accounts for the effect of fluid density variations.
The method developed here is computational efficient,
taking only 10 minutes computer time for simulation of
a 20 s flow in the bed, against several hours required in
a 3D model computation.

Qualitatively, the results show that the 1D model
predicts the different regimes of a fluidized bed. The
simulated minimum fluidization velocity agrees well
with the experimental data, and the value of gas velocity
at the onset of slugging compares well with the value
obtained from the empirical expression proposed by
Geldart (1986).

Further work will include full validation of the 1D
model against a 3D model results and analysis of
sensitivity of the model to different parameters.
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Abstract — The behaviour of a bubbling fluidized bed can be measured by analyzing appropriate
bubble properties. With knowledge of the solids fraction distribution across the bed at any
instance, a number of bubble properties can be determined. This study discusses how bubble
properties can be obtained using a dual-plane Electrical Capacitance Tomography (ECT). ECT is
a non-intrusive sensor consisting of a number of electrodes that measure the distribution of
relative permittivity between two phases (for example, solid and gas). Based on the analysis of
image data obtained at each plane of the ECT, the criteria for adequate mixing of solids in the bed
are established. Since not all bubbles that pass a given plane in the bed may influence its mixing
activities, a condition is established for identifying significant bubbles that pass over a plane. For
illustration purposes, the flow behaviour of a bed of glass beads with particle size distribution
100-600 pm, is studied and analyzed.

Keywords: Bubble Properties; Fluidized Bed; ECT Sensors; Solid Mixing, Bubbling.

INTRODUCTION

Application of fluidized beds in processes involving chemical reactions requires knowledge about how gas-
solids mixing can effectively be achieved. Several techniques have been employed in ascertaining the mixing
effect of bubbling beds. Most of the techniques use probes such as pressure and temperature sensors to measure
the quality of the fluidized beds (Saxena and Tanjore, 1993; Lin and Wey, 2004). Studies have shown that size,
orientation and growth of bubbles are among bubble properties that measure the degree of gas-solids mixing.
Bubbles influence the mixing because they carry solid particles in their wakes as they rise up the bed, and the
larger a bubble is the larger its wake becomes (Kunii and Levenspiel, 1991). Measurement of pressure
fluctuation gives a qualitative indication of passage of bubbles, but not their magnitudes. Recent research on
fluidization put focus on the use of tomographs such as X-ray (Bieberle et al., 2010), y-ray transmission
(Werther, 1999) and Electrical Capacitance Tomography (ECT) (Makkawi and Wright, 2004).

In this paper, the use of ECT to measure bubbling fluidized bed properties is described, and results from
applying this method are discussed. ECT is a non-intrusive sensor that measures the distribution of relative
permittivity between two phases (for example, solid and gas) (Process Tomography, 2009). In addition to its
potential to characterize bubble size, shape and 3D orientation, ECT is fast, cheap and flexible to use
(Chandrasekera et al., 2015). In fluidized beds, the relative permittivity measurement is directly related to the
volume fraction of solids within a section of the bed. Fig. 1 gives the structure of a typical ECT setup with 12
electrodes. To prevent external interferences, the sensor is covered with an outer screen and a guard electrode
(Zainal-Mokhtar and Mohamad-Saleh, 2013). The outer screen eliminates the variation in the stray capacitance
to earth while the guard electrode protects the sensor from external noise.

Pipeline

Electrodes.

Outer
Screen

Guard
Electrode

Fig. 1: Structure of an ECT sensor with 12 electrodes. R1 is the inner pipe wall radius, R2 the outer pipe wall radius
and R3 the screen wall radius. 6 is the electrode angular size and B is the gap within which the guard electrode is 2.5°
(Zainal-Mokhtar and Mohamad-Saleh, 2013; Mohamad-Saleh, 2001).
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The aim of this paper is to describe how ECT tomographs can be analyzed for determining bubble properties.
Such properties include bubble size and shape, bubble frequency, bubble growth and bubble spread. These
properties are used to assess the behaviour of fluidized beds at different superficial gas velocities and particle
sizes. Particularly in chemical reactions, bubble or gas spread across a bed measures the effectiveness of gas-
solids mixing in the reactor (Kunii and Levenspiel, 1991), which is vital for reactor design.

This study is performed using a cold fluidized bed with dual plane ECT sensors. The image data obtained in
each plane are processed and analyzed in MATLAB to obtain various bubble properties. In the remaining
sections of this paper the bubble properties are described, the experimental techniques adopted for their
measurements are explained, and the experimental results are presented and discussed.

BUBBLE PROPERTIES

ECT measures the distribution of relative permittivity between solids and gas in a bubbling bed at a given
plane. These permittivity data are used to determine a number of bubble properties, which measure the
performance of bubbling beds. The bubble properties include bubble fraction, bubble size, bubble frequency,
bubble spread and bubble growth rate. The use of a dual-plane ECT sensor system to measure the solids
fraction distribution in a fluidized bed makes it possible to determine the bubble rise velocity when the time it
takes a bubble to move between the two planes is known. However, due to frequent coalescence and splitting
of bubbles as they move from one plane to another, it is difficult to trace a single bubble (Rautenbach et al.,
2011), thus difficult to determine the bubble rise velocity.

Bubble-wall

~ Bubble
region

Bedcross

section

Fig. 2: Illustration of bubble and bubble-wall interaction regions in a bubbling bed.

Bubble diameter

The bubble diameter, dj, in Fig. 2, is the diameter of an equivalent sphere having its projected area the same
as the bubble and may be expressed as

44y,

dy = 42, ()

w

where A, is the projected area of the bubble. The shape of a bubble can be compared with that of a sphere.
The diameter of the sphere d,; is obtained by averaging the lengths of the major and minor axes of an ellipse
that has the same normalized second central moments as the bubble (The MathWorks, 1997). The bubble shape
factor, @, is thus expressed as

A
¢y = A—I:, )
where A5 = %ndlz,s is the projected area of the sphere.

Bubble fraction

The bubble fraction describes the fraction of the bed occupied by a bubble at a given instant of time, and it can
be expressed as
— %
5 =2, 3)
where & is the bubble fraction, a;(t) is the instantaneous projected area of the bubble and A, is the cross-
sectional area of the bed.

Bubble spread

The bubble spread measures the fraction of a region bounded by the wall where the bubbling activities can be
felt. The spread could be dynamic as bubbles frequently change orientation (alternately moving towards the
wall and towards the center in the bed). The relative frequency of bubble passage near the wall and near the
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center of the bed measures the quality of gas-solids mixing in the bed. In this paper, quantities termed bubble
location, bubble boundary factor and near-wall to near-center bubble frequency ratio are introduced to quantify
the bubble spread.

The factor describing the location of a bubble at any plane is expressed as
(R_ c)2
8 =, )
where R is the radius of the plane and 7 is the distance between the center of the bubble and the the center of
the plane where the bubble lies as illustrated in Fig. 2. The §; value only gives an indication of bubble location
relative to the wall of the bed. The location factor lies within [&;, 1]. When §; = &, the bubble has contact
with the wall, and when §; = 1, the bubble lies at the center of the bed plane.

Within the spread region, the ratio of the area surrounding the bubble up to the wall (shaded portion in Fig. 2)
to the area of the bubble is termed bubble boundary factor &j,.
5
8p = 6—;— 1, bp € (=1,0). (5)

In addition to location, the boundary factor indicates relative size of bubbles in a plane. Since §; > 0, 6, =
—1 means that the bubble is very large and §, — o means that the bubble is very small. The value &, = 0
indicates that the bubble has a point contact with the wall while §;, < 0 means that the bubble lies along the
wall.

For the purpose of analysis, the bubble properties are usually time-averaged in every plane. For this reason,
only the significant bubbles are considered. Since &, relates the bubble size to its location from the wall, a
value of boundary factor can be used to set a condition for recognizing a significant bubble. In this work, a
bubble that has a boundary factor less than 8 is considered significant. The threshold value §,, = 8 is obtained
by assuming that the shortest distance between such a significant bubble and the wall is 3 times its radius.

When there are more than one significant bubbles in a plane, the average distance of the bubbles from the
center of the plane can be obtained by taking the second moment of area of all the bubbles about the center:

o= 2(85ir%) 1z (6)
¢ o5 s

where &5; and 7; are the individual bubble fraction and center distance, respectively.

Bubble spread frequency
Two different bubble spread frequencies are described here: near-wall bubbling frequency and near-center
bubbling frequency

The near-wall bubbling frequency, f,,, -is the number of times significant bubbles in the plane moves radially
towards the wall of the bed per unit time, while the near-center bubbling frequency, f., -describes the number
of times significant bubbles in the plane moves toward the center of the plane.

1

fuw = [ ™

tw,inter] 8p<0

1

fc=[ ®)

tc,inter:l §b>0.
The relative value between f,, and f, indicates the extent of mixing of solid particles in the plane. If ];—W <0,
c

the spread of gas within the plane are more around the center than near the wall, and conversely.

Bubbling frequency

The bubbling frequency is defined as the number of times at least one significant bubble passes through a given
plane of a bed in a unit time.

fb:1

X ©
b

where T}, is the time taken for complete passage of a bubble in the plane. T}, can be obtained as the average
period of bubble cycle in the plane (see Fig. 3), as described in Eq. (10).
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1
Ty = 2 X Tp;. (10)
Here, n is the number of bubbles that pass through the plane over a period of time and Tj; is the individual

bubbling period. Higher bubbling frequency indicates a high possibility of gas-solids mixing provided the
bubble is large enough to give adequate gas spread in the plane.

e

Fig. 3: Variation of projected width of a bubble with time over a plane. Bubbling period is proportional to bubble
diameter.

The efficiency of gas-solids mixing due to bubbles can be measured by the volume of bubbles swept in a given
time. The rate at which a bubble volume passes over a unit area of a plane (also referred to as bubble flow rate
per unit area), can be expressed as
—_ "
v =t an
where v, is the bubble flow rate per unit area and v}, is the volume of a bubble. Assuming a spherical bubble,
Eq. (11) can be simplified, yielding

1Z% :§fb6fdb (12)

A very low value of v, indicates less possibility of gas-solids mixing due to insufficient gas spread, while a
very high value of v, indicates a poor gas retention time as most of the gas is carried away from the bed by the
bubble. With knowledge about the values of v, an optimum operating velocity in a bubbling fluidized bed can
be established.

EXPERIMENTAL

The setup used in this work consists of a cylindrical column of diameter 10.4 cm and height 1.4 m. The bottom
of the column is fitted with a porous plate and an air supply hose. The porous plate ensures even distribution
of air in the bed. The measuring equipment is a dual-plane ECT sensor as shown in Fig. 4. The sensors are
located at two different positions, 15.7 cm and 28.7 cm above the distributor. Each sensor consists of 12
electrodes, uniformly distributed around the plane circumference. The cross-section of each sensor is divided
into 32x32 square pixels, of which 812 lie within the bed. Each pixel holds a normalized permittivity with
intensity lying between 0 and 1. When the sensors are energized by the applied voltage, the capacitance
between each pair of electrodes is measured and converted into permittivity values according to the relationship
C = SP (Process Tomography, 2009). Here, C is an M x 1 capacitance matrix with M = 66 (number of inter-
electrode pairs), P is an N x 1 relative permittivity matrix with N = 1024 (number of pixels) and Sis an M x N
sensor sensitivity matrix. The relative permittivity is evaluated based on the Linear Back Projection algorithm
available in the ECT software.

The experiment was performed with glass bead particles of size range 100 — 600 um having the Sauter mean
diameter of 261 pm and minimum fluidization velocity of 0.09 m/s. The fluidizing fluid is compressed air at
ambient temperature and superficial velocity of 0.18 m/s (2U,y,f), where Uy,f is the minimum fluidization
velocity. In the experiment, the ECT sensors were first calibrated for the lower permittivity value when the
column was empty, and then for the higher permittivity value by filling up with glass particles to a height of
64.0 cm giving the bed aspect ratio hy/D = 6.2. The lower and higher permittivity values defining the range
of the equipment are normalized into values 0 and 1, respectively. The normalized relative permittivity &, is a
measure of volume fraction of solids in the bed. The volume fraction of particles at any point in the plane is
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obtained from € = gy¢,., where & is the volume fraction of the solid particles in a fixed state. The observed
value of g in this experiment is 0.62.

After the sensor calibration, the bed was fluidized at a superficial air velocity of 0.25 m/s for 2 min, and
thereafter the air supply was cut off. This action was to ensure that the particles in the bed were evenly mixed.
At a superficial air velocity of 0.18 m/s, the images for solids distribution at each position of the ECT sensors
were recorded for 60 s. The image data were captured at a frame frequency of 100 Hz, giving 6000 frames
over the 60 s. The recorded image data were exported for analysis in MATLAB and to determine the bubble

properties.
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Fig. 4: (a) Schematic illustration of a cold fluidized bed where two plane ECT sensors are used to measure solids
fraction. (b) Cross-section of an ECT sensor divided into 812 pixels.

BUBBLE REGION

A dense fluidized bed is divided into two regions — an emulsion region (of high solids concentration) and a
bubble region (of low solids concentration) (Kunii and Levenspiel, 1991). So far, no definite value has been
assigned to the bubble-emulsion threshold that marks the boundary of a bubble region. This is because different
beds have different bubble rise characteristics due to particle nature and size distribution; also, different
equipment units produce different results (Rautenbach et al., 2013).

Different researchers use different values of solids fraction at the bubble threshold. Gidaspow (1994) describes
the bubble region as where the solids fraction is less than 0.2. In the work of Rautenbach et al. (2013), the
bubble threshold is obtained by trial such that the ECT data are used to estimate the known diameter of a ping-
pong ball falling through the bed. Fig. 5 shows the distribution of solids fraction in the bed recorded in the
first-30 s at the lower and upper planes of the ECT sensors. In these figures, the blue regions within the bed
cross section are evidence that there are bubble passages over the time interval, and as can be seen these regions
lie within the solids fraction [0, 0.2]. Hence, bubbles in this paper are defined as regions where the solids
fraction is not more than 0.2.

Having identified the bubble threshold, properties such as bubble size (measured by the number of pixels
occupied by the bubble) and bubble orientation (measured by the centroid of the bubble) are determined using
the image region property toolbox in MATLAB. The actual projected area of a bubble within a plane at any
instant is obtained from 4; = A, (:—’f), where Npis the number of pixels occupied by the bubble and Ny, =

pix

812 is the total number of pixels within the plane.
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RESULTS AND DISCUSSION

The information acquired from each of the ECT sensors over 60 s of airflow was analyzed in MATLAB. The
results of the experiment and the analysis are shown in Figs. 6 — 7 and Table 1.

Fig. 6(a and b) show the bubble regions in the bed at the 9th s, where the region in white represents the bubble.
The bubble shape is compared with that of a sphere represented by the circles.

The time series of the largest bubble that passed each of the planes over 60 s are shown in Fig. 7. The vertical
axes represent the projected bubble fraction, while the horizontal axes give the frame time in seconds. These
results show that there were a higher number of bubble passages in the lower plane than in the upper plane
within a time interval. From the variation of the bubble fraction, it shows that bubbles grow into a more stable
size (larger bubble fraction) as they rise in the bed, leading to the more pulsating bubbling recorded at the
upper plane.

(2 (b)

Fig. 5: Map of solids fraction distribution for the first-30 s taken at 0.5 s interval: (a) lower plane (b) upper plane.
Time of sampling increases from left to right and from top to bottom. The superficial air velocity was 0.18 m/s.

(a) (b)
Fig. 6: Behaviour of the fluidized bed in the (a) lower plane and (b) upper plane, at 900th frame showing the region
occupied by the actual bubble (white) and region defined by the whole-spherical bubble (bounded by a red circle).

Table 1 shows the time-averaged values of various bubble properties calculated from the solids fraction
distribution captured with each of the ECT sensors over 60 s. As shown in Table 1, there are more bubbles
rising in the lower plane (frequency 5.97 s™') than in the upper plane (frequency 3.66 s™') in a unit time. The
difference in the bubbling frequency is associated with different bubble sizes between the two planes: a smaller
average bubble diameter 5.04 cm at the lower plane and a larger average bubble diameter 8.00 cm at the upper
plane. The bubble size increases due to bubble coalescence and pressure drop along the bed. The smaller
bubbles take less time than the larger bubbles to pass over a plane, as shown in Fig. 3, leading to a higher
number of bubble passages at the lower plane in a given time. The fraction of the bed cross sectional area
occupied by most of the bubbles in each time interval is 19.6% in the lower plane and 43.2% in the upper plane.
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Fig. 7: Projected bubble fraction of the largest bubble as a function of time. Upper plot (upper plane); Lower plot

Table 1: Results: Bubble properties obtained from ECT image data analysis.

Bubble facten ¢)

Buble fachon

»

Time (s

(lower plane).

Symbols Lower plane Upper plane Units
d, 5.04 8.00 cm
dp max 7.85 10.40 cm
7] 0.96 0.79 -
&f 0.196 0.432 -
v 5.97 3.66 st
fwlfe 0.055 0.693 -
vy 3.57 7.14 cm/s

The maximum attainable bubble diameter within 60 s is 7.85 cm at the lower plane and 10.40 cm at the upper
plane (the same as the bed diameter). Though there was no fully developed slug in the entire bed, the maximum
attainable bubble size at the upper plane indicates a slug flow and with further increase in the superficial gas
velocity, the slug will expand to the lower part of the bed (see Fig. 8). The shape factors of 0.96 and 0.79 at
the lower and upper planes, respectively, show that a bubble gets less spherical as it grows in size.

The ratio of near-wall bubbling frequency to near-center bubbling frequency in the two planes are less than
unity and quite different (0.055 for the lower plane and 0.693 for the upper plane). These values suggest that
most of the bubble activities in the lower plane occur near the center of the plane. At the upper plane, the
difference in activity is less pronounced - the bubble activity near the center is about twice as high as near the
wall. The bubble flow rate per unit area of the bed suggests that the upper plane holds less amount of gas than
the lower plane in a unit time. The average of the flow rate across the bed is 5.36 cm/s per unit area.

CONCLUSION

The behaviour of a bubbling fluidized bed was studied by analyzing the bubble properties determined from the
measurement of solids fraction distribution using a dual-plane ECT sensor system. With the bubble threshold
defined as a region with solids fraction less than 0.2, bubble properties such as size, shape, spread frequency,
bubbling frequency and bubble flow rate were determined using the image region property toolbox in
MATLAB.

From the bubble spread frequency, it is possible to determine where the bubble activities are concentrated.
Knowledge about this aids the design of chemical reactors, for example, for proper heat distribution.

In further works, determination of bubble rise velocity from the ECT image data will be considered. Future
work will also be extended to analysis of bubbling bed behaviour from the solids fraction measurement and
validation of bubble properties at different superficial gas velocities and bed materials.
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Fig. 8: Images from the ECT sensors stacked in time for the first-10 s of the flow. Time axis increases from top to
bottom. (a) Lower plane: Bubble size is large but less than the bed diameter. (b) Upper plane: Bubble size grows to
the size of bed diameter, indicating slugging.
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ABSTRACT: Deep bubbling fluidized beds have some advantages that make them g - Dubbling-Slugging Fluidized Bed Regime
attractive for industrial applications. Using different powders, this paper investigates S e

the bubbling behavior in deep beds. The results show that bubbles grow faster in the 51 § ooTumumesons
bed of angular/rough particles than in that of round/smooth particles and that the

rate of bubble growth increases with increase in the particle size. With an increase in
the bed height, the changes in the bubble diameter and solids distribution decrease
within the bubbling regime but may vary within the slugging regime due to the
chaotic behavior of slug flows. The bubble frequency increases with an increase in the
gas velocity only when the bubble diameter is below a certain threshold value; for
larger bubbles, the bubble frequency is lower. The maximum bubble frequency
indicates the onset of slugging. Correlations for predicting the maximum bubble/ 0=
slugging frequency averaged over the bed height and the corresponding bubble

diameter are proposed.

4 Transition curve

Bubble frequency [s A ]
w

0.2 04 0.6 0.8 1
Bubble diameter ratio d b“‘D [

1. INTRODUCTION and to increase the reactant contact time and surface area while

The application of bubbling fluidized beds covers a wide range ensu.ring uniform tem}.)er.atur e and rpateriall distribution.
of bed aspect ratios (ratio of bed height to bed diameter), but Provided that .the .becll Is 1n th? bubbhng regune, a proper
several studies have been focused mainly on beds with aspect heat and material distribution within the bed can be achieved.
ratios slightly above unity, usually within the range of 1-2. With increasing .b.ed pressure drop, the gas r.esidence time
This is possibly because the behavior in freely bubbling beds increases. IQ addition, due to flow of well—establlshed bubbles,
with such aspect ratios can be analyzed using simple theories the circulation of solids at increasing gas ve410c1ty Is more
and physics such as the two-phase theory proposed by Toomey vigorous in a deep bed than in a shallow bed.” However, the

and Johnstone." Studies have also shown that in such shallow advantage of using a deep bed especially in laboratory and pilot
beds bubbles do not grow into slugs but instead transit into the scales is limited to the critical gas velocity above which slugs
turbulent fluidization regime as the gas velocity increases. begin to appear in the bed. In most fluidized bed applications,
Bubbles can develop into slugs when the bed height is larger slugging is avoided as a mode of contact due to the possibility
than twice the bed diameter.” Baeyens and Geldart’ proposed of gas escaping with the slugs. The slugs usually separate gas
models that describe the maximum bed height below which a from the solid particles in the bed, reducing the contact area

freely bubbling behavior is guaranteed and the bed height and time for the reacting species.
above which the slug flow can be stable as given in eqs 1 and 2, The aim of this study is to investigate the behavior of bubble
respectively, where hy [cm] is the height of the bed in fixed flow through a deep bed at different gas velocities and bed
state and D [cm] is the bed diameter. heights. Few studies are available on the chosen topic,’
although there are numbers of related studies. In a computa-
hy = 60D %175 tional study, Wang et al® investigated the effect of non-
D (1) spherical particles on the bubbling behavior in a bed of aspect
I (1 — 2.51D°°%) ratio 12 and concluded that bubbles move with higher degree

0 - .

of fluctuation compared with those in a bed of spherical
D 0.13D%Y 2) particles. Using CFD computations, Verma et al.” found that

When the aspect ratio is greater than 2, the bed is usually bubble size increases only within a certain range of different

described as a deep bed. With the same bed diameter, an

increase in the aspect ratio results in an increase in the pressure Received: October 10, 2018
drop over the bed. For the application of fluidized beds in Revised:  January 8, 2019
chemical reactors, the basic requirement is to provide adequate Accepted: January 11, 2019
heat for reactions, particularly in thermochemical processes, Published: January 11, 2019
ACS Publications  © 2019 American Chemical Society 2084 DOI: 10.1021/acs.iecr.8b05013
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bed diameters and then remains constant. An increase in a bed
diameter at a constant bed height indicates a decrease in the
aspect ratio. The study’ was focused mainly on shallow beds
where the highest bed aspect ratio investigated was 2.0. In a
similar study using ultrafast electron beam X-ray tomography
in beds with aspect ratio limited to 2.0, Verma et al’
concluded that there is no significant difference in the bubble
characteristics with changes in the bed aspect ratio. Laverman
et al.” investigated the effect of bed aspect ratio and bed
diameter in a freely bubbling bed using a 2-D particle image
velocimetry, and their results show that bubble sizes hardly
depend on the bed height within the experimental error but are
affected by the bed diameter. In addition, the slug flow
behaviors in deep fluidized beds have also been investigated in
different studies.'”'" In a bed of diameter 76.2 mm and height
40.0 cm containing 1.5 mm spherical iron oxide particles,
Wang et al.'” showed that at lower gas velocities bubbles flow
freely but at higher gas velocities above the minimum slugging
velocity the bed slugs. The slug rise velocity increases with an
increase in the gas velocity but at nearly the same frequency of
1 Hz. A similar value for the limiting slug frequency was also
observed in Cho et al.,'" where polyethylene particles of size
603 pm were fluidized in a bed of diameter 7.0 cm and aspect
ratio 5.3. The setup used in Cho et al.'' was designed to
simulate the dimensional similarity of a commercial fluidized
bed reactor, indicating that the behavior observed in their
study can be scaled up to a larger bed.

As there have not been many experimental works on the
behavior of a deep fluidized bed at increasing gas velocity, this
study focuses on the measurement and analysis of bubble
behavior at different gas velocities. The analysis is based on the
radial distribution of the solids fraction and on the bubble
properties such as bubble size and bubble frequency, which are
among the parameters that give an indication about the
behavior of fluidized beds.” Although slugging behavior is
peculiar to small and pilot-scale fluidized bed reactors,
Raghuraman and Potter'” showed that it can also be expected
in some large scale reactors depending on the bed aspect ratio.
Therefore, for in-depth characterization of behavior in deep
beds, a small-scale fluidized bed column is used in this study.
In the experimental setup, the bubble properties are
determined by analysis of the solids fraction obtained with a
dual-plane electrical capacitance tomography (ECT) at
ambient temperature and pressure. ECT is used to measure
the relative permittivity between two nonconducting phases,
and being a nonintrusive sensor, it does not interrupt the flow
or bed it measures. Previous studies'”'* confirmed that this
measurement technique provides bubble diameters that
compare well with bubble sizes obtained with other
techniques. In the subsequent sections, the experimental
procedure is presented. The results, which include effects of
bed height, material, and particle size on bubble properties and
solids distribution, are discussed.

2. PREDICTION OF BUBBLE PROPERTIES

Several models described in the literature can predict bubble
properties, including the bubble size and bubble rise velocity.
For this study, the bubble diameter and bubble frequency are
considered the most relevant. There are only a few
correlations' ' available for the bubble frequency. The
bubble diameter can be predicted using a number of different
correlations.'” > However, the review of Karimipour and
Pugsley”' showed that the models given by Choi et al.'” and

Mori and Wen'® give the best results for Geldart B solids.”*
The Choi et al. model is described as follows:

(Uy — U,)ld, — dyo. — 1.132h] + 0.474g°(dy™ — dy)
=0 (3)

where, d, [cm] is the bubble diameter at a position h [cm]
from the bottom of the bed, U, [cm/s] is the superficial gas
velocity, U, [cm/s] is the particle minimum fluidization
velocity, and g [cm/s?] is the acceleration due to gravity. The
initial bubble diameter d,,, [cm] is obtained from

1.63

dyo. = F[AO(UO - Umf)]o'4

(4)

where A, is the catchment area [cm?] defined as the area of a
distributor plate per hole. For a porous plate, Ay &~ 0.56 cm” as
described in Darton et al."”

The bubble diameter based on Mori and Wen'® can be
obtained from eqs 5 and 6.

d, = 0.652[A(U, — U,)I** = (0.652[A(U, - U,)1™*
h
— dy,)exp| —0.3—
dyo = 0.00376(U, — U,)° 6)
Again, dy, h, and D are in [cm], U, and U,y are in [cm/s],
and A = iiz’D2 is the bed cross sectional area. Here, dy,, is the

initial bubble size near the surface of a porous plate distributor.

3. EXPERIMENTAL PROCEDURES

3.1. Experimental Setup. The experimental setup is
similar to that described in Agu et al.*®> As shown in Figure 1,
the setup consists of a cylindrical column with a 10.4 cm
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Figure 1. (a) Cold fluidized bed using dual-plane ECT sensors for
measurement of solids fraction distribution. (b) Cross section of the
bed divided into 32 by 32 pixels in the x and y directions, respectively.
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internal diameter and 1.4 m height. The column is fitted with a
porous plate distributor and twin-plane ECT sensors located at
15.7 and 28.7 cm from the distributor. The porous plate is
made of highly porous sintered stainless steel material and has
a diameter of 10.8 cm, thickness of 3 mm, and a porosity of
40%, corresponding to a flow area of 36.6 cm”. Figure 2 shows
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Figure 2. Ratio of pressure drop across a porous plate to pressure
drop over different beds. Ap, is the pressure drop across the
distributor, and & p, gh, is the mean bed pressure drop.

the pressure drop across the distributor plate at different gas
velocities compared with the pressure drop in the bed of
different particles. Each of the ECT sensors consists of 12
electrodes, uniformly distributed around the plane circum-
ference on the outer wall of the bed column. The sensors are
shielded against external field effects. The cross section of each
sensor is divided into 32 X 32 square pixels, of which 812
pixels lie within the bed as shown in Figure 1(b). Each pixel
holds a normalized relative permittivity between 0 and 1,
denoting the gas and solids concentrations, respectively. The
ECT sensors were calibrated prior to use for a given powder.
To minimize the signal-to-noise level, the solid particles
forming the bed were uniformly filled across the measurement
planes during the calibration. In operation, ECT measures the
capacitance value between every pair of electrodes around the
bed. The maximum rate at which the ECT sensors acquire
information from the bed is 100 frames per second. The Linear
Back Projection reconstruction algorithm* is applied to obtain
the distribution of relative permittivity of the dense material
from the ECT data.

In this study, different powders were investigated. The
powders include limestone particles with two different mean
particle sizes, glass particles with three different particle sizes,
and sand and molecular sieve particles. The Z10-02 molecular
sieve manufactured and supplied by Zeochem AG is used for

gas adsorption. Including this powder increases the range of
particle sizes covered in this study. Table 1 shows the particle
properties of all the powders, where p; is the particle density
obtained with a gas pycnometer and d; is the mean particle size
obtained from the sieve analysis. The solids fraction &y at a
fixed state was obtained from £, = m/(p.Ah,), where m is the
mass of solids charged into the bed. The round (spherical)
particles are also smooth in texture, while the angular
(nonspherical) particles are rough in texture. As can also be
seen in Table 1, these different garticle types belong to a wide
range of solid classes (Geldart * Classification) ranging from
small Geldart B to large Geldart D solids. The chosen range of
particle sizes is widely applied in fluidized bed reactors. For
example, the size of particles in the Geldart BD or D group is
used in fluidized bed combustors to minimize particle
entrainment, while in biomass gasifiers particle size in the B
group is often used due to lower the gas velocity involved. To
demonstrate the effect of bed height on the bed behavior, the
three powders with smaller particle sizes were used since for
larger particles the minimum slugging velocity is less
dependent on the bed height,’ indicating that the effect of
bed height on bubble size may be insignificant for larger
particles. For each of the three smaller powders, the bed
heights applied were 52, 58, and 64 cm, and for the other
powders, the bed height was in the range of 40—60 cm. The
corresponding aspect ratios for all the bed heights lie between
3.9 and 6.2, which are within the range of 1.6—8.7 calculated
from egs 1 and 2 for flow of unstable slugs in the bed.

The experiments were carried out using compressed air
supplied through a root blower. The maximum flow rate and
pressure drop across the air blower are 120 m’/h and 0.15
bar(g) at the ambient temperature, respectively. The air
velocity was varied at an increasing step within the range given
in Table 2. For each powder, Table 2 also shows the minimum

Table 2. Gas Velocities Investigated with Minimum
Velocities at Flow Regimes

Mean Minimum
particle fluidization =~ Minimum Excess  Superficial
diameter velocil velocity at air velocity
Materials [um] [em/ 3 slugging [cm/s] [cm/s]

Glass 188 3.80 10.7 1.0-27.5
Glass 261 8.15 6.54 3.9-33.4
Glass 624 23.20 10.60 15.7-53
Limestone 293 13.80 7.36 3.9-37.3
Limestone 697 39.24 9.76 35-76.5
Sand 483 16.50 9.32 11.8—43
Molecular 2170 76.85 14.72 68.6—102

sieve

fluidization velocity and the minimum slugging velocity
obtained in this study by the method described in Agu et

Table 1. Bed Materials Investigated with Their Properties

Materials Size range [pm] Solid class
Glass 100—550 B
Glass 100—-550 B
Glass 450—900 BD
Limestone 150—450 B
Limestone 450—-1100 BD
Sand 300-700 B
Molecular sieve 1600—2600 D
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Shape ps [kg/m’] d, [pm] €0 [-]
round 2500 188 0.63
round 2500 261 0.62
round 2500 624 0.62
angular 2837 293 0.51
angular 2837 697 0.48
angular 2650 483 0.55
round 1300 2170 0.62
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al.*® At a given air velocity, the images of the solids distribution
at the measurement planes were captured and recorded for 60
s at a frequency of 100 Hz, the same as the maximum rate of
measurements with the ECT sensors. The recorded image data
were exported for analysis in MATLAB.

As described in Agu et al,> Figure 3 shows the distribution
of solids fraction obtained in the bed of 261 ym glass particles

0.6
0.4 ‘
0.2
0
10 . 20 30 Colorbar
X pixels

(a)

(b)

Figure 3. Behavior in the lower plane of the bed of 261 um glass
particles. (a) Distribution of solids volume fraction as indicated by the
numbers in the color bar. (b) Actual bubble region (white) and
approximately spherical bubble (region bounded by a red circle).

at a 35th s of 0.147 m/s airflow. The higher values on the
figure color bar indicate higher solid concentrations. In the
regions where the solid concentration approaches zero,
bubbles can be observed. As bubbles have been found to
contain a certain amount of solids,* any region bounded by the
solids fraction between 0 and 0.2 is considered as a bubble in
this study. Using this bubble-solid threshold, difterent bubbles
are identified. The sensitivity of bubble properties to a change
in the threshold value decreases with increasing gas velocity
and particle sphericity. Within the bubbling regime, a change
in the cutoff solids fraction to a value within 0.15—0.25
(corresponding to +25% change) results in a change in the
bubble diameter within 5% to 7% for the round particles and
6% to 10% for the angular particles. Despite the bubble-solid
threshold value, analysis of the image data reveals that only a
single bubble can be mostly observed in each plane at every gas
velocity as shown in Figure 3. This is probably due to the small
size of the bed diameter, which may enhance the lateral bubble
coalescence and due to the location of the ECT sensors (15.7
and 28.7 cm) before which the number of rising bubbles must
have been reduced due to axial coalescence. However, the
activities of a single bubble can be traced easily, making the
data analysis less cumbersome. For every bubble identified in
this analysis, its properties are calculated using the “image
processing toolbox” in MATLAB. The number of pixels
occupied by a bubble at any given time is obtained and
mapped into the actual bubble projected area based on

A, = A(%} where N, is the number of pixels occupied by
the bubble and N,;, = 812 is the total number of pixels within
the plane. The changes in the values of A, with time are used
to obtain the bubble frequency as described in the next section.

Figure 4 shows the sketch of a typical profile of the projected
bubble area at a given plane that can be observed during the
bubble passage. As can be seen, the projected area gradually

increases from zero, reaching a peak value and then gradually
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Figure 4. Sketch of the time evolution of the bubble projected area
typical for a bubbling fluidized bed, where T, is the average active
bubble period, T; the average idle period, T} total bubble period, and
A, the average bubble cross sectional area.

decreases to zero. After the observed projected area is reduced
to zero, the bed becomes idle (free from bubble) until the next
active period. The gradual increase and decrease in the
projected area during the active period is evidence that the
bubble is spherical or oval in shape. The peak of the projected
area during the bed active period corresponds to the cross-
sectional area at the center of the bubble.

To verify the repeatability of the experiment, five different
measurements were taken at intervals of 2 min for each air
velocity. These five data sets were analyzed separately, and
their average was taken to reduce the random error associated
with the measurements. For all the beds, the mean variation in
the measurements when the experiment is repeated a number
of times is less than 2.5%.

3.2. Measurement of Bubble Properties. The bubble
diameter in each plane is obtained as the time-averaged
diameter of an equivalent sphere having the same projected
area as the bubble. As shown in Figure 4, the bubble diameter
can be based on the peak projected area assuming a spherical

bubble.
24
n T (7)

Here, n is the number of times over the measurement period
when full bubble passages are observed in the plane, and A,; is
the peak of the projected areas observed in the plane at each
bubble passage.

As the bubble activity in each plane is cyclic, Figure 4 shows
that it is possible to record the time at which a bubble arrives
at a plane and the time at which the next bubble arrives at the
same plane. The time interval between the arrivals of two
successive bubbles is referred to as the bubble period. For the
single bubble observed at every gas velocity, the inverse of the
bubble period T is described as the bubble frequency, f,.

1
f'b —

T (8)

4. RESULTS AND DISCUSSION

The four different materials considered in this study have
different properties that can influence the behavior of a
fluidized bed. For example, in addition to the difference in
their densities, limestone particles are cohesive and irregular in
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Figure 6. Bubble diameters measured in the bed of 188 ym glass particles compared with the values computed from different correlations: (a)

lower plane and (b) upper plane. Bed height = 52 cm.

shape, whereas glass particles are noncohesive and regular in
shape. Of all these materials, limestone and glass are the two
extremes. Sand particles are rough but not as cohesive as
limestone particles, while the molecular sieve particles are
smooth and spherical in shape but porous unlike the glass
particles. These properties are explored in this study to
investigate their effects on the bubbling behavior. Figure §
compares the bubble behavior in the bed of 293 ym limestone
with that in the bed of 261 um glass particles at about the same
excess gas velocity U, U,p 0.097 and 0.095 m/s,
respectively. For the bed of glass particles, bubbles rise more
frequently in the lower plane (15.7 cm above the distributor),
but as they coalesce in the axial direction while moving up to
the upper plane at 28.7 cm above the distributor, the rise
frequency decreases. This behavior is typical of particles of
good fluidity.” For the bed of limestone particles, a different
behavior can be observed in the two different planes. The
bubble frequency in the two planes is almost the same after 1 s.
In the lower plane, bubbles spread across the bed and coalesce
to form a flat face bubble similar to those at high velocity in
Geldart D solid beds. However, Figure 5(d) shows that as the
bubbles rise up the bed, splitting and coalescence result in a
round face bubble that sticks to the wall, a behavior peculiar to
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fine rough particles at high gas velocity.” In addition to the
particle properties, this nonuniform bubbling behavior over the
bed of limestone particles may also be attributed to
segregation, where the larger particles move down and the
smaller particles move up the bed due to bubble passage.
Moreover, since the gas velocity Uy — U, is higher than that at
the minimum slugging condition as shown in Table 2, there are
flows of slugs in both beds, though at this moderate gas
velocity, the flows of slugs is not continuous as can be seen in
Figure 5(e). When slugs flow, the bubble diameter is close to
the bed diameter. Between two successive slugs, the bed
bubbles freely. There is no slug flow in the lower plane, but the
impact of the flow of slugs in the upper plane can still be seen
in the planes below. The complete passage of slugs leads to a
sudden drop in the bubble diameter at both planes due to
escape of gas which results in a temporal higher concentration
of solids in the bed.

4.1. Measured versus Predicted Bubble Diameter.
Most correlations available in the literature provide bubble
volume-equivalent diameter, which has been considered as the
true bubble diameter. In this study, the method for measuring
the bubble diameter using 2D ECT data is based on the
maximum projected bubble area during each bubble passage
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Figure 7. Bubble diameter against superficial gas velocity for (a) 188 um glass particles, (b) 261 um glass particles, and (c) 293 pm limestone
particles at different aspect ratios hy/D. Lines: solid, hy/D = S; dashed, ho/D = 5.6; and dotted, ho/D = 6.2, and for (d) 697 ym limestone and 483
pum particles comparing their behavior with that of 293 ym limestone particles.

assuming a spherical bubble. However, a more realistic bubble
size based on ECT measurements can also be obtained by
integrating the product of the projected bubble area and
bubble velocity with respect to time. The average bubble
velocity over a bed height can be calculated from the time it
takes a bubble to pass from one plane to another. This method,
however, may be limited by the spacing between the
measurement planes. As observed in this study, bubbles
become larger before reaching the upper plane due to
coalescence, especially in the bubbling regime, making it
difficult to determine the time it takes a bubble to pass through
the two planes by any technique such as the cross-correlation
technique. With the use of ECVT (electrical capacitance
volume tomography), the bubble volume-equivalent diameter
has been obtained by different researchers,’® with some
indications that the measured bubble diameter can be larger
than the bed diameter, showing that bubbles are nonspherical
in shape when they are large due to wall effects. Figure 6
compares the bubble diameter measured in this study with
those obtained from the correlations given by Choi et al,'”
Mori and Wen,'® and Darton et al."” For the same value of U,
— U, the results show that the bubble diameter is larger in the
upper plane. The bubble diameter increases with an increase in
the excess air velocity except when the bubble (slug) size
approaches the bed diameter as can be seen in the upper plane.
On average, the trend of the experimental data is the same as
those obtained from the three different bubble diameter
models. The predictions given by Choi et al. agree well with
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the bubble diameter measured in the lower plane over the
entire range of excess velocity and with that obtained in the
upper plane up to the excess velocity of 0.15 m/s. Over the
range of velocities shown, the two other models underpredict
the experimental data in both planes, but the predictions given
by the Mori and Wen correlation are better than those
obtained from the Darton et al. model. Moreover, none of the
correlations predict the behavior in the slugging regime, where
the excess gas velocity is greater than that corresponding to the
minimum slugging velocity as given in Table 2. This is
probably because these models are developed for a freely
bubbling bed. Although the Choi et al.'” model still predicts
the bubble diameter with a good accuracy even in the slugging
regime where Uy — U, > 0.107 m/s, particularly in the lower
plane it should be noted that the slug flow is not continuous,
and it starts from the upper part of the bed as shown in Figure
S(e). The extent to which the flow of slugs covers the bed
height depends on the gas velocity and particles. For this
smaller particle size, 188 ym, the lower plane bubbles freely at
all gas velocities in the range shown in Figure 6 due to low
bubble growth rate. At the upper plane, the bed slugs but not
continuous. Since the bubble diameter presented in this study
is the time-averaged value as given in eq 7, the bubble diameter
depends on the most frequent value recorded between the
bubbling and slugging regimes over the measurement period.
Increasing the gas velocity increases the chances of slug flow
over time. However, this behavior is peculiar to fine and
smooth particles. For rough (angular) or large particles, the
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occurrence of slugs over time and along the bed axis
dominates, leading to a larger bubble diameter than that
predicted by the Choi et al. model as can be seen in the
subsequent sections. The bed of 188 ym glass particles at an
initial height of 52 cm is used in this demonstration since it
provides results, which are in closest agreement with at least
one of the bubble diameter correlations in the literature.

4.2, Effect of Bed Height on Bubble Diameter. The
variation of bubble diameter with initial bed height is shown in
Figure 7 for the three different powders with smaller particle
sizes. As can be seen, changes in the bed height have no
significant effect on the bubble diameter for the bed of 261 ym
glass particles. Between the higher bed heights /D = 5.6 and
6.2, the respective bubble diameters are also the same for the
beds of 188 um glass and 293 pm limestone particles.
However, when the bed height is reduced to hy/D = §, the
corresponding bubble diameter significantly increases for the
bed of 188 um glass and slightly decreases for the bed of 293
um limestone particles. This effect is more significant in the
upper plane for both powders but seems to decrease at
increasing gas velocity. Within the bubbling regime, U, < U,,,,
the results in general show that for h,/D > § the increase in the

bed height has a negligible effect on the bubbling behavior.
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However, at a higher gas velocity, the behavior may be
different due to the chaotic behavior of slug flows, especially in
the bed of angular particles as shown in Figure 7(c). Figure
7(c) also suggests that when U, > U,,, the occurrence of slugs
dominates in both planes. Within the gas velocity 0.25—0.3 m/
s, the predominant flat face slugs, which spread across the bed
diameter, flow in the lower plane, while wall slugs rise over the
upper plane, resulting in the difference in the bubble diameter
seen in this figure. At a higher gas velocity, the wall slugs
become dominant in both planes. The wall slugs are smaller
than the flat slugs, and as they flow up the bed, coalescence
takes place. This behavior can also be seen in the bed of 697
pum limestone particles and to some extent in the bed of sand
particles as shown in Figure 7(d). The 624 ym glass and the
molecular sieve particles have similar behavior as those of the
two smaller glass particles due to the similarities in their shapes
and texture.

4.3. Effect of Particle Size on Bubble Diameter. As
shown in Figure 5, bubble behavior can be influenced by the
particle properties. Based on the two glass powders with
smaller particle sizes and the two limestone powders described
in Table 1, the influence of material and particle size on bubble
diameter can be seen when the bubble diameter is plotted
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against the gas velocity ratio Uy/ U, as presented in Figure 8.
The value of Uy/ U, measures the degree of bed expansion due
to flow of gas at velocity above that required for minimum
fluidization as can be seen in eq 9, where Ae = (H;— H,,)/H,,,
is the degree of bed expansion and ¢, is the bed voidage at the
minimum fluidization condition. Equation 9 can be derived
assuming that the gas residence time and mass of solid particles
remain the same at any given gas velocity.

)

Figure 8 shows that the bubble diameter increases with an
increase in the gas velocity ratio Uy/U,,; but the rate of this
increase varies between the two materials. Bubbles grow faster
in the beds of limestone particles than in those of glass
particles. This low resistance to bubble growth in the bed of
limestone particles can be attributed to higher bed porosity
due to low particle sphericity. As given in Table 1, all the
angular (nonspherical) particles have a lower solids volume
fraction compared to the round (spherical) glass and molecular
sieve particles. The lower initial solids fraction indicates that
the bed is more porous and will offer a lower resistance to gas
and bubble flows. The rate of increase in the bubble size with
Uo/ U, also increases with the particle size in both planes. This
behavior may also be attributed to the variation in the
resistance to gas flow between the different particle sizes. As
the particle size increases, the number of particles per unit
volume of the bed decreases, resulting in a lower flow
resistance. The higher bubble growth rate indicates that slugs
can form easily in the fluidized beds of larger particle sizes. For
the limestone particles where the bubble diameter is already
closer to the bed diameter in both planes at a higher gas
velocity, Uy/ U, > U,/ U, any section above the upper plane
will have the same bubble diameter as close as the bed
diameter.

4.4. Effect of Particle Size on Bubble Frequency.
Figure 9 shows the bubble frequency against the bubble
diameter normalized with the bed diameter. For the particles
188 pm glass, 261 pym glass, and 293 um limestone, the plots
include the data from the three different initial bed heights: 52,
58, and 64 cm. As can be seen, the bubble frequency increases
with an increase in d,/D when the bubble diameter ratio is
below a certain value (d,/D),. At a value of (d,/D),, the
bubble frequency is maximum. Beyond (d,/D),; the bubble
frequency decreases with an increase in the bubble diameter.
Since bubble diameter increases as gas velocity is increased,
this implies that the bubble frequency increases with an
increase in the gas velocity until a peak value and thereafter
decreases with a further increase in the gas velocity. The
bubble frequency increases due to a higher rate of increase in
the bubble rise velocity as the gas velocity increases.”” At
higher gas velocities, when the bubble size approaches that for
slugs to flow in the bed, the rate of bubble rise velocity
becomes lower. This thus increases the time at which bubbles
are observed at a given plane, thereby decreasing the bubble
frequency. The peak frequency decreases with an increase in
the particle size and from the lower to the upper plane, a
behavior which has been similarly observed in the previous
studies.”*”® Since the bubble frequency decreases continuously
after the peak value, it shows that the local peak frequency
denotes the point of local incipient slugging.
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The corresponding value of (d,/D)y in each plane defines
the local minimum bubble size at which a slug begins to flow in
the bed. As shown in the figures, (d,/D),, increases along the
vertical axis of the bed and with increasing particle size. The
bubble diameter at the peak frequency is larger in the upper
plane due to bubble coalescence. For the powders shown, (d,/
D), is in the range of 0.34—0.7 in the lower plane and 0.38—
0.8 in the upper plane. Since the peak bubble frequency
corresponds to the point at the local onset of slugging, these
results show that slugs will be observed in most beds when the
ratio of the bubble diameter to the bed diameter is within
0.34—0.8. The results also agree with the findings of Werther.””
In a 10 cm bed of fine particles with mean diameter 83 pum,
Werther” observed that slugs begin to flow when d,/D = 0.33,
and at this minimum slugging condition, the bubble velocity is
at its maximum value. However, as the value of (d,/D),,
depends on the vertical position in the bed, a wider range of
bubble diameters at the peak frequency can also be obtained in
the fluidized beds. Figure 9 also shows that for the large or
angular particles, the bubble/slug frequency reduces to a value
closer to or less than 1.0 s™' when the bubble diameter
approaches the bed diameter as also observed in other
studies.'”"" However, for the small and smooth particles, the
limiting bubble/slug frequency may be over 1.0 s as can be
seen in Figure 9(b).

4.5. Maximum Slugging Frequency. Similar to the
superficial gas velocity U, at the onset of slugging, the
maximum slugging frequency f); is an important parameter
that also characterizes a deep fluidized bed and is defined as
the bubble frequency at which a slug will begin to flow in the
bed. The maximum slugging frequency sets a boundary
between the bubbling regime and the slugging regime and
also offers a secondary confirmation for the onset of slugging
regime. In addition, knowledge about the slugging frequency,
particularly its maximum value, is important since this
parameter can affect the gas—particle contacting. Moreover,
as shown in Figure 10, the average bubble diameter over the
bed height at the maximum frequency is lower than that
characterizing the bed at the minimum slugging velocity. The
normalized bubble diameter at the minimum slugging velocity
is also the arithmetic mean of the bubble diameters measured
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Figure 10. Comparison between bubble diameter at the maximum
frequency and that at the minimum slugging velocity for the beds of
the glass, limestone, and molecular sieve particles given in Table 1.
The bubble diameter for each of the three smaller particles is also
averaged over the three different initial bed heights.
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Figure 11. (a) Maximum bubble frequency versus the bubble diameter at this maximum bubble frequency. (b) Bubble diameter at maximum
frequency versus minimum slugging velocity ratio for f;;, model development.

from both planes at the minimum slugging velocity since the
two measurement planes lie approximately within the middle
of the bed for most of the aspect ratios of 4—5.6 covered. This
result therefore shows that operating a fluidized bed at the
maximum bubble frequency will prevent slugging in a large
portion of the bed while achieving higher gas velocity.

From the previous studies,”* ™% different correlations for
predicting slugging frequency within the slugging regime are
provided. However, there are no such correlations found for
the maximum slugging frequency. Based on the analysis of
results in this study, a correlation for the maximum slugging
frequency can be proposed. It should also be noted that the
maximum slugging frequency corresponds to the maximum
bubble frequency before the bed begins to slug.

Figure 11(a) shows the plot of log;o(fy.) against the
corresponding bubble diameter ratio log,o(d,/D), for the
different powders given in Table 1 including glass, limestone,
and the molecular sieve particles. The data in the figure also
include those obtained from both planes. The result shows that
the maximum slugging frequency decreases with the
corresponding bubble diameter. As the dependence of bubble
frequency on bubble diameter is independent of the bed
material,” these data can be fitted to a straight line on the log
scale with a regression coefficient (R-square) of 0.77. The
linear relationship between the maximum slugging frequency
and the corresponding bubble diameter can be represented by

eq 10.
]—1.792
M

where k = 0.537 s7.

As the local value of (d,/D),, is not known, prediction of the
local maximum slugging frequency using eq 10 may be difficult.
However, using the average of the values of (d,/D),, from both
planes, an approximate value for the maximum slugging
frequency can be obtained. Figure 11(b) shows the plot of
average value of (d,/D),, against the gas velocity ratio U,/ U,
at the onset of slugging. The bubble diameter decreases with
an increasing value of U,,,/U, The data in the figure can be
fitted with a function described by eq 11.

d,

(10)
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ms

U]_l

Uy

(d,/D)y; = (290 — 36.66exp[—2.80
(11)

Combining eqs 10 and 11, the maximum slugging frequency
fus (s7") averaged over the bed height can then be expressed as

ms

1.792
7 ]
Uns (12)

fue = 0.537|12.90 — 36.66exp[—2.80

Figure 12 compares the prediction of the proposed model
for maximum slugging frequency with the experimental data.
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Figure 12. Prediction of maximum slugging frequency using the
proposed model compared with results from models in the literature.

The predictions using the correlations given by Lee et al.’* and
Shichen et al.>" are also shown. The computation of f;; using
the Lee et al. and Shichen et al. correlations are obtained at the
superficial gas velocity corresponding to the gas velocity U, at
the onset of slugging. As can be seen, the proposed model, eq
12, predicts the experimental data with reasonable accuracy
over a wide range of U,/ U, The prediction based on the Lee
et al. correlation also agrees with the experimental data for
U,/ Uy < 1.75. The accuracy of the Lee et al. model in the
lower range of U,,/U,, may be due to the range of particle
sizes of 450—3000 ym on which the development of the model
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Figure 14. Radial distribution of normalized solids fraction and relative solid fluctuations at the lower planes for the beds of 261 yum glass particles:

U, = 0.030m/s. Lines: normalized solids fraction. Data points: relative solids fraction fluctuation.
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was based. The Shichen et al. correlation underpredicts the
experimental data including those of 697 um limestone and
624 pm glass particles even though the model was developed
based on a particle size of 650 pm. The model might have been
developed for a fully developed slug where the slugging
frequency approaches 1.0 s or less depending on the particles
as can be seen in Figure 9, accounting for the inaccuracy in
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predicting the maximum slugging frequency. Based on these
results, the model proposed in this paper can therefore be
applied to obtain the maximum bubbling/slugging frequency
over a wide range of particle size. Moreover, since the
minimum slugging velocity, U,,/U,, depends on the bed

aspect ratio,”’ the models given by eqs 11 and 12 can also be
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applied in beds of different diameters and heights to a large
extent.

4.6. Solids Movement and Distribution of Solids
Fraction. In a deep fluidized bed, the higher-pressure drop
across the bed may influence the axial bubble distribution.
Contrary to shallow beds that are characterized by an even
distribution of bubbles, deep beds may be separated into
regions of top bubbling zones and regions of bottom quiescent
zones. Where a portion of a bed is not bubbling, the solids
movement, and thus the required gas—solids mixing in that
region, will be jeopardized. The distribution of solids gives an
indication of particle mixing in a fluidized bed. Due to bubble
formation and passage, the solids are set into oscillate about a
fixed position. The degree of movement of solids in the bed at
a given gas velocity can be measured by the fluctuations of the
solids fraction. The standard deviation of the solids fraction
over the measurement period can be used to predict the solids
fluctuations in the bed at a given gas velocity. For a given pixel,
the standard deviation can be obtained from

1 . . .
o=y 2 (g, = ¢)’, where, & is the solids fraction at

the pixel q(i;j), and ¢ = %ZSSQ is the time average of the

«.»

solids fraction at that pixel. The indices “i” and “j” locate the
pixel in the 32 X 32 plane (Figure 1(b)).

Figures 13, 14, and 15 show the distributions of normalized
solids fraction and relative solids fraction fluctuation as a
function of the static bed height at the lower plane across the x
axis. The normalized solids fraction is obtained from ¢, = €,/
€4, while the relative solids fraction fluctuation is computed as
0, = 0,/€, where & is the solids fraction at the fixed state.
The value of ¢, ranges from 0 to 1, and it measures the relative
permittivity of the solid material. When ¢, = 1, the section of
the bed is completely filled with the solid material, but when
&, = 0, it is completely filled with air. A value in between 0 and
1 means that the bed section is occupied by solids and air. The
relative solids fluctuation is used to scale up the effect of gas
interactions on the solid particles since 0 < & < 1, making it
easier to compare different bed behavior. The value of 6,, can
be less or greater than 1 depending on how severe the gas—
solids interaction is. In Figures 13—1S5, the plots with lines
denote the normalized solids fraction, while the data points
with the same color represent the corresponding relative solids
fraction fluctuation. For each of the beds, two different values
of excess velocities are used to compare the effect of particle
properties on gas—solids mixing in both bubbling and slugging
regimes. For the bubbling regime, the excess velocity above the
minimum fluidization velocity U, — U, is kept approximately
the same, whereas for the slugging regime the excess velocity
above the minimum slugging velocity U, — U, is also
approximately the same. The results show that most of the
particle movements occur near the center of the beds. The
central peak and gradual drop of the solids fluctuations in each
bed indicate that particles move upward near the central axis
and downward near the walls of the bed in the form of a vortex
ring as described in Kunii and Levenspiel” for beds of larger
diameters. However, there is a significant difference in the bed
behavior between the two different materials, glass and
limestone particles, at the two different velocities.

For the glass particles, the normalized solids fraction is close
to unity near the walls and below unity around the central
region, showing that most of the up-flowing gas follows the
central axis of the bed. As the bubble rises along the central
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axis, it pushes the particles by its sides toward the wall and
those in its front forward, enhancing gas passage. The emulsion
gas tends to follow the region around the central axis due to
less resistance to the flow, resulting in the lower solids fraction
in this region. When the bubble erupts or coalesces with
another bubble, the solids fall back along the sides of the
trailing bubble toward the walls. However, as the value of the
solids fraction within the central region is below that at the
walls, it indicates that only a fraction of the solids carried
upward falls back to the plane. This results in an uneven
expansion of the bed and slight fluctuations of the solids
observed around the wall region. With an increase in the gas
velocity, this effect is severe. The region bounded by the
central solid movement becomes narrower, increasing the
quiescent wall regions. The peak value of the solids fluctuation
is high due to passage of slugs. As shown in Figure S, the
passage of the round-nose (axial) slugs increases the wall
region due to continuous raining and compression of solids at
the sides of the slugs.

For the bed of limestone particles, the distribution of the
solids fraction is almost uniform across the bed diameter at the
lower gas velocity with the value of &, significantly lower than
1.0. This shows that the up-flowing gas is in contact with most
of the particles and that the bed expands almost uniformly
across the bed cross section. Since the gas distribution is better,
the distribution of the solids fraction fluctuation shows that the
spread of bubbles is also better than that in the beds of the
glass particles. The wider distribution of gas in the limestone
bed may be attributed to higher bed porosity due to the
nonspherical nature of the particles. At the higher gas velocity,
the bed slugs. However, since the rate of occurrence of the flat-
face slugs as shown in Figure 5(c) is lower than that of the axial
slug shown in Figure 5(b), the fluctuation of the solids fraction
in the limestone bed is low compared to that of glass particles
at the same excess gas velocity. Figure 15 also shows that as gas
velocity is increased, the region bounded by the upward
moving particles becomes wider, while the wall region becomes
narrower. At this higher gas velocity, the solids fraction
distribution is also almost uniform although slightly lower due
to an increase in the bed expansion. From these results, it
therefore shows that the quality of deep bed fluidization in
terms of gas—particles contacting is better in the bed of
limestone particles than in that of glass particles.

Moreover, in the bubbling regime, the results clearly show
that the effect of bed height on the distributions of solids
fraction and solids fluctuation decreases with increasing bed
height and with increasing particle size. However, in the
slugging regime, the behavior is chaotic. For example, with a
bed height 58 cm, the peaks of the solids fluctuation compared
to those for the other two heights is the least in the bed of 188
um glass particles but the greatest in the bed of the larger glass
particles. In the bed of limestone particles, the peak values are
the same for all the bed heights, but the solids fluctuations
spread more evenly at the bed height 58 cm compared to the
other heights.

In addition, Figures 13— 15 show that the peak of solids
fluctuation is closer to the right wall but shifts toward the
central axis as the gas velocity increases. With increasing
particle size at the same excess gas velocity, the peak of the
fluctuations also moves closer to the central axis due to wider
gas distribution. This asymmetric behavior, where the peak of
solids fluctuation always lies at the right of the bed central axis,
was also observed when the experiments were repeated at the
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same conditions, indicating a maldistribution of the gas
velocity across the bed cross section.

However, the position of the peak of solids fluctuation with
respect to the central axis differs between these particles in the
y-axis (not shown), although the profile of the solids
fluctuation as well as the solids fraction is the same as in the
x-axis. For the higher gas velocity in the y-axis, the peak lies at
the central axis for the 261 ym glass particles, at the right of the
central axis for the 188 um glass particles, and at the left of the
central axis for the limestone particles. When the gas velocity is
further increased, the turning points of the solids fraction and
fluctuation lie at the central axis in both x- and y-axes for all the
particles, indicating an even distribution of gas/bubbles across
the bed. The variation in the orientation of the solids fraction
and fluctuation between the x- and y-axes can be seen clearly in
Figure 16 for the beds of 624 ym glass and 697 um limestone
particles at Uy — U,,; & 0.03m/s. The results also show that the
peak of the solids fluctuation lies at different positions between
the x- and y-axes for the glass particles but at the same position
in both x- and y-axes for the limestone particles.
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Since the position of the peak of solids fluctuations in either
the x- or y-axis depends on both particle size and gas velocity,
the distribution of bubbles in the bed might have also been
influenced by the distributor plate. As can be seen in Figure 2,
the ratio of the distributor pressure to the bed pressure drop is
very low for smaller particles and high for larger particles at the
same gas velocity ratio. Increasing the gas velocity increases the
distributor pressure drop. With a sufficiently high pressure
drop across the distributor, a large number of pores on the
plate are active to give a better gas distribution.* The
maldistribution of the gas velocity from the distributor plate,
particularly in the bed of smaller particle sizes, can be
minimized by adding a packed bed or porous medium in the
plenum below the distributor plate. It should be noted that in
this study the distributor pressure drop was kept low to be able
to operate all the beds within the range of gas velocities
covered since the maximum pressure drop across the air
blower is 0.15 bar(g).

4.7. Modeling and Scale-Up. From the results obtained
in this study, different correlations for different bubble
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properties have been proposed.”>”” In Agu et al,,”” models for

the bubble velocity, bubble frequency, and bed expansion were
presented, while the models for the bubble volumetric flux and
bubble diameter averaged over the bed height were proposed
in Agu et al.”® The bubble frequency and bubble diameter
models are as given in eqs 13 and 14, respectively.

d 1.48
f, = {0.52(3") + yubﬂdb]

_ U. 0.66 U.
d,/D = 0.848(30) 1- C[U—O]
" (14)

where u, is the bubble velocity. All the model parameters ¥, /3,
a, and ¢ depend on whether the bed is in bubbling or slugging
regime. While y and  depend on the particle class, a and ¢
depend on the particle and fluid properties as described in the
respective literature. These two models can accurately predict
the results presented in this study for different gas velocities,
particle sizes, and flow regimes.

As shown in previous sections, different particle types
behave differently in the 10.4 cm diameter bed used in this
study at their respective initial bed heights. In a larger bed
diameter, the behavior shown by the same particles may differ
due to higher degrees of freedom in both particle and bubble
flows. To obtain a similarity in the behavior shown by any of
the powders, a correctly scaled bed of another particle type is
required. There are several scaling laws in the literature™ for
achieving a similarity in the fluidized bed behavior between
smaller and larger diameter beds. For simplicity, the
dimensionless group described in eq 15 as proposed by
Horio et al.>* for attaining a similarity in a bubbling bed is used
for a demonstration.

-1

(13)

4 1)0:66

b-Uy Uy %
JeD D p (15)

For the 261 um glass particles in the bed of dimeter 10.4 cm
and initial height 52 cm, for example, Figure 17 shows the
behavior when the bed is scaled to larger bed diameters, 30, 50,
and 100 cm, using the scaling dimensionless group given in eq
15. The experimental data are the normalized bubble diameter
Zib/ D averaged over the bed height at different gas velocities.
The values of d,/D for the scaled beds are determined from eq
14. For the same particle density and air properties, the particle
diameter in the scaled bed is obtained by back calculation from
the Wen and Yu® correlation proposed for predicting the
minimum fluidization velocity of a known fluid and particle
properties. When the bed height is 52 cm, giving the aspect
ratios hy/D = 1.73, 1.04, and 0.52 for the respective bed
diameters, Figure 17(a) shows that there is no similarity
between the scaled and the experimental beds. The bubble
diameter decreases with decreasing bed aspect ratio, reflecting
a characteristic behavior of shallow beds. To match the
normalized bubble diameter from the scaled bed to that of the
experimental bed, the bed aspect ratio has to be increased as
shown in Figure 17(b). The new bed aspect ratio is given as
ho«/Dx, where hyx = 52 cm and Dx is a characteristics scaling
bed diameter obtained by fitting eq 14 for a given scaled
particle properties to the experimental data from the small
scale bed. It should also be noted that the similarity attained is
only within the bubbling regime as can be seen in Figure
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17(b). To achieve a similar behavior in the slugging regime, a
different set of scaling dimensionless groups may be applied.

From these results, it therefore shows that the bubbling bed
behavior observed in this study can be scaled up using
appropriate scaling laws in addition to eq 14.

5. CONCLUSIONS

In this paper, a number of experiments were carried out to
deepen the understanding of influence of particle properties
and bed height on the behavior of deep bubbling fluidized
beds. The powders including limestone, glass, sand, and
molecular sieve particles with mean particle sizes in the range
of 180—2200 um were investigated. The bed height was varied
between 50 and 65 c¢m in a 10.4 cm diameter cylindrical bed.
The bubble properties were obtained at two different positions
in the bed using the information acquired by a dual-plane ECT
Sensor.

The results show that particle properties influence the
bubbling behavior and that the effect of bed height depends on
the particle size. The findings of this study are summarized as
follows:

e Bubbles grow faster in the bed of limestone particles
than in that of glass particles, possibly due to variation in
their shapes that influences the bed porosity.

The rate of bubble growth increases with increasing
particle size, basically due to low resistance to gas flow in
the bed of larger particles.

Bubble frequency increases with gas velocity only when
the bubble diameter is below a threshold value. At the
threshold bubble diameter, the bubble frequency is
maximum, and above the threshold value, the bubble
frequency decreases with increasing gas velocity.

The bubble diameter at the maximum bubble frequency
increases with increasing particle size.

When the bubble diameter reaches a value at which the
bubble frequency is maximum, the bed begins to slug.
For rough particles, the slug type can change from flat
slugs to wall slugs depending on the gas velocity and
axial position in the bed.

The limiting slug frequency is closer to or less than 1.0
s”! for large or rough particles but may be higher for
small and smooth particles.

Correlations for predicting average maximum bubble
frequency and the corresponding bubble diameter are
proposed.

Gas—solid contacting is more effective at higher gas
velocity in the bed of limestone particles than in that of
glass particles.

The effect of bed height decreases with increasing aspect
ratio within the bubbling regime but may vary within the
slugging regime due to the chaotic behavior of slug
flows.

With the findings in this paper, understanding of bubbling
behavior in deep fluidized beds is enhanced for efficient
operations and designs of such systems. The effect of different
particle size distributions and gas distributors on deep bed
behavior will be considered in further studies.
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B NOMENCLATURE SYMBOLS

A [m?] = cross-sectional area

D [m] = bed diameter

D. [m] = characteristic scaled bed diameter
d [m] = diameter

f» [1/s] = bubble frequency

g [m/s*] = acceleration due to gravity

H [m] = total bed height

h [m] = vertical position in the bed

ho« [m] = initial bed height for this small bed diameter of
10.4 cm

n [-] = number

T [s] = period

Uu [m/s] = velocity

B GREEK LETTERS

g, [-] = solids fraction
p [kg/m’] = density

o [-] = solids fraction standard deviation

B SUBSCRIPTS

b = bubble
ba = active bubble
f = fluidized

i = idle/index

M = maximum

mf = minimum fluidization
q = pixel

s = slug/solid

0 = initial/bottom reference
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ABSTRACT: The average bubble diameter and volumetric bubble flux give indications about 0
the overall bed expansion in a fluidized bed. As these properties depend on the particle Arow £,
properties and fluidized bed regime, their accurate predictions have been a challenge. A new ‘| Ry
set of models for predicting the average bubble properties within the bubbling and slugging :, /

regimes in a deep fluidized bed is proposed, where bubble flux is modeled by P

G=U, - c([l]i") U,;, bubble diameter is modeled by d, = 0.848G"D"** and transition
'mf

293 estons|
POt gy Lines: Modsd

0 005 01 015 02 025 03 035
Excessvelociy, Uy - Uy [mis]
Bubble

Flow: G = Uy — kU,
POl  Diameter: d, = 0.848G066D03+
k= C(i)

Unm.

@,¢ = f(dp, @, Pprttgi Py Uo)

~0.588
velocity is modeled by 5"‘ =1+ 233U % (9" — 1)(%) . The models are

‘mf

developed using the information obtained from an experimental setup equipped with a dual-

plane electrical capacitance tomography and a porous distributor plate. Although they are Airin, Uy
empirical, the proposed models are based on the two-phase theory used in describing the tioe) = (ienstensphericinsdensio)
bubble flow in a fluidized bed. These models have been validated, and the results show that

they can be used to predict the behavior in different regimes at different gas velocities.

Gas: [ig,p4,Uo] = {viscosity, density, velocity}

1. INTRODUCTION given superficial gas velocity above the minimum fluidization
velocity, these correlations give the same bubble diameter
independent of the particle characteristics. This may probably
be because most of these models are developed based on the
two-phase theory proposed by Toomey and Johnstone.”
According to the two-phase theory, the gas velocity in excess
of the minimum fluidization velocity constitutes the bubble
flow in the bed. On the basis of this assumption, different beds
of particles have the same volumetric bubble flux at the same
excess gas velocity independent of the particle properties.
However, studies of Hilligardt and Werther® and Grace and
Clift’” showed that the actual volumetric bubble flux is lower
than that given by the two-phase theory. These findings
indicate that many of the existing bubble diameter models may
not be appropriate for all systems. Moreover, the bubble

Due to numerous advantages, fluidized bed technologies have
wide industrial applications. To ensure sufficient residence time
for the reacting gases, a fluidized bed reactor can be operated in
bubbling or nonbubbling regime. Nonbubbling fluidization is
also regarded as particulate fluidization, and it is often desired
when high gas residence time is required. In the bubbling
fluidized bed, there is higher transfer of heat and mass due to a
higher degree of solid movement, but this is at the expense of
gas residence time. Particle size is among the factors that
influence the fluidized bed regimes. For Geldart A particles,' a
fluidized bed passes through the particulate regime before it
begins to bubble when the gas velocity is further increased,
whereas for Geldart B particles, which can be fluidized easily,
bubbles appear in the bed as soon as the minimum fluidization ) X
velocity is exceeded. Mandal et al.” show that a bed of Geldart dlaméter and volumetric bubble flux at the Same €Xcess gas
B particles can exhibit nonbubbling fluidized bed behavior at VelOFItY have been observed.to vary betweer.l different types.of
higher gas velocity when it is formed within the interstitial void p flrtlFlesj Several factors, WhICh 1nclud'e p art}cl'e shape and size
space of large and stationary particles. Similar to internals such distribution, can .be. responsible for t.hls dewa.tlon. -

as vertical tubes and baffles, the large particles serve as bubble Accurate prediction of bubble diameter in d?ep fluidized
breakers, preventing rise and flow of bubbles in the binary beds. beds has also been a challenge for most of the available models

In this study, the focus is on the bubbling fluidized beds often because they are developed for freely bubbling beds. For a deep
bed where there is a possibility of slug flow, none of these

models has been found to predict the behavior in the slugging
regime. Even though they are developed for freely bubbling

applied in small-scale reactors. Designing a bubbling fluidized
bed reactor, especially in the preliminary stage, may require a
knowledge about the average bed properties. For a given gas
velocity, the average bubble diameter and volumetric bubble

flux are important parameters that give an indication of bed Received:  October 22, 2017
expansion. Revised:  January 30, 2018
Several correlations® ° found in the literature provide the Accepted: February 1, 2018
bubble diameter at any position along the axis of the bed. For a Published: February 1, 2018
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Figure 1. (a) Physical view of a cold fluidized bed with dual-plane ECT sensors for measurement of the solids fraction distribution. (b) Cross section

of the bed divided into 812 pixels.

beds, the predictabilities of these different models also differ
from one system to another. Karimipour and Pugsley'’
reported that bubble diameters in the beds of Geldart B
particles can be best predicted using the models developed by
Choi et al.®> and Mori and Wen,* while for Geldart A and D
particles, the correlation of Cai et al.'" is best suited. As most of
these correlations are either fully empirical or semiempirical,
the measurement techniques used to acquire the experimental
data for their developments may also influence their accuracies.
Although the use of photographic techniques (video imaging)
in two-dimensional (2D) beds provides adequate information
about the bubble growth, bubble shape and bubble spatial
distribution,'” this information may not be applicable for three-
dimensional (3D) beds. Most of the techniques used for 3D
systems do not measure the bubble diameter directly.
Depending on the technique, the information acquired during
the bubble passage is analyzed to obtain the relevant bubble
properties such as bubble holdup, bubble size, and bubble rise
velocity. Since these properties are inter-related, measurement
of any one of them is often used to determine the other
properties.'” X- and y-ray absorption techniques are widely
applied to obtain properties of a single rising bubble.”'*'* For
beds with a large diameter, these methods fail to provide
accurate bubble properties due to difficulties to identify a
particular bubble in the presence of large number of different
bubbles. Different types of probes are also employed to
measure the bubble properties.””'>~"® The needle capacitance
probes are extensively used”'® despite their low signal-to-noise
ratio. In general, the techniques based on the use of
conductivity, inductance, and capacitance probes provide
information about the local bubble size, but to obtain the
average bubble diameter at any cross-section of the bed requires
a considerable effort.'” Being intrusive devices, probes also have
the capacities to change the hydrodynamics of their
surroundings, thus acquiring false results. Viswanathan and
Rao'” obtained the bubble holdup from pressure measure-
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ments, and provided an iterative procedure for determining the
bubble diameter by back-calculations using the relevant
correlations relating the bubble rise velocity, bubble holdup,
and bubble diameter.

The aim of this study is to develop a set of models for
obtaining the average bubble volumetric flux and bubble
diameter in deep fluidized beds. Farshi et al."” highlighted four
different ways to compute the average bubble diameter, which
is also called the effective diameter. Each of these methods
depends on the total bed height, and the simplest of them is by
finding the bubble diameter at the middle of the bed. Due to
variety of concepts involved, these different methods may give
different results. This paper presents models that are
independent of the total bed height for obtaining the average
bubble diameter and average volumetric bubble flux. The
models are based on the analysis of information obtained from
an experimental setup equipped with a dual-plane electrical
capacitance tomography (ECT). Being a noninvasive techni-
que, a number of researchers’>* have used ECT in their
studies to characterize bubbling fluidized beds. ECT sensors
provide adequate information about the solids fraction
distribution, which can be analyzed to obtain different bubble
properties at a given plane in a fluidized bed. In this study, sets
of ECT data are acquired and analyzed with different MATLAB
codes. From the data analysis, relevant bubble properties are
found, which are then used to develop the models for
determining the gas velocity at transition between bubbling
and slugging regime, the average bubble volumetric flux and the
average bubble diameter at different gas velocity. The
experimental method used for the data acquisition is presented
in the following section, while the details for the proposed
model development are given in the subsequent sections.

2. DATA ACQUISITION

2.1. Experimental Setup. In this paper, the experimental
setup used to acquire the necessary data consists of a cylindrical

DOI: 10.1021/acs.iecr.7b04370
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Table 1. Properties of Different Particles Investigated in This Work

mean particle diameter densitz Geldart
materials [um] [kg/m’] group
glass beads 188 2500 B
glass beads 261 2500 B
limestone 293 2837 B
sand 483 2650 B
glass 624 2500 B/D
limestone 697 2837 D
molecular sieve 2170 1300 D

sphericity fixed bed solids fraction minimum fluidization velocity

(-] = [em/s]
1.0 0.63 4.00
1.0 0.62 8.15
0.65 0.51 14.00
0.72 0.55 17.5

1.0 0.62 23.30
0.65 0.49 39.24
1.0 0.6 76.85

column of 104 mm internal diameter equipped with a dual-
plane ECT sensor as shown in Figure 1. The sensors are
located at two different positions: 15.7 and 28.7 cm above the
gas distributor. Each sensor consists of 12 electrodes, uniformly
distributed around the measurement plane. The cross-section
of each sensor is divided into 32 X 32 square pixels, of which
812 pixels lie within the bed as shown in Figure 1b. Each pixel
holds a normalized relative permittivity between 0 and 1. The
normalized relative permittivity €, is a measure of volume
fraction of solids in the bed. The volume fraction of particles &
at any point in the plane is obtained from g, = g€, where &, is
the fixed bed solids fraction. More detail about this setup can be
found in Agu et al.”?

The experiments were conducted using seven different types
of particles. The properties and Geldart classification of these
particles are given in Table 1. The minimum fluidization
velocity of these different particles were obtained from this
setup. The particle densities for the different powders were
measured with a gas pycnometer and the particle sizes were
obtained from the sieve analysis. The average sphericity of the
particles is difficult to measure, although the approximate value
can be obtained by fitting experimental pressure drop data to a
pressure drop model** such as Carman—Kozeny” and Ergun®®
equations. However, the value of sphericity obtained from this
method may differ from one pressure drop equation to another.
For the purpose of model development, the sphericity values
given in Table 1 correspond to the average of those listed in the
literature for the same materials. The initial bed height in each
of the experiments lied between 40 and 65 cm. For the Geldart
B glass and limestone particles, the experiments were
performed with three different initial bed heights, 52, 58, and
64 cm, to obtain the influence of bed height on the fluidized
bed behavior.

In the experiments, dry compressed air was used. The air
velocity above the minimum fluidization velocity for the
different types of particles was varied in the range of 0.05—0.40
m/s. For each air velocity, the images of the solids distribution
at the measurement planes were captured. The image data were
recorded for 60 s at a frequency of 100 Hz. Figure 2 is an
example of the solids fraction distribution obtained during the
experiments. The higher values on the figure color bar indicate
higher solid concentrations. The flow of bubbles can be
observed in the regions where the solid concentration
approaches zero. Considering that bubbles contain some
amount of solids,”* any region bounded by the solids fraction
between 0 and 0.2 is regarded as a bubble in this work. On the
basis of this bubble—solid threshold, different bubbles are
identified. The bubble properties are calculated using the
“image processing toolbox” in MATLAB. The number of pixels
occupied by a bubble at any given time is obtained and mapped

into the actual bubble projected area using Ay =A(&),
N,

pix
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Figure 2. Fluidized bed behavior obtained at the ECT lower plane for
the 261 um glass particles. (a) Distribution of solids where numbers in
the color bar give the solids volume fraction. (b) Region occupied by
the actual bubble (white) and region defined by approximately
spherical bubble (bounded by a red circle).

where A is the cross-sectional area of the bed, Nj, is the number
of pixels occupied by the bubble, and N,;, = 812 is the total
number of pixels within the plane. The changes in the values of
A, with time are used to obtain other properties such as bubble
frequency and bubble volumetric flow rate as described in the
following section.

2.2. Measurement of Bubble Properties. Analysis of the
experimental data shows that the passage of bubbles through a
given plane is in a regular periodic manner. Figure 3 is the

,
s | |
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| | !
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Figure 3. Evolution of bubble-projected area, showing the active and
idle periods in a deep bed. Symbols: Ty, average active bubble period,
T; average idle period, Ty, total bubble period, and A, average bubble
cross-sectional area.

variation of bubble-projected area with time, which is typical for
all the beds studied in this work. The projected area increases
from zero to a peak value and then decreases to zero as the
bubble passes through a given plane. This variation indicates
that bubble shape is either spherical or oval. When a bubble
first arrives a plane, its projected area is zero. The bubble
projected area decreases to zero from a peak value immediately
the bubble leaves the plane. The peak of the projected area
represents the bubble cross-sectional area through its center.
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Figure 4. Effect of bed height on the bubble diameters measured at 28.7 cm above the distributor: (a) 188 um glass particles, (b) 261 ym glass

particles, and (c) 293 um limestone particles.

The time interval between when the bubble arrives and when it
completely leaves the plane is described as the active bubble
period.

The bubble diameter can be best determined from the
bubble equivalent volume.”” In this study, the 2D ECT sensors
employed only provide information about the bubble cross-
sectional area and none for the bubble height, making it difficult
to measure the bubble volume directly. Assuming a spherical
bubble, an approximate bubble size can be obtained from the
peak of the projected areas. The time-average bubble diameter
can therefore be described by

()

where 7 is the number of peaks of the projected areas recorded
over the measurement period and A,; is the peak of the
projected areas during the individual bubble passage. The active
bubble frequency f;, is obtained as the reciprocal of the active
bubble period:

dy,

Ty, )

1
[ = — E I, .
ba " bai ( 3 )

Here Ty, is the time-average of the individual active bubble
periods, Ty,. It should be noted that the concept of active
bubble period and frequency are introduced in this work, and
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that the true bubble period Ty, is represented by the sum of the
active and idle periods as shown in Figure 3. The true bubble
frequency is lower than the active bubble frequency since T, >
Ty..

The volumetric bubble flux G is measured by considering the
volume of bubble that passes through an observer plane of unit
area in a unit time. Considering that the active bubble period is
the time for complete bubble passage as shown in Figure 3, the
volumetric bubble flux can be expressed as

_ "
AT,

(4)

where v, is the volume of bubble that passes through a given
plane within the time period T}, For spherical bubbles,

v, = %dﬁ’, and eq 4 can be rewritten as

T 3
G="L74d
sl (s)

3. MODEL DEVELOPMENT, RESULTS, AND
DISCUSSION

As stated earlier, the proposed models for predicting the
average bubble volumetric flux and bubble diameter are
independent of initial bed height within the bubbling and
slugging regime. This statement is first discussed here.

Figure 4 shows the bubble diameters measured at 28.7 cm
above the distributor in different beds of particles: 188 ym glass
particles, 261 pm glass particles, and 293 pm limestone

DOI: 10.1021/acs.iecr.7b04370
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particles. For the beds of 261 um glass particles, the bubble
diameter is independent of the initial bed height at the same gas
velocity. For the 293 ym limestone and 188 pm glass particles
beds, there are also no differences in the corresponding bubble
diameters when the initial bed height is increased from 58 to 64
cm. However, for the height of 52 cm, the bed of 188 um glass
particles shows a significant increase in bubble diameters while
that of 293 um limestone particles shows a decrease in bubble
diameters compared with the values recorded at the bed height
of 58 cm, although this effect seems to decrease with increasing
gas velocity. These results show that the bubble diameter is
independent of bed height when the bed height is relatively
high. Therefore, the models developed in this section are to be
applied in deep beds with large aspect ratios (bed height to bed
diameter ratio).

3.1. Model for Average Volumetric Bubble Flux.
According to Grace and Clift,” the volumetric bubble flux can
be expressed as

G = U — kU (6)

Equation 6 is a form of modified two-phase theory describing
the bubble flow rate in a fluidized bed, where the parameter k
accounts for deviation of the theoretical bubble flow rate from
the actual bubble volumetric flow rate. The value of k may vary
depending on the superficial gas velocity, bed properties and
vertical position in the bed** In a freely bubbling beds, Choi et
al.* obtained a correlation between the value of k and the gas
velocity ratio as given in eq 7, where a4 and ¢ are constant with
values of 0.62 and 1.0, respectively.

U a

Umf (7)
In the present work, values of k are obtained and analyzed.
From the measured volumetric bubble flux, k = =6 can be

‘mf

determined. Figure S shows the average values of k against the
gas velocity ratios :—" for four different beds: 483 ym sand, 293

‘mf

pum limestone, 261 ym glass, and 188 ym glass. In each bed, the
trend of variation in k changes as the bed transits from bubbling
to slugging regime with increasing gas velocity. The data in the
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Figure S. Variation of k = (Uy — G)/U, with gas velocity ratio U,/
Uy Solid lines, bubbling regime; dashed lines, slugging regime.

two different regimes can be fitted with separate straight lines as

shown in the figure. The extension of the fitting lines beyond

the data points is arbitrary. For example, at the vertical intercept
U U

where Uf“ = 1, slugs are never observed. The value of Uiﬂ =1
mf

'mf

gives the minimum possible velocity for a bubble to flow, and
depending on the particle size, a bubble may or may not exist at
this velocity. However, since the lines are used to describe the
behavior in the different regimes, the vertical intercepts as well
as the line slopes are essential. Also, as shown in Figure 5, the
relative standard error for each of the fitting lines is small,
indicating that the data points can be well described by the
linear functions.

The slope of each line increases as the flow regime changes
from bubbling to slugging. In the bubbling regime, the intercept
on the vertical axis is closer to zero for the larger particles, but
increases as the particle size decreases. This variation is as
expected since smaller particles require significantly higher

values of 5—“ for the bubble to rise in the beds. In addition, the

f

line slopes in this regime differ between the different beds. The
slope decreases between 188 pm glass and limestone and
increases thereafter toward the sand particles. This behavior can
be attributed to the variation in size and shape between these
particles. However, in the slugging regime, sand and glass
particles have almost the same line slopes, which differ
significantly from that of limestone particles.

On the basis of these linear relationships shown in Figure S,

U a
the expression k = C(Uf") can be used to describe the

‘mf

behavior in both bubbling and slugging regimes, where a and ¢
are the line slope and the line intercept, respectively. As
described above, the values of a and ¢ depend on the particle
size, shape, and fluidization regime. Further analysis of these
behavior (Figure S) provides different expressions for values of
a and ¢ as given in Table 2. For the slugging regime, the

Table 2. Correlations for the Proposed Model Parameters a
and ¢

parameters

expressions validity
Bubbling Regime
9'5(4.168 — 1.389 log(Ar))
@"5(0.329 — 1.156 x 10° Ar™®?)
c (1321 + 8.161 X 10* Ay~ 104)0083
Slugging Regime
0.725 + 0.230 log(Ar)
1.184 + 8.962 x 10* Ar~13%
0.042 + 0.108 log(Ar)
(0.978 — 1.964 x 10> Ar 08)+8

log(Ar) < 3.5
log(Ar) > 3.5
log(Ar) > 0

log(Ar) < 3.9
log(Ar) > 3.9
log(Ar) < 4.0
log(Ar) > 4.0

correlations are based on the beds of 188 um glass, 293 pm
limestone, sand, 697 pym limestone, and the 3D molecular
sieves particles. The correlations for the bubbling regime are
based on the glass particles (188 and 261 pm), the sand
particles and two of the Geldart D particles (697 ym limestone
and 2.17 mm molecular sieve particles).

Table 2 shows that the expressions for a and ¢ vary between
the bubbling and slugging regimes and that these parameters
depend on the particle Archimedes number, Ar = dip,(p, — p,)
g/ ug, where d, is the particle diameter, ¢ is the particle
sphericity, p, is the particle density, and g is the acceleration
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due to gravity. p, and p, are the gas density and dynamic
viscosity, respectively.

3.1.1. Validation of the Proposed Model for Volumetric
Bubble Flux. Using the expressions for the parameters a and ¢
as given in Table 2, the average volumetric bubble flux in deep
fluidized beds can be obtained from

(8)

Figure 6 compares the average volumetric bubble flux obtained
from eq 8 with the experimental data. As shown in the figure,
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Figure 6. Computed average volumetric bubble flux based on
G=U, - c([%o) U, (lines) compared with the experimental data
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(stars) used in the model development.

these results are for the particles used in developing the models
in Table 2. Quantitatively, it can be seen that the model results
are in good agreement with the experimental data. The
transition from bubbling to slugging regimes are well-captured,
and the trends of the bubble flux in both regimes correspond
with those of the experiments. Figure 7 shows the computed
average volumetric bubble flux against the gas excess velocity
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Figure 7. Computed results (lines) based on the proposed model
G=U, - c([%o) U, compared with the experimental data (stars)
‘mf

from different beds.
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for other sets of particles also studied in this work. It can be
seen that the model prediction is also in good agreement with
the experimental data within the given range of gas velocities.

3.2. Model for Gas Velocity at Bubble to Slug
Transition. To apply the models in Table 2 successfully at
any given gas velocity, a model at the boundary between the
bubbling and slugging regimes is required. Different bubble—
slug transition models are available in the literature.”"~>* The
transition models provide the velocity at the onset of slugging.
Among the available models, the Baeyens and Geldart®’ model
is commonly used.

Uy = Upe + 0.16(1.3D%'7° — 1 _)* + 0.07(gD)™°  (9)

The Baeyens and Geldart™ correlation (eq 9) shows that the
minimum gas velocity required for a slug to flow in a fluidized
bed depends on the particle minimum fluidization velocity, the
bed height, and the bed diameter, but the excess velocity U,,,—
U, is independent of the fluid and particle properties except
where h changes with these properties. In this section, a
model where U, ,—U, is fully dependent on fluid and particle
properties is developed.

As shown in Figure S, the transition from bubbling to
slugging regime occurs at the point of intersection between the
two different regime lines. At the intersection, the values of k
from the two regimes are the same:

p A
UmS UmS
Cb = CS
Unt Ut (10)

Here, a, and a, are the corresponding values of a4 in the
bubbling and slugging regimes, ¢, and ¢, are the respective
values of ¢, and U, is the superficial gas velocity at the
transition. With the values of a and ¢ known in the respective
regime, eq 10 can be simplified:

U

ms

Unt

m!

= Cta t
(11)
where ¢, = ¢,/c, and a, = 1/(a, — a).

Figure 8 compares the transition velocity ratios computed
from eq 11 with those obtained in the experiment for the
different powders. For the spherical particles, the results show
that the computed data agree very well with the experimental
data. The results differ significantly when the particles are
nonspherical. This indicates that at the onset of slugging

5
. *  Exp.
- Eq. (11)
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g
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o
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Figure 8. Computed values of gas velocity ratio at the transition from
bubbling to slugging regime for different particles using eq 11.
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reglme, particle shape plays a significant role. In Dimattia et
al,** the minimum slugging velocity is also reported to depend
on the particle sphericity. Therefore, eq 11 can be modified to
account for the influence of particle sphericity at the transition.

By introducing a factor of ¢°*° in eq 11, the errors associated

with the computed values of s for the nonspherical particles

mf

are minimized.

U

ms

Unt

m!

0.3S5 a,
=@ ¢!

‘ (12)
Contrary to the Baeyens and Geldart model, the results from eq
12 are independent of the bed height and bed diameter. This
shows that the transition velocity described by this model can
be accurate when the bed is relatively deep, that is, where

% > 4. To be able to utilize eq 12 in beds with smaller aspect

ratios, some modifications are needed.

Agu et al.”’ show that the onset of slugging depends on the
bed height especially in the bed of smaller particles, and as
given by eq 9, this in general should depend on both h; and D.

. . U, .
Figure 9 shows the ratio, (0“;‘5/“(71)[], computed against the
Ct ‘mf
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Figure 9. Variation of normalized gas velocity at slugging with bed
height. Data points: experiment; lines: Baeyens and Geldart model, eq
9.

bed aspect ratio % for the different beds: 188 pm glass, 261 ym

glass, and 293 pm limestone particles. For the bed of 188 ym
glass particles, the experimental data show a continuous
Upe / Upg = 1
(0*Fe* = 1)Uy
but for the two larger particle beds, some degrees of scatter can
be observed. However, the results from the Baeyens and
Geldart model suggests that the variation of this normalized

. . . . h
decrease in the value of with an increase in 30’

slug velocity ratio with % is linear with a constant slope when

% < 6.5 for all the beds. On the basis of this linearity, the

following relationship can be derived:

U,/Uy — 1 _ ﬁ)“
U, ﬂ(D (13)

( 0.35 at _
Here, a is the slope of the line, taken to be constant for all the
beds, and f is the intercept on the vertical axis, which decreases
with increasing particle size as can be seen in Figure 9.
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Figure 10 shows that the three sets of the experimental data
can be fitted with different straight lines of the same slope. It
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y *  188um-glass
- 18 o 261um-glass
< g 293pm-limestone
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Figure 10. Normalized minimum gas velocity for slugging fitted with
constant slope lines.

can be seen clearly that as the particle size increases, the degree
of data scatter increases. Dimattia et al.>* also reported a similar
scatter variation. The scatter variation indicates that the
dependency of the minimum slugging velocity on the bed
height may be insignificant when the particle size is large. The
slope of each line in Figure 10 is @ = —0.588. The value of the
intercept f is found to depend on the particle minimum
fluidization velocity by the expression f# = yU%, where y = 2.33
and @ = —1.027. From these results, the onset of slugging
velocity can be obtained as a function of bed aspect ratio as
described by eq 14.

—0.588 h
=14 233U ("¢ - 1)| 2 i15< 2 <72
(¢ ) D ; D

(14)
The coefficient U, in eq 14 accounts for the bed expansion
above the height at fixed state during the transition. The bed
height expansion is also accounted for in the Baeyens and
Geldart model by replacing h, with h_. Note that in both eqs 9
and 14, U, is measured in m/s. Equations 14 and 9 agree very
well within the aspect ratio range of 1.5—7.2, and this is taken
as the range of validity of this model until further verification is
obtained.

3.2.1. Validation of Proposed Model for Onset of Slugging
Regime. Equation 14 shows that both U, and U, — U
depend on the fluid and particle properties. This makes the
model more robust to predict the onset of slugging velocity in
different systems with varying operating conditions, including
temperature and pressure. However, reliability of this model
also depends on its performance when compared with results
from other setups or correlations.

Figure 11 compares the minimum slugging velocity
computed from eq 14 with those obtained in the experiments
reported by Singh and Roy.” The values based on the Baeyens
and Geldart model are also shown for comparison. The bed
£oho

N , used in
— £

mf
eq 9 is based on the average bed height h, = S5 cm
characterizing the present work. The Values of solids fraction &
in fixed state are given in Singh and Roy’ ® for the same set of
particles. The void fractions at minimum fluidization &, are

'mf

height at minimum fluidization condition, k¢
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Figure 11. Computed minimum gas velocity for slug flow at different bed heights and bed diameters.
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5.0 (solid), 2 = 5.6 (dashed), and ** = 6.2 (dotted).

obtained according to Wen and Yu®’ based on a sphericity of
0.70 for all the powders. As shown in Figure 11, the proposed
model, eq 14 agrees very well with the Baeyens and Geldart
model, and the results from both models are in good agreement
with the experimental data.

With a different bed height, hy = 25 cm, and the bed diameter
D = 10.16 cm reported in Singh and Roy,” eqs 9 and 14 also
agree very well with each other. Compared with eq 9, the
proposed model responds very well to the variations in the bed
height to bed diameter ratio. The results from both models also
show that the effect of bed height is insignificant when
increasing the particle size.

3.2.2. Sensitivity of the Model, Equation 14, to the Fitting
Parameters a, y, 8, and U, Although the results presented in
Figure 11 show that the proposed bubble-slug transition model
can predict the onset of slugging regime with good accuracy,
the model validity depends on the particle size due to
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uncertainty in U, measurement. In Figure 10, the slopes of
the actual lines that can fit separately the data from the three
different sets of particles differ from the average value, —0.588
used in the proposed model. The actual intercept of each line
also differs from that given by the correlation = 2.33U, %’
following the deviation in the corresponding line slope. Due to
these deviations, the maximum error associated with the right-

a
hand side of eq 13, R = ]/U&(%) , lies between —1S and

+10% for all the bed heights. It should be noted that changes in
the model parameters @, ¥, 6, and U, from their base values
may cause a significant change in the model maximum error.
On the basis of this, it will be interesting to check the model
sensitivity to these parameters within a possible range of
changes.

Figure 12 shows how the model responds to small changes in
any of the four parameters. These results show that the model
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sensitivity is not affected by changes in the bed aspect ratio for
changes in any of the parameters within +10%. For the changes
in the parameters q, ¥, and U, the sensitivity is independent of
the bed particles within the +10% changes. Any slight increase
in the parameter € from the nominal value results in a rapid
increase in the model output, although this effect seems to
decrease with an increase in the particle size. Hence, due to this
high sensitivity, the nominal value 6 = —1.027, should be
maintained in the model.

As can be seen, a change in o within +15% has the same
effect on the model output as the same change in U,z Within
+10%, a change in y has the same magnitude, but the opposite
effect as an equal change in a or U, This means that any
change applied to o should be applied to y to minimize the
model error. Since U, is also a variable in the model, it follows
that the value of y can be varied from the base value according
to the uncertainty in measurement or estimation of U,

3.3. Model for Average Bubble Diameter. As shown in
Figure 3, the active bubble frequency depends on the bubble
size. As the bubble size increases, the time taken by the bubble
to pass through a given plane increases. Figure 13 shows how

50
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w
o
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N
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o
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Figure 13. Relationship between the active bubbling frequency and
bubble diameter.

the bubble frequency changes with the bubble diameter. The
plotted data are obtained from nine different beds of three
different types of particles, 188 ym glass, 261 ym glass, and 293
um limestone, with three different bed heights, 52, 58, and 64
cm. The plot includes all the data obtained from both planes
(15.7 and 28.7 cm above the distributor) for each bed. The
result indicates that the relationship between the bubble
frequency and the bubble diameter is independent of bed
height and can be described by a curve with the following
function:

b 148
= 1.927| —
J(ba (d ]

b

(15)

Equation 15 shows that when the bubble diameter is as large as
the bed diameter, the active bubble frequency is reduced to
193 s7%

With eq 1S, the volumetric bubble flux described by eq S can
be written as

D)
G= o.3z1£(—) a4
Ald, (16)
Substituting %Dz for A, eq 16 can be simplified to
4\
G= m(—b) D
D (17)

where m is a constant with a value of 1.285 s™'. Keeping the
units of dy, and D the same, the unit of G is thus m/s, cm/s, or
mm/s depending on what unit assigned to the bed diameter, D.

The results from eq 17 are compared with the experimental
data as shown in Figure 14. The average bubble diameters used
in these results are those obtained from the experiments with
the different types of particles. As can be seen in Figure 14a, the
model predicts the behavior in the different beds with a
reasonable accuracy. For the beds of particles shown in Figure
14b, the model accuracies are as good as those obtained from
the three beds used in the model development, particularly in
the bubbling regime. Moreover, the results show that the model
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predicts well the similar behavior observed in the different beds
of the same material.

Since the results from both models, eqs 8 and 17, agree very
well with the experimental data, a combination of these models
can be used to obtain the average bubble diameter in deep
fluidized beds at different gas velocities. Assuming that all the
bubbles passing over a given bed at a given gas velocity is
represented by a single bubble with average diameter d,, a
combination of eqs 8 and 17 gives

a — \1.52
UO db
Uy — o —=>|U,=128]=2| D
Unt D (18)

Recasting eq 18, the model for average bubble diameter is given
by

U a 0.66
d, = 0.848[U0 - C(U—O] Umf] o3+

mf

(19)

3.3.1. Validation of the Proposed Model for Average
Bubble Diameter. For a given gas velocity, the average bubble
diameter in a deep fluidized bed can be predicted using eq 19.
The unit of gas velocity in this empirical model must be in “per
second” and must correspond to any unit assigned to the bed
diameter.

To validate this model, the computed average bubble
diameters for different beds of particles are compared with
the experimental data as shown in Figure 15. These results are

€ 1

SO,

o101

kel

5 © Loma " ®

° 2

E 8¢t '

8

k=]

o 7T

el

S 6

a

3 5f

Q

g 4t % Exp., 188um-glass
© & Exp., 483um-sand
:% 3r Exp., 697um-limestone

005 01 015 02 025 03 035 04

Excess velocity, UO -U__[m/s]

mf [
Figure 15. Computed average bubble diameter based on the proposed

B 0.66
model d, = 0.848(U0 - 6(5—0) 04 f) D** compared with the
‘mf

m

experimental data used in the model development.

based on the set of particles used in formulating the model. The
results show that a strong agreement exists between the model
and the experimental data within the range of gas velocities
shown.

Further validation of this model for average bubble diameter
is obtained by comparing its results with those from the existing
models. In this case, the models proposed by Choi et al.” and
Mori and Wen"* are considered since both models are widely
applied in predicting the bubble diameters. The Choi et al. and
Mori and Wen models are as described in eqs 20 and 21,
respectively.
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(Uy = Upp)ldy, — dyo — 1.132h] + 0.474g°3(dy° — dig) = 0

1.63
dyo = T[AC(UO - Umf)]OA
g
(20)
dy = 0.652[A(U, — U, )]™* = (0.652[A(U, — U™ = dyy)

exp(—0.3%)

dyy = 0.00376(U, — Uye)®
(21)
Here, h [cm] is a vertical position in the fluidized bed, A, [cm?]
is the catchment area described in Darton et al,’ g is in [cm/
s*], and U, and U,y are in [cm/s]. The bed average bubble
diameters based on these models, eqs 20 and 21, are obtained
by integration taken between the two measurement planes, 15.7
and 28.7 cm above the gas distributor.
The results from these three models, the present work, the
Choi et al.> model, and the Mori and Wen" models, are shown
in Figure 16 for three different beds of particles. The figure
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Figure 16. Predictability of the proposed model dy, =
N 0.66
0.848(U0 - c(:—°> Umf) D* compared with those of existing
'mf

models eqs 20 and 21.

shows that the bubble diameters computed with the present
model agree very well with the experimental data in all the
beds. Each of the Choi et al. and Mori and Wen models
predicts the same bubble diameter in the different beds at the
same excess gas velocity, Uy — U Within the range of the
excess gas velocities shown, the results from the Choi et al.
model are closer to the experimental data if averaged compared
with those from the Mori and Wen model. While neither Choi
et al. nor Mori and Wen model predicts the behavior in the
slugging regime, the present model reasonably predicts this
behavior. This ability to predict the bubble diameters in
different regimes of the deep fluidized beds makes the present
model superior to these two other models previously described
in the literature.

4. SUMMARY OF THE PROPOSED MODELS

The models developed in this paper for predicting the average
volumetric bubble flux, the average bubble diameter, and gas
velocity of transition from the bubbling to the slugging are
summarized in Table 3. The main assumption of these models
is that within the bubbling or the slugging regime the average
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Table 3. Proposed Models for Average Bubble Flux, Bubble
Diameter, and Bubble to Slug Transition Velocity

fluidized bed parameter model

G=U, - c(ﬂ)

U,
Unf

volumetric bubble flux Tt

5 _ & a
&y = 0.848(U0 c( Umf)

U

ms
Unf

bubble diameter U

mf

0.66
) D0.34

—0.027/, 035 1y | 088
=1+ 233U ("5 — 1)(30)

gas velocity at bubble to
slug transition

volumetric bubble flux and bubble diameter are independent of
the initial bed height, h,. However, the expressions for the
transition velocity indicates that the bed height is an important
parameter for determining the regime of operation.

The dependency of the model parameters a and ¢ on the
particle and fluid properties makes it possible for the model to
predict unique bubble diameter in fluidized beds of different
particles with the same excess gas velocity, Uy — Uy It should
be noted that the expressions for G and d, are discontinuous
UO
U_' The

‘mf

th ti f locity 1 < 2 <
over e entire range (o) gas ve OCIty U

‘mf

discontinuity over this velocity range is due to the expressions

for a and ¢ that are different in the two different regimes.
U,

1 . U,
However, within each of the regimes, 1 < U—U < and
'mf mf
U U . = .
U—° > U"S , the expressions for G and d,, are continuous and
mf mf
differentiable.

5. CONCLUSIONS

A fluidized bed can be operated in bubbling or nonbubbling
regime depending on the Geldart class of the bed particles. For
a bubbling fluidized bed, the bubble properties also depend on
the particle properties and fluidized bed regime (freely bubbling
or slugging), making their accurate predictions a challenge. This
paper presents a set of new models for predicting the average
volumetric bubble flux, average bubble diameter and gas
velocity at the transition between bubbling and slugging
regimes in deep fluidized beds:

Bubble flux:

Bubble diameter:
d, = 0.848G"*°p"*

Transition velocity:

Ubs

=1+ 233U % ("¢

hy -0.588

(5]

The model parameters a, ¢, g, and ¢, depend on the fluid and
particle properties, and their correlations with these properties
are also presented in this paper. In the slugging regime where
Y% U
Upe > Ung
correlations for the parameters a and c.

These models are developed based on the analysis of data
obtained from a cylindrical setup equipped with a dual-plane
electrical capacitance tomography. Although the models are
empirical, they are also based on the two-phase theory used in
describing the bubble flow in fluidized beds.

mf

, the same models are applied but with different
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These models have been tested with different types of
particles having mean diameters in the range of 130—2200 ym,
and their results are consistent with different experimental data.
The models capture the behavior in different regimes of deep
fluidized beds at increasing gas velocity. The dependency of the
model for average bubble diameter on the bed diameter
increases its applicability for design purposes. However, these
models require further validation with experimental data based
on different measurement techniques as well as bed height to
diameter ratio less than 4.

B AUTHOR INFORMATION

Corresponding Author
*E-mail: cornelius.e.agu@usn.no.

ORCID
Cornelius E. Agu: 0000-0002-5339-9794

Notes
The authors declare no competing financial interest.

B NOMENCLATURE

bed cross-sectional area, m>

dimensionless particle Archimedes number
dimensionless fitting index

dimensionless fitting coefficient

bed diameter, m

diameter, m

average diameter, m

frequency, s™*

volumetric bubble flux, m/s

acceleration due to gravity, m/ s?
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vertical position in the bed, m
initial bed height, m
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dimensionless two-phase bubble flow deviation coef-
ficient

logarithm function to base 10
dimensionless model coeflicient
numbers

right-hand-side of a model
period, s

superficial gas velocity, m/s
volume, m®

Greek Symbols

dimensionless fitting index
fitting coefficient, s/m
dimensionless void fraction
dimensionless solids fraction
dimensionless fitting index
density, kg/m?

dimensionless particle sphericity
dynamic viscosity, Pa-s

fitting coefficient, (m/s) 67"
Subscripts
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bubble to slug transition
acceleration due to gravity, m/s’
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ABSTRACT

An efficient design and operational control of a fluidized bed reactor relies on accurate
prediction of bubble properties. This paper employs measurement of bed void fraction
in determining the bubble velocity in a given bed. An analytical model is developed for
bubble rise velocity, which shows that the rise velocity of a single bubble is proportional
to the rate of change of the bubble-projected area. Based on the model for bubble rise
velocity, a correlation for bubble velocity is obtained as given by u, = gy (Uo - U,,f) +

12.51¢p (Uo —U,,f)o'wdbo'sz. Bubble frequency is also modelled and presented as f, =

-1
(0.52(%)1'48 + mu;‘db) , and bed expansion due to bubble flow in a larger particle bed

(Ar>400) is modelled by Ae = |1 —0.0873(Uo — U,,ye)’o'362 (%)O'66 (1 —v (&) ““)0'66 o

1. The three models have been validated against experimental data and the results show
that the bubble velocity model has a better prediction accuracy than the existing models for
Geldart B and D particles with prediction errors of 15.5% and 12.0%, respectively. The results
also show that the proposed bed expansion model predicts better than the existing models

in the literature.
© 2018 The Author(s). Published by Elsevier B.V. on behalf of Institution of Chemical

Engineers. This is an open access article under the CC BY license (http://creativecommons.
org/licenses/by/4.0/).

1. Introduction

There are different correlations for predicting bubble velocity in the
literature (Karimipour and Pugsley, 2011) but their prediction accura-

In bubbling fluidized bed reactors, the diameter and rise velocity of
bubbles can be used to obtain the bed expansion, which helps in deter-
mining the reactor effective volume and residence time. In addition to
reactor design, the bubble properties at a given gas velocity are also
used to characterize bubbling behaviour in fluidized beds. This paper
is aimed at presenting a set of models that can be used to predict bub-
ble velocity and bubble frequency in a fluidized bed for a wide range of
particle and bed properties, and also a model for predicting the overall
bed expansion in a bubbling fluidized bed regime.

* Corresponding author.

cies vary from one system to another. However, no available literature
clearly presents a model for obtaining the bubble frequency. In the slug-
gingregime, few correlations are available (Lee et al., 2002; Noordergraaf
et al., 1987). The available models for the slug frequency are correla-
tions assuming a fully developed slug where the slug size is closer to
the bed diameter. The slug frequency models may also be limited to a
large particle (or rough small particle) bed since bubbles in such a bed
can easily grow to the size of the bed diameter (Kunii and Levenspiel,
1991). For a bed of small spherical particles, a slug may have a fully

E-mail addresses: cornelius.e.agu@usn.no (C.E. Agu), Lars.A.Tokheim@usn.no (L.-A. Tokheim), Marianne.Eikeland@usn.no (M. Eike-

land), britt.moldestad@usn.no (B.M.E. Moldestad).
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0263-8762/© 2018 The Author(s). Published by Elsevier B.V. on behalf of Institution of Chemical Engineers. This is an open access article
under the CC BY license (http://creativecommons.org/licenses/by/4.0/).
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Nomenclature

A Cross sectional area, m?

Ar Dimensionless particle Archimedes number

a Instantaneous cross-sectional area, m?

D Bed diameter, m

d Diameter, m

d Average diameter, m

Ae Dimensionless bed expansion

f Frequency, s~!

G Volumetric bubble flux, m/s

g Acceleration due to gravity, m/s?

h Vertical position in the bed from distributor, m
H Total bed height, m

k Dimensionless model coefficient

k1 Dimensionless slug flux correction coefficient

ko Dimensionless wall coefficient on slug rise

m Dimensionless model coefficient

n Model parameter

r Radial position, m

t Time, s

T Period, s

8] Superficial gas velocity, m/s

up Bubble velocity, m/s

Upy Single bubble rise velocity, m/s

v Volume, m?3

z Axial position, m

Greek symbols

o Dimensionless wall coefficient on bubble

B Dimensionless model parameter

8p Dimensionless bubble volume fraction

& Dimensionless void fraction
Dimensionless bubble flux correction coeffi-
cient

® Dimensionless particle sphericity

op.on  Model coefficients

y Dimensionless model parameter

Subscripts

b Bubble

ba Active bubble

f Fluidized

fm Maximum frequency

i Idle

mf Minimum fluidization

ms Minimum slugging

p Solid particle

0 Initial/inlet position

developed size far less than the bed diameter even at a very high gas
velocity. The prediction of bed expansion is generally based on the two-
phase theory, where it is assumed that the bed void fraction is a linear
combination of bubble volume fraction and gas volume fraction in the
emulsion phase of the bed (Kunii and Levenspiel, 1991). The bed expan-
sion obtained based on this theory depends on the bubble velocity and
bubble volumetric flow rate, the accurate predictions of which have
been a challenge. The bubble volumetric flow rate is usually obtained
based on the two-phase theory (Toomey and Johnstone, 1952), although
there are other types of models (Hilligardt and Werther, 1986; Grace and
Cliff, 1974) accounting for the shortcomings of this theory. Based on the
form of modified two-phase theory proposed by Grace and Cliff (1974),
Agu et al. (2018) proposed a model for predicting the bubble volumetric

flux, which depends on the particle properties including the sphericity.
However, different models (Hepbasli, 1998; Singh et al., 1999; Geldart,
2004) are also available for the bed expansion in a fluidized bed.

To characterize a fluidized bed behaviour, different measurement
techniques are used. These techniques include the invasive probe
technique (Werther, 1974; Choi et al., 1988) and the non-invasive tomo-
graphic technique (Wang et al., 2018; Maurer et al., 2015; Li et al., 2018;
Du et al., 2005; Hulme and Kantzas, 2004). For measurement of bub-
ble velocity, two measurement sensors separated at a fixed position
are often used. The time taken by a bubble to pass from the lower to
the upper sensor is obtained using a reconstruction technique such
as the cross-correlation technique. One difficulty in this measurement
method is identifying a single bubble as it rises across the two sensors.
Near the distributor or when the gas velocity is very low, a large number
of bubbles is often present, making it difficult to identify which bubble
that passes the measurement sensors at a given time. Depending on the
spacing between the sensors, the shape and size of the bubble may also
change before reaching the upper sensor due to coalescence or splitting
of the bubble. Moreover, the bubble velocity obtained using this method
is an average value within a section of the bed. The minimum spac-
ing required between two sensors to avoid signal interference makes
it difficult to measure the absolute local bubble velocity. This paper
employs the measurement of bubble volumetric flow rate and bubble
volume fraction to determine the local bubble rise velocity. The bubble
volume fraction is calculated from the two-phase theory assuming that
the emulsion-phase voidage is the same as the local bed void fraction
at the minimum fluidization condition. Using a two-plane ECT (elec-
trical capacitance tomography) sensor, the local bed void fraction for a
given gas velocity is measured at different locations in the bed. From
the analysis of the changes in the projected area of a spherical bubble,
a model for bubble rise velocity is developed. The model coefficient is
obtained by fitting the analytical bubble velocity with the measured
bubble velocity. In the subsequent sections, a model for predicting
the bubble frequency based on the local bubble velocity is developed,
and finally an expression for predicting bed expansion in the bubbling
regime is developed. The results are presented and discussed.

2. Analysis of bubble flow

In a bubbling fluidized bed, bubble velocity u, is gener-
ally given as in Eq. (1), following some modifications of the
Davidson and Harrison (1963) model.

u, =9 (Uo — Umf) + Upy (1)
Upr = a1/ gdp 2

Here, Uy is the superficial gas velocity, Uy is the minimum
fluidization velocity of the bed material and uy,, is the bubble
rise velocity. The coefficient ¢ accounts for presence of more
than one bubble and their effect on the rising of an individual
bubble (Kunii and Levenspiel, 1991). The coefficient « in Eq. (2)
accounts for possible wall effects on the rising of a single bub-
ble, whereas g and d;, are the gravity constant and the bubble
diameter, respectively. There are different values for « being
used (Davidson and Harrison, 1963; Rowe and Partridge, 1965;
Rowe and Yacono, 1976; Wallis, 1969) depending mainly on the
particle size (solids classification according to Geldart (1973)).
In addition to Eq. (1), other models for bubble velocity are also
available (Rowe and Yacono, 1976; Dry et al., 1984). This section
introduces a new model for bubble rise velocity and a model
for bubble frequency.

For a single bubble rising through a fluidized bed, a typ-
ical time variation of its projected area is shown in Fig. 1(a).
The bubble-projected area at a given time is shown in Fig. 1(b).
Fig. 1(a) shows that when one bubble passes through a plane,
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Fig. 1 - Variation of bubble-projected area (a) evolution with
time (b) changes with vertical axis.

there is a time lag before another one can be observed. The
time frame between when a bubble arrives and when it com-
pletely leaves a plane is described as the active period Ty,. The
time between arrivals of two successive bubbles to the fixed
plane is the bubble period, T}, and the time at which the plane
is free of bubbles is the bed idle period, T;.

2.1.  Bubble rise velocity

Considering an isolated wakeless spherical bubble rising
through a fluidized bed, different cross-sectional areas (pro-
jected areas) can be observed at different times at the plane
P-P. As shown in Fig. 1, the bubble-projected area changes
from a; = nr? to a, = 712 as the bubble rises through a vertical
distance §z within a time interval é§t.

By geometry, the radii r1 and r, can be related to the bubble
radius r, =dy,/2, when z<ry, by

2 =z(2r, — 2) ©)
2 = (z+ 62) [2rp — (z + 82)] @)

Multiplying both sides of Egs. (3) and (4) by = and taking
the difference of the resulting equations, the change in the
bubble projected area sa = 7 (r% - r%) is then expressed after
simplification as

sa = (2r, — 2z — 6z) dz (5)

Dividing Eq. (5) through by ét, the change in the value of a
for a small change in time becomes

sa oz
5 _n(27b—22—82)§ (6)

For the limit when §t— 0, z— 0. Then, Eq. (6) becomes

da dz

ity (2ry, — 22) Fra (7)
In Eq. (7), the rate of change of the vertical displacement z
is the bubble rise velocity, thus uy, = %.

da

it (2rp — 22) uyy (8)

Dividing through by the bed cross-sectional area A = 7D?/4
to normalize Eq. (8).

1da  4n(2ry, —22) (%)

Adt — D D
1da (2r,-2z Upy
A dt ( D ) (f) ©
Letk = %, then
D \ da
Upr = (m) at (10)

For a given bed, Eq. (10) shows that the bubble rise veloc-
ity is proportional to the rate of change of the projected area
with time. The value of the model parameter k depends on the
bubble diameter and time. Therefore, the time-averaged value
of k for a given bubble will be required to obtain the velocity
with which the bubble rises uniformly through a given plane
in the bed. The variation of the average value of k with the
flow condition can be determined from experiments. It should
be noted that normalizing Eq. (8) with the bed cross sectional
area makes the model constant k dimensionless. For this rea-
son, the model in Eq. (10) can be used regardless of the bed
diameter for which the k value was obtained.

Assuming that the time-variation of the bubble-projected
area follows a parabolic function, a = 44, (t/Tba - (t/Tba)z), it

da _4A, da _ )
dt} o = Tpo and [dt]t:Tbaﬂ = 0. The aver

age value of f;—‘tl is then

can be shown that [

da 24,
dt = Ty,

(11)

where Ay = nd% /4 is the bubble-projected area through its cen-
tre. The bubble properties Ty, and A;, can be measured in an
experiment. The active bubble period strongly depends on the
bubble diameter. The larger a bubble is, the longer it takes to
pass through an observer plane. In Agu et al. (2018), a correla-
tion relating 1/Ty,, with the bubble diameter d,, is proposed as
described in Eq. (12), where the time is measured in seconds.

1 db —1.48
T = 1927(5) (12)

Combining Egs. (10), (11) and (12) yields

D d —1.48

Upr = 1.927A, (m) (Bb)
0.9635 /dy\ 2 /dy\ T
w="3-(3) (3) »

0.9635 /dy,\ **?
Uy = = (%’) D (13)

2.2.  Bubble frequency
From Fig. 1(a), the total bubble period T}, can be expressed as
Tp = Tpa + T (14)

The bubble frequency f;, =1/T}, can thus be obtained from

fo=1/(Tpa +Th)
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Table 1 - Bed materials investigated with properties.

Materials Geldart type Shape pp [kg/m?] dp[pm] Upns[cm/s] Upms[cm/s]
Glass B Spherical 2500 188 3.80 14.50
Glass B Spherical 2500 261 8.15 14.69
Glass B Spherical 2500 624 23.20 33.80
Limestone B Angular 2837 293 13.80 21.16
Limestone B/D Angular 2837 697 39.24 49.00
Sand B Angular 2650 483 16.50 25.82
Molecular sieve D Spherical 1300 2170 76.85 91.57

Substituting Eq. (12) in the above equation yields

fo= (0,52 (%’) e + Ti) B

The bed idle period T; depends on the bubble rise velocity.
The faster the bubbles rise, the more active the bed is, thus the
lower the idle period. Since T; can be measured in any given
bed, its relationship with the bubble velocity can be obtained
from experimental data.

(15)

3. Setup and measurement procedure

The experimental setup consists of a 10.4 cm cylindrical col-
umn of height 1.4 m. The column is fitted with a porous plate
and a set of two-plane ECT sensors separated at a distance of
13 cm. Here, only a brief description of the experimental setup
is given. The details of this setup, the materials used and the
operating conditions have previously been described in (Agu
et al,, 2017; Agu et al., 2018), hence will not be repeated. The
method used to obtain the relevant bubble properties are also
outlined in the previous studies.

The experiments were conducted at ambient conditions
using air as the fluidizing gas. Six different types of parti-
cles with mean particle size in the range of 180-2200 p.m were
used. For each of these powders given in Table 1, the particle
size, dy, was obtained from sieve analysis and particle den-
sity, pp with a gas pycnometer. A bed of each particle type was
formed in the fluidized bed column with initial bed height
within 40-60 cm to ensure that both ECT sensors were cov-
ered by the particles. The experiment was repeated five times
at each air velocity for a given bed. The image data recorded
by the ECT sensors were captured at a frequency of 100 Hz for
60s.

The ECT data provide information about the distribution
of solids or void at the sensor position. The average void frac-
tion and the standard deviation were computed as discussed
in Agu etal. (2017). The standard deviation plot against the gas
velocity was used to determine the minimum fluidization and
slugging velocities, Upys and Ums, respectively. The ECT data
were also analysed to identify bubbles, their properties and
their behaviour over the measurement period (Agu et al., 2018;
Agu et al., 2017). To verify the repeatability of the experiment,
the five data sets for each gas velocity were analysed sepa-
rately, and the mean variation in the measurements when the
experiment is repeated was observed to be less than 2.5%. The
average data from the five measurements was therefore taken
to reduce random errors.

From the data analysis, it was observed that the growth
of a bubble as gas velocity is increased depends on the par-
ticles. With increase in particle size, the bubble growth rate
increases. In the bed of angular (rough) particles, the rate of
bubble growth is higher in the lower part of the bed than in

the upper section, resulting in a sharp transition from bub-
bling to slugging regime. Moreover, the slug flow in the bed of
limestone particles changes from the flat slug type to wall slug
type at a considerably high gas velocity, probably due to the
cohesive nature of these particles. For the spherical (smooth)
particles, the rate of bubble growth is almost uniform over the
bed, and the transition from bubbling to slugging regime is
smooth.

For further analysis, the bed behaviour observed in this
study is classified into two types based on the bubble growth
rate:

e Type A: Bed with a slow bubble growth rate and a smooth
transition from bubbling to slugging regime. Slugs rise along
the central axis with a full-grown size less than the bed
diameter; this behaviour is typical for fine and smooth Gel-
dart B particles.

o Type B: Bed with arapid bubble growth rate or a sharp transi-
tion from bubbling to slugging regime. Slugs spread across
the bed cross-section and attach to the wall while rising.
Slugs can grow to the bed size; this behaviour is typical for
large particles or rough smaller particles.

Moreover, the bubble growth rate depends on the bed
height to diameter ratio. As all the beds studied are deep, it
is further observed that rough particles with a mean diameter
as large as 300 .m exhibit a type B behaviour. For a bed with
type A behaviour, data analysis also shows that there is a retar-
dation in the slug growth when the ratio of bubble diameter
to bed diameter is between the value of (d,/D);,, and 0.6. Here,
(dy/D)gy, is the bubble diameter at which the bubble frequency
is at its local maximum, and at which slugs begin to appear at
the bed position. The subscript “fm” denotes maximum fre-
quency. The value of (dy /D)fm depends on the particles, and
increases slightly along the bed height. The average value of
(dp/D)sy, OVer a given bed is shown in Fig. 2(a) as a function of
Upms/ Upns- The figure shows that the bubble diameter at the local
maximum frequency increases with decreasing Ums/Umf, indi-
cating that the (dp/D)g, value increase with particle size. The
curve correlating the measured (dp/D)g, With Ups/Uyy value in
Fig. 2(a) can be represented by Eq. (16).

-1
(dp/D)gm = (2.90 — 36.66 exp (—2.80 5:; ) ) (16)

Fig. 2(b) shows the variation of 1/ (vy,/T;) with up, where vy,
is the bubble volume and uy, is the bubble velocity obtained as
described in the subsequent sections. The figure clearly shows
the behaviour of a bed due to bubble growth. The T;/v}, value is
higher for type B than for type A behaviour at the same bub-
ble velocity, indicating that the bubble frequency is lower in
the bed of larger particles than in the bed of smaller particles
for the same volume of bubbles. In addition, the slopes of the
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Fig. 2 - (a) Variation of bubble diameter at maximum frequency with minimum slugging velocity ratio based on the three
glass, two limestone and the molecular sieve particles given in Table 1. (b) Bed idle period per unit bubble volume for two
different types of behaviour in a fluidized bed; data from the three glass and the sand particles in Table 1.

trend lines for the type B behaviour are higher than the corre-
sponding slopes in the type A beds. Thatis, —6.9 and —1.7 for
Bl and B2, and —5.8 and —1.2 for Al and A2, respectively. This
means that the response to changes in the bubble activities
is higher in the bed of larger particles than in that of smaller
particles for a unit change in the flow property (gas velocity or
bubble velocity). As can also be seen, three different lines are
associated with the type A behaviour, and this is due to the
slug growth transition as explained above.

3.1.  Measurement of bubble velocity

The bubble velocity at the two different positions in the bed is
obtained based on the mass balance, where

up = G/& (17)

Here, G is the volumetric bubble flux obtained as in Eq. (18).

m
= a3
6ATp, ©?

(18)

Based on the two-phase theory, the bubble volume frac-
tion at each of the measurement positions is calculated from
the following relationship (which is also based on the mass
balance) (Kunii and Levenspiel, 1991)

& =0 + (1—5p) Emf

_ ¥ mf
b= - (19)

Here, ¢ is the local bed void fraction and epy is the corre-
sponding value at the minimum fluidization condition. In Eq.
(19), the void fraction in the emulsion phase is assumed the
same as ey since the particles used in this study are consid-
ered to be in the Geldart B group (Kunii and Levenspiel, 1991).
It should be noted that Eq. (19) is valid only at low gas veloci-
ties. At a higher gas velocity, the void fraction in the emulsion
phase is larger than e, due to excessive bed expansion.

4. Model development and results
With measurement of relevant bubble properties, the com-

plete models for the bubble velocity, bubble frequency and
bed expansion can be derived. The accuracies of these models

No of data: 23
05 Ff * dp: 180 - 700 um 1
RMS deviation: 0.05
06 1
g 0.7t :
o
ie]
-08 ¢ 1
09 ¢ :
1 L . : L L L

-1.8 -16 -14 -1.2 -1 -0.8 -0.6
Iog(U0 - Umf) (m/s)

Fig. 3 - Correlation for the model parameter k in Eq. (13).

against experimental data are evaluated based on the mean
absolute error.

4.1.  Model for bubble rise velocity

As the bed under this study is deep, visual observation and
data analysis reveal that only a single bubble rises through the
bed within the range of gas velocity investigated, thus ¥ =0 and
from Eq. (1), up, =up,. Using the measured bubble rise velocity
Upr,exp, the model parameter k in Eq. (13) can be determined
from

d 0.52
0.9635 (ﬁb) D

Upr,exp

k= (20)

Fig. 3 shows the variation of k with excess gas velocity
Uo — Uy on the logarithmic scale. As shown in the figure, the
model parameter decreases with increasing gas velocity. The
line fitting the data in the figure is given by the equation

k= 0.077 (Up — Upyg) > (21)

For the correlation in Eq. (21), the gas velocity Up — Uy is in
m/s. Substituting Eq. (21) into Eq. (13) yields
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Fig. 4 - Variation of bubble rise velocity with excess gas velocity predicted based on Eq. (22) compared with experimental
data and other models for two different beds (a) 261 pm glass particles (b) 697 pm limestone particles.

0.52
Uy = 12.51(Up — Upg) > (%) D (22)

Eqg. (22) shows that bubble rise velocity increases approx-
imately with the square root of the bubble diameter, which
is in agreement with Eq. (2). The variation of u;, with D% in
Eq. (22) also agrees quite well with D% in the Werther (1978)
model and with D% in the Hilligardt and Werther (1986) model
for Geldart B particles. With the term (UO - Umf)ossz’ Eq. (22)
can also predict an increase in the slug rise velocity with
increasing gas velocity when the bubble diameter approaches
a constant value. Generally, the available models for slug rise
velocity, us are in the form

us = k1 (Up — Upy) +k21/9D (23)

where k1 =1.0 is usually applied. The value of k, depends on
the type of slug. For an axisymmetric slug, ky =0.35 (Stewart
and Davidson, 1967), and for a wall slug k, = 0.35v/2 (Kehoe
and Davidcon, 1970). Both types of slug can also be present
in a given bed depending on the particle properties and gas

velocity. The term (Uo - Umf)0'362 also suggests that Eq. (22)
is continuous and therefore can be applied for all values of
Uo — Upyy- It should be noted that the superficial gas velocity,
Up has to be varied to achieve the same excess gas velocity,
Uo — Uy for different particles since Uy can vary from par-
ticles to particles. Moreover, since the model is continuous
over the gas velocities, it can also be applied in the tran-
sition regime between bubbling and turbulent flow/slugging
provided that the bubble diameters within these regimes are
used. For example, bubble breaks to a lower size at the tran-
sition to turbulent flow regime, but grows towards the bed
diameter as the bed transits into slugging regime. The maxi-
mum bubble diameter at the onset of transition into turbulent
flow regime can be estimated as given in Bi (1994) while
the minimum bubble diameter at the transition into slugging
regime can be estimated from Eq. (16).

Fig. 4 compares the bubble rise velocity predicted with the
proposed model, Eq. (22) against the experimental data within
the bubbling regime. The results are obtained at the posi-
tion h=15.7 cm above the distributor. The predictions obtained
from some of the existing models are also shown including
the slug rise velocity based on Eq. (23) for both values of kj.

As can be seen in both figures, Eq. (22) predicts the experi-
mental data with a good accuracy. Both the Werther (1978)
and Hilligardt and Werther (1986) models predict the bub-
ble rise velocity with larger errors but the accuracy is better
using the Hilligardt and Werther model as shown in Fig. 4. The
Davidson and Harrison (1963) model over predicts the bubble
rise velocity in both beds although the agreement is better
for the 697 um limestone particles. In addition, the results
show that the Werther (1978) model and the Davidson and
Harrison (1963) model do not predict the velocity of the rising
slug when the bubble/slug diameter approaches a constant
value. The Hilligardt and Werther model predicts the slug rise
velocity in agreement with Eq. (23) when k,=0.35 as can be
seen in Fig. 4(b). However, in comparison with the proposed
model, the Hilligardt and Werther model under predicts the
slug velocity in both beds, although the model prediction is
closer to the result from the 261 um particle bed since the ris-
ing slug is of axisymmetric type. Comparing with Eq. (23), the
results in Fig. 4 also show that the proposed model predicts
accurately the slug rise velocity in accordance with the two
different types of slug.

4.2.  Model for bubble velocity

Although the model parameter given by Eq. (21) is obtained
from a bed containing single bubbles, Eq. (22) can also be
applied in a bed with more than one bubble rising across any
plane in the bed. In this case, the rise velocity of each bub-
ble can be obtained from Eq. (22), with d, the same as the
average diameter of all the bubbles present in the bed posi-
tion. The bubble velocity u;, due to flow of these bubbles can
then be determined by adding the flux term, ¢ (Uo - Umf) as
described in Eqg. (1). When the bubbles coalesce into a single
bubble, this flux term can be neglected since a higher bubble
diameter (equivalent to volume of all the bubbles) is then used
in Eq. (22).

A comparison with published experimental data (Hilligardt
and Werther, 1986; Glicksman et al., 1987) shows that the
proposed model given by Eq. (22) for bubble rise velocity is
sufficiently accurate for predicting the bubble velocity. For Gel-
dart A particles, the experimental bubble velocity given by
Hilligardt and Werther (1986) at different bed diameters and
gas velocities can be predicted with a good accuracy when
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Eq. (22) is substituted for uy, in Eq. (1) for which ¢é=1. The
value of ¢ is unity in this group of particles since more than a
bubble may be present due to low bubble coalescence (Kunii
and Levenspiel, 1991). For the data presented in (Hilligardt and
Werther, 1986) for Geldart B solids (U =0.18 m/s), Eq. (22) pre-
dicts the bubble velocity accurately with ¢ =0, which is similar
to the case in this study for particles belonging to the same
Geldart group. In a 1.2m diameter bed of sand particles with
a mean size of 1.0 mm, Glicksman et al. (1987) presented data
for bubble velocity at different superficial gas velocities. Com-
paring the predictions from Eq. (22) with these data when ¢ =0,
it can be observed that the model also accurately predicts the
experimental data if 60% of the bed diameter in this current
study is used. This reduced bed diameter also fits the model
accurately to the data obtained in this study for the 2.17 mm
molecular sieve particles. Based on these results, the following
model is proposed for bubble velocity in a fluidized bed.

Up = ¢n (UO - Un.y—) +12.51¢p (UO — Umf)o'%zdbo.SZ (24)

where

(25)

1 for Geldart Aand A/B
= 0 for Geldart B and D

DY48  fortype A behaviour

(Geldart A and small Geldart B particles)
¢D =
0.337 for type B behaviour(large Geldart B particles)
0.26  for GeldartD
(26)

As demonstrated in Fig. 4, Eq. (24) can also be used to pre-
dict the slug rising velocity in a fluidized bed. For example,
in a cylindrical bed of diameter 76.2mm, the slug velocity
reported in Wang et al. (2018) for spherical iron oxide parti-
cles (mean particle size 1.5mm) can be predicted with good
accuracy using Eq. (24), where ¢y =0 and ¢p =0.26.

For further demonstration, the predictions of the proposed
model, Eq. (24) are compared with those of the existing mod-
els (Hilligardt and Werther, 1986; Davidson and Harrison, 1963;
Werther, 1978) in Fig. 5. The existing models given by Davidson
and Harrison (1963), Werther (1978) and Hilligardt and Werther
(1986) are widely used in fluidized bed studies. The exper-
imental data are based on those obtained in this study for
Geldart B and D particles, those given in Hilligardt and Werther
(1986) for Geldart A and B particles, and on those given in
Glicksman et al. (1987) for D particles. Fig. 5(a) shows that the
Werther model as well as the Hilligardt and Werther model
have high accuracies in predicting the experimental data. The
mean error associated with the model prediction for the Gel-
dart A particle are 7.2 and 8.5%, respectively. The prediction
errors based on these two models increases with increase in
the gas velocity and can be over 12.0% according to the data
in Fig. 5(a). The Davidson and Harrison model under predicts
the experimental data with a mean error of 54.3% while the
proposed model under predicts the bubble velocity with error
in the range of 17-50%. Although this range of error is too
high for practical application, the accuracy of Eq. (24) for Gel-
dart A particles increases with increase in the gas velocity or
bed diameter. The 17% error in this range is obtained from
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those data associated with higher gas velocities and larger
bed diameter while the 50% error is associated with data at
lower gas velocity and smaller bed diameter. Since industrial
operations based on Geldart A particles are at very high gas
velocity compared to the particle minimum bubbling velocity,
this shows that the proposed model will be suitable for large
scale application.

Moreover, for the Geldart B and D particles, the proposed
model has a better accuracy compared to the other models.
The mean prediction error using Eq. (24) is 15.5% for the group
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B particles. The Werther model predicts the data for the parti-
clesin the Geldart B group with an error of 28.1%. The errors for
predicting the group B data using the Hilligardt and Werther
model as well as the Davidson and Harrison model are 18.6
and 36.6%, respectively. For the Geldart D particles, these last
two models also have a wide prediction error compared to
the proposed model, which shows 12% error in predicting the
experimental data. However, due to small number of data used
in Fig. 5(c), the model comparison cannot be concluded in this
study, and the comparison for the group A powder is not also
exhaustive for the same reason. Since a large number of data
set is shown for the group B powders, it can be concluded that
for this group of particles, the accuracy of the proposed model
is better than those of the previous models.

4.3.  Model for bubble frequency

Bubble frequency depends on the bubble growth rate in a given
bed. With reference to the rising of single bubbles in a flu-
idized bed, bubble frequency is defined as the number of such
bubbles crossing a fixed plane per unit time. The larger the
number of these bubbles, the higher is the bubble frequency.
When a bubble grows to the size that slugs begin to appear,
the bubble frequency decreases with further increase in the
bubble size. For a given bubble diameter, a lower bubble/slug
frequency indicates that the idle period of the bed is longer.

From analysis of the data given in Fig. 2, a correlation for
the bed idle period T; is obtained as given in Eq. (27).

T; = mu{:db (27)

Bubblingregime, % < (%b)fm :

m = 0.05;n = —-3.475fortype A
m = 0.05;n = —4.379for type B

. . dy, dy, )
Sluggingregime, D> <B>fm :
m=0.631;n=-1.187 fortypeA,% <06

m=3.382;n=-0.122 fortypeA,%b > 0.6

m = 5.277 ;n = —0.366 for type B

Combining Eq. (27) with Eq. (15), the model for bubble fre-
quency is therefore given by

148 -1
fo= (0.52 (%b) + mu{,‘db> (28)

The predictions from Eq. (28) at different gas velocities for
two different powders are shown in Fig. 6. As can be seen,
the model results agree very well with the experimental data
obtained in the bed of 188 um glass particles. For the bed
of sand particles, there is also good agreement between the
model predictions and the experimental data. The results
in the figures show that the model also captures the trend
of the bubble frequency with varying gas velocity. The local
maximum frequency is well predicted in both beds. For the
results presented in the previous studies (Weber and Mei, 2013;
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Fig. 6 — Predicted bubble frequency using Eq. (28) compared
with the experimental data at different gas velocities for
the bed of 188 pm glass particles and 483 pm sand particles
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Fig. 7 - Comparison of the computed results based on Eq.
(28) with experimental results, showing the model accuracy
based on the particles in Table 1.

Agrawal et al., 2018), Eq. (28) can also be used to predict the bed
behaviour. Eq. (28) can predict with good accuracy for exam-
ple, the axial distribution of the bubble frequency including
the local peak value as reported in Weber and Mei (2013) for a
bed of 185 pm glass particles.

In addition, the overall prediction accuracy of Eq. (28) is
shown in Fig. 7. The experimental data covers the range of
powders used in this study. Similar to the results shown in
Fig. 6, there is also a good agreement between the model pre-
dictions and the experimental data for the other powders. As
shown in Fig. 7, the mean absolute error associated with the
model prediction is 12.4%.

With these results, the proposed model for bubble fre-
quency can be used to predict the fluidized bed behaviour in
both bubbling and slugging regimes. Moreover, Eq. (28) shows
that when the bubble diameter is constant, the bubble fre-
quency increases with the gas velocity. However, such a stable
bubble diameter may be difficult to attain. As observed in this
study, a slug splits once it reaches a size closer to the bed diam-
eter. When a slug splits, the smaller slug rises with a lower
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velocity, thereby decreasing the slug frequency. This shows
that the slug frequency may increase, decrease or remain con-
stant when the slug diameter approaches the bed diameter
depending on the net effect of slug splitting and coalescence.
Hence, for accurate prediction of slug frequency using Eq. (28),
measured bubble/slug diameters should be used. As an alter-
native, Eq. (28) can be used to predict slug size (diameter) when
the trend of the slug frequency is available.

4.4.  Model for bed expansion — larger particles

The bed expansion Ae at a fluidized state is usually defined as

_ Hy —Hpy

Ae (29)

Hyys

where Hy is the total bed height at the fluidized state and Hys
is the bed height at the minimum fluidization condition. By
mass balance,

(1—¢5) Hy = (1 s ) Hug (30)

Combining Eq. (29) and Eq. (30),

1—smf_1

Ae =
1faf

(31)

Applying the two-phase theory, Eq. (19) can be rearranged
into

T—ep=(1-8) (1 ems) (32)

Substituting Eq. (32) into Eq. (31), yields

1
1-38

Ae = -1 (33)

From Eq. (17),
8y = G/uy (34)

Combining Eq. (12) and Eq. (18),
4\ 152
G= 1.285(5’”) D (35)

Substituting Eq. (22) and Eq. (35) into Eq. (34)

8y = 0.103(Up — Upyg) "0 <‘g’> (36)

Note that the bed expansion is over the entire bed. Hence,
the bubble diameter dy, in Eq. (36) is the average value over the
bed height. Substituting Eq. (36) into Eq. (33), then

-1

~1 (37)

Ae = |1-0.103(Up — Uyy) > (‘g)

The explicit model given by Eq. (37) for bed expansion
depends on the average bubble diameter over a bed, which
is the only variable that can be linked to particle properties.
The model is also applicable only in the bubbling regime, i.e.
when Up < Uys. To be able to predict a correct value for the bed
expansion due to bubble flow, the average bubble diameter
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Fig. 8 - Predicted bed expansion based on different models
compared with the experimental data for different sand
particle sizes.

used must be dependent on the bed material properties. Most
bubble diameter models available in the literature depend only
on Up — Uy value, and thus provide the same results inde-
pendent of the bed material. However, in (Agu et al,, 2018), a
model for average bubble diameter is proposed as described
below.

0.66

B U 066 Uo A1

d/D=0848(=2) [1-y( 2 . Ar>400 (398)
D Umf

The model parameters 8 and y as described in (Agu et al,,
2018) depend on the particle Archimedes number Ar and on
the regime of flow. In addition, the expression for 8 depends
on the particle sphericity ¢. Using this bubble diameter model,
a particle-dependent bed expansion model can be obtained.

Substituting Eq. (38) into Eq. (37) gives

0.66 1\ 0667 71
-0362 (Up U /
Ae= |1-0.0873(Uo — Upy) (T) ) (1 - y(fuw) ) } -1

For complete prediction of the bed expansion using the pre-
dicted minimum fluidization velocity, the parameters, g and y
in Eq. (39) are given by

,6 — (,015(0329 —1.156 x 103AT70.9) (403)

y = (1321 + 8.161 x 10*Ar104) "%

(40b)

The result of the proposed bed expansion model, Eq.
(39) is presented in Fig. 8 for sand particles with a mean
diameter in the range 180-500 um. The figure compares the
bed expansion computed by using different models with the
experimental data reported in Geldart (2004). The compu-
tations are done at the conditions used in the experiment,
where Up — Uys=0.06 m/s, and the bed diameter and settled
bed height are 0.3 m and 0.2 m, respectively. The minimum flu-
idization velocity is obtained here based on the combination
of the Ergun (1952) model and the Wen and Yu (1966) model.
Computation of minimum slugging velocity (Agu et al., 2018)
shows that each particle bed is in the bubbling regime at the
given gas velocity. As can be seen in Fig. 8, all the models
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predict the same trend as given by the experiment: the bed
expansion decreases with increasing particle size. Quantita-
tively, the results from the model proposed in this paper agree
very well with the experimental data. The slightly higher value
of the bed expansion predicted by Eq. (39) is due to a higher
average bubble diameter predicted from Eq. (38). The model
for the average bubble diameter is developed from a deep bed
where a bubble reaches its fully-grown size at a given gas
velocity. It should be noted that the bed reported in (Geldart,
2004) is shallow (ho/D =0.67). In such a shallow bed, bubble size
may be smaller than in a deep bed where ho/D >2. The devia-
tion using the Singh et al. (1999) model is very high compared
to other models. While the Hepbasli (1998) model over pre-
dicts the experimental data, the Geldart (2004) protocol under
predicts the data, although the magnitude of the deviation is
almost the same for both models.

Since shallow beds may contain more than one rising bub-
ble due to lower degree of coalescence, the results in Fig. 8
show that the proposed model can also be applied for beds
of multiple bubbles though a single bubble was assumed for
simplicity in the development of Eq. (39). In addition to the pre-
diction accuracy, Eqg. (39) can be used at elevated temperature
and pressure due to the Uo/Umf term, and its dependence on
the particle Archimedes number through Eq. (40). Eq. (39) also
shows that the bed expansion depends on the bed diameter.
Increasing the bed diameter at the same gas velocity decreases
the bed expansion, which agrees with the findings in Mohanty
et al. (2009).

5. Conclusion

This paper presents a set of new models for predicting local
bubble velocity, local bubble frequency and overall bed expan-
sion ratio. The three models were analytically approached by
considering an isolated single bubble rising in a fluidized bed.
The analysis shows that bubble rise velocity is proportional
to the rate of change of bubble-projected area as it passes
through a fixed plane in the bed, where the proportionality
constant depends on the bed diameter and gas velocity in
excess of the minimum fluidization velocity. The bed expan-
sion model is valid in the bubbling regime and for larger
particles where the particle Archimedes number is greater
than 400.

The three models have been validated with experimental
data obtained in this study and with some data available in
the literature. The results show that the models can predict
the fluidized bed properties at different gas velocities and bed
diameters with good accuracy. The model for bubble velocity
can predict the rise velocity of the two different types of slugs:
axisymmetric and wall slugs or their mixture, accordingly. The
bubble frequency model can also predict the local maximum
frequency reached along the bed height or at a certain gas
velocity for a given position in the bed. The dependence of the
bed expansion model on the bed diameter, the fluid properties
and the particle properties increases its applicability for dif-
ferent operating conditions, including high temperature and
pressure.
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HIGHLIGHTS

® Wood pellets segregate downwards while chips upwards at low gas velocities.

® Spreads to the walls is better with wood chips than with pellets at the same gas velocity.
® Gas velocity required to achieve good mixing increases with biomass load.

® Transition from bubbling to slugging regime gets smoother at higher biomass load.

® A mechanistic model was developed for predicting the minimum mixing gas velocity.

ARTICLE INFO ABSTRACT

Keywords: For successful operation and design of a bubbling fluidized bed reactor handling a specific biomass, in-depth
Segregation knowledge about the bed behaviour is paramount. This study compares the behaviour of a bed of sand con-
Biomass taining wood pellets with that containing wood chips at different gas velocities and biomass proportions in a cold
ﬁ;gglihﬁzi“g fluidized bed of diameter, 10.4 cm. The density and volume-equivalent spherical particle diameter of the pellets

are 1139kg/m> and 8.96 mm, respectively while those of the wood chips are 423kg/m® and 6.87 mm, re-
spectively. The results show that at low gas velocities, wood chips segregate upwards while the pellets segregate
downwards in their respective beds. The spread of biomass towards the walls is higher in the bed with wood
chips than in that with wood pellets. As the biomass load increases, the bubble diameter increases and the
transition from bubbling to slugging regime gets smoother, resulting in an increase in the minimum slugging
velocity. The minimum gas velocity for effective solids mixing is less dependent on the bed height, but increases
with increase in the biomass load and decreases with increase in the bed diameter. However, when slugs flow in
the bed, the biomass layer at the bed surface plugs, preventing mixing of particles to be achieved at the desired
gas velocity. A mechanistic model is developed for predicting the minimum gas velocity required to achieve an
effective mixing at the surface of a segregated bed. Although this study is conducted in a cold bed, this same
model is considered important for a hot bed reactor since devolatilization enhances the upward flow of biomass
due to reduction of the biomass density.

Wood pellets

1. Introduction

Application of bubbling fluidized bed for gasification or combustion
of biomass requires in-depth understanding of the bed behaviour at
different gas velocities. Due to the peculiar properties of biomass, for
example its large size, cohesiveness and irregular shape, it is often
difficult to get it fluidized at the desired operating gas velocity.
However, with increase in the reactor pressure or reduction of the

* Corresponding author.

particle size [1], the quality of biomass fluidization can be improved.
The biomass fluidization quality can also be improved by applying
surface coating [2] or a noise-induced mechanism such as mechanical
vibration [3] and acoustic sound [4,5]. In addition to ensuring uniform
heat and mass transfer, an inert material, sand for example, can be used
to achieve the fluidization of biomass at the desired operating condi-
tion. However, as sand particles are usually smaller and higher in
density compared to biomass, particle segregation is often a problem in
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local volume fraction
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Nomenclature Greek symbols
A bed cross-sectional area, m? a local solids fraction
Ap particle total surface area, m? B fluid-particle momentum transfer coefficient, N/m>
D bed diameter, m S bubble volume fraction
Dy bubble diameter, m € average bed void fraction
d diameter, m & average solids fraction of sand bed
dp,sph spherical particle diameter, m & average solids fraction of biomass bed
Ae bed expansion 6; angle of internal friction, degree
5 bubble frequency, s~ ! o normal stress, Pa
Srvake bubble wake volume fraction 0 density, kg/m>
G volumetric bubble flux, m/s p_p particle bulk density
g acceleration due to gravity, m/s> ) sphericity
h height, vertical position in the bed, m Ty wall frictional stress, Pa
H total bed height, m ey wall frictional coefficient
k internal pressure coefficient y hydrostatic pressure correction coefficient
Lnax maximum layer thickness, m
mp mass of particles, kg Subscripts
m, n dimensionless model coefficient
Npix number of pixels in a bed cross section b biomass, bubble
Ap, gas pressure drop, Pa bs bubbling to slugging transition
s size representative (volume, length, diameter) f fluidized
U superficial gas velocity, m/s g gas
up bubble velocity, m/s ij indices locating a pixel
14 volume, m® m mixture
1% bulk volume, m> mf minimum fluidization
w; component weight fraction p particle
X local mass fraction s sand
X biomass total mass fraction 0 (zero) initial state or entry position
Y
y

total volume fraction

biomass fluidized bed reactors [6]. This study investigates the beha-
viour of wood-based biomass particles in fluidized beds aided by sand
particles. Two different types of woody biomass: wood chips and wood
pellets are investigated and their behaviour in bubbling fluidized beds
are compared. Both types of biomass are widely utilized due to their
availability and energy content. While the wood chips are lighter, have
a wider variation in shape and a low unit cost (cost per kWh), the wood
pellets have a lower moisture content and a higher energy density due
to their relatively high mass density. The difference between the
properties of the two different types of biomass may influence their
behaviour in fluidized beds, and thus the choice of reactor design and
operating conditions. It should be noted that in biomass fluidized bed
reactors, different types of solid particles are present including bed
material, raw biomass, ash and char particles, all with different physical
properties.

A number of studies have investigated the fluidized bed behaviour
in systems involving biomass mainly in cold flows. Measurement of
minimum fluidization velocity of mixtures of biomass and inert bed
materials at different biomass concentrations [4,7-9] is common. The
minimum fluidization velocity increases with increase in the proportion
of biomass in the bed. Different studies have also reported the segre-
gation and mixing behaviour of biomass-sand mixtures at higher gas
velocity using different measurement techniques. Along with the fibre
optic sensors for measuring bubble properties, the most commonly used
methods for the measurement of biomass distribution are the frozen bed
method [10,11] and particle tracking techniques based on radioactivity
[11] and magnetic fields [12]. Although the particle tracking technique
requires complex analysis, it usually gives more accurate results than
the frozen bed method. The accuracy of the latter depends on the
biomass load in the bed [11]. Based on experimental findings, the
mixing of solids is enhanced by increasing the amount of biomass in the
bed [13], and the pattern of solids mixing is independent of the bed
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height [14]. In addition, segregation of particles in a bed increases with
increase in the gas flow rate up to a certain gas velocity. Above this gas
velocity, mixing of solids over the entire bed volume can be achieved
[15]. Zhang et al. [15] classified the progress of a bed of a biomass-sand
mixture into six stages, ranging from a well-mixed to a local-segregated
state as the gas velocity is increased. Moreover, particle size, shape and
densities also influence the pattern of mixing and segregation in the
fluidized bed, which according to Baeyens and Geldart [16] and Yang
[17] are brought about by the passage of bubbles through the bed. By
using smaller or denser biomass particles, Cluet et al. [14] showed that
bed homogeneity can be enhanced. When the density of the smaller
particles in the mixture is higher, these particles segregate downwards
at low gas velocity and upwards at high gas velocity [18]. To gain an
overview of which component in a bed mixture can segregate up or
down when fluidized, Di Renzo et al. [10] proposed an equilibrium
model, which depends on the density and size ratios of the particles,
and also on the proportion of biomass in the binary mixture.

The effects of biomass particle size and shape on the fluidized bed
behaviour are reported in [8,11]. From different mixtures of biomass
and 380 um sand particles, Fotovat et al. [11] concluded that the higher
the sphericity of biomass particles, the faster they rise and the slower
they sink when the gas velocity is increased. The authors also showed
that bubbles are more prone to break in the bed containing biomass
particles with low sphericity, resulting in smaller bubbles in the bed. In
addition, increasing the size and amount of biomass particles, Zhang
et al. [19] showed that the probability of bubble growth in the bed
mixture decreases, which leads to flow of smaller bubbles compared to
that in the bed of pure sand particles.

In view of these studies, this paper is aimed at comparing the
bubble-induced bed properties between a low-density (< 500 kg/m?®)
and high-density (> 1000 kg/m®) woody biomass in bubbling fluidized
beds assisted with sand particles of density, 2650 kg/m>. The pattern
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and degree of segregation due to density difference between the sand
and wood particles in the bed mixtures are investigated. As the required
global mixing depends on the gas velocity and biomass load, this study
also looks into mechanisms involved in achieving solids mixing over the
biomass accumulated at the surface or at the bottom of the bed.
Understanding these mechanisms can help in selecting or predicting the
gas velocity required for mixing to occur over the bed height. The re-
sults presented in this study are based on measurements of solids
fraction at different positions in a 10.4 cm diameter cold fluidized bed
using electrical capacitance tomography (ECT) sensors. ECT measures
the distribution of relative permittivity in a bed, which differs from one
solid material to another. This means that the relative permittivity of a
mixture of biomass and sand particles will be different from that of pure
sand at the same gas velocity and bed position. Therefore, measure-
ments of biomass distribution can be obtained by comparing the ECT
data acquired from a bed mixture with those acquired from the pure
sand particles under the same measurement conditions. The data from
the ECT sensors are also analysed to obtain the bubble diameter, bubble
frequency and volumetric bubble flux. Additionally, the segregation
behaviour observed in the ECT setup is compared with that observed at
different bed aspect ratios in a setup equipped with pressure sensors. In
the subsequent sections, the results are presented, discussed and com-
pared with correlations in the literature. The results obtained and de-
scribed here enhance understanding of the complex fluid-particle be-
haviour in fluidized bed combustors and gasifiers. By using appropriate
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scaling laws [20] and a measured output such as the bubble to bed
diameter ratio, the behaviour observed in this study can also be scaled
up to larger diameter bed in a similar approach as discussed in Agu
et al. [21].

2. Setup and measurement procedure
2.1. Experimental setup

Two different cold fluidized bed setups as shown in Fig. 1 were used
in this study. The first of these consists of a cylindrical Perspex glass
column of internal diameter 8.4 cm and height 140 cm. The column is
fitted with a porous steel plate distributor of 40% flow area, and 10
different pressure sensors located along the column axis. The first
sensor is located 4 cm below the gas distributor and 6.5 cm from the
second sensor while the other ones are equally spaced above the dis-
tributor at 10 cm interval. Based on this setup, the minimum fluidiza-
tion velocity and the corresponding void fraction of all the pure solid
particles used in this study were determined.

To investigate the bubble properties in the fluidized bed of a mix-
ture of sand and biomass particles, a setup equipped with two ECT
sensors was used. The cylindrical Perspex glass column has a diameter
of 10.4 cm and a height of 140 cm. The column is also equipped with a
stainless steel porous plate for uniform gas distribution across the bed.
The ECT sensors are located 15.7 cm and 28.7 cm above the distributor.
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Fig. 1. Schematic illustration of a cold fluidized bed equipped with (a) pressure sensors for measurement of pressure drops (b) ECT sensors for measurement of solids

fraction distribution.
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The details of this setup and configuration of the ECT can be found in
Agu et al. [22]. At a given gas flow rate, the ECT measures the dis-
tribution of solids fraction across a section of the bed. Similar to the
pressure sensor setup, compressed air at the ambient condition was
used at different velocities for all the beds investigated. For each gas
velocity, the image data acquired by the ECT sensors were captured at a
frequency of 100 Hz for 60 s. The bed height was also measured for each
gas velocity when the flow had been established (approximately after
3min) using a ruler attached to the column wall. The captured data
were exported and analysed using MATLAB codes developed in-house.
Different bubble properties including bubble diameter, bubble fre-
quency and bubble volumetric flow rate were obtained from the ana-
lysis. During the data analysis, a bubble was considered as a region with
a solids fraction below 0.2. The bubble properties were computed from
the time evolution of the bubble-projected area. The variation of the
projected area with time shows that for a given gas velocity above the
minimum bubbling velocity, bubbles pass periodically across a mea-
surement plane. The reciprocal of the time between arrivals of two
successive bubbles to the plane gives the bubble frequency. By as-
suming a spherical bubble, the bubble diameter is determined from the
peak of the projected area during each bubbling period. As there may
be deviations in the bubble property measured at each bubble passage,
the results reported in this study are the time-average values obtained
over the 60 s measurement period. More information on measurement
of bubble properties using this setup is given in Agu et al. [23].

2.2. Material properties and characterization

Two different types of wood-based biomass are investigated. The
biomass includes cylindrical wood pellets of 6 mm diameter and wood
chips with a wide variation in shape. The pellets vary in length between
5 and 30 mm. For analysis, a rectangular shape is assumed for the wood
chips with variation in length, width and height in the range of
5-12mm, 5-12 mm and 1-5 mm, respectively. The fluidized material is
sand particles with a narrow size distribution (200-350 pm). The de-
tailed properties of these materials are given in Table 1.

The void fraction of the bed is computed as

e=1-p/p, )

where ﬁp is the bulk density of the solid particles obtained as mass of the
solids per unit volume of the bed, and p, is the particle density. The
average size, s (diameter, length, volume) of the particles in each bulk
material is computed as

(2

where s; is the mean value of each size range and wj is the mass fraction
of the size range in the bulk material. For the non-spherical biomass
particles, the volume-equivalent spherical particle diameter, d, g, is
determined from:

6V \1/3
dp.sph = (_p)
bid 3

where V,, is the mean volume of the particle computed from Eq. (2).
With the value of d, .1, the effective particle diameter is obtained from
dp = @,dpspn- The particle sphericity, ¢,, defined as the ratio of surface
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area of a sphere to surface area of the particle of the same volume as the
spherical particle, is given by

1.2
_ 673V)3

Ap @

Here, A, is the mean particle surface area. The size of the sand
particles was obtained from the sieve analysis and the average particle
sphericity was obtained by fitting the Carman-Kozeny [24] equation
with the pressure drop across a bed of these particles at different air
velocities.

In addition, the minimum fluidization velocity of each material was
obtained as the superficial gas velocity when the pressure drop across
the bed is equal to the bed weight divided by the cross-sectional area of
the bed. As can be seen in Table 1, the wood chips and pellets have
close particle size but a wide density difference. The difference in
density between the two different wood materials is key factor em-
ployed in this study. Moreover, the size variation of the two different
biomass types also mimic those used in large-scale biomass gasifiers or
combustors. The densities of both wood materials are lower than that of
the sand particles, and as a result, segregation of sand and wood par-
ticles is expected to occur during fluidization as reported in previous
studies [14,18].

%

2.3. Local biomass concentration

To quantify the segregation behaviour between sand and biomass
particles at a given gas velocity, it is necessary to measure the dis-
tribution of biomass particles which is often present in a lesser amount.
However, since no particle-tracking sensor is employed in this study, a
mathematical model is needed. By comparing the volume fraction of
pure sand with that of the sand-biomass mixture at the same bed po-
sition and gas velocity, it is possible to ascertain the distribution of
biomass along the bed axis. For example, Fig. 2(a) compares the radial
distributions of solids fraction in a bed of pure sand particles with those
in a bed containing sand and 30vol% wood pellets at different gas
velocities. At the lower velocity, U, = 0.06 m/s, neither of the beds is
fluidized. The higher solids fraction in the bed mixture compared to the
bed of sand is due to presence of the wood particles. The relatively
small amount of pellets in the bed increases the packing density of sand
particles. However, at the higher gas velocity, Uy = 0.16 m/s, both beds
are bubbling, leading to a decrease in the solids fraction. Because bio-
mass particles follow the path along the flow of bubbles, the con-
centration of biomass particles is higher near the bed axis, resulting in a
stronger depression of solids fraction of the bed mixture compared to
that of sand particles. It should also be noted that when a section of a
bed contains nearly 100% biomass particles, the ECT sensor measures a
very high relative permittivity. In this case, the solids fraction of the
bed mixture becomes higher than the value at the initial state.

Assuming a linear volume combination, the time-averaged mixture
solids volume fraction, a;j,, at a given pixel (i, j) shown in Fig. 2(b) can
be expressed in terms of the corresponding pure component values as

5)

The = sign is included since the value of «;; ,, can be higher or lower
than the solids fraction, «;;, in the bed of sand particles as shown in
Fig. 2(a). In relation to sand particles, the biomass solids fraction, a;;;
in the mixture can thus be obtained as

Qij,m = Aijs £ Xijp

Table 1

Biomass and sand particle properties at fixed state.
Materials Shape fp (kg/m>) dp sph (mm) % (-) e (-) emp (=) Upmg (m/s)
Wood pellets Cylindrical 1139 8.96 0.82 0.43 0.46 1.99
Wood chips Rectangular 423 6.87 0.75 0.49 0.57 1.27
Sand Angular 2650 0.293 0.86 0.42 0.46 0.079
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Fig. 2. (a) Radial distribution of solids fraction obtained from ECT at the lower plane for a bed with 30% wood pellets compared with that of pure sand particles; (b)

Cross-section of the bed divided into 812 pixels.

Table 2
Properties of bed mixture at different biomass concentration.

Biomass volume fraction (%) &m (=) om kg/m® d (mm)

Pellets Chips Pellets Chips Pellets Chips

0 0.448  0.448 2650 2650 0.252  0.252
5 0.427  0.420 2574 2539 0.265  0.265
10 0.404  0.410 2499 2427  0.279  0.279
20 0.388  0.380 2348 2205 0.312 0311
30 0.353  0.333 2197 1982 0.355  0.352
50 0.258  0.250 1895 1537 0.487  0.481
Aijb = QAijs — Aij,m 6)

With X;;, the mass fraction of biomass in the mixture,
%ijb = XijbCijm/ Cijib %)

where C;;; is the mass concentration of biomass. The mixture mass
concentration Cj; , can be obtained from

Qi j,m

Cigm = (XiJ,b + 1’Xi.j,b)
op o5 (€©))

Noting that C;;; = a0, it can be shown based on the mass balance
that

S Xijb
Ve 1— 2 (8 )X, + 1
aijom | \ Pb i 9)
From Eq. (9), X, can be obtained as
X, = ‘xi,j,bz/ai,j,m
b= T N
J,sXi,j,b Ps _
L+ Aij,m (Pb 1)
(Qijs — Cijm)?
XiJ,b _ ij,s ij,m

o,
Aijm + s (s — aiJ,m)(;Z - 1) 10)
On volume basis, the biomass concentration at any position in the
bed is therefore given by
Xijb

Vo= i ———
Xijp + ;5(1 - Xijb) an

The input parameters to Eq. (11) are the solids fraction of the pure
sand particles, «;;;, measured at a position in the bed and the

corresponding solids fraction of the biomass-sand mixture, a;j,,, ob-
tained at the same bed condition. For a given plane in the bed, the
average volume fraction of biomass particles, Y}, across the cross section
of the plane can be obtained from Eq. (12), where N, = 812 is the total
number of pixels within the bed cross section.

1
Yb—ﬂ ;;Yi,j,b

12)

2.4. Experimental procedure

Five different mixture compositions were used for characterizing the
fluidized bed behaviour. Table 2 shows the proportion of biomass and
sand particles used in each mixture. For the individual mixture, the
amount of material required to form the bed was divided into 10 por-
tions, each containing the same proportion of sand and biomass parti-
cles as in the total mixture. The different portions of the mixture were
charged into the column one after the other, and thereafter the column
walls were properly shaken. This procedure helped to ensure that both
different types of particles are sufficiently present at the measurement
planes during the sensor calibration. The same total bed height, 50 cm
at fixed state, was used for all mixtures. With this bed height, the aspect
ratio, h/D = 5, is very high. There are two reasons for using this high
aspect ratio: (1) To ensure that the upper ECT sensor located at a po-
sition 28.7 cm from the distributor is well-covered. With this, the signal
to noise level can be minimized during the sensor calibration. (2) To
enhance understanding of the behaviour of biomass-sand mixture
across different bed aspect ratios since most of the previous studies are
based on shallow beds. To verify the influence of bed height on the
behaviour observed in this setup, the different mixtures of sand and
biomass particles were fluidized at different gas velocities in the setup
equipped with pressure sensors. As this setup is transparent over the
entire bed height, the particle segregation patterns were clearly ob-
served. Two different bed aspect ratios, 1.2 and 2.4, were used for this
demonstration.

For prediction of different properties obtained in the binary mix-
tures at fluidized state, the average diameter, density and sphericity of
the particles are based on the following expressions.

Ao = [& ) _yb)]_l

dy ds (13)

Pm = YpPp + (1 = ¥ (14)
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P = dm/dp,sphm (15)

Here, y, is the volume fraction of biomass in the mixture while the
subscripts “m”, “b” and “s” denote mixture, biomass and sand, re-
spectively. Moreover, the initial void fraction of the mixture, ¢, given
in Table 2 is computed based on the mixture average density obtained
from Eq. (14).

3. Results and discussion

In this section, different bed properties due to flow of bubbles are
presented. The behaviour in the bed containing wood pellets is com-
pared with that containing an equal amount of wood chips at the same
gas velocity.

Fig. 3 shows the distribution of solids fraction in the upper mea-
surement plane for the beds containing 20 vol% of biomass particles. A
high value on the figure colour bar indicates a high solids fraction.
Based on the threshold solids fraction of 0.2, it can be seen that a bubble
contains a central region with a gas pocket (region of no solids) sur-
rounded by a thin region of dilute phase (solids fraction less than 0.2).
The size of the bubble rising in the bed with wood chips is larger than
that rising in the bed with wood pellets at the same measurement plane
and gas velocity. The figure also shows that the concentration of solids
increases gradually away from the bubble region. Since the solids
concentration is higher in the bed of pure sand particles, this indicates
that in the presence of bubbles, biomass particles are located in the
dilute region of the emulsion phase of the bed (the region excluding the
bubbles).

3.1. Transition to fluidization and slugging regimes

For each of the biomass-sand mixtures, the minimum fluidization
and slugging velocities were obtained from plots of solids fraction
fluctuation against superficial air velocity, as described in Agu et al.
[22]. Fig. 4 shows the measured values of U,,; and U,; — U,y at different
amounts of biomass in the mixture. As can be seen, the minimum
fluidization velocity of the mixture with wood pellets slightly decreases
with increase in biomass volume fraction up to 0.2. At higher biomass
concentration, Uy, increases with increase in the biomass load. Since
the sand particle properties are the same, the decrease in minimum
fluidization velocity at increasing amount of biomass suggests that the
void fraction of the bed mixture decreases. For the case of wood chips,
the value of U, increases as the amount of biomass in the mixture
increases due to higher void fractions of the beds. Comparing the ex-
perimental results in Fig. 4(a) with those from different correlations

0.6

5 10

15 20 25 30

(a)
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[4,7-9], the prediction error is as high as 40%. As illustrated, the Rao
and Bheemarasetti [7] model under predicts the minimum fluidization
velocity in the mixture containing up to 20% wood pellets and over
predicts the fluidization velocity for higher pellets concentration. As the
U,y values of pure wood chips and wood pellets are almost the same,
the Cheung et al. [25] model predicts approximately the same value of
Uns when y, < 0.3 in these biomass beds.

In addition, Fig. 4(b) shows that the minimum excess slugging ve-
locity, Ups — Uy, increases as the biomass volume fraction increases
between 0 and 0.3. Although the Uy, — U, value is slightly higher for
the bed with pellets compared to that with wood chips of equal volume,
the trend of the variation is the same for the two woody biomasses. The
delay in the onset of slugging in the different bed mixtures suggests that
bubble diameter decreases with increasing amount of biomass. No
available correlations [23,26,27] applied in the beds of pure solid
particles can appropriately predict the trend of U,s — U,s shown in
Fig. 4(b). However, analysis of the experimental data shows that the
ratio Uy,s/ Uy is independent of the biomass type as given in Eq. (16),
where Uy, is the minimum slugging velocity of the sand particles. As
shown in Fig. 4(b), Eq. (16) accurately reproduces the experimental
data for the biomass loads up to 30 vol%.

Ums
Umss

— el13y
(16)

3.2. Effect of gas velocity on biomass distribution

The distribution of biomass in a bed mixture can be obtained using
different correlations [13,28]. According to Fotovat et al. [13], the
biomass volume fraction along the bed axis can be predicted as follows:

_ 1 -6,)0 —e) Y,
(1 - 617)(1 - Ee) +fwak85b(1 - Ef) ¢

where the amount of biomass, Y}, in the emulsion phase is computed
from the following equation and boundary condition (BC):

0.040551) (1 - Sf)A
< Ybes
€mrDp(Qup + Qpe)

Here, 6, is the bubble volume fraction evaluated as the ratio of
bubble volumetric flux to the bubble velocity, ¢, is the void fraction in
the emulsion phase, and Qg and Q. are the volumetric flow rates of
sand and biomass in the bubble and emulsion phases, respectively.
A = D?/4, where D is the bed diameter. The detailed expressions for
all the necessary input to Egs. (16 and 17) are given in [13]. For the
bubble diameter, D;, the model proposed by Darton et al. [29] is used

Y,

17)

dYpe _

dh

BC: Y (h = 0) = 2,120,

(18)
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Fig. 3. Contour showing the distribution of solids fraction at U = 0.16 m/s in a bed mixture of sand and 20% vol. of (a) wood pellets (b) wood chips; bed
position = 28.7 cm above distributor. Solids fraction increases with the colour scale value (deep blue (0) = only air; deep red (0.6) = only solid; between 0 and

1 = air-solid mixture).
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Fig. 4. Effect of biomass load on the transition velocity (a) minimum fluidization velocity (b) minimum excess slugging velocity.
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Fig. 5. Distribution of biomass particles along the bed for different amount of biomass (a) 10% (b) 20% (c) 30% (d) 50% by volume. Dotted vertical lines demarcate
fixed bed from fluidized bed conditions (blue = wood chips; black = wood pellets).
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while the Davidson and Harrison [30] model is applied for the bubble
velocity, u,. The results from Eq. (17) are compared with those obtained
in this study based on Eq. (12).

Fig. 5 shows the variation of average concentration of biomass at
different superficial air velocities computed based on Eq. (12) at both
measurement planes. With increase in the gas velocity below the
minimum fluidization velocity, U, < U, (indicated by the vertical
lines), the results show that the biomass concentration increases. Since
the column walls were shaken to ensure that the sand particles properly
fill up the void of the wood particles during calibration, a larger amount
of sand particles was contained in the wood void than should be in a
loosely packed state. Therefore, as air flows into the bed, sand particles
flow out of the void of the wood particles, increasing the biomass
concentration at the measurement planes. The higher concentration of
wood chips compared to that of wood pellets at the same measurement
position indicates that a larger amount of sand particles flows out in the
bed with wood chips. The biomass concentration increases up to a peak
value. The peak concentration attained below the bed minimum flui-
dization velocity increases with the amount of biomass charged into the
bed. When the air velocity is slightly above that at the peak con-
centration, the sand particles become fluidized, leading to segregation
of biomass and sand particles. The biomass particles move upwards (in
the wood chips case) and downwards (in the wood pellets case), re-
sulting in a reduction in the wood particle concentration at the mea-
surement planes. The upward movement of wood chips at increasing
gas velocity can be slightly seen in Fig. 5 since the wood concentration
at the upper plane is higher than that at the lower plane when the gas
velocity is increased up to the value Uy = U,y. For the case with pellets,
Fig. 5(c and d) clearly shows that the concentration of the biomass
particles increases down the bed. It should be noted that the two
measurement planes are within the middle of the bed. Therefore, only a
fraction of biomass in the bed is detected in each of the planes. When
the entire bed is fluidized, i.e. Uy > Uy, further segregation occurs due
to flow of gas bubbles at low gas velocity, but the rate of segregation at
this stage is lower than that at the initial stage. At a higher gas velocity,
the biomass particles move back into the bed due to circulation of sand
particles from the top to the bottom of the bed.

The degree at which biomass sinks increases with the amount of
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biomass in the bed and as can be seen, this is more severe with the bed
containing wood pellets due to their higher bulk density, which in-
creases with increase in biomass load at a given plane. For example, at
¥, = 0.3, the concentrations of pellets and chips in the lower plane in-
creases when U, > U, but in the upper plane, the amount of wood
pellets decreases while that of wood chips increases at the increasing
gas velocity. This indicates that most of the pellets are below the lower
plane, and partially a good amount of wood chips is above the upper
measurement plane. Similarly, this behaviour can also be observed at
¥, = 0.5, but within the range of gas velocities shown, the wood chips
are still segregated upwards. The higher concentration of biomass at the
top or bottom forms a dense layer, which prevents the circulation of
sand particles and thus the flow of biomass particles into the bed.

Comparing with the results from Eq. (17), the model predicts a
continuous decrease in the concentration of wood chips and pellets in
their respective beds at both measurement positions. At some gas ve-
locities, Uy — U,y < 0.1 m/s, and biomass loads, y, > 0.2, the model
gives unrealistic results, i.e. ¥, > 1. In addition, the predicted biomass
volume fractions at the measurement planes are also larger than unity
when the total bed height 50 cm is used in the computation for all
values of Uy — Upy. This implies that Eq. (17) may be suitable only for
higher gas velocities, Uy — U,y > 0.3 m/s, and for a shallow bed,
ho/D < 1.5, since these are the conditions the authors used in the model
validation.

3.3. Influence of bubble flow on biomass distribution

Fig. 6 shows the distribution of biomass particles computed from Eq.
(11) across the bed for three different gas velocity ratios, Uy/ Uy, where
Unys is the minimum fluidization velocity of the sand particles given in
Table 1, and for four different biomass fractions at both measurement
planes. The value shown is the average of the concentrations at the
positions in both x and y axes of the bed. As can be seen, the dis-
tribution of biomass particles depends on the gas velocity and on the
amount of biomass charged into the bed. Moreover, the pattern of the
distribution differs between the two different types of biomass particles.
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3.3.1. Radial distribution of wood pellets and chips

When no bubbles flow in the bed, the biomass concentration attains
a peak value at a position between the central axis and the walls. For
example at Uy/U, = 1.5, no bubbles flow in the lower plane of both
beds shown in Fig. 6(al and a2). Without flow of bubbles, larger
amount of sand particles near the walls flow up the bed, resulting in a
higher biomass concentration at the walls than at the bed axis. With
flows of bubbles, the biomass particles move round in the bed. The
wood pellets tend to move towards the central axis while the chips
spread to the walls at the same gas velocity due to circulation of sand
particles across the segregated biomass layer formed near the bottom
(for the former) and near the top (for the latter). The sand particles
moving downwards along the bed walls push the wood chips into the
bed, increasing the biomass concentration around the walls. In the bed
of 20% wood pellets, sand particles push the biomass into the bed along
the central axis as they move upwards with the rising bubbles while in
that of higher biomass loads, the pellets sink along the path of bubble
flows, resulting in a higher biomass concentration at the central axis.
The lower concentration of biomass near the walls is due to downward
flow of sand particles, and as can be seen in Fig. 6(al—cl), the wall
region with little amount of biomass particles increases from the lower
to the upper plane. In addition, the spread of biomass towards the walls
decreases down the bed and with an increase in the gas velocity due to
increased sand particle circulation at higher gas velocities. The ten-
dency of wood chips to move towards the bed centre increases with
increasing biomass load and increasing gas velocity.

In the bed containing 50% pellets as shown in Fig. 6(d1), the lower
region of the bed is not fluidized at the given gas velocities due to ac-
cumulation of the biomass and thus no flow of bubbles. At the upper
plane, the biomass layer interfaces with the fluidized sand particles
above. The biomass concentration is high in this plane since sand
particles constantly leave the plane and no circulation through the layer
below. At the walls, sand particles tend to penetrate through the bio-
mass layer, leading to a reduced biomass concentration near the walls.
In the bed with wood chips, bubbles flow in the lower plane when
Uy/ Uy > 1.75 and in the upper plane when Uy/ Uy, > 1.5. Due to these
low gas velocities shown in Fig. 6(d2), the bubble-induced biomass
movement is insignificant in the bed of wood chips. The higher con-
centration of chips at the wall region makes it difficult for sand particles
to penetrate to the bottom of the bed, thus preventing rise of wood
chips along the central axis.
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3.3.2. Vertical distribution of wood pellets and chips

For the loads y, < 0.5, the concentrations of biomass in the lower
plane increase with an increase in the gas velocity as shown in
Fig. 6(a—c). In Fig. 6(al), the pellet concentration is higher in the upper
plane than in the lower plane due to low bulk density of the biomass
particles, which reduces the tendency of the particles to sink into the
bed at this load. Increasing the gas velocity to Uy/U,s = 2 , the higher
circulation of sand pushes the biomass particles down into the bed,
resulting in a higher concentration in the lower plane than in the upper
plane. With y, = 0.2, the wood pellets from the lower region of the bed
move upwards, increasing the concentration of the biomass particles in
the upper plane as the gas velocity is increased. However, in the bed
with 30% wood pellets, the biomass particles are still segregating
downwards even at the gas velocity, Uy/ Uy = 2. Increasing the gas
velocity increases the sinking of the biomass into the lower bed region,
thereby decreasing the concentration of biomass in the upper region as
can be seen in Fig. 6(cl). As the biomass particles sink, they form a
thick layer, which prevents the flow of sand particles to the bottom of
the bed. To breakdown the biomass layer, a higher gas velocity is re-
quired to induce a higher sand circulation effect from the surface of the
bed. It should also be noted that in a gasification reactor, the extent to
which pellets sink may decrease due to reduction in the biomass density
as it devolatilizes.

For the bed of wood chips where y, < 0.5, the biomass concentra-
tion increases in the lower plane and decreases in the upper plane due
to higher degree of biomass sinking as sand circulation becomes vig-
orous at higher gas velocities. The distribution of wood chips along the
bed axis is less symmetrical for y, = 0.2 compared to that when
¥, = 0.3, and as shown in Fig. 6(b2), little or no chips are in the upper
plane near the central axis. This suggests that as bubbles grow larger
and rise along the bed, they push the low concentrated biomass parti-
cles towards the walls. Moreover, it can also be seen in Fig. 6(c2) that
wood chips move into the bed from the top segregated biomass layer at
the same gas velocities at which the pellets are still segregating
downwards. However, since the concentration of biomass up to the
middle of the bed is low even at Uy/ Uy = 2, it shows that a significant
amount of wood chips is still at the bed surface.

These results therefore show that with a higher biomass load,
¥, > 0.2, more than twice the minimum fluidization velocity of the bed
material is required to overcome the segregation of the biomass parti-
cles, thereby achieving a good distribution across the bed height. This is
an important point for consideration in a bubbling fluidized bed bio-
mass gasification, which is often carried out at Up/ Uy ~ 2.
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Fig. 7. Variation of (a) bubble diameter (b) bubble frequency in a bed of 293 um sand particles.
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3.4. Bubble frequency and diameter

Bubble frequency measures the rate of generation of bubbles at a
given gas velocity and it depends on the bubble diameter and the rise
velocity [31]. No correlation is available for prediction of bubble fre-
quency in a binary mixture of particles. For the bed of pure sand par-
ticles, the correlation given in Agu et al. [31] is applied. Similarly, no
correlation for bubble diameter is available for a mixture of biomass
particles and inert particles, but a number of correlations are available
[32] for pure solid particles.

Fig. 7 shows the bubble diameter and bubble frequency for the bed
of 298 um sand particles at different excess air velocities. The bubble
diameter increases with increase in the value of Uy — U, and along the
bed height. The rate of increase in bubble diameter with gas velocity
increases at the transition between bubbling and slugging regimes
0.075m/s <Uy — Uyy < 0.1 m/s, but decreases as the bed slugs. This
behaviour is typical of beds containing non-spherical (angular) particles
[31], which also characterizes the sand particles used in this study.
Fig. 7(a) also shows that using the Choi et al. [33] model, the bubble
diameter is over-predicted in the bubbling regime and under-predicted
in the slugging regime, although the model fits better at the upper part
of the bed.

The bubble frequency increases up to a peak value and then
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decreases as the gas velocity increases. The peak of the bubble fre-
quency indicates a transition to slugging regime, and the gas velocity at
which this occurs decreases along the bed height. Below the peak fre-
quency, the change in bubble rise velocity for a unit change in gas
velocity (or bubble size) is higher, resulting in an increase in the
number of bubbles flowing per unit time as gas velocity is increased
[31]. When the bubble size is larger than that at the maximum fre-
quency, the frequency decreases due to the longer time it takes the
bubble to pass the given plane. Fig. 7(b) also shows that the Agu et al.
[31] model predicts the bed behaviour in the upper plane with a good
accuracy. The bubble diameter used in this model is based on the Choi
et al. [33] correlation. With the bigger and smaller bubble diameters
obtained from the Choi et al. model at gas velocities below and above
the peak frequency, respectively, the predicted bubble frequency is
significantly higher in the lower plane.

For the mixtures of sand and wood particles, Fig. 8 shows that with
an increase in the amount of biomass, the bubble diameter increases in
the bubbling regime and decreases in the slugging regime. The vertical
lines given in the figures demarcate the bubbling from the slugging
regimes. As can be seen, the transition from bubbling to slugging gets
smoother as the concentration of biomass in the bed increases. The
presence of biomass within the transition region serves as a bubble
breaker, preventing rising of large bubbles at high gas velocities as
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similarly observed in [11,19]. This therefore explains the results shown
in Fig. 4(b) where the minimum slugging velocity increases with bio-
mass load in the bed. At lower amounts of biomass particles, the bubble
diameters in both beds are approximately the same at the same mea-
surement position. As the amount of biomass increases, the deviation in
the bubble diameters between the two-biomass types increases due to
increased accumulation of an un-fluidized layer of biomass. The wood
chips layer prevents eruption of bubbles from the top of the bed while
the pellet layer prevents fluidization of the bottom region of the bed.
When the pellets volume fraction is increased to 0.5, the lower plane
becomes de-fluidized due to large amount of biomass particles and thus,
no bubbles rise from the bottom of the bed within the range of gas
velocities shown.

Fig. 9 shows that the bubble frequency increases with increasing
amounts of biomass particles and attains a peak value similar to the
case of pure sand particles. The higher bubble frequency indicates that
a higher number of bubbles rise through the bed mixture compared to
that in the bed of pure sand particles. With a higher bubble frequency, it
also suggests that the solids mixing induced by bubbles is better when
the biomass load is higher. Moreover, the bubble frequency also de-
creases along the bed height due to bubble coalescence as similarly
shown in Fig. 7(b). The gas velocity at the peak frequency decreases
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with the biomass load in the bed. At gas velocities above the peak
frequency, the bubble frequency is higher in the bed containing wood
pellets compared to that containing an equal volume of wood chips.
However, for the bed with 30% pellets, the higher concentration of
biomass in the lower plane reduces the rate at which bubbles rise
through the lower part of the bed, resulting in a lower bubble frequency
as shown in Fig. 9(a) and a larger bubble size as can be seen in Fig. 8(c)
compared to those of wood chips at the same bed position.

3.5. Bed expansion

From the measured bed height at each gas velocity, the bed ex-
pansion in the fluidized state is evaluated from Ae = (Hy — Hyy)/Hpy,
where H,; and H; are the total bed heights from the distributor mea-
sured at the minimum fluidization velocity and at a higher gas velocity,
respectively. Based on the mass balance of solids and that of gas in the
bubble and emulsion phases at different gas velocities, the bed expan-
sion, Ae can be computed from

(19)

where 8, is the average bubble volume fraction defined as
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Fig. 9. Variation of bubble frequency in a bed mixture of biomass and sand particles at different measurement planes: Lower plane (a) wood pellets (b) wood chips.

Upper plane (c) wood pellets (d) wood chips.
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6b = G/le (20)

A value of &, can be obtained using the average bubble velocity, u;
predicted from the available models [30,34,35] and an expression for
the bubble volumetric flux, G [23,36]. In addition to Eq. (19), Ae can
also be predicted using different other correlations [37,38].

Fig. 10 shows the bed expansion measured at air velocity,
Uo/Unys = 2 for different biomass loads. In the bed with wood pellets,
the bed expansion increases with the biomass load in the range
¥, < 0.2. For higher biomass loads, the value of Ae decreases due to
decrease in the volume of bubbles rising through the bed. However, in
the bed with wood chips, the total bed expansion (i.e., when the total
bed height includes the un-fluidized biomass layer at the surface of the
bed) increases with the biomass load up to y, = 0.3 as can be seen in
Fig. 10(b) (data points labelled Exp. — total). The higher bed expansion,
particularly when y, > 0.1 is due to higher degree of segregation in the
bed with wood chips compared to that involving wood pellets. Ex-
cluding the top layer containing only the wood chip particles, the bed
expansion (indicated as Exp. — fluidized) decreases with increasing
amount of biomass. The rapid decrease in the value of Ae shows that the
dense layer of wood chips at the top of the bed prevents rising of
bubbles, thus reducing the bed expansion. In addition, Fig. 10 shows
that the predicted results based on the Agu et al. [31] model agree very
well with the data obtained in the beds with pellets. With exclusion of
the top layer of wood chips, a good agreement with the experimental
data is also obtained using the Agu et al. model. The predictions based
on the bubble diameter and bubble velocity obtained from the Werther
[34] correlations are lower than the experimental data although the
predictions get better with increasing amount of biomass in the mix-
ture. Conversely, at a lower biomass load (y, < 0.3), the Ae prediction
based on the Hepbasli [37] model gives a better result compared to that
based on the Werther correlations.

3.6. Non bubbling layer — theoretical explanation

Understanding the mechanism behind the accumulation of biomass
particles at either the top or bottom of the bed will help in selecting the
right parameters during operation and design. For wood chips, the
thickness of the top layer increases to a maximum height (observed to
be within one-half of the biomass bulk volume in the total mixture) as
the gas velocity is increased. While the layer is built up, the bubble
eruption at the top of the bed is interrupted. When the solids fraction of
the wood layer is close to the solids fraction of the pure biomass in a
fixed state, walls act against the bed, preventing further rising of
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Fig. 11. Layer of biomass on the surface of a bed subjected to forces.
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bubbles and penetration of sand particles to the surface of the bed.
Increasing the gas velocity above that required for the maximum layer
thickness, the particle impact on the layer increases. At a certain ve-
locity, the total force exerted on the biomass layer becomes sufficiently
high to overcome the wall frictional force, resulting in penetration of
sand particles across the layer and induction of solids circulation at the
top of the bed. This mechanism is very important for a hot bed reactor
since properties of biomass change at elevated temperature.

For the case of wood pellets, which segregate downwards in the cold
flow, the segregation pattern may be reversed in the hot flow reactor
due to devolatilization effect. Depending on the heating rate and final
temperature, devolatilization can lead to a decrease in the bulk density
of the particles [39]. The lower the biomass bulk density, the higher the
tendency to move up the bed surface. The upward segregation of bio-
mass in a hot fluidized bed may also be influenced by flow of bubbles
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around the biomass as it devolatilizes [40], but since the devolatiliza-
tion time for pellets is relatively small, the effect of volatile bubbles
may be less severe [41].

From this observation, it follows that at any given gas velocity, there
is a certain maximum thickness of the top layer beyond which there will
be no solids circulation. In this section, a simple mathematical model is
established to quantify the maximum thickness of a wood layer on the
surface of a bed at a given gas velocity. Fig. 11 shows the forces acting
on the biomass layer along the flow axis.

By force balance across the biomass layer,

EbpbgAAlmax + T Dlpax = EbApgA + BAlnax + (Pg + Esfwakeps)GubA

@D
where 7, is the wall stress, ¢ is the sand solids fraction, f,,, is the
bubble wake fraction, 8 is the fluid-particle momentum transfer coef-
ficient and ¢, is the solids fraction of the biomass layer with thickness
Imax- The expression in the right hand side is the total force transferred
due to fluid pressure, gas-solid momentum exchange and impingement
of bubble and sand particles carried in the wake of the bubble. The left
hand side is the total resistance force due to weight of the layer and wall
friction. The fluid pressure drop Ap, across the layer can be modelled as

Ap, = ¥6pEsP;8lmax (22)

Here, y accounts for the effect of non-hydrostatic pressure dis-
tribution and non-uniformity of pressure across the bed cross section.
For simplicity, y can be assumed the same as the bed aspect ratio
corresponding to the bed material. Thus, y = (1 — y,)ho/D, where hy is
the initial bed height. Applying Columb’s law, the wall frictional stress
can be obtained as 7, = u,,0, where u,, and o are the coefficient of
friction and the average normal stress induced on the wall due to in-
ternal stress in the wood layer, respectively. The value of o for a given
powder strongly depends on the voidage of the powder. When ¢ < ¢y,
the normal stress has negligible effect on the flow of the powder. For a
dense powder flow, different models for o can be found in the literature
[42-44]. Based on the model given by Rankine [44], a value of o can be
predicted from

1
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Here, k is the pressure coefficient and 6; is the angle of internal
friction in the wood layer.
Substituting Egs. (22 and 23) in Eq. (21), gives

2
EbpbgAlmax + Bﬂwkabpbglmasz = ygbabgspsgAlmux + (Pg + EsﬁvakeP:)GubA
+ BAl e

_ (Pg + EsfwakePS)Gu
€b8Pp

2 A
Skl + (1 — y 28,6 —
D;uw max ( }’pb bes Ebpbg

)lmax
24)

For the application of Eq. (24), all the bubble properties are com-
puted at the bed position near the bottom of the biomass layer, i.e.
h = (0.5, + 1)ho. To obtain the minimum gas velocity required to
achieve solids mixing at the surface of the bed, . = 0.5y, h¢ is used.
The bubble diameter, bubble velocity and bubble volumetric flux can be
estimated as respectively proposed by Werther [34], Davidson and
Harrison [30] and Kunii and Levenspiel [36].

Dy = 0.853[1 + 0.272(Upy — Upp) M3(1 + 0.06840)'21,  [cm] (25)
u, = Uy — Umf + 0.711(ng)0'5 (26)
G = @(Uy — Uys); @ = 0.65 27)

Fig. 12 illustrates the application of Eq. (24) for determining the
minimum gas velocity required to achieve solid circulation at the top of
a bed containing wood chips. The mean values of the frictional para-
meters, 6; and u,, used are 45° and 0.35, respectively as reported in
[45], and the bubble wake fraction f,,,, for the 293 um sand particles is
0.24 [36]. The momentum transfer coefficient 8 = 0 is assumed since
the size of the biomass particles is very large and the gas velocity at the
operating condition is far below the minimum fluidization velocity of
the wood particles. The increase in the thickness of the biomass layer as
the gas velocity increases is shown in Fig. 12(a) for the bed of diameter
10.4 cm and aspect ratio of 5.0. As can be seen, the maximum thickness
of the layer increases with the amount of wood particles in the bed. The
minimum excess gas velocity, Uy — Uy, before bubbles can erupt from
the bed surface also increases with biomass load. Moreover, the pre-
dicted gas velocity from Eq. (24) at the maximum thickness of the wood
layer (approximated to 0.5y, k), agrees with the experimental data. The
predicted results also show that solids mixing at the top of the bed
containing 5% biomass occurs when Uy — U,y =~ 0.045 m/s. For the
mixture with 50% biomass, the predicted minimum value of Uy — U,s
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Fig. 12. (a) Variation of thickness of wood chip layer at the bed surface showing minimum gas velocity for particle mixing in the bed; D = 10.4 cm and ho/D = 5. (b)
Variation of minimum gas velocity for particle mixing with wood chips load in the bed; D = 8.4 cm at different aspect ratios, ho/D = 1.2 and ho/D = 2.4.
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for the top mixing is 0.175 m/s. However, below this velocity, the bed is
slugging as shown in Fig. 4, making it difficult to achieve the right
mixing in this deep bed. Decreasing the bed height reduces the chances
of slugs flow in a bed. The range of gas velocities required to break
through the top layer and achieve a continuous mixing are shown in
Fig. 12(b) for different biomass loads. The results are obtained in the
bed of 8.4 cm at two different aspect ratios, ho/D = 1.2 and ho/D = 2.4.
The error bar represents the range of gas velocity at which a complete
mixing of particles was observed at the top of the bed while the data
point represents the mean value of these velocities. As can be seen, the
mean gas velocity increases with increase in the aspect ratio. However,
the overlap in the range of velocities between the two aspect ratios
shows that the bed height may have insignificant effect on the gas ve-
locity required to achieve a continuous mixing at the surface of the bed.
The figure also shows that the predicted results based on Eq. (24) agree
with the experimental data within the range of observed values. The
minimum values of U, — U, predicted for different biomass con-
centration also vary slightly with changes in the bed aspect ratio.
Comparing the results shown in Fig. 12(a and b), the excess gas velocity
to achieve the solids mixing decreases with increased bed diameter,
which may be due to the decrease in the wall frictional force as the bed
diameter increases. From these results, it follows that Eq. (24) properly
accounts for the mechanism in breaking down the top layer of biomass
to achieve continuous mixing, and can be used to predict the minimum
gas velocity required to achieve mixing of solid particles in binary
mixtures.

4. Conclusion

This study investigated the segregation pattern and bubbling prop-
erties in cold fluidized beds containing mixtures of sand and biomass
particles using measured ECT data obtained from a 10.4 cm diameter
cylindrical column. The bed behaviour involving wood chips of irre-
gular shape and low density are compared with those involving cy-
lindrical wood pellets of higher density.

The results showed that at low gas velocity, the wood chips segre-
gate upwards while the wood pellets segregate downwards in their
respective beds. The degree of segregation increases with biomass load.
The segregation behaviour at a gas velocity below the bed minimum
fluidization is more severe in the case with wood chips, resulting in a
steady increase in the minimum fluidization velocity compared to the
case with wood pellets, which shows a negligible change in the
minimum fluidization velocity up to a biomass load of 50% by volume.
The maximum thickness of wood chips accumulated at the bed surface
in steady state is about 50% of the height of pure biomass charged into
the bed. At higher gas velocities, the biomass particles move back into
the bed from the segregated layers. The gas velocity required to achieve
mixing over the bed is almost independent of initial bed height, but
increases with biomass load and decreases with bed diameter. By a
force balance, a mechanistic model was formulated for predicting the
minimum gas velocity required to achieve an effective mixing in the
bed mixture.

The results also show that both the bubble diameter and bubble
frequency increase within the bubbling regime as the amount of bio-
mass increases. The transition from bubbling to slugging regime also
gets smoother as the biomass load increases, resulting in an increase in
the minimum slugging velocity and a decrease in the bubble diameter
within the slugging regime. To successfully scale up this behaviour to a
hot bed reactor, the extent to which temperature influences the dis-
tribution of biomass particles needs to be investigated.
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For operational control and design of a fluidized bed reactor containing different types of solid particles, the bed
void fraction and minimum fluidization velocity are vital parameters. This paper demonstrates a method for
predicting the void fraction and minimum fluidization velocity of different binary mixtures of particles with im-
proved accuracy. A new model for predicting the void fraction is presented. This model is non-linear and contin-

uous, and it is developed by introducing a packing factor and establishing a mass balance between the solid
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phases in the packing environment. The results show that the model can accurately predict the void fraction of
a binary mixture where the particles are well mixed, partially mixed or segregated. Using this void fraction
model and the Ergun equation of pressure drop, the minimum fluidization velocity can be predicted with
mean errors of 15.2% for a mixture of two inert materials and 7.0% for a mixture of biomass and inert particles.
© 2019 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license (http://

creativecommons.org/licenses/by/4.0/).

1. Introduction

Some fluidized bed applications involve different types of solid par-
ticles. The difference in properties between these particle types may in-
fluence the bed behaviour. For example, in a bubbling fluidized bed
biomass gasifier with sand as the bed material, the difference in density,
size and shape between biomass and sand particles often leads to parti-
cle segregation [1]. Particle segregation in a biomass gasification reactor
can also be influenced by devolatilization of the fuel particles and for-
mation of bubbles around the particles [2,3]. For a bed of coarse particles
characterized with large exploding bubbles, the quality of the fluidiza-
tion can be improved by adding some amount of fine particles of the
same material [4]. Due to the size difference between the fine and
coarse particles, the void fraction of the mixture is lower than that of
the coarse particles, resulting in flow of smaller bubbles in the fluidized
bed. In addition to changes in bubbling behaviour, the difference in
properties between different solid types in a bed also influences the
minimum fluidization velocity of the bed. For operational control and
design of a reactor containing two or more solid phases, the bed mini-
munm fluidization velocity is a key parameter.

The minimum fluidization velocity of a bed of particles of the same
size and density can be predicted using different correlations. Most of
these correlations [5-7] were derived from the Ergun [8] equation but
are independent of the bed void fraction. For a binary mixture of

* Corresponding author.
E-mail addresses: cornelius.e.agu@usn.no (C.E. Agu), christoph.pfeifer@boku.ac.at
(C. Pfeifer), britt.moldestad@usn.no (B.M.E. Moldestad).

https://doi.org/10.1016/j.powtec.2019.03.027

particles, similar correlations for predicting minimum fluidization ve-
locity are also available [9-11]. Moreover, there are other models,
which involve interpolations between the minimum fluidization veloc-
ities of the pure components [12,13]. Li et al. [14] and Asif [15] however,
showed that the minimum fluidization velocity of a binary mixture can
be predicted with a better accuracy by using a model that considers the
void fraction. One major challenge in this approach is prediction of the
bed void fraction at minimum fluidization condition. For a completely
mixed binary system, the Westman [16] model can be used to predict
the bed voidage with a good accuracy when the density difference be-
tween the solids in the mixture is very small [14]. In a bed where segre-
gation occurs due to density difference, the Westman [16] model is
inappropriate [15]. The void fraction of a completely mixed bed of two
solid phases can also be predicted using other models classified as 2-
parameter [17,18], compressible [19] and 3-parameter [20] models.
These models are linear, and according to Chan and Kwan [21], their ac-
curacies depend on the size ratio between the two size classes in the
mixture. Moreover, each of these models comprises a set of two equa-
tions, which are solved separately to determine the mixture void frac-
tion based on the maximum value in the solution set. The models are
thus discontinuous over the entire range of mixture composition.

This study therefore presents a new model for predicting the void
fraction of a binary mixture and how it can be used to improve the pre-
diction of minimum fluidization velocity of the mixture independent of
particle types. The proposed model is analytically developed based on
the mass balance between two solid phases in a packing environment.
In developing the model, it is assumed that the smaller particles first
fill the available void without changing the volume occupied by the

0032-5910/© 2019 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).
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larger particles in static conditions. The excess of these particles then oc-
cupies the space above the larger particles. On the basis that there is a
limit to which solids can be packed in a given space, a packing factor
is introduced. The packing factor compares the actual mass of smaller
particles contained in the void of larger particles with the mass that
would have occupied the maximum available void space. An expression
for the packing factor is derived as a function of mass fraction of the
smaller particles, the particle size ratio, and an interaction parameter
between the two particle types in the mixture. The interaction parame-
ter also depends on the size ratio as well as the density ratio between
the particles. With the correlation proposed for the interaction parame-
ter, which is obtained using some data in the literature, prediction of the
mixture void fraction from the proposed model contains no adjustable
parameter. For different binary mixtures, the results of the model are
compared against experimental data in the literature.

2. Minimum fluidization velocity and mixture properties

Similar to pure solid components, the minimum fluidization velocity
of a binary mixture of solids is generally obtained from curves of pres-
sure drop against the superficial gas velocity. The measured minimum
fluidization velocity depends on the procedure employed (i.e. whether
the pressure drop is measured at increasing or decreasing gas velocity)
and on the distribution of solids at the fixed bed condition [22]. The
pressure drop curve at increasing gas velocity usually reviews the tran-
sition between the initial and full fluidization condition of the bed due
to segregation effects. For this reason, several authors [23,24] reported
the onset of full fluidization as the true minimum fluidization consider-
ing that the whole bed is capable of being fluidized beyond this gas ve-
locity. However, for a well-mixed system, the difference between the
initial and full fluidization velocities is insignificant [14]. To avoid
the initial bed effect associated with increasing gas velocity procedure,
the minimum fluidization velocity can be measured based on decreas-
ing gas velocity procedure. Despite the measurement procedure, the
reported minimum fluidization velocity for a given binary mixture
often lies between those of the pure components of the mixture.
Marzocchella et al. [23] concluded that neither of the initial and full
fluidization velocities is related to the minimum fluidization velocities
of the individual solids in the mixture. This means that the mixture
minimum fluidization velocity is a weighted average of the pure compo-
nent values [22]. This section presents the models for predicting the
average minimum fluidization velocity of a binary mixture of particles
and the corresponding bed void fraction. The average minimum fluidi-
zation velocity lies between the initial and full fluidization velocity,
and it can be obtained from the pressure drop curve at the intersection
of two extrapolation lines drawn through the fixed bed and fluidized
bed conditions as noted in the literature.

2.1. Models for minimum fluidization velocity

At minimum fluidization, the required superficial gas velocity can be
obtained from the force balance between the bed weight and the up-
ward force exerted by the fluid on the particles. Using the Ergun [8]
equation, the minimum fluidization velocity of a bed of mono-sized par-
ticles can be computed from
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here, Up,rand &, are the superficial fluid velocity and bed void fraction
at minimum fluidization condition, respectively. While d; is the particle
diameter, @ is the particle sphericity, and pyand ps are the fluid and

particle densities, respectively. For a binary mixture, different correla-
tions are derived from Eq. (1) for predicting the mixture minimum flu-
idization velocity, where the particle diameter, density and sphericity
are replaced with their equivalent average properties. Some of these
correlations are given in Table 1.

As shown in Table 1, there are different expressions for the average
bed properties. For the methods based on the Ergun [8] equation, it
can be shown briefly that the volume-average particle density and the
surface-to-volume mean diameter are appropriate.

Considering a bed containing different types of particles with ds;, ©s;
and ps; the particle diameter, sphericity and density of each particle
type, respectively, the total specific surface area, a of the bed can be
expressed as

6

a= — 3

Z <(Psid5i ,> ( )
giving the hydraulic diameter of the bed as
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where ¢ is the solid volume fraction of the individual particle type and
& is the mean void fraction averaged over the bed height. With 1 — g,
= Vp/Vand o4 = (Vpi/V}p)(Vp/V), it can be shown that

Dy = (4)

=Py (1—e) (5)
Psi
1
Psm = X (6)
psi

where x; is the mass fraction of each type of particles and ps,,, is the mean
density of the solid mixture. Using Egs. (4) and (5), a modified Ergun [8]
equation can be expressed as

o Ue? (1)
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Comparing Eq. (7) with the Ergun [8] equation derived for a bed of
mono-sized particles, the equivalent mean particle size (Sauter mean
diameter) dgeq for a bed of different types of particles is given by

1 X
- 4 8
dsmeq Pom Z psi(Psidsi ( )

From the definition of particle sphericity, ¢;, as the ratio of surface
area of a sphere to surface area of a particle of the same volume as the
spherical particle [4], it means that d; is the volume-equivalent spheri-
cal particle diameter of the individual solid in the mixture. Hence, the
average volume-equivalent spherical particle diameter, ds,,, of the mix-
ture can be obtained as

Xi
L A 9
o= PmD pods 9)
and the average mixture particle sphericity @sp, as

d
Csm :ﬁ (10)

For a spherical particle, ¢s = 1, and if all the particles are spherical,
©sm = 1. The particle sphericity can be found experimentally or com-
puted from the particle geometry if well defined [4].
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Table 1
Correlations for predicting the minimum fluidization velocity in binary mixtures.

Correlation Application Reference

Unpi »n? All binary mixtures Cheung et al. [12]
Uns = Unp2 ()
mf2
Us = 1 All binary mixtures Rincon et al. [13]
")
dsmz(psm —pp)g Biomass - inert mixture Rao & Bheemarasetti [29]
Unp = 1650,

Psm = 2_ (Xipsi); k = 20ds; + 0.36
i dg1p, X1/%
d _ kl/Zd s1Ms2
sm SZ(dxng)
Reps = (C2 + CAm) 2 —Cy;
Ci =25.65(0, 0" ")
CZ — 0056((,051 70.045@520.025)
Psm = 2 (Xipsi);
X1Ps2 + X2Ps1
dgn = dgydgp (102 752051
o st SZ(X1pszd52 +X2psds
Reps = {30.282 + [0.046(1—x;) + 0.108x;/2]Ary,} "> —30.28;
1 1 Xi
Pom = s g = P > puda

sm
Ary = 914‘2§Dsm2Remf + 14~838Remf2; Osm = Z (xi‘Psi); Psm = Z (Xipsi);
X1Ps2 + X2Ps1
dgm = dgjdgp (————3—
o o SZ(XIPszdsz + X2ps1 st

Biomass - inert mixture Si and Guo [30]

Biomass - inert mixture Paudel and Feng [31]

Biomass - inert mixture Kumoro et al. [32]

d; - U,
Arp = )mpf“"lsz;n Prlg and Remf _Pr H"}[ lsm

The mixture density and particle diameter given in Eq. (6) and
Eq. (8) are described as the volume-average particle density and the
surface-to-volume mean diameter, respectively. Hence, to obtain the
minimum fluidization velocity of a bed of different particle types, ps, ds
and ¢ in Eq. (1) are replaced with the corresponding values for the
mixture.

In addition to the correlations given in Table 1, Upyof a binary mix-
ture of particles can also be obtained directly from Eq. (1) when &g of
the mixture is known. For a completely mixed binary system, the bed
void fraction can be obtained from the pure component values using
the Westman [16] equation.

(V_T.VSVS)Z N 2G(v—ysvs> (V—ys—YLVL> n <V—}’s—)’LVL)2 =1 (11)

L 13 Vg—l Vs—]

here, ys and y; are the volumetric fraction of the smaller and larger par-
ticles, respectively, and vs and v; are the respective specific volume,
where

m:%?m:sL (12)

vi=1/aj;6m=1-1/v (13)

The parameter G can be obtained from the correlation proposed by
Yu et al. [25] or Finkers and Hoffmann [26].

2.2. Model development for bed voidage

For direct application of Eq. (1) in a binary mixture of particles, this
section introduces a new model for void fraction of the bed mixture.

In a given mixture of two solid phases, we define the packing factor 6
as follows:

m,

Pl
0= T=anpate

(14)
where m, is the mass of the smaller particles occupying the interstices
between the larger particles, and V; is the initial total volume occupied
by the larger particles. The subscripts 1 and 2 denote the larger and
smaller particles, respectively. The modulus 10l indicates that 6 can be

negative or positive. When 6 < 0, the bed is contracting and when 6 >
0, the bed is expanding. A binary mixture of particles contracts if the
bulk volume of the mixture is lower than the sum of the bulk volumes
of the two particle types in the mixture. Bed expansion occurs when
the volume of an initially well-mixed system increases due to particle
segregation. The packing factor is a measure of packing density of a bi-
nary system. The larger the value of 10l, the lower the void fraction of
the mixture.

Assuming that N; and N, are the respective number of particles in
the packed bed, Eq. (14) can be simplified to

N, o <d52>3
0=—" == 15
Ny (=) \dy (1)
where
N, (6 d52>72
N, . (do 16
N1 oy <dsl (16)

Substituting Eq. (16) into Eq. (15) and using the relation, o; + & =1,
where ¢; is the pure component void fraction, the packing factor can be
expressed as

(-2 (8)

when dg,/ds; = 1, m, = 0. For Eq. (17) to satisfy this condition, the term
(&1 — a)/e; must be a function of ds,/ds; in addition to the amount of
smaller particles present in the mixture. Thus,

- ()" e

here, 3 can be described as the interaction parameter between the two
solid phases. When a bed contracts during solid mixing, the value of m,
is high. On the contrary, m, is lower when the particles segregate. To ac-
count for these effects, 3< 0 for a well-mixed system and 3> 0 for a seg-
regated mixture.
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Furthermore, the total mass of the bed is expressed as
m = (1—=&m)Psn(Vo + AV) (19)

where AV is the total volume occupied by the smaller particles above
the larger particles, and it can be obtained from
_ Mmy—m,

V= 20
Q20 ( )

here, m; is the total mass of the smaller particles in the bed. Substituting
Eq. (20) into Eq. (19) and noting that Vo = m/(oyps1),

(1) {(az—a —a)0)

Em=1—

my n my ] _apm
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(2]
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Substituting Eq. (18) into Eq. (21) and replacing the subscripts 1 and
2 with the corresponding letters, yields

«
(CECERRn

Eq. (22) can be used to predict the void fraction in a binary mixture
of different particle types. As can be seen, the equation requires the
solids/void fraction of the pure components and contains only one
fitting parameter, 3. The value of 3 depends on the relative difference
between the properties of the different particle types in the mixture
and on whether the bed is well mixed, partially mixed or segregated
as shown in section 4. It should be noted that the value of &, predicted
from Eq. (22) is the bed voidage averaged over the bed height which
may differ from the local void fractions in the bed. Depending on the
particle size ratio, dys/dy;, the local void fraction can vary along the bed
axis due to segregation effect [27]. For a mixture containing biomass
particles, the higher the value of d,s/ds;, the wider the deviation of &,
from the local void fraction at the segregated layers. The accuracy of
Eq. (22) with a correctly assigned value of 3 is demonstrated in
section 4.

Em=1—

(22)

3. Results and discussion

In this section, the validation of the proposed model, Eq. (22) and its
application to predicting the minimum fluidization velocity of a binary
mixture are demonstrated using different experimental data from the
literature. Since it is often difficult to measure void fractions at

0.5
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Marzocchella et al. [23]

B=-105 |_ _ _gq (11)+ Yuetal [25]
This study, Eq. (22)
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minimum fluidization condition, a systematic procedure in using
Eq. (22) to predict the mixture Uyyis also highlighted.

3.1. Bed voidage of binary particle mixtures

Fig. 1 compares the void fraction at static condition predicted
using Eq. (22) against the experimental data given in Marzocchella
et al. [23] for a mixture of glass particles with mean diameter 500
um and sand particles with mean diameter 125 pm at different mix-
ture compositions. The data obtained from Tharpa et al. [28] at fixed
bed condition are also shown for a mixture of 3500 pm plastic and
709 pm zirconium oxide particles. At minimum fluidization condition,
the model results are compared against the experimental data ob-
tained from Li et al. [14] and Formisani et al. [22] for different binary
mixtures: two glass powders with mean sizes (385 and 163) um and
two glass powders with mean sizes (612 and 154) pm, respectively.
The particle properties in these mixtures are shown in Table 2. As
can be seen, the results from Eq. (22) strongly agree with the exper-
imental data shown in both figures. With the correlation of Yu et al.
[25], the Westman [16] equation also agrees well with the experi-
mental data at the minimum fluidization condition. For the mixtures
given in Li et al. [14], the Westman [16] equation and Eq. (22) pre-
dict the same results for all values of x; (mass fraction of the larger
particles). However, for the data obtained at fixed bed condition as
shown in Fig. 1(a), the Westman [16] equation does not give good
predictions.

Fig. 2 compares the accuracy of Eq. (22) with that of the Westman
[16] equation against the experimental data. The experimental data in-
clude those shown in Fig. 1 and those obtained from Formisani et al. [22]
for a binary mixture of two different glass particles with mean diame-
ters 499 and 271 um. The figure shows that Eq. (22) predicts the exper-
imental data with a very good accuracy. The mean prediction error
associated with Eq. (22) is 1.5%. The prediction error using the Westman
[16] equation can be as high as 4-15% due to poor prediction of the bed
voidage reported in Marzocchella et al. [23] and Tharpa et al. [28] at
static conditions. However, the mean errors using the Westman [13]
model are 4.0% based on the Yu et al. [25] correlation and 4.1% based
on the Finkers and Hoffman [26] correlation.

3.2. Correlation for 3

As can be seen in Fig. 1, 3 varies from one system to another. The in-
dividual value of 3 used in the results is obtained by fitting the experi-
mental data to the model, Eq. (22). To successfully apply Eq. (22)
without experimental data, a correlation for 3 is required. Analysis of
some literature data obtained at the minimum fluidization condition
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Fig. 1. Voidage variation comparing the predicted results with the experimental data obtained at (a) static bed condition (b) minimum fluidization condition.
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Table 2
Properties of pairs of particles in the completely mixed binary mixtures.
Binary Particles Shape Ps dg (um) @s(—) Upp Ref.
mixture (kg/m?3) (m/s)
I Glass Spherical 2540 500 1.0 0.225 [23]
Sand Spherical 2600 125 1.0 0.0212
11 Plastic Spherical 964 3500 1.0 0.85 [28]
Zr0, Spherical 5850 709 1.0 0.67
1 Glass Spherical 2520 385 1.0 0.143 [14]
Glass Spherical 2520 163 1.0 0.025
I\% Glass Spherical 2480 612 1.0 0.3148 [22]
Glass Spherical 2480 154 1.0 0.0232
\%4 Glass Spherical 2480 499 1.0 0.2222 [22]
Glass Spherical 2480 271 1.0 0.0602
VI H. char Spherical 1080 775 1.0 0.227 [14]
Glass Spherical 2520 165 1.0 0.025

H. char = hollow char, ZrO, = zirconium oxide.

shows that the absolute value of 3 decreases with the ratio dsspss/
(dsipst) as represented in Eq. (23).

—0.61
B=0623 <%> (23)
stsL

In the subsequent sections, 3 computed from Eq. (23) is used in
Eq. (22) for prediction of the mixture void fraction.

3.3. Minimum fluidization velocity of binary mixtures

The results in Fig. 1 show that the voidage of a binary mixture can be
predicted with a good accuracy from the void fractions of the pure com-
ponents. Since accurate prediction of void fraction of a pure component
at minimum fluidization condition is a challenge, we present a method
where Uy of the solid phases in a binary mixture are inputs to Eq. (22).
As illustrated in Fig. 3, &y of the pure components are computed from
the respective Uy,svalues using Eq. (1). For a given mixture composition
(mass fraction or volumetric fraction of the solid phases), the average
particle properties and void fraction of the mixture are calculated
from the relevant equations. From the values of ¢, average density,
sphericity and particle diameter of the mixture, the mixture Uy is
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Fig. 2. Parity plot comparing the predicted void fraction with the experimental values for
different beds of two inert materials.

computed using Eq. (1). Due to the cohesiveness of biomass particles,
the minimum fluidization velocity of a pure biomass is much higher
than that predicted by Eq. (1) even when the volume equivalent spher-
ical diameter of the particle is used. Since the sphericity of most practical
biomass can be as low as 0.2, using the actual sphericity of biomass in
Eq. (1) will result in a much lower value of Upy for the particles.
Hence, for a mixture involving biomass and inert particles, ¢5; = 1
should be used in the proposed algorithm.

3.3.1. Mixtures of two inert materials

Fig. 4 shows the predicted values of Uy,s based on four different
models at different mass fraction of the larger particles. For each of the
models, Uy of the different particle types are used as inputs. As
shown in Fig. 4(a), the predicted results from the different models are
in good agreement with the experimental data. However, the results
in Fig. 4(b) shows that a combination of Eq. (1) with the Westman
[16]/Yu et al. [25] equation or with the model given by Eq. (22) shows

Start
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v r
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Fig. 3. Flow chart showing an algorithm for computing the minimum fluidization velocity
in a bed of binary mixture of particles.
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Fig. 4. Variation of minimum fluidization velocity comparing the predicted results with the experimental data for a binary mixture of particles (a) 612 /154 um glass [22] (b) 775 pm hollow

char/165 pm glass [14].

a better prediction than those given by Cheung et al. [12] and Rincon
etal [13].

Furthermore, Fig. 5 compares the calculated values of U, from these
four models against the experimental data obtained from different liter-
ature [14,22,23]. The result is based on the binary mixtures (1, III, IV, V
and VI) given in Table 2. By using any of the four models, Fig. 5 shows
that the minimum fluidization velocity of the beds can be predicted
with an error within 4+35%. On average, the predictions based on the
present study give the best results with mean absolute error of 15.2%,
whereas those based on the Westman [16] equation with Yu et al. [25]
correlation have a mean error of 15.5%. The models given by Cheung
etal. [12] and Rincon et al. [13] show very high prediction errors with
mean values 27.6% and 30.5%, respectively.

3.3.2. Mixtures of biomass and inert materials

Unlike the mixture of two inert materials with more or less the same
particle density, a mixture of biomass and inert particles can show some
degree of segregation. Hence, application of the Westman [16] equation
in Eq. (1) will not be appropriate. However, this section shows that the
proposed model, Eq. (22) can also be applied for prediction of minimum
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Fig. 5. Parity plot comparing the predicted minimum fluidization velocity with the
experimental values for different beds of two inert materials; mixtures: I, IIl - VI; see
Table 2.

fluidization velocity of a mixture of biomass and inert particles. To be
able to predict the volume expansion in the binary mixture, a positive
value of the parameter 3, which can be computed from Eq. (23), is
required.

Fig. 6(a) shows the void fraction computed using Eq. (22) at the
minimum fluidization condition for a mixture of plastic particles with
effective particle diameter 2550 um and sand particles with particle di-
ameter 550 pm. The plastic particles have a density of 1761 kg/m> and
sphericity of 0.87 while the corresponding properties for the sand parti-
cles are 2664 kg/m> and 1.0. The experimental data are obtained from
Asif [15] where water is used as the fluidizing fluid at 20 °C. With 3>
0, the result shows that Eq. (22) predicts the bed voidage with a good
accuracy when the mass of the plastic particles is considerably high,
i.e. x; > 0.4. At a lower mass fraction, the bed is partly mixed and partly
segregated. Thus, Eq. (22) with 8 = 1.35 (computed from Eq. (23)) over
predicts the mixture voidage. However, when the value of 3 is reduced
to - 0.38, Eq. (22) predicts the voidage with a better accuracy when x; <
0.4. This result and those presented above therefore show that with 3>
0, Eq. (22) gives the voidage for a well-segregated bed. With 3 < 0, the
model provides results where there is some degree of mixing. When 3
<0 and the magnitude of 3 is computed from Eq. (23), Eq. (22) predicts
the voidage for a well-mixed bed. For prediction of 3 in a bed exhibiting
partial mixing behaviour, a different correlation than Eq. (23) is re-
quired. In addition, a model for predicting the mixture composition at
which the bed begins to segregate is also required. In spite of the error
in predicting the void fraction where the bed exhibits partial segrega-
tion, Fig. 6(b) shows that the minimum fluidization velocity of the bed
can be well predicted using the combination of Eq. (1) and Eq. (22)
for all values of x;. For the result where 3 = 1.35 is used over the entire
values of x1, the prediction error of the proposed model is 11.3% as
against 27.5% and 27.6% errors obtained from the Cheung et al. [12]
and Rincon et al. [13] models, respectively. If the value 3 = — 0.38 is
used for the compositions x; < 0.4, the proposed model predicts the
minimum fluidization velocity shown in Fig. 6(b) with a better accuracy
and the mean prediction error is reduced to 7.5%.

As the main aim of this study is to predict with improved accuracy
the minimum fluidization velocity of a biomass-inert mixture, which
often exhibits segregation behaviour, the results in Fig. 6 show that
this can be achieved. The properties of different mixtures of biomass
and inert particles used for this demonstration are given in Table 3
and the beds as described subsequently are fluidized with air at the am-
bient condition. For all computations in this section, Eq. (23) is used to
predict the absolute value of 3.

For the mixture of 856 um walnut shell and 241 pm sand particles,
Fig. 7(a) shows the predicted values of Uy compared with the
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Fig. 6. (a) Variation of void fraction where A = partly mixed region and B = segregated region and (b) superficial water velocity at minimum fluidization condition, comparing the
predicted results with the experimental data in a bed mixture of 2550 pm plastic and 550 pm sand particles with segregation behaviour.

experimental data. The results obtained for a mixture of 1560 pm rice
husk and 350 um sand particles are shown in Fig. 7(b). As can be seen
in Fig. 7(a), the computed values of Uy using the Paudel and Feng
[31] model are closer to the experimental values although the model
does not capture the expansion behaviour of the bed at increasing
mass of biomass particles. The Kumoro et al. [32] model under predicts
the bed expansion at higher values of x4, giving a lower value of Uy, for
the biomass mixture. The Si and Guo [30] model gives the best predic-
tion when x; < 0.4 but shows the greatest prediction error at higher
mass of biomass particles. However, in Fig. 7(b), the Si and Guo [30]
model gives the least prediction error for biomass mass fraction within
0.3 <x7 <0.8. The Kumoro et al. [32] model over predicts the Up,svalue at
a higher mass fraction of the rice husk particles even though the exper-
imental data were used in the model development. Unlike these two
latter models, which also predict the expansion and contraction behav-
iour of the bed, the Paudel and Feng [31] model predicts a steady in-
crease in Upy with an increase in the amount of rice husk particles. As
the models given by Si and Guo [30] and Kumoro et al. [32] consider par-
ticle sphericity, these results show that particle shape plays a significant
role in prediction of Upy. It should be noted that inclusion of particle
sphericity in these two models also means that the models indirectly
consider the bed voidage since these two properties are closely related.
Moreover, the results in Fig. 7 show that by using the proposed model,
Unyis predicted with a better accuracy in both different bed mixtures.
The results given by the proposed model is based on 3> 0 where 3

value is as given in Eq. (23). The results also show that the predicted
Upysusing Eq. (1) and Eq. (22) gets better at increasing amount of bio-
mass particles due to higher degree of segregation effect. Where there
is some degree of bed contraction as shown in Fig. 7(a), the proposed
model slightly over predicts the Uy,svalue due to the steady expansion
behaviour predicted by Eq. (22) when 3> 0 is used as demonstrated
in Fig. 6(a).

In addition, Fig. 8 compares the prediction accuracy of the proposed
model with those of the existing models for biomass-inert systems. The
experimental data are based on different mixtures of biomass and inert
particles given in the literature [31-33]; see Table 3. As shown in the fig-
ure, the Cheung et al. [12] model under predicts the mixture Up,swith an
error as high as 40%. The accuracy of the Cheung et al. [12] model in-
creases with increasing size ratio ds;/ds, and with increasing amount
of biomass in the mixture. The high prediction errors shown by the
models of Si and Guo [30], Paudel and Feng [31] and Kumoro et al.
[32] are associated with the size ratio and density difference. The higher
the values of dy;/ds; and ps; — ps1, the better the model accuracies. For
ds1/ds, < 3.5, these models over predict the mixture Uy,s with an error
>40%. However, the method proposed in this study as described in
Fig. 3 using Eq. (1) and Eq. (22) predicts the mixture Uy, with a better
accuracy for all values of ds;/ds, and ps; — ps1. The mean prediction
error using the proposed model is 7.0%, whereas those using the models
of Cheung et al. [12], Si and Guo [30], Paudel and Feng [31] and Kumoro
et al. [32] are 23.4%, 24.4%, 27.0% and 27.7%, respectively.

Table 3
Properties of particles in the biomass-inert mixtures.
Binary Particles Shape Ps ds Ps Uny Ref.
mixture (kg/m?) (um) (=) (m/s)
VII W. shell Irregular 1200 856 0.78 0.553 [31]
Sand Spherical 2630 241 0.94 0.074
VIl Rice husk Irregular 635 1560 0.18 0.642 [32]
Sand Spherical 2450 350 0.95 0.164
X Corn cob Irregular 1080 1040 0.71 0.608 [31]
Sand Spherical 2630 241 0.98 0.074
X M. beans Spherical 1640 3200 1.0 1.053 [33]
Sand Spherical 2700 1000 1.0 0.558
XI M. beans Spherical 1640 3200 1.0 1.053 [33]
C. cinter Spherical 1870 2800 1.0 0.918
XII C. stalk Cylindrical 365 7200 0.55 1.16 [33]
Sand Spherical 2700 500 1.0 0.318
XIII C. stalk Cylindrical 365 7200 0.55 1.16 [33]
C. cinter Spherical 1870 2800 1.0 0918

W. shell = walnut shell, M. beans = mung beans, C. cinter = CFB cinter, C. stalk = cotton stalk.
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XIII; see Table 3.

In summary, the accuracy of Eq. (22) in predicting the void frac-
tion of a binary mixture depends on the value of the interaction pa-
rameter, 3 used. As shown in Figs. 2 and 6, Eq. (22) can predict the
experimental data with a very good accuracy if a correct value of B
is assigned. For the results shown in Figs. 4-8, Eq. (23) was used to
estimate the values of 3. Although the figures show that the Uy
values of the binary mixtures are predicted to a reasonable accuracy,
the results can also be better with an improvement in the correlation
for B. In its current form, Eq. (23) was derived from data of six binary
pairs of solids. If a larger data set is analysed, the model for the inter-
action parameter can be improved.

4. Conclusion
In a binary mixture, the difference in properties between the two dif-

ferent particle types greatly influences the bed behaviour. For this rea-
son, accurate prediction of minimum fluidization velocity of binary

mixtures, especially those involving biomass particles, has been a chal-
lenge. This paper presents a new model for predicting the bed void frac-
tion and its application to predicting the minimum fluidization velocity
of a binary mixture.

For prediction of the bed void fraction, the proposed model requires
the void fractions of the pure components in the mixture. However,
with known values of minimum fluidization velocities of the different
particles in the mixture, the approach presented in this paper avoids
the challenge in determining the bed voidage.

For a completely mixed system involving two inert materials, the
proposed model can predict the minimum fluidization velocity with a
mean error of 15.2%. For a bed mixture of biomass and inert materials,
the model can predict the minimum fluidization velocity with an error
of 7.0%.

Finally, for accurate prediction of the voidage and minimum fluidiza-
tion velocity in a partly mixed bed of two types of particles, further work
is required to establish a correlation for the binary interaction parame-
ter as well as the mixture composition at the transition to the segrega-
tion behaviour.

Nomenclature

A Bed cross-sectional area, m?

Ar Dimensionless particle Archimedes number

Solid specific surface area,” 1/m

Hydraulic diameter, m

Diameter, m

Acceleration due to gravity, m/s

Mass, kg

Number

Dimensionless Reynolds number

Superficial gas velocity, m/s

Volume, m*

Dimensionless specific volume

Dimensionless mass fraction of a species in a mixture
Dimensionless volumetric fraction of a species in a mixture

< x<<comzzwmage

Greek symbols

Dimensionless solids volume fraction
Dimensionless interaction parameter
Dimensionless Void Fraction
Dimensionless packing factor
Dynamic viscosity, Pa.s

Density, kg/m3

Dimensionless particle sphericity

COE DM ™R


Image of Fig. 7
Image of Fig. 8

CE. Agu et al. / Powder Technology 349 (2019) 99-107

Subscripts

b Bed

f Fluid

ij Indices

L Particles of Larger Size
m Mixture

mf Minimum fluidization
S Particles of Smaller Size
S Solid

(zero) Initial state or entry positionw
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ARTICLE INFO ABSTRACT

Gasification of biomass in bubbling fluidized beds can be limited by accumulation of unconverted char particles
during the process. The amount of unconverted biomass depends on the residence time of the fuel particles. This
study demonstrates a method for measuring the biomass residence time over the conversion period at a given air
flowrate and a given amount of biomass in a bubbling bed using the variation of bed temperature and fluid
pressure recorded over time. The results show that biomass conversion is characterized by the devolatilization
and extinction times. The two biomass residence times increase with decreasing air flowrate and increasing
amount of biomass charged in the bed. The amount of unconverted char between the two characteristic times
also increases with decreasing air flowrate and increasing biomass load. The total heat loss during the devola-
tilization is observed to increase with increasing air flowrate and amount of biomass in the bed. Correlations are
proposed for predicting the mean biomass residence time, the amount of unconverted char particles and the
devolatilization heat loss at a given operating condition. The results of this study can be used in determining the
bubbling bed properties and solid circulation rate required to decongest the accumulated char particles in the

Keywords:

Biomass gasification
Residence time
Char accumulation
Bubbling bed
Devolatilization

bed.

1. Introduction

Fluidized bed reactors can be operated under bubbling or circu-
lating bed regimes for chemical conversion and synthesis. In biomass
gasification for example, a combination of these regimes in so-called
dual-fluidized bed reactors can be used to ensure efficient utilization of
the carbon content of the fuel particles [1]. However, application of a
single bubbling or circulating bed reactor offers simpler process design
and depending on the utilization route of the producer gas, the type of
reactor has to be chosen. In a fluidized bed reactor, an inert bed ma-
terial is used to aid the fluidization quality of biomass, which is usually
difficult to fluidize due to its peculiar shape, size and cohesiveness. Bed
fluidization helps to achieve uniform material and heat distribution,
thereby enhancing the reaction rates in the reactor. The fluidization
also influences the residence time distribution [2,3] and the conversion
efficiency of the fuel particles [4]. In addition, the distribution of bio-
mass in a fluidized bed depends on a number of factors including the
biomass type, gas velocity and reactor design.

There are different studies on biomass residence time in fluidized

* Corresponding author.

beds. The definition of the particle residence times covered in literature
depends on the purpose and thus must be clear for its application. The
biomass residence time can be determined on the basis of its transport
time between two reference positions in the bed, on the basis of the
relative amount participating in reactions and on the basis of the time
elapsed before complete conversion of the particles has been achieved.
Although the later definition is implied in this study, the different types
of biomass residence time are interrelated. The fuel conversion time
may be longer if it does not receive adequate heat and gasification
agent within the bed. The biomass particles can be transported to the
surface or bottom of the bed due to segregation effect [5], and thus
have limited contact time with the bed material supposed to provide the
heat required for the reaction. The particle segregation can be brought
about by the density difference between biomass and the bed material
particles [6], and by the rise of gas bubbles formed around the particles
as biomass undergoes devolatilization [7,8]. The mean residence time
and residence time distribution characterize the degree of mixing in a
non-catalytic fluidized bed reactor [9]. Gao et al. [10] concluded that
the particle flow pattern in a bubbling fluidized bed lies between those
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Nomenclature

Symbols

A [m?] cross-sectional area

al-] dimensionless fitting parameter
D [m] bed diameter

d [m] particle diameter

ho [m]  initial bed height

m [kg] mass

m [kg/s] mass flowrate

p [Pa] fluid pressure

g, [K/s] heat loss

T [K] temperature

t [s] time

t, [s] mean residence time

U [m/s] superficial air velocity

x[—] solid fuel to bed material mass ratio
Yanar [—]1 char mass fraction in a bed

Y [—] volume fraction of solid component

Greek letters

a[—1 degree of conversion completeness
e [—1] void fraction of bulk material

o [kg/m®] density

o standard deviation

¢ [—1  particle sphericity

Yuar L—1 characteristic fraction of unconverted char particles
Subscripts

b biomass

c complete

p particle/pressure

mf minimum fluidization

s sand

0 initial/bottom reference

of the ideal plug flow and perfectly stirred reactor. Zou et al. [2]
showed that an increase in the feed rate of solid particles makes the
solids flow pattern closer to plug flow. As reported in different studies,
different factors influence the residence time of biomass in fluidized
beds. An increase in gas velocity and bed height leads to a wider re-
sidence time distribution of solid particles [2]. Larger particles have
longer mean residence time [2,3] and lower descending vertical velo-
city [2]. The mean residence time of solid particles also increases with
increasing bed height and decreasing gas velocity in bubbling beds [3].

In addition to distribution of biomass particles, the amount of bio-
mass residing in the bed at a given operating condition determines its
conversion efficiency. The conversion efficiency can be measured by
the relative flow of carbon entering as solid and leaving the reactor as
gas [4]. Before being completely converted, char particles can be re-
duced to elutriable sizes by attrition, fragmentation or both. Particle
elutriation reduces the amount of active carbon for efficient conversion.
When the elutriation effect is reduced, the char residence time can be
longer, increasing the char conversion efficiency due to increased
chemical kinetics rates [11-13]. The carbon conversion can be in-
creased by improving the biomass devolatilization process since elu-
triation of char particles increases with the amount in the bed [14].
Although it is usually believed that devolatilization is a fast process,
completing in few seconds depending on the particle size [15], heating
rate [16,17] and the final temperature [16-19], Gable and Brown [20]
clearly showed that this process can take more than 40s to be essen-
tially complete. Higher temperature and heating rate will for the same
fuel particles result in a higher amount of volatiles and a lower amount
of char in the bed. Moreover, a complete conversion of char in a bed
may also not be possible due to a number of factors including the de-
activation (thermal and graphitization) effect [21-23], competing re-
actions within the vicinity of the char particles that may result in re-
ducing the availability of the gasifying agent, and the competing rates
between the mass transfer and reaction rate.

In addition to thorough studies on the distribution of biomass in
fluidized bed reactors, this paper is aimed at presenting the measure-
ment of the total time required for a given type and amount of biomass
to be completely converted in a conventional air-blown bubbling flui-
dized bed reactor, assuming no elutriation of the fuel particles. Before
biomass particles are completely converted, they usually undergo dif-
ferent reaction phases such as devolatilization and partial oxidation. By
tracking the changes in the reaction phases, the amount of biomass
unconverted over time can be determined. The fraction of biomass in a
bed under a specific condition is a useful parameter for design purpose.
For a mixture of bed material and biomass particles, the prediction of

1415

minimum fluidization velocity [24,25], minimum slugging velocity and
bed expansion [26] depends on the proportion of biomass in the bed.
With the knowledge of rate of accumulation of char particles, the solid
circulation rate applicable in dual fluidized bed reactors can also be
determined.

For measurement of biomass residence time based on the relative
movement of particles in the bed, different techniques are used. The
most common of these techniques are based on single particle tracing
[3] and on stimulus responses from chemical differences [27], radio-
activity measurements [28] or phosphorescence [29]. The char yield
during devolatilization is usually obtained by cooling and weighing
method for a given measurement condition. By noting that the pressure
drop increases linearly with the amount of char in a bubbling bed, Xu
et al. [30] applied the measurement of bed pressure drop to determine
the char yield at a given temperature under the atmosphere of nitrogen.

In this study, the experiments are conducted in batches in a non-
transparent reactor using air as the fluidizing gas. The technique em-
ployed involves measurement of fluid pressure and temperature in the
bed over a period of time. As the fluid pressure increases upon in-
troducing biomass in the bed, the fractional change in the pressure
indicates the amount of biomass consumed. The peak temperature re-
corded over the conversion period gives an indication about the com-
pleteness of the reaction. Due to partial oxidation with the available
oxygen, the amount of char obtained in this study may be lower than
that obtained when nitrogen is used as the fluidizing gas. However, the
measured char yield still stands a chance of representing the true value
when using air for biomass conversion. The detailed experimental
procedure is presented in the following section. The results of the data
obtained at different biomass loads and air flowrates are presented,
analysed and discussed in the subsequent sections. The method devel-
oped and described here allows a quick and relatively easy determi-
nation of biomass conversion characteristics as well as char residence
time in fluidized bed without complex and costly measurement proce-
dure. The findings are based on comprehensive measurements under
hot-flow conditions, analyses of cold-flow model results and mathe-
matical modelling.

2. Experimental procedures

To gain in-depth understanding of how much time it takes a given
amount of biomass to be completely converted at a given air flowrate, a
batch process was used. This section presents a brief description of the
bubbling fluidized bed reactor used, and also the detailed procedure
employed in measuring the biomass residence time over the reaction
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period and the amount of unconverted biomass particles as the reaction
goes.

2.1. Experimental setup

As shown in Fig. 1, the experimental setup consists of a stainless-
steel cylindrical column with 10 cm internal diameter, thickness of
4 mm and height of 1.0 m above the distributor. Three electric heating
elements attached externally along the column wall are used to supply
heat to the reactor up to 1000 °C. To minimize the heat loss, the inner
side of the reactor is coated with a refractory material while the outer
part is insulted with 200 mm thick fiberglass. The behaviour in the
reactor is monitored with five different thermocouples and five dif-
ferent pressure sensors located along the vertical axis as shown. Each
pressure sensor consists of a pressure tube connected to a pressure
transducer through a 4 mm flexible tube, and measures the gauge
pressure (i.e. the fluid pressure in excess of the atmospheric pressure) in
the given location. The fuel supply is through a screw feeder, which is
calibrated for each fuel applied. Air is supplied through two 10 mm-
steel pipes positioned 27.5 mm from the column base. The mass flow-
rate of air is measured with a BROOK air flowmeter (3809 series) op-
erating in the range, 0.48-4.7 kg/h. Above the reactor column, a gas
sampling point is installed. The product gas from the reactor is passed
through a flare before being discharged to the atmosphere.

In the experiments, compressed air was used as the fluidizing gas
and oxygen carrier. Sand particles with mean particle size of 293 um
were used as the bed material. The mass of the bed material maintained
throughout the experiments was 2.2 kg. Two different types of woody
biomass were used; wood pellets and wood chips. The properties of the
biomass and sand particles at the ambient condition are shown in
Table 1, where p, is the particle density, d, the volume-equivalent
spherical diameter, g, is the particle sphericity and ¢ is the void fraction
of the bulk material. The wood pellets are cylindrical with diameter
6 mm and length in the range 5-30 mm. The wood chips are considered
rectangular with variation in length, width and height in the range of
5-12mm, 5-12mm and 1-5mm, respectively. The sand particle size
was obtained by sieve analysis and the volume-equivalent spherical
diameter of the biomass particles were computed from the particle
geometry.

The experiments were conducted in batches using five different
biomass loads in the range 90-450 g. The proportion of biomass in the
total solid mixture is given in Table 2, where m, is the initial mass of
biomass loaded in the bed, x; is the mass ratio between biomass and
sand particles, and Y, is the volume percentage of biomass in the total
bed mixture. For each biomass load, six different air flowrates in the
range 0.5-2kg/h were used.

It should be noted that in a continuous process, the amount of air
supply is related to the biomass feed rate, where for a typical woody
biomass, the minimum air-fuel ratio (AFR) to achieve a complete
combustion is about 6. To achieve a gasification, AFR« 6. In a batch
process, the AFR criterion is not applicable since the amount of biomass
in the bed decreases with time. However, in addition to minimizing the
particle elutriation, the range of air flowrates applied in this study is
based on the amounts that promote gasification at the initial stage as-
suming that the rate of mass loss is constant over the conversion period.
As reported in Tran and White [31], the mass loss during conversion of
redwood is in the range 2.92-6.25g/m?s depending on the ignition
heat flux. Assuming a value of 3.0 g/m?s, the estimated air—fuel ratio
over the range of biomass loads and air flowrates used in this study is
within 0.2-1.4, which is in the range applied for a gasification process.

In each experiment, the sand bed was initially heated up at the
applied air flowrate using the reactor heater. When the desired tem-
perature 830 + 20 °C was achieved, the heater was turned off and the
required amount of biomass was then loaded. The temperatures and
pressures at different bed positions 1-5 were captured at 1 sec intervals.
The product gas was also sampled at 5 min intervals for offline analysis
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using the SRI gas chromatography (GC). The GC uses a TCD detector
and helium as carrier gas with an installed column comprising a packed
Molecular Sieve 13x. The GC operates at 10 psi in the temperature
range —15 to 120 °C, and provides the composition of the major fuel
gases: carbon monoxide (CO), hydrogen (H,) and methane (CH,) as
well as nitrogen and oxygen in each gas sample by the gradient-method.
Each experiment was performed twice to confirm the repeatability, and
the two data sets were averaged and recorded.

2.2. Measurement of devolatilization and char residence times

Fig. 2 shows the variations of pressure drop measured at the base
(position 1) and the temperature measured at the position 2 located
14.3 cm from the base of the bed containing 26.4 vol% wood pellets at
1.0kg/h air flowrate. These temperature and pressure curves are also
similar for all other biomass loads and air flowrates, and thus are de-
scribed as the characteristic curves for a batch biomass conversion in
the pilot plant which is typical for a bubbling bed. As shown in the
figure, the bed pressure increases rapidly shortly after the required
amount of biomass is introduced at point A. The peak pressure marked
O increases with the amount of biomass charged in the bed. As the
biomass undergoes conversion, the pressure first drops rapidly until a
point D, then gently to point E and finally levels off to a value the same
as that at the initial state. The rapid drop in pressure to point D in-
dicates that most of biomass in the bed has been released as gas due to
drying and devolatilization. Fig. 2(b) shows that the devolatilization
begins as soon as biomass is introduced in the bed. After point D, the
mole fraction of CH4 in addition to that of H, becomes insignificant
(< 0.5%). At point D, the concentration of CO is also very low while the
N, mole fraction is close to 70%. In addition, the temperature decreases
below the initial bed temperature and becomes minimum at point D,
showing that the biomass devolatilization effectively completes at point
D. During the devolatilization phase, the temperature first slightly
drops below point O and then sharply to point D. The time variation of
temperature within the bed may depend on the biomass load and axial
position as shown in Fig. 3.

Beyond point D, the temperature increases almost linearly until
point P owing to oxidation of residual fuel gases and char particles.
With further increase in time, the temperature increases but at a lower
rate as there are little or no more amount of combustible gases in the
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Fig. 1. Schematic illustration of the biomass gasification reactor used for tests.
Symbols P/T indicate pressure and temperature sensor probes; h, is the initial
bed height above the air distributor.
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Table 1

Biomass and sand particle properties at ambient condition.
Materials Shape pp [kg/m®] dp [mm] % [-1] e[-1]
Wood pellets Cylindrical 1139 8.96 0.82 0.43
Wood chips Rectangular 423 6.87 0.75 0.49
Sand Angular 2650 0.293 0.86 0.42

Table 2

Initial amount and proportion of biomass in the bed solids mixture.

Biomass type my [kgl xp [—1] Yy [vol. %]

Wood pellets 0.230 0.109 20.2
0.326 0.154 26.4
0.435 0.206 32.4

Wood chips 0.091 0.043 21.3
0.156 0.074 31.7

bed. At this stage, the increase in temperature is due to oxidation of
char particles in the parts of the bed with available oxygen. When the
temperature reaches the peak value at point E, almost all the char
particles are consumed, resulting in the levelling-off of the pressure in
the bed. The temperature decreases beyond point E as the heat released
from any residual char is significantly lower than the heat loss from the
cold air that flows continuously through the bed. As shown in Fig. 3, the
temperature is approximately uniform along the reactor after point E,
suggesting a complete consumption of fuel species in the bed. However,
below this point, the figure shows that the temperatures at positions 4
and 5 are higher compared to those in the bed, possibly due to oxida-
tion of fuel gases in the freeboard.

As can be seen in Fig. 2, the biomass conversion process is char-
acterized by two residence times, noted as the devolatilization time, ¢4
and extinction time, f,. The devolatilization time is measured at the
inflection point on the pressure while the extinction time is measured at
the peak of the temperature curve. Within the time interval [0.t4], the
product gas exiting the reactor consists of combustible gases as can be
seen in Fig. 2(b). Beyond the time ¢4, little or no combustible gas
components are present in the exit gas. When the time is increased to
the value t,, the biomass particles are almost completely consumed. The
time difference, (t, — t;) measures the mean effective char residence
time. The mean biomass residence time, ¢, can be obtained at the point
of intersection between the horizontal line drawn through point E and
the line of best fit drawn through points D and P as shown in Fig. 2. The
value of t, is significant when considering a continuous flow process
where there is always some amount of unconverted char in the bed.
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2.3. Measurement of char yield and heat loss at completion of
devolatilization

The peak of the pressure curve is proportional to the amount of
biomass charged into the bed at the same air flowrate. The fractional
change in the pressure drop as the conversion is going on can thus be
used to estimate the change in the amount of biomass consumed in the
bed. Between point D and E, the amount of char released in the bed can
be obtained by considering a mass balance across the bed assuming that
the pressure drop is related to the amount of solid particles in the bed.

By definition, the char yield y,,,. at the completion of devolatiliza-
tion is given by

Mcpar
o = &)

Since the peak pressure drop is proportional to the mass of biomass
Mp;, in the bed, then by the mass balance

Mo = A(pO - ps)

N g @)
Mgy = A(pD - ps)

char g (3)

here, g is the accerelation due to gravity and A is the cross-sectional
area of the bed. For the same air flowrate, p, is the pressure drop in the
bed containing only the sand particles, p, is the peak pressure drop
after the biomass is introduced and pj, is the pressure drop recorded at
the end of devolatilization. Substituting Egs. (2) and (3) in Eq. (1), the
char yield can be measured from

Pp — Db

pO - ps (4)

Yenar =

The mean pressure drop in the pure sand bed is shown in Fig. 4(a)
for the range of air flowrates used in this study. The error bar indicates
the standard deviation of the mean pressure over the 120 s measure-
ment interval. As shown in the figure, the pressure drop is close to the
bed weight per unit area, indicating that the bed is in fluidized state at
each air flowrate.

Due to the bed fluctuation, it will be difficult to obtain the pressures
at points O and D directly from the pressure curve. It should be noted
that the required values of p, and p, are at the indicated time instances
unlike the pressure drop in the pure sand bed that is measured as an
average value over a time interval with measurement uncertainty o2,
where oy is the standard deviation of the measurement. For the bed
containing biomass, a linear line drawn through point O and D is in-
troduced as shown in Fig. 4(b). From the line, an average pressure drop
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Fig. 2. Phases of biomass conversion in a bubbling bed containing 26.4 vol% wood pellets at air flowrate of 1.0kg/h (a) pressure drop and temperature (b)

composition of the product gas.
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Fig. 3. Temperature variation along the reactor axis for two different beds at 1.2 kg/h air flowrate (a) 20.2 vol% wood pellets (b) 21.3 vol% wood chips.

at a given time between O and D can be approximately estimated.
Assuming that the variance is uniformly distributed over the measure-
ment interval, the uncertainty cr; in the pressure drop measurement can
be computed from

a,?:(/;]Z(pi—p,-)z—Us]

here, ﬁl is the pressure drop estimated from the linear model and p, is
the actual pressure drop measured at the same time. Applying the dif-
ferential method, the uncertainty o2, in the measurement of the char
yield can be determined from

(5)

Monar ) 2, [ Henar |
i = (L) 7+ (Lo | o
which leads to
2 1 1
O'Dzhar — [ _ > 4+ — 5 O‘;
Yehar (pD - ps) (pO - ps) (@]

At the completion of the devolatilization, the total heat loss Q; can
be obtained from the difference between the heat content of the bed
before the temperature begins to drop significantly and the heat content

at the end of the devolatilization as expressed below
Qr = —mgcp s (Tp — Tp)
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where Ty is the bed temperature before the significant drop is observed
and Tp is the temperature at the completion of devolatilization. mg is
the total mass of solid between point B and D neglecting the mass loss
and c, s is the specific heat capacity of the bed. It should be noted that
Q; is the net heat loss in the bed, which also accounts for the sensible
heat loss by the flowing gas and the heat loss through the reactor walls.
Dividing Eq. (8) through with mgc, s(tp — t5), the specific rate of heat
loss ¢;, can then be obtained as
_Iz—1p
te ©
Since the value of ¢, determined from Eq. (9) may change along the
bed axis as can be seen in Fig. 3, the average value between points 2
and 3 in the bed is computed and recorded for each experimental run.

th — tg

3. Results and discussion

The analysis and results of the experimental data from conversion of
the five different biomass loads at different air flowrates are presented
in this section. Fig. 5 shows the temperature curve for the bed con-
taining 20.2 vol% wood pellets compared to that of wood chips of ap-
proximately equal volume at the same air flowrate, 1.5 kg/h. It should
be noted that on an equal volume basis, the two different beds contain
approximately the same number of biomass particles. However, on the
basis of equal mass, the difference between the hydrodynamic beha-
viour of the two different beds will be very large since the number of
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Fig. 4. (a) Pressure drop in the bed of pure 293 um sand particles at 830 + 20 °C and different air flowrates (b) linear model illustrating the measurement of pressure

drops at points O and D in a bed containing biomass.
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Fig. 5. (a) Temperature curves in the bed of wood chips (21.3 vol%) and pellets (20.2 vol%) at 14.3 cm from the bed base and air flowrate of 1.5 kg/h (b) pressure

drops over the two different beds.

biomass particles in the bed of wood chips will be approximately three
times as large as that in the pellet bed. Although the trends in Fig. 5(a)
are similar for both beds, the results show that the initial mass fraction
of biomass in the bed influences the extent to which the bed transits
from one stage to another as discussed in Section 2.2. Due to higher
mass percentage, the temperature drop during the heating up and de-
volatilization is higher in the bed with wood pellets. Both the devola-
tilization and extinction times are also higher in the pellet bed. The
peak bed temperature is higher in the bed with pellets due to larger
amount of char present after the time, t; compared to the amount
present in the bed with wood chips. Moreover, the peak pressure in the
wood chip bed is lower due to the smaller biomass mass load compared
to that of the pellet bed as shown in Fig. 5(b).

3.1. Devolatilization and char residence times

Fig. 6 shows the variation of the residence times with the applied air
flowrate at different biomass loads. The char residence time, (f, — ;) is
considerably higher than the corresponding value of ¢, at a given gas
flowrate in both types of biomass. Both values of (t, — t;) and ¢, de-
crease with an increase in air flowrate. As the two biomass loads, x; for
the wood chips are lower than those of the pellets, it is clear that at the
same air flowrate, the corresponding residence time increases with in-
creasing amount of biomass 